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Abstract 

Precise knowledge of vapor-liquid equilibrium (VLE) data of (CO2 + diluent) mixtures is crucial 

in the design and operation of carbon capture, transportation and storage processes. VLE 

measurements of the (CO2 + CO) system are reported along seven isotherms at temperatures 

ranging from just above the triple-point temperature of CO2 to 302.93 K and at pressures from 

the vapor pressure of pure CO2 to approximately 15 MPa, including near-critical mixture states 

for all isotherms. The measurements are associated with estimated standard uncertainties of 

0.006 K for temperature, 0.009 MPa for pressure and 0.011x(1 - x) for mole fraction x. The 

new VLE data have been compared with two thermodynamic models: the Peng-Robinson 

equation of state (PR-EOS) and a multi-fluid Helmholtz-energy equation of state known as 

EOS-CG. The PR-EOS was used with a single temperature-dependent binary interaction 

parameter, which was fitted to the experimental data. In contrast, EOS-CG was used in a 

purely-predictive mode with no parameters fitted to the present results. While PR-EOS 

generally agrees fairly well with the experimental data, EOS-CG showed significantly better 

agreement, especially close to the critical point. 
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1 Introduction 
Understanding the phase behavior of CO2-rich mixtures is essential in many industrial 

processes such as synthesis-gas separation, CO2-enhanced oil recovery and, more recently, 

carbon capture, transport and storage [1]. Phase behavior, pressure-volume-temperature 

relations, as well as other thermophysical properties, are required in the development of new 

equations of state (EOS) or in the optimization of the existing EOS. 

In recent years, process design has benefited greatly from advances in computer simulation. 

These advances have been used to gain new insights into industrial processes as well as to 

estimate the performance of systems that are too complex for analytical solutions.  

Nevertheless, for the design, optimization and safe operation of those processes, accurate 

models are required to describe thermodynamic properties of the various mixtures.  For 

instance, in gas separation processes, knowledge of phase equilibrium properties, mainly 

vapor-liquid equilibrium (VLE), is required for the correct design of process equipment [2; 3; 

4]. Processes such as separation of CO2 from syngas streams and pipeline transportation of 

CO2, typically containing a spectrum of impurities, occur at high pressure and/or low 

temperature conditions. Under these conditions, the fluids exhibit complex behavior that 

deviates significantly from the ideality, calling for appropriate thermodynamic models for such 

mixtures. 

Cubic EOS rooted in the van der Waals theory [5], such as the Peng-Robinson equation of 

state (PR-EOS) [6], have been widely and successfully applied for the past 40 years in process 

engineering calculations. They benefit from simplicity, low-computational requirements and 

straight forward implementation. Nevertheless, there remains a need for the development of 

more accurate EOS to address the shortcomings of cubic EOS, especially for the prediction 

of thermodynamic properties at high pressure. Over the recent years, facilitated by advances 

in computing performance, the development of empirical multi-parameter Helmholtz-energy 

models has attracted widespread interest in the field [7; 8; 9; 10].  

A common approach is to use empirical multi-parameter multi-fluid Helmholtz-energy models, 

incorporating highly-accurate pure-fluid EOS, to predict the thermodynamic properties of 

mixtures [11]. In order to adjust the binary parameters that appear in those models, reliable 

and accurate experimental data on phase equilibria are indispensable. In fact, combining 

experimental phase-equilibrium data with empirical multi-parameter Helmholtz-energy EOS is 

a highly successful way to reduce the amount of experimental data needed to describe a 

system while at the same time improving the prediction capability of the EOS. 

Probably the most accurate EOS currently available for the description of CO2-rich mixtures 

are the GERG-2008 model of Kunz and Wagner [8] and the more recent EOS–CG model of 
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Gernert and Span [10; 12], which is an equation of state for humid combustion gases and 

similar mixtures. Both models use Helmholtz-energy EOS for the description of the 

contribution of the pure fluids to the mixture properties and contain binary parameters and 

some binary-specific departure functions. Both cover the main components relevant in CCS 

and flue-gas applications. However, GERG-2008 was developed for the prediction of 

thermodynamic properties of natural gases and similar mixtures, while the development of 

EOS-CG was focused mainly on humid and CO2-rich gases. As with any empirical multi-

parameters EOS, the success of these approaches in predicting mixture properties depends 

upon the availability of sufficiently-accurate experimental data against which to optimise the 

mixture parameters. One objective of the current work was to provide such data to facilitate 

future improvements to models such as EOS-CG. 

Numerous high-pressure VLE experiments on CO2-rich mixtures have been reported over 

recent decades [13; 14; 15; 16; 17; 18]. Nevertheless, Li et al. [3],  Gernert et al. [10] and 

Munkejord et al. [2], in their comprehensive reviews of the available VLE data for mixtures of 

CO2 with substances relevant in CCS and flue gas applications, have identified significant 

gaps and discrepancies, especially in the critical region.  

Recently, Coquelet et al. [19], Fandiño et al. [20], Tsankova et al. [21], Ben Souissi et al. [22] 

and Westman et al. [23; 24; 25] have studied the VLE of key binary mixtures containing CO2, 

including (CO2 + Ar), (CO2 + H2), (CO2 + N2) and (CO2 + O2) at temperature and pressure 

conditions relevant to those encountered in CO2 pipeline transportation and low-temperature 

CO2 separation processes. Nevertheless, VLE data for binary systems comprising CO2 and 

toxic gases are still scarce. Experimental VLE data for the (CO2 + CO) system were first 

reported by Kaminishi et al. [26], who used an analytical method but reported only a few points 

covering the temperature range between (223.15 and 283.15) K, with no measurements close 

to the critical locus. Christiansen et al. [16] used an analytical method with vapor recirculation 

to measure VLE of the (CO2 + CO) system over the same temperature range. Huamin [27] 

reported measurements at pressures of less than 7 MPa over a temperature range from 

(223.15 to 261.15) K. The most-recent measurement for this system were reported by Blanco 

et al. [28], who used a synthetic method to study five different mixtures with CO2 mole fractions 

ranging from 0.970 to 0.996 at temperatures between (253.15 and 293.15) K.  

In order to check the consistency and reliability of these reported measurements [16; 26; 27; 

28], experimental data available at similar conditions of mole fraction, pressure and 

temperature have been compared. Unfortunately, as detailed further below, the agreement 

between the four available data sources is poor, except for the dew-point data of Kaminishi et 

al. [26] and Christiansen et al. [16] at 283.15 K. Significant inconsistencies between the 



4 
 

measurements of all four authors occur even at low pressure. Therefore, new reliable and 

accurate VLE measurements on the (CO2 + CO) systems are needed. 

The present paper reports new VLE measurements on the (CO2 + CO) system at 

temperatures ranging from (218.15 to 302.93) K and pressures up to 15 MPa. The current 

study spans the temperature range from just above the triple-point temperature of CO2 to just 

below the critical temperature of CO2 and covers wider ranges of temperature and pressure 

than those reported previously. The new data gathered resolve inconsistencies between the 

few data available in the literature. The critical points on all isotherms were estimated by the 

use of scaling laws [29]. Furthermore, the new VLE data have been compared with the 

predictions of available thermodynamic models: the PR-EOS [6], generally incorporating a 

single temperature-dependent binary interaction parameter kij(T), and EOS-CG [10], with no 

adjustable parameters. 

 

2 Experimental 

2.1 Apparatus 

The low-temperature VLE apparatus used in this study was described in detail by Fandiño et 

al. [20] and is therefore presented here only in outline. The apparatus implemented the static-

analytic method with online sampling and composition measurement, and was designed for a 

maximum working pressure of 20 MPa at temperatures in the range from (183 to 473) K. The 

apparatus, shown schematically in Fig. 1, comprised three main sub-systems: gas-handling, 

equilibrium cell, and quantitative compositional analysis. 

The gas-handling system comprised valves V-1 to V-7, digital pressure sensors P1 to P3 and 

a N2 purge. Valves V-1, V-2 and V-3 are used to introduce an approximately-known quantity 

of CO2 into the equilibrium cell E-1. Valves V-4 and V-5 are used to introduce up to four further 

gases, thereby permitting the study of binary and multicomponent systems. The system was 

also used to clean the lines, reservoir (E-2) and equilibrium cell by means of the venting valve 

V-6, the vacuum valve V-7, and a diaphragm vacuum pump. The reservoir E-2, having an 

internal volume of 500 cm3, was used as an intermediate CO2 store between the supply 

cylinder and the equilibrium cell E-1. The amount of CO2 introduced into the equilibrium cell 

was determined from changes in the reading of the pressure sensor P-3.  
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Fig. 1. Simplified schematic for the low-temperature VLE apparatus.  
 

The high-pressure equilibrium cell E-1, fabricated from type 316L stainless steel, had an 

internal volume of approximately 143 cm3 and was fitted with a PTFE-coated magnetic stirrer 

bar. It was housed in a thermostat bath E-3 (Lauda Proline model RP890) filled with ethanol. 

The external permanent magnet drive, coupled with a magnetic stirrer bar, was rotated by 

means of a motor and gear assembly. The purpose of the N2 purge was to create a dry and 

inert atmosphere inside the ethanol bath in order to avoid moisture condensation and to 

reduce the risk of fire or explosion, especially in the event of a leak of flammable gas.  

The experimental temperature was measured with a platinum resistance thermometer (Fluke 

model 5615) calibrated on the International Temperature Scale of 1990 at temperatures 

ranging between (77 and 693) K. This was inserted into a blind hole bored in the wall of the 

equilibrium cell. The thermometer resistance was measured and converted to a temperature 

reading by a digital readout unit (Fluke model 1502A). The experimental pressure was 

measured using a high-precision digital pressure transmitter (P-1, Keller model PA-33X, 

30 MPa full scale) with manufacturer’s stated expanded uncertainty of 0.05% of the full scale 

pressure (k = 1.73), corresponding to a standard uncertainty u(p) = 0.009 MPa. Since this 

measured gauge pressure, an additional absolute pressure sensor was used to obtain the 

atmospheric pressure (Keller model PAA-21Y, 0.2 MPa full scale) with manufacturer’s stated 

expanded uncertainty of 1% of the full scale pressure (k = 1.73).  

Sampling of the liquid and vapor phases was made through a pair of electromagnetic sampling 

valves (ROLSI Evolution IV™, V-8 and V-9 in Fig. 1), each coupled to the equilibrium cell E-1 
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by a capillary tube. This arrangement permitted the withdrawal of small amounts of either 

phase without significantly disturbing the equilibrium. The samples were transferred to the gas 

chromatograph (GC) via a heated transfer line that was continuously swept by the carrier gas. 

The sampling valves and the transfer lines were heated to temperatures of 323.15 K and 

363.15 K, respectively, to prevent adsorption or condensation of the components. Dataflow 

programming software (implemented in Keysight VEE) was used to control the operation of 

the sampling valves and to collect temperature and pressure data, thereby permitting full 

automation of the measurements.  

The quantitative compositional analysis was carried out by means of an on-line GC (Agilent 

7890A) fitted with a ShinCarbon ST packed column and a thermal conductivity detector (TCD). 

The GC was also equipped with a gas sampling valve and a sample loop for the purpose of 

injecting calibration gases. Further details on the operational conditions of the GC are 

described in Section 2.3. 

Apart from the GC, the entire apparatus was placed inside a fume cupboard to ensure safe 

containment of toxic gases in the event of a leak. Additionally, CO alarms were fitted in the 

laboratory and a portable CO alarm was used within the fume cupboard to check for leaks.  

2.2 Material 

Details of the gases used for the VLE measurements are presented in Table 1. No further 

purification was attempted.  

Table 1. Sample description. 
 

Chemical name Source Specified mole fraction purity 
Carbon dioxide BOC 0.999 95 
Carbon monoxide BOC 0.999  
Nitrogen BOC 0.999 992 
Helium BOC 0.999 99 

 

2.3 GC Calibration 

A robust GC calibration method is fundamental for an accurate quantification of the 

components in both liquid and vapor phases. In this work, the area response of the thermal-

conductivity detector (TCD) was calibrated for each component by an absolute method using 

a gas sampling loop with a nominal volume of 0.05 cm3. In order to permit calculation of the 

density of the calibration gas in the filling loop prior to injection, measurements of temperature 

and pressure were made. The temperature of the sample loop was measured with a standard 

uncertainty of 1 K by means of two K-type thermocouples, one located in the middle of the 
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sample loop and the other at one end. The pressure was determined with a relative standard 

uncertainty of 0.3% by means of a pressure sensor (Keller model PAA-21Y, 0.6 MPa full scale) 

located in the tubing upstream of the sample loop. 

The amount of the gas injected was adjusted by varying the filling pressure of the loop from 

(0.1 to 0.5) MPa. Prior to each injection, the sample loop was flushed with the gas for around 

30 s and then left to equilibrate before first measuring the temperature and pressure and then 

injecting the gas into the GC. The temperature of the sampling loops were kept constant at 

T = 323.15 K during all calibration measurements. The CO2 and CO density at the loop 

conditions were obtained from the EOSs of Span and Wagner [31] and Lemmon and Span 

[32], respectively, with uncertainty of the equations ranging between (0.03 to 0.1)% at the 

relevant conditions. The peak area response curves from both components were recorded 

using the TCD. 

A ShinCarbon ST column was used to separate CO2 and CO with He as the carrier gas. The 

GC conditions were optimized to provide adequate separation performance of the (CO2 + CO) 

system while keeping the analytical runtime as short as possible; optimized GC conditions are 

summarized in Table 2. Calibration was performed under identical GC conditions. 

Table 2. Optimized gas chromatograph conditions for separation of CO2 from CO. 
 
Gas Chromatograph Parameter Optimized Condition 
Detector Conditions  
Detector  Thermal conductivity detector (TCD) 
TCD temperature 473.15 K 
Carrier gas He 
Carrier gas flow rate  15 mL/min 
Makeup gas N2 
Makeup gas flow rate 2 mL/min 
Column Conditions  
Separation column ShinCarbon ST, 100/120 mesh, 2m, 1.0 mm ID 
Oven temperature 423.15 K (constant) 
CO retention time  1.165 min 
CO2 retention time  1.467 min 
Zone Temperatures  
Sampling loop box 323.15 K 
Sample transfer line 363.15 K 

 
 
A slightly non-linear relationship between the amount of CO2 or CO and the corresponding 

TCD peak area was observed. The calibration data were therefore fitted with the following 

function: 
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 2
,1 ,2( / )i i i i in V a A a A= +    (1) 

where, ni is the amount of pure substance i injected in the GC at a determined pressure, V is 

the volume of the sample loop, Ai is the TCD peak area for component i and ai,1 and ai,2 are 

fitting parameters. The ratio (ni/V) was set equal to the molar density of the gas at the loop 

filling conditions. The GC calibration results for CO2 and CO together with deviations of the 

data from Eq. (1) are shown in Fig. 2 while the optimized calibration parameters are presented 

in Table 3. 

 

 
Fig. 2. Thermal-conductivity detector (TCD) calibration data for CO (a and c) and CO2 (b and 
d) with He carrier gas: (a) and (b), gas molar density ρ under filling-loop conditions against 
area response A; (c) and (d), deviations Δρ of gas molar density from Eq. (1) against area 
response A. , experimental data; ——, Eq. (1). 
 
 
Table 3. Optimized Calibration Parameters for CO2 and CO. 
 

Parameters CO2 CO 
ai,1 4.131x10-10 4.601x10-10 
ai,2   2.534x10-16 8.060x10-15 
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2.4 Experimental procedures 

The low-temperature VLE apparatus was validated by means of comparing vapor pressures 

of pure CO2 at temperatures ranging from (218.15 to 303) K with those predicted by Span and 

Wagner reference EOS [31]. Results are shown in Fig. 3. In no case did the deviation 

exceeded the standard uncertainty of the experimental data.  

 

Fig. 3. Deviation Δp = (pexp – pEoS) between the experimental vapor pressure of pure CO2 and 
the reference values pEoS calculated from the equation of state of Span and Wagner [31] as a 
function of temperature T: , this work. Error bars show the standard uncertainty of the 
experimental data, while the dashed lines indicate the uncertainty of the calculated vapor 
pressures as specified in reference [31]. 
 
The experimental procedure was carried out in a series of steps including cleaning the VLE 

apparatus, filling the equilibrium cell with an approximately-known amount of CO2, raising the 

pressure by introducing CO, equilibration, sampling from both phases and quantitative 

compositional analysis by GC. 

Initially, any remaining gas in the apparatus was vented and evacuated through valves V-6 

and V-7 (see Fig. 1), discharging into a burner for safe disposal of toxic and flammable gases. 

The apparatus was then flushed a few times with pure CO2 and evacuated for at least 30 

minutes using the diaphragm vacuum pump to a pressure below 100 Pa. This procedure was 

repeated several times.  

For the three lowest isotherms, T = (218.15, 233.15 and 243.15) K, the thermostat bath was 

set to the desired temperature from the start. For the remaining isotherms, T = (258.15, 

273.15, 288.15 and 302.93) K, the thermostat bath was first set to temperature between 

(243.15 and 253.15) K to facilitate adequate filling with CO2. The reservoir was filled with CO2 
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gas up to the CO2 cylinder supply pressure of about 6 MPa. The equilibrium cell was then 

filled with CO2 from the reservoir until the saturated vapor pressure was reached and 

approximately one-third of the cell volume was filled with liquid. The bath temperature was 

then set to the desired value for the isotherm.  

Following initial filling, the vapor pressure of the CO2 was measured as a check for system 

purity. The result was compared with the reference equation of state of Span and Wagner [31] 

and presented deviations in all cases within ±0.004 MPa. CO was then introduced slowly until 

the next desired pressure was reached. The content of the equilibrium cell was then left to 

equilibrate with stirring for (30 to 60) min. The system was considered to be in equilibrium if 

both temperature and pressure were constant within ± 0.01 K and 0.01 MPa, respectively, for 

at least ten minutes. About 10 min prior to sampling, the stirrer was turned off to ensure that 

there was no entrainment of one phase in the other. Between 5 and 10 samples where then 

withdrawn and analyzed. Additional CO was then introduced, and the measurement process 

was repeated for at least 10 different set pressures on each isotherm.  

3 Uncertainty Analysis  
The uncertainty analysis of this work follows the “Evaluation of Measurement Data - Guide to 

the Expression of Uncertainty in Measurement (GUM)” [33] suggested by NIST.  

In this work, the quantities being measured were the temperature, pressure and the 

compositions of the liquid and vapor phases in equilibrium. Since we have a binary mixture, 

we consider only the mole fractions x and y of CO in the liquid and vapor phases respectively. 

As explained in Section 2.4, for each equilibrium condition of temperature and pressure, 

between 5 and 10 samples were withdrawn and send to the GC for quantitative compositional 

analysis. Thus, the quantities T, p, x and y are determined by the sample mean of N 

independent observations under almost identical conditions of measurement. The combined 

standard uncertainty of the mole fraction z (equal to either x or y) designated by uc(z) is given 

as following: 

 
22

2
c ( ) ( ) ( ) ( )z zu z u z u T u p

T p
    ∂ ∂ = + +     ∂ ∂      

  (2) 

The standard uncertainty in mole fraction u(z) arising from both calibration and measurement 

has been studied by Al Ghafri et al. [34], who derived the following result: 

 [ ]
222 2 2

r r
1

( ) (1 ) ( ) ( )i i
i

u z z z u A u f
=

 = − + ∑ . (3) 
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Here, ur(Ai) is the relative standard uncertainty in the peak area associated with component i 

and ur(fi) is the relative standard uncertainty of the corresponding response factor given by 

 2 2 2
r r r cal
( ) ( ) ( )i i iu f u n u A = +  , (4) 

where ur(ni) is the relative standard uncertainty of the amount of substance n introduced in 

the calibration measurement. Following the same assumptions of Fandiño et al. [20], ur(ni) 

may be equated with the relative standard uncertainty of the gas density in the sample loop, 

in turn related mainly to the standard uncertainties of filling pressure and temperature, 0.0006p 

and 1 K, respectively. Furthermore, ur(Ai) was obtained from the relative standard deviation 

of the N independent observations under the same filling conditions and found to be <0.5%. 

This uncertainty analysis leads to ur(ni) = 0.3% and ur(fi) ~ 0.6% for both components. 

Combining the above terms, the estimated standard uncertainty can be reduced to the 

following simple quadratic expression:  

 ( ) ( )0.011 1i i iu x x x= −  (5) 

The standard uncertainty of temperature u(T) was estimated to be 0.006 K over the 

temperature range of the VLE measurements, while the standard uncertainty of pressure u(p) 

was estimated according to the manufacture’s specification to be 0.009 MPa. These 

uncertainties were verified in previous work [20]. Except in the critical region, the partial 

derivatives of the mole fraction of CO in Eq. (5) were estimated numerically from the PR EOS 

with the binary interaction parameter fitted to our data. However, in the critical region, the PR 

EOS failed to follow the experimental data so, in that region, (∂z/∂T)p and (∂z/∂p)T were 

estimated from the scaling equation discussed below in section 5.2. The final overall combined 

standard uncertainty uc(z) was then computed on a point-by-point basis. 

 

4 Thermodynamic Modelling 

4.1 Peng-Robinson Equation of State (PR-EOS) 

The PR-EOS [6] is given by 

 ( )
( )

( )
RT a Tp

v b v v b b v b
= −

− + + −
 (6) 

where R is the universal gas constant, v is molar volume, a(T) is a temperature-dependent 

energy parameter given for a single-component fluid by 

 2
c c( ) 0.457235 ( ) ( ) /a T RT T pα=  (7) 

b is a co-volume parameter given for a single-component fluid by 
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 c c0.077796 /b RT p=  (8) 

and Tc and pc are the critical temperature and critical pressure, respectively. The function α(T) 

is given in terms of the acentric factor ω in the following expression: 

 ( ) ( ) 2
2

c( ) 1 0.37464 1.54226 0.26992 1 /T T Tα ω ω = + + − −    (9) 

The PR-EOS is extended to mixtures by means of the van der Waals one-fluid mixing rules 

incorporating a single temperature-dependent binary interaction parameter kij(T) as follows: 

 (1 )i j ij i ji j
a x x k a a= −∑ ∑  (10) 

 i ii
b x b= ∑  (11) 

In this work, we represented kij(T) as a linear function of inverse temperature: kij = kij,0 + kij,1/T. 

The values of the pure-fluid properties used in this work, including the critical temperature Tc,i, 

critical pressure pc,i and acentric factor ωi are given in Table 4. 

The binary interaction parameter was regressed against the experimental VLE data gathered 

in this study. As in the work of Fandiño et al. [20], the optimum values of kij,0 and kij,1 were 

found by minimization of the objective function S defined as follows:   

 2 2 2
2 2, ,calc 2 2, ,calc

1

1 ( ) ( )
N

,i i ,i i
i

S x x y y
N =

 = − + − ∑ . (12) 

Here, N is the total number of equilibrium state points used in the regression and subscript 

‘calc’ indicates values calculated from the PR-EOS model. This objective function recognizes 

that the dominant experimental uncertainties are those in the phase compositions, while the 

experimental temperature and pressure were determined with small uncertainties. 

Table 4. Critical temperature Tc, critical pressure pc and acentric factor ω used in the 
thermodynamic models calculations. 
 

Components Tc/K pc/MPa ω Ref. 
CO2 304.13 7.3773 0.22394 [31] 
CO 132.86 3.494 0.0497 [32] 

 

4.2 EOS-CG 

In this current work, we compare our results with EOS-CG; therefore a brief explanation of this 

model is provided. EOS-CG is an equation of state recently developed by Gernert and Span 

[10; 12] to address the lack of accurate predictive models for humid gases, combustion gases 

and CO2-rich mixtures; it focuses mainly on CO2 mixed with substances relevant to CCS and 

flue-gas applications. The model combines the mathematical approach of the GERG-2008 
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equation of state of Kunz and Wagner [8] with new mixing parameters that were fitted to the 

available experimental data for binary systems.  

While the GERG-2008, which is an expanded version of the GERG-2004 [35], was developed 

to calculate the thermodynamic properties of natural gas mixtures, similar gases and other 

mixtures (in total, 21 components), the EOS-CG model considered six components: CO2, N2, 

O2, Ar, CO and H2O. Like GERG-2008, EOS-CG is based on a multi-fluid Helmholtz-energy 

approximation in which the dimensionless reduced Helmholtz free energy α = A/(RT) is 

expressed as a function of molar density ρ, temperature T, and the vector of mole fractions x 

as follows: 

 
{ }id r r

1 1
( , , ) ( , ) ln ( , ) ( , , )

N N

i i i i i
i i

x T x xα δ τ α ρ α δ τ α δ τ
= =

   
= + + + ∆   
   
∑ ∑x x , (13)

 
where δ = ρ/ρr and τ = Tr/T are the reduced mixture density and the inverse reduced mixture 

temperature, respectively, with ρr and Tr being composition-dependent reducing functions for 

the density and temperature of the mixture. In Eq. (13), αi
id(ρ, T) and αi

r(δ, τ) are the ideal-gas 

and residual parts of the reduced Helmholtz free energy of component i, and Δαr(δ, τ, x) is a 

departure function. For describing the thermodynamic properties of pure CO2 and CO, the 

reference equation of state of Span and Wagner [31] and the short industrial equation of state 

of Lemmon and Span [32] are used, respectively. 

The reducing functions ρr and Tr are given by 

 
1 1
3 3

3
1

2
, , 2

1 1 1, , , ,

1 1 1 1 12
( ) 8

N N N
i j

i i j ij ij
i i j ir c i ij i j c i c j

x x
x x x

x xυ υ
υ

β γ
ρ ρ β ρ ρ

−

= = = +

 +
= + +  +  
∑ ∑ ∑x

, (14)
 

 ( )
1 0.52
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where βT,ij, βv,ij, γT,ij and γv,ij are binary parameters. An additional parameter Fij is introduced 

for the description of the residual part of the model, which is necessary for the calculation of 

the generalized departure function as described by Kunz and Wagner [8]. Gernert and Span 

[10; 12] presented new values for the four binary parameters in the reducing function in their 

recent work. However, due to the lack of accurate experimental data of the (CO2 + CO) 

system, no binary-specific departure functions was developed and Fij is set to zero. For further 

details on the EOS-CG, see Gernert and Span [10; 12]. 
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5 Results and discussion 

5.1 Model Fitting 

The VLE of the (CO2 + CO) system was measured along six isotherms at temperatures varying 

from (218.15 to 302.93) K at pressures from the vapor pressure of pure CO2 to the mixture 

critical pressure. The experimental results obtained for both the vapor and the liquid phases 

are given in Table 5, in which the temperature T, pressure p and compositions x and y 

represent the average of temperature, pressure and liquid or vapor mole fraction of CO at 

each state point, based on replicated measurements. 

Table 5. Experimental VLE data for the (CO2 + CO) system at temperature T, pressure p, 
vapor mole fraction of CO y, and liquid mole fraction of CO x.a 

 

T/K p/MPa x y uc(y) uc(x) 
218.150b 0.5525 0.0000 0.0000 - - 
218.146 0.7663 0.0041 0.2352 2.15 × 10-3 5.11 × 10-5 
218.147 1.3595 0.0169 0.5435 2.17 × 10-3 3.03 × 10-4 
218.146 2.2203 0.0364 0.6975 1.83 × 10-3 3.19 × 10-4 
218.147 3.2249 0.0595 0.7653 1.53 × 10-3 4.88 × 10-4 
218.146 4.1612 0.0815 0.7988 1.37 × 10-3 6.54 × 10-4 
218.149 5.0224 0.1024 0.8160 1.29 × 10-3 7.83 × 10-4 
218.146 5.8773 0.1231 0.8248 1.24 × 10-3 9.19 × 10-4 
218.145 6.8408 0.1461 0.8285 1.21 × 10-3 1.06 × 10-3 
218.151 7.6271 0.1678 0.8291 1.21 × 10-3 1.19 × 10-3 
218.146 8.2620 0.1858 0.8268 1.28 × 10-3 1.29 × 10-3 
218.153 9.3705 0.2183 0.8194 1.48 × 10-3 1.49 × 10-3 
218.150 10.0250 0.2394 0.8129 1.38 × 10-3 1.65 × 10-3 
218.150 10.8735 0.2698 0.8020 1.38 × 10-3 1.71 × 10-3 
218.153 11.5344 0.2953 0.7906 1.43 × 10-3 1.79 × 10-3 
218.153 12.2332 0.3255 0.7752 1.49 × 10-3 1.88 × 10-3 
218.156 12.9761 0.3606 0.7513 1.60 × 10-3 1.98 × 10-3 
218.155 13.8475 0.4160 0.7112 1.76 × 10-3 2.08 × 10-3 
218.153 14.3069 0.4588 0.6748 1.88 × 10-3 2.13 × 10-3 
218.153 14.5194 0.4924 0.6460 2.11 × 10-3 2.30 × 10-3 
218.153 14.6315 0.5117 0.6181 2.09 × 10-3 2.21 × 10-3 

      

233.148b 1.0044 0.0000 0.0000 - - 
233.142 1.3063 0.0065 0.2089 1.65 × 10-3 5.66 × 10-5 
233.142 1.8523 0.0184 0.4169 2.13 × 10-3 1.55 × 10-4 
233.142 2.7598 0.0388 0.5782 2.16 × 10-3 3.21 × 10-4 
233.139 3.7526 0.0617 0.6522 1.99 × 10-3 5.22 × 10-4 
233.139 4.7869 0.0864 0.6964 1.84 × 10-3 6.91 × 10-4 
233.139 6.0169 0.1167 0.7249 1.75 × 10-3 8.84 × 10-4 
233.140 7.3685 0.1512 0.7383 1.68 × 10-3 1.12 × 10-3 
233.140 8.9211 0.1961 0.7383 1.71 × 10-3 1.39 × 10-3 
233.140 10.4460 0.2468 0.7220 1.91 × 10-3 1.65 × 10-3 
233.140 10.4489 0.2471 0.7235 1.74 × 10-3 1.63 × 10-3 
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T/K p/MPa x y uc(y) uc(x) 
233.142 11.7145 0.2991 0.6996 1.87 × 10-3 1.85 × 10-3 
233.140 12.3592 0.3295 0.6811 1.89 × 10-3 1.97 × 10-3 
233.141 12.7913 0.3542 0.6641 1.95 × 10-3 2.03 × 10-3 
233.140 13.1979 0.3824 0.6414 2.02 × 10-3 2.11 × 10-3 
233.139 13.4335 0.4028 0.6233 2.11 × 10-3 2.18 × 10-3 
233.140 13.6067 0.4218 0.6059 2.09 × 10-3 2.19 × 10-3 

      

243.146b 1.4280 0.0000 0.0000 - - 
243.156 1.6086 0.0039 0.0966 1.03 × 10-3 3.38 × 10-5 
243.160 1.9526 0.0114 0.2329 1.61 × 10-3 9.72 × 10-5 
243.157 2.8150 0.0306 0.4309 2.22 × 10-3 2.58 × 10-4 
243.157 3.6502 0.0500 0.5257 2.81 × 10-3 4.74 × 10-4 
243.161 4.3809 0.0686 0.5750 2.40 × 10-3 6.74 × 10-4 
243.151 4.9754 0.0784 0.6075 2.08 × 10-3 7.79 × 10-4 
243.141 5.6865 0.0983 0.6298 2.04 × 10-3 7.72 × 10-4 
243.136 6.4581 0.1183 0.6480 1.98 × 10-3 9.15 × 10-4 
243.138 7.3727 0.1432 0.6607 1.94 × 10-3 1.08 × 10-3 
243.137 8.1763 0.1665 0.6671 1.97 × 10-3 1.21 × 10-3 
243.139 8.8071 0.1850 0.6669 1.96 × 10-3 1.34 × 10-3 
243.140 9.6222 0.2120 0.6640 1.97 × 10-3 1.50 × 10-3 
243.152 10.3503 0.2380 0.6570 1.95 × 10-3 1.59 × 10-3 
243.152 11.2522 0.2744 0.6412 2.06 × 10-3 1.77 × 10-3 
243.152 11.9288 0.3057 0.6217 2.13 × 10-3 1.86 × 10-3 
243.143 12.3102 0.3278 0.6074 2.07 × 10-3 1.91 × 10-3 
243.143 12.6259 0.3490 0.5901 2.44 × 10-3 2.00 × 10-3 
243.141 12.8860 0.3706 0.5702 2.20 × 10-3 2.14 × 10-3 
243.144 13.0151 0.3842 0.5558 2.27 × 10-3 2.06 × 10-3 

      

258.150b 2.2937 0.0000 0.0000 - - 
258.130 2.4417 0.0032 0.0449 7.69 × 10-4 2.71 × 10-5 
258.135 2.4420 0.0028 0.0406 7.55 × 10-4 2.44 × 10-5 
258.141 3.0421 0.0163 0.1916 1.39 × 10-3 1.40 × 10-4 
258.140 3.7519 0.0323 0.3025 1.84 × 10-3 2.77 × 10-4 
258.133 4.4357 0.0479 0.3733 2.19 × 10-3 4.09 × 10-4 
258.132 5.5498 0.0750 0.4499 2.38 × 10-3 6.16 × 10-4 
258.132 6.6833 0.1044 0.4950 2.23 × 10-3 8.40 × 10-4 
258.132 6.6842 0.1045 0.4952 2.12 × 10-3 7.93 × 10-4 
258.146 7.5430 0.1289 0.5164 4.16 × 10-3 1.20 × 10-3 
258.133 8.7832 0.1656 0.5299 2.11 × 10-3 1.17 × 10-3 
258.130 9.8098 0.2007 0.5279 2.26 × 10-3 1.46 × 10-3 
258.129 10.6078 0.2325 0.5173 2.39 × 10-3 1.63 × 10-3 
258.127 10.9393 0.2419 0.5099 2.33 × 10-3 1.74 × 10-3 
258.126 11.2542 0.2650 0.5004 2.17 × 10-3 1.69 × 10-3 
258.126 11.6229 0.2888 0.4841 2.16 × 10-3 1.85 × 10-3 
258.146 11.9075 0.3200 0.4690 2.50 × 10-3 2.06 × 10-3 
258.149 12.0211 0.3349 0.4527 2.25 × 10-3 2.09 × 10-3 

      

273.151b 3.4846 0.0000 0.0000 - - 
273.146 3.8678 0.0090 0.0710 6.20 × 10-4 7.59 × 10-5 
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T/K p/MPa x y uc(y) uc(x) 
273.144 4.3153 0.0195 0.1368 1.10 × 10-3 1.69 × 10-4 
273.147 5.4789 0.0484 0.2562 1.74 × 10-3 4.09 × 10-4 
273.148 6.1410 0.0658 0.3009 1.85 × 10-3 5.46 × 10-4 
273.146 7.1824 0.0952 0.3500 2.05 × 10-3 7.61 × 10-4 
273.149 7.8939 0.1170 0.3709 2.00 × 10-3 8.83 × 10-4 
273.149 8.6173 0.1406 0.3830 2.18 × 10-3 1.09 × 10-3 
273.140 9.0416 0.1550 0.3860 2.09 × 10-3 1.20 × 10-3 
273.138 9.4148 0.1671 0.3855 2.12 × 10-3 1.27 × 10-3 
273.145 9.8470 0.1830 0.3753 2.14 × 10-3 1.35 × 10-3 
273.142 9.9318 0.1880 0.3780 2.15 × 10-3 1.41 × 10-3 
273.144 10.2418 0.2037 0.3685 2.17 × 10-3 1.55 × 10-3 
273.144 10.4118 0.2144 0.3605 2.10 × 10-3 1.54 × 10-3 
273.146 10.6647 0.2362 0.3419 2.07 × 10-3 1.64 × 10-3 

      

288.188b 5.0896 0.0000 0.0000 - - 
288.146 5.3739 0.0072 0.0316 3.16 × 10-4 6.05 × 10-5 
288.156 5.7490 0.0164 0.0677 6.78 × 10-4 1.48 × 10-4 
288.157 6.7619 0.0437 0.1396 1.13 × 10-3 3.92 × 10-4 
288.161 7.1708 0.0556 0.1608 1.24 × 10-3 4.78 × 10-4 
288.156 7.9308 0.0797 0.1881 1.44 × 10-3 6.79 × 10-4 
288.161 8.4807 0.1001 0.1980 1.43 × 10-3 8.58 × 10-4 
288.159 8.4809 0.1001 0.1980 1.48 × 10-3 8.36 × 10-4 
288.164 8.9625 0.1271 0.1966 1.45 × 10-3 1.05 × 10-3 
288.157 9.0304 0.1296 0.1954 2.20 × 10-3 1.11 × 10-3 
288.163 9.0997 0.1380 0.1926 1.48 × 10-3 1.13 × 10-3 
288.157 9.1867 0.1569 0.1861 1.50 × 10-3 1.29 × 10-3 

      
302.940b 7.1712 0.0000 0.0000 - - 
302.938 7.2607 0.0028 0.0047 7.69 × 10-5 3.08 × 10-5 
302.936 7.3326 0.0053 0.0082 1.07 × 10-4 5.82 × 10-5 
302.937 7.4068 0.0080 0.0114 1.37 × 10-4 8.77 × 10-5 
302.937 7.4068 0.0080 0.0114 1.37 × 10-4 8.77 × 10-5 
302.936 7.4519 0.0097 0.0131 1.43 × 10-4 1.06 × 10-4 

a Standard uncertainties (k = 1.73) are u(T) = 0.006 K, u(p) = 0.009 MPa. 
b CO2 vapor pressure measurement. 
 
Figs. 3(a) to 3(f) present the experimental pressure-composition data on each of the six 

isotherms studied. Also plotted are the values calculated from the PR-EOS, with the optimized 

binary parameters presented in Table 6, and from EOS-CG with original parameters values 

from Gernert and Span [10]. 

When fitting the binary interaction parameters in the PR-EOS, experimental data close to the 

critical point on each isotherm were not considered as the model fails to follow experiment in 

this region. Initially, kij,1 was set to zero, and kij,0 was optimized as a constant across all 

isotherms. Next, both kij,0 and kij,1 were optimized, again across all six isotherms. Finally, we 

consider optimization of the model in two sub-ranges: a low-temperature range, from (218.15 
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to 243.15) K, and an upper-temperature range, from (273.15 to 288.15) K. The fitting of sub-

intervals in temperature may be helpful when the model is applied in specific process 

simulations. For example, gas separations by flash processes would typically fall into the low-

temperature range, while pipeline transportation falls into the upper-temperature range [3; 36]. 

The coefficients for all different cases are summarized in Table 6, together with the values of 

the objective function S. The PR-EOS gives a reasonably-good representation of our data at 

low and medium pressures and presents significantly better agreement for the liquid-phase 

composition than for the vapor-phase composition. As expected, without exception, the PR-

EOS overestimates the mole fractions in both liquid and vapor phases at pressures close to 

the critical point of all isotherms of the (CO2 + CO) system. As can be seen in Table 6, little 

improvement in the correlation of the data is gained when fitting both coefficients kij,0 and kij,1 

as little or no decrease in the objective function S is obtained. 

Table 6. Coefficients k12,1 and k12,2 and objective function S for the (CO2 + CO) system fitted 
in this work. 
 

System Fitted range k12,1 k12,2/K S Note 
Tmin/K Tmax/K 

CO2 + CO 

218.15 288.15 -0.0643 0 0.010 (a) 
218.15 288.15 -0.0689 1.06485 0.010  
218.15 243.15 -0.0646 0 0.011  
218.15 243.15 -0.0875 5.23082 0.011  
273.15 288.15 -0.0524 0 0.007  
273.15 288.15 -0.0551 0.01645 0.007  

            a recommended parameters. 
 

We observed that the EOS-CG model generally agrees better with the experimental data than 

the optimized PR-EOS model. Nevertheless, significant discrepancies exist and we explored 

whether or not these might be addressed by optimizing some of the binary parameters in the 

model. Specifically, we investigated the parameters βT,12 and γT,12 which determine the form 

of the reducing function for inverse temperature. These parameters were fitted using the 

python-based open-source framework “binary_fitter” developed by Bell and Lemmon [37; 38]. 

The interaction parameters βv,12 and γv,12 remained fixed at the values reported by Gernert 

and Span [10; 12]. It was found that optimization of βT,12 and γT,12 against the VLE data did 

not result in any significant improvement. While it is possible that manipulation of all four binary 

parameter might bring about some improvement, we suspect that only the inclusion of a 

binary-specific departure function would lead to a significant improvement. Nevertheless, it is 

obvious that EOS-CG presents a significant improvement in the estimation of mole fractions 

in both liquid and vapor phases at pressures close to the critical point of all isotherms of the 
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(CO2 + CO) system except the lower temperature of 218.15 K when compared with PR-EOS 

(see Fig. 4).  

 

 

 
 
Fig. 4. Pressure-composition diagrams of the (CO2 + CO) system: , this work; ——, Peng-
Robinson EOS fitted with recommended binary parameters from Table 6; – – –, EOS-CG 
original (Gernert and Span, 2016). (a) T = 218.15 K, (b) T = 233.15 K, (c) T = 243.15 K, (d) 
T = 258.15 K, (e) T = 273.15 K, (f) T = 288.15 K. 
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5.2 Critical point estimation 

Accurate and direct experimental determination of mixture critical points is a challenge that 

typically requires a windowed equilibrium cell to permit visual observation. In this work, all VLE 

measurements were carried out without visual observation, nevertheless the critical point can 

be determined by analysing near-critical data in terms of critical scaling laws [29] which, 

applied to a binary system, can be expressed as follows: 

 ( ) ( )2
c 1 c c2 2

z z p p p p βλ µλ ε ε = + + − + − 
 

 (16) 

Here, ε is 1 for bubble points or  -1 for dew points; z represents either x  or y  at pressure p; zc 

is the critical composition, pc is the critical pressure, and β = 0.325. Between four and seven 

pairs of VLE tie lines close to the critical point on each isotherm up to T = 288.15 K were 

considered, and the parameters of Eq. (16) were optimized so as to minimize the normalized 

objective function S defined in Eq. (12). In order to extend Eq. (16) to cover a range of 

temperatures, each parameter M (i.e. λ1, λ2, μ, zc and pc) was represented as a polynomial in 

temperature as follows: 

 = + + 2
1 2 3( ) ( / K) ( / K)M T a a T a T . (17) 

The optimized parameters are given in Table 7 and were found to result in a good description 

of the critical region. Parameter λ1 and λ2 were found to be represented adequately as linear 

function, so that a3 was zero in those cases.  The high quality of the fit in the critical region is 

illustrated in Fig. 5 where we plot the bubble and dew pressures against z/zc. The critical loci 

are plotted in Fig. 6 over the range of critical compositions investigated; also shown is the 

critical point of CO2 [31]. 

 

Table 7. Coefficients of Eqs. (16) and (17) for the critical locus. 
 

Parameter a1 a2 a3 
λ1(T)/MPa-1 7.74 × 10-3 -7.65 × 10-5 - 
λ2(T)/MPa-1 -1.08 × 10-1 3.87 × 10-4 - 
μ(T)/MPa-β 1.58 -1.69 × 10-2 3.76 ×10-5 
zCO,c(T) -1.35 2.00 × 10-2 -5.11 ×10-5 
pc(T)/MPa 2.47 1.57 × 10-1 -4.65 ×10-4 

 
 



20 
 

 
 
Fig. 5. Critical point estimation by regression analysis of scaling law in Eq. 17. Pressure p vs. 
mole fraction z of CO divided by critical mole fraction zc for the (CO2 + CO) system: , 
T = 218.15 K; , T = 233.15 K; , T = 243.15 K;  , T = 258.15 K; , T = 273.15 K; , 
T = 288.15 K, ——, critical scaling laws Eq. (16) at each temperature.  
 
 

 
 
 
Fig. 6. Critical loci for (CO2 + CO) system predicted by Eq. 16. Critical temperature Tc (left) 
and critical pressure pc (right) plotted against the critical mole fraction zc of CO. 
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Fig. 7 illustrates the deviations of the experimental mole fractions (xexp, yexp) obtained in this 
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sub-intervals of temperature: Figs. 6(a) and 6(c) represent temperatures below 253 K and 

Figs. 6(b) and 6(d) temperatures above 253 K. For both sub-intervals, it can be seen that the 

experimental data obtained in this work present systematic deviations from the PR-EOS, 

considerably greater than the uncertainties reported in Section 3. It is evident that the mole 

fractions in the liquid phase are considerably better represented by the PR-EOS than the mole 

fractions in the vapor phase. If the near-critical state points are not considered, the greatest 

absolute deviation between the mole fractions in the liquid phase is 0.008 (excluding the 

results of the 218.15 K isotherm), while the greatest absolute deviation in the vapor phase is 

 

 

 
 
Fig. 7. Deviations Δx = xexp - xcalc and Δy = y ,exp - y ,calc between experimental mole fractions 
(x ,exp, y ,exp) and the values (x ,calc, y ,calc) calculated from the Peng-Robinson EOS with 
recommended binary parameters for the (CO2 + CO) system. , this work; , Huamin, 1991; 
, Kaminishi et al., 1968;, Christiansen et al., 1974; , Blanco et al., 2014. (a) and (c): blue, 
T/K ≤ 223.15; purple, 223.15 < T/K ≤ 233.15; green, 233.15 < T/K ≤ 253.15; (b) and (d): 
orange, 253.15 < T/K ≤ 263.15; red, 263.15 < T/K ≤ 273.15; brown, 273.15 < T/K ≤ 288.15; 
dark grey, 288.15 < T/K ≤ 300. Outliers are plotted on the upper or lower horizontal axes. 
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present results, even at low pressures. In contrast, there is generally good agreement between 

the few experimental data reported by Kaminishi et al. [26] and our experimental data in the 

upper sub-interval of temperature for both liquid and vapor phases (see Figs 6b and 6d). 

 
 

6 Conclusions 
We have reported new and low-uncertainty experimental VLE data for the (CO2 + CO) system 

along six isotherms spanning almost the entire region of vapor-liquid coexistence. Critical 

points were estimated from the data by means of analysis with critical scaling laws. The new 

data help to fill a significant gap in VLE data of the (CO2 + CO) system and will be important 

for the design and operation of a number of processes, especially those of relevance in CCS 

and flue gas applications. A careful evaluation of the uncertainty of measurements is 

presented. We find that the PR-EOS with a single binary interaction parameter kij provides a 

reasonable fit to the data, except in the critical region. However, the EOS-CG model with no 

further parameters adjusted provides a generally better representation of the VLE results. 

Unfortunately, no improvement in the EOS-CG model was found when two of the four binary 

parameters in the reducing functions were manipulated. It is believed that future work should 

consider the binary-specific departure function for this system. 
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