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ABSTRACT

The analysis of the steady state and dynamic behavicur of an
industrial scale fixed bed catalytic reactor has been presented.

Steady state and transient temperature (axial and radial), and
composition (axial) measurements were made during the air oxidation
of o~xylene to phthalic anhydride on a V,05/TiO, catalyst, for a wide
range of operating conditions (2-4 Nm3/hr air; 36-60 gr o—xylene/Nm3
air; salt bath temperature 3800 - 4100C).

The main objective of the study was to develop a mathematical
model to predict the dynamic behaviour of the reactor when small and
large perturbations in the operation variables occur.

Steady state experiments have shown the existence of severe radial
temperature gradients and very steep axial temperature profiles
(hot-spots in the range 5100 - 5400C), however high selectivity to
partial oxidation products was normally obtained.

Partial (reversible) catalyst deactivation occured when the
reactor was operated at low salt bath temperatures and/or high o-xylene/
air ratios. Catalyst activity was restored by re-oxidation in air at
2000 - 41000, for a period of ~ 30 hours.

Experiments conducted with a normal activity and a partially
deactivated catalyst bed, produced nearly the same exit yield of phthalic
anhydride, despite the large difference of axial (and radial) temperature
profiles.

Dynamic experiments consisted of step changes in the o-xylene feed
concentration and ramp changes in the salt bath and feed temperature.

Partial catalyst (reversible) deactivation and large departures
from the steady state have been observed when large perturbations to
the o-xylene feed concentration (>10%) were performed, particularly at
low air flow rates. &Also a strong parametric sensitivity to salt bath
temperature was observed for experiments at low air flow rate.

Experiments at extreme conditions and with drastic changes made to
operating conditions have shown that the reactor exhibits a strong
parametric sensitivity, although its operation - in the absence of any
perturbation - is wvery stable.

Dynamic experiments have shown that there is a strong correlation
between partial deactivation of the catalyst (changes in the activity
profile} and parametric sensitivity, during the dynamic behaviour.

Three heterogeneous 2-dimensional reactor models of different
complexity were developed. Model calculations based upon some experi-
mentally determined heat transfer parameters, plus a kinetic scheme and
other parameters taken from the literature, give reascnably good
qualitative predictions of the steady state behaviour.

Serious limitations exist for the prediction of the dynamic
behaviour, particularly to large perturbations, as the observed
variations in catalyst activity are not contained in the kinetic scheme,
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CHAPTER 1

INTRODUCTION

"Is it still necessary to state that not technology,
not technique, not the machine are the engines of
repression, but the presence, in them, of the masters
who determine their number, their life span, their
power, their place in life, and the need for them?

Is it still necessary to repeat that science and
technology are the great vehicles of liberation,

and that it is only their use and restriction in the
repressive society which makes them into vehicles

of domination?"

H. Marcuse

| #

'An Essay on Liberation

In the last 15 years, some theoretical and experimental
studies have been undertaken in order to develop dynamic
models, some of them aiming to implement modern techniques
for on-line estimation and control of fixed bed catalytic
reactors.

Because of the complexity of the catalytic systems, some
of these studies have considered mild exothermic reactions in
the liquid phase, using an inert packing to study its con-
tribution to the transient behaviour. In other cases,
highly exothermic reactions in the gas-phase have been con-

sidered.

# Penguin Books, The Penguin Press (1969).



Typically, the reactor has been of a bench or pilot-
plant scale and in some cases a one-reaction product system,
has been investigated. There have been only a few detailed
studies of the steady state and dynamic behaviour of the
catalytic reactor, this is particularly true for the case
of an industrial reactor.

It is evident from previous studies, that in order to
develop a dynamic model for on-line estimation and control
of an industrial scale fixed bed catalytic reactor, the
model must be based on a thorough experimental program. It
must be able to predict the measured experimental effects
of the variation of key operation variables.

This work deals with the analysis of the steady state
and dynamic behaviour of an industrial fixed bed catalytic
reactor where a highly exothermic reaction takes place.

The aim of this study was to develop a mathematical
model to predict the dynamic behaviour of the reactor in
the presence of small and large perturbations in the operation
variables. The model would be used in later on-line and
control studies in the pilot plant reactor.

The nature of the interactions between physical and
chemical processes in the catalytic reactor is extremely com-
plex, especially when catalyst deactivation is present. This
makes the mathematical description of the system a matter of
compromise between models of different complexity - which
describe the main features - and the difficulty of their

numerical solution.



Associated with the model is a set of kinetic and
transport parameters which are normally evaluated by indepen-
dent experiments. The kinetic parameters are normally
obtained from laboratory scale reactors and when used in
pilot plant studies, have to be tuned or even re-—evaluated
to obtain reasonable predictions. On the other hand, the
transport paramaters are estimated either from steady state
or dynamic heat transfer experiments without reaction, which
provide approximate values under reaction conditions.

During the course of this study, no experimental work
was performed on the kinetic scheme; instead the kinetics
were taken from existing studies in similar reactor-reaction-
catalyst systems already published.

The problem with using existing kinetics, is that catalyst
deactivation is normally not accounted for in the kinetic
medel, therefore any attempt to estimate or tune kinetic
parameters using experimental data via non-linear estimation,
can be very uncertain.

On the other hand, estimation of heat transport parameters
from steady state heat transfer experiments without reaction
can be more reliable, provided axial and radial temperature
profiles are available. However under reaction conditions,
these previous estimates may have to be tuned in order to
predict the observed axial and radial temperature profiles
in the reactor.

The kinetics of the air oxidation of O-xylene on a V205/Ti02
catalyst is presented in Chapter 2, togethér with a brief
review of existing kinetic schemes in the literature. A brief
account is also given of the relevant features of the catalytic

system,



The mathematical models and the corresponding numerical
schemes used in this study are presented in Chapter 3 and
Appendix B. A brief analysis of the relevant phenomena in
fixed bed catalytic reactors is given and the limitations of
the selected models are discussed.

The experimental system and operational procedure are
described in Chapter 4.

The steady state behaviour of the reactor is presented
in Chapter 5, in terms of axial and radial temperature and
axial concentration profiles at different air flow rates,
feed O-xylene concentrations and salt bath temperatures.
Overall heat transfer coefficients were estimated from
heat transfer experiments without reaction, which together
with model simulations, allowed the heat trgnsfer parameters
under reaction conditions to be estimated.

The dynamic behaviour of the reactor is presented in
Chapter 6, together with experiments at extreme conditions,
and with drastic changes made to operating conditions, with
the purpose of studying parametric sensitivity and reactor
runaway. Model simulations for different kinds of perturbations
and calculations of approximate runaway criteria are also
presented.

Finally, Chapter 7 gives the overall conclusions about
this work and presents some suggestions for further work.

A comprehensive study on the steady state and dynamic
behaviour of such a complex reactor-reaction system cannot
be undertaken by a single project. To stuay the relative

contributions of different heat and mass transfer mechanisms



at steady state and under different kinds of perturbations,
it is necessary to cover a wide range of operating conditions
especially those used in industrial practice. This implies
extensive measurement of temperature and concentration pro-
files in as many places as possible in the reactor. This
presumes also that the kinetics are relatively well known
and catalyst deactivation has been relatively well quantified.
The above reqguirements are by no means fulfilled in this
work. This is only a preliminary study in which a brief
account has been given of the major physical and chemical
processes involved in the steady state and transient behaviour

of this particular reactor-reaction system.



CHAPTER 2

KINETICS OF THE OXIDATION OF O-XYLENE ON VANADIA CATALYSTS

In the development of a reactor model, the kinetics which
describe the mechanism of the reaction for a specific cata-
lyst in the temperature range of reactor operation, is of
fundamental importance.

The kinetics of the oxidation of O-xylene and other
hydrocarbons has been the subject of study of several
research groups. In 1954-1955 two comprehensive studies
were published, having a common ground derived from
specific needs in the operation of industrial reactors,
i.e. the understanding of the role of vanadium oxides as
an approach to: process development via a proposed reaction
model [Mars & van Krevelen (1954})] and to catalyst formula-
tion {Simard et al. (1955)]. Later studies however have
been concerned with modelling {(or fitting) the kinetics,
using early proposed models and in most cases no full
consideration has been given to both catalyst formulation

and operating conditions prevailing in industrial practice.

2.1 The Kinetic Models

Mars & van Krevelen {1954) studied the oxidation of benzene,
toluene, naphthalene and anthracene on different vanadium
pentoxide catalysts, using a fluidized bed of 200 to 300 u
catalyst particle diameter. From these experiments they
propesed a kinetic model based on an oxidétion—reduction or

"REDOX" mechanism in which "the hydrocarbon to be oxidized



reduces the catalyst, which was oxidized by oxygen from

the air". The two reactions can be formulated as:
hydrocarbon + oxidized k5 oxidation + reduced
catalyst products catalyst
reduced + oxygen o oxidized
catalyst catalyst

Assuming the reaction rates to be first order with
respect to hydrocarbon and proportional to the degree of
coverage of oxygen on the catalyst surface 0, it follows
that the rate of oxidation of the hydrocarbon may be

expressed as follows:

R = ijPn (1)

The rate of re-oxidation of the surface reduced in the
first reaction may be assumed to be proportional to a
certain power of the oxygen partial pressure and to the
catalyst surface area not covered by oxygen. This can be

expressed as follows:

_ _ay ol
R, =k {1-0)P_, (2)

1f, for the oxidation of one aromatic molecule, m
molecules of oxygen are required, the following expressiOn

holds:
R_= IR (3)

so that for the steady state we may write:



_ _ o
mijPn = ko(l O)P02 (4)

Then, the degree of occupation by the oxygen can be

expressed as:

o
k P02

0 = a° (5)
kOP02+mijn

By combining equations (1) and (5) we find for the reaction

rate:

8
R - KoPo2XsPn (6)
k P* +mk.P
o 02 J°n

Mars & van Krevelen (1954} found their experimental results

for the oxidation of benzene, naphthalene and anthracene

to be in good agreement with equation {6), when a=1.
Identical values for ko were found when these hydro-

carbons were oxidized at the same temperature on a catalyst

containing 9% V2 5 2.9% MOO and 0.03% P205 by weight, on

3
corundum.

Shortly after the redox model had bheen proposed, Simard
et al. {1955) concluded that "the role of gaseous oxygen in
a conventional catalytic oxidation could be a secondary one,
with the reaction proceeding through the following steps.

l. Chemisorption of the hydrocarbon on the catalyst

surface.

2. Reaction of the chemisorbed hydrocarbon with

oxygen ions of the catalyst.



3. Desorption of intermediate or final products.

4. Replenishment of oxygen to the catalyst from

the feed air.

In 1960, Shelstad et @¢l. studied the oxidation of
naphthalene over a vanadium catalyst containing 9.95% V2 5
0.16% Fe, 14.7% K20, 18.6% 803 and the remainder mainly
silica. They proposed a model in which "the oxygen only
is adsorbed on the catalyst surface, and the reaction
occurs when the hydrocarbon in the gas phase strikes adsorbed
oxygen, then a steady state will be established wherein the
rate of removal of oxygen by chemical reaction is equal to
the rate of adsorption of oxygen". The resultant rate of
reaction for hydrocarbon oxidation, known as the "steady
state adsorption model” or S.S.A.M., is identical to that
for the redox model when a=1, and the re-oxidation rate
constant becomes the oxygen adsorption rate constant, and
as remarked by Wainwright & Hoffman (1974), reaction
kinetic experiments cannot discriminate between these models.

Also in 1960, Hughes & Adams, studying the oxidation
of phthalic anhydride, came to an analogous equation to (6);

however it does not contain the oxygen partial pressure.

2.2 The Role of Oxygen in Hydrocarbon Oxidation

There has been considerable speculation regarding the roles
of lattice and adsorbed oxygen in the oxidation of hydro-
carbons on vanadia catalysts, and much work has been devoted
to answering this question.

From experiments in which the reaction took place with

no oxygen in the feed on an unpromoted catalyst, charged as



10

V205 [Simard et al. {(1955}], it is suggested that oXygen
ions of the catalyst might interact directly with the
hydrocarbon. More evidence has been given by similar
experiments, performed by Wainwright & Hoffman (1977) for
the oxidation of O-xylene on a TiO2 supperted vanadia
catalyst, and by Butt & Kenney (1977) for the oxidation

of naphthalene over both an unsupported molten VZO catalyst

5
and a solid potassium sulphate promoted V,0¢ catalyst. But,
as the latter concluded; no clear picture has yet emerged

and although these studies do provide supporting evidence

for the redox mechanism; this question must still be

regarded as unresolved. "The simple reduction-oxidation
mechanism involving a single type of oxygen cannot easily
account for these findings. It may be that gaseous oxygen

is required both to oxidize the (chemisorbed) hydrocarbon

and to provide "lattice" oxygen so that the surface has the
appropriate composition and structures for selective
oxidation. 1In the absence of gaseous oxygen, the hydrocarbon

would react less selectively with the lattice oxygen"

[Kenney in discussion with Butt & Kenney (1977)].

2.3 The Catalytic Behaviour of vanadium Oxides

This phenomena is directly connected to the above one.
Simard et al. (1955) presented their study of the catalytic
behaviour of unpromoted vanadium oxides. Their conclusions
are summarized as follows:

1. vanadium in an unpromoted vanadium oxide catalyst

4 5

during catalytic oxidation is in v'? and v states.



In bulk, these states are associated with oxideg
in three crystalline forms - V204, V204.34 and
V205.

The relative proportions of these oxides are
dependent on the hydrocarbon/air feed ratio;

the changes with time of operation observed were
in a direction to establish a characteristic
(oxides) composition,

V204 and V203 are not catalytically active and
the active portion of the catalyst is confined
to VZOS' V204_34 and to intermediate structures

which may exist on the catalyst.

Schaefer (1967) has investigated the oxidation of

benzene to maleic anhydride. Pure vanadium oxides in the

range of composition VO

2.5 to VO1.5 were studied under non-

stationary conditions using microcatalytic techniques. The

results were as follows:

1,

In the presence or absence of melecular oxygen

the maximum specific activity for benzene oxidatio
was observed with V02.0. With oxygen in the
reaction mixture, benzene reacted 75-100 times
faster in the presence of VOZ.O than in the
presence of V02.5.

The reaction of benzene is slower in the absence
of oxygen than in its presence.

In the presence of oxygen no great differences in

the oxidation rate for maleic anhydride were

11

n



observed in the range of catalyst composition
studied. VOZ.O showed not only the maximum
activity but also the maximum selectivity for
maleic anhydride formation in the presence of
oxygen.
Hughes & Adams (1960) suggested that the high activity of
reduced vanadia leads to an increase in phthalic anhydride

combustion. Vol'fson et agi. {(1964) have found V.0, and to

274
a lesser extent V6013’ to be the active species for naph-
thalene oxidation, with V,0. only serving as a starting

275

material. They also found V6013

to partial oxidation products.

12

to have greater selectivity

Shaprinskava et al. (1970) found from their studies on

the catalytic properties of several vanadium oxides for the

oxidation of naphthalene, that the activity sequence cof the

oxides was to be: V6013>V203>V204>V205, using high space

velocities in the temperature range 340° to 415°C. At

390°C the specific effectiveness (total moles converted per

minute per sq.m.) of V_.O and V,0¢ differed by a factor

6713

of 9, while effectiveness with respect to the formation of

phthalic anhydride differed by a factor of 13.5. They also

found that samples based on V601

were twice as active as those of V204 oxidized to VZOS to

the same extent.

These findings are not in agreement with Butakova et

3 partially oxidized to VZO

5

al. {(1975) who found the activity of vanadia catalyst to be

proportional to the ratio of V,0¢ to total vanadium.



13

Dulov et al. (1979) found that activity in the
catalytic oxidation of propene could be correlated with
the ease of reduction of V5+ to V4+.

The role of promoters (alkali metal sulfates) and the
influence of SO3 on catalyst properties has been studied by

Tandy (1956} for the oxidation of 502 and has been compre-

hensively reviewed by Wainwright & Foster (1979).

2.4 Catalyst Deactivation

There are two types of catalysts commonly used in industry;
the German type, consisting of V205 promoted with potassium
oxides and supported on 5102 or TiO2 (anatase) , and the
American type, consisting of V20S supported on SiC or
alundum. These catalysts partially lose their activity
whilst in operation, probably due to both the structural
changes in the catalyst itself and to strong redudtion under
the influence of prolonged operation at high temperatures
in the region of high O-xylene concentration (3 i wole o).
There seem to be three different time constants
associated with the deactivation of the catalyst. The
first is in the order ¢of minutes, as observed by Wainwright
& Hoffman (1977); the second, in the order of hours, and
the third, in the order of weeks. It is known that an
industrial catalyst reaches a constant activity after
several days of continuous operation, provided the operating
conditions are as uniform as possible [Sedlmeier & Felice

{1973)].
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In a fixed bed reactor we Would have activity
profiles. There are two different activity profiles; one
is a surface profile associated with structural changes,
which develops during a catalyst operation and which changes
rather slowly and is irreversible [Sedlmeier (1982}]. The
other is an oxidation-reduction profile which is reversible,
but needs several days for adjustment to new reaction con-
ditions (see Chapter 5). Surface and oxidation <states of
vanadium are lowest where catalyst temperature is highest
[Simard et al. (1955); Sedlemeier (1982)]. Irreversible
deactivation and sintering of the catalyst layer are
normally associated with drastic changes in {salt bath)
temperature for high O-xylene/air ratios (1 to 1.5 mole %
O-xylene in feed) and low flow rates. Prolonged operation
at high temperatures in the region of the hot spot, for
high O-xylene/air ratios also produce a reduction in the
activity of the catalyst [Sedlmeier & Felice (1973),
Chapters 5 and 6 this work].

A major cause of reversible deactivation seems to be
a combination of high concentrations of O-xylene (1 to 1.5
mole %) and low salt bath temperature. Reoxidation of the
catalyst with air for a period of ~30 hrs, in the salt bath
temperature range of 400° to 410°C, successfully restores
previous catalyst activity [Chapters 5 and 6], suggesting
that high catalyst activity is associated with a high
oxidation state of the vanadium oxide. In the present

study the addition of 502 in the feed was not considered.
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It is known from industrial practice [Duckworth (1969);
Wainwright et al. (1979)] that for potassium sulfate-
promoted catalysts, the addition of small amounts of 502 or
sulfur compounds, in an optimum ratio (between 0.1 to 1.5
wt % based on O-xylene feed), promotes higher yields of
phthalic anhydride and maintains constant the activity of
the catalyst. Changes in the activity and selectivity of
these catalysts, seem to be associated with loss of SO3, as
noticed from long term catalyst deactivation effects in a
number of studies on hydrocarbon oxidations, as sulfur
compounds were not included in the feed [Wainwright &
Foster (1979}]. However, Wainwright & Hoffman (1977) have
reported catalyst deactivation even when 802 was added to
the feed. Sometimes instead of a continuous feed of 502
to maintain catalyst activity, periodic regeneration of the
catalyst is performed by purging the reactor with air con-
taining 5 to 7% S0, at 420° to 450°C. This practice succeeds
only if the loss of sulfate groups from the catalyst is not

greater than 30-35%.

2.5 The Kinetic Schemes

Simard et al. [in Dixon & Longfield (1960)] studied the
oxidation of O-xylene on a SiC-supported VZOS catalyst at
conversions below 25%. For feed O-xylene concentrations
in air of 0.4 to 1.4%, contact times of 0.0l to 0.06 sec
at 400° to 450°C, the following scheme was proposed* (see

overleaf) .

*

In the kinetic schemes, the following abbreviations are used:
OX = O-xylene; OT = O-tolualdehyde; PT = phthalide; PA =
phthalic anhydride; MA = maleic anhydride; COM = CO+CO, +H,0;
Polym = polymeric compounds; OT-AC = toluic acid.
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oT
1 5
2
10).4 >~ PA
l;\\\\giﬂ
MA

CoM

Steps 1 and 5 were found to be first order with respect to
O-xylene and O-tcolualdehyde respectively, while steps 2, 3
and 4 were all zero order. All reactions were found to
exhibit a square root dependence on oxygen partial pressure.
Yields of O-tolualdehyde varied from 10-40 mole %, depending
upon the initial O-xylene concentration. Unfortunately,
conversion levels were too low to get more information about
the kinetics.

Costa Novella & Escandino Benlloch {(1963) used a K2804-
promoted Si02-supported catalyst in a fluidized bed, for a
wide range of O-xylene conversion, in the temperature range
310° to 370°C. According to their findings, they proposed

the following scheme:

0T — > PA

TN

- COM

OX\MA/

More than 20 mole % of O-xylene appeared as 0O-tolualdehyde

at their highest temperature studied for contact times less
than 4 secs. All steps were found to be first order with

respect to hydrocarbon. As they assumed the rate controlling
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step to be the chemical reaction at the surface, they used
elementary rate expressions. By assuming also that the
plug flow model described the fluidized bed, they obtained
the kinetic parameters*.

Bernardini & Ramacci (1966) carried out the oxidation
0of O~xylene and phthalic anhydride and all its possible
intermediates on a V205—8102 supported catalyst, using a
non-isothermal fixed bed reactor, operating in the range
of 360° to 510°C. As phthalic anhydride was formed when
all these intermediates (O-methyl benzyl alcohol, O-
tolualdehyde, O-toluic acid and phthalide) were oxidized
with molar yields in the range 65% to 87%, a complex
kinetic scheme was proposed. No kinetic data were reported.
For the oxidation of O-xylene two points were sampled along
the reactor, one at the hot-spot (~510°C) and the other at
the exit. They identified the same products as those from
industrial reactors [von Heyden (1974)1.

Herten & Froment (1968) studied the oxidation of O-
xylene on a doped V2O5-Sio2 supported catalyst, using a
quasi-isothermal fixed bed reactor. They investigated the
influence of the partial pressure of O-xylene (0.005 to 0.02
atm) and oxygen {0.106 ~ 1.0 atm), and the amount of
catalyst (6.6 to 40 grams) in the temperature range 325° to
402°C, with an air flow between 40 and 300 normal litres
per hour. The proposed reaction scheme, based on the product

distribution obtained, is:

*

An extensive review of kinetic models and kinetic parameter
values has been presented by Ellis (1972) and Chandrasekharan
(1978) .
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!

OT ——— COM

= | <]

PT —~————¢-PA

They conclude that the conversion of O-tolualdehyde into
phthalide is probably not important {(contrary to most other
studies) and that even phthalic anhydride does not decompose
easily into CO and CO2 except when residence time becomes
excessive. This work shows that the rate of O-xylene
oxidation is not independent of the oxygen partial pressure
and therefore provides some support to the redox model.
They successfully correlated their data by using both the
redox and the power law models. The order with respect
to oxygen was nearly qgnstant (0.29 to 0.37) for all tem-
peratures, but the;ggger with respect to O-xylene was found
to be temperature dependent and varies from 0.195 to 0.74.
Juusola ¢t al. (1970) using a differential reactor,
studied the oxidation of O-xylene and O-tolualdehyde on a
VZOS-K 804 SiO2 catalyst, at very low conversions ({less
than 7%) in the temperature range 29%0° to 325°C. At these
temperature and conversion ranges, product distribution is
far from being representative to that in an industrial
reactor. They compared the goodness of fit of five
different models and concluded that the S.S.A.M. best
described their data. Catalyst deactivation problems were

present, probably due to the lack of S0, in the feed.
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Boag et al. (1975) using a recirculation reactor,
carried out the oxidation of O-xylene using the same
catalyst as Juusola et al. (1970), over a wide range of
conversion, in the temperature range 310° to 330°C. The

proposed scheme is as follows:
PT

OX—————————é oT

L <

COM

This study shows that an extended form of the S.S.A.M.

(and hence the redox model) suitably describes the reaction
scheme, as they were able to represent reasonably well

their data with this model. The low selectivity to phthalic
anhydride found may be due to the catalyst support used in
this study, as remarked by Wainwright & Foster (1979}.

In a parallel study to that by Boag et al. (1975},
McLean et al. (1980) performed the oxidation of O-xylene
and O-tolualdehyde using a multi-stage tubular reactor.

The same catalyst as Boag et al. (1975), was used in its
inactive state, but pretreatment was different in order to
achieve constant activity over the experimental program.
The main difference in the last two studies is that the
latter one reports significant amounts of maleic anhydride
being formed. The proposed kinetic scheme is as shown

overleaf:
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/C(':I)M
0X ———— QT > PT > PA
Poly;;x<;;A

Lyubarskii et al. (1973) studied the oxidation of
O-xylene and its identified partial products (OT, PA and
MA) using a recirculation reactor on a "high temperature"
promcted V205 catalyst (presumably supported on SiC). They
found, from the oxidation of partial products, the rate
of maleic anhydride oxidation to be independent of oxygen
concentration, and the oxidation of phthalic anhydride to
Co+CO, to be independent of PA concentration. In the
presence of O-xylene, complete stability of phthalic
anhydride was observed, and in the presence of phthalic
anhydride, oxidation of maleic anhydride is strongly
inhibited. The oxidation of O-xylene was performed in the
temperature range 380° to 460°C. For the concentration
range studied, there was no effect of oxygen partial pressure
on the hydrocarbon rates of oxidation. The proposed scheme
is the same as that by Simard et al. (1960). The absence
of phthalide in both studies, an intermediate normally
detected in industrial reactors, is remarkable.

Wainwright & Hoffman (1974, 1977) reported an interesting
study of the oxidation of O-xylene on several commercial
vanadia catalysts, some of them K2804—promoted and SiO,-

2
supported, other K2504-Sb03-promoted and Tioz—supported
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including one from von Heyden (catalyst WO) of unknown
composition. The experiments were carried out in a quasi-
isothermal fixed bed reactor in the temperature range 350°

to 390°C, and in a transported bed reactor in the temperature
range 233° to 242°C. To maintain a constant activity they
added 0.0l volume % §0, to the feed, and no appreciable

long term decay of catalyst could be attributed to this
effect. Their findings can be summarized as follows:

1. There is a dramatic decrease in the activity of
fully oxidized vanadia catalyst with time,
accompanied by a considerable decrease in
selectivity to phthalic anhydride and an
increase in selectivity to carbon oxides

2. The selectivity to partially oxidized products
is highest while the vanadia is in the highly
oxidized state.

3. The catalyst support material, including other
reaction moderating substances, has a marked
effect dn product distribution, however the
rates of O-xylene partial oxidation are of the
same order for both supported catalysts.

4. The difference between both supported catalysts
is that the titania takes an active role in the
reaction, making its activity and selectivity
to phthalic anhydride higher than those from
the silica supported catalyst.

5. Despite the addition of 502 in thé feed, long

term deactivation of the Ti02—supported catalyst
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occurred depending upon how much above 400°C
the reaction temperature was taken.

6. For Tioz-supported catalysts, the original
oxidation state could be restored after about
6 hrs, suggesting that the oxidation/reduction
reactions of the catalyst are completely reversible.

7. For TiOz—supported catalysts, the rate of O-
xXylene oxidation had little or no temperature
dependency in the range 350°C to 390°C, this was
attributed to catalyst deactivation.

The proposed kinetic schemes are:

Titania-supported catalyst:

O —— OT - PT > PA

\\EOJZ//

Silica-supported catalyst:

OT AC.
//’/?

X —— 0T — PT

\ /S

COM

A multi~step redox model was used to model the kinetics,
however the use of an "active site parameter" to account for
a loss in catalyst activity for the Tioz-supported catalyst
is questionable.

No maleic anhydride was detected, except for the von
Heyden catalyst (possibly a TiOz-supported.catalyst).

Unfortunately the temperature range studied is far from
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being of industrial importance. Selectivities of 85 mole %
were obtained at 100% conversion of O-xylene,

In a series of papers Calderbank and co-workers [{1970),
(1972), (1974}, (1977), (1980)] have studied the O-xylene
oxidation on different vanadia catalysts.

Calderbank et al. [(1970), (1972}] using a promoted
V205 on SiC-supported catalyst, performed kinetic measure-
ments using a spinning catalyst basket reactor (SCBR) in
the temperature range 390° to 430°C. The catalyst was
evaluated in a pilot plant non-isothermal reactor for a
molten salt bath temperature range 370° to 454°C and 0.5
to 1.5 mole % O-xylene in the feed. A constant selectivity
at 58-64%, independent of both bath temperature or flow
rate, was observed.

Yields of phthalic anhydride obtained with the iso-
thermal SCBR were much lower than those from the fixed bed
reactor. A maximum selectivity of 55% was obtained in the
SCBR. They suggest phthalic anhydride combusts under SCBR
conditions in contrast to its great stability in the fixed
bed, as residence time in the latter is at least ten times
smaller than in the SCBR. From experiments with the SCBR,
the catalyst was reversible deactivated at O-xylene partial
pressures over 0.016 atm (~ 1.5 mole %). In agreement with
Lyubarskii et ael. (1973} they found phthalic anhydride to be
remarkably regsistant to further oxidation from the fixed-bed
experiments.

Ellis (1972) performed an extensive Qtudy of the

oxidation of O-xylene in 2.5 cm and 5.0 cm I.D. pilot plant



24

non—isothermal fixed bed reactors, on a promoted V205 on
SiC-supported, 0.63 cm diameter catalyst particles. The
salt bath temperature range was 410° to 490°C for an O-
xylene feed range of 1 to 1.5 mole % in air (34 N 2t/min).
"Approximate" axial conversion profiles allow the following

kinetic scheme to be determined, for a wide range of

conversions:

(0).4 > OT » PT > PA

Maximum overall selectivity to OT, PT and PA was about 80%;
and to phthalic anhydride 70%. The selectivities were
virtually independent of temperature. Increasing the O~
xylene inlet concentration from 1.0 to 1.5 mole %, resulted
in deactivation of the catalyst, in the region of the hot
spot. No reactivation of the catalyst was reported. It
was observed, working at extreme conditions, that the yield
of phthalic anhydride was independent of salt bath tempera-
ture over the range 410° to 490°C (maximum hot spots of
490° and 590°C respectively), however homogeneous combustion
of phthalic anhydride was also noticed.

An interesting finding in this work was the change in
apparent activation energy of the O-xylene oxidation rate
at approximately 440°C, from the kinetic evaluation of the
catalyst using diluted catalyst beds (quasi-isothermic
conditions) in the temperature range 375° fo 465°C and

inlet O-xylene partial pressure range 0.0014 to 0.012 atm
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{0.16 to ~ 1.3 mole %). This phenocmena cannot easily be
explained in terms of intraparticle diffusion control in

a porous solid as a surface coated promoted catalyst on

5iC support was used, but perhaps in terms of a reduction
in specific area and a change in the lattice structure,

due to the formation of a liquid layer of molten catalyst.
This is suggested by the experiments of Tandy (1956), who
found that liquid pyrosulphate—V205—mixtures were formed
above 440°C, using alkali metals, and the experiments by
Butt & Kenney {1977) who observed that a catalyst containing
39% V205 and 61% KZSO4 by weight, forms an eutectic with a
sharp melting-peoint of 433°C. They found the rate of
naphthalene oxidation falls with increasing temperature
between 400° and 440°C and the selectivity for phthalic an-
hydride formation to decrease.

Ramirez & Calderbank (1977, 1982) have observed a
similar reduction in apparent activation energy, in the
temperature range 425° to 450°C, for the benzene oxidation
on a V205-M003—P205 catalyst. Calderbank (1974) studied the

oxidation of O-xylene and phthalic anhydride using an un-

promoted V on S5iC catalyst in a SBCR, where the basket

295
and the chamber were made of titania. He found the O-xylene
reaction rate to be first order up to nearly 1 mole % O-xylene.
At higher concentrations, the catalyst was reversibly deacti-
vated. His findings of a low activation energy for O-xylene

rate of disappearance above 440°C agrees with that of Ellis

(1972) and "explains the absence of strong parametric
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sensitivity of the fixed bed reactor”. A nearly constant
overall selectivity of about 75% was obtained in the SBCR
at temperatures below 440°C for up to 100% O-xylene con-

version, but this diminishes at higher temperatures. The

proposed scheme is:

Calderbank et al. (1977) reported their study of the
oxidation of O-xylene over various commercial V,0¢ and Ti0,-
V205 catalysts using a SBCR. A catalytic tube wall reactor
(CTWR) made of titania and internally coated with V205 on
'I'io2 was used to determine selectivities without the
influence of metals. They found the results to be generally
applicable to commercial catalysts despite variations in the
ratio of total to superficial area for the various catalysts,
the rate constants being reported for the superficial areas
only.

Their findings can be summarized as follows:

l. O-xylene disappears at low concentrations (~1 mole %)
by first order reaction with respect to O-xylene
with an apparent activation energy falling from
109 kJ /mole between 370° and 440°C to about 54.5
kJ /mole between 440° and 550°C, provided thermal

deactivation does not take place in the latter range.



27

2. Rates of reaction at temperatures between 370° and
440°C are almost completely independent of oxygen
partial pressure becoming increasingly dependent
on the latter as the temperature is raised.

3. At high temperatures and high O-xylene concentration
the reaction rate tends toward a zero order with
respect to O-xylene and first order with respect
to oxygen.

4. At low temperatures and high O-xylene concentrations,
reversible deactivation takes place.

5. O-tolualdehyde and phthalide disappear with the
same first order rate constants as does O-xylene
above 440°C.

6. The reaction selectivity to phthalic anhydride
and precursors at low conversions is constant
and independent of temperatures above 370°C,
varying between 0.75 and 0.82 for different
catalysts.

7. The reaction rate decreases sharply at temperatures
below 370°C and the hydrocarbon disappearance rate
becomes first order with respect to oxygen, being
independent of O-xylene partial pressure.

8. Phthalic anhydride undergoes combustion relatively
slowly on the catalysts examined.

They claimed that v205~T102 catalysts deactivate almost
completely and irreversibly when heated above about 500°C.
Experiments at higher O-xylene concentrations in the feed

(1.5 mole %) show partial deactivation "probably due to
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sintering and loss of area at the hot-spot". The originally

proposed kinetic scheme was:

> PA

However, during the parameter estimation stage to fit

4
COM

Ellis' (1972) data obtained from the pilot plant fixed

bed reactor, they found the activation energy for catalyst
re-~oxidation to be zero and step 6 to be kinetically
negligible.

Chandrasekharan et al., (1978, 1980) studied the
oxidation of O-xylene in a TWCR. Two catalysts were used;
one of pure V,0c and the second one, 95% Ti0O,- 5% V,0- by
weight. The same products were obtained with both catalysts.
Although small gquantities of phthalide and maleic anhydride
were also formed, particularly at high conversions of O-
xylene and temperatures above 420°C, the kinetic scheme

that "adequately represent the product distribution" was:

OX > PA
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2.6 The Kinetic Model used in this Study

It is a common practice to evaluate the kinetics in a
laboratory scale reactor for the catalyst to be used in the
pilot plant or industrial scale reactor, however for the
present study this was not possible due to time limitations
in developing a thorough experimental program.

The kinetic model used in this study is based on the

work of Calderbank and co-workers (1977), because it is
the only one known which satisfies the following criteria:

1. The kinetics were evaluated for a conversion
range of nearly 100%, in the temperature range
of industrial reactors, i.e. 370° to 550°C, using
both laboratory scale reactors and a pilot plant
fixed bed reactor.

2. The results were found to be generally applicable
to commercial V205 and vzos/TiO2 catalysts, despite
variations in the ratio of total to superficial
surface area.

In the present study a V205/Ti02 catalyst of unknown

composition was used in an industrial scale reactor operating
in the temperature range 360° to 590°C.

For the reaction scheme:

> PA{D)

4
COM
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At low O-xylene feed compositions (~ 1 mole %}, the redox

kinetic model for each species gives:

R, =-us(k,;+k,+k,) P

A 3 AS
Rp = us(k Ppg=k,Ppg)

Ry = uskyPagtksPro~KePpe)

or simply:

where:

k P
o 02S

3Kyt M Ky ) Py M K Prg+ck g Prog+mek Prg

us =
koPozs+(m1k1+m

and n stands for 0X, OT, PT, PA and

R. = . k.Pn

] s K3Png = g Aj exp(-Ej/RgTs)Pns

are the individual steps of reaction, and Va4 is the

stoichiometric coefficient of specie n in the j'th reaction.

2.6.1 Some comments about the kinetics

The kinetic parameter values presented by Calderbank et al.
(1977) are given in tables 2.1 and 2.2. It appears that in
order to satisfactorily fit axial temperature and composition
profiles from Ellis' (1972) work on the fixéd bed reactor, a

further "tuning® of the parameters obtained in the SBCR
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{table 2.1), was necessary, leading to the values given

in table 2.2.

Table 2.1
T$440°C T>440°C
Ste A. E. AL E.
P j j j j
1 9841. 113.6 0.729 56.8
2 2.515 56.8 2.515 56.8
3 8484, 113.6 0.629 56.8
4 15612, 113.6 1.156 56.8
5 2.466 56.8 2.515 56.8
6 1381. 127.7 1381. 127.7
Aj in (K mole/kg.sec.bar) and Ej in kJ /mole) .
Table 2.2
Ste A, E.
P j j
1 3.903 61.4 step 6 kinetically insignificant
2 0.567 16.5 and:
3 0.365 51.2 _5
4 1.391] 54.5 koP025~O.722xlO zf (T)
5 3.253 57.9 [in (K mOle/kg.sec)]

Another problem associated with these kinetics is that they
do not include the formation of maleic anhydride, a normal
by-product from industrial reactors (~0.06 Ton of maleic
anhydride are produced per 1 Ton of phthalic anhydride
[Nicholl (1981)].

Perhaps, a remark by Wainwright & Foster (1979} can

summarize the state of the art for these extremely complicated
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reaction systems: "the failure of researchers to operate
catalysts at reaction conditions similar to those encoun-
tered industrially has led to the publication of kinetic
data which, if used for design purposes, would lead to
erroneous and sometimes disastrous results". Especially
misleading are the predictions of runaway conditions, which

have not been observed in the present study.

2.7 Conclusions

There is no doubt that producing a kinetic model for this
reactor-reaction system is an extremely complicated problem,
especially when catalyst deactivation is present. Previous
observations in this chapter suggest that the kinetics
should be evaluated at different stages, using the catalyst
that has been in continuous operation for several days in
the pilot plant reactor and has reached a constant activity,
as the conditions (fluid mechanics and concentration and
temperature ranges) may not be reproduced in small laboratory
scale units. Apparently, only the work by Ramirez &
Calderbank (1977) has reported a re-evaluation of the
kinetics using the catalyst from the pilot plant reactor
after being in operation, which allowed for better model
predictions. Perhaps the only way to adequately model the
reactor behaviocur without the artificial tuning of the
reactor-reaction model parameters, is to include catalyst
activity profiles.

Activity profiles describing the oxidation-reduction and
surface profiles in terms of a deactivation model can be

incorporated into the kinetic model. The "deactivation
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parameters" initially evaluated from early pilot plant
experimental data (from axial temperature and concentration
profiles) can be estimated to produce activity profiles,
either using off-line measurements or by implementing an
on-line estimation scheme [Gavalas et al. (1969, 1972a,b);
McGreavy & Vago (1973)]. Although the latter method may
require considerable effort it has been done with some
success, using actual data for the isomerization of n-
pentene on a platinum reforming catalyst [Ajinkva et al.
(1974)1].

An over instrumented reactor, like the one used in this
study (see chapter 4), offers not only the possibility to
discriminate between different deactivation models but, more
important, to determine the minimum amount of information
needed to estimate temperature and activity profiles in the
reactor. This is particularly useful as industrial reactors
normally allow only a limited amount of information to be
known. These are; composition measurements at inlet and
outlet, at regular intervals, and normally axial temperature
profiles at larger time intervals.

The ultimate goal of this kind of research is to develop
an on-line estimation scheme to control the reactor according
to specific policies. This may be, for instance, to operate
at an "optimum" salt bath temperature to overoxidize the
phthalic anhydride precursors, but avoiding high hot-spots
which can damage the catalyst. It is known that by reducing
the amount of phthalide in the reactor exiﬁ, the separation
and purification stages are simplified perhaps at the expense

of increasing the amount of maleic anhydride.
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CHAPTER 3

MATHEMATICAL MODELS OF FIXED BED REACTORS

Fixed bed reactors can be mathematically described in
terms of two general categories of models: pseudo-homogeneous
and heterogeneous models.

In the pseudo-homogeneous model, the basic assumption
is that the gas- and solid-phases are lumped together into
a single continuous phase with properties expressed in
terms of "effective" transport parameters.

In the hetercgenecus model, the two-phases coexist,
linked together via heat and mass balance at the gas-solid
interface.

Froment (1972) has classified models of different
complexity within each category, according to table 3.1,

as previously discussed by Amundson (1970).

Table 3.1
Fixed-Bed Reactor Models
A Pseudo-homogeneocus B Heterogeneous
I: plug flow I: interfacial gradients
IT: + axial dispersion II: + intraparticle gradients
ITT: + radial dispersion III: + radial dispersion

The whole spectrum of the theoretical and experimental work on
fixed bed reactors in the last 25 years has been reviewed,
among others by Beek (1962), Amundson (1970), Hlavacek (1970),

Froment (1967,1972,1974), Wicke (1972, 1975), Karanth &
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Hughes (1974a), Carberry & Butt (1974), Hofmann (1979) for
the steady state behaviour and Ray (1972), Schmitz (1974},
Gilles (1976), Endo et al. (1978), and Hlavacek et al.
{1981) for the dynamic behaviour.

From these reviews it is evident that a large amount of
thecretical as compared to experimental work has been done,
especially in the case of the dynamic behaviour of chemical
reaction systems and in particular, of industrial fixed bed

catalytic reactors.

3.1 The Steady State Behaviour - Review of Previous Work

Froment (1967), compared models A.I and A.III for the case
of the partial oxidation of O-xylene on a VZO5 catalyst in
an industrial fixed bed reactor. The simplified kinetic
scheme considered, with high apparent activation energies
(~113-130 KJ/mole) and the rather large tube to particle
diameter ratio (~8) assumed, produced small interphase
temperature gradients but allowed for strong sensitivity -
not observed experimentally [Calderbank (1977), this work].
He found that, except for "mild conditions", the model A.I
yields either lower temperature profiles or fails to predict
reactor runaway (A.I predicts runaway limit within five
degrees of A.IIYI, and can therefore be used "for exploratory
purposes and transient studies”). 1In a latter paper Lerou &
Froment (1977) included velocity and void fraction profiles
to model A.III and showed that if these effects are not

accounted for, the model either predicts lower temperature

profiles or fails to predict runaway. They recommend that
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one should account for these effects in model A.III for
accurate reactor design.

From the above then, the gquestion is: how complex
does the model need to be to adegquately describe the
reactor's behaviour, including runaway? The answer is,
no doubt, related to the guestion: how good is our kinetic
model? Models of increasing complexity are expected to
give better predictions, perhaps even at runaway conditions.

Carberry & White (1969) considered the partial oxidation
of naphthalene in an industrial fixed-bed reactor. They
used a "hybrid” or pseudo-heterogeneous two-dimensional model
where heat and mass interface transport takes place (parti-
culate scolid)}, and dispersion terms are evaluated using
"effective" transport parameters. They found that the
radial dispersion of mass has a negligible effect in the
reactor's sensitivity as compared to the radial dispersion
of heat.

McGreavy & Cresswell (1969) have set up a similar
two-dimensional model in which they consider a particulate
solid but evaluate dispersion terms using fluid transport
parameters,

To solve the question raised by the last two formulations
- i.e. the evaluation of dispersion terms using fluid or
"effective" transport properties when a particulate solid
is considered, De Wasch & Froment (1971) developed an equi-
valent two-dimensional heterogeneous model considering radial
dispersion of heat by the solid-phase alsﬁ, for which two

different boundary conditions at the wall were used. From
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the simulation results, using different models, they found
the one considered by McGreavy and Cresswell to be more
sensitive in predicting runaway. They concluded that this
was because the amount of heat conducted radially by the
solid was neglected. However this could be due mainly to
the use of a high radial Peclet number for heat (resulting
from a smaller radial conductivity for the gas-phase as
compared to the effective conductivity) as observed in
this work (chapter 5).

In two interesting papers, Finlayson (1971, 1974)
considers the analysis of fixed bed reactors by orthogonal
ccllocation, where the effect of velocity profile and the
importance of axial dispersion of heat and mass are dis-
cussed. He shows that for small Biot numbers at the wall
(Biw<3), a simpler "two-dimensional" model with one colloca-
tion point in the radial direction can be used. A series of
case studies and their numerical solution by orthogonal
collocation are considered for different reactor-reaction
systems.

Perhaps the first experimental and theoretical publication
on the phthalic anhydride production from naphthalene in a
pilot plant reactor is that by Tasker (1946). In this
interesting work, a wide range of particle Reynolds number
and naphthalene/air ratios were investigated. Axial concen-
tration profiles of naphthalene were estimated from axial
temperature profiles (as outlinedrin a companion paper by
Wilson (1946)),using experimentally deterﬁined overall heat

transfer coefficients. He found by experience that the
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rate of reaction was insignificant below 380°C and fixed
the catalyst bed zero at the position where the gas
reached that temperature. From experiments at reduced
oxygen concentration, he observed a reduction in the
"maximum rate of reaction" obtained from the axial
temperature profile just before the hot-spot.

Kjaer (1958) has reported an experimental study of

the partial oxidation of naphthalene on a Vv catalyst in

2%
a pilot plant reactor. The aim was to illustrate an
experimental method to evaluate overall heat transfer
coefficients and axial thermal conductivities of the

catalyst bed. No modelling was attempted.

Ramirez & Calderbank (1977) and Kondo & Nakashio (1977)
simultaneously published their study on the partial oxidation
of benzene on a V205 catalyst in pilot plant reactors. 1In
both cases the kinetics were previously determined in
separate experiments, for the catalyst used in reactor
studies. The first group used model A.I to predict the
steady state behaviour of reactors of two different diameters.
The second group used two different particle diameters, and
models A.I and B.II were considered. In both cases, despite
different complexity, the models fail to predict the
experimental temperature profile (only exit compositions
were measured). The magnitude and position of the hot-spot
was always over-estimated and even runaway was predicted.

It was later found {[Ramirez et al. (1977, 1982)] that
kinetic parameters obtained from fresh catélyst under iso-

thermal conditions would predict runaway, when used to model
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the reactor., It was also observed that catalyst deactiva-
tion at high temperatures reduces the rate of reaction
without affecting selectivity {(see also chapter 5 in this
work), and to improve model predictions, a re-evaluation

of kinetic parameters was carried out, using the deactivated
catalyst from the reactor. They found then the simple model
A.I gave reasonably good predictions when experimentally
determined overall heat transfer coefficients were included.

Calderbank et al. {1977) presented a kinetic model
for the partial oxidation of O-xylene on a V205 catalyst.
Model B.I was used to estimate the kinetic parameters using
previous estimates, and temperature and composition profiles
from Ellis' (1972) extensive work on O-xylene oxidation in
a pilot plant reactor. They obtained reasonably good model
predictions for those data that show no appreciable catalyst
deactivation. Xinetic parameters were not determined for
the deactivated catalyst used in the reactor. A further
tuning of kinetic parameters also including interphase
transport parameters and overall heat transfer coefficient
was performed by Chandrasekharan & Calderbank (1979) in a
later paper - taking parameter estimation perhaps too far,
with no significant improvement in model predictions.

It appears that only the publications by Valstar et al.
(1969,1975) present detailed experimental measurements of
radial temperature profiles. In the first study, a homo-
geneous gas-phase reaction (dimerisation of butadiene) was
carried out in a reactor filled with inertlpacking, where

radial temperature profiles were measured at various axial
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positions. The aim was to compare predictions by models

A.I and A.II which for this case were similar. A detailed
parameter estimation study was also performed. A poor
agreement was found between the effective heat transfer
parameters estimated and those obtained from existing
correlations. In the second study, radial temperature
profiles and average compositions were measured at various
axial positions for the synthesis of vinyl acetate from
acetic acid and acetylene on a zinc acetate on activated
carbon catalyst. Kinetic as well as heat and mass transfer
parameters were 6btained from separate experiments. Using
model A.II, they found good agreement between model pre-
dictions and experiments for low molar ratio of acetylene to
acetic acid (mild conditions) but less satisfying for a high
molar ratio where the reactor operates in a "more critical
region". It was shown that slight differences in the
"effective" heat transfer parameter values have a strong
influence in model predictions. (This suggests that a model
including a velocity profile could have been more adequate.)
When compared to values from correlations, the estimated
effective conductivity was about 20% lower and the heat

transfer coefficient at wall was about 20% higher.

3.2 The Dynamic Behaviour - Review of Previous Work

Earlier theoretical work on dynamic models has been concen=-
trated on the stability and steady-state multiplicity of
adiabatic and non-adiabatic fixed bed reactors [Liu et al.

(1962, 1963a,b); McGuire & Lapidus (1965)]. The experimental
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work of Wicke and co-workers (1967, 1971, 1972) on the
catalytic oxidation of CO on a Pt-catalyst in an adiabatic
reactor has motivated a substantial amount of theoretical
and/or experimental work. This work has been comprehensively
reviewed by Ray (1972), Schmitz (1974), and Hlavacek & van
Rompay (1981) and is not repeated here.

Because of their relevance, the works by Fieguth &
Wicke (1971), Kehoe & Butt (1972) and Karanth & Hughes (1974)
are briefly summarized.

Fieguth and Wicke, studied the oxidation of carbon
monoxide in air on a Pt-alumina supported catalyst in an
adiabatic reactor (particle Reynolds number, Rep ~10).
Embedded in the bed was a catalyst pellet with two thermo-
couples, measuring the center and surface temperature. At
the same level in the bed a suction tube and thermocouple
allowed the bulk gas temperature and concentration of carbon
dioxide to be measured. By adjusting the flow rate and inlet
temperature, the reaction zone could be made to move slowly
enough along this catalyst pellet so that a complete tem-
perature and concentration profile could be obtained.
Regarding these profiles the following statements can be
made [Wicke (1972)]:

1. The catalyst pellets (3x3 mm) are nearly iso-
thermal but appreciably hotter than the gas
(~100°C}.

2. Axial dispersion of mass is very small (Rep ~10)

and there is no back mixing of mass.



3. Axial dispersion of heat is appreciably larger
and there is alsc back mixing of heat against
the gas flow; the temperature profile extends
upstream to particles which have no heat genera-
tion by the reaction as yet.

4, The onset of chemical reaction does not correspond
to that of heat generation, but the shift of about
one particle diameter represents the uncertainty
in fixing the position of a reaction zone in a
packed bed. And, as Wicke (1972) remarks: "The
background of these temperature and concentration
profiles in theory and experience contains the
whole field of physical phenomena in catalysis
and in gas-solid reactions".

In two excellent experimental studies, Kehoe & Butt
(1972) and Karanth & Hughes (1974) using catalyst particles
with eémbedded thermocouples, performed transient studies.
In the first case the benzene hydrogenation on a Ni on
Kieselguhr catalyst was studied using a single particle.
The existence of large intraparticle and interphase tempera-
ture gradients was observed, for the steady state, and
during the dynamic experiments (start-up and changes in
feed composition). In the second case, two instrumented
pellets were imbedded in the fixed bed quasi-adiabatic
reactor to study the toluene hydrogenation on a Ni on
silica catalyst. Initially large interphase and inter-
particle temperature gradients developed and after some

time the particle was nearly isothermal while a large

42



43

interphase gradient persisted. Model B.II, including
axial dispersion of heat and mass, failed to predict
experimental axial temperature and composition profiles.
A better agreement was obtained when a limiting non-key
component was incorporated into the model.

From these studies we can conclude that to adequately
describe the reactor's behaviour, particularly when transient
conditions exist, a heterogeneous model including axial
dispersion of heat (definitively necessary for short
catalyst beds) seems to be necessary.

In a series of papers Foss and co-workers [Crider
{1960} ; Sinai (1970); Hoiberget al. (1971)] have published
theoretical and detailed experimental studies performed to
evaluate different dynamic models using frequency response
technigues. They compared one- and two-dimensional models
for the case of a homogeneous liguid-phase reaction in a
reactor with inert packing and for the catalytic gas-phase
reaction between hydrogen and oxygen on a Pt on silica
catalyst. The aim of these works was in the first case
to study the dynamic behaviour of the reactor under distur-
bances deviating only slightly about a steady state, and in
the second, to evaluate the suitability of locally linearized
models in representing this behaviour. In both cases, good
agreement was found between the frequency response of the
linearized model and the experimental results. They also
found the thermal dynamics of catalyst and reactor wall to
be the dominant terms; that the influence of a non-uniform

fluid velocity profile is negligible and that the one-



44

dimensional model is adequate when radial temperature
differences do not exceed 20% of the maximum temperature
level (i.e. a mild radial profile).

Hansen, Jgrgensen, S¢rensen and Klement have published
in a long series of papers, a detailed theoretical and
experimental investigation of the dynamic behaviour and
control of a fixed bed catalytic reactor for the reaction
between hydrogen and oxygen on a Pt/Alumina catalyst. 1In
the first stage an exhaustive computational study, considering
models of different complexity was performed [Hamsen (1971,
1973)]. This was followed by an experimental part in which
heat transfer and kinetic parameters were independently
estimated using steady state and transient responses [Hansen
& J@rgensen (1974, 1976)]. Early experiments show large
changes in catalyst activity, mainly due to large temperature
rise, this was solved by lowering oxygen concentration.
Start-up experiments were also performed [Sgrensen (1977a)].
In the final stage, the previcus information was incorporated
into a two-dimensional pseudo-homogeneous model including
axial and radial dispersion of heat but only axial dispersion
of mass. This model was used to perform theoretical and
experimental verification of a Kalman filter and an optimal
control algorithm implemented to control the reactor
[Sgrensen et al. (1980)].

In an interesting investigation Jutan et al. (1976,
1977) presented a detailed study of the state space modelling
and multivariable stochastic control of a éilot plant fixed

bed reactor for the hydrogenolysis of n-butane on a Ni/silica
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catalyst. A two-dimensional bseudo—homogeneous dynamic
model was used. Their results show [Jutan (1976)] good
agreement with some experiments, for the steady state
version of the model. They obtained reasonably good pre-
dictions using a linearized version of the dynamic model.

No significant loss of catalyst activity was observed during
the period of an experimental run (~10 hrs), but some loss
of activity was observed after a period of several days,
which made parameter estimation difficult.

Lee & Agnew (1977) have published their results of
the steady state and dynamic behaviour of a fixed bed reactor
for the synthesis of vinyl chloride on activated carbon
impregnated with mercuric chloride. Three different hetero-
geneous models were considered. The one- and two-dimensional
cell models (models B.II and B.III respectively}) and the
continuous version of B.II. Contrary to Froment's (1967)
results, model B.III predicted lower temperature profiles
and all models seemed to be adequate and predict well the
steady state behaviour when an isothermal pellet and intra-
particle diffusion was further considered. As differences
between the continuous and discrete version of model B.II
were minor, the last model was used to predict the dynamic
behaviour of the reactor to step changes in feed concentration.
Model predictions were "in reasonably good agreement".

Jordan (1977} presented his investigation on the dynamic
behaviour of a pilot plant reactor for the partial oxidation
of O-xylene on a V,0g catalyst. 1In this stﬁdy the kinetics

was lumped into a single overall reaction, modelled by a
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bimolecular Langmuir-Hinshelwood expression. Experimental
axial temperature profiles and exit conversions were
predicted by pseudo-homogeneous and heterogeneous two-
dimensional models, yielding similar results. Some of
the steady-state experiments (mild conditions) were
reasonably well predicted. Dynamic experiments in the form
of step changes in feed composition were performed.

Jordan's work is in fact a previous stage to this work,
as the same catalyst was used but for a different scale
reactor and operation conditions. For the sake of illus-

tration, the relevant data from Jordan's work is given

below:
Reactor length : 50 cm
Reactor internal diameter : 1.56 cm
Catalyst particle diameter : 0.416 cm {(spheres)
O-xylene feed composition : 0.31 to 0.73 mole %
Salt bath temperature : 340°-355°C
Maximum recorded temperature : 410°C.

No appreciable catalyst deactivation can be inferred from the
experimental data as the catalyst was activated overnight by
passing 150 Lt/hr air containing 0.071 mole % 802 through the
reactor. It is very likely that a much slower deactivation
took place as compared to the industrial reactors, where
both high temperature levels and O-xylene concentration are
experienced by the catalyst.

McGreavy & Thornton (1971) have published one of the
few theoretical studies in which the predicted dynamic

response qualititatively describes some transient phenomena
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observed in fixed bed reactors where a highly exothermic
reaction is taking place. In this work, a complex reaction
- resembling those of a hydrocarbon partial oxidation - was
considered. Model B.I was simplified by only considering
heat transfer at the gas-solid interface. Although the
large value of apparent activation energies (75-134 KJ/mole)
plus a moderate tube to particle diameter ratio (dt/dp = 5)
produced transients of a rather large magnitude, the
predicted trend for ramp changes in feed temperatures is
very close to that observed experimentally (chapter 6). The
guasi-static approximation was used to reduce the complexity
of the numerical solution, and the computer time.

Ferguson & Finlayson (1974) analysed the validity of
the quasi-static approximation - i.e. all processes are
steady state except for the solid temperature and inlet
conditions. From a literature survey, they arrived at a set
of criteria for a priori deciding when quasi-static assump-
tion is appropriate. O©Of particular interest is the criteria
to neglect the accumulation term for mass balance at catalyst
surface, when the ratio of time constants for heat transfer
to catalyst to mass transfer inside catalyst is greater than

1 (typical values ~50).

3.3 Physical and Chemical Phenomena in Fixed Red Reactors -

The Heterogeneous Models

Previous to the model's mathematical formulation, let us
consider more closely the fundamental physico-chemical pro-
cesses that characterize the dynamic behaviour of a reactor-

reaction system.
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The present study deals with a highly exothermic
reaction - i.e. the partial oxidation of O-xylene on an
externally coated V205/Tio2 catalyst, in a tubular fixed
bed reactor cooled at the wall, where industrial operation
conditions prevail - i.e. high particle Reynolds number,
(Rep ~750), and residence times less than 1 sec.

In this system, the following physico-chemical processes
take place.

I. Transport of mass and energy due to convective

flow in the axial direction.

II. Radial dispersion of mass and energy due to
concentration and temperature gradients in
both phases, in the radial direction.

ITI. Axial dispersion of mass and energy due to
concentration and temperature gradients in
both phases, in the axial direction.

IV. Transport of mass and energy at the gas-
catalyst surface interface.

V. Chemical reaction on the surface of externally

coated non-porous catalyst particle.

VI. Transport of energy due to heat convection at
reactor wall and at reactor wall-molten salt
bath interface.

It is certainly impossible to model the complex nature
of the above physical (fluid mechanics) and chemical inter-
actions especially when dynamic processes are taking place
such as catalyst deactivation and external perturbations in

the form of changes in both feed temperature and composition,
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and salt bath temperature - as normally found in industrial
practice.

To develop approximate models we have to realise that
although all the above processes (I to VI} are taking place
in the system, only some of them are dominant, depending
on the particular situation - i.e. steady state or transient
behaviour, adiabatic or non-adiabatic operation, etc.
Moreover some assumptions, based on experience, can be
made, Which afe afprfiafe. ,{Ior the (’1’@“‘"%“5 Q,xfe‘(t.mem'\,
Hotem at hand. . Alsoc a compromise has to be reached in
terms of model complexity while preserving the structure of
the real system [Aris (1976, 1978); Hernandez (1977, 1979a,b}].

Models of different complexity can be derived to under-
stand the role of different mechanisms in the behaviour of
the real system [Aris (1978)] but simple models, in the
sense of Weekman (1975) should be implemented and only
extended to include the relevant phenomena realised during
experimental stages.

The model to be developed in this work is based on the
following assumptions (Hypotheses) [Beek (1962)}; Amundson
(1970); Hlavacek & Votruba (1977)]:

H1 The system is heterogeneous, consisting of two
continuous phases; the solid catalyst particles
and the reacting gas where temperature and con-
centration of all chemical species can be des-
cribed as continuous functions of position and
time. |

HZ2 The velocity profile is uniform at all cross sections.
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H3 The dispersicon terms for heat and mass can be
expressed in analogous form to Fourier and Fick
laws respectively.

H4 Chemical reaction takes place on the surface
of the catalyst pellets.

H5 BAxial dispersion of heat and mass are not
important as compared to the convective terms,
and can be neglected.

H6 Processes in VI are infinitely rapid.

Before we proceed to develop the mathematical model,

an analysis of the validity of model assumptions H1 to Hé
and the model limitations may be in order.

The first serious gquestion concerns the continuity of
gas and solid phases as the tube to particle diameter ratio
(dt/dp) is about 3, when continuity requires large dt/dp
ratios [>10, Beek (1962)]1 in order "to guarantee" homogeneity
around the catalyst particle. The question raised by Wicke
(1972); "Fundamentally, would it not be more advantageous to
work with difference equations and with cell methods instead
of differential equations?" is to the knowledge of the author
still unanswered, despite some efforts [Sundaresan et al.
(1980); Hlavacek et al. (198l1)] to show that cell models
should be used to properly account for various observed
phenomena in fixed-bed reactors like multiple steady states
[Hegedus et al. (1977)]. The cell model, developed by Deans
& Lapidus (1960) considers the fixed bed tubular reactor as
a sequence of continuous flow stirred tank reactors, in the

pseudo-homogeneous sense. This model was extended to the
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heterogenecus form by McGuire & Lapidus (1965). Cell
models are not considered here, they have been discussed
by Hlavacek & Votruba (1977).

It is known from experimental measurements of velocity
profiles (when g%>10)[Morales et al. (1951); Schwartz et
al. (1953); Schertz et al. (1969)] and voidage distribution
[Benenati & Brosilow (1962)] in fixed beds, that near the
wall as the void fraction is close to one, the gas velocity
is higher, falling rapidly to zero at the wall and having
an almost flat profile near the centre of the bed. The
existence of such a velocity profile will also induce
variations in thermal conductivity and mass diffusivity,
producing different radial temperature and concentration
profiles otherwise found when plug flow is assumed. It
has been shown that different results [Lerou et al. (1977);
Finlayson (1971)] and better predictions [Kalthoff et al.
(1980) ; Vortmeyer et al. (1982)} are obtained when a
velocity profile is included into the model. (As assumption
H2 can lead to serious errors, to assess the importance of
considering a velocity profile, a model relaxing this
assumption was also developed.) Transport phenomena in
fixed bed reactors have recently been reviewed by Schliinder
(1978) .

Another serious question arises from assumption HS,
namely neglecting axial dispersion. Based on experimental
evidence, Wicke [1972, 1975] has shown that axial dispersion
of mass is negligible as compared to axial‘dispersion of

heat, for the case of a highly exothermic reaction.
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Earlier criteria for neglecting axial dispersion terms
based on reactor length to particle diameter ratio, L/dp >
150 {Carberry (1963, 1976)] or also involving the axial
Peclet number for mass, PemaL/dp>100—400[HlavaCEK & Marek
(1966)], have been guestioned by Young & Finlayson (1973),
who developed a more fundamental criteria for non-isothermal
reactors (independent of reactor length) in terms of the
maximum temperature and conversion gradients. If axial
dispersion is to be negligible, the next conditions must

be satisfied

max 1 dx . max 1 ay |

<< 1 3 << ]
L 4 T
- Pema d(z'/dp) iy Peha d(z'/dp)
where: X = 1-C/Co is the fractional conversion; Y = (T-Tw)/

(To-Tw) is a dimensionless temperature; z' is the axial
position and Peha and Pema are the Peclet numbers for heat
and mass respectively. The above is in agreement with the
observations of Hlavacek & van Rompay (1980) who noted that
due to steep profiles in long packed beds, the axial dis-
persion term for heat cannot easily be neglected.

This is particularly true for this type of reactor-
reaction system where most of the chemical reaction takes
place in a short length of the bed.

As 1is also known, high flow rates do decrease the
importance of axial dispersion.

Despite the above evidence, and based‘on the particular

characteristics of the system - i.e. high particle Reynolds
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number (Rep ~750), very short residence time (v<1 sec),
L/dp ~320 and dt/dp ~3 - assumption H5 was considered to
hold.

Finally, following Kjaer (1958), for a reactor tube
with thickness 0.0052 m and thermal conductivity -38 W/m°K,
the tube heat transfer coefficient is approximately 38/
0.0052 ~7310 W/m2°Kzlomparison with reported overall heat
transfer coefficients [Kjaer (1958); Calderbank et al.
(1977); Ramirez et al. (1977)) in the range 93 to 151 W/m? °K
indicates that 1-2% of the temperature drop occurs at the
reactor wall. Moreover an estimated heat transfer coefficient
for the molten salt [Kjaer (1958)] of ~1628 W/m? °K supports
assumption H6. Removal of H6 implies one extra heat balance
for the reactor wall. The effect of wall capacitance has

been considered by Sinai & Foss (1970) and Hoiberg et al.

(1971).

3.3.1 Further simplification of the heterogeneous models

There is no doubt we need a heterogeneous model for the
reactor-reaction system considered in this study, as demon-
strated by the experiments performed by Fieguth & Wicke (1971),
Kehoe & Butt (1972) and Karanth & Hughes (1974), although for
our case it was not possible to measure gas- and solid
temperature, as the reactor is not suited for this kind of
fundamental research. Temperature measurements - considered
as a sort of "gas-solid average" temperature - does not

allow us to obtain a reasonable estimate of all heat transport

parameters in a fully heterogenecus mcdel. Therefore, to
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avoid introducing an even larger uncertainty in estimating
these parameters, especially in the absence of experimental
data to evaluate the solid/wall heat transfer coefficient
[Dixon & Cresswell(1979)], the hybrid or pseudo-heterogeneous
dynamic model ~ in the sense of Carberry &White (1969) - was
finally considered, and only for the sake of comparison was

a fully heterogeneous model also developed.

3.3.2 The pseudo-heterogeneous model

Following assumptions H1 to H6 and further simplifications,
the mathematical model describing the reactor's dynamic
behaviour is given by the following set of parabolic partial
differential equations (PPDE), describing the mass and

heat balances for the gas and solid phases respectively.

Gas phase:

acn aCn _ 3?Cn 1 3Cn, _ _

€ 3pr feuS £ De (g;ry £ 5;7) —@ékgav (Cns-Cn)

(1)
2

£ pCp %%. + gupCp %g.— ke(%;$r +;L -%%.) = (1—E)hav (Ts-T)
(2)

Catalyst surface:

E;BCns =\-&k_ a_(Cn-Cns) + ? v_.R.(C_,T) {3)

at’ g Vv ’b 51 nj j'-s’"s
aTs R .
DbCpS'—aE, = (T—E)hav (T—TS) + pb E ("AH])Rj (ES'TS) (4)

j=1
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The initial and boundary conditions to be satisfied by

equations (1) to (4) are:

@ t' = 0:
cn (r',z,0) = Cn(r',25
| ss (5)
T (r',2,0) = T(r',z)g
@ r' = O (0£z'€L):
aCn _ T _
S5 = 5p S 0 (6)
— [}
@ r'-Ro(Oész)
aCn _
3t7 0 ©
{7)
aT -
_haEET = hw(T~-Tw)
@ z'= 0 (O=r SRO)
Cn(r',0,t") = Cn_(t")
(8)
T(r',0,t') = To(t'")
Equations (1) to (8) are expressed in the following
dimensiocnless form, using the dimensionless parameters
and variables, described in the nomenclature.
Gas phase:
3Xn 3xXn 1 32 Xn 1 3Xn, _
5t * 3z "B (8r T ¥ or) - pl¥ns=¥n) ()
y .3y _ 1 3%y 193y, -
5t 9z ~ B, 5x? T ¥ 3¢ T 2pl¥s7Y) (10)
Catalyst surface:
3¥Xns R
cyli am(Xn—an) + &m jzl vnjﬁ%(ES’Ys) (11
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t

with initial and boundary conditions:

@t

3.3.3 The velocity profile pseudo-heterogeneous model

n o1

= a_(y-y ) + ¢h

j=1

=0

Xn(rrzro) = Xn(rrz)
5SS

Y(r:Z,O) y(r,Z)SS

I
@]

- %% = Biw (y-yw)
= 1 (0srs1)
Xnl(r,0,t) = Xno(t)

Y (xr,0,t) = Yo(t)

Bj ﬂj(gs,ys)

(12)

(13)

(14)

(15)

(16}

To assess the importance of the velocity profile in the

modelling

developed.

a model including a velocity profile was

In this model, two annular sections having

different mean linear velocities are considered, as shown

in figure 3.1. {overleaf).
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Figure 3.1 Schematic diagram of velocity profiles

The dotted line in figure 3.1 schematically shows typical
experimental velocity preofiles [Morales et al. (1953);:

Schertz et al. (1969)]. This model can be extended to

consider more than two annular sections for a '"better"
representation of any velocity profile at the expense of
solving a larger set of PPDE numerically.

The velocity profile model,
is given by the system of PPDE,

as follows:

Gas-phase:

9Xn 3Xn” 1 3°Xn 1 3Xn _ k o k
3t T 3z - T3z v T ) T g st
mk
{(17)
K K X X
dy ay. 1 32 1 3y _ k_ Kk
5E t 52 TP (Thrr f T ) T axlys -y)) (18)

following the above model,

57

for the k'th annular section
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Catalyst surface:

Bank R k k
ST S i (Xn - XnsT) o+ Smy j£1vnjﬁ%(55' ve) (19)
k
3y R
s _ k__k k k
Tt 2sk'Y "Yg )+ Shy j£1 By Xgr v (20)
With initial and boundary conditicns:
@ £t =0
Xnk(r,z,O) =Xnk(r,z)ss {21)
k _ Lk
Y (r,z,0) = Y (r'Z)SS
@ r=0; k=1 (0£z£1)
1
9¥n Yy _
3T 5r - ° (22)

(23)

dy = Biw(yNE—yw)

and requiring continuity of the functions and its first
derivatives i.e. temperature and concentration and flow of

heat and mass at the boundaries between annular sections.

@ r = kAr for all k=1, ..., NE-1 (0s2z21)

(24)
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Xn{r,0,t) = Xno(t)
(25)

y{r,0,t) = yo(t)

3.3.4 The heterogeneous model

This model is similar to the pseudo-heterogeneous, except
that the first includes radial dispersicn of heat in the
solid phase. The heat balance for the sclid-phase is then

modified as follows:

aTs _ 0%Ts 1 9Ts _
PoCps 3rr “KrslTHpme g 3pe) v (1-elh a, (T-Ts)
R (4a)
+ x -4H . . (Cs ,Ts
Pp 521 { J) ﬁ%(__ )
with the corresponding boundary conditions:
@ r' = 0 (022<L)
aTs _
- 0 (6a)
@xr' = R (05 Z5L)
aTs _ _
- krS ApT th(Ts Tw) {7a)
or in dimensionlecg for‘m:
Iys 1 3%ys . 1 dys R
_ 1 S i - .
ot Prs( 5c2 T T ar )t &(Y¥s) + oh j£1 Bjﬁ%{is’Ys)

(12a)
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with boundary conditions:

@ r =20

i;? = 0 {l4a)
@ r = 1

- i;; = Bis {ys-yw) {15a)

3.3.5 The model parameters

The physical and chemical parameters governing the reactor
behaviour in the pseudo-heterogeneous models are: P o+ Ppy
Biw, a

ap, a B = {Bj} plus the set of kinetic parameters

m’ s'

k = {kj} for j = 1,2,...,R (R is the total number of
reactions) and the Damk®hler number Da, included in
parameters 8m znd dh, and defined in appendix A.

The first two parameters, Pm and Ph relate the aspect
ratios, which involve the reactor’'s geometry in terms of
dp, L, RO and the Peclet numbers for mass and energy in
the radial direction respectively. The third parameter
Biw, is the Biot number at the wall, involving the effective
thermal conductivity and heat transfer coefficient at the
wall., There exists an enormous amount of experimental and
theoretical work on the evaluation of these parameters,
which has been comprehensively reviewed by Beek (1962),
Froment (1972), Smith (1970, 1973), Schltinder (1978), Dixon
et al. (1978, 1979),4lavacek & Votruba (1977), Li & Finlayson

(1977) and Kulkarni & Doraiswamy (1980), and is not repeated
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here. A common feature of this experimental work is that
almost all the experiments were performed in different
systems, under no reaction conditions and for dt/dp >> 3,
therefore the wvalues obtained for the heat transfer para-
meters are only approximate to those when reaction takes
place.

Because the complex nature of heat and mass transfer
processes are lumped into simple dispersion terms, charac-
terised by "effective" parameters, a large uncertainty is
introduced in the modelling as a single parameter wvalue
cannot account properly for this complex phenomena, demon-
strated by the different correlations produced in the last
30 years, which yields different values for the same
conditions considered.

Parameters a and a, are the ratios of interphqaeto
convective transport of mass and heat respectively. They
contain the interphase mass and heat transport coefficients,
which are relatively well correlated in terms of the JD and
JH—factors [Carberry (1976); Froment & Bischoff (1979)].
However there are some indications [Paspek & Varma (1982)]
that for a highly exothermic reaction, these coefficients
increase considerably because of increased conyection
between catalyst particles and the gas-phases - which is
the case arovnd. the hot-spot. The patameder 35 is Given
in terms of a, and the gas to solid heat capacitance ratio.

The parameters § = {Bj} are the adiabatic temperature

rise for all reactions, and are well : Xkwown from thermo-

dynamic data.
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Finally, the set of Xinetic parameters from the
reaction model and the Damk8hler number, which involwves
one of these parameters (see appendix A), are a source of
large uncertainty as they have not been evaluated for
this catalyst-reactor system.

For the case of the heterogeneous model, parameters

p P, and Biw are evaluated using the fluid properties

m’
and the extra two parametersPrs and Bis are: the ratio of
aspect ratios to radial dispersion of heat in the solid-
phase, and sclid-wall Bict number respectively, and are
evaluated at the solid conditions.

The relevant information and the correlations used to

estimate these parameters are given in chapter 2 and in

appendix A).

3.4 HNumerical Sclution of Reactor Mcdels

Reactor models described in terms of initial orx boundary
value problems have been solved numerically using: finite
difference methods with either explicit [Liu (1969)] or
implicit schemes [von Rosenberg et al. (1962); Lee (1968);
Feick & Quon (1%70)] they have been reviewed by Hlavacek
(1970); and the method of orthogonal collocation [Finlayson
(1971, 1974); Hansen (1971, 1973); villadsen (1970)]. 1In
this study, orthogonal collocation was extensively used.
The reader is advised to see appendix B for a brief descrip-
tion of this method and relevant details.

Before we proceed in describing the numerical solution,

two points must be made:
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i - Typical residence times of less than 1 sec,
Rep ~ 750 and dt/dp ~3 normally lead to small
Biot numbers at the wall (Biw<3)[Finlayson
(1971)}. This even suggests that a one-
dimensional heterogeneous reactor might be
adequate [Carberry (1979)].

ii - The only important term in the dynamic descrip-
tion of the reactor, at the surface of the
catalyst is the accumulation of energy
[Ferguson & Finlayson (1974); Hansen &

Jgrgensen (1974)] i.e. 3an
ot

~ 0

- Assumptions i and ii made the numerical solution of the
reactor model a lot easier as i allows for a small number
of collocation points and ii avoids dealing with a stiff
system of ODE* to be solved, as will be seen below#.

The system of PPDE-HPDE, equations (9)-(12) with initial
and boundary conditions (13)-(16) were solved by first
reducing equations (9) and (10) from parabolic to hyperbolic
form using orthogonal collocation in the radial direction.
Based on assumption 1 (i.e. Biw ~1) one interior collocation
point was used. The method of characteristics [Lapidus

{1962)] enabled further reduction from HPDE tc a coupled

set of ODE and NAE (see appendix B for details). The new

*
PPDE and HPDE stand for parabolic and hyperbolic partial
differential eguations, ODE = ordinary differential equations

and NAE and LAE = non-linear and linear algebraic egquations.

#The numerical solutions of the heterogenecus model parallels

that of the pseudo-heterogeneous, therefore in what follows,
only the relevant derivations are presented (see appendix B
for details).



64

system of ODE-NAE to be integrated along the characteristic
lines is given below.

Gas—-phase (Characteristic I}:

dXn _ _

=57 = &, (Xns-Xn) (26)

d 6Biw/P

W = ooy tygmy) + (CBEPh) (ysoy) (27)
3+Biw

Catalyst surface (Characteristic IT):

R
a  (Xn-Xns} + dm j§1 anﬁa(ﬁsays) = 0 (28)
dys R
S0 - a5 ly-yg) ¢+ &h jE1 Bjﬁ%(ﬁsrys) (29)

with initial and boundary conditions:

@ t =0 Xn(z,0) = Xn(z)
S8 (30)
y(z,0) = ylz)__
@ z =0 Xn(o,t) = Xno(t)
(31)
y(O,t) = yo(t)
It is important to bear in mind that equations (26) - (31)

still retain a two-dimensional character as radial temperature
profiles can be reconstructed, by using the original boundary

conditions [equations {14) and (15)]. Also model predictions

can easily be compared to those from a one-dimensional

heterogeneous plug flow model.
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Two different numerical schemes were used to solve the above
system of ODE-NAE.

In the earlier scheme, equations (26), (27) and (29)
were solved by a multistep predictor-corrector method,
combining Euler-trapezoidal and third-order Adams methods
[Seinfeld & Lapidus (1971)]). For the steady-state, equations
(28) and (29) are a set of NAE, describing mass and heat
balance at the catalyst surface. For the transient
behaviour only the mass balance, equation (28) is given by
a set of NAE. In both cases the resulting set of NAE was
solved iteratively by Broyden's method [Broyden (1965;
Paloschi & Perkins (1981)]. Simulation results using this
scheme have been presented elsewhere [Jordan et al. (1980)}.

To reduce computing time by producing a faster solution
a second numerical scheme was developed, partially motivated
by the possibility of using the idea of orthogonal collocation
on finite elements [Carey & Finlayson (1975)] also called
global spline collocation [Villadsen & Michelsen (1978)], in
the axial direction.

The use of orthogonal colleocation in the axial direction
when only the convective term is contained in the reactor
model, has been presented by Michelsen et al.(1973) for an
adiabatic reactor and by Jutan (1976} for a non-adiabatic
reactor. For the present reactor-reaction system, most of
the reaction takes place on a small length of the catalytic
bed, therefore the steepness of the temperature and concen-

tration profiles would be poorly represented if we attempt
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to collocate along the entire domain 0fz:£1, and numerical
ill-conditioned problems arise when a large number of
collocation points are used [Michelsen et al. (1973) -
they used up to 12 collocation points].

The idea of using orthogonal collocation on finite ele-
ments is expressed in figure 3.2. In this method, the
entire domain 02£z<1 is divided in NE sub-intervals (or
elements) Az, ... , Azk, e 4 Az where orthogonal collo-

NE

cation is applied at N, interior points. The size and

k
number of sub-intervals were determined when predictions
give comparative accuracy as those obtained by the earlier

numerical scheme.

]

!
! [
.._é k ! ccccccccccc E NE :
0 z 1

Figure 3.2 Schematic diagram of finite elements

Four and five subintervals, each one with 3 or 4
interior points were used for the whole reactor length.
The dynamic model, given by equations (26)-(31) was finally
reduced to the following system of ODE-NAE-LAE using ortho-

gonal collocation on finite elements:



For the k'th sub-interval:

1 k k
am(ani—Xni) TN '§ Aij an =0 {32)
k Jj=1
Nk+2
_ _ (8Biw/Py - -1 Kk, -
ah(ysi yi) ( 3+Biw ) (yi yw} Azk j:E Aijyj 0
(33)
R
am(Xni —ani) + ém RE1 vnﬂﬁi (X ,ys) =0 (34)
gy K 5
3¢ - 3gly;-ys;) + dh 251 Bo®y (Xg.¥g) (3>)
for 1 = 1, ... , Nk+1 and k = 1, ..., NE.
With initial conditions:
@ t = 0O X (0} = Xn
n 1 (36)
y(0) =y,
and requiring continuity at the junctions between sub-
intervals
k+1
k = Xn
Xn 1
Nk+2
(37)
k _ L k+1
Yy o2 T ¥

Bquations (32)-{(37} were solved by a fourth order Runge-
Kutta [Lapidus (1%62]; Broyden [Paloschli & Perkins (1981)]

and Gaussian elimination [Forsyte & Moler (1967)] methods.
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CHAPTER 4

EXPERIMENTAL SYSTEM AND OPERATIONAL PRCCEDURE

In this chapter the description of the pilot plant and the
experimental program are presented. The operational and
catalyst reactivation procedures are described and a brief
account is given of the relevant operational problems
encountered during the operation of the plant. Finally
information concerning the pressure drop in the fixed-bed

is presented for a wide range of air flow rates, and the
geometry of the catalyst packed in the reactor is schematically

illustrated.

4.1 The Pilot Plant

The schematic flow diagram of the experimental system is
shown in figure 4.1, and the reactor and catalyst charac-
teristics are given in table 4.1, together with the operation
of conditions.

Liquid O-xylene was fed from a feed tank by a metering
pump to the required flow rate and compressed dry air metered
to the corresponding volumetric (Nm3/hr)* flow rate by a
rotameter. The reactant mixture, consisting normally of
~1 mole % O-xylene in air, was raised to a temperature of
105°C-110°C by a vaporiser located upstream of the reactor,

before entering the top of the bed. The reactor is a single

*
Normal conditions are 20°C and 1 bar.
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Reactor and Catalyst Characteristics

Reactor Geometry

Total length

diameter

wall thickness

Packed length

Fixed bed void fraction

Fixed bed bulk density

3.350 m
0.025 m
0.0025 m
2.60 m
0.5

1312 kg/m>

Catalyst (V29_.;/Tio2 from von Heyden)

diameter
density
specific heat*

thermal conductivity*

Operating Conditions

Salt bath temperature

O-xylene feed concentration

Air flow rates

Inlet pressure

* estimated wvalues

#

8.2 mm
2000 kg sol:i.d/m3 solid
0.1047 KJ/kg °K

0.1047 W/m °K

Tw = 380° - 410°C
0.68 - 1.5 mole %
2 -4 Nm3/hr

1.4 bar

All physical properties for the reacting mixture were those

of air, as the mixture contains ~99% air.
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tube of 2.5 cm internal diameter, 0.25 cm wall thickness
and 333 cm length, packed with a 260 cm column of V205/Tio2
catalyst pellets, and is immersed in an agitated bath of
molten salt (a mixture of 59 wt. % potassium nitrate and

41 wt. % sodium nitrite)} acting as a heat transfer medium.
The gas leaving the reactor passed to a condenser where the
phthalic anhydride sublimated. The residual gas was con-
veyed to a stripper where the organic material was washed
out before being vented to atmosphere.

The molten salt bath was heated with an electrical
three-stage heater and the heating to the bath was controlled
by a temperature indicator-controller that exercises on/off
control on the electrical heater. The salt bath temperature
was kept to *0.5°C from the set point along most of the
bath by the injection of stirring-air to the salt bath, to
ensure good mixing, however, increases of .2°C-4°C were
unavoidable around the hot-spot region, despite the good
mixing conditions. This is not uncommon in industrial
reactors of this kind, despite good mixing conditions in
the salt bath.

The pilot plant was operated stably and continuously
for a minimum period of 3 weeks, to allow the catalyst to
stabiiize its activity. Full details about the pilot plant,
instrumentation and control are reported elsewhere [Wardlaw
{1976) , Whitfield (1983)].

To operate for long periods, the plant is supplied with
a large condenser which can operate continﬁously for a period

of ~10 hours, and with 2 emergency condensers which can operate
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for a period of ~4 hours, before the crystals of phthalic
anhydride begin to block the entrance of the condensers,

and cause the pressure to rise. To melt the product in the
condensers, 16 bar steam was supplied by the steam generator.
After a period of ~3 hours, the condenser was ready to be

used again.

4.2 Temperature and Concentration Measurements

There are 26 axial sampling points at 10 cm intervals with
the catalyst bed beginning just above the first sampling
peint. Originally only 5 locations were used to measure
concentration by on-line chromatography, but in latter
experiments, 2 of these locations around the hot-spot were
modified to measure both temperature and concentration.

Concentration measurements were taken via a sampling
line of 0.3 cm diameter copper tubing and maintained at
about 160°C by a steam jacket to prevent any possible con-
densation of gaseous products.

The sample was introduced into a flame ionisation-
detector chromatograph, operated at 190°C, by an air activated
gas sampling valve (0.68 ml sampling loop) contained in a
precision oven operated at 150°C, and connected to a manifold,
where the 5 axial sampling points could be sampled by operating
any of the 5 toggle valves, contained in the same oven.

The sampling points were: the feed and locations 12, 16, 18
and 24 (i.e. 110, 150, 170 and 230 cm downstream the top of
the catalyst bed). Facilities also exist to sample axial

positions 6, 8, 10 and 14.
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The chromatographic column (0.00625 m OD x 2.0 m
length) was 10% XE 60 silicone gum on chromosorb-W AW-DMCS.
The carrier gas was nitrogen, and hydrogen and air were used
for the flame ionisation detector. The calibration of the
chromatograph was carried out in-situ, using liquid samples
with acetone as solvent, for O-xylene, O-tolualdehide, benzoic
acid, maleic anhydride, phthalide and phthalic anhydride.
Responses for these components were obtained relative to O-
xylene.

Abscolute calibrations for O-xylene were made, by sampling
known air-O-xylene mixtures before they entered the reactor,
using an unknown component (contained in the compressed air)
as an internal standard, which remained unreacted along the
fixed-bed, having the smallest retention time.

The response of O-xylene relative to the unknown component,
permitted the calculation of molar responses of the components.
Table 4.2 presents the retention times of all components.
Unfortunately, the retention times for O-tolualdehyde and
maleic anhydride are very close, and it was not possible to
identify these components properly. Retention times of benzoic
acid and acetone were alsc very similar, which made it im-
possible to quantify the former.

Temperature measurements were performed using 3 mm OD
platinum resistance thermometers (PRT's) and 1.5 mm OD
chromel~alumel sheathed thermocouples which were free to
move radially within the reactor. PRT's gave averaged tem-
perature measurements over a radial length of ~8 mm which

corresponds to the sensor length. For this reason, thermocouples
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were used instead to measure axial and radial profiles
around the hot spot. Originally, only PRT's were used as
the data acquisition system is, so far, only suited to
interface PRT's. Thermocouple readings were performed
using a multipoint digital indicator.

Axial measurements in the asymptotic temperature region
during heat transfer experiments without chemical reaction,
showed that there was an offset between PRT's and thermo-
coupes, with the latter measuring the closest value to the
salt bath temperature, as expected in this region. This
problem made the estimation of the overall heat transfer
coefficient from axial temperature measurements (cf.

Chapter 5) difficult.

4.3 Comments on the Accuracy and Precision of Temperature and

Concentration Measurements

The accuracy of temperature and concentration measurements
depends on the inherent limitations of the instruments used,
among other factors.

It is important to bear in mind, that all measurements
were subjected to variations in the salt bath temperature,
which were in the range *0.5°C.

The detector and amplifier (Pye Unicam) had a maximum
useable sensitivity of about ; ppm [Jordan (1977)].
Temperature measurements using platinum resistance thermo-
meters were accurate within #0.5°C.

The multipoint digital indicator used with the thermo-

couples, allowed readings up to 1°C.
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Calibrations up to 0.2 mass % were carried out by preparing

known mixtures of O-xylene in acetone.
No analysis of CO and CO, was performed*.

Figures C.1 and C.2 in appendix C show the chromatograms
obtained for a typical product stream at axial locations 12
and 24, and Figure C.3 shows the responses of the components

relative to O-xvylene.

Table 4.2

Retention times of the components

Component Retention time (sec)
O-xylene (0X) 48
O-tolualdehyde (OT) 87
Maleic anhydride {MA) a0
Phthalic anhydride (PA) 384
Phthalide (PT) 432

*
A detailed method for the chromatographic analysis of O-
xylene and oxidation products has been reported by
Wainwright & Hoffman (1976).
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Radial temperature measurements presented a major problem
with respect to the way the measurement is performed - i.e.
through a welded tube to the reactor (see figure 4.2), causing
a distortion in the radial profiles (see figures 5.4 to 5.8
in Chapter 5) due to conductive heat losses along this tube.
To estimate the accuracy of the radial temperature measure-
ments, a simple approach [Cichelli (1948)] was followed,
which considers the solution of the equation of heat conduc-
tion in one dimension, where heat is transferred by convec-
tion from the gas stream and radiation from the solid
particles, to a 1.5 mm OD sheathed thermocouple (which is
actually immersed in a non-uniform temperature field), which
measures a sort of average temperature of the gas and solid
phases,

The estimated error in the radial temperature measurements
was ~3°C, using heat transfer coefficients for convection and
radiation from the literature [Bird et ¢l. (1960), Wellauer
et al. (1982)].

With reference to figure 4.2, it can be observed that
the major source of distortion of the radial temperature
profile, is indeed due to the sampling tube welded to the

reactor and not to the thermocouples.

4.4 Catalyst and Chemicals

The catalyst used was developed by Chemische Fabrik von
Heyden, and consisted of an inert spherical carrier of ~0.82
cm diameter, covered with a thin active coating containing

V,0c and TiO, [Chemische Fabrik von Heyden (1974}].
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Industrial grade O-xylene was supplied by B.P.

California Ltd.

4.5 The Experimental Program

The experimental program was developed in 4 stages, lasting
a total of 14 months, and performed during 1979, 1981 and
1982,

During the first stage, the reactor was operated con-
tinuously for 4 weeks. Unfortunately after the plant was
shut down the salt bath heating system developed a failure,
causing the temperature to rise above 600°C, damaging the
catalyst. A new batch of fresh catalyst was charged prior
to the second experimental stage. However, valuable
experience was cobtained during the first stage and although
only a few temperature measurements were available at this
time two interesting experiments were recorded which were
not reproduced again; they are described in Chapter 6.

During the second stage, the reactor, with fresh catalyst,
was operated continuously for 4 weeks before shutting-down
the plant. After this period the reactor was never operated
continuously for more than 15 hours, and catalyst reactivation
was performed when necessary.

During the third stage, concentration measurements were
implemented and the first radial temperature profiles were
measured.

Most of the experiments reported in this work, were
performed during the fourth experimental stage, for which

the activity of the catalyst was constant and reproducible
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experiments were obtained, as periodic catalyst reactivation

re-established activity profiles in the reactor.

4.6 Operational Procedure

After the set point for the salt bath temperature was chosen
and the air flow rate adjusted to the desired value, the O-
xylene pump was switched on to deliver ~70% of the total
O-xylene flow rate, while monitoring the axial temperature
profile which normally starts to develop after 3 minutes.
Once the steady state was reached, step increases in O-
xylene flow rate were performed until reaching the desired
O-xylene/air ratio.

During steady state and dynamic experiments, axial
temperatures, measured by PRT's and reactor's exit pressure
could be read-in by the data logger which has a scanning
rate of ~5 seconds. The 5 thermocouples positioned around
the hot-spot and the one in the salt bath could be scanned
manually in 1 minute. Experience showed no need for a
faster recording speed.

Concentration measurements were performed at a rate of
~15 minutes per sample, per axial position, therefore
requiring at least 4 hours of running the reactor at steady
state conditions to obtain reproducible measurements of the
axial profile. During any transient experiment only one
position was sampled, normally this was position number 24
near the reactor's exit, to observe the effect of the per-
turbation in the final conversion.

Step changes in O-xylene feed concentration were easily

performed by changing the rate of delivery to the metering

pump.
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Transient experiments for ramp changes in the salt bath
temperature were performed by changing the set point to the
SBT controller. Due to the large heat capacity of the salt
bath no change seems to occur before 4 to 5 minutes after
the perturbation.

Transient experiments for ramp changes in the feed
temperature were performed by operating the by-pass valve to
the vaporiser, supplying air at room temperature which mixes
with the reacting mixture before entering the top of the
reactor.

When the reactor was not in use, the salt bath was kept
at 380°-390°C all the time, with no air flowing through the
bed. Allowing the bath to cool causes severe corrosion;
this happened between the first and second experimental stages
when the highly hygroscopic salt mixture in the bath was left
at room temperature for several months, damaging the electrical

heaters which had to be replaced.

4.7 Catalyst Reactivation

The main causes for catalyst deactivation were due to an
increase in the back pressure - during the first and second
experimental states - and to large perturbations during the
dynamic experiments in the third and fourth experimental
stages. It is believed, as discussed in chapters 2 and 5

that the catalyst deactivates because it is reduced by a rich
hydrocarbon environment. To reactivate the catalyst, the salt
bath temperature was raised to 400° or 410°C and the air flow
rate set to a ~2 Nm3/hr for a period of 30 to 40 hours.

Catalyst activity was always re-established without
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noticing any significant difference during the last 10
months. It was also noticed that by leaving the reactor,
when it was not in use, with a blanket of air for several
days between runs, the catalyst was reoxidised when SBT
~380°-390°C. At no time was 802 added to the feed, either
during the normal operation or the reactivation of the

catalyst.

4.8 Operational Problems

The main problems during the operaticn of the reactor were:

coystals
1) The blockage of the condensers by phthalic anhydride |

formed of the entrance, causing an increase in the back
pressure, making the hot-spot increase in magnitude and move
upstream. This only happened during overnight operation of

the reactor. Otherwise the action taken was to switch to

the stand-by condensers when a slight increase in the reactor's
exit pressure was noticed. Increases up to 30% were recorded

causing reversible deactivation to the catalyst.

2) After a period that varied from 4 to 6 weeks, the
PTR's went short-circuit, especially at temperatures above
480°C with the consequent loss of the measurement several
times. The substitution of faulty PTR's sometimes caused
the catalyst pellets to move, making it impossible to place

the thermometers at the previous radial position.
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4.9 Pressure Drop in the Fixed-Bed Reactor

An important piece of information in.the study of the reactor's
behaviour is the pressure drop in the fixed bed. For this
reason, a series of runs using different air flow rates were
performed under no reaction conditions, for a salt bath tem-
perature of 390°C. Table 4.3 presents the measured pressure
drop in the fixed bed and the corresponding air flow rates,

and fiqure 4.3 compares the experimental data with predictions
by Ergun's and Hicks' equations [Hlavacek & Votruba (1978)]
also given in table 4.3. It can be observed from these data
that for typical industrial conditions i.e. 4 Nm3/hr air and

a 44 gr O—xylene/Nm3 air ratio, the pressure drop across the
fixed-bed is ~0.3 bar using catalyst pellets with dp ~8.2 mm.
The particle diameter is important not only because the pressure
drop, but also because the bed geometry will induce a specific
hydrodynamic pattern inside the reactor that will determine the
rates of heat and mass transfer between so0lid and gas-phases,
as they are functions of local temperature and velocities in
the bed. Visual observations during the packing of the cata-
lyst, showed an almost constant packing array. Figure 4.4
shows schematically a top view of the observed packing array
and the suggested radial velocity profile and voidage dis-
tribution, with a minimum occurring at a distance of ~0.76 dp
from the reactor wall, according to the empirical equation due

to Benenati & Brosilow (1962) which takes the form:

s . =0.5+ (ap - 1) - ((ap - 2 -



Table 4.3

Pressure drop versus air

flow rates

Volumetric flow Mass velocity

Pressure drop

rate
q(Nm3/hr) G(kg/m2 sec) AP (bar)
2 1.465 0.098
3 2.187 0.185
4 2.930 0.293
5 3.662 0.410
AP = LG°f
g do ¥
Ergun:
£ =3 "€ (1.75 + 150 L—-F
£ Rep
Hicks:
1.2
£=6.8 U - €) rep 02
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Figure 4.3: Pressure drop in the fixed bed reactor at

different air flow rates (Tw = 390°C).

—o— experimental
A calculated [Ergun (1952)}

Y calculated [Hicks (1970)]
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Figure 4.4 Observed top view of packed bed, and expected

velocity and voidage distribution radial profiles.
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CHAPTER 5

RESULTS AND DISCUSSION — THE STEADY STATE BEHAVIOUR

The present chapter describes the steady state behaviour of
the fixed bed catalytic reactor in terms of its axial and
radial temperature, and axial concentration profiles. Most
of the experiments were performed in typical industrial
conditions of 4 Nm3/hr air and 176 gr/hr O-xylene.

To obtain some insight into the heat transfer phenomena
in catalytic reactors, experiments at lower air flow rates
and nearly the same O-xylene/air ratios were performed.

Heat transfer experiments without chemical reaction
were also performed, to obtain independent estimates of
heat transfer parameters.

Catalyst deactivation is briefly analysed in the light
of some experimental data, which shows that catalyst activity
can be restored, ensuring reproducibility of experiments.

The possibility of safe reactor operation at higher
O-xylene/air ratios (~1.5 mole % O-xylene} is demonstrated.
This is very important from an industrial point of view, as
an increase in production can be achieved with substantial
saving in energy as no additional operational cost is required.

Finally model simulations were performed to study the
reactor's parametric sensitivity. Comparison between the
models derived in Chapter 3 and their limitations are discussed.
It is strongly emphasised that one of the aims of model simu-

lations is to obtain a reasonable range of values for heat
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transfer parameters, which are in agreement with the
experimental data presented, taking into account the

uncertainty in the kinetics.

5.1 Heat Transfer Experiments without Chemical Reaction

During the third experimental stage (Chapter 4), a few heat
transfer experiments without chemical reaction were performed.
Axial Temperature profiles were normally measured by platinum
resistance thermometers in most positions, from which only
overall heat transfer coefficients were estimated., Radial
profiles were measured only in axial position 2, with a 1.5
mm o.d. chromel-alumel sheathed thermocouple.

As a result of an existing offset in the temperature
measurements when using different measuring devices, there
was a large uncertainty in the estimation of the overall heat
transfer coefficient U , as it was difficult to know where
the asymptotic temperature region starts.

Figure 5.1 shows a typical axial temperature profile for
an experiment with 4Nm3/hr air, in which axial positions 2,
10, 11, 12 and 13 were fitted with thermocouples and the rest
with platinum resistance thermometers. The corresponding
radial profile in axial position 2 is shown in figure 5.2,
from which it can be observed that in about 1 mm radial
distance from the wall (left-hand side) the temperature drops
to about 7°C, which corresponds to 50% of the total temperature
difference between the wall and the minimum, which is at about
8 mm from the left-hand side wall. This suggests the presence

of a large resistance to heat transfer at the wall.
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overall and effective heat transfer parameters

{no reaction).

key U(w/m2 °K) hw(w/m2 °k) ke(w/m2 °k) Biw hr
A 160 202.3 2.39 1.06 10.8
0 144 174.1 2.63 0.83 9.8
O 130 153.5 2.63 0.73 9.8
Y 118 142.,2 2.15 0.83 12

X eXxperimental {4 Nm3/hr air)
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First estimates of overall heat transfer coefficients,
at different air flow rates, were obtained by plotting &n AT
vs. bed depth z%, where AT = Tw - T(Z), is the difference
between salt bath and gas temperatures, and z’' is the axial
distance measured from the top of the bed. This is shown
in figure 5.3, from which overall heat transfer coefficients
were obtained from the slope of the lines, using the relation-

ship:

slope = —+9 (1)

Gep dt

Calculated values of overall heat transfer coefficients at
different air flow rates from figure 5.3, via equation (1),
are presented in table 5.1.

In order to predict axial and radial temperature profiles
when no reaction is taking place, a pseudo-homogeneous version
of the plug~flow pseudo-heterogenecus model (Chapter 3) was
used, which considers no difference between gas and solid
temperature and allows radial temperature profiles to be
predicted.

Although overall heat transfer coefficients cannot give
any information about the existing radial temperature profiles,
their estimation from axial profiles (figure 5.1) together
with radial temperature measurements (figure 5.2), allowed
estimation of the Biot number at the wall, Biw. Previous
observations (figure 5.2) suggest that Biw is small (cf.
Chapter 3), therefore approximate values of this parameter

can be obtained, using the simple one-dimensional approximation
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derived by Beek & Singer (1951), based on the assumption
that the radial temperature profile is parabolic and that
no reaction takes place. This approximation, which works

well for Biw £4.3 [Beek (1962)], takes the form:

TR@ - Tw - 4 - ji (2)
<T> - Ty 4 + Biw hw
R
or 1 = 1 . @ (3)
U hw 4ke
where
Biw = DV Ry (4)
ke

The radial temperature profile (figure 5.2) ~ from which the
average temperature, <T> was calculated via numerical inte-
gration (Table 5.4) -~ and equation (2), allowed the calculation
of the ratio of overall/wall heat transfer coefficients, U/hw.
Equation (3), which is a direct result from equations (2) and
(4), was used to calculate the effective thermal conductivity,
ke.

From the experimental axial and radial temperature profiles
shown in figures 5.1 and 5.2, the effective heat transfer
parameters -~ presented in table 5.2 - were estimated via
equations (2) to (4), using an overall heat transfer coeffi-
cient, calculated from the experimental profiles.

The uncertainty in the evaluation of hw and ke from
radial temperature profiles can be fully appreciated when a

2°C difference in the average temperature, <T> is considered



Table 5.1 Calculated overall heat transfer coefficients from heat transfer experiments
without chemical reaction.

. . Reynolds# Salt bath Feed

M hn e el no. temperature  temperature  olfETCi. 1t (7nd oc)
1t 2 1.47 379 390 323 71

2) 3 2.20 569 393 302 96

3) EE 2.93 758 394 292 142

4) 4 2.93 767 378 285 113

5) 4 2.93 769 378 273 111

6) 4 2.93 767 380 291 134

#

Properties evaluated at salt bath temperature.
*

Parameter values estimated from experimental axial temperature profiles.
* *

Operating conditions corresponding to figures 5.1 and 5.2.

+ Refer to figure 5.3.

£6
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Table 5.2

Overall heat transfer coefficient®y = 142 W/m?°K

Average temperature <T> = 346.5°C <T> = 344.5°C
hw 171.3P 183.69
(W/m? °K)
ke 2.58P 1.969
{W/m°K)
Biw 0.83P 1.0249
c b d
Pehr 9.8 12.9

Estimated from experimental axial temperature profiles.
Estimated from experimental radial temperature profiles.

Peclet number for radial dispersion of heat defined as

Pe, . = eu.pCpdp/ke (see nomenclature for details).

Estimated from experimental radial temperature profiles,
assuming the mean temperature is 2. °C lower - see
table 5.4 .




a5

(i.e. 2°C smaller than its value from figure 5.2). The

new set of parameter values - presented in table 5.2 - show
that a larger uncertainty is associated with the evaluation

of ke (~18% difference), whereas the uncertainty is relatively
small in the case of hw (~4% difference). This produced a

23% difference in the evaluation of Biw,

Predicted axial and radial temperature profiles, using
the heat transfer parameters in table 5.2 are shown in figures
5.1 and 5.2 respectively.

Obviously we cannot expect to fit satisfactorily the
distorted experimental profile, although the predictions seem
to be reasonably good. Predicted radial profiles (figure 5.2)
show different possibilities according to the sets of hw and
ke, which give similar values for U.

Heat transfer parameters in table 5.2 are within the range
of other experimentally determined parameters from similar
systems [Ramirez & Calderbank (1977), Kjaer (1958), Tasker

(1946)1].

5.2 Axial Temperature and Concentration Profiles

A typical set of temperature and concentration profiles in
the reactor, are shown in figures 5.4 to 5.8 for the corres-
ponding operation conditions summarized in table 5.3. The
arrows on the axial coordinate in the temperature profiles,
show the axial location of concentration measurements. They
are the feed and positions 12, 18 and 24 corresponding to 110,

170 and 230 cm downstream from the top of the catalyst bed.
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Figure 5.4 shows axial temperature and concentration
profiles for 3 Nm3/hr air and 129 gr/hr O-xylene, whereas
figures 5.5 to 5.8 were obtained for 4 Nm3/hr air and 175,
168, 176 and 242 (~1.5 mole %) gr/hr O-xylene respectively.
The common feature of these figures is the steepness of
the axial temperature profiles. A ~100°C increase in
temperature in only 20-25 cm axial distance, and temperature
differences between the hot spot and the salt bath in the
order of 125° to 140°C may suggest the reactor is operating
in the runaway region*, however, except perhaps in a few
special cases, as discussed in chapter 6, no reactor runaway
was observed. This was confirmed by the measurement of
axial concentration profiles and final yields which were
of the order of 67 to 77.5 mole % (94-108 kg phthalic
anhydride/100 kg O-xylene in feed), similar to those obtained
industrially.

The above features are known in fixed bed reactors for
the partial oxidation of hydrocarbons on V205 catalysts which
normally present a high selectivity to partial oxidation
products (in the absence of very high hot spots), and apparent
activation energies in the range 54 to 67 KJ/mole [Ellis
(1972), Ramirez et al. (1977), Calderbank et al. (1977)].

The important topic of reactor runaway is discussed in chapter
6, as this is caused by a perturbation in the operation con-
ditions - which is a dynamic process. Calculations following

approximate criteria for parametric sensitivity and runaway

*
see chapter 6.
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[Barkelew (1959}, Oroskar et «l1. (1979)}, are presented in
chapter 6 and appendix D for some experimental data.

To obtain an insight into the reaction kinetics, let
us consider the axial concentration and temperature profiles.
Figures 5.4a, ¢ and 5.5a, ¢ (hot-spots of ~520°C and ~525°C
respectively) show, for axial position 12, (before the hot-
spot)- that between 50 to 60% of the OX* has reacted,
whereas only about 2 toc 4% PA, 0.6 to 1% PT, and ~ 3.8 to 6%
OT have been produced. Figure 5.7c shows for a ~526 hot-
spot (figqure 5.7a}, located about 7 cm before axial position
12, that 70 to 84% 0OX has reacted and about 28% pPA, 4% OT,
0.3% MA and 2 to 3% PT have been produced. For the same
axial position, figure 5.8c shows that only ~15% OX has
reacted, and only 0.7% PA, 3% OT, traces MA and 02.2% PT have
been produced at a temperature of 404°C, whereas at axial
position 18, about 15 cm downstream of a 535°C hot-spot,
about 94% 0X has reacted and 60.4% PA, 2% OT,0.02% MA and
3.6% PT have been produced.

From experiments at a salt bath temperature of 395°C,
about 15 to 19% 0OX has reacted and about 0.5% PA, 2% OT, tra-
ces MA have been produced at a temperature of 415°C. It is
apparent that it is the activity of the catalyst which
determines the (ignition) temperature at which the reaction
starts. The first start-up in June 1981, showed that on a
very active (fresh) catalyst, the reaction takes place even

at 290°C for about 9 minutes, as shown in figure 5.9.

Conversion and yields are in mole %, and the following
abbreviations apply: 0X = O-xylene; OT = O-tolualdehyde;
MA = maleic anhydride; PA = phthalic anhydride; PT =
phthalide.



Table 5.3 Operation conditions corresponding to figures 5.4 to 5.8.

5

. O-xylene Inlet Salt bath . . ;
. Air flow rate : Yield in mole % O-xylene
tgure (Nm? /hr) f%;¥/ii$e prigzgfe temﬁfé?ture of phthalic anhydride final conversion
5.4 3 129 1.23 392 72.8 - 74.1 ~ 99.9
(101.3-103.5 kg/100 kg OX)
5.5 4 176 1.34 396 73.9 - 77.4 ~ 99.85
(103-108)
5.6 4 168 1.34 400 - - -
5.7 4 176 1.35 399 73 - 75.6 ~ 99,95
(102-105.6)
5.8 4 242 1.35 395 67.3 - 75.4 ~ 99.94
(93.9-105.3)

86
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For most experiments, no phthalide was detected at
positions 18 and 24 when molar yields of PA were greater
than 65%, as the separation between PA and PT peaks was
very poor, and sometimes only a very small peak seemed to
appear in the tail of the PA peak. At hot-spot temperatures
above 500°C no peak for PT was observed.

In all the above cases, 99.9% conversion of OX was
achieved and even at the most extreme conditions, 0X was

always detected at the exit of the reactor.

5.3 Radial Temperature Profiles

Figures 5.4b to 5.8b show radial temperature profiles at
different operation conditions, measured with 1.5 mm OD chromel-
alumel thermocouples which were free to move radially across
the reactor tube. At one operating condition, a complete set
of radial measurements took from 3 to 4 hours. During this
time, the wall {(left-hand side in figures) and the maximum
temperatures were measured several times. It was impossible
during these measurements to have a constant "steady-state”,
as temperature variations at the same radial position, are due
to the #0.5°C variation in the salt bath temperature and
perhaps to the very nature of the (dynamical) interaction
between the catalytic reaction and the hydrodynamics in the
fixed-bed. In very few cases, the variations were due to a
slight back pressure increase at the condenser's inlet.

Figure 5.4b shows the radial profiles at different axial
positions for the case of 3 Nm3/hr air and 129 gr/hr O-xvylene,

corresponding to the axial profiles shown in figures 5.4a, and
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5.4c. Figures 5.5b to 5.8b show radial profiles for 4 Nm3/hr
and the corresponding operation conditions for figures 5.5
to 5.8 are given in table 5.3,
From the radial profiles, shown in the above figures,
we can observe the following common features, considering

only the left hand sides of the radial profiles:

i) There is a remarkable reproducibility in the
radial profiles despite differences in air flow
rate, amount of O-xylene in the feed and salt
bath temperature; presenting a maximum between
0.6 to 1.0 cm from the wall {most of them at
~0.8 cm).

ii) The magnitudes of temperature differences between
the maximum and the wall, around the hot spot are
in the order of 40° to 50°C.

i1ii) The magnitudes of temperature differences at 1 mm
radial distance from the wall, around the hot
spot are in the order of 15° to 25°C - i.e. up
to 50% of the total temperature difference,
showing that the major resistance to radial heat

transfer is at the wall.

The asymmetry in the radial profiles is caused by the
conductive heat losses along the sampling tubes which are
welded to the reactor tube and through which the thermocouple
enters the reactor (cf. fig. 4.2, Chapter 4). Although the
radial profiles are distorted by the measurements, the left-

hand sides, give valuable information about the heat transfer
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phenomena in fixed-bed catalytic reactors with such a low
tube to particle diameter ratio, dt/dp -~3, widely used in
industry for partial oxidation of hydrocarbons in the gas
phase. Apparently, the first heat transfer study for such
systems has recently been published [Wellauer et al. 1982}].

At this point we face the dilemma of estimating all
heat transfer parameters from existing correlations or use
the experimental information available, together with model
simulations, to estimate a reasonable range of parameter
values.

It is known that at high particle Reynolds numbers (Rep>
350) the major resistance to radial heat transfer is located
at the wall [Smith (1973), Hall & Smith (1949), Schuler et
al. (1952)}, this is characterized by a low Biot number, Biw.
For the experiments performed in this study with Rep in the
order of ~570 (3 Nm3/hr air} to ~760 (4 Nm3/hr), this is
certainly the case, as the geometry and expected gas velocity
profile and void fraction distribution in the fixed bed seems
alsc to indicate (cf. figure 4.6, Chapter 4).

The magnitude of radial temperature gradients in this
fixed-bed reactor is a strong function of the activity of
the catalyst; however if the catalyst activity remains constant
- as the above experiments seem tc indicate - "approximate
values" of Biw can be estimated, using the simple one-dimensional
approximation derived by Beek & Singer (1951), used previously
and given by equations (2} and (3). This assumes that the
above mentioned approximation produces approximate values of

Biw under reaction conditions.
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The calculated values of Biw, via equations (2) and
(3), at axial positions corresponding to those from the
radial temperature profiles in figures 5.4b to 5.7b, are
given in table 5.4, together with the average, maximum,
inside wall and salt bath temperatures. Average temperatures,
<T> were calculated by numerical integration of the approxi-
mately parabolic left-hand side of the experimental profiles,
with a maximum located between 0.6 to 1.0 cm radial distance
from the wall. Unfortﬁnately radial profiles in figures 5.8b
are not very good and they are presented only for the sake
of comparison. We can observe from table 5.4, for conditions
at 3 Nm3/hr air (Rep ~570), the Biot number at the wall is in
the range: Biw = 1.3410.37, whereas at 4 Nm3/hr air (Rep -~760),
the range is: Biw = 0.89%0.09. (Cf. values from different
correlations in table 5.5).

If we consider figures 5.4b (3 Nm3/hr) and 5.5b (4 Nm3/hr)
for which the salt bath temperature is the same, and table 5.4,
we can observe that there is no significant difference between
the Biot numbers for these two conditions.

As expected, Biw is very sensitive to the radial profile,
as shown in table 5.4 for axial position 11 in figure 5.4b;
where 2 possible profiles with the same inside wall temperature,
TRO but with a difference iq <T>» of 3.2°C, produced an increase
of 33% in Biw, with respect to that from the lower profile,
with a corresponding variation in ke and hw.

Table 5.5 shows the calculated Biot numbers at the wall
from several correlations. It can be observed that the crude

approximations to Biw by the one-dimensional approximation of
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Table 5.4 Calculated Biot numbers from experimental radial
profiles in figures 5.4b, 5.5b, 5.6b, 5.7b and 5.1b.
Axial ~
Radial profile in |position| Tmax Tro RO <T> Biw | U/hw
Zy

10 411 404.5 . 407.3 1 1.32| 0.75
Figure 5.4b 11 431 416 423.2 1 1.44 | 0.74
11 436 416 425.6 | 1.92 | 0.68
Tw=396°C 12 514 462 481.8 {1.20 | 0.77
12 514 463 . 485.6 { 1.35| 0.75
13 509 477 . 492.7 1 0.78 | 0.84
10 418 411 0.8 414.6 [ 0.98 | 0.80
Figure 5.5b 11 454 430 . 442.3 11.45} 0.73
11 454 432 . 444.1 | 1.35] 0.75
Tw=396°C 12 502 472 487.8 1 0.83] 0.83
13 531 492 511 0.791 0.84
9 432 423 0.8 426.2 ] 0.53 | 0.88
Figure 5.6b 10 470 451 461.7 | 0.83 ]| 0.83
11 529 480 505.2 [ 1.25 ]| 0.76
Tw=399°C 12 525 490 509.6 |0.86 | 0.82
13 499 474 0. 487 0.69 | 0.85
Figure 5.7b 9 525 494 509.3 | 0.65 | 0.86
10 522 486 . 502.4 | 0.76 | 0.84
Tw=400°C 11 485 466 . 475.4 | 0.57{0.88
Figure 5%Tw=396 2 T’;‘jg 355 | 0.8 |346.5|0.83 | 0.83

Tmax, <T>,

T Tw

Ro!

maximum, average,

temperatures in °C.

axial position in the reactor.

= radial distance from the wall at which

inner wall and salt bath

the maximum (minimum) radial temperature,

Tmax, occur.
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Table 5.5 Biot numbers from different correlations*
Correlation 3Nm? /hr (Rep=576) 4Nm?® /hr (Rep=767)

Beek (1962) 1.08 1.04

Li and Finlayson 0.41 0.41

(1977)

Dixon and Cresswell 0.93 0.87

{1979)

Wellauer, Cresswell 1.92 1.78

and Newson (1982)

@ Tw=392°C @ Tw=394°C

*
Properties of air were evaluated at Tw.
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Beek & Singer (1951), and the calculated values from corre-
lations are in good agreement. However the fact that the
apparent Biw varies along the axial coordinate posed the
problem of which average value of Biw should be used in

the modelling to predict the experimentally determined average

temperatures.

5.4 Catalvst Deactivation

A common problem in the operation of industrial reactors is
the deactivation of the catalyst, which makes the description
of the reactor’'s behaviour more difficult. Perhaps the best
way to account for this problem, is to consider the existence
of catalyst activity profiles in the reactor and to include
them in the kinetic model. The causes of reversible and irre-
versible deactivation have been briefly discussed in Chapter 2.

During the first three weeks after the first start-up
with a fresh catalyst, the latter normally experienced rever-
sible deactivation, as noted by a shift of about 30-50 cm
(downstream) of the location of the hot spot. It is very
likely that some amount of irreversible deactivation also
occurred during this time.

To appreciate the difficulties in modelling this reactor-
reaction system when catalyst deactivation occurs, let us
consider three experiments performed on three consecutive days
in the last experimental stage, in which the operation con-
ditions remained the same. After a re-oxidation period of 40
hours, the reactor was operated for two consecutive days, for

a period of about 10 hours/day. The corresponding axial
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temperature and concentration profiles are given by the
profiles labelled A and B in figures 5.10a and 5.10b. At

the end of the second day, the salt bath temperature was
lowered by 10°C causing the near-—-extinction of the reaction
and the hot spot to move to the reactor's exit, changing its
magnitude to about 440°C at axial position 26. At these
conditions a large amount of O-xylene left the reactor without
reacting and consequently, deactivating the catalyst. On the
third day, a short re-oxidation period of 6 hours in air at
390°C was carried out before the starting-up of the third
experiment. Profile C in figures 5.10a and 5.10b show axial
temperature and concentration profiles for the partially
deactivated catalyst, at that time.

We can observe from figure 5.10a that temperature profiles
labelled A and B are very alike, whereas there is a large
difference between profiles B and C, as the difference in the
magnitude of the hot-spots is about 60°C and the location of
the hot-spot in profile C is about 20 cm downstream of the
one for profile B'. However figure 5.10b shows that despite
the remarkable differences in temperature and concentration
profiles, the final yield of phthalic anhydride is nearly
the same for cases B and C¥*,.

To know if experiments could be reproduced, or in other
words, if the activity of the catalyst could be restored, a
catalyst reoxidation was performed 4 days later, for a period

of 30 hours with air at 410°C. One way to check if the activity

This suggests that most of the phthalic anhydride is produced
in the second half of the reactor, where the temperature range
is nearly the same for cases B and C. This observation is in
agreement with those from dynamic experiments (Chapter 6).
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cf the catalyst has changed, is to plot for instance the
evolution with time, of the hot-spot during the start-up
of the reactor at the same operation conditions as those
before the deactivation took place. Figure 5.11 shows the
corresponding profiles A, B and C from figure 5.10a at axial
position 12. Profile D in figure 5.11 shows the evolution
with time for axial position 12 about three months later, for
the same operation conditions. During this period of time,
the catalyst was re-oxidized only once.

We can observe from figure 5.11 that indeed the activity
of the catalyst can be restored. During the fourth experi-
mental stage, no irreversible deactivation of the catalyst

was detected.

5.5 Reactor Operation at High O-xylene Concentrations

Some hydrocarbons form explosive mixtures with air. Although
upper and lower explosive limits are not well known for O-
xylene in air, the lower limit is about 47 gr O-—xylene/Nm3

air [Duckworth (1969)1, which has restricted the running of
industrial reactors above 44 gr()-xylene/Nm3 air. Recently

two leading companies in the process for production of
phthalic anhydride: Chemische fabrik von Heyden [Wiederman

& Gerer (1979] and BASF [Hydrocarbon Processing (19281)] have
reported safe reactor operation using ratios of 60 gr O-xylene/
Nm3 air which corresponds to ~1.5 mole % O-xylene in air. The
industrial importance of this is obvious as production can be
increased by nearly 50% with a substantial saving of energy
(to air compressors) and practically no additional operational

cost.
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For this reason it was considered of interest to
operate the reactor at 60 gr O—xylene/Nm3 air to study the
steady-state and dynamic behaviour at this condition, to
observe any parametric sensitivity to operation variables.

First experiences showed, when operating the reactor at
a salt bath temperature of 390°C and 44 gr O-xylene/Nm3 air,
that increasing the O-xylene/air ratio to 51, produced a very
high hot-spot of 598°C which is unacceptable as the catalyst
could be severely damaged. For this case, yields of phthalic
anhydride were in the order of 51 to 57 mole % with a corres-
ponding large amount of CO and CO2 produced.*

To avoid severe damage te the catalyst due to reactor
runaway, for an even larger increase in the O-xylene/air
ratio, it was decided to operate at a lower salt bath tem-
perature.

Figure 5.12 shows the axial temperature profile for a
60.5 gr 0—xylene/Nm3 air ratio. For this case, only axial
positions 12 and 24 were sampled for concentration. At
axial position 12 between 16 to 19% OX has reacted and only
~0.5 mole % PA has been produced, at a temperature of 418°C.
At location 24 the yields of PA were 75.6 to 84.3 mole % -
the highest ever obtained during the whole experimental
program - for a 99.5-99.7% conversion of 0X. No traces of

PT were detected at location 24.

*
This case is briefly analyzed in Chapter 6, where reactor

runaway is discussed.
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The above experiments suggest that there is an optimum
operation condition*, which allows the reactor to operate
safely within the range of high O-xylene/air ratios, avoiding
any possible damage to the catalyst**.

However, the above conclusion does not imply that the
potential danger of severe hot-spots or even reactor runaway
has not been increased.

After the steady state profile in figure 5.12 was recorded,
a dynamic experiment was performed (cf. figure 6.22, Chapter 6),
which consisted of a 1°C increase in the salt bath temperature,
causing a 50°C increase in the hot-spot. Despite the strong
parametric sensitivity shown, the reactor did not runaway and
- surprisingly - not even the yield of PA was affected, which
remained in the order of 81.6 to 83 mole % during a transient
period of 48 minutes after the perturbation.

There is not enough information concerning the kinetics
at a temperature of about 540°C for high O-xylene concentrations,
however the observation that there is no apparent effect on the
catalyst selectivity to partial oxidation products is consis-

tent with the experimental results of Ellis (1972), and

*
To simplify the purification of phthalic anhydride, it is

recommended to reduce to a minimum, the total amount of
phthalide in the reaction products. This is normally achieved
by operating the reactor as near as possible to the maximum
salt bath temperature in order to over-oxidise this inter-

mediate, to carbon oxides.
* &
Although in this particular case, a region between locations 10

and 13 looks as though it is partially deactivated because of
the reduction in the salt bath temperature and high O-xylene
concentrations,
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Calderbank et al. {1977) [cf. Chapter 2], and the observed
decrease in apparent activation energies at temperatures

above 440°C may explain the absence of reactor runaway

(Calderbank et al. (1977)].

5.6 Conclusions

Steady state axial and radial profiles have shown the existence
of severe temperature gradients in the reactor, but even when
operating at high O-xylene/air ratios, no runaway was observed.
This is not the case when strong disturbances to the reactor's
operation conditions took place, especially when the catalyst
is very active (cf. Chapter 6).

Radial temperature profiles at different operation con-
ditions and radial and axial profiles from heat transfer
experiments under no reaction conditions, allowed approximate
values to be estimated for heat transfer parameters via the
one—dimensionél approximation derived by Beek & Singer (1951).
Predicted values of the Biot and Peclet numbers, Biw and Pey ..
from heat transfer experiments, produqed calculated profiles
which agree well with the experimental ones.

To reduce the uncertainty in the estimation of the heat
transfer parameters when no reaction takes place, it is
necessary to improve the quality of axial temperature measure-
ments by replacing the existing platinum resistance thermo-
meters, by thermocouples, allowing for extensive axial and
radial temperature profile measurements. Otherwise the best
we can do so far, is to estimate a reasonable range for the

heat transfer parameters.
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Safe reactor operation at high O-xylene/air ratios has
been demonstrated, although the reactor's parametric sensi-
tivity is thereby increased. 8Small perturbations to the
operation conditions, can lead to severe hot spots which can
cause a serious reduction in the selectivity of phthalic
anhydride.

Catalyst deactivation poses a serious problem to reactor
modelling as previously shown, and the best way to approach
this problem - until more fundamental research in this area
is performed - is to consider catalyst activity profiles in
the reactor, via a mechanistic or empirical model, incorporated
into the kinetics.

Catalyst reactivation proved useful to restored catalyst
activity, ensuring reproducibility of experiments. If the
catalyst used in this investigation is a doped one - i.e.
contains either a potassium sulfate or pyrosulfate compound -
it is interesting to note that 802 was never added to the feed,
and in the last 4 months, when operation was on a daily basis
and for periods of no more than 12 hours/day, no change was
detected in the activity of the catalyst. Perhaps the rich
Oz—environment when the reactor was not in operation (for
more than 10 hours at salt bath temperatures of 385°-395°C)
was sufficient to reoxidize the catalyst.

There is no gquestion that once the catalyst has achieved
a constant activity profile, the kinetics should be re-evaluated
{Ramirez Solis (1982)], and this requires many temperature and
concentration measurements, for experiments covering different
ranges of interest in salt bath temperatures and feed

compositions.
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Fundamental research is needed to provide information
about the catalyst deactivation phenomena and allow for a
mechanistic model to be developed, whose parameters can be
estimated in the reactor possibly by on-line estimation via
optimal seguential estimators (filters) [Gavalas et al. (1969,

1972a,b), McGreavy & Vago (1973), Ajinkya et al. (1974}1.

5.7 Modelling of the Steady State Behaviour

Three models were developed to predict the reactor's
behaviour, as detailed in Chapter 3. However before we
proceed to evaluate the model predictions and analyze the
model limitations, a brief analysis of the experimental data
previously presented, may be in order.

Figures 5.10a and 5.10b show how, for the same operating
conditions, temperature and concentration profiles B and C
are mainly determined by the "state" of the activity of the
catalyst. According to these, the parameters that charac-
terize the heat transfer processes in the reactor, are deter-
mined by the relative magnitudes of the corresponding tem-
perature gradients and the hydrodynamics in the fixed-bed.
Therefore it seems that in order to predict cases B and C,
using the kinetic and reactor models, derived in Chapters 2
and 3 respectively, we need a different set of heat transport
and/or kinetic parameters - for the same operating conditions.

As no account is given of the activity of the catalyst
in the kinetics, it is certainly impossible to model this
extremely complex system. Therefore, the best we can do at

the present time is to obtain reasonable estimates for the
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heat transport parameters, from heat transfer experiments
without reaction, and rather than trying to obtain "goocd
agreement" between model predictions and experiments - which
can be fortuitous ~ we are interested in finding the model
limitations and in obtaining reasonable estimates of key
model parameters via model simulations, assuming the kinetic
model, described in chapter 2, is adeguate.

In what follows, all model simulations were performed
using the simplest model - i.e. the plug-flow pseudo-
heterogenecus (or hybrid) model. 1In all the cases the Peclet
number for radial dispersion of mass, was Pemr = 10, and
the interphase mass and heat transfer coefficients, kg and
h, were calculated from the correlations due to Petrovic

& Thodos (1968) and ARerov & Todes (1968) [Hlavacek & Votruba

{1977)].

5.8 The Heat Transfer Parameters

There is a large degree of uncertainty in the determination
of the heat transfer parameters, as most of the experimental
work published so far, has shown [Beek (1962), Dixon &
Cresswell (1979), Froment & Bischoff (1979), Specchia et

al. (1980)].

It is not always feasible to determine these parameters
from the system under study. In the present case, no detailed
heat transfer experiments - without reaction - were performed,
therefore only approximate estimates of the Biot and radial

Peclet numbers were possible.
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The approach taken in this study was to determine a
realistic parameter range for the interphase and wall heat
transfer coefficients, h and hw, and for the effective
thermal conductivity in the bed, ke, from experimental
radial profiles, and from existing correlations, together

with model simulation studies.

5.8.1 Interphase heat transfer coefficient

The magnitude of temperature gradients across the gas-solid
interface, which in turn contributes t¢ determining the
magnitude and location of the hot-spot, is governed by the
interphase heat transfer coefficient. It is believed that
this parameter is well correlated in terms of the so-called
JH factor.

Figure 5.13 compares an experimental profile with model
predictions for 3 different values of the interphase heat
transfer coefficient, while the other parameters remained
constant, together with the operation conditions. Wall heat
transfer coefficient and effective thermal conductivity were
calculated from correlations due to Beek (1962). The case
for h~« corresponds to the pseudo-homogeneous model - i.e.
the temperature for the gas-phase is the same for the solid-
phase, and as expected (Chapter 3), lower axial temperature
profiles are predicted. The pseudo-homogeneous model, as
will be shown next (figure 5.5a), will require either a
larger Peclet number for radial dispersion of heat or a smaller
Biot at the wall, to predict the magnitude of the hot-spot
of any of the cases predicted with the pseudo-heterogeneous

model.
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5.8.2 Effective heat transfer parameters

Perhaps the largest uncertainty in heat transfer parameters,
is in the evaluation of the effective thermal conductivity,
ke and the wall heat transfer coefficient hw.

From heat transfer experiments without chemical reaction
and from experimental radial temperature profiles at different
air flow rate conditions, given in table 5.3 (figures 5.4 and
5.3), a region was defined, for the effective heat transfer
parameters in terms ©of the Biot number at the wall and the

Peclet number for radial dispersion of heat. This region,
shown in figure 5.14, was calculated assuming the overall
heat transfer coefficient during reaction conditions to be
(arbitrarily) within *15% of the experimental one, in table
5.1 and from experimentally determined Biot numbers, in
table 5.4.

Biot and Peclet numbers from different correlations
[Beek (1962), Dixon et al. (1978, 1979), and Wellauer et al.
(1982)] are also shown in fiqure 5.14. It can be observed
that in all but one case, these values lie outside and above
the upper limit of the parameter region, which does not
imply that they are worse than the ones inside the region,
but as shown in figures 5.15a and 5.15b, better predictions
are obtained when suitable parameters from inside or below
the lower limit of the region are used, with the assumed

kinetics.
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5.9 The Model Predictions and Model Limitations

Figures 5.15a, b and ¢ compare axial and radial temperature
and axial concentration profiles for the gas-phase corres-
ponding tco those of figures 5.5a, b and c respectively.
Figures 5.15a, b illustrate the predictions for different
combinations of heat transfer parameters in terms of Biw and

Pe It can be observed from figure 5.15a, that although

hr”’
the prediction of the magnitude of the experimental hot-—spot
is very close, the location is about 20 cm upstream. This
seems to be a typical case, when kinetics from fresh catalyst
studies, are used in the prediction of steady state behaviour
for the partial oxidation of hydrocarbons on V205—type of
catalysts [Ramirez et al. (1977), Kondo et al. (1977),
Ellis (1972)].

It is interesting to obhserve from figure 5.15a, that
decreasing the wvalue of Biw has the same effect as increasing

the value of Pe - it produces an increase in the magnitude

hr
and slightly shifts the position of the hot-spot; however,
although different combinations of Biw and Pehr - i.e. of

hw and ke - predict the same hot-spot, they produce different
radial temperature profiles, as illustrated in figure 5.15b.
The radial profiles shown in the above figure correspond to
those at the location of the hot-spots. For comparison,
predicted radial profiles using the correlations due to
Beek . (1962) and Wellauer et al. (1982) are also presented.

In both cases the prediction is not very good compared to

those from the estimated parameter region.
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Figure 5.15¢c shows predicted and experimental dimension-
less concentration profiles. The predicted profile corresponds
to the temperature profiles with Biw = 0.83 and Pe . = 12.4,

It is not surprising to find that the final yield of
phthalic anhydride is well predicted, since the kinetic model
based on the extensive work of Ellis (1972) - using a similar
reactor system - later improved by the work of Calderbank
et al. (1974, 1977) - was obtained mainly from predicting
axial concentration profiles.

However, for our catalyst-reactor system, predictions
around the hot-spot are far from the experimental ones, as
the latter suggest that the phthalic anhydride is produced
faster at the end of a narrower reaction zone, corresponding
to a narrower temperature profile. This reaction zone is
located about 10 cm downstream from the one predicted by the
model.

It can be clearly seen from figures 5.15a and 5.15c,
that almost 3 times as much phthalic anhydride has been
predicted, at 50 cm downstream from the top of the bed where
the temperature is about 498°C according to the model,
compared to the experimental value at the corresponding
axial position for the same temperature (location 12).

It can be observed when comparing experimental and
predicted axial temperature profiles in figure 5.15a, that
the experimental profile is a very sharp peak whereas the
predicted profile is about twice as wide as the former one.

A narrower temperature profile will require a smaller Peclet

number for radial dispersion of heat, as shown by Carberry &
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White (1967), but will require either a larger apparent
activation energies or smaller Biot numbers, in order to
predict a hot—spot of the same magnitude as the experimental
one.

At this point it can be concluded that the poor agreement
between experimental and predicted temperature and concentration
profiles, cannot be attributed solely to shortcomings in the
reactor model {as axial dispersion of heat is not included *),
but primarily to the shortcomings in the kinetic model.
Therefore no further tuning of the heat transfer or kinetic
parameters is justified. What is needed is more fundamental
information about the kinetics of this extremely complex
reaction system, in strong temperature and concentration
gradients, and with wvariable catalyst activity. However
the quality of prediction is encouraging considering that a
kinetic model obtained from a similar but different catalyst-
reactor system has been used.

To compare further model predictions, following the
approach of defining an "adequate region" for the heat transfer,
model simulations were performed for the cases of 2 and 3 Nm3/hr
air (90 and 129 gr/hr O-xylene respectively), whose axial
temperature profiles are given in figure 5.16 and the corres-
ponding operating conditions in table 5.6. Figure 5.17 show
the,predicted axial profiles for the gas and solid phases.

For the particular case of 3 Nm3/air and 129 gr/hr O~

Xylene - the same case as in figure 5.4 - it was interesting

* Axial dispersion of heat would make the predicted
temperature profile even broader.
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to observe that any pair of values of Biw and Pehr inside

the parameter region, produced a hot-spot larger than the
observed experimentally (~520°C), as shown by the isotherms
inside the parameter region in figure 5.14, which represent
the magnitude of the hot-spot for a specific (constant) wvalue
of the overall heat transfer coefficient U (equivalent to

different pairs of values of Biw and Pe,_). This suggests

hr
either the need for a larger interphase heat transfer
coefficient - which may be unjustified - or a larger heat
transfer coefficient U, which seems to be the case, as the
estimated value was evaluated from heat transfer experiments
without reaction, performed at lower salt bath temperature
than the case illustrated in fiqure 5.4 (cf. table 5.1, where
smaller values of U were estimated for the lower temperatures
at 4 Nm3/hr air}.

The predicted profile for 3 Nm3/hr air and 129 gr/hr O-
xylene in figure 5.17 does not correspond to those obtained
from heat transfer parameters inside the region, but those
which corresponded to a higher value of the overall heat
transfer coefficient (above the upper limit of the parameter
region).

Although this result seems to contradict the previous
case in figure 5.15, in which a smaller value of U was needed
to obtain reasonable predictions, previous discussion of the
experimentally determined Biot numbers (figures 5.4 and 5.5,
and table 5.4), revealed that it was not possible to detect
any significant difference for Biw nor any difference in

the magnitude of radial temperature profiles at 3 and 4 Nm3/hr
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air, with nearly the same O-xylene/air ratio. If this is
because the difference in Biw at both conditions is rather
small, then the difference in overall heat transfer coeffi-
cients is expected to be alsoc small. This possibility, which
is rather unexpected seems to be supported by the findings of
Ramirez & Calderbank (1977), who found the overall heat
transfer coefficient to have low dependence on Reynolds
number within the range studied (375Reps206}.

The simulations shown in figure 5.18, compare predicted
(gas—-phase) radial profiles at the axial location of the hot-

spot for different values of Biw and Pe with an experimental

hr'
profile, which is at about 5 cm before the hot-spot (see
figure 5.4b). This result suggests that in order to obtain

better predictions, the parameter values of Biw and Pe to

hr
use, correspond to a higher wvalue of U,

What is needed to avoid the previous speculation is
obviously the evaluation of U from heat transfer experiments
without reaction, at the same operating conditions as the
case in figure 5.4.

Predicted profiles for the case of 2 Nm3/hr air and 90
gr/hr O-xylene were obtained from suggested values from model
simulations and all the information from the previous 2 cases.
In this case however, as no detailed radial profiles were
measured, there is no information about its magnitude nor an
estimated value for Biw. However an approximate parameter
region could alsoc be constructed from predictions of axial
temperature profiles and the expected radial profiles, as in

the previous cases for 3 and 4 Nm3/hr, if a reliable estimate

of the overall heat transfer coefficient were available.



Table 5.7

Operation conditions

and parameter values for figures 5.16, 5.17 and 5.18

. . Salt bath Parameter values used in simulation
Air flow rate O-xXylene in feed
(Nm? /hr) (gr/hr) temperature
(°C) Biw Pep h
(W/m?°C)
2 90 388 2.15 11 670
3 129 392 1.5 13 496

SPT
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5.10 Comparison between Models

The models developed in Chapter 3 are compared in this section.
The models are the plug-flow pseudo-heterogeneous model (M1},
the wvelocity profile pseudo-heterogeneous model (M2) and the
plug-flow heterogeneous model (M3). Mecedels M1l and the plug-
flow pseudo-homogeneous model, have been compared previously

{cf. figure 5.13).

5.10.1 The plug-flow and velocity profile pseudo-heterogeneous

models

It has been shown that when predicting the steady state
behaviour of the reactor, the inclusion of a velocity profile
produces different results [Lerou & Froment (1977), Finlayson
{1971}] and normally leads to better predictions [Kalthoff
et al. (l1980), Vortmeyer et al. (1982)].

To find any difference in the predictions, models M1 and
M2 were compared. This comparison is given in terms of the
calculated radial temperature profiles at the axial location
of the hot-spot, where we expect to find the largest differences.
Figure 5.19 shows the radial profiles at the hot-spot for all
cases as explained below.

In both models, the heat transfer parameters were
calculated from the correlations by Aerov & Todes [Hlavacek
& Votruba (1977)] - for the interPkmk heat transfer coefficient
- and Wellauer et al. (1982) - for effective thermal conduc-
tivity and wall heat transfer coefficient.

There is an extra parameter in model M2 which determines

the relative magnitude of the velocities in the 2 sections
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{cf. fig. 3.2, Chapter 3), this is the velocity profile
ratio, given by the parameter v = uz/u1, where u, and u1

are the superficial velocities in the annular section and
the central core respectively. This parameter was varied
between 0.8 and 1.5 to determine the relative contributions
of wall heat transfer coefficient and effective thermal con-
ductivity to the radial temperature profiles, as the first
parameter depends upon the conditions at the wall (i.e. Tw,
u2) whereas the second parameter, in each section, is depen-
dent upon the relative magnitude of the velocity profile,
determined by parameter v.

When the velocity near the wall is the largest, compared
to the central core (i.e. v = 1.5), a larger radial temperature
difference between the wall and the centre line is obtained.
It is obvious that predictions with model M2 are expected to
be better as an extra contribution is accounted for, since
varying the value of v implies a variation in void fraction
distribution. It can be observed that in addition to h, hw
and ke; the parameter v can be used to predict the steady
state behaviour of the system. However with the present state
of knowledge concerning the kinetics, this approach seems to
be unjustified and v can only be used to show the effect of
an existing velocity profile and voidage distribution in the
fixed bed. Comparison of M1 and M2 when v=1 shows an excellent
agreement, reassuring that the numerical solution of model M1,
using one collocation point in the radial direction (see
Chapter 3) is adequate. When v>1, a higher hot-spot was pre-
dicted although its location was the same for both models.
Figure 5.19 shows the predicted radial profiles at the hot—

spot, using models M1l and M2,
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5.10.2 The pseudo-heterogeneous and heterogeneous plug-flow

models
The pseudo-~-heterogeneous models M1 and M2, compared previously
are hybrid models; although they consider the existence of 2
separated phases -~ i.e. gas and solid, linked together by
heat and mass transport at the interface - the radial
dispersion of heat and mass are evaluated in terms of
"effective"” parameters and explicitly considered in the gas-
phase.

Formally, it seems inappropriate to use correlations
derived for pseudo-homogenecus models, in hybrid or pseudo-
heterogeneous models. However a large uncertainty is introduced
when two additional parameters, the solid/wall heat transfer
coefficient and the radial conductivity for the solid-phase
are considered, in the absence of experimental data for their
evaluation.

To estimate possible differences, model M1l was modified
to include radial dispersion of heat in the solid-phase (see
Chapter 3), using similar boundary conditions at the wall.
The new model M3 now contains two extra parameters, an equi-
valent radial Peclet number for heat dispersion in the solid
phase, Prs and the Biot number at the wall for the solid
phase, Bis - involving the solid radial conductivity, kré
and the solid/wall heat transfer coefficient, hws.

To evaluate these parameters we consider the recommended
value for Bis [Dixon & Cresswell (1979)], given by the
correlation due to Olbrich (1970), which considers the ideal

case of heat transfer between a plane wall and a contacting
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hexagonal close packed array of spheres, and has the form:

Bis = 2.12 Ro
dp

The radial Peclet number for heat dispersion in the solid

phase has the form:

Pr = v pb CJQS dp = . k_e . Peh
=) kT kr r
=3 S

where o is the gas/solid heat capacitance ratio, ke and krs
are the effective and apparent sclid thermal conductivities
and Pehr is the Peclet number for radial dispersion of heat
involving ke.

At typical operating conditions, with a salt bath
temperature of 390°C and from the correlations due to

Wellauver et aql. (1982) (were ke/kr_ ~8), we have:

4
?rs ~3.2 x 10 Pehr

Then typical values are Pr_ ~3 x lO5 - 4.5 x 105, however
for values of Prs<106, the model (M3) developed numerical
instability in the form of a small discontinuity in the
axial temperature profile (producing two hot-spots). This
may be a critical parameter value which calls for a numerical
solution using more radial collocation points and/or different
numerical approach in the axial direction (see Chapter 3 and
Appendix B}.

On the other hand, it may be that the'ratio ke/krs

should be larger (i.e. the apparent solid conductivity in the

radial direction should be closer to the true solid conductivity).
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A simulation study using Prsglo6 showed that the
heterogenecus model (M3} does not exhibit parametric
sensitivity to the solid-phase heat transfer parameters when

they were varied between the limits:
10 gPrsglO7 and 0.752Bis£3.23

However, this model behaves in a similar way to variations
in the gas-phase heat transfer parameter values, hwf and krf,
as model M1l to variations in the effective parameters, hw and
ke - i.e. model M3 is more sensitive to the gas-phase heat
transfer parameters, which in the last instance determine
the system's behaviour.

A further source of uncertainty is the evaluation of the
Biot number for the gas-phase, ﬁiwf. Dixon & Cresswell (1979)
recommend to set Biw; = Biw (where Biw is the Biot number
involving effective parameters).

During model simulations all heat transfer parameters
were chosen between a reasonable range of wvalues for model
comparison. When all heat transfer parameters were evaluated
according to the correlations by Dixon & Cresswell (1979)
and Wellauer et al. (1982), the predicted values of the
effective parameters hw and ke, were significantly different
from the gas-phase parameters hwge and krf, and making predic-
tions with models M1 and M3 very different.

In order to compare model M1 and M3, the heat transfer
parameters were previously fixed. Two cases shown in figure

5.20 were considered. They are:
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Model M3 Pehr Blwf Prs Bis

A 14 1.27 5x10° 3.23

o 12 1.27 5x10° 3.23
Model Ml: Pehr Biw

X 12 1.27



156

1. Biw = Biw_. and Pe = Pe f.

£ hr hr Figure 5.20 shows that

the predicted temperature profiles with model M3 are
slightly smaller than those predicted with model Ml.
At the hot-spot where a maximum difference occurs,

the difference is 3°C.

2. For the arbitrary choice of Pe £ 1.17 Pe (i.e. kﬁf<ke)

hr hr
and Biw:E = Biw, model M3 predicts temperature {gas-
and solid-phase) profiles with hot-spots, which are about
11°C larger and are located ~5 cmdownstream with respect

to those predicted by model M1.

These examples show the sensitivity of model M3 with respect
to the gas-phase heat transfer parameters. Larger differences
between Pehr and Pe, f {(or Biw and Ble if we consider Biw #
Biw%) will increase the difference between model predictions.
It seems that at the present state of knowledge about heat

transfer phenomena in fixed beds the use of model M3 is

unjustified.

5.11 Conclusions

To date, model M1l seem to be the best to model the steady
state of fixed bed catalytic reactors for highly exothermic
reactors, where the account of the heat transfer in the
solid-phase is essential but radial dispersion effects can
be evaluated in terms of the pseudo-homogeneous concept of
effective parameters.

Model Ml takes into account the basic heat and mass

transfer mechanisms and contains few parameters. For the
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steady state the heterogeneous character could be relaxed -
especially in the case of mild exothermic reactions (Valstar
et al. (1973, 1975)) - which may require larger values of Pe,
and/or Biw. However for the dynamic behaviour, model M1

seem to be essential.

Although the construction of an effective parameter
region is arbitrary (+15% of the overall heat transfer
coefficient experimentally determined), the curves of U =
constant in the Biw - Pehr plane, which correspond to a hot -
spot in the reactor, give a priori information of the heat
transfer parameter values. Each set of values - Biw and

Pe - define the corresponding radial temperature profiles

hr
along the fixed bed.

The parameter region can be very easily defined by a
small number of model simulations, and if further tuning of
parameters is required to predict axial and radial temperature

profiles, the Biw - Pe plane provides all the information

hr
needed, at some specified operating conditions.

Model simulations have been performed, assuming the
kinetic model described in Chapter 2 [Calderbank et al. (1977}]
is adequate. The use of a different kinetic parameter value
(i.e. frequency factors and apparent activation energies) or
a different kinetic scheﬁe, will produce no doubt different
results which will depend on both, the heat transfer and the
kinetic parameters. For instance, at the beginning of the
computational study, the kinetic models due to Wainwright et

al. (1977) and Lyubarskii et al. (1973), were implemented

with less success [Jordan et al. {(1980})].
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Shortcomings in the steady state reactor model may
be due to the absence of axial dispersion of heat, however
this omission seems to be relatively unimportant compared

to the shortcomings in the kinetic model.
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CHAPTER 6

THE DYNAMIC BEHAVICUR - RESULTS AND DISCUSSION

"I not only saw from other authors, but am
convinced by my own art, that chemical experi-
ments combined with physical, show peculiar

effects.”
*
M.V. Lomonosov

(Project of foundation of a chemical
laboratory at the Imperial Academy of

Sciences, March 1745)

In this chapter the dynamic experiments mainly performed
during the last experimental stage - in which catalyst
activity was -~ constant - are analysed. These experiments
consisted of reactor start-up, step changes in O-xylene
feed concentration and ramp changes in the feed and salt
bath temperatures. Dynamic experiments at different air
flow rates were performed to observe the contribution of
heat transfer processes to the reactor dynamics.

Experiments at extreme conditions and with drastic
changes made to operating conditions were also performed,
to study the parametric sensitivity of the system and the
possibility of reactor runaway.

It is emphasized that different salt bath temperatures
were used for different air flow rates, mainly to locate the

hot—spot region inside the reactor length where the thermo-

*
quoted by: D.A. Frank—-Kamenetskii "Diffusion and Heat

Exchange in Chemical Kinetics" Princeton Univ.Press, 1955.
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couples were positioned {either axial locations 9 to 13 or
13 to 17). Although this makes direct comparison at
different air flow rates difficult, the O-xylene/air ratio
was nearly the same in all cases, except for step changes
in feed concentration.

Modelling of the reactor's dynamic behaviour is also
presented, using previous information about the heat transfer
parameters, from the steady state modelling.

Finally, calculations following the approximated criteria
for reactor runaway, due to Barkelew (1959) and Oroskar et
al. (1979), are briefly considered for experiments at

extreme conditions.

6.1 Start-up Experiments

The normal procedure for a reactor start-up was to first

set the salt bath temperature and ensure that it was uniform
along the bath. Then set the air flow rate and when the
steady state was reached, about 80% of the total O-xylene
was fed to the reactor.

During the first start-up, in the first experimental
stage, an unusual experiment was recorded, which was observed
only once. This experiment, illustrated in figure 6.1, shows
the evolution of the hot-spot with time, when a fresh and
very active catalyst, comes into contact for the first time
with a ~ 0.7 mole % O-xylene in air mixture.

The nature of the changes in catalyst activity during the
reduction and re-oxidation steps, shown by the temperature

oscillations, can be clearly seen qualitatively in figure 6.1.
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This eventually leads the catalyst to a specific oxidation
state at equilibrium, after about 25 minutes. The arrows
on the temperature profile indicate the time at which ~ 10%
step increments in O-xylene were performed.

This observation which corresponded to a measurement
before the hot-spot, at location 8, shows a purely kinetic
phenomena in which the role of heat and mass transfer mecha-
nisms is impossible to assess.

Start-up experiments at different states of catalyst
activity are shown in figures 6.2 and 6.3 for the conditions
given in Table 6.1. They were performed 10 and 380 days
respectively, after the first start-up, in the second
experimental stage. It can be observed from these figures,
that the evolution of the hot-~spot during the start-up, is
different for the two cases. 1Initially, as seen in figure
6.2, when the catalyst is very active - especially near the
exit of the reactor where the hot-spot quickly develops
(although ignition also took place at other axial positions}),
and propagates upstream. After 5 minutes, the peak which at
this time was near the top of the bed (as a result of the
fast heating up of the catalyst particles due to chemical
reaction and heat transfer), begins to travel downstream to
finally settle down at location 7, as the catalyst approaches
an oxidation-reduction state of equilibrium. This "redox"
equilibrium slowly moved towards the "steady state" activity
profile observed in the last stage of the experimental

program.



Table 6.1

Operation conditions corresponding to figures 6.2 to 6.17

Conditions at the initial steady state

Conditions during the transient behaviour

Perturbation: .
Figqure Air O-xylene tgzlzrgizge rgg;iie Cpp=0O-xylene feed concentration Mggniﬁgde
g (Nm3/hr) (gr/hr) pe P T~=feed temperature (at bed entrance) .
(°C) (bar) TO - perturbation
gp=salt bath temperature
6.2 4 0 390 1.34 start-up 154 gr/hr
6.3 4 0 390 1.34 start-up 147 gr/hr
6.4 4 165 3%0 1.33 step increase/step decreasejxchO 4.5 %
6.5 4 154 390 1.34 step increase in CAO 14.3 %
6.6 3 105 389 1.24 step increase in C,, 23 %
6.7 2 77 381 1.15 step increase in C,. 16.9 ¢
6.8 4 176 393 1.34 ramp decrease in T, 11°C
6.9 2 90 381 1.15 ramp decrease in Ty 7°C
6.10 3 129 388 1.25 ramp decrease in Ty l10°C
6.11 3 129 386 1.23 ramp increase in Ty gec
6.12 2 %0 381 1.14 ramp increase in Tqp 1°C
6.13 3 129 386 1.23 ramp increase in T 1°C
SB

6.14 4 176 3%0 1.34 ramp increase in Tgp 1°C
6.15 4 176 391 1.34 ramp increase in Tgp 1.5°C
6.17 4 154 392.5 1.35 ramp decrease in Tsn 2.5°C

€91
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On the other hand, figure 6.3 shows the start up of the
reactor with an aged catalyst. In this case, the hot-spot
slowly emerges around axial location 13 after 11 minutes,
which travels upstream to be finally located at axial
pesition 12, It can be observed from figures 6.2 and 6.3
that the slower heating-up of the catalyst particles in the
latter case, due to the chemical reaction and axial dispersion
of heat, is controllied by the rate of catalyst re-oxidation.
The difference in velocity at which the temperature profile
(or the reaction zone), travels to reach the steady state in
the previous two cases, is no doubt due to the difference
in catalyst activity.

During the first three weeks of operation with a fresh
catalyst, the initial conditions appeared to have a signifi-
cant effect on the observed catalyst activity. It was
observed, during the first experimental stage, that con-
tinuous shut-downs of the reactor, strongly deactivate
{perhaps irreversibly) the catalyst. It is normally recom-
mended to maintain the operating conditions as constant as
possible during this critical stage until the reactor achieves
a ~ constant activity profile, which will change very slowly

with time.

6.2 Step Changes in O-xylene Feed Concentration

Dynamic experiments consisting of step changes to O-xylene
feed concentration, of different magnitude, were performed

to study the parametric sensitivity of the reactor.
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As different behaviours were observed depending upon
the magnitude of the perturbation and air flow rates
{(hydrodynamic conditions), these experiments are divided

into conditions at small and large perturbations.

6.2.1 Small perturbations experiments

Any change in O-xylene feed concentration of less than 10%
was considered a small perturbation, as observed by experience.
In all these cases, particularly for high flow rates (i.e.
4 Nm3/hr air) small perturbations were characterized by a
change in the magnitude of the hot-spot but not in its
location, and by the absence of partial deactivation of the
catalyst.

A typical dynamic response to a 4.5% step increase for
conditions at 4 Nm3/hr air and 165 gr/hr O-xylene, shown
in figure 6.4, produced a 7°C increase in the magnitude of
the hot-spot. When the perturbation was reversed the steady

state previous to the perturbation was restored.

6.2.2 Large perturbations experiments

Although large perturbations of this kind are not very likely

to occur in industrial practice, it is however interesting

to observe the dynamic behaviour of the system when pertur-

bations in the order of 10 to 25% to O-xylene feed concentration

take place, especially in the presence of possible heat and mass

transfer effects, when operating at different air-flow rates.
The dynamic response of the reactor to large perturba-

tions in the O-xylene feed concentration is shown in figures
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6.5 to 6.7, in terms of transient axial temperature profiles
for three different air flow rates and the operating con-
ditions given in table 6.1.

The dynamic response to a 14.3% step increase in
O-xylene concentration for initial conditions of 4 Nm3/hr air
and 156 gr/hr O-xylene is shown in figure 6.5a, where a 28°C
increase in the magnitude of the hot-spot, but no apparent
change in its position can be observed.

For operating conditions of 3 Nm3/hr air and 105 gr/hr
O-xylene, a 22.9% step increase in O-xylene concentration
causes a 53°C increase in the magnitude of the hot-spot and
~ 5 cm downstream shift in its location, as shown in figure
6.6a.

Figure 6.7a shows a 16.9% step increase in O-xylene
concentration for conditions of 2 Nm3/hr air and 77 gr/hr
O-xylene, which produced a 47°C increase in the magnitude of
the hot-spot and a ~ 10 cm downstream shift in its location.

In all the above cases an interesting dynamic behaviour
was observed, which seems to be directly related to the
observed partial deactivation of the catalyst. This behaviour
can be better described in terms of the evolution with time
of local temperatures around the hot-spot during the the
transient period (figures 6.5b, 6.6b and 6.7b), from which
the following common features can be observed:

i} In all three cases, those axial positions before
the hot-spot, whose temperatures were larger than the salt
bath temperature, buﬁ less than 440°, experienced a tem-

perature drop which ranged from 2°-3°C for the case in
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figure 6.5b (4 Nm3/hr) to 18°C for the case in figure 6.7b
{2 Nm3/hr).

ii) In all three cases, one axial location (location
11 in figure 6.5b and location 10 in figures 6.6b and 6.7b)
experienced an initial temperature increase which passed
through é maximum, and was followed by a steady temperature
drop, until a new steady-state was achieved. The magnitude
of the overall change in temperature was the largest for the
smallest air-flow rate, for which the shift of the temperature
profile, caused a drop of 70°C (cf. figure 6.7b).

iii) The magnitude of the hot-spot was increased in
all cases depending upon the magnitude of the step increase
in O-xylene concentration and its own temperature. For the
case of 4 Nm3/hr air, no apparent change in the lcocation of
the hot-spot was observed; whereas for conditions of 3 and
2 Nm3/hr air, the hot-spot experienced a shift towards the
reactor's exit.

iv) Most axial locations after the hot-spot, experienced
an increase in temperature, because of the increase in both
O-xylene concentration and in the amount of heat transported
by the gas stream.

Before we attempt to explain this behaviour, let us
consider the following observations: first, the combination
of high O-xylene concentrations (2 1 mole %) and low salt
bath temperatures, normally cause partial deactivation of the
catalyst, which has also been observed by Sedlmeier & Felice
(1973). Secondly, at low Reynolds numbers (low air flow

rates), the contribution of axial dispersion of heat is more



177

significant than at high Reynolds number, however at low
air-flow rates and high temperatures, external mass transfer
limitations cannot easily be ignored.

It seems that the observed behayiour - shown in figures
6.5b to 6.7b - is mainly caused by partial deactivation of
the catalyst, when the active vanadium oxide species are
reduced toc a lower oxidation state of less activity, because
of the sudden increase in the O-xylene feed concentration.

The reduction of the catalyst is stronger at lower salt bath
temperatures.

It seems very unlikely that for observations in i},
mass transfer limitations could have taken place below 440°C,
even at low air-flow rates [Butt & Kenney (1977), Calderbank
et al. (1977}, in chapter 2].

The observations described in ii} suggest that the
extent of catalyst deactivation is determined by the relative
change of O-xylene/oxygen partial pressures and the salt bath
temperature level. The shift of the temperature profile which
caused a 70°C temperature drop at location 10 in figure 6.7b
can hardly be explained by external mass transfer limitations,
but rather by a strong reduction of the catalyst. Once the
early part of the bed has been partially deactivated, the
reaction zone slowly moves towards the reactor's exit.

On the other hand, the feedback mechanism of axial dis-
persion of heat, especially at low Reynolds numbers, is
expected to cause a time delay in the cooling-down of catalyst
particles belonging to the partially deactivated zone, where

the reaction is sustained for a longer period of time.
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Although this is observed at axial locations described
in ii) for low air-flow rates, it is very difficult to assess
this contribution when catalyst deactivation plays such a

major role.

6.3 Ramp Changes in the Feed Temperature

The dynamic experiments consisting of ramp changes in the
feed temperature were performed by operating the manual valve
on the by-pass to the vaporiser (see figure 4.1, Chapter 4}.
The magnitude of the perturbation for all experiments was
always the same, as the ramp change was produced by either
fully opening or closing the by-pass valve.

The ratio of by-passed air to the total air-flow rate
was expected to be the same at different air-flow rates.

This is important because if perturbations at different
operating conditions are of the same magnitude, the relative
contribution of different heat transport mechanisms can be
compared.

In all experiments of this kind, the perturbations were
relatively small and no partial deactivation of the catalyst
was expected to occur. 1In fact, when the perturbation was
reversed, the initial steady state was restored.

Typical dynamic responses of the reactor to a ramp
decrease in the feed temperature are shown: in figure 6.8 for
4 Nm3/hr air and 176 gr/hr O-xylene; in figure 6.9 for 2 Nm3/hr
air and 90 gr/hr O-xylene; and in figure 6.10 for 3 Nm3/hr air
and 129 gr/hr O-xylene. A ramp increase in the feed tem-
perature is shown in figure 6.11 for 3 Nm3/hr air and 129 gr/hr

O-xylene,
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The observed shifting of the reaction zone, illustrated
in figures 6.8 to 6.11, is caused by the cooling or heating
effects of the reacting gas to the catalyst particles, at
the inlet of the reactor.

Although the gas velocity was very different for the
three cases shown in figqures 6.8 to 6,10, the contribution
of the thermal capacity of the gas phase on the dynamic
response, is expected to be very small compared to the
contribution of the thermal capacity of the solid-phase,
which is in fact what determines the time constant of the
system.

After the perturbation, the final steady state is reached
when the relative contribution of axial and radial dispersion
of heat; the transport of heat by convective flow and the
heat released by the reaction, balance each other.

Dynamic responses of different magnitude were obtained
for different air-flow rates. It can be seen by comparison
of figures 6.8 and 6.9 that a larger departure from the
initial steady state was experienced by the system during
the perturbation, when operating with the highest air flow
rate (4 Nm3/hr air). In this case {figure 6.8) a ~ 7°C
increase in the magnitude of the hot-spot and a downstream
shift of about 8 cm in its location was produced when the
temperature after the by-pass dropped (rampwise) from 112°
to 69°C in about 12 minutes. However for the case shown in
figure 6.9, no apparent increase in the magnitude of the hot-spot
was observed and it only shifted downstream by about 4 cm,

when the temperature-after the by-pass dropped from 108°C to
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70°C in about 16 minutes. An intermediate situation can
be observed in figure 6.10, for an intermediate air flow
rate,

The above behaviour may be explained not only in terms of
a larger cooling of the early parts of the fixed-bed by a
larger convective flow, but also by the relative contribution
of different heat transfer mechanisms.

For a ramp decrease in feed temperature, the perturbation
travels downstream in the opposite direction to the axial
dispersion of heat, before the hot-spot. At low Reynolds
numbers, the relative magnitude of axial dispersion is more
significant compared to the heat transported by convective
flow, than at high Reynolds numbers. Therefore it is expected
that the shifting of the reaction zone will be smaller at low
air-flow rates, as the feedback mechanism of axial dispersion
of heat (axial conduction of heat by solid and gas-phases),
willl sustain the reaction longer, preventing the cooled region
~ at the inlet of the reactor - extending further into the
fixed-bed.

It is interesting to observe from figure 6.8, and to a
lesser extent from 6.10, that the hot-spot travels downstream
and passes through a maximum before reaching its new steady
state. This maximum will depend upon the magnitude of the
perturbation, the activity of the catalyst and the operation
conditions. For this reason, the feed temperature may not be a
suitable wvariable to control the reactor,

A similar behaviour has been observed during the catalytic

oxidation of carbon monoxide on a Pt/alumina catalyst
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[Puszynski & Hlavacek (1980)] and has been predicted among
others by McGreavy & Thornton (1970)].

Figure 6.11 shows the dynamic response of the reactor
to a ramp increase in the feed temperature. 1In this case the
hot-spot travelled about 5 cm upstream, reaching its maximum
at the new steady-state. PFor all experiments of this kind,
no maximum was observed between the initial and final steady
states. This seems obvious as the perturbation causes the
system's response to travel against the convective gas flow,

but in the same direction as the axial dispersion of heat.

6.4 Ramp Changes in the Salt Bath Temperature

Dynamic experiments consisting of ramp changes in the salt
bath temperature were performed by changing the set point

to the salt bath temperature controller. Ramp changes were
in the range 1° to 2°C and the rate of change was ~ 0.2°C/min.

A ramp change in the salt bath temperature is more drastic
than a ramp change in the feed temperature. With variation
of the salt bath temperature, the whole catalyst bed is
affected by the change, which propagates at different speeds
radially and axially, making analysis of the phenomena more
complex.

It is expected that an increase in the salt bath tempera-
ture not only increases the rate of reaction, but also the
rate of catalyst re-oxidation., In this respect it is impor-
tant to bear in mind that different salt bath temperatures
were used for different air flow rates, although the O-xylene/

air ratio was nearly the same in all cases.
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©6.4.1 Ramp increase in the salt bath temperature

Ramp increase experiments - illustrated in figures 6.12 to
6.15 - showed two types of dynamic response, which can be
described in terms of the dynamic behaviour of the hot-spot,
and which are related to the rate of catalyst re-oxidation,
This behaviour, which is more pronounced at low air flow
rates, is a strong function of the parametric sensitivity

of the system - itself a function of the operating conditions
and the activity profile of the catalyst.

Figure 6.12 shows the dynamic response of a system which
exhibits a strong parametric sensitivity to 1°C ramp increase
in the salt bath temperature for conditions of 2 Nm3/hr air and
90 gr/hr 0O-xylene.

At first, the magnitude of the hot-spot decreases

by about 40°C, 8 minutes after the perturbation;
then moves upstream, passes through a minimum, and begins
to increase until it reaches a peak ~ 20 cm upstream of the
initial steady state; then the hot-spot travels -~ 10 cm
downstream where the final steady state is reached. The
hot-spot is now 16°C smaller than its value before the
perturbation.

This behaviour is due to the effect of more reactant
being consumed in a region before the hot-spot, in which the
perturbation propagates upstream fast enough to cause a
dramatic drop in the O-xylene concentration and therefore
in the magnitude of the hot spot. In this region, which is
between axial locations 8 to 11, the catalyst becomes more
active because of an increase in the rate of re-oxidation,

which causes an increase in the rate of reaction.
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However the rather large secondary shift of the hot-spot
of ~ 10 cm downstream 26 minutes after the perturbation, was
unexpected and can only be explained because of a partial
deactivation, due to the reduction of the catalyst, which
reached its final activity profile 50 minutes after the pertur-
bation.

When comparing the steepness of both steady state tem-
perature profiles and the magnitude of their hot-—spots, it can
be realized that the differences are due to different catalyst
activity profiles. The initial steady state shows a catalyst
rather inactive between axial locations 9 and 10, but very
active between locations 11 and 13, which produced a very
steep temperature profile and a narrow reaction zone around
this region, as compared to the final steady state profile,
where the catalyst at locations 9 and 10 is more active, but
not encugh to produce a narrower reaction zone and consequently
a higher hot-spot.

The contributions of axial and radial dispersion of heat,
and heat and mass transfer at the gas-solid intexface, are
expected in this case to be larger than in the case of a
higher flow rate, however their relative magnitude {which
cannot be assessed from these experiments) is less important
as compared to that of the catalyst activity.

Figure 6.13 shows a different dynamic response as compared
to the previous case, when a 1°C ramp increase in the salt
bath temperature was performed at conditions of 3 Nm3/hr air

and 129 gr/hr O-xylene.
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At first, the hot-spot only moves ~ 2 cm upstream after
8 minutes, as apparently no catalyst re-oxidation takes place.
Then the hot-spot begins to increase and moves upstream,
and after passing through a maximum, it falls slightly to
reach the final steady state. The new hot-spot is -~ 11°C
above its initial value and is located ~ 9 cm upstream.

It can be observed that the catalyst between axial
locations 9 and 10 does not increase appreciably its tem-
perature, because at the prevailing local conditions, the
rate of catalyst re-oxidation is faster near the hot-spot
region. This is due perhaps to the existence of a larger
amount of vanadia in its lowest oxidation state, between
locations 9 and 10.

Comparison of the hot—spot trajectories for the cases
illustrated in figures 6.12 and 6.13, show two different
dynamic responses, mainly due to different rates of catalyst
re—-oxidation and, to a lesser extent, the relative contributions
of the different heat and mass transfer mechanisms.

Figures 6.14 and 6.15 illustrate two sequential responses
to 1° and 1.5°C ramp increase in the salt bath temperature
respectively, for conditions of 4 Nm3/hr air and 176 gr/hr
O-xylene. The effect of these perturbations on both the
yield of phthalic anhydride and conversion of O-xylene at
the reactor's exit (monitored at ~ 15 minute intervals during
these transient) are shown in figure 6.16, where the arrows
on the abcissae indicate the time at which the perturbation

was performed.
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Whereas figure 6.14 shows the dynamic response of a
system with low parametric sensitivity but similar to that
of figure 6.13, the behaviour of the hot-spot for the case
depicted in figure 6.15 is similar - but of different
magnitude - to the case in figure 6.12. These experiments
clearly show how different rates of catalyst re-oxidation -

a function of temperature and oxygen partial pressure -
produce different responses, which cannot be attributed to

a major contribution of heat and mass transfer mechanisms,
as they are expected to be of the same order of magnitude at
both initial steady states.

As observed in figure 6.16, an increase in the salt
bath temperature increases the conversion of O-xylene, however
there seems to be no effect on the final yield of phthalic
anhydride, suggesting that this species is mainly formed after
the hot-spot, requiring a larger residence time, as the
intermediate oxidation products have just previously been
formed (cf. figure 5.10, Chapter 5)}.

In a region after the hot—spot, the temperature levels
in both cases are nearly the same, therefore the final yield
of phthalic anhydride is not significantly affected, however -
it is expected that the amount of intermediates is affected
by the perturbation.

The above four cases suggest that the magnitude of the
change to this kind of perturbation is not only determined
by a change in the activity of the catalyst, and by the
relative contribution of heat and mass transport at the gas-

solid interface as well as axial and radial dispersion effects,
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but alsoc by the operating conditions which determine the
sensitivity of the system. This is clearly illustrated in
figure 6.22, when 1°C ramp increase in the salt bath tem-
perature, performed at conditions of 4 Nm3/hr air and 242
gr/hr O-xylene (~1.5 mole %), produced a very large increase
in the magnitude ©f the hot-spot during the transient

behaviour.

6.4.2 Ramp decrease in the salt bath temperature

A decrease in the salt bath temperature produced a similar
response to a decrease in the feed temperature, although
the former normally leads to larger departures from the
initial steady state, which caused very high hot-spots when
the catalyst was very active.

Figure 6.17 shows the response to a 1°C ramp decrease
in the salt bath temperature for conditions of 4 Nm3/hr air
and 154 gr/hr O-xylene.

The observed dynamic response in the above figure is
due to the cooling-down of catalyst particles in the early
parts of the fixed bed which causes a reduction in the rates
of reaction and catalyst re-oxidation. As a result of 4° to
6°C temperature drop at axial positions 4 to 7, a larger
amount of unreacted O-xylene reaches the hottest part of
the reactor, then the hot-spot increases in magnitude, travels
downstream and passes through a maximum value (14°C above its
initial value), before reaching its final steady state which
is ~ 15 cm downstream from its initial location and 4°C

smaller in magnitude.
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This experiment shows that a reduction in the salt
bath temperature cannot be considered as an alternative
strateqgy to control the reactor, as very high transient
hot-spots can be experienced, depending upon the activity
profile of the catalyst.

Concentration measurements at the reactor's exit during
the transient period, showed an increase in the vield of
phthalic anhydride from 60 mole % before the perturbation,
to ~ 68 mole % at 26 and 45 minutes after the perturbation.
However no apparent effect was observed in the O-xylene
conversion, and it only changed from 93.3 to 92 mole % in
the last measurement. This observation supports the previous
argument that the phthalic anhydride is mainly formed in
the second half of the reactor. When the salt bath temperature
was lowered below a critical wvalue, which is inherent to
the activity of the catalyst, the latter was strongly reduced
by the unreacted O-xylene in the early parts of the reactor.
For instance, during the fourth experimental stage, the

critical temperature was ~ 385°C.

6.5 Experimental Study on the Parametric Sensitivity and

Reactor Runaway

From both industrial and academic points of view; reactor
runaway is a very important and interesting topic in the
design of fixed bed reactors, particularly in the case of
highly exothermic reactions.

To date, only a few experimental studies have been
published (El-Sawi et «l. (1978), Emig et al. (1980), Eigen-
berger & Wegerle (1982])], some of them with the purpose of

confirming existing runaway criteria.
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It is not the aim of this section to review the
existing theoretical contributions to the study of parametric
sensitivity and reactor runaway*, but to present an experi-
mental study on the parametric sensitivity of a catalytic
reactor, which seems to be operating stably inside the
sensitive or runaway region.

Before we proceed to describe the experiments, a
definition of parametric sensitivity and reactor runaway
in the context of this work, may be in order.

A reactor is said to be operating stably when no
departure of the steady state is observed except by the
presence of an external perturbation to the operation
variables (i.e. concentration and temperature at the feed
and salt bath temperature).

A reactor is said to exhibit parametric sensitivity
when small changes to the operation variables, produces
significant departures from the steady state, which can
result in the runaway of the reactor.

A formal definition of runaway, following Morbidelli
& Varma (1982) is: "a runaway condition for the reactor
exists when there is a hot-spot in the temperature profile
along with the presence of a positive second derivative in

the profile of temperature versus conversion before the hot-spot.

A review of several criteria for parametric sensitivity and
reactor runaway in tubular reactors considering pseudo-
homogeneous models have been published by Hlavacek (1970},

Endo et al. (1978) Puszynski ef al. (198l), and Morbidelli

& Varma (1982} among others. Generalized runaway criteria
considering the heterogeneous nature of the catalytic reactor
have been presented by McGreavy & co-workers [1970, 1973, 1974].
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Following Dente et al. {1964, 1966) a runaway condition
exists when the axial temperature profile has an inflexion
point where the third derivative also vanishes,

In the context of the partial oxidation of hydrocarbons
a more relevant criterion is a loss of the selectivity to
partial oxidation preoducts. A large increase in the amount
of combustion products - i.e. CO and co, - sometimes followed
by a strong catalyst deactivation are normally due to very
high hot-spots (2550°C).

Five experiments at extreme conditions and/or with
drastic changes made to the operating conditions were per-
formed. It must be emphasized that the operating conditions
corresponded to those used in industry.

The experiments consisted of: step increases in O-xylene
feed concentration above 1 mole %, at two different salt
bath temperatures; a 1°C increase in the salt bath temperature
to a system operating at high O-xylene feed concentration
( 1.5 mole %); a 1B°C ramp increase in the salt bath tempera-
ture, followed by a 18°C ramp decrease, to a system operating
at typical industrial conditions; a sudden start-up of the
reactor with a fresh catalyst. The corresponding operating
conditions are given in tabie 6.2,

To estimate theoretically the parametric sensitivity of
the system based on the experimental data available, the
approximate criteria due to Barkelew (1959) and Oroskar &
Stern (1979) were considered, together with a simple (lumped)
kinetic scheme for the O-xylene rate of disappearance, based
on the kinetic model derived by Calderbank et al. (1977) (see

Appendix D for details and calculations}.



Table 6.2 Operation conditions corresponding to figures 6.18 to 6.27
. Salt bath Inlet .
, Air O-xylene : Magnitude of
Figure (Nm3/hr) {gr/hr) tem?fé?ture prigzgfe Perturbation the perturbation
6.138 4 147 390 1.34 2 consecutive step increases in 19.7 and 16.5%
the O-xylene feed concentration
6.20 4 141 386 1. 34 6 consecutive step increases in 9.2, 14.3, 9.7,
the O-xylene feed concentration 9.8, 7.5 and 6.1%
6.22 4 242 386 1.34 ramp increase in the salt bath 1°C
temperature
6.24 4 176 390 1.35 ramp increase/ramp decrease in 18°¢C
the salt bath temperature
6.27 0 0] 380 1.33 sudden start-up of the reactor 4 Nm3/hr air and
for a fresh catalyst 176 gr/hr O-xylene

00z
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The results for these experiments are given at the end
of this section, in terms of the runaway criteria presented

by Barkelew (1959), and Oroskar & Stern (1979).

First experiment: This experiment, illustrated in figure
6.18, shows three steady state temperature profiles corres-
ponding to conditions of 147, 176 and 205 gr/hr O-xylene and
4 Nm3/hr air. The fourth profile corresponds to the transient
observed four minutes after a step increase from 176 to 205
gr/hr in the O-xylene flow rate was performed.

For the set of operation conditions used in this case
{see table 6.2), it can be clearly seen that the reactor
exhibited a very strong parametric sensitivity when a 16.5%
step increase in the O-xylene feed concentration was per-
formed at conditions of 176 gr/hr O-xylene. As a result of
this perturbation, the hot-spot increased by . 47°C producing
the highest hot-spot ever observed ~ i.e. ~ 593°C but without
any apparent change in its location. In comparison, an
increase of ~30°C in the hot-spot was experienced when the
O-xylene flow rate was increased from 147 to 176 gr/hr - i.e.
9.7%. |

From this experiment the following cobservations can be

made:

1) As a result of two seguential step increases in the
O-xylene feed concentration, the catalyst at locations
9, 10 and 11 experienced a slight temperature drop, as

observed in figure 6.19.
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2) The temperature at locations 12 and 13 increased
considerably, making both the temperature profile
steeper and the reaction zone in the wvicinity of the
hot-—-spot, narrower.

3) Although no apparent contributicn of axial dispersion
of heat was observed during the first 10 minutes, at
location 11 (figure 6.1%), despite . 47°C temperature
increase at location 12 - which is 10 cm downstream
from the previous one - a continuous temperature rise
(which lasted 8 minutes) was observed at location 11,
after 13 minutes. This temperature increase is very
likely due to axial dispersion of heat, as no
apparent change is obhserved in the activity of the

catalyst at any other axial position.

Concentration measurements performed 50 minutes after
the second step increase in O-xylene concentration, at the
reactor's exit, showed that a large amount of CO and co,
were produced, whereas the yield of phthalic anhydride was
in the range 41 to 56 mole % for conversions of O-xylene in
the order of 99.9 mole %. As shown in figures 6.18 and 6.19
no apparent catalyst deactivation can be observed, however
this experiment produced the highest hot-spot ( 593°C), the
lowest yield of phthalic anhydride and the largest amount of
over-oxidation products - i.e. CO and C02. In other words,

a large reduction in the selectivity to phthalic anhydride.
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Second Experiment: To operate the reactor safely at

high O-xylene concentrations, with high yields of phthalic
anhydride and avoiding possible damage to the catalyst because
of very high hot-spots - as observed in the previous experi-
ment, performed four days before - the salt bath temperature
was reduced by 4°C from that in the previous case. In this
experiment, the reaction zone around the hot-spot is 40 cm
downstream from that in the previous experiment (see figure
6.18), and despite the higher O-xylene concentration, the
magnitude of the hot—spot is smaller in the present case as
a result of a lower salt bath temperature. This also causes
the catalyst to be less active between locations 9 to 13.

Figure 6.20 shows seven steady states, corresponding to
different O-xylene concentrations up to -~ 1.5 mole %, produced
by a sequence of seven step increases. It can be seen that
the steepness of the temperature profile increases with the
O-xylene concentration.

This experiment clearly shows how both the temperature
profile becomes steeper and the reaction zone becomes
narrower as the O-xylene feed concentration is raised step-
wise. This is a direct result of partial deactivation of
the catalyst, which is stronger at axial location 14, as
illustrated in figure 6.21.

It is of particular interest to our discussion on
reactor runaway, to observe the dynamic behaviour during the
step increase in O-xylene flow rate from 228 to 242 gr/hr.

A 28°C increase in the magnitude of the hot-spot, 6 minutes
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after perturbation {the highest temperature profile in
figure 6.20), produced a very steep temperature profile
before the hot-spot - which could have satisfied the runaway
conditions. A temperature difference of ~ 112°C in only

10 cm, between location 14 and 15, clearly shows a very
large difference in catalyst activity - which gives rise

to a system which exhibits a very strong parametric
sensitivity.

Despite the above remarks and although the system has
similar characteristics as observed in the previous experi-
ment, a different result was obtained with respect to the
yield of phthalic anhydride, which was in the order of 75.6
to 84.3 mole % for a 99.46 to 99.5 mole % conversion of
O-xylene. These measurements were taken 30 minutes after
the final steady state was achieved, and correspond to the

first 60 minutes of the data shown in figure 6.23.

Third Experiment: In order to observe the reactor's
parametric sensitivity to perturbations in the salt bath
temperature when operating at high O-xylene concentrations,
the reactor operating at the final conditions in the previous
experiment, was exposed to a 1°C ramp increase in the salt
bath temperature.

As expected, the system exhibited a strong parametric
sensitivity, as observed in figure 6.22, which is no doubt
due to the extreme operating conditions.

The catalyst at location 14 experienced a . 120°C

temperature rise, 27 minutes after the perturbation, whereas
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location 13, which is only 10 c¢cm upstream, only raised its
temperature by ~ 10°C, showing again a very large difference
in catalyst activity (which is rather low between locations
9 and 13).

It is interesting to observe the way the reaction zone
previous to the hot-spot narrows and the temperature profile
becomes steeper. But perhaps the most remarkable results
from this experiment are the apparent absence of loss of
selectivity and the stability of phthalic anhydride to
undergo further oxidation, despite a dramatic increase in
the temperature profile which causes a ~ 60°C increase in
the hot~spot, as observed in figures 6.22 and 6.23., The
last figure shows the yield of phthalic anhydride, the
conversion of O-xylene - both at the reactor's exit - and
temperature dynamics at location 14 and 15, during the
transient period until the new steady state was achieved.

External mass transfer limitations are ruled out as the
cause of phthalic anhydride's insensitivity to combust, and
this may only be explained by assuming that most of the
phthalic anhydride is formed after the hot spot, as larger
residence times may be required -~ as previously suggested

{see also Chapter 5).

Fourth Experiment: The aim of this experiment was to
obtain information on the dynamic behaviour of a reactor
operating at typical industrial conditions, when large dis-
turbances in the salt bath temperature occur.

For an industrial reactor it is essential to know both

the maximum attainable and allowable temperatures, for a
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feed composition and feed and salt bath temperatures,
preserving catalyst activity and reactor stability.

So far, previous experiments have shown some unexpected
results and although the reactor has shown a strong para-
metric sensitivity, its operation is remarkably stable.

In this experiment, illustrated in figure 6.24, the
reactor operating at conditions of 176 gr/hr O-xylene and
4 Nm3/hr air, was exposed to a 18°C ramp increase in the
salt bath temperature.

Initially, after a decrease in the magnitude of the
hot-spot, the temperature profile (profile 1), or more
properly a reaction front, begins to propagate in the opposite
direction to the gas flow, due to the increase in the salt
bath temperature. After a transient period of 95 minutes,
when the salt bath temperature has reached its new set point
value, the hot-spot was 70 cm upstream (profile 4) from its
initial steady state location (profile 1). Then the dis-
turbance was reversed, which caused the reaction front now
to move in the same direction as the gas flow. After a
transient period of 75 minutes the initial operating con-
ditions were restored, however a different steady state
temperature profile (profile 8) was achieved, as compared
to the initial steady state temperature profile (profile 1).

These observations can be summarized in the following

way:

1) Upstream propagation of the reaction front:
i} The observed dynamic behaviour is not purely

a heat transfer process in which axial dispersion
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of heat plays the major role [Padberg & Wicke
(1967), Wicke et al. (1968, 1972), Puszynski

et al. (1980), Eigenberger (1972)], but one in
which chemical reaction plays the most important
role, as the activity of the catalyst is restored
(to a different extent along the early parts of
the fixed bed), during the rampwise increase in
the salt bath temperature .

ii) The velocity at which the reaction front propagates
upstream depends on: the rate of catalyst re-
oxidation, the rate of increase in the feed
temperature and the axial dispersion of heat
(a function of the thermal conductivity of the
fixed bed).

iii) The velocity of propagation of the reaction
front is not constant*. Between profiles 1 and
2, the dynamic response of the reactor seems to
be governed by the rate of catalyst re-oxidation,
as the reaction front propagates faster (average
velocity ~ 2.8 cm/min). In this region, between
axial locations 7 and 12, the catalyst seemed to
restore its activity, which avoided the possibility
of a high hot-spot as the reaction front was

shifted upstream.

Originally a ramp increase of only 12°C was planned, to avecid
possible damage to the catalyst. Then, after some time, the
salt bath temperature was increased again for a total of 18°cC.
Therefore the time period between profiles 2 and 3 does not
correspond to a continuous rampwise increase in the salt bath
temperature.
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On the other hand, between prcfiles 3 and 4
the system's response seems to be due to a purely
heat transfer process. This explains the lower
average velocity of propagation of the reaction
front of . 0.4 cm/min. In this region, between
axial locations 4 to 7, the activity of the cata-
lyst seemed to be only partially restored, despite

the high salt bath temperatures.

In the latter region (profiles 2 to 4), almost an
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identical axial temperature profile seemed to move upstream

and the magnitude of the hot-spot appeared to be insensitive

to changes in the magnitude of the salt bath temperature.

2) Downstream propagation of the reaction front:

i)

ii)

iii)

As the salt bath temperature is reduced rampwise,
the feed temperature falls and the catalyst is
reduced {(partially deactivated) simultaneously,
causing the temperature of the catalyst par-
ticles in the early parts of the reactor to fall.
As a result, less reactant is consumed in this
region, reaching parts of the bed which are
already hot, causing the observed high hot -
spots in profiles 5, 6 and 7.

Larger hot-spots were observed when the reaction
front travelled downstream as compared to up-
stream travelling, as shown in figure 6.25.

The velocity of propagation of the reaction front
when the salt bath temperature was reduced ramp-

wise, was -~ 1 cm/min, which is about 2.5 times
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faster than in the opposite direction, in the
region located between axial positions 6 to 10,
In this case the propagation travels in the same
direction as the gas flow. [This behaviour was
also observed by Puszynski et al. (1980)}].

iv} The initial and final steady states, profiles
1 and 8 respectively, are not the same although
all the operating conditions are identical in
both cases. It can be observed that profile 8
has the same shape as profile 1 (as if profile
1 has shifted upstream), however the smaller hot-
spot in profile 8 is produced because of the slight
catalyst re-oxidation between locations 6 and 11,
which by becoming more active, causes a larger
depletion of reactants, which in turn produces
an increase in the rate of reaction in this
region. Although the catalyst re-oxidation in
this region was rather unexpected under these
circumstances it is consistent with previous

observations.

This experiment shows the complexity of a dynamic
process where interaction between physical and chemical
mechanisms take place to a different extent along the
reactor. The relative contribution of axial (and radial)
dispersion of heat and chemical reaction varies due to the
presence of activity profiles in the reactor, as the catalyst
activity is not restored to the same extent in the early parts

of the fixed bed.
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The phenomena of travelling temperature profiles or
reaction fronts has been observed to occur in non-adiabatic
fixed bed reactors when perturbations in the feed composition
[Puszynski & Hlavacek (1980)] or fast catalyst deactivation
by poisoning [Price & Butt (1977}, Hlavacek et al. (1980)]
take place. This phenomena, however, has been more commonly
observed in adiabatic systems, where the axial dispersion
of heat is relatively more important [Padberg & Wicke (1967},

Wicke et al. (1968)1].

Fifth Experiment: This last case, is actually the first
observed dynamic experiment in this study, in which a sudden
change in operating conditions, caused the reactor to
runaway, with a corresponding deactivation of the catalyst.

Although this was not a planned experiment (and in
this respect was unigue), it is presented here for the sake
of completeness.

This experiment, illustrated in figures 6.26 and 6.27,
shows the accidental start-up of a reactor, charged with a
fresh catalyst in its fourth day of semi-continuous operation,
during the first experimental stage in June 1979.

The reactor while operating automatically at conditions
of 4 Nm3/hr air and 176 gr/hr O-xylene, was shut down by an
interruption in the cooling water to the main condenser (see
figure 4.1 in chapter 4). A few minutes after realising
this problem, the switch to automatic operation, was set
erroneously to manual operation, which re-started-up the

reactor, feeding the air and O~xylene (4 Nm3/hr and 176 gr/hr
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respectively) simultanecusly to the reactor, while the
temperature of the catalyst at the previous location of
the hot spot, was still higher than the salt bath temperature.

When this experiment was recorded, only a few platinum
resistance thermometers were available, therefore an
incomplete axial temperature profile was recorded and in
this respect the experiment is a very good gualitative
description of the observed phenomena.

This experiment lasted only 26 minutes as the reactor
was shut-down afterwards.

Figure 6.26 illustrates the reactor runaway, which was
caused by the sudden contact of a high air-O-xylene mixture
( 1 mole %) with a very active and very hot catalyst. The
quick evolution of the hot~spot moving downstream, with a
maximum of ~526°C (for a salt bath temperature of 380°C),
was followed by a strong catalyst deactivation, causing the
temperature profile (reaction zone) to travel downstream.
After 24 minutes, the position of the hot-spot was shifted
35 cm downstream and its magnitude reduced to about 23°C.
and a length of catalyst of about 40 cm was deactivated,
which seemed to be stronger between the locations labelled
A and B.

Figure 6.27 illustrates the evolution with time of three
axial positions in the reactor, labkelled A, B and C in figure
6.26, during the transient behaviour. From figure 6.27 we
can observe that the catalyst activity changed with position,
as shown by the slopes dT/dt during the ignition of the

reaction. The region of maximum activity appear to be around
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location A, for which d4T/dt > 1.3°C/sec during the ignition
period after the first 5 minutes. Along the transient
period a travelling temperature wave can be observed until
eventually the steady state is approached.
The slopes dT/dt in figure 6.27 for locations A, B and
C give a good gqualitative picture of the rates of reaction -
i.e. catalyst activity, at different axial locations in the
reactor.
Although higher temperatures have been recorded during
some experiments, we have toc consider that:
i} This was not a properly aged catalyst, therefore
its behaviour entirely depended upon its activity.
ii) Platinum resistance thermometers produce radially
average temperature readings.
iii} The salt bath temperature was the lowest i.e.

380°C.

6.6 The Runaway Criteria - Comparison with Experiments

Previocus experiments, especially the last 5, have shown
that the reactor presents a strong parametric sensitivity
to feed concentration and salt bath temperature.

It is interesting therefore to compare the experimental
observations with some approximate criteria for reactor
runaway [Barkelew (1959), Oroskar & Stern (1979}1].

It is believed that the use of more elaborate criteria,
such as the one developed by McGreavy et al. (1970, 1973, 1974),
which includes the heterogeneous nature of the catalytic
reactor, is unjustified in the present case, because of the
large uncertainty in the values of some parameters involved in

this generalized criterion, especially catalyst activity.
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The runaway criteria is presented in terms of both:

a runaway diagram {Barkelew {1959)] illustrated in figure
6.28 and a plot of critical runaway parameter values [Oroskar
& Stern (1979)] shown in figure 6.29.

The calculations were performed assuming a lumped first
order kinetic model (O-xylene — P), is an adequate model
to represent the reaction up to the hot-spot. Details and
calculations are presented in Appendix D.

Other criteria, alsco shown in figure 6.28, were not
evaluated. The figures were adapted from Froment & Bischoff
(1979), and Oroskar et al. (1979). As observed from figures
6.28 and 6.2%9, in all cases the reactor is operating inside
the sensitive or runaway region.

The limitation of this criterion is that it is a steady
state criterion and as such it cannot give any information
concerning the sensitivity of the reactor (cf. experiments
in figqures 6.21 and 6.22) or about the departure from the

initial steady state.

6.7 Conclusions

The dynamic experiments ~ consisting of step changes in the
O-xylene feed concentration and ramp changes in the feed and
salt bath temperatures - at different air flow rates, have
shown the complex interaction of physical and chemical
(catalyst deactivation} processes, the relative contributions
of which are impossible to assess.

Although temperature measurements during the dynamic

behaviour are subject to error due to heat conduction along
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the sheathed thermocouples {located at right angles to the
gas flow), the measured axial temperature profiles give
gualitatively a very good description of the transient
behaviour.

For small perturbations (<10%) in the O-xylene feed
concentration, no apparent catalyst deactivation seems to
take place. However for large perturbations especially at
low air flow rates, the catalyst - in the early parts of the
reactor - is partially deactivated and the system shows a
strong parametric sensitivity to O-xylene feed concentration.

For small perturbations in the feed temperature at
different air flow rates, no partial deactivation of the
catalyst was observed. When the perturbation was reversed
the initial steady state was restored.

For small perturbations (1°-1.5°C) in the salt bath
temperature, the system's response is affected by the
relative contribution of axial dispersion of heat and
chemical reaction, as observed when experiments at different
air flow rates were performed. It was observed that at low
air flow rates, the system exhibits a stronger parametric
sensitivity to salt bath temperature, probably because axial
dispersion of heat is more significant.

There is a strong correlation between partial deactiva-
tion of the catalyst during the transient behaviour {changes
in the activity profile) and the parametric sensitivity shown
by the system, as observed especially from experiments at
extreme conditions and with drastic changes made to the

coperating conditions.
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Despite the strong parametric sensitivity shown by the
reactor when operating at extreme conditions (cf. figures
6.28 and 6.29) its operation is remarkably stable. The
absence of loss of selectivity in most of the dynamic experi-
ments seems to be associated with the change in the apparent
activation energies, from 108.8 to 54.4 kJ/mole above 440°C
[Calderbank et al. (1977), Butt & Kenney (1976)]. The large
thermal capacity ©of the molten salt bath and dimensionless
activation energies, Yy,

3
reactor runaway [Hlavacek (1982)].

<20, preclude the possibility of

The previous experiments have shown that the oxidation-
reduction or "redox" dynamics of the catalyst activity profile
is the kKey to understand the observed transient behaviour.

The rate of catalyst re-oxidation, which is the dominant
effect of the reactor dynamics, is a strong function of the
local temperature and - in this context - of the axial
dispersion of heat, especially at the beginning of the
transient.

Therefore it is essential for the kinetic model to

include this phenomena.

6.8 Modelling of the Dynamic Behaviour

A dynamic model for con-line estimation and control of a
fixed bed catalytic reactor must be based on a thorough
experimental program. It must be able to predict the
measured experimental effects of the variations of key
variables such as salt bath temperature, feed flow rate,

concentration and temperature on the dynamic behaviour of
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the reactor; this in turn, requires a knowledge of the
kinetic and transport parameters involved in the model.

The dynamic model used to predict the dynamic behaviour
of the reactor was the plug-flow pseudo-heterogeneous model
developed in Chapter 3, which steady state version (model M1)
has been compared to the experimental data in Chapter 5.

The steady state modelling has provided the relevant information
about the transport parameters contained in the steady state
model, and at the same time has shown the shortcomings of

the kinetic model.

On the other hand, the dynamic experiments presented
previously, have clearly shown that the oxidation - reduction
or "redox" dynamics of the catalyst activity profile plays
the dominant role in the dynamic behaviour of the reactor,
and in this respect catalyst re-oxidation during the transient
period, in the region previous to the hot-spot, is a strong
function of the local temperature and therefore of axial
dispersion of heat. Although the latter heat transfer
mechanism has a minor contribution to the dynamics, its
effect is mainly realized in the rate of catalyst re-oxidation.

Under these circumstances the modelling of the reactor's
dynamic behaviour was performed in order to assess the
adequacy of the dynamic model to describe the main features
of the observed transient behaviour when the reactor, operating
in steady state was exposed to a specific perturbation. Only
the predicted responses of the gas-phase are presented for

the sake of clarity when compared to experimental responses.
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6.9 Perturbations in the Feed Concentration

To compare model predictions when perturbations in the
O-xylene feed concentration take place, the following three
cases were considered.

The first case, illustrated in figure 6.30, shows the
predicted dynamic response during the start-up of the
reactor, which when compared to the observed response in
figure 6.2, shows a very good qualitative agreement. It can
be observed however that the model predicts a faster dynamic
response. The second case, illustrated in figure 6.31
considers a 4.5% increase, followed by a 4.5% step decrease
in the O-xylene feed concentration to operating conditions of
4 Nm3/hr air and 165 gr/hr O-xylene. In this case again,
there is a good qualitative agreement between the observed
and the predicted dynamic responses.

The third case, illustrated in figure 6.32, considers
a 23% step increase in the O-xylene feed concentration to
operating conditions of 3 Nm3/hr air and 105 gr/hr O-xylene.
This case corresponds to the experiment shown in figure 6.6a.
Compariscn of experimental and predicted responses shows
that the model not only overestimated the initial steady
state {using Biot and Peclet numbers from the parameter region
defined in Chapter 5), but it showed less sensitivity to
O-xylene feed concentration. The total change in the magni-
tude of the hot spot predicted by the model is only half the
observed value. On the other hand, no catalyst deactivation

can be predicted with this kinetic model.
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In all the previous cases the model predicts a wider
axial temperature profile (also true for the predictions
of the steady state behaviour) and a faster predicted

response, than those observed experimentally.

6.10 Perturbations in the Feed Temperature

The predicted sensitivity of the axial temperature profile
to the feed temperature is shown in figures 6.33 and 6.34.

Figure 6.33 illustrates the predicted response to a
20°C ramp decrease in the feed temperature., When this
response is compared to the experimental one, shown in figure
6.8, we can observe that although the model predicts the
initial increase of the hot-spot, the final steady state
does not correspond to the observed one.

Figure 6.34 shows the predicted response to a 5°C ramp
increase in the feed temperature to operating conditions
similar to those in figure 6.11. Although the predicted
response is qualitatively in good agreement with the experi-
mental one, the former is faster. On the other hand, the
model describes a dynamical system which hardly exhibits
any parametric sensitivity, compared to the experimental
system.

It seems that the failure to include both the re-oxidation
of the catalyst and the axial dispersion of heat, explains
the above discrepancies.

Experience showed that large perturbations were required
in order to predict qualitatively the observed behaviour.

Figure 6.35 shows the dynamic responses at two different
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axial locations: the hot-spot, and at 20 cm upstream from
the hot-spot, when the feed temperature changes drastically
{step-wise) - as shown in figqure 6.35 - for operating con-
ditions of 4 Nm3/hr air and 176 ér/hr O-xylene. In this
particular case the series of perturbations occurred in a
period of 750 residence times (-~ 6 minutes}. Although the
predicted response has the correct trend, no significant

shift in the hot-spot location was observed.

6.11 Perturbation in the Salt Bath Temperature

To model the dynamic behaviour of the reactor when there is

a perturbation in the salt bath temperature, we can consider

- among others - one of the following simplified assumptions:

i) The salt bath behaves like a perfect stirred tank

with uniform temperature - equal to the wall tem-
perature - which changes rampwise. The feed
temperature (i.e. at z=0 for t>0), attains the
wall temperature instantly.

ii} The wall and salt bath temperature are related
via a heat balance at the wall, and the feed
temperature (i.e. at z=0 for t>0}, attains the
wall temperature instantly.

The present model considers assumption i, which assumes
an infinite heat transfer coefficient at the wall, at z=0.
Relaxing this implies the modification of the boundary
conditions for the gas and solid phases at z=0 for t>0.

Figure 6.36 shows the predicted dynamic response to a 3°C

ramp decrease in the salt bath temperature, for the same
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operating conditions as those of figure 6.17. In this case
the model predictions do not even show the correct trend
cbserved. Also the sensitivity showed by the experimental
system was always larger than those predicted by the dynamic
model.

Figure 6.37 shows the predicted response to an ideal
10°C step increase in the salt bath temperature, for the
conditions, corresponding to those of figure 6.15. It can
be observed that despite the drastic change in the salt bath
temperature, no significant upstream shift of the temperature
profile occurred, as observed experimentally, where smaller
perturbations showed both an increment and an upstream shift
in the position of the hot-spot.

It is apparent that in order to predict gualitatively
the observed dynamic behavicur, the model has to incorporate
the reduction/re-oxidation dynamics of the catalyst, into
the kinetics and, when modelling the case of large pertur-
bations in the salt bath and feed temperatures, the inclusion
of axial dispersion of heat may be essential. Otherwise,
the present dynamic model is inadequate to predict the
observed response - especially in the case of a change in the

salt bath temperature.

6.12 Modelling of Catalyst Activity Profiles - A Simple
Appxoach

A simple approach was taken to model catalyst activity

profiles in the reactor, by including an "activity" parameter
into the kinetic model, which multiplies the rate equations.

The approach considers the reactor length divided into
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NE regions of size Az k=t%,2, ... , NE, each one having

!
either the same or different catalyst activity, which varies
with time during the transient behaviour.

In order to simulate an increase in catalyst activity
due to an increase in the rate of catalyst re-oxidation (or
a reduction of catalyst activity due to partial deactivation
the activity parameter, a

alt., Azk), was allowed to

ik .

vary at regular time intervals t between arbitrary limits.

j!

Figure 6.38 shows the predicted dynamic response to a
10°C ramp increase in the salt bath temperature, when NE = 5,
for: Oéajkél.75. It can be observed that the predicted
response is in good gualitative agreement with previous
experimental observations. Although this is an empirical
approach in which an arbitrary change in the catalyst
activity profile is set up a priori, it shows the feasibility
of their incorporation into the kinetic model. However,
inclusion of axial dispersion of heat to the dynamic model
under these circumstances is questionable.

On the othexr hand, off-line estimation of ajk is an

alternative to consider, to avoid its arbitrary choice.

6.13 Conclusions

The aim of developing a dynamic model was two-fold: to
study the dynamic behaviour and to examine preliminary
feasibility of on-line estimation and control of the fixed
bed reactor.

It has become apparent that unless catalyst activity
profiles are considered, the dynamic model is far from

predicting the observed behaviour.
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The strong parametric sensitivity observed during the
transient experiments was not predicted by the model. On
the other hand, the strong departures from the steady state,
observed after the perturbation was performed, cannot bhe
very easily predicted when catalyst deactivation/re-~oxidation
is not considered in the kinetic model.

The experiments seem to indicate, especially in the
case of a ramp increase in the salt bath temperature - when
the perturbation travels in opposite direction to the
convective flow - that the contribution of axial dispersion
of heat should be included.

Although the steepness of the experimental axial tem-
perature profiles may suggest larger apparent activation
energies, which no doubt will cause the reactor model to
be more sensitive, other theoretical studies - in which
inadequate kinetics, estimated perhaps from a very active
fresh catalyst with YjZZO - have produced misleading results
when predicting the steady state behaviour for smaller values
of the salt bath temperature in a similar reactor-reaction
system [Froment (1967), Lerou & Froment (1977)]. Such
predictions have not been observed experimentally; even in
the case of large disturbances in the salt bath temperature
(cf. figure 6.24). There is no doubt that the observed re-
activation of the catalyst when the salt bath temperature
is increased, plays a very important role in avoiding the
possibility of developing very high hot-spots.

The reactor seems to be such a stable system (in the

sense of our previous definition) - although exhibiting strong
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parametric sensitivity at extreme operating conditions -

that it makes any attempt to use a sophisticated control
scheme unjustifiable. 1In this respect a simple control
scheme (with air and O-xylene flow rates as contreol variables)
appears to be just as adequate.

The case in which a section of the fixed bed is
irreversibly deactivated, poses a more sericus control
problem. In this case a disturbance like the one performed
in the case of figure 6.24, will produce a very large increase
in the hot~spot and very likely, a reduction in the selec-

tivity to phthalic anhydride.



244

CHAPTER 7

CONCLUSIONS

In this study, we have presented the analysis of the steady
state and dynamic behaviour of an industrial scale fixed
bed catalytic reactor, where a highly exothermic reaction
takes place - the air-oxidation of O-xylene to phthalic
anhydride on a V205/Tio2 catalyst.

The aim of this work was to develop a mathematical
model to predict the dynamic behaviour of the reactor when
small and large perturbations in the operation variables
occur.

To obtain some insight into the complex interactions
between physical (heat transfer) and chemical (catalyst
deactivation/re-oxidation) phenomena in fixed bed catalytic
reactors, steady state and dynamic experiments at several
operating conditions were performed. During these experi-
ments, axial and radial temperature and axial concentration
measurements were made.

Several important aspects have emerged from this study,

they can be summarized as follows.

I. Steady State Experiments

1) Axial and radial temperature profiles have shown
the existence of severe temperature gradients.
Typical temperature differences - around the
hot spot - were in the order of 80° to 120°C in

about 20 cm axial distance, and in the order of
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30° to 50°C in about 8 mm radial distance.
Despite these, a high selectivity to partial
oxidation products was (except in one case)
always maintained.

Safe reactor operation at high O-xylene/air ratios
was possible, suggesting that there is an optimum
operating condition for high phthalic anhydride
yields and small risk of damage to the catalyst,
although the parametric sensitivity of the system
is thereby increased.

Partial {reversible) deactivation of the catalyst
takes place when the reactor is operating at:

i - high O-xylene/air ratios,

ii - low salt bath temperature

iii - a combination of both.

Continuous plant shut-downs can deactivate the
catalyst irreversibly.

Catalyst re-activation using air at 400°-410°C
for a period of ~ 30 hrs was successful, allowing
reproducibility of experiments.

Experiments conducted with a normal activity

and a partially deactivated catalyst bed, have
shown that despite the large differences of axial
{(and radial) temperature profiles, the phthalic
anhydride yield (and selectivity to partial
oxidation products) was nearly the same in all

cases.
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The relevance of these results in the industrial

practice can be realized if we consider the following

facts:

i

ii

iii

Typical industrial reactor units consist

of 1300 to 15000 tubes. For each unit,

only a few instrumented tubes of the

bundle are used to measure axial tempera-
ture profiles (i.e. the location of hot
spots}. Also few thermoprobes are used

(less frequently) to measure axial tempera-
ture profiles in the salt bath.

These measurements often show different axial
salt bath and reactor tube temperature
profiles along the radial distance
[Nicholl (1981)}, as perfect mixing in the
salt bath is not easy to achieve.
Composition measurements at the entrance

and exit of the reactor unit are made

continuously - at regular intervals.

Therefore, it is apparent that using exit composition

and hot spot (in few reactor tubes) measurements is

not enough information to ensure the absence of high

hot spots (high parametric sensitivity), in other

reactor tubes.

6)

Axial and radial temperature profiles from heat

transfer experiment without chemical reaction and

radial temperature profiles under reaction con-

ditions - at different operating conditions -
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1)

2)

3)
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enabled us to obtain approximate estimates for

heat transfer parameters.

Dynamic Experiments

Experiments consisting of step changes in the O-xylene
feed concentration have shown that for small pertur-
bations (<10%) no apparent catalyst deactivation seems
to take place. However, for large perturbations the
catalyst - at some axial locations - was partially
deactivated. This was particularly evident at low air
flow rates, for which a strong parametric sensitivity
to O-xylene feed concentration was also observed.

For experiments consisting of ramp changes in the feed
temperature (small perturbations) no partial deactiva-
tion of the catalyst was observed. When the perturbation
was reversed, the previous steady state was restored.
The contribution of axial dispersion of heat during a
ramp decrease in the feed temperature, may explain the
smaller shifting of the initial steady state temperature
profile at low air flow rates (2 Nm3/hr); when compared
to those at high flow rates (4 Nm3/hr), in which a
larger departure from the initial steady state was
observed.

Experiments consisting of ramp changes in the salt

bath temperature at different air flow rates for

nearly the same O-xylene/air ratio, have shown that

the system's dynamic response is affected by the
relative contributions of the rate of catalyst re-

oxidation and the axial dispersicon of heat. The
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stronger parametric sensitivity to the salt bath
temperature exhibited at low air flow rates, seem
to be associated with the larger contribution of
axial dispersion of heat.
Experiments at extreme conditions and with drastic
changes made to operating conditions have shown that
although the reactor exhibits strong parametric
sensitivity, its operation - in the absence of an
external perturbation - is remarkably stable.

Except in one case, where a very high hot spot
was observed (~593°C), no loss of selectivity to
partial oxidation products was observed.
There is a strong correlation between partial
deactivation of the catalyst {changes in the activity
profile) and parametric sensitivity during the dynamic
behaviocur of the system. It seems that the reduction -
re-oxidation (REDOX) dynamics of the catalyst activity
profile, is the key to understand the observed dynamic
behaviour, as the former plays the leading role. On
the other hand, axial dispersion of heat contributes
to increase the rate of catalyst re-oxidation.
Feed composition and flow rate can be used to alter
the position and magnitude of the hot spot within

fairly tight limits. On the other hand feed and salt

bath temperatures are not suitable variables to control

the reactor.
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Theoretical:

1) Modelling of the steady state behaviour has shown that
model predictions of radial and axial temperature profiles
{the magnitude of the hot-spot} are gualitatively in good
agreement with experiments.

2) Modelling of the dynamic behaviour has shown that,

unless proper account is given to the observed

catalyst reduction/re-oxidation, into the kinetics,

the reactor model:

i - fails to predict the observed dynamic behaviour,
especially in the case of large perturbations,
where large departures from the steady state
occurred.

ii - fails to predict the strong parametric sensitivity,

exhibited by the experimental system to operation

variables.
3) The main shortcomings in the reactor model are:
i - The assumption of isothermal catalyst particles,

when steady state experiments have shown the
existence of large radial temperature differences
(~30° to 50°C}) along a distance equivalent to
one particle diameter. This also poses a serious
question about using a continuous model concept.
ii - fThe absence cof axial dispersion of heat. However
this omission seems to be relatively unimportant
compared to the shortcomings in the kinetic

model.
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Suggestions for Future Work

There are several aspects which obviously require further

experimental and/or theoretical consideration. The most

important are:

1)

2)

3}

4)

An adequate kinetic mcdel which properly describes
changes in catalyst activity is needed. This requires
an accurate knowledge of the reaction rate parameters
(i.e. from a laboratory scale reactor) and catalyst
deactivation parameters (i.e. from the industrial

scale reactor) for a wide range of operating conditions.
Incorporation of catalyst activity profiles to the
kinetic model, as an alternative route to 1. This
regquires extensive temperature and concentration
measurements during steady state and dynamic experiments,
to study the catalyst deactivation/re~oxidation, and
to evaluate (possibly by off-line estimation) the
activation parameter(s).

A detailed study on heat transfer phenomena in
industrial catalytic reactors with a small tube/
particle diameter ratio is needed. It will also
provide adequate estimates of heat transfer parameters,
This requires extensive measurements of axial and
radial (when possible) temperature profiles during
steady state and dynamic heat transfer experiments
without chemical reaction, for several air flow rates
and salt bath and feed temperatures.

Operation at higher air flow rates (-5 Nm3/hr air) and

high O-xylene/air ratios (l1-1.5 mole %) is of industrial
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relevance. To enable and to ease the continuous
operation of the reactor, it is recommended to over-
oxidize the reaction products, using a catalytic

after burner. Thus avoiding the use of the condensers.
Finally, to improve the dynamic model when predicting
large departures from the steady state, axial dispersion

of heat should be considered.
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APPENDTIX A

A.l THE DIMENSIONLESS RATES OF REACTION

To express the kinetic model for each reaction step (see
Chapter 2) in dimensionless form, as expressed in the
reactor model (equations 1l and 12 in Chapter 3), the

following parameters are introduced:

Da = 1Lus k4
u
ém = py Da
€
Sh = | pCp )pra = gadm
PpCPS

The dimensionless rates of reaction are:

o

R. = R. R
3 J/ 4
where
. = us k. Cns
Ry = HS %y
~ o ~ oA O
R, = ¥Us k; Cpp
and
k. = A. e -E./RgTs
5 j exp { J/ gTs}
k. = A. ex -E./RgTo
j j &XP 3779
n kOCO2
us = P CO ] Gl )

1{0C02+[m.|k.I + m3k3 + m4k4 ]CAO
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A.2 THE HEATS OF REACTION
For the kinetic scheme considered in this study, the

heats of reaction for each reaction step, are given in

table aA.2.1.

Table A.2.1 Heats of Reaction
step . m. - ) 1
Py 3 ( AH)j(kJ/nole)
1 1 456.361
2 2 414,493
3 9.5" 4001 .534
4 3 1239.293
5 1 368.438
6 6.5" 2762.241
# The original kinetics {Calderbank et al. (1977)], considered

either formation of CO or CO., although experimental evidence
fvon Heyden (1974), Jordan (EQ??), Wainwright & Hoffman
(1977)] indicates a presence of both components in a molar
ratio of CO,/CO ~ 3. The sensitivity of the heat of reaction
to the wvalueé of this ratio, demanded its incorporation into
the kinetics.
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A.3 HEAT AND MASS TRANSFER CORRELATIONS USED IN THIS STUDY

A.3.1 Gas/Solid Mass Transfer Coefficient

The following expression, due to Petrovic and Thodos (1968},

was used in this study:

2/3 0.357

D u c Rep0.359

This correlation accounts for correction to axial dispersion

of mass, and is valid for O.6§SC§5.4 and 3§Rep§103.

A.3.2 Gas/So0lid Heat Transfer Coefficient

The following correlation, due to Aerov and Todes (1968)

[Hlavacek & Votruba (1977)], was used, which is valid for

305Rep<10°.

_ he 2/3 _ 0.395
€ Jy = Pr = 7 5.36

H upCp Rep

A.3.3 Effective Heat Transfer Parameters

Several correlations were used to calculate the effective
thermal conductivity ke, and the wall heat transfer coefficient
hw. They are those by Beek (1962), Dixon and Cresswell (1979),

and Wellauer et al. (1982).

i) Correlations due to Beek (1962):

ke = G Cp dp 0.6h dp ks + 2 e, Ur dp T3
Pemr 2ks + 0.7hdp
hw = k£ {(0.203 Rep1/3 Pr1/3 + 0.22 Rep-o'8 Pro'4)

dp
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ii) Dixon and Cresswell (1979):
Biw = Biwf
1 - 1 + (krs/kf) (Biwf + 4)/Biwf
Pehr Pe Rep Pr
hr P 8/Ns + (Bis + 4)/Bis
i = hwf Ro
£ krf
. _ hws Ro _ RO
Bisg = W‘ = 2..].2 d_p
L Ro -0.25
Biw = 3 ap Rep
1 - 1 . 2/3 €
f £
Pe, Pe, (00) Rep Pr
Pe £ (cO) ~ 10
hr
krs ) (1—5)% kr s
kf kE

where N s, (kr°s/kf) are defined in the previous reference.

iii) Wellauer, Cresswell and Newson (1982):

4
Biy = W Ro 5.73( 95) Rep 0" 2°
dp

krs (1 + 4/Biwf)

1 + 8/NS

G Cp dp 8.6 spheres

BI1 + 19.4(dp/dt)?] 6.5 other shapes
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Biw = Biwf
kf (1—&)[1+2.66(dp!dt)%]

1
2
?:-A+1/¢+E$

kr_ =
s

where A, ¢, hr, and NS are defined in the previous reference.
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APPENDTIZKX B

B.1 THE ORTHOGONAL COLLOCATION METHOD

The theory and techniques of the orthogonal collocation
method are presented by Villadsen & Stewart (1967), Villadsen
{1970), Finlayson (1972, 1974) and Villadsen & Michelsen
(1978}, and only a brief description of the method, and the
relevant derivations to the particular problems considered
in this work, are given here.

Orthogonal Collocation, Fromoted by villadsen &
Stewart (1967) is a special case of the collocation method,
itself a class of the methods of weighted residuals. 1In
these methods (which includes Galerkin) the unknown solution

is expanded in terms of known trial functions of the form:

y(u) ~ yN(u) = yo(u) + I a., y. () (B.1.1)

where yi(u) are known functions of position, often chosen to
satisfy the boundary conditions, and the unknown ccefficients
{ai} are to be determined in a way that the differential
equation is satisfied.

In the collocation method the differential equation is
regquired to be zero at a set of grid points, called collocation
points. The trial function is substituted into the differen-
tial equation, and the result is called the residual. The
residual will be zero in all Ogust for the exact solution
y(u). For the approximate solution yN(u), the residual is
required to be zero at the collocation points, and this

determines {ai} in the trial function.
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Two different kinds of problems are normally encountered
In the first kind are those in which the solution in the
domain 0Ofus?l is symmetrical about u = 0 (e.g. temperature and
concentration profiles in the radial direction) for whom the

trial function has the form:

2

y(r®) ~ yy(r?) = b + (1-r?) ) (B.1.2)

[ A
7]
o

The second kind, are the problems with no special symmetry
(e.g. temperature and concentration profiles in the axial

direction) for which the trial function has the form:

a; Pi_1(z) (B.1.3)

HM™=

y(z) ~ yylz) = b+ C z+ 2(1-2) 1

i
In both cases, N is the number of interior collocation points
which are chosen as the zeros cof an orthogonal polynomial
PN(u). When the collocation points are the zeros of any
Jacobi polynomial, the collocation method is called ortho-
gonal collocation. Then PN(rz) and PN(z) are any Jacobi
polynomials satisfying the orthogonality condition:

1
J wiu) P.(u) P_(u) du = © (B.1.4)
o J N

j = o, 1, ----- 7 N'—1
where w(u), the weighting function is given by:
_ B o
w(u) = u” (1-u) : (B.1.5)

which is the specific weight function of the shifted Jacobi

polynomials.
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The parameters a and B characterize the shifted Jacobi

polynomials, PN(u) = PNQ'B(U), which can be expressed by

the recurrence formula [Villadsen (1970)}]:

= p a8 - N _ N-1 N-2 _
Pyfu) = P "7 () = y o u Yo% FYgooB T eeees
N
ﬁ (=1)"vgq (B.1.6)

with:

Yo = 1

(N-k) (N+a+B+k+1) y

TR+l = (k1) (Brk+1) k (B.1.7)

where k = 0, 1, 2 ..... , N-1 and a,B>1; 0Osus1.

Although by choosing N, o and 8 (a,B>-1) we may have
some flexibility to place collocation points where needed
(e.g. to cluster the points arocund some especific location
in Osug1), it has recently been shown [Michelsen & Villadsen
(1980), villadsen {1980)] that the choice of ¢ = 0, B = §-1
{where S = 0, 1, 2 for slabs, cylinders and spheres ‘
respectively) is optimum in terms of accuracy, as for this
case orthogonal collocation is equivalent to Galerkin's
method - which has proved to be superior to other methods
of weighted residuals { Vvilladsen & Michelsen
(1978)). This is also important "as for Galerkin's method
considerable knowledge concerning approximation error, rate
of convergence, etc. is readily available" [Michelsen &
Villadsen (1980)]), and therefore can be extended to ortho-

gonal collocation,
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Finally, following Villadsen & Stewart (1967), it can
be shown [Finlayson (1972)] that the gradient and Laplacia

operators for the function yn(u) are given by:

a N+
n = I Ay (u) )
dn |u=u, j=1 J J
i
- (B.1.8)
2 N+1
ViYy i = .f Bij ¥, (us)
u=u, =1
l -’
for i =1, ..... . N+1
The matrices A and B and {ui} , i=1, ..... , N with Ui

= 1.0 are easily calculated with the method given by
Villiadsen & Michelsen (1978}. They are also tabulated for
n<3 in [Finlayson({i972)].

Three models were solved numerically in this study. The
dynamic plug flow modelsand the steady-state velocity profile
model. In the first case, orthogonal collocation was used
twice; first, in the radial direction to reduce the set of
PPDE to HPDE (a problem with symmetry}, and the second time,
in the axial direction (no symmetry) to reduce the set of
ODE to LAE.

The velocity profile model was reduced from a set of
PPDE to HPDE in a similar way, using orthogonal collocation
in finite element, in the radial direction (no symmetry).

In all models, for the collocation in which there is
no symmetry, the recommended values of o = 8 = O were used,
(0,0) (y)

for which w(u) = 1 and PN

polynomial. However for the particular case of the plug flow

is a shifted Legendre
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models collocation in the radial direction (symmetry) was

done, using a = 1, B = 0, for which w(rz) = (1—r2} and

p (1,0}

N (r2) is a Jacobi polynomial, as it has been shown

[Finlayson (1971)] that with this choice, when only one
interior collocation point is used, the reaction rate
expression is evaluated at a temperature above the average

(0,0)]

[as obtained with P and this approximates more closely

N
the average rate of reaction.

In what follows, both models are reduced from PPDE to
HPDE form, using orthogonal collocation. Then the method

of characteristics is illustrated, for a further reduction

from HPDE to ODE-NAE form.

The Dynamic Plug-Flow Model

For this case, using cone interior collocation point, the zero

of PN(1 'O) (rz) ’

using (B.8) that the following terms reduce to:

in the radial direction, it is easy to show,

—1—(32Xn+ 1axn, o MU
Pm ar r ar Pm X=1 ik k
2 N+1 ;
1 3 1 3y 1 6Biw/P
— y , L ) = — I B, Yy, = ——=—0="h (yw - y.)
Ph ar2 r or Ph =1 ik “k 3+Biw 1
using boundary conditions at r, = 1.0, given by:
2Xn N+1

or 2, ek Xk 7O

EZ N+1
- = - I Y, = Biw (y “Yor)
. oy Ptk Yx N+ 1Y
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and the following values for the matrices A and B ([Finlayson

(1972), p.103]:

M-1.732 1.732 -6 6
A= ;B
| -3 3 -6 6
with N = 1, and the collocation points:
ro = 0.0 ; r1 = 0.57735 ... ; r, = 1.0

The scolution is given at the interior collocation point, r,.

As we are also interested in knowing the temperature at Iy = 0
and r, = 1.0 (the centre line and the wall of the reactor

respectively}, following Finlayson [(1972), p.l1l0l] we obtain:

yl@r=0] = y5 = 1.5y, - 0.5y,

and from the boundary conditions at r, = 1.0:

3 + Biw
Yy = Y1 yw

3 + Biw

Using the above expressions for the Laplacian terms in
equations (9) to (16} from Chapter 3, we obtain the reduced

set of HPDE, at the collocation point i = 1, given by:

Gas-phase:

3Xn . aXn
ot 3z

rolib ol S P L S B U AR A 4
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Catalyst surface:

Ban
= ay (Xn - Xns) + &m ﬁ% (Xs, ys}
ot
Bys
— = a_ (y - ys) + éh B R (Xs, ys)
at S - =

with initial and boundary conditions:

@t

Il
o

Xn (2,0) = Xn(z)

(05251} y(2,0) = y(2)__

@z

0
C

Xn(O;t) = Xno(t)

(t>0) y(O,t) = yO(t)

B.2 ORTHOGONAL COLLOCATION ON FINITE ELEMENTS [Carey &
Finlayson (1975)] OR GLOBAL SPLINE COLLOCATION [Villadsen
& Michelsen (1978)]

This method was developed to combine the small truncation
error associated with orthogonal collocation and the ability
of the finite difference method to locate grid points where
needed. In this method the whole domain 02frs1 is divided
into NE sub-intervals or finite elements Ar1, ceo g K?r ot

ArNE where orthogonal collocation is applied at NK interior

points, requiring continuity of functions and its first

Ar

derivatives at the boundaries between elements.
Let us divide the domain 0Og£rs1 into NE elements by placing
the dividing points at Tys k=1, ... , NE + 1, with ry = 0.0 and

rNE+1 1.0, we define a new variable within each element:
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. r - r

k k k
u’ o= —~ = (B.2.1})
LW Iy, Ark
Placing interior collocation points at the zeros of PNO'O(u)

defined on Osusl1. For the i'th interior collocation point

on the k'th element we have:

k
r = rk + ui Ark (B.2.2)
k=1, ... , NE and i = 2, , N+T
and
2 2 s 1o 3 . 1 2
3r  r ar (Ar.)2 su K° (£, +u.%ar, )Ar, au.”
k i k “i k k i
{B.2.3)

Velocity profile model

Applying orthogonal collocation to(B.l.8)we obtain for the

gas-phase when substituting in equations (17) and (18) from

Chapter 3:
N+2
BXnik BXnik 1 1 X k k
+ - ) Bij Xn +
at dz P (ar ) 3=1
( 1& ) Ax N§+2 A k Xn K
Tk ! 8ty PP S B
k k
= amk(ani - an ) (B.2.4)
k k N, +2
oy; ¥y 1 1 K7 %k 1
¥ - 7 I Biyyyt K
at 3z Ph_k (Ark) j=1 ,(rk+ui Ark)Ark
Nk+2 k k k k
j51 Aij yj = apy, (ysi - Y, ) (B.2.5)
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The matrices gk = {Aig} and gk = {Big} approximate the first

and second derivatives and can be obtained from the algorithm
given by Villaden et al. [1978]. To satisfy the boundary

conditions we have for NE = 2:

@ r, = 0.0
N, +2
1] 1
K_f'-_ % A1. xn =0
1 3=1 J
(B.2.6)
N1+2
1 1 1
= L AL, y. =0
Ar1 j=1 13 43
@ ry = 1.0
N2+2
1 2
— L . Xn, =0
Ar3 5=1 AN2+2,j
(B.2.7)
N2+2
1 z Ai y2 = Biw (yw - y2 )
Ar3 =1 L2+2,3 3 N2+2

At the boundary between elements, we do not collocate but

regquire continuity of the function and its first derivative.

@ r, = Ar1

1 2
Xn N1+2 Xn1

N,+2 N,+2

7 1 15 2 2
— L Xn. = Xn’,
Jt\r.l =1 AN1+2,j Ar2 =1 1,3 3

(B.2.8)

1 _ .2
YN1+2 ¥4

1 M2 1 ;R
—_— F Y. = = z A Yo
Ar1 §=1 AN1+2 3 Ar2 =1 1,3 *3
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For ease of notation, and observing that for NE = 2 and N1
=N, =1 (one internal point in both elements), i = 2 for

k k _
k =1, 2, we set Xni = Xnk, Y; E Yo etc.

Using(B. 2.6Yto(B.2.7)and the values for A and B given

below, after some algebra we obtain, for k = 1
E}Xn.l BXn1 32
NE * =55 - 3531(Xn2 - Xn1) = arm(xns.I ~ Xn1)(B.2.9a)
ay1 8y1 B/P.h1
+ - {(16Biw + 64)y, - (12Biw + 64)y
3t dz 17 . 2 <
:—2—' Biw + 48_
-4Biw yw} = apq,(ysy - vq) (B.2.1l0a)
for k = 2
Xna I T (Xn. - Xn.) = a_.{Xns. - Xn,) (B.2.9b)
3t 3z 5P 12 T4 Mol = 8pp tanS, fip)iB.c.
ay2 3y2 8/3Ph2
=t oo 7 {(20Biw + 64)y, - (72Biw + 64)y,
TBiw + 48
+ 52Biw yw } = ap, [ys, - y,) (B.2.10b)

and the corresponding equations at the surface of the catalyst

are:

Bank
5 = @ (¥np - Xnsp) + Sm R (Xs, , ys;) (B.2.11)
Bysk

58 - Ak Yk 7 YSK) * Sk B R (XS, ys,) (B.2.12)
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Radial dimensionless concentration and temperature profiles
at any axial distance, can be obtained according to the

following relatioconships (see figure B.2.1).

1 _ 1 2
Xn1 = 7/6 an -1/6 Xn,
To_ 2 _ 1 2
Xn3 = Xn1 = 1/2 an + 1/2 an
2 _ 1 2
Xn3 = -1/6 Xn, + 7/6 an
1T 1 . 1 . 2 .
Yy * p [(56 + lOBlw)y2 - (8 + 2B1w)y2 + Biw yw/2]
1=y 1 [(24 + 4Biw) 1, {24 + 6Biw) 2 _ 3/2Biw yw]
Y3 =¥ 7D Y2 )
2 _ 1 1 2 .
Y3 1 8y2 + 56 Yy + 17/2 Biw yw]
where

D = 48 + 17 Biw/2

for:
-3 4 -] 4 -8 4
A= |-1 0 B = 4 -8 4
1 -4 3 4 -8 4
4
r=1 y
XIYZ
2 k=2
1.2
Figure B.2.1 ® Y3 =Y,
r=1%
1 k=1
X
1
¥4
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B.3 THE METHOD OF CHARACTERISTICS
The method of characteristics is well described in the
literature [Acrivos (1956), Lapidus (1962), Ames (1965)]
and is in reality the "natural" numerical procedure for
hyperbolic systems.

Following Lapidus (1962), this method is illustrated
here by considering the heat balance eguations for the gas

and solid phase, given by the following HPDE:

3y Dy _ ) 6Biw /P _

7L f5E =& (ys-y) ¢ C3ghD (ve-w (8.3.1)
9YS - a4 (v-ys) + 8h y 8.%. (Xs, ys) (B.3.2)
ot s jo1 3 y (X2

with initial and boundary conditions:

@t =0 y(z,0)

y(ZJSS (B.3.3)

@z =20 yit,0) y _(t) (B.3.4)

o}

Taking total differentials to y and ys:

CY 3y

dy = T dt + Nz dz (B.3.5)
_ 9ys Ay s

dys Ro dt + == dz {B.3.6)

Equations(B.3.1Yand(B.3.5) and(B.3.2}and{(B.3.6)can be
considered as simultaneous equations in the unknowns 3y/3t,
dy/9z, dys/at and dys/dz respectively. Setting the determinant
of the coefficient values equal to zero leads to the charac-

teristic equations:
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dt dz
dt , .
or 3z = 1 for characteristic curve I (B.3.7)
I

and 1 0 _ _

‘dt dz | =0 =4z
or z = constant for characteristic curve II (B.3.8)

IT

Equations (B.2.7)and (B.2.8)define the two characteristic
curves I and II respectively.

Using (B.2.7) in (B.2.5) :
- (Y, %y
dy (Bt * Bz) dz
and from(@®.2.1) :

6Biw/Ph

3+Biw ) (YW-Y) (B-3.9)

a2

= a, (ys=-y) + (
I h

in a similar way, using (B.2.8)in (B.2.6} :
- (3¥s
dys (Bt) dt

from(B.2.2) :

R
%Yt—s = a (y-ys) + 6nh I B.R,(Xs, ys) (B.3.10)
11 S j=1 3 J

The original system of HPDE, equations (8.3 .1)and (8.3 .2) has
been reduced to one of ODE, equations (B.3.9)andB.3.10)holding
along the characteristic curves especified by equations(B.2.7)

and (B.3 .8}
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The two families of curves, shown in figure B.3.1
cross each other at a number of common mesh points. To
calculate y and ys at the intersection points, equations(B.3.9)
and(B.3.10)are integrated along characteristic curves I and II

respectively.
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Figure B.3.1 The t-z plane

Application of the method of characteristics to the velocity

profile models follows exactly the above development.

B.4 NUMERICAL SOLUTION OF NONLINEAR ALGEBRAIC EQUATIONS
In this section, a brief description of Newton's method to
solve nonlinear algebraic equations, together with certain
modifications to this method, due to Broyden [1965] are

presented.
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B.4.1 Newton's Method

Consider the set of n nonlinear algebraic equations:

F.(x., X6, +e. , X ) =0

T 2 n (B.4.1}
£ylxqr x5, ¢ Xp) =0
fn(x1, Koy =nn xn) = 0

Then, in matrix notation, equation(B.4.l)may be represented

as:
£(x) =0 B.4.2)

where x is the column vector of independent variables and f
the column vector of functions fj' ji=1,2, ... , n. If Xy
is the i'th approximation to the solution of equation B.4.2)
and f, is written for f(x;), then Newton's method is defined

by:

iy = %5 ~ 93 % (B.4.3)

where gi is the Jacobian matrix

J; = {ij/axk} (B.4.4)

evaluated at 51.

B.4.2 The Broyden Modification to the Newton Method [Broyden
(1965) ]

Newton's method, as expressed in equation (8.4.3), suffers from
two serious disadvantages from the point of view of practical

calculation. The first of these is the difficulty of computing

—

J | and,
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therefore the time required to evaluate the Jacobian

matrix J. The second disadvantage of Newton's method is that
it may not converge unless the initial estimate of the
solution is sufficiently good, a requirement that is often
impossible to realise in practice.

In order to overcome some of the disadvantages of
Newton's method, Broyden (1965) proposed a class of methods
(quasi-Newton methods), in which the elements of the
Jacobian matrix Bfi/axk, are not estimated or evaluated
directly, but corrections to the approximate inverse of
the Jacobian matrix are computed from values of the vector
function f£.

A correction of this type is carried out at each
iteration and is much simpler to perform than the evaluation
of the complete Jacobian.

Let X be the i'th approximation to the solution of

(B.4.2)and define Bi by:

-
P, = -Bl f. (B.4.5)

where gi is some approximation to Qi’ evaluated at X
Then a simple modification to Newton's algorithm gives

X

=i+1 by:

Xip1 = %4 ¢ ti gi (B.4.6)

where ty is a scalar multiplier chosen to prevent the
process diverging. The value ti of t that is finally used
to determine Xipqr MAYy be chosen in various ways, and two of

these are: ti is chosen to minimize the norm of £i+1' or
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choosing a value of ti which merely reduces the norm.
To sequentially update the approximate Jacobian at

each iteration step, Broyden proposed that Bi,q be calculated

1

as follows:

(y, - s, B, P}
21 i—-i =i T (B.4.7)
B B, + =i
=i+ =i T p
5. P,
i=i-i
where Yy is defined by:
v. = £, - flt, - s.) (B.4.8)

=i —1+1 ~'71i i

and S is a particular value of s*.
Now, in the class of methods proposed by Broyden,
B is chosen in such a way as to satisfy the equation

2141

£i09 - E; 8y - 85) =8, By By (B.4.9)

If we define:

H. = -B, {B.4.10)

= H, f. (B.4.11)

*
Assume that the norm N{t) has been evaluated successively at
t=t (k) k=1,2, ... , m, where:

{121 ang t(m)=ti
and where ti is either the value of t that minimfzes N(t) or
the first Tt(k) for which N(t(kK))<n(0). 1f slX) is defined by
R D o I

then g. is best chosen to be that s(k)

modulus, i.e.:

S,
1

having the smallest

- t(m)_t(m—1).



274

and

Bivg %3 = 75 B (B.4.11)
However, instead of using equation(B.4.7, it is recommended
to store in the computer H; as opposed to Ei' Therefore
the equation that defines the first of the quasi-Newton

methods - which is the most effective - is:

T
(s.P. + Ei Bi) Pi Ei

(B.4.13)



RIS

TITIrTTTOY

275

APPENDTIKX C

Typical chromatograms for axial locations 12 and 24 are
shown in figures C.l and C.2. Figure C.3a and C.3b show

the responses of the components relative to O-xylene.

T

m

T,
T

[

1

iRRET|
L

Figure C.3a Typical chromato- Figure C.3b Typical chromato-~
gram of the oxidation products gram of the oxidation products
at axial location 12. at axial location 24.
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APPENDTIX D

APPROXIMATE EXPERIMENTAL VALUES OF RUNAWAY PARAMETERS

Consider the steady state behaviour of a fixed bed catalytic
reactor to be described by a plug flow one-dimensional
pseudo-homogeneous model, in which a first order reaction
takes place. Then the heat and mass balance, in dimensionless

form, are given by [Barkelew(1959)]:

dt _ _ T

d_g = NT + S(1-X)e D.1
dX _ _ T

dE - (1-X)e D.2

where the dimensionless variables are defined as:

- ] -
T =¥ w('I' Tw)
X = (Co-C)/Co

2

! =
Y', E/RgTw
N = _ 4u0

dt kyexp(y, Tw)

g = kwexplyy Tw) 2’

G

Equations D.1 and D.2 can be further arranged to give:

dt _ Nte '
dg _ _e D.4
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From an extensive numerical study, using equationsi{D.3}and
{D.4)and the method of isoclines, Barkelew (1959) derived

an empirical criterion to define runaway conditions, in terms
of parameters N and S. The runaway criteria are presented

in terms of a runaway diagram, where regions for stable and
unstable reactor operation have been defined (see figure
6:28, chapter 6). Also using the method of isoclines, and
equation(D.4), Oroskar & Stern (1979) have obtained critical
parameter values for N and S which also define stable and
runaway regions (see figure 6.29, Chapter 6).

In order to apply these criteria to some dynamic
experiments, presented in Chapter 6 (see figure 6.18 to 6.20),
a lumped first order kinetic model was considered, of the
form:

~ ~

Ry = kg Ca

]
o
O

where

F o)
n

¢ A, exp(~EL/Rg T)

and A, 87310 g mole/cm3 sec

3]
n

105689 J/mole

Table D.1 presents the values of the runaway parameters N and

S, using the relevant information from chapters 2 and 5.

Table D.1 The runaway parameters

Figure N s N/S key in figs 6.2.8
6.18 1.5 9.4 0.16 A ana 6.2.9.

6.19 l.6 11.3 0.14 o

6.20 1.63 11.2 0.15 X
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NOMENCLATURE

A, pre-exponential factor for j'th reaction

A = {Aij} discretization matrix in appendix B

a, = {178 ayk parameter defined in eq.(10), Chapter 3

eup Cp

ajk activity parameter at j'th time interval for

k'th sub-interval, used in Chapter 6

#-e)kg a, L
as= parameter defined in eq. (9), Chapter 3
Eu
(1-e)h a L . .
ag v parameter defined in eq. (12), Chapter 3
U py Cps
a, external area per unit volume of catalyst particle
_ L .
a; o aspect ratio
= dp ;
4, = ®o aspect ratio

B = {Bij} discretization matrix (also approximation to
Jacobian matrix) in appendix B

Bis = hwg Ro Biot number at the wall for the solid-phase
kr
s
Biw = hv]r(eRo Biot number at the wall
. hw_Ro .
BJ.wf = f Biot number at the wall for the gas-phase
kr
f
CAo O-xylene concentration at feed conditions
Cn concentration for species n in the gas-phase
Cns concentration for species n in the solid-phase

Cp specific heat of gas
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Da
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specific heat of catalyst particle

Damkéhler number for 4th reaction

effective diffusivity

particle diameter

tube diameter

apparent activation energy for j'th reaction
apparent activation energy for lumped kinetics
acceleration due to gravity

mass velocity

matrix defined in appendix B

interface heat transfer coefficient

heat transfer coefficient at the wall

heat transfer coefficient at the wall for the
gas-phase

heat transfer coefficient at the wall for the

solid-phase

Jacobian matrix defined in appendix B

J-factor for mass transport at catalyst surface
J-factor for heat transfer at catalyst surface
effective thermal conductivity

interface mass transfer coefficient

rate constant for j'th reaction in terms of partial
pressure

rate constant for j'th reaction in terms of molar

concentration
thermal conductivity of gas-phase

thermal conductivity of solid-phase
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kw rate constant for lumped kinetics, at Tw
L length of reactor bed
mj moles of oxygen consumed per mole of hydrocarbon

reacting in reaction j'th

N = 4 U Runaway parameter defined in appendix D

!
dt kw exp(YwTw)

Ny number of interior collocation points in k'th sub-
interval

NE number of sub-intervals

P vector defined in appendix B

Pn partial pressure for species n in the gas-phase

Pn_ partial pressure for species n at catalyst surface

Pehr - £upCpdp radial Peclet number for heat transfer

ke

f _egeupCpdp

Pe radial Peclet number for heat transfer

hr kr
£ for the gas-phase
Pemr - udp radial Peclet number for mass transfer
De
Pehr
Ph = parameter defined in eq. {10), Chapter 3
a,.a
1°°2
P = Pemr parameter defined in eq.{9), Chapter 3
aj.a,
u p Cps dp
Pr_ = parameter defined in eq.(l2a), Chapter 3
krs
q volumetric flow rate

R number of reactions in kinetic scheme
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Rep = u e dp particle Reynolds number
m

Rg = gas-law constant
Rj j'th rate of reaction
W% = Ei dimensionless j'th rate of reaction with respect

]

R4  to 4th rate of reaction at inlet conditions

Rn rate of reaction of species n
RO reactor radius
r' radial coordinate

1
r = %5 dimensionless radial coordinate

k exp(Y& Tw)

s = Y Y Runaway parameter defined in appendix D
Cp
T temperature of gas-phase
Ts temperature at catalyst surface
Tw temperature at reactor wall
t' time
t' .
t = - dimensionless time
U overall heat transfer coefficient
u interstitial velocity
v velocity parameter in model M2
X conversion

Xn = Cn dimensionless gas-phase concentration for species n

dimensionless concentration for species n at
Ao catalyst surface
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y = I dimensionless gas-phase temperature
To
Yao O-xylene mole fraction at feed conditions
ys = %% dimensionless temperature at catalyst surface
Tw ; .
YW = 5g dimensionless wall temperature
z' axial coordinate
z'l
z =1 dimensionless axial coordinate

Greek Letters

o = pCp gas/solid heat capacitance ratio

prps
B, = adiabatic temperature rise for j'th
3 p Cp To
reaction
E.
Y. = —J _ dimensionless activation energy for j'th reaction
J Rg To
Ee
Y! = —— parameter defined in appendix D
W 2
RgTw
§h = a p, Da parameter defined in eq. (12), Chapter 3
Pp Da
Sm = parameter defined in eq. (11}, Chapter 3
€
AP pressure drop in reactor bed
(-AHj) reaction enthalpy for j'th step

Ark length of k'th sub-interval in radial direction
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Azk length of k'th sub-interval in axial direction

£ void fraction of catalyst bed

o degree of coverage of oxygen on the catalyst
surface

i gas viscosity

us, uUs parameters defined in Chapter 2 and appendix A

vnj stoichiometric coefficient of specie n in the j'th
reaction

k exp(y& Tw)z'

E = dimensionless axial coordinate defined
G in appendix D

P gas density

Ph density of catalyst bed

T = % residence time in Chapter 3

T = Y% (T-Tw} dimensionless temperature in appendix D

Subscripts

A O-xylene

B O-tolualdehyde

C phthalide

D phthalic anhydride

£ fluid
j'th rate of reaction

k k'th sub~interval

2 lumped

max maximum

n chemical specie

o] initial or feed conditions



02 oxydgen

S surface of catalyst particle
Ss steady state

w wall

Superscripts

k k'th sub-interval

a) feed conditions

~ molar properties

QOther symbols

< > mean value
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