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II. Anchor Agitator

Anchor agitators are considered as the simplest design
of agitators providing good bulk mixing (Coulson J.M. and Richardson
J.F., 1977; Nagata S., 1975) and it was on these grounds that the

decision for the design of the anchor agitator was taken.
The anchor agitator was designed so as to leave minimum clearance

between the side arms of the agitator and the vessel wall (i.e. maximum
diameter) and to occupy the whole liquid height (i.e. maximum height).
Another important ‘“dimension in the design of anchor agitators is
the width of side and bottom arms (WD). Calderbank P.H. and
Moo-Young M.B. (1961) suggested a ratio of side or bottom arm width
to tank diameter (WD/DT) in the range of 0.067 to 0.074, for anchor
agitatorsoperating in non-Newtonian fluids. Taking into consideration
this range of ratios, a value of 0.070 was selected and the side/bottom
arm width was designed accordingly.

The dimensions and ratios of the anchor agitator designed on
the basis of the above principle are given in table (3.4.2.  For
comparative purposesthe corresponding ratios suggested by Calderbank
and Moo-Young are also quoted. A cross member was fitted at the top
of the anchor to give rigidity to the construction, because the anchor
height to width of } side arm ratio (HI/WL) was designed
considerably higher than the ratio suggested by Calderbank and
Moo-Young. This cross-member was always above the level of the liquid.

The design of the anchor agitator is shown in figures(3.4.4. and

3.4.5).



Dimension or ratio Design of this Calderbank and
project Moo-Young's design
Tank diameter (DT),cm 14.30 -
Liquid height (HL),cm 22.00 -
Anchor diameter (D ),cm 11.30 -
Anchor height (HI),cm 19.50 -
Width of side arm (WD),cm 0.80 -
Width of bottom arm (WL),cm 0.80 -
DW/DT 0.79 0.42 - (.96
1.54 0.72 -
HL/DT 1.00
W_./D 0.07 0.067 - 0.074
Do
0.0 0.067 - 0.074
WL/DT 7
D /HI 0.58 .83 - 1.64
HI/WL 24.38 8.40 - 15.00

Table 3.4.2 The dimensions of anchor agitator.
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Figure 3.4.4 The Anchor agitator.



Figure 3.4.3 The Anchor agitator
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ITI. Draught-tube Fermenter

Airlift fermenters of various types have been designed, and
successfully used for a variety of applications, involving viscous
and non-viscous fluids (Blenke H., 1979; Voigt J. and Schiigerl K,

19813 Viesturs U.E. et al.,1980 and 1981; Margaritis A. and Sheppard
J.D., 1981; Malfait J.L. et al., 19815 Konig B. et al., 1982 3 Anderson C.,
Solomons G.L. and LeGrys G.A.,1981). The important characteristic

of these fermentersis the improvement of the fluid recirculation,

by separating the upward from the downward flow.

As already mentioned (sect. 1.2.3.), in highly viscous ferm-
mentation fluids, and in particular in the case of polymer solutions
or polysaccharide containing culture fluids, where the viscosity
is due to the substance dissolved in the liquid phase, bubble size
mainly depends on break up at the region close to the air sparger
(Bhavaraju S.M. et al.,1978). In order to achieve adequate bubble
dispersion close to the air sparger, a turbine impeller, operating
above the air sparger was added to the draught-tube fermenter. Thisg
turbine would also effect a lateral and upward movement of the fluid.

Another addition. to the fermenter was an impeller which would
provide downward flow. This second impeller was placed inside the
upper part of the draught-tube.

In summary, the principal‘features of the draught-tube design were:
(1) a draught-tube (sleeve) fitted to the inside edge of the baffles;
(ii) an open 45° pitched blade turbine with 9.0 cm diameter and four
blades, providing downward flow;

(iii) a Rushton turbiﬁe, with 6.8 cm diameter and six blades, providing
gas dispersion as well as lateral and upward flow.

The design of the draught-tube fermenter and of the pitched blade
impeller, are shown in figures (3.4.0-38).

The draught-tube was designed to achieve equal liquid velocities
inside and outside the draught-tube, condition which is essential to
provide continuous flow. According to the continuity equation for

incomwessible flow:

ulA1 = u2A2 (3.4.1)
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where Uy, u, = the fluid velocities and
Al’ A2 = the cross sectional areas the fluid flows through.
If u; = Uy then Al = A2, and
AT
A1= A2= — where AT= the cross sectional area
2 of the vessel
2 2
_’TLCL_= 111_ and
4 2x4
/2 I"
a =/ . (3.4.2)
2

Substituting D = 14.3 cn,

d = 10.1 cm.

The two impellers were designed so as they would provide equal
swept volumes. The use of a 6.8 cm 6-bladed Rushton turbine , as the
bottom impeller, was selected and the open pitched blade impeller was
designed to provide equal swept volume. The liquid volume swept by an

impeller is given by the following equation

{2 2
v = |TRHg  m(D-2W) Ry n (3.4.3)
4 4
where V = the swept volume

D = the impeller diameter
Hg= the blade height

W = the blade length
Ny = the number of blades

Substituting D

6.8cm, Hg=W = 2.4cm, and N; = 6, the swept volume
of the Rushton turbine is,
3

V1 = 478 cm .



A 4-bladed, 450 pitched open blade impeller, with 9.0cm diameter
(the maximum diameter allowed by the size of the draught-tube) was sele-
cted. The blade height (Hg was calculated so as the requirement

of equal swept volume would be fulfilled.
For open, 45° pitched blade impellers equation 3.4.3 becomes,

v= ™X, N (3.4.3)

5 .
where X =/l__i:
2

- . 2
Substituting D = 9.0cm, V = 478cm~ and NB = 4,and

solving for X, we get,

1.90 cm and
2.69 cm.

>
]

H
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Figure 3.4.6 The Draught-tube fermenter.
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Figure 3.4.7 The pitched blade impeller.



The pitched blade impeller

ol | | M BT N T R B T AT S S T U P A S i)

9 10 1 12 13 14 1S 16 17 18 19 20 21 22 23 24 25 26 27 28
TEWITAM
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3.4.1.2 Sparger design

As already mentioned, agitators which provide good bulk mixing
do not effect satisfactory bubble dispersion. For this reason the
design of the sparger was approached separately.

A multiple orifice crossed member sparger, covering the maximum
surface area of the vessel was designed. The sparger design is shown

in figure(3.4.9.  Such a design would provide better bubble distribution
than that provided by the single orifice sparger of the conventional

designs. ) ) ) :
eSS e multiple sparger was checked in  transparent, viscous poly-

mer solutions (Carbopol). It was ascertained that air was coming through
all orifices and air bubbles were evenly distributed across the tank

surface area.

¥ ol
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Figure 3.4.9 The sparger design.
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3.4.2 Comparatiye experiments

The objective of these experiments was to compare the performance
of the three designed agitation systems, For this purpose, using
each agitation system, operating at a range of equal power inputs within
the same fluid, oxygen uptake rate and mixing time were measured. For
the oxygen uptake rate measurements, a range of culture fluids of diff-
erent rheological properties were employed (table 3.4.4), while for the
mixing time measurements a Kelzan solution (1.2%) was used. Two Rushton
turbines (D = 9.0 cm) fitted to both baffled and unbaffled vessels were
used as a control system.

The range of power inputs selected to compare the performance of
the four systems was from 2 to 22.5 Watts (i.e. 0.6 to 6.4 Watts/£Lt ).
In order to determine the speed of each agitator which corresponds to the
above range of power inputs, the following method was used: Power con-
sumption for each agitation system was calculated for a range of agitator
shaft speeds by means of a dynamometer , as described in section
2.5.10). These power measurements (table 3.4.3) were performed in a
different vessel from the experimental one, which contained Kelzan solution
(0.7% and 1.2%). From the calibration curves constructed (fig. 3.4.10)
it was possible to determine the agitator shaft speed for each system,

corresponding to a specific value of power input.

3.4.2.1 Oxygen Uptake Rate measurements

Four 400£t fermentations were conducted and culture fluids of four
different rheological properties were employed. When the appropriate
rheological conditions were achieved culture fluid was transferred to a
52t fermenter fitted with one of the three agitation systems. Fresh
culture fluid, transferred from the 400£t fermenter was uscd for the
oxygen uptake measurements for each of the three other systems.

The rheological conditions of the culture fluids employed arc given
in table (3.4.4) The two values quoted are referred to the rheological
properties of the culture fluid at the beginning (measurements by cm-
ploying the first system) and the end (measurements with the fourth system)

of each experiment. Because a small increcasce in viscosity was anticipated



Multiple rod agitator

Anchor agitator

Two impellers of the
draught-tube fermenter

Two 9.0 cm

Rushton turbines

(unbaffled system)

0.7% 1.2% 0.7% 1.2% 0.7% 1.2% 0.7% 1.2
Kelzan Kelzan Kelzan Kelzan Kelzan Kelzan Kelzan Kelzan
N P N P N P N P N % N P N P N P
(rpm) (watts) |(rpm) (watts)| (rpm) (watts)| (rpm) (watts) |(rpm) (watts)|(rpm) (watts) |[(rpm) (watts)|(rpm) (watts)
604 29.9 600 38.2 604 26.7 600 36.1 603 12.3 600 14.3 600 66.0 600 76.5
508 19.8 500 29.2 515 18.2 500 23.0 500 8.9 505 9.8 500 41.8 500 47.0
400 12.7 400 16.3 400 10.6 400 14.2 400 5.9 404 5.0 400 24.5 400 24.0
305 7.2 300 10.1 300 6.4 300 7.4 303 3.2 304 3.0 300 11.5 300 10.0
208 3.7 200 4.6 220 3.3 200 3.5 200 1.3 206 1.5 200 3.6 200 3.4
100 1.1 113 1.8 102 0.9 100 1.2 100 0.3 102 0.6 108 1.0 130 1.0

Table 3.4.3 Power consumption measurements

Rushton turbines.

of the three

designed agitation systems and of

the two 9.0 cm

¢L3
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whilst the experiment was in progress, the sequence in which the different

systems were evaluated was varied.

Fermentation | Experiment | Time ~ Rheologial properties of
Tun number number (Loghrs) the culture fluids
K
(pseudopoise) n

XC354 1 44 78.9 0.28
50 110.5 0.26

XC440 2 44 156.5 0.19
48 183.0 0.18

XC445 3a 43 121.5 0.19
49 161.8 0.17

3b 69 286.0 0.14

73 315.0 0.14

XC452 4a 29 26.5 0.31
34 39.1 0.28

4b 48 153.5 0.18

51 188.2 0.16

4c 74 366.7 0.13

4d 80 381.1 0.13

94 541.2 0.10

98 570.4 0.10

Table 3.4.4 Rheological properties of culture fluids employed for the
comparative experiments.

During the three first experiments, the performance of the three
new designswas compared and an unbaffled 5{t fermenter fitted with the
two 9.0 cm Rushton turbines was used as a control system. During the
last experiment, the performance of the multiple rod agitator was compared
with both a baffled and an unbaffled 5£t fermenter fitted with the two 9 cm
Rushton turbines.

The result of the three first experiments are presented in table
(3.4.5) and figure (3.4.11 while the results of the fourth experiment are
presented in table (3.4.6) and figure (3.4.12).



mls 0, s.t.p./100 mls )
Oxygen uptake rate |-
Power Power hr
input input
(watts) watts Multiple rod agitator Anchor agitator Draught-tube fermenter Rushton tusbines
t PR
. LB LH | 69 LH- L8 LH 69 Lh. L8 LH €9 LH 48 LH 69 LH
N . cult i cult. fi- 4 N cult. fi. cult- fl. N jcult..fl. cult {l. N cult f1. cult. fl.
(rpm) :XC354 |XC440 |XC445,XC445 |(xrpm)|XC354 |XC440 |XC445|XC445 |(rpm) | XC354 |XC440 [XC445 XC445 [(rpm) |XC354 {XC440 |XC44Y XC445
2.0 0.57 142 ¢ 13.1710.2] 10.2 7.1 155 2.9 3.9 3.2 3.9 238 4.1 1.1 1.81 3.0 | 135 3.2 | 4.2 1.6/ 2.9
| &
3.5 1.00 193 | 15.8113.1;12.3] 7.1 | 210 | 3.9 4.7 4.21 5.3 315 5.8 1.7 2.8| 3.9 | 190 4.7 1 4.5 2.4 3.4
| ! :
6.0 1.71 260 | 15.8: 15.0 14.41 10.2 | 280 | 7.4. 6.3| 6.3] 6.3 | 412 9.3 7.8! 7.1 5.7 |230 6.0 | 5.5 3.2) 3.9
10.0 2.85 1340 17.1 15.0 13.1] 13.4 | 365 ' 13.1} 10.5| 10.5| 8.7 {530 | 12.5:11.5|13.3| 8.3 {285 | 8.4 | 8.1 7.1 4.7
! : : 1 ; H
17.0  a.85  ass M1 159 4000 1103 {480 | 19.7) 16.3] 15.8 14.2 | 695 i 15.8114.9 | 16.3]12.9 | 350 |12.1 {11.8 |11.0: 8.1
; I i i ; ‘ ' i J j ;
2400 | 6.85 540 - 15.5115.0! 14.2 §570 | - 19.2] 18.6 19.2 - - - - - 385 | 14.1 |14.1 '13.2; 10.0
! ! ? i | | | 2 ' ‘ |
I R D R N I L ) I
Table 3.4.5 Oxygen uptake measurements with the three designed agitation systems and with an unbaffled 5t fermenter fitted with 9.0 c.m.

Rushton turbines.

ylag



mis 0, s.t.p./100mls ]

2
Power Power Oxygen uptake rate - J
input irnput
(watts) watts Multiple rod agitator Rushton turbines,unbaffled Rushton turbines,baffled system
Lt system
5 |
N | t N | N
(rpm) 29 LH 148 LH ‘:574 LH {94 LH | (rpm) |29 IH 48 L H 74 TH |94 LH (rpm) 29 LH 48 LH 74 LH 94 LH
| ! ! i
E 1 " \
2.0 {0.57 142 7.6 | 8.7 (110 | 10.2 | 135 | 4.2 | 1.3 1.6 | 1.6 135 2.1 | 1.3 0.8 | 1.1
3.5 1.00 193 13.2 ; 11.6 7.9 | 10.0 190 | 5.3 1 1.8 1.8 | .8 190 3.7 2.1 1.1 1.6
i i |
6.0 1.71 260 13.8 | 13.1 | 10.2 | 10.0 230 | 7.9 | 2.4 | 2.6 | .4 230 7.9 2.6 1.6 | 2.1
. ! i ; i i
10.0  |2.85 340 13.5 - 12.6 © 12.6 | 10.8 | 285 |13.7 . 6.0 | 3.2 | 2.6 285 4.2 | 4.7 | 2.1 | 2.6
17.0 4.85 455 13.8 © 13.9 | 12.9 . 13.9 350 |13.7 ‘ 11.3 i 4.2 } .9 350 14,2 10.2 3.7 3.2
240 e.85 540 | 17.3 ) 14.2 | 12.9 [ 13.9 | 38 [14.2 | 12.6 | 5.5 | 3.2 385 | 15.0 |13.1 5.8 | 3.7
: ! ; i i ‘
H : | i i |
1 | r s | l |

Table 3.4.6 Oxygen uptake rate measurements with the multiple rod agitator and with both a baffled and unbaffled set

fermenter with 9.0 c.m. Rushton turbines (Run No. XC452).

LL3
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The aboyve results suggest that the multiple rod agitator is the

most efficient at transferring oxygen to the

cells, especially in the

range of power inputs generally employed in the industry (1.5 to 3.5

Watts/Lt).

As the multiple rod agitator was the more successful design, its

performance was also examined in terms of the effect of air flow rate on

oxygen uptake rate for a range of power inputs.

in table(3.4.7) and figure (3.4.13).

These results are shown

Air flow mls Ozs.t.p./100m151
Oxygen uptake rate T
T )
rate —
(£t/min) XC445(48 LH culture fluid) XC445(69 LH culture fluid)
20 wattsi6.0watts '{24.0 watts 20 watts | 6.0 watts | 24.0 watts
1 7.1 15.1 13.1 8.0 9.9 12.5
2 7.4 16.1 15.8 7.4 10.5 13.6
3 6.0 15.3 16.7 7.9 9.3 14.4
4 6.8 14.2 16.7 6.8 8.6 14.5

Table 3.4.7 The effect of air flow rate on oxygeh uptake rate in the case

of the multiple rod agitator.

These results demonstrate that air flow rate had a very negligible

effect on oxygen uptake rate, unlike in the case of Rushton turbines.
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3.4.2.2 Mixing Time measurements

Mixing time measurements were performed under both aerated
and non-aerated conditions. The range of power inputs used was the
same with that employed for the oxygen uptake rate measurements.
Kelzan solutions of 1.2% were used. In the case of multiple rod
agitator, the effect of air flow rate on mixing time was also examined.
For these measurements, the chemical reaction technique, described in
section(2.5.11) was employed because the design of the three agitation
systems precluded the use of thermistors.

Mixing time results under non-aerated conditions are shown

in table (3.4.8), whilst mixing time results under aerated conditions
are shown in table{3.4.9) and figure (3.4.14). Bulk and terminal mixing
time values are recorded, each one being an average of three measurements.
In the case of the draught-tube fermenter, very poor mixing was observed
in the outer chamber of the draught-tube (while mixing in the inner
chamber was not possible to be examined), even under the highest power
input (22.5 Watts). For this reason, no resultsare presented for the
draught-tube fermenter. The effect of air flow rate on mixing time

in the case of the multiple rod impeller is shown in table(3.4.10.

As indicated in table (3.4.8) mixing time values of the multiple
rod impeller system and the anchor agitator are lower than the values
obtained with the Rushton turbines. This indicates a better performance
of the two designed systems. In addition, these results demonstrate
that the mixing performance of the multiple rod system is better than the
performance of the anchor agitator. Aeration was found to effect a sign-
ificant reduction on mixing times (table 3.4.8). However, as indicated
in table (3.4.9), in the case of multiple rod agitator the effect of air
flow rate on mixing time was found rather insignificant. These results

will be discussed in the Discussion chapter.



3 - Mixing time (secs)
Eﬁ;ii Ezgii’ Rushton turbines
. baffled t
(watts)| (watts/| Multiple rod Anchor agitator ( ed system
£t)
.N Bulk Ter- N Bulk Term- N Bulk | Term-
(rpm) | M.T. | minalj(rpm) | M.T. | inal || (rpm) | M.T.| inal
. M.T. M.T. M.T.
2.0 0.57 142 234 600 135 320 900 135 " o
3.5 1.00 193 27 134 210 95 260 190 |« co
6.0 1.71 260 22 90 280 63 148 230 oo o
10.0 2.85 340 16 43 365 27 112 285 |120 900
17.0 4.85 455 11 38 480 18 56 350 90 900
22.5 6.85 540 8 25 570 5 30 385 60 900

Table 3.4.8 Mixing time measurements with the multiple rod agitator, the
anchor agitator and with a baffled 54t fermenter fitted with two 9.0 cm
Rushton turbines, under non-aerated conditions.

(*) No mixing at all.

Air flow Mixing time (secs)
rate Power input = 2.0 watts Power input = 22.5 watts
(£t/min)
Bulk Terminal Bulk Terminal
M.T M.T M.T M.T
1 45 60 5.3 6.3
2 35 43 5.3 5.7
3 38 52 4.7 5.3
4 32 47 5.3 4.7

Table 3.4.10 The effect of air flow rate on mixing time, in the case of

multiple rod impeller.



Power Power Rushton turbines
input input Multiple rod Anchor agitator (Baffled system)

(watts) (watts/Lt)

N Bulk N Bulk N Bulk Terminal
(rpm) M.T M.T. (rpm) M.T | M.T. (rpm) M.T. M,T.

2.0 0.57 142 28 48 135 75 300 135 0 ©

3.5 1.00 193 32 65 210 30 67 190 S ©
6.0 1.71 260 11 37 280 27 55 230 240 oo
10.0 2.85 340 5 10 365 23 22 285 60 900
17.0 4.85 435 6 8 480 5 15 350 38 900
22.5 6.85 540 S 10 570 3 16 385 42 900
Table 3.4.9 Mixing time measurements with the multiple rod agitator, the anchor agitator and

with a baffled 5t fermenter fitted with 9.0 cm Rushton turbines, under aerated conditions.
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3.4.3 Performance of multiple rod impeller system in . complete

fermeptations

The results of the comparative experiments suggested that the multi-
ple rod agitator was more efficient at transferring oxygen to the cells than the
two other designed systems and the conventional Rushton turbines. It was
decided therefore, to compare the performance of the multiple rod impeller
system with that of the conventional Rushton turbines system in a complete
fermentation.

Four experiments were conducted. Each experiment consisted of
two fermentations. One with the multiple rod impeller system and one
with the conventional Rushton turbines system (D = 9.0 cm). The two fer-
mentations were performed under equal power input and the agitators' shaft
speeds were selected accordingly. Details for the nutrient medium, power

input and agitator shaft used for each experiment are given in table(3.4.11).

. Impeller speed
Fermentation No [Nitrogen source|Sugar source (Power input " (rpm)
(C.S.L.%)" (Glucose %) | (W/1t)  |Rushton [Mult. Rod
turb.
XC460/61 1 5.50 3 285 300
XC462/63 1 5.50 3 285 300
XC464/65 1 5.50 1.5 230 243
XC470/71 1 8.25 1.5 230 243

Table 3.4.11 Values of parameters for experiments examining the performance

of multiple rod impeller system in a complete fermentation.

During the course of the fermentations, oxygen uptake rates were
monitored and laboratory analyses consisted of pH, microbial growth (optical
density and cell counts), xanthan yield and residual sugar determinations.
Rheological measurements were also performed.

The results are shown in tables (3.4.12 - 15and in figures (3.4.15-
3.4.18). These results demonstrate that,at the power inputs employed
(1.5 to 3.0 Watts/1lt), the multiple rod agitator is more efficient than
the conventional Rushton turbines both in terms of OUR

and xanthan gum production.



i Microbial growth Residual Xanthan , Rheolog OUR
Time i | Optical Cell counts %éuvcv(/)f; g}’:mw/v) K . n (mls O, s.t.p./100mis
(Loghrs) densit x10 (pseudopoise) : iu.
R.T. M.R R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R RT | MR R.T M.R
Pre-Inoc 6.87 6.93 - - - - - - - - - - - - - -
Post-Inoc | 6.93 6.92 ¢ 0 0 0.03 0.04 4.64 5.00 .199 1 0.189 - - - - - -
101/4 7.03 7.04 | 2.20 2.55 0.45 0.54 4.18 4.32 .052 0.375 - - - - .- 14.21
22]{1 6.76 6.77 5.10 5.70 1.06 1.28 E 3.53 3.02 .821 0.779 - - - - - 15.00
34!‘i 6.54 6.55 4.50 5.60 || 0.96 2.48 ; 2.63 12.30 .070 | 1.081 - - - - - 14.83
35 6.28 | 6.23 | - - - el | - - - - - -0 - - .
46!s 6.58 6.60 | 4.90 5.50 Y 4.14 1.49 | 2.23 12.29 1.295 | 1.383 - - - - - 9.27
58!5 6.35 6.18 : 3.70 3.70 | 1.90 1.52 1.57 1 1.53 1.473 | 1.494 75.90{107.46 |0.29 | 0.23 - 9.27
70% 6.31 6.09 ' 3.10 3.75 1 1.50 1.63 1.44 10.94 1.520 | 1.505 108.35}103.37 ||0.23 | 0.25 - 7.41
8215 6.01 6.62 4.70 4.20 } 1.68 1.58 1.04 ,0.76 1.517 | 1.867 i 110.32{216.70 {0.23 | 0.16 - 8.03
941/4 5.86 6.58 3.20 4.40 : 1.49 | - 0.77 g0.45 1.679 | 1.878 |1 121.281251.105/(0.21 | 0.16 - 9.89
95 6.72 6.21 - - - - - - P - - - - - - -
106 6.83 7.00 - - - - 0.62 |0.27 .527 | 2.353 || 122.00 {286.41 0.22 | 0.14 - 8.06
118]{’ 6.27 7.39 - - - - 0.55 |0.09 .630 | 2.415 145.50({319.15 {0.20 | 0.15 - 6.18
R.T : Rushton turbines system
M.R : Multiple Rod Agitator
Table 3.4.12 The performance of multiple rod impeller under fermentation conditions (XC460/61).
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? Hicrobial growth Residual Xanthan Rheology Oxygen uptake Rate
Time pH Speiea —_— Glrcose ogum X - mls 02 s.t.p/100mls
(Loghrs) d . -10 % W/v) B W/v) (pseudopoise) h
ensity | countsx10 r
R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R R.T ! M.R
Pre-Inoc 6.93 | 6.9 - - - - - - - - - - - - -
Post-Inoc 6.98 | 6.98 0.1 0 0.03 | 0.03 5.08 14.88 | 0.261 1'0.279 - - - - 0.00 0.00
4% 7.04 ; 7.06 | 0.7 0.55  0.23 | 0.21 4.99 | 5.28 | 0.264 | 0.267 - - - - 8.03 8.65
167 6.88 ' 6.87 | 5.9 4.9 0.45 { 0.59 4.0313.90 | 0.644 {0.590 - - - - 13.90 14.83
zs? 6.58  6.66 | 5.2 | 5.7 | 1.06 | 1.08 | 3.05|3.11 | 0.928 |0.896 | - - - - 13.90 13.28
403 6.26 6.32 1 6.5 % 5.8 : 1.22 | 1.11 2.2612.33 | 1.227 | 1.240 - - - - 10.50 10.81
52: 6.48 © 6.52 15.9 5.4 |[1.93 ! 1.75 | 1.48|1.82 | 1.373|1.422 || 44.41 | 50.69 [0.365 |0.330 }10.50 15.14
642 6.12 6.02 5.6 6.5 2.18 | 2.25 1.33/1.04 §1.608 |1.714 | 73.18 |136.94 |[0.305 | 0.206 7.72 13.59
62 6.85 6.85 = 3.5 4.9 1.13 ; 1.27 0.7810.67 §1.708 | 1.736 | 98.48 |210.61 [0.275 | 0.163 6.18 12.36
885 6.13 6.08 3.0 4.1 0.75 | 0.57 0.64 {0.54 {1.736 |1.992 || 134.98 |235.68 [ 0.220 | 0.164 4.32 9.89
1003 6.54 6.55 2.6 - 3.0 0.56 | 0.50 0.3510.16 | 1.705 {2.299 | 124.86 ;248.62 [ 0.228 | 0.153 3.09 10.19
112" 6.16 6.60 2.1 3.1 0.12 J 1.19 0.26 1 0.03 | 1.742 | 2.479 || 135,22 |278.46 [0.226 | 0.141 4,32 9.27
; i i
R.T Rushton turbines system
M.R : Multiple Rod Agitator

Table 3.4.13 The performance of multiple rod agitator under fermentation conditions (XC462/63).
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Fﬁ 7
Microbial growth % Residual % Xanthan Rheology
) glucose ! gum OUR
Time pH " Optical Cell counts % w/v) | % w/v)
Loghrs ‘ 10 K n mls Dzs.t.p./IOOmls
; Density *10 (pseudopoise) Ty
R i T~
R.T . MR | R.T | MR R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R R.T M.R
r ﬂ ’ - 3 o - — o ’
Pre-Inoc. | 6.96 ; 6.96 ; 0o 0 - - - - - - - - - - - -
Post-Inoc. | 6.97 - 6.99 | 0.175 | 0.175 0.03 | 0.75 {5.15 | 5.11 & 0.145 | 0.182 - - - - - -
-3/ 6.85 | 6.95 | 1.975 . 1.9 0.77 1 0.50 [ 4.59 | 4.30 | 0.427 | 0.395 - - - - 15.45 12.36
1934 6.72 - 6.90 : 5.8 .5.0 | 1.00 10.63 i 3.8 | 3.90 ! 0.937 £ 0.825 - - - - 10.81 11.74
517 1650 63 5S4 15.3 0.79 | 0.90 I 3.13 | 2.64 | 1.050 | 0.808 | - - - - J0.50 | 9.27
PR 6.30 | 6.10 - 5.4 | 5.8 0.75 | 1.34 2.94 2.07 & 1.364 | 1.585 ! 49.1 - 0.251 1 - 7.10 9.27
kY N N _ H
44?/ 6.88 @ 6.95 : - - - - - - P - - - - - -
35574 6.54 | 6.60 4.8 4.8 0.78 | 1.00 1.76 1.42 1.485 | 2.315 | 52.70|203.88] 0.260 i 0.145 | 8.34 12.67
67574 6.22 16.35 . 3.7 ' 4.8 } 0.98 | 1.09 1.60 1.10 1.508 | 2.333 |} 62.38 |271.40]] 0.236 | 0.134 | 6.18 | 13.59
3/4 ? ‘ j - ?
68> 6.90 | 6.82 - P - - R I - - - - - -
80374 6.65 | 6.81 | 3.7 4.4 0.63 | 0,77 | 2.62 2.50 1.508 { 2.419 | 52.51 |{250.37 0.293 ! 0.141 | 5.87 9.58
92374 6.3 | 6.50 | 2.9 3.8 0:44 | 0.56 | 2.46 | 2.38 1.516 | 2.452| 62.47 |336.67|| 0.277 | 0.131 | 6.80 6.18
3/4 i ¥ ] : !
94~ 6.87  6.80 - - S -y - - - - - - - -
1033 6.75 6.76 3.1 2.8 ' 0.56 0.3 2.3 © 2,15 | 1.543 | 2.442 | 66.45 |284.63| 0.244 | 0.141 | 3.09 | 8.03
116 6.40 6.32 3.1 i 3.1 i 0.5310.50 1.93 i 1.79 1.407 | 2.349 | 67.34 |318.84) 0.245 | 0.138] 3.09 7.41
117 7.06  6.73 - P ﬁ R - § - - - - - - - - § -
2734 6.94  7.05 2.3 2.2} 0.5200.48 § 1.91 ! 1.28 | 1.489 ; 2.398 | 78.33 |313.10| 0.216 | 0.136 | 4.02| 6.80
< i i
139574 6.89 - 6.98  2.15 2.2 0.51{0.41 1.79 1 1.19 1.468 ! 2.404 | 80.34 |332.08{ 0.230 | 0.146 | 3.09| 6.18
15134 6.41 @ .92 1.70 1.6 § 0.4510.37 | 1.71 | 0.72 | 1.382 | 2.520 | 67.65 |339.83) 0.248 | 0.128 | 3.09 | 4.02
163%74 6.39 6.84 1.45 1.6 & 0.46 ] 0.40 1.64 | 0.66 1.442 | 2.444 73.19 | 367.23] 0.240 | 0.134 1.54 3:40
17sf/4 6.48 6.81 1.20 1.6 - |- .- o b - g - - - - - 3.09 0.42
185574 6.56 6.79 0.80 1 - - Lo - io- - - - - - 2,78 0.62
. i gi i L' J' i !

R.T : Rushton Turbines System

M.T : Multiple Rod Agitator

Table 3.3.14 The performance of multiple rod agitator under fermentation conditions (XC464/65).
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1 MICROBIAL GROWTH Residual Xanthan Rheology OUR
PH i Optical Cell counts g:ucose gum K (mls 0, s.t.p/100mls)
Time density x10710 & w/v) b w/v) (pseudopoise) n 2 h
Loghrs j -
R.T M.R R.T M.R R.T M.R* {R.T M.R R.T M.R R.T M.R R.T |MR R.T M.R
Pre-Inoc. 6.88 6.88 0 ' 0 - - - |
Post-Inoc. 6.89  6.92 | 0.45 ! ) ) § ) i i i -
6 7.05 : ;0.2 0.28 | 0.02, 8.1 |8.2 |0.152{0.228 | - . - 0.62 | 2.16
1 (05 7.07 1 165 1135 | 0.63 | 0.46] 6.8 |6
184 6.70 | : i . .8 0.247]0.214 - - - - 8.96 9.27
) 70 6.83 4 6.0 5.75 0.80 | 0.65| 5.2 |6.0
o o1 | o | . . 0.72610.627 | - - - - 11,12 j13.28
. : . iS85 16.00 0.53 | 0.56| 4.3 |4.0
1 608 615 | 200 . 1.051(1.119 | - L. - - l11.12 (11,74
-08 + 6. P4 5.15 0.38 | 0.53] 3.8 | 3.8 A
s 680 | 6.95 | 1.421]1.474 | - |- - - 8.03 | 8.65
b : ; - - ~ - - - - - -
54 6.62 | 6.65 | 4.25 s < ' . } ) "
o 635 | oas | i 4 i; 0.39 | 0.38] 5.0 3.0 1.8091.488 | 82.44 | 94.35 0.229 [0.209 || 7.10 {10.50
3346 io4. 0.35 | 0.411 2.7 12.6 | 1.885
o 755 | 607 ) ) ] ‘ : : .?3 ) 12?:09 152.86 [0.198 | 0.1801 6.18 [10.19
78 % 6.86 | 6.67 3.75 ' - - - _
| 6. 4.50 0.
00’ o571 610 1| o o ’ z; 0.37 2.5 12.4 | 1.850]1.994 |136.14 1196.73 0.192 | 0.162 6.18 |11.12
Poo. LR . 0.28) 2.3 2.2 | 1.a1212.239 ’
: P2, 91212, 154.62 246.99 [0.186 | 0.148]l 4.02 | 9.27
s 6.98  6.87 - - - - - - S - - N
102 6.66  6.57  2.7% : E }
3.45 -
s S T 0 0.2301 1.9 1.7 § 2.004[2.081 {153.37 |239.49 {0.190 | 0.151]] 6.18 | 9.58
: < -1 0,20y 1.7 1.4 2
us. 680 697 | - ) R 7 .?54 2i?02 17§:58 272.46 110.175 [ 0.145| 3.71 | 9.27
1267 6.65  6.95 1 1.95 . : f ] ) - ]
. . L i 2.15 -
1387 6.3 671 | ies 220 | 0.20% 1.5 §1.2 | 1.851{2.308 |150.79 |258.17 | 0.187 {0.1490 4.32 ! 7.72
150° 6.51  6.62 | 1.95 | 2.05 - 0160 1.4 0.9 | 1.84512.354 [159.75 |302.05 |0.183 |0.141] 4.94 | 9.89
162" 6.26 6.5 f e ; 1'80 - ! 1.3 10.8 | 1.864/2.409 164.58 [337.79 [0.183 |0.124} 3.09 | 8.03
) P R '2~40 - 1.1 10.7 | 1.885(2.508 [187.86 |368.80 [0.172 |0.130| 2.47 | 1.85
. : Co I -, - i 11 (0.5 2.0211(2.433
2 s i . . .
86 627 6.50 | 160 220 R 180.26 1376.10 [ 0.174 |0.135{ 1.85.| 4.94
| | | 1.1 (0.4 | 2.084|3.178 [207.78 |[376.7110.165 {0.131) 1.54 | 4.94
j = E i

Table 3.4.15 The performance of multiple rod agitator under

M.T ¢
M.R :

Rushton turbines system

Multiple Rod Agitator

fermentation conditions (XC470/71).
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Figure 3.4.15 The performance of Multiple Rod Agitator under

fermentation conditions. (XC460/61). Control system:
Two 9.0 cm Rushton turbines fitted to a baffled

vessel.



ARBITRARY SCALE
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The performance of Multiple Rod Agitator under ferment-

Two

9.0 cm Rushton turbines fitted to a baffled vessel.

(R.T.: Rushton turbines. M.R.: Multiple Rod Agitator),
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4. DISCUSSION

4.1 Xanthan [Sum Fermentation Profiles

The main objective in counducting these fermentations was to follow
the rheological properties of the culture fluid with time, so as
during subsequent exp¢riments to be able to predict at which stage
of the fermentation culture fluids of required rheological properties
would be obtained. Also, it was considered of interest to understand
the course of the xanthan gum fermentation.

The principal difficulties associated with laboratory analysis
and with the determination of some other parameters were the following :
a. The high viscosity of the culture fluids may have resulted in
unreliable growth estimation measurements, because of the difficulty

to accurately dilute the samples and to efficiently centrifuge the

cells.
b. The precipitation technique used for the determination of
xanthan gum yield was a non-specific method. As a result, solids

other than xanthan gum,as well as cells,may also have been precipitated
and in turn, artificially higher values for the xanthan gum yield may
have been obtained.
c. The use of a membrane electrode or a te f.lon coil for the
dissolved oxygen measurements may result in artificially lower readings
if there is inadequate flow around the membrane or the coil. This
is due to the formation of a liquid film on the surface of the membrane
or the coil which impedes the penetration of oxygen into the probe or in-
the coil. In the case of the membrane electrode employed for the
dissolved oxygen measurements in 51t fermenters,this iisk was eliminated
by placing the electrode in the vicinity of an impeller, where adequate tur-
bulence existed. However, in the case of the te f lon tubing, employed
for the dissolved oxygen measurements in 400 1t fermenters, such a
precaution was impossible to be taken, because the te f lon coil was
fixed ataspecific place in the side of the fermenter. Therefore,
the case of illusory lower readings must be considered as possible.
Xanthan gum fermentation profiles in 5,60 and 400 1t fermenters
are shown in figures (3.11-7).
These figures show that cell biosynthesis is completed in the

first 48 LH. Xanthan gum production is not (oincident with growth,¥anthan gum
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starts to be produced during the early stages of the fermentation
and its production continues after the cessation of microbial growth
(presumably because of complete nitrogen consumption ) and until the
glucose of the medium is consumed.

As fermentation proceeds, the viscosity of the culture fluid
increases (indicated by increasing values of k and decreasing values of
n). The increase in viscosity coincides with the increase in xanthan
gum yield and the maximum in viscosity corresponds to the maximum in
xanthan yield.

The pH was controlled and kept constant (around a value of
7.0 * 0.2 with automatic control in the 400 1t fermenters, and around a
value as close as possible to 7.0 with manual control, in the other
scales of operation) and it is therefore believed that the pH did not
retard the progress of the fermentation.

An interesting observation was that under poor aeration conditions
(51t fermenters, low impeller speed) no xanthan gumwas produced after
a particular stage, despite the fact that active metabolism was continu-
ing and both glucose and oxygen were still consumed. It seems that
under these conditons, glucose was consumed solely for maintainance
energy .

Oxygen demand measurements demonstrated that the oxygen demand
of the organism is nearly three times as high as the oxygen uptake
values obtained, which shows the extend of oxygen limitation.

The oxygen uptake rate and the carbon dioxide evolution initially
increase with cell biosynthesis and there is a maximum at about the
first 12-24 LH. This peak of OUR and CO2 evolution during the early
stages of the fermentation is undoubtedly associated with the increase
in viscosity, which causes the fermentation to be oxygen limited.

The dissolved oxygen concentration continuously decreases during the
course of the fermentation and this can only be reclated to the increased

viscosity.
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4.2 Effect of Operating Variables upon Aeration-Agitation

in Conventionally Designed Fermenters

Among the independent variables that could affect the perform-
ance of the fermentation, only the impeller diameter and speed, the air
flow rate and the fluid rheological properties were examined. It is
recognised that other variables such as the surface tension (o), the
density (p), the diffusivity (DL), and the elastic properties of the
fluid as well as temperature and pressure, when not constant, could
affect the performance of the fermentation. However, it is considered
that the effect of these variables is insignificant for the following
reasons
a. Previous work with the xanthan gum fermentation under very
similar conditions to those employed for this project,have shown
that these parameters are essentially constant over the whole range of operating

-conditions. (e.g. Latham T.G., 1981; Gibb G.M.; 1979 and Nuttal]l D.R, 1980).

b. Diffusivity is a very difficult parameter to measure. However,

evidence available in the literature (e.g. Astarita G., 1965; Osmers H.R.
and Metzner A.B., 1972; Perez G.F. and Sandall 0.C., 1973; Wasan D.T.
et al., 1972; Zandi I. and Turner C.D., 1970) suggests that tihe

effect of viscosity on the diffusivity of oxygen into the liquid phase
is quite insignificant, given that temperature and pressure do not
vary. There is also some contradictory evidence (Navari, R.M. et al.,
1971) which suggests that in the case of polymer fermentations, where
the viscosity increase is due to the increased concentration of the
dissolved polymer, there is a more significant effect of viscosity
on diffusivity of oxygen. However, it was confirmed that for the
range of viscosities employed in this project, viscosity changes would

not significantly affect diffusivity.
c. Although the elastic properties of the fluid vary considerably

among different polymers, they are very similar for different con-
centrations of the same polymer (Solomons J., 1980).

d. Temperature and pressure were maintained constant within

a narrow range (Temperature : 30 * 1°C, Pressure: (5% | p-o-i)

The effect of all the examined independent variables on each
dependent variable will be discussed together for New-Brunswick impellers
and Rushton turbines.
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4.2.1 The effect of operating variables on power consumption

4.2.1.1 Power curves

Figure (4.2.1) presents power curves for the four impellers employed.
The curves are incomplete, because of physical limitations, These
limitations are due to the torque meter- concerning power consumption
measurements at low agitator speeds-to‘the incapacity of the drive motor
to reach speeds higher than 700 rpm, and to the high apparent viscosity
of the culture fluids employed. The upper limit of NRe obtained
(NRQ 5_103) indicates that no fully turbulent conditions were developed.
The curves showed an unusual trend, i.e. a Np reduction above
Nre = 200, after the curve had reached a zero slope at Np = 18.  Com-
plete power curves, obtained by other investigators for viscous elastic
and inelastic fluids employing double turbine impellers systems, are
shown in figure (4.2.1) for comparative purposes. Unfortunately, the
fact that the curves are incomplete does not permit further comments
on their shape. A possible explénation for the negative slopes of the
curves above NRe = 200 is air entrapment which lead to density decrease.
Accordingly, density values employed for the calculation of Np (p=1000kg/m3)

wab .
were higher than in practice and in turn, Np artificially lower.

4.2.1.2 The effect of impeller speed on power consumption

The effect of impeller speed on power consumption under non-
aerated conditions is illustrated in figure (3.2.1) in the case of
New-Brunswick impellers and in figure (3.2.9) in the case of Rushton
turbines. As shown in these figures and in table (4.2.1), the slopes
of the curves were in general lower than 3.0. According to Rushton's
equation for turbulent flow (eq. 1.2.4) a slope of 3.0 would be ex-
pected. Given the fact that turbulent flow was not established,
(NRe
fact that the slopes are lower than 3.0 (i.e. the exponent on N is

< 104) over the range of experimental conditions examined, the

lower than 3.0) can be explained as follows.

From Rushton’s . general simplified equation for baffled tanks

N, = C(NRe)x (4.2.1)



299

10 b - ' T T 1 M |
&N
F N\
AN
- AN s
AN
[ .
AN
N
A X
b AN X X X X
h Xz Xgxn2, &y
N Y Y$’,-’°"-~~—-—~~~
. RS Y +
lO:— \\\ A’,KAOAQOJO -
: TF + + + :
° IMPELLER TYPE AND FLUID RHEOLOGICAL CONDITION
10 b ® N.B. 7.8 cm , Low viscosity c.f (24 LN) -
e A M,B. 7.8 cm , Medium viscosity c. (48 LH)
i + N.B. 7.8 cm , High viscosity c.f (32 LW ]
[ X R.T. 6.8 cm , Low viscosity c.f (24 LH) ]
i ® R.T. 7.8 cm , >
4 R.T. 9.0 cm , »
X R.T. 6.8 cm , High viscosity e (48 LA
Z R.T, 7.8 cm , »
F Y R.T. 9.0 cm , »
= P RPN | . . | . 1
lo . 1 : '} 2 1 3
10 10 10 10

Figure 4.2.1

R.T.: Rushton turbines).

Re

]
10

Power curves (N.B.: New-Brunswick impellers;



300

or

5
pNsD

and by rearranging |,

P o o™l nX NPTX pXS (4.2.2)
where x = the slope of the experimentally determined power curve.
When . p, J,and D are constant, eq.(4.2.2) simplifies to

Pa N (4.2.3)

The slope, x, of all power curves was negative over the greater
part of experimental conditions, and therefore a value for the exponent

on N lower than 3.0 can be expected.

The viscosity of the culture fluid is expected to affect the relation-

ship between power consumption and impeller speed because,in the
case of non-Newtonian fluids, the viscosity is also a function of the

impeller speed. By substituting the viscosity term by ,

- n-1
M, = K(kN)

in eq. (4.2.2), the proportionality between P and N becomes

P o N3+x y (Nnalyx

i.e. P a N3+x(2—n)

(4.2.4)
Eq. (4.2.4) indicates that with increasing pseudoplasticity of the

fluid (decreasing value of n) the valuc of the exponent on N is
expected to deviate from the value of 3.0 to a greater extent. In
particular, it is expected to increase for positive values of x and

to decrease for negative values of x. However, it is reasonablec to
consider that,for values of x close to zero the effect of fluid
viscosity on the power consumption/impeller speced rclationship is

small. This is in fact demonstrated by the slopes shown in table
(4.2.1).



301

Culture Fluid New-Brunswick Rushton Turbines

Employed Impellers 6.8cm 7.8cm 9.0cm
XC320 - 24LH 2.73 - -~ -
XC320 - 48IH 2.93 - - -
XC323 - 72LH 2,76 - - -
XC324 - 241H - 2.97 2.78 2.46
XC331 - 48LH - 3.15 2.97 2.79

Table 4.2.1 Slopes of the power consumption versus impeller speed

logarithmic nlots, for non-aerated culture fluids.

Figures (3.2.1) and (3.2.9) demonstrate that although power
consumption, in absolute terms, is considerably reduced upon aeration,
this effect becomes insignificant when compared with that of the impeller
speed. Accordingly, the relationships between,on the one hand ungassed
power consumption and impeller speed, and on the other hand gassed
power consumption and impeller speed are expected to be similar. In
fact, figures (3.2.1) and (3.2.9) demonstrate that gassed power con-
sumption increases by increasing impeller speed, obeying a power law
relationship and the slopes obtained are quite similar to those obtained
under non-aerated conditions. The slopes of these curves are shown in
table (4.2.2). A general observation deriving from this table is
that slopes with a value lower than 3 were obtained in the case of
the New-Brunswick impellers, while slopes with a valuc higher than 3
were obtained in the case of the Rushton turbines. However a general
trend for the effect of the aeration on the power consumption/impeller
speed rclationship was not ohvious. These results could be better
analysed and explained in terms of thc cffect of impeller specd on the

gassed to ungassed power consumption ratio (Pg/P).
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Culture Fluid New-Brunswick | Rushton Turbines
Employed Impellers ~ 6.8cm 7.8cm 9.0cm
XC320 - 241H 2.54 - - -
XC320 - 48LH 2,50 - - -
XC323 - 72LH 2.76 - - -
XC323 - 241H - 2,75 3.04 3.63
XC331 - 48IH - 3.18 3.45 3.43

Table 4.2,2 Slopes of the power consumption versus impeller

speed logarithmic plots, for aerated culture fluids.

In the case of the New-Brunswick impellers Pg/? essentially
decreased with increasing speed. Specifically, in the case of 48 and
72LH culture fluids, Pg/P decreased with increasing speed over the
whole range of impeller speeds. In the case of 24LH culture fluid,
Pg/P decreased with increasing speed over the largest part of the

speed's range, up to 500 rpm, while above that it increased with in-
creasing speed. This observation explains the differences in slopes

between the ungassed and gassed power consumption/impeller speed
relationship. Specifically, the fact that Pg/P decreases with in-
creasing impeller speed explains the higher slopes obtained under

aerated than under non-aerated conditions.

In the case of Rushton turbines, the effect of impeller speed
on Pg/P is also related to the impeller diameter. When 7.8 and 9.0cm

impellers were used, Pg/P essentially increased with increasing speed,

this indicating that under aerated conditions power consumption increases
at a higher rate with increasing speed than under non-aerated conditions.
This observation is in agreement with the fact that the slopes of the
P versus N curves are higher than the slopes of the P versus N
éirves.

When 6.8cm impellers were used, %g/P essentially decreased

with increasing speed. Specifically, Pg/P decreased with increasing
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speed over the largest part of the impeller's speed range, up to
500 rpm, while above that it increased with increasing speed. This
observation is in agreement with the fact that lower or equal slopes
were obtained for the Pg versus N curves than for the P vs N curves.
An additional observation was that the slopes of the gassed
power consumption/impeller speed relationship increased with in-
creasing impeller diameter, this tendency being slightly more pronounced
in the case of the lower viscosity culture fluids.
These observations indicate that the effect of aeration on the
power consﬁmption/impeller speed relationship is related to the
impeller parameters. It is therefore reasonable to assume that a relation-
ship might hold between Pg/P and NRe' A logarithmic plot of Pg/P versus

NRe is shown in figure (4.2.2). This plot demonstrates that for both lowandhigh

viscosity fluids, Pg/P initially decreases with increasing NRe s but
after a particular value of NRe ,Pg/P starts increasing with increasing
NRe' The critical NRe above which Pg/P starts increasing with
increasing NRe is dependent on the culture fluid rheological properties,
having a value about 300 for the low viscosity culture fluid and a value of
150 for the high viscosity culture fluid, in the case of Rushton turbines.
In the case of the New-Brunswick impellers a value of 750 was observed
for the 24 LH culture fluid, a value of about 280 for the 48LH culture
fluid and a value of about 200 for the 72LH culture fluid. The mini-
mum in all curves could have only been due to the maximum size of
large gas cavities, which were formed behind the impeller blades and
increased in size, until the centrifugal forces were large to reduce .
their size..

Furthermore, as these results demonstrated that the size
of gas cavities affected the gassed power consumption and as centri-
fugal forces are considered reponsible for the size of cavities, one

might expect some relationship between Pg/P and Froudenumber (which

accounts for the effect of centrifugal forces). In fact this relation-
ship was found sucwssful and Pg/P was correlated with NFr independently
of the fluid rheological properties. More specifically, figure

(4.2.3) demonstrates that Pg/P decreases with increasing Npp up to
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a value of NFr = 0.50 in the case of New-Brunswick impellers and up
to a value of NFr = 0.45 in the case of Rushton turbines. In the
case of New-Brunswick impellers, above this critical value,Pg/P

remains almost independent of N with the exception of the 24LH

Fr’
culture fluid, in the case of which P /P slightly increases with

increasing N In the case of Rushton turbines, above this critical

Fr’
value, Pg/P increases with increasing NFr' In both cases of New-

Brunswick and Rushton turbines, the critical N, was found independent

of the fluid rheological properties. These miiimum values of NFr
(i.e. the maximum reduction in Pg/P) must again correspond to the
maximum size of gas cavities.

Van't Riet K. (1975) and BruijnW.e/(1974) never observed
such a trend for the effect of impeller parameters on Pg/P' The
above described trend, as well as the successful correlation of
Pg/P with NFr,was also reported by Solomons J. (1980). Furthermore,
by obtaining experimental data at very low NFr (0.01to 0.1),he was
able to identify the conditions at which the gas cavities began
to grow (i.e. the NFr above which Pg/P started decreasing with
increasing NFr)' Unfortunately, in the present study, restrictions

in obtaining sufficiently low N " impeded the determination of the

F
NFr at which the gas cavities began to grow.



4.2.1.3 The effect of Air Flow Rate on Power Consumption

Figures (3.2.2 and 3.2.10) illustrate the effect of air flow
rate on power consumption. The slopes” of these curves (table 4.2.3)
demonstrate that there is a very weak dependence of power consumption
upon air flow rate. In general, Pg decreases by increasing Q, but
in the case of higher viscosity fluids this effect is only noticeable
at 600 rpm, in both cases of New-Brunswick and Rushton turbines.
It is therefore evident that the correlation suggested by Michel and
Miller (eq. 1.2.9, Pg a Q~0'252) for non-viscous Newtonian fluids,
does not apply in this case of viscous, non-Newtonian fluids, the

dependence of Pg on Q being weaker in the latter case.

Culture Fluid New-Brunswick}| Rushton Turbines

Employed Impellers 6.8 cm 7.8 cm 9.0 cm

300rpm 600rpm |300rpm 600rpm |300rpm 600rpm |[300rpm 600rpm

XC320-241H 0.0 -0.278 - - - - - -
XC320-48LH 0.0 -0.109 - - - - - -
XC323-72LH 0.0 -0.169 - - - - - -
XC324-241H - - -0.108 -0.156 |-0.079 -0.186 [0.050 -0.091
XC331-48LH - - 0.0 -0.089 | 0.0 -0.096 0.0 -0.082

Table 4.2.3 Slopes of the power consumption versus air flow rate log-

arithmic plots.

Figures (3.2.3 and 3.2.11) which present cartesian plots
of Pg/P versus aeration number (Na), varying Q only, providec a better
understanding of the effect of air flow rate in the reduction of power
consumption.

The work of Bruijn W. et al. (1974) and Van't Rict K. (1975) con-
clusively demonstrated that the reduction of power consumption upon acration,
expressed as Pg/P is determined by cavity formation, and the ceffect of N

e

on Pg/P can be cexplained on this basis.
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In the case of New-Brunswick impellers, at 300 rpm, Pg/P values
are significantly lower than 1, This indicates that a rapid decrease
occurred during the initial stages of aeration, but in the range of
Na examined, Pg/P does not further decrease with increasing Na' This
observation can be explained in terms of the formation of stable
cavities, which once formed do not further increase in size. This
trend is analogous to Van't Riet's (1975) and Bruijn's W. et al.(1974)
observations for the effect of N, on Pg/P at low impeller speeds and
the type of cavities assumed similar to the stable cavities observed
by the above investigators (i.e. cavities which remained stable even
after aeration was ceased. This trend has also been previously
noticed, under conditions of poor mixing, in projects undertaken at
Imperial College (i.e. Unwin K., 1978; Nuttall D.P., 1981; Latham T.J.,
1981). At 600 rpm, a different pattern was observed. In particular,
Pg/P decreésed progressively,and initially substantially,with
increasing Na' It was only when Pg/P reached very low values at high
Na’ that its decrease became insiginifcant. This observation can be
explained in terms of the formation of large cavities which increase in
size with increasing air flow rate. This trend is again analogous
to Van't Riet's (1975) and Bruijn's W. et al.(1974) observations for
the effect of N, on Pg/P at high impeller speeds and the type of
cavities assumed analogous to the large cavities observed by the above
investigators. This progressive but substantial decrease of Pg/P
with increasing Na at high impeller speeds has also been previously
observed in the above projects undertaken at Imperial College.

Similar trends were also observed in the case of Rushton
turbines, although the trend was not as clear as in the case of New-
Brunswick impellers. In particular, at 600rpm the pattern was similar to that
observed in the case of New-Brunswick impellers (i.e. a progressive
decrease of Pg/P with increasing Na). However, at 300 rpm the pattern
observed was dependent on the mixing conditions. More precisely,
under conditions of poor mixing (i.e. 6.8 cm impeller operating in
24 and 48 LH culture fluids and 7.8 and 9.0 cm impellers operating
at 48LH culture fluids), the trend was similar to that observed in the

case of New-Brunswick impellers operating at 300 rpm. However, under
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conditions of better mixing, the trend was rather similar to that observed
at 600 rpm, although less pronounced.

Therefore, these results indicate that the formation of stable
cavities (i.e. cavities not increasing in size with increasing Na) or
large cavities (i.e. cavities increasing in size with increasing Na)
is dependent on the mixing state in the vessel, defined in terms of
NRe’ rather than simply in terms of the impeller speed. In fact,
these results enabled the definition of the conditions, in terms of

NRe’
of stable or large cavities.

that the increase of air flow rate may result in the formation

a. Stable cavities (i.e. cavities which increase in size with
increasing Na) exist at 60 < NRe < 140.
b. Large cavities (i.e. cavities which increase in size with

. . . < <
increasing Na) exist at 140 NRe 600

An additional observation was that the size of cavities (i.e.
the degree of Pg/P reduction) either increased or decreased with in-
creasing speed, depending on the impeller geometry. Specifically, in the case of
New-Brunswick impellers, bigger cavities were formed at 600 rpm than
at 300 rpm, for the same fluid. This observation is similar to
Bruijn's et al. (1974) and Van't Riet's K. (1975). In the case of
Rushton turbines, although the situation was not as clearly defined,
a similar observation was made in the case of the small impellers (i.e.
6.8 cm), while the opposite was observed in the case of larger impellers
(i.e. 7.8 and 9.0 cm).

The above observation can be explained in terms of the effect
of NFr on Pg/P (fig. 4.2.3). In all cases that bigger cavities were
formed at 600 rpm than at 300 rpm, operating conditions were such that
the NFr was b:}ow the critical value of 0.5 in the case of New-Brunswick
impellers and value of 0.45 in the case of Rushton turbines, while in those
cases that bigger cavities were formed at 300 rpm than at 600 rpm,
operating conditions were such that the NFr was above these critical

values of N_ .
Fr
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4.2.1.4 The effect of viscosity on power consumption

According to eq.(4.2.2),

Po p X (4.2.5)

This proportionality indicates that for values of x close to zero,
there is a very weak dependence of power consumption on viscosity.
Moreerr, for small negative values of x, as it has in general been
the case, a small positive effect of viscosity on power consumption
is expected.

This is in fact demonstrated by the results obtained in both
cases of New-Brunswick and Rushton turbines (figs. 3.2.1 and 3.2.9).

The only exception was in the case of New-Brunswick impellers operating
in the 72 LH culture fluid, when lower values of power consumption
were obtained than with 24 and 48LH culture fluids. However, it is
believed that this was due to gas entrapment, as a result of the high
viscosity of the culture fluid, which in turn resulted in lower power
consumption values.

Aeration affected the viscosity/power consumption relationship
in such a way that, as demonstrated in the two previous sections, the
viscosity has a negative effect on the gassed power consumption. This
observation is in agreement with what is widely recognized (e.g. Calderbank
P.H. et al., 1965; Narayaman S. et al., 1974) that an increase in
viscosity enhances the coalescence rate, and hence larger bubbles are
formed. This is due to the fact that the wake region behind the leading
bubble is much longer in a viscous liquid so that the approaching bubble
is caught up in the wake at a much grcater distance from the leading

particle than it would be in a lower viscosity fluid.

4.2.1.5 The effect of impeller diameter on power consumption

According to eq.(4.2.2), applying in the case of gecometric

similarity,

P o DX (4.2.6)

and for small negative values of x, values for the cxponent on D
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slightly lower than 5 would be expected.

Figure (4.2.4) demonstrates that the values of the .
slopes obtained for the power consumption versus impeller diameter
relationship are lower than 5 but slightly lower than it was expected
according to eq. (4.2.6). Given the fact that geometric similarity
was not maintained during the experiments (because the D/eratio was
changing by changing the impeller diameter) a greater deviation from
the theoretically expected value for the exponent on D is considered
to be reasonable. However, this lack of geometric similarity, in this
particular case of viscous non-Newtonian fluids, must not be over-
estimated. Since, due to the high viscosity of the culture fluids,
turbulence was not extended to the edges of the vessel; in that sense
the diameter of the vessel becomes a rather unimportant parameter
within the range of Dﬁg,ratios examined.

In the case of aerated culture fluids avery similar relationship
was obtained between gassed power consumption and impeller diameter.
Given the fact that the effect of impeller
diameter on power consumption is much more profound than the effect
of aeration on power consumption (figs. 3.2.1 and 3.2.9), the similarity
between the power consumption/impeller diameter relationship under

aerated and non-aerated conditions was expected.
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4.2.2 The effect of operating variables on OUR

4.2.2.1 The effect of impeller speed and power consumption on OUR

Figures (3.2.4 and 3.2.12) show the effect of impeller speed
on oxygen uptake rate, for all impellers and culture fluids employed,
while the effect of gassed power consumption on OUR is shown in
figures (3.2.5 and 3.2.13).

These figures demonstrated that OUR increases with increasing
impeller speed and power consumption. This observation constitutes
a strong evidence that the fermentation is oxygen limited. Furthermore,
dissolved oxygen measurements (tables 3.2.3, 3.2.11 and 3.2.12) indicate
that OUR increases with increasing impeller speed, despite the fact
that the dissolved oxygen concentration is considerably high. Finally,

it was observed that with increasing impeller speed and power consumption,
both OUR and dissolved oxygen concentration increase. lhis indicates

that transfer of oxygen from the gas to liquid phase is effected at a
quicker rate than from the liquid phase to the cells. These obser-
vations argue for a liquid to cell rather than a gas to liquid limitation.

However, it was also observed that the increase of OUR with
increasing impeller speed and power consumption was not effected at
the same rate over the whole range of operating conditions. In
almost all curves (with the exception of that corresponding to the
New-Brunswick impellers operating in the 72 LH culture fluid), after
a particular power input, a sharp break occured, above which OUR
responded less sensitively to the increase of power input.

The following visualisation of the mixing process could explain
the above observation :

With Rushton turbines, operating in this viscous non-Newtonian
fluid, a restricted well mixed area, situated in the vicinity of the
impellers exists. The rest of the liquid is continuously pumped into and
out this well mixed region, and consequently, liquid containing high
dissolved oxygen concentration is continuously interchanged with oxygen
free liquid. The performance of the impeller is accomplished by
means of three functions:

a. The bubble distribution in the well mixed area.

b. The creation of turbulence 1in the well mixed region.
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c. The pumping of the oxygen free liquid into and out the well
mixed region.

power
With increasing input (i.e. with increasing impeller diameter and/or
speed) all functions are accomplished in a better way.

The first function is accomplished because of the increase
of turbulence which results in the formation of smaller diameter
bubbles. However, the accomplishment of this function is of no im-
portance in this particular case of liquid to cell limitation.

The second function is accomplished because with increasing
diameter and speed the impeller shear (N2D2) increases and,in turn,

the turbulence created increases too.

The third function is accomplished by means of two effects:

a) The decrease of the average apparent viscosity as a result of the
increase in shear rate and b) the increase of the pumping capacity of
the impellers.

In tne results presented above, the first steep part of the
curves can only be explained as the result of the increase of the well
mixed region with increasing power input. The break in the curves
corresponds to that particular power input above which the volume of
the well mixed area is not further increased. The small increase in
OUR with increasing power input, above the break point, must be the
result of the increased turbulence in the well mixed region. Supporting
evidence for this interpretation has been obtained by the mixing
time results which will be discussed in section (4.2.3).

An interesting observation was that OUR was correlated successfully
with power consumption, i.e., OUR was found independent of impeller
geometry and speed. These results are different from results obtained
by other investigators working with viscous, non-Newtonian culture
fluids (Steel R. and Maxon W.D., 1962; Fewkes R.C.J, 1977; Blakebrough
N. and Sambamurthy K, 1966; Loucaides R. and McManamey W.J., 1973) who
found that oxygen uptake rate was not only dependent on the energy
dissipation, but also influenced by the mode of energy dissipation, i.e.
dependent on the impeller diameter.

However, it should be noticed that the above investigators employed
culture fluids containing filamentous microorganisms or simulating
fluids (i.e. paper pulp suspensions). As already discussed, in these

fluids the mycelium makes the broth highly viscous and is discontinuous
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with the water phase (i.e. three phase systems). However, culture
fluids containing polysaccharides are distinct from the above category
of fluids because the viscous nature of the broths is due to the presence
of the polymer which is continuous with the water phase (i.e. two phase
systems). Accordingly the oxygen uptake kinetics of the two categories
of fluids would be expected to be different.

Parameters other than the power consumption have also been
suggested to correlatg“khe OUR, in particular in cases that OUR is
not successfully correlated with the power consumption itself. Among
these parameters, the most often used are the impeller pumping (NDs),
the impeller shear stress (N2D2) and the impeller tip speed (TND).

The impeller pumping essentially represents the capacity of the impeller
to produce bulk mixing, while the two others its capacity of creating
turbulence.

Figures (4.2.5, 4.2.6 and 4.2.7) show the relationship obtained
between each one of the above parameters and OUR, in the case of the
Rushton turbines. These figures demonstrated that OUR is satisfactorily
correlated with the above three parameters, dezpite the fact that the
break observed in the OUR/Pg curves was also observed. However, none

of these correlations was found superior to the OUR/P .

4.2.2.2 The effect of air flow rate on OUR

Figure (3.2.14) which illustrates the effect of air flow rate
on OUR in the case of Rushton turbines demonstrates that this effect is
either positive or negative depending on the mixing state in the vessel.
In particular, with low viscosity fluids, high impeller diameter and
speed {i.e. under conditions of considerably good mixing) a negative
effect of air flow rate on OUR was observed which is a unique trend.

On the contrary, under conditions of poor mixing (high viscosity fluids,
low impeller diameter and speed) a positive effect was observed.
Unfortunately, a positive or negative effect could not be predicted

in terms of Reynolds numbers.

Summarising, two types of curves were obtained:

1. Curves with a negative slope, observed under good mixing conditions
(table 4.2.4).
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Culture Fluid Impeller Impeller

Culture Fluid Diameter (cm) Speed (rpm) Slope
XC324-241H 9.0 300 -0.297
XC324-241H 7.8 600 -0.232
XC324-241H 7.8 300. ~0.166
XC331-48LH 9.0 600 -0.061
XC331-48LH 9.0 300 -0.012

Table 4.2.4 Slopes (negative) of the power consumption

flow rate logarithmic plots, for Rushton turbines.

versus air

2. Curves with a positive slope, observed under conditions of

poor mixing (table 4.2.5).

Impeller

Culture Fluid Diameter (cm)

Impeller
Speed (rpm)

Slope

XC331-48LH 7.8
XC324-241H 6.8
XC331-48LH 6.8
XC331-48LH 6.8
XC331-48LH 7.8
XC331-241H 6.8

600
600
600
300
300
300

o O O © O O

.036
.059
.140
.237
.274
.295

Table 4.2.5 Slopes (positive) of the power consumption

air flow rate logarithmic plots, for Rushton turbines.

versus

The above results can be interpreted in terms of two competing

effects: the only one determining the effect of air flow rate under

conditions of liquid to cell limitation :

1. A direct effect (i.e. independent of the power consumption

by the agitator) of the power input of the air itself.

This is caused



by the increased liquid turbulence due to the passage of air. As a
result of this effect, OUR increases with increasing air flow rate.
2. An indirect effect (i.e. the effect of gassing upon power
consumption) which has the opposite action on oXygen uptake rate. This
is due to the fact that, as already discussed, power consumption in
viscous fluidsis considerably reduced upon aeration as the result of
the formation of large gas cavities in the downstream fo.ce of the
impellers.

The overall effect of air flow rate on OUR is the net result
of these opposing forces, being positive when the first effect is
proportionally greater. This depends on the mixing conditions in
the vessel. More specifically, under conditions of poor mixing the
first effect is predominant, while under conditions of better mixing
the second effect is predominent.

Supporting evidence for the above interpretation was also

obtained from mixing time data,in the case of a positive effect of
air flow rate on OUR and from gassed power consumption data in the case of
a negative effect. More specifically, in the first case, mixing time
was found to decrease with air flow rate (figs.3.2.8, 3.2.17 and 3.2.18).
In the second case, power consumption was found to decrease with in-
creasing air flow rate at a higher rate than under conditions for which
a positive effect was observed (tables 3.2.4, 3.2.13 and 3.2.14).

Figure (3.2.5) which illustrates the effect of air flow rate
on oxygen uptake rate, in the case of New-Brunswick impellers, demonstrates
that OUR increases with increasing air flow rate, under all operating
conditions. This effect is slightly more promouncedunder poor mixing
conditions, defined in terms of high viscosity (48 and 72 LH culture
fluids) and low impeller speed. According to the interpretation presented
for the case of Rushton turbines, these results can only be explained
as the consequence of the additional power input of the air itself. The

slopes of the curves are shown in table (4.2.6).



Culture Fluid Impeller Speed Slope
(rpm)

XC320-24LH 300 0.028
XC320-48LH 300 0.197
XC323-72LH 300 0.346
XC320-24LH 600 0.160
XC320-48LH 600 0.197
XC323-72LH 600 0.071

Table 4.2.6 SLopes of the OUR versus air flow rate logarithmic

plots for the New-Brunswick impellers.

N
N



4.2.2.3 The effect of viscosity on OUR

In the case of New-Brunswick impellers, lower values of OQUR
were obtained with increasing culture fluid viscosity, for the same
impeller speed. This observation is consistent with the argument that,
with increasing viscosity, the well mixed area is reduced. Metzner
A.B. and Taylor J.S. (1960) conclusively demonstrated that in non-
Newtonian fluids the high shear rates in the vicinity of the impeller,
which lead to a reduction in the apparent viscosity and consequently
to an increased turbulence, rapidly (exponentially) drop off with dis-
tance from the impeller and consequently the turbulence is quickly
dampenedout,. Accordingly, with increasing pseudoplasticity, this dampening
out of turbulence is expected to increase.

According to Yagi H. and Yoshida's F.(1975) correlations for

KLa (eq. 1.2.57),

1.5 - -1.1
OUR o KLa o NRe My

i.e. OUR a ﬁa'2'6

and according to Perez J.F. and Sandal's 0.C. (1974), (eq. 1.2.56)

1.11 - 20.19
u

(¢4
OUR a KL NRe a

i.e. OUR o ﬁafl‘so
However, this is referred to a gas/liquid resistance and therefore
no comparison with' the above proportionalities can be drawn in this case,
in which the limitation is from liquid to cell.

In the case of Rushton turbines, the viscosity was found to
have a small positive effect on OUR. tlowever, it is believed that
this was probably due to the fact that thc difference in pscudoplasticity
between the two fluids was small and that broths of two different fer-
mentations were employed, which may have been slightly different in

their respiratory ability.
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In this particular case of liquid to cell limitation,K is
c
considered to be only a function of the fluid average apparent viscosity
and density, the diffusivity, the impeller diameter and speed.

i.e. K =f(ﬁa, o, D., D, N).

c L’

By applying dimensional analysis, the following relationship is obtained,

This indicates that

KC o ua

and OUR o ﬁa'l

Therefore, the above proportionality explains the negative effect of

viscosity on OUR in the case of the New-Brunswick impellers.

4.2.2. 4  The effect of impeller diameter on OUR

As expected, an increase in impeller diameter results im an
increase in OUR as a result of better agitation. This effect
is considerably more profound at low impeller speeds and higher
viscosity culture fluids (i.e. under conditions of poor mixing).
However, as already discussed, the effect of impeller diameter on
OUR at constant power input, 1S insignificant, OUR being only depend-
ent on power consumption. In other words, at a given input the
same OUR can be obtained by using a small impeller rotating at a

high speed or a large impeller rotating at a lower speed.
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4.2.3 The effect of operating variables on Mixing Time

4.2.3.1 The effect of impeller speed on Mixing Time

Figures (3.2.7, 3.2.15 and 3.2.16) illustrate the effect of
impeller speed on Mixing Time. They demonstrate that under both
aerated and non-aerated conditions, Mixing Time decreases with in-
creasing impeller speed. This effect is much more pronounced in the
case of viscous fluids and/or small impellers (i.e. under conditions
of poor mixing). Mixing Times at position 1 (thermistor next by the
blade of top impeller) and position 2(thermistor close to the vessel
wall, at the level of bottom impeller) were found quite similar, while
considerably higher values were obtained at position 3(thermistor just
below the liquid level, behind the baffle). In particular, Mixing

Time values at position 3 remained high even at high impeller speeds.

Furthermore, as viscosity increased,the difference in Mixing Time
values in the different positions also increased, which demonstrates
that mixing becomes more ineffective with increasing viscosity.
Nevertheless, the decrease in Mixing Time with increasing
impeller speed is not effected at the same rate over the whole range
of impeller speeds. Instead, a severe decrease in Mixing Time was
observed on the initial increase of the impeller speed, especially in
the case of the more viscous fluids. However, after a particular
impeller speed, depending on the geometry of the impeller, the rheological
properties of the culture fluids and the position in the fermenter, a
break in the Mixing Time/impeller speed curve was observed above which
Mixing Time was less sensitive to the increase of impeller speed.
An observation confirming the oxygen uptake kinetics data
was that under aerated conditions the transition from the impeller speed
strongly dependent region to the impeller speed weakly dependent region
corresponds to the break observed in the OUR/impeller speed curve,
when Mixing Time values at positions 1 and 2 are taken into account.
These results confirm the visualisation for mixing in the fermenter
previously described (sect. 4.2.2.1). They, in fact, provide further
evidence that the well mixed region (indicated by the low mixing time values)
is considerably increased on initial agitation, as the sudden decrease
of mixing time at low impeller speeds indicates. The fact that further

increase in impeller speed does not significantly affect the Mixing
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Time at positions 1 and 2, indicates that mixing is mnot further improved
in these positions, while the fact that long Mixing Times are obtained
at position 3, even at high impeller speeds, demonstrates that this well
mixed region is not further increased (i.e. it is not extended to -
position 3).

Aeration resulted in higher mixing times, especially in the
case of more viscous fluids. This can only be explained as the
result of the negative effect of gassing upon power consumption, due to
the formation of large gas cavities in the downstream face of the im-

pellers. This effect becomes more pronounced with increasing viscosity.

4.2.3.2 The effect of air flow rate on Mixing Time

Figures (3.2.8, 3.2.17 and 3.2.18) illustrate the effect of
air flow rate on Mixing Time. These results are difficult to inter-
pret and it is believed that this is due to the fact that large bubbles
and cavities touching the sensitive thermistor probes were causing
temperature fluctuations.

Compared to the effect of impeller speed, air flow rate was
found to have a small effect on Mixing Time. This is in agreement
with what was observed for the effect of air flow rate on OUR.

In particular, under conditions of relatively good mixing (i.e.
low viscosities, large impeller diameters and high impeller speeds)
the effect of air flow rate on Mixing Time was minimized. However,
there was a trend towards higher mixer times with increasing air flow
rate. This observation supports the results of OUR (i.e. negative
effect of air flow rate on OUR under good mixing conditions). Under
conditions of poor mixing (i.e. high viscosities, small impeller
diameters and low impeller speeds), the trend was reversed. This
observation also supports the OUR results (i.e. positive effect of air
flow rate on OUR under poor mixing conditions). Despite the fact that
the above evidence does not present a clear cut picture, it is believed
that it helps the interpretation of the effect of air flow rate on OUR

in terms of Mixing Time data.
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4.2.3.3 The effect of viscosity on Mixing Time

As expected, longer Mixing Times were obtained with increasing
viscosity. In fact, when low viscosity unaerated fluids (i.e. 24LH)
were employed, Mixing TimeSWﬂ;elatively unaffected by impeller geometry

and speed, this observation applying for all positions e¢f the thermistors.

4.2.3.4 The effect of impeller diameter on Mixing Time

The effect of impeller diameter on Mixing Time was rather in-

significant. Where there was an effect, Mixing Time decreased with
increasing diameter. This effect was more pronounced at position
3 and in the case of the more viscous culture fluids. Also, with

increasing diameter, the difference in Mixing Times for the three

positions of thermistors tended to decrease..
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4.3 Elucidation of Rate Limiting Step in Oxygen Transfer

The fundamental problem in designing an aeration-agitation
system is to define which of the functions determining the per-
formance of the fermentation is critical or limiting for it.

In viscous non-Newtonian fermentations, the supply of oxygen
to the cells is the most difficult function required by the agitation
system. It is considered that if this function is satisfied, all
other functions (i.e. suspension of the cells uniformly.  throughout
the volume of the fermenter, supply of other nutrients into the
cells, reduction of temperature gradients), will be equally satisfied.
This is mainly because oxygen is a sparingly soluble gas, but also,
because the viscous nature of the culture fluid makes difficult the
distribution of oxygen throughout the fluid.

Transfer of oxygen from the gas phase to the cells is visualised
as comprising three stages : The solution of oxygen from the sparged
air; the distribution of this oxygen throughout the culture fluid and
finally, its transfer from the liquid to the cells. Therefore,
what is essential to determine is the limiting stage.

All the experimental evidence up to this stage suggested that
a. Under most operating conditions a liquid/cell resistance was
limiting the oxygen transfer to the cells.

b. The fermenter content is not homogeneous, this suggests that
it cannot be assumed that a particular stage is limiting for the
performance of the fermentation independently of the rheological pro-
perties of the culture fluid, as well as the geometric and operating
parameters of the system.

Therefore, it was considered that in order to further elucidate
the oxygen transfer to the cells mechanism the following aspects had
to be ascertained or clarified:

a. Whether the evidence for a liquid/cell resistance is true and

if this is the case clarify whether this applies under all operating
conditions.

b. Having ascertained that the evidence for a liquid/cell resistance
is valid, clarify at which particular stcp in the liquid to cell pathway
this limitation lies.

c. Having established that under diffecrent mixing conditions



oxygen transfer is controlled by different resistances, identify the
conditions under which transition from the one type of limitation

to the other occurs.

4.3.1 The effect of dissolved oxygen concentration on OUR

Figures (3.3.2, 3.3.3 and 3.3.4) illustrate the effect of
dissolved oxygen concentration on OUR. During this first stage of the
elucidation of the rate limiting stage, it was conclusively shown
that OUR increases with increasing impeller speed. This constitutes
a strong evidence that the fermentation is oxygen limited. Furthermore,
it was shown that OUR was very sensitive to changes in the dissolved
oxygen concentration when the latter was low, while it was not
significantly affected when the latter was high.

These results (i.e. the two part curves)were interpreted as the
consequence of the existence of two different types of limitation:

1. At low dissolved oxygen concentrations (i.e. under conditions
corresponding to the first steep part of the curves) respiration was
limited by a gas/liquid resistance. This consideration was essentially
based on the groundsof low dissolved oxygen concentration.

2. At higher dissolved oxygen concentrations (i.e. under conditions
corresponding to the second part of the curves) respiration was limited
by a liquid/cell resistance. This was presumed to be because OUR
increased with increasing impeller speed, despite the fact that the
dissolved oxygen concentration was quite high.

Furthermore, this interpretation can be reinforced as follows:
At low dissolved oxygen concentrations, where a gas/liquid limitation

was assumed,
*
OUR = KLa(C -CL). (4.3.1)

Accordingly, it would be expected that a cartesian plot of GUR vcrsus

* *
(C —CL), for (C -CL) values corresponding to the first steep part of
the curves, would result in a straight line passing through the origins.

This was in fact proved to be the case (fig. 4.3.1).
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At higher dissolved oxygen concentrations, where a liquid/cell
limitation was assumed, if one would assume a liquid film around the

cell resistance,

= J - -~
OUR = K a'(C, - C) (4.3.2)

and by assuming Cc =~ 0, eq. (4.2.8) simplifies to,
OUR = Kca'CL. (4.3.7%)

Accordingly, it would be expected that a cartesian plot of OUR versus

CL (i.e. dissolved oxygen concentration values corresponding to the second
part of the curves) would result inastraight line passing through the
origins..  Figure (4.3.2) which present these plots, demonstrate that
although a good approximation for a straight line was obtained,

these lines intercepted the y(OUR) axis. This is not quite as

expected to justify the assumption of the validity of eq. (4.2.9),
because even if the assumption for Cc = 0 was not valid, an intercept

on the x(CL) axis would be expected rather than an intercept on the OUR
axis. Therefore, having eliminated the alternative, it can be speculated

that the liquid path resistance is limiting.

4.3.2 The effect of cell surface area on OUR

The results of this series of experiments (fig. 3.3.5) clearly
demonstrated that OUR is independent of the actively respiring cell
surface area. If the liquid film around the cells had been rate
limiting such results would mot have been expected, as suggested by
eq. (3.3.1). Therefore, these results clearly confirm that the liquid péth
and not the liquid film around the cell resistance was rate limiting;
the presupposition that the gas/liquid resistance was not rate limiting
was made by the fact that the dissolved oxygen concentration was always

considerably high.
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4.3.3 Transition from gas/liquid to liquid/cell limitation

The results shown in table (3.3.10) were analysed in an attempt
to derive a correlation relating the variables investigated (i.e.
impeller speed, impeller diameter and rheological properties of the
culture fluid). Swuch a correlation would make it possible to pre-
dict under which conditions transition from the one type of limitation
to the other occurs. In the analysis of results, only three of the
five experiments were taken into consideration (experiments 2,3 and
5) for the following reasons
a. The results of experiment (1) were ignored because the impeller
speed intervals (25 rpm) were too large to enable an accurate deter-
mination of the critical impeller speed.
b. The results of experiment (4) were -ignored because the range
of viscosities obtained during the fermentation was very different
from the range of viscosities obtained during the other experiments.
This was due to the fact that a different batch of corn steep liquor,
giving a higher yield in polymer was employed.

A major observation deriving from table (3.3.8) was that Ncrit
increases with increasing average apparent viscosity, and impeller diameter.
In order to correlate the critical impeller speed with the average

apparent viscosity, cartesian plots of critical impeller speed versus
averagéqwiscosity were constructed for each impeller diameter. Figure
(4.3.3) demonstratesthat there is a linear relationship between critical
impeller speed and average apparent viscosity. However, for a specific
apparent viscosity, the critical impeller speed decreases with increasing
impeller diameter. The slopes, calculated by regression analysis, are

shown in table (4.3.1). A mean slope of 0.121 was calculated.

Impeller Diameter (cm) Slope
6.8 0.161
7.8 0.117
9.0 0.084
Table 4.3.1 The slopes of the cartesian plots of critical impeller

speed (Ncrit) versus average apparent viscosity.
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This information enables a partial relationship to be established

between the variables investigated,

NCrit o 0.121 Wy + f(D) (4.3.4)

where f£(D) = A function of the impeller diameter, D.
- 2
The constant on the viscosity has dimensions of M 1LT and for N

crit
measured in rpm and viscosity in centipoises, the constant has units

of rpm.cp-l.
For ua =0
N s, o £(D). (4.3.5)

Accordingly, by plotting the values of the intercepts on the y-axis

(Ncrit

a relationship between NCrit and D can be obtained. A log-log

plot fitted the data best. This indicates that

values at ﬁa = 0)for each value of D, versus D (figure 4.3.4),

o kDX, (4.3.6)

(n,=0)

N .
crit

. . -1 - : .

The constant, K, has dimensions of T "L X, and for NCrit measured in
. -1 . . .-

min ~, and D in cm, the constant has units of min ~.cm™ .

By substituting the values of slope (x) and intercept (K) in eq. (4.3.6)

we get,

-1.093
Nopjg @ 2189.D (4.3.7)

By substituting eq. (4.3.7) in eq. (4.3.4), the following

relationship is obtained,

o 0.121ji + 2189 p~1-093 (4.3.8)

N .
crit

-1.093

By plotting N, versus 0.1211]a + 2189 D for all the data ,

rit
a straight linc is obtained (fig. 4.3.5) with a slope of 1.17, an

intercept of -45.5 and a correlation cocfficient of 0.952. This
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demonstrates that eq. (4.3.8) reasonably describes the relationship
between critical impeller speed, average apparent viscosity and impeller
diameter. By substituting the values of the slope and the intercept,
eq.(4.3.8) becomes
_ - -1-093
Nepit = 1.17(_0.121pa + 2189 D ) - 45.5 . (4.3.9)
Eq.(4.3.9) can be slightly modified to give a better fit of the
data. In particular, after arbitrary varying the values of the two
constants on viscosity and diameter respectively and the exponent
on D, the following equation was found to give the best fit (fig. 4.3.5)
_ - -1.093
Ncrit = 1.33(0.07ua + 2189 D ) - 70.0 . (4.3. 10)
Fig.(4.3.6) which presents cartesian plots of the experimentally
determined critical impeller speed and the predicted critical impeller
speed according to eq. (4.3.9) and eq. (4.3.10) versus fermentation
time, demonstrates the practical importance of the above relationships.
Furthermore, it shows the reasonable agreement between the experimentally

determined Nc and the predicted one according to eq. (4.3.10).

rit
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4.4 Evaluation of modified fermentexr design
4.4.1 Comparative experiments

4.4.1.1 Oxygen Uptake Rate measurements

The results presented in tables(3.4.5 and 3.4.6) and fig(3.4.11 and 3.4.12)
clearly demonstrate that the multiple rod impeller is the most

efficient agitator at transferring oxygen to the cells, especially

at low power inputs (less than 3.0 watts/1lt). This is of particular
importance because such power inputs are normally employed in the
industry.

A characteristic of the performance of the multiple rod agitator
is that a maximum oxygen uptake rate is achieved at considerably
low power input (1.7 to 3.0 Watts/1lt, depending on the rheological
properties of the culture fluid) and thereafter no further increase
in OUR occurs by dncreasing the power input. This performance is
very different from the performance of all other agitator systems
evaluated,in that,in the case of all other agitators, OUR progressively
increases with increasing power input (i.e. very low OUR are obtained
at low power inputs, while at higher power input, oxygen uptake
rates similar to those achieved by employing the multiple rod impeller
are obtained.

In addition, figure (4.4.1) revealsthat, at a constant power
input, the rheological properties of the culture fluid have very
little effect on the performance of the multiple rod agitator while
they have a considerable effect on the performance of the conventional
Rushton turbines. It is worth mentioning that,in the case of very
viscous fluids and at low power inputs,by employing the multiple rod
agitator, oxygen uptake rates are obtained which are four times higher
than the rates obtained by employing the conventional Rushton turbines
operating in either a baffled or an unbaffled vessel‘(figure (3.4.12)},
Very little difference in the performance of Rushton turbines operating
in a baffled or in anunbaffled system was observed and this constitues
additional evidence that the low oxygen uptake rates obtained by
employing the Rushton turbines were most probably due to poor bulk
mixing (i.e. turbulence was not extended up to the wall of the vessel

and therefore the existence of baffles did not have any effect).
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Table (3.4.7) and figure (3.4.13)demonstrate that in the case
of the multiple rod agitator the air flow rate has only a negligible
effect on the OUR, different from the effect observed in the case
of Rushton turbines. Despite the fact that the liquid to cell limit-
ation could not be ascertained under mixing conditions .by employing the
multiple rod agitator,(because its design was such that a dissolved
oxygen probe could not be used), the OUR data provided evidence for
such an argument. Therefore,the effect of air flow rate on OUR is
expected to be only determined by two opposing effects, namely the
turbulence created by the passage of air itself and the reduction of
power consumption upon aeration, as already discussed in section
(4.2.2.2) for the effect of air flow rate on OUR in the case of
conventionally designed impellers. However, in the case of the
multiple rod agitator, good bulk mixing resulted in better distribution

of power and accordingly, both of the above effects were minimised.

4.4.1.2 Mixing Time measurements

As indicated in tables(3.4.8 and 3.4.9)mixing time values obtained
with the multiple rod and anchor agitators are markedly lower than the
values obtained with the Rushton turbines under both aerated and unaerated
conditions. This indicates a better performance of the two designed
systems. Furthermore, the performance of the multiple rod agitator was
significantly better than the performance of the anchor agitator.

Aeration was found to result n a significant reduction 1n mixing
time. However, as indicated in table (3.4.10) in the case of multiple
rod agitator, the effect of air flow rate on mixing time was found rather
insignificant. The big decrease in Mixing Time observed on initial aeration
was most probably due to the decrease in the bulk liquid density, rather '
than to the turbulence created by the natural,or enhanced by the agitator
movement of air bubbles. The fact that Mixing Time was insignificantly
affected by further increase of air flow rate must have becn duc to the
fact that on the one hand the bulk liquid density did not decrcase further
and on the other hand . the enhancement of turbulence crcated did not
improve mixing, given that the multiple rod agitator provided good bulk

mixing.
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Markedly lower values were obtained with increasing power input, under
both aerated and non-aerated conditions. However, in the case of the
mulitple rod agitator,and to a lesser extent, of the anchor agitator,
although Mixing Time was significantly reduced on the initial increase of
power input, after a particular level of power input (lower than 3 Watts/1lt)
the effect of power input on Mixing Time was insignificant. This obser-
vation clearly indicates that the multiple rod agitator provides good
bulk mixing at considerably low power inputs (i.e. under power inputs
that mixing is very poor with the conventional Rushton turbines).
Furthermore, this trend for the effect of power input on Mixing Time, in
the case of the multiple rod impeller, provides supporting evidence to
the effect of power input on OUR. More specifically, these results
corroborate the finding that the successful performance of the multiple
rod agitator in transferring oxygen to the cells, at low power inputs and
high viscosity fluids must be attributed to improvedbulk mixing.

Further evidence for the good bulk mixing in the case of the multiple
rod impeller was also provided by the opportunity for observing the
manner in which mixing occured, since mixing was accomplished by a colour
change. With the multiple rod agitator, a quick colour change was
initially observed at a wide ¥in the periphery of the vessel wall, which
was increasing in size, expanding towards the upper and lower regions
of the vessel. A very similar mixing pattern was observed in the case of
the anchor agitator. However, with the Rushton turbines, no change of colour
was observed for a short time after the acid addition. Later, large spots
of yellow colour were formed at the level of top and bottom impellers which
were progressively expanding. The middle part of the vessel and the region

close to the agitator shaft were mixed last.
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4.4.2 Performance of the multiple rod agitator in complete ferment-

ation processes

The results shown in tables (3.4.12-15) and figures (3.415-18)
clearly demonstrate that the multiple rod agitator is more efficient
than the Rushton turbines. The better performance of this system
can be attributed to its efficiency at transferring oxygen to the
cells (higher oxygen uptake rates were obtained). This was found
directly related to the ability of the microorganism to produce gum,
as indicated by the increased rate of?g]ucose consumption, the increased xan-
than gum yield and the increased pseudoplasticity (higher values of K
and lower values of n were obtained). Also, cell growth results
suggest that better aeration did not effect an increased cell growth
which depends mainly on the content of the medium.

It is, therefore, evident that the successful performance of the
multiple rod agitator is due to its ability in efficiently transferring
oxygen to the cells, during the late stages of the fermentation, when
the viscosity of the culture fluid becomes high, rather than to its
ability in increasing cell growth. Additional evidence for this argu-
ment is provided by the fact that the Oxygen Uptake rate of the culture
fluid agitated with the multiple rod impeller system becomes compar-
atively higher only after the culture fluid becomes considerably vis-
cous (i.e. after 48 Loghrs).

It is worih mentioning that the range of increase in final xanlhan
gumcmuu&nww@o to 45%) is industrially significant and a successful
scaling up of the multiple rod agitator would be proved of particular
interest for fermentations involving viscous non-Newtonian culture

fluids.
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CONCLUSIONS AND RECOMMENDATIONS FQOR FURTHER WORK

Under a wide range of conditions the rate limiting stepin oxygen
transfer was proved to be the liquid to cell rather than the gas to liquid
resistance. Despite the numerous speculations suggesting that in
the case of viscous non-Newtonian fluids, the rate limiting step can
be determined by a liquid to cell resistance, there are very few
published works that have actually demonstrated that(Steel R. and
Maxon W.D., 1962 and 1966; Wang D.C. and Fewkes R.J., 1977).
Furthermore, there is no published work on a polysaccharide ferment-
ation arguing that the respiration is limited by a liquid to cell
resistance. Strong evidence for the liquid to cell limitation was
obtained by the fact that OUR increased with increasing impeller speed,
although the dissolved oxygen concentration was considerably high.
Furthermore, it was observed that transfer of oxygen from the gas to
liquid phase was effected at a quicker rate than from the liquid
phase to the cells.

OUR was correlated successfully with power consumption.
These results are different from those obtained by other investi-
gators working with viscous non-Newtonian fluids (Steel R. and Maxon
W.D., 1962; Wang D.C. and Fewkes R.J.,1977; Blakebrough N. and
Sambamurthy K., 1966; Loucaides R. and McManamey W.J., 1973) who
found that OUR could not correlate with power consumption. Instead,
they found that OUR was successfully correlated with some impeller
parameters(e.g. impeller diameter and speed, tank to impeller diameter
ratio).. However, it should be pointed out that the above investi-
gators employed culture fluids containing filamentous microorganisms
or simulating materials (e.g. paper pulp suspension). Culture fluids
containing polysaccharides are distinct from the above fluids because the
viscous nature of the broths is due to the presence of the polymer; which
is continuous with the water phase. Accordingly, these two types of
fluids can be expected to differ with respect to bubble behaviour in
the continuous phase. Despite the fact that OUR successfully correlated
with power consumption, this relationship could not be expressed in
the form of an equation. This was attributed to the non-homogeneity

in the fermenter, deduced from the break observed in the QUR versus Pg
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relationship (i.e. above a particular power input, independent of the
impeller parameters OUR becomes very insensitive to the increase of
power input, this being interpreted as a limitation of the impellers
to further increase the well mixed region). It was also attempted
to correlate OUR with some impeller parameters, namely the impelier
pumping (NDS), the impeller shear stress (N2D2) and the impeller tip
speed (mND). Although OUR was satisfactorily correlated with the
above parameters, none of them was found superior to the OUR/Pg
relationship.

An unusual trend was observed for the effect of air flow
rate on power consumption. In particular, a negative slope was
observed for the OUR/air flow rate relationship, under conditions
of good mixing. This unique observation was again interpreted as
a result of the liquid to cell limitation. Specifically, under
coinditions of liquid to cell limitation, the effect of airflow rate
on OUR is exclusively determined by two competing effects: a) The
power input of the air itself, as a result of which the liquid tur-
bulence is enhanced and b) the reduction of power upon aeration. This
negative effect of air flow rate on OUR, which is reported in this
study for the first time, can only be due to the reduction of power
consumption upon aeration, caused by the formation of large gas
cavities. Supporting evidence for this observation was also obtained
from mixing time data.

The reduction of power consumption upon aeration is deter-
mined by gas cavity formation, as it was conclusively demonstrated
by Bruijn W. et al. (1974) and Van't Riet K. (1975). The above in-
vestigators working with viscous and non-viscous Newtonian fluids
demonstrated that the large gas cavities which are formed in the down-
stream face of the blades increase in size with increasing air f{low rate
and impeller speed. The findings of the present study further
demonstrated that there is a maximum cavity size (i.e. a maximim re-
duction of Pg/P) successfully correlated with the NFr’ independently
of the fluid rheological properties. More specifically, above a
N... = 0.45 for the case of Rushton turbines and a NFr = 0.5 for the

Fr

case of New-Brunswick impellers, Pg/P increased with increasing NFr’

demonstrating that the large cavities decreased in size as a result

of the centrifugal forces exerted to them. This reduction in size



of the large gas cavities was also observed by Solomons J. (1980).

It was impossible to derive any comprehensive relationship
that relates the operating and geometric variables affecting the
performance of the fermentation. It is considered that the basic
reason for failing to obtain such a relationship was due to the lack
of homogeneity in the fermenter. Under such conditions no comprehensive
relationship would be expected to hold.

The effect of dissolved oxygen concentration on OUR, independ-
ently of the effect of other operating variables (this being obtained
by varying the concentration of oxygen in the gas inlet), confirmed
once again that under the wider range of conditions the respiration
was limited by a liquid to cell resistance, while at low dissolved
oxygen concentration respiration was limited by a gas to liquid res-
istance. Furthermore, the interpretation of results suggested that
the respiration was limited by a liquid path and not a liquid film around
the cells resistance. This evidence was decisively confirmed by
subsequent experimental evidence. Having established that respiration
is limited either by a gas td iiquid or by a liquid path resistance, depending
on the mixing state in the vessel, the conditions under which transition
from the one type of limitation to the other occurs were identified
in terms of the fundamental variables affecting mixing (i.e. impeller
diameter and speed and fluid rheological properties).

Since the liquid path resistance was found to be liniting
over the wider range of conditions, and in turn bulk mixing considered to be the
function wequired to be accomplished by the agitator, agitation
systems which were considered to provide good bulk mixing were designed
and evaluated. A multiple rod agitator, similar to the one evaluated
by Steel R. and Maxon W.D. (1966) for the viscous non Newtonian novobiocin
fermentation, was proved to be the most efficient in transferring
oxygen to the cells at low power inputs (less than 3.0 watts/lt).
The successful performance of the multiple rod agitator at this range
of power inputs is of considerable industrial importance. That good
bulk mixing provided the beneficial performance of the multiple rod
agitator was also ascertained by the Mixing Time results.

Finally, the successful performance of the multiple rod
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agitator over that of the conventional Rushton turbiﬂes was ascertained
under complete fermentation processes. It was decisively demonstrated
that at the power inputs normally employed in the industry,the

multiple rod agitator is significantly more efficient in transferring
oxygen to the cells. This was found directly related to the ability

of the microorganism to produce gum.

The findings of this study demonstrated how poorly under-
stood the effects of operating variables on the performance of a viscous
non-Newtonian fermentation are. Hence, additional fundamental in-
formation is of prime importance for the understanding of aeration-
agitation phenomena,in this category of culture fluids.

Since many of the effects of operating variables are deter-
mined by the formation of gas cavities, further work by employing
viscous non-Newtonian fluids, on the lines drawn by Bruijn W. et. al.
(1974) and and Van't Riet K. (1975) would considerably contribute
to the understanding of the above effects.

The findings of this study conclusively demonstrated that
in viscous non-Newtonian polysaccharide fermentations good bulk mixing
is of primary importance for the reduction of the liquid path resistance.
Despite the fact that the multiple rod agitator was proved, in this
context, a successful agitator design, other alternatives to the
conventional Rushton turbines would be of significant industrial
importance. Furthermore, all experimental work was performed in 51t
laboratory scale fermenters. Therefore the implications of the
present study to fermentation scale up and translation should be pursued.

Viscous non-Newtonian culture fluids containing polysaccharides
are considered to possess elastic properties. The effect of elasticity
on the performance of the fermentation has not been examined in the
present study. However, it is believed that such an investigation
would contribute to the understanding of the effect of operating
variables.

Finally, it is considered that the findings of the present
study should be extended to examine their generalisation to other
viscous non-Newtonian fermentations and in particular fermentations

involving filamentous microorganisms.
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