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Abstract

Flow boiling in horizontal pipes is the heat transfer mechanism central to a wide vari-
ety of applications including refrigeration systems, high-temperature heat pumps, organic
Rankine cycle systems and concentrating solar power plants operating in the direct steam
generation mode. Refrigerants such as R245fa often serve as the working fluid in these
applications, but few studies have been published investigating flow boiling of R245fa
in pipes of sizes above the micro-scale. There is a lack of detailed data available with
high spatial and temporal resolution for boiling flows, which could enhance fundamen-
tal understanding of the hydrodynamic and thermal behaviour and aid effective design
and operation of heat transfer systems. Numerical simulation of boiling flows can com-
plement detailed experimental data, but it presents a complex computational challenge,
particularly in macro-scale geometries.

This work presents experimental and numerical investigations towards a full descrip-
tion of flow boiling. A bespoke experimental facility was constructed for flow boiling of
R245fa in a horizontal 12.6 mm pipe, and an experimental database has been populated
with measurements of pressure drops, heat transfer coefficients and flow patterns. Laser-
induced fluorescence and particle image velocimetry techniques were also developed and
successfully applied in this facility, providing detailed spatio-temporally resolved interfa-
cial property, phase distribution and liquid-phase velocity-field data. Predictive methods
in the literature are compared to experimental data and improvements suggested based
on the optical measurements of interface location.

Numerical simulations of elongated bubble flow provide new insights into the effects
of buoyancy and inertia on bubble shape and dynamics. A new theoretical model for the
film thickness around the bubble is presented and compared to experimental data. A
phase change model is validated in OpenFOAM for growth of a small bubble, and is then

used to simulate stratified flow based on a set of experimental conditions from this work.
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Nomenclature

A area m?
AR  aspect ratio []
b Hele-Shaw cell radius m
Bo  Bond number ]
Ca  capillary number []
Co  confinement number []
[on heat capacity J/kg. K

Cv convection number -]

d diameter m
E bubble extension m
F frequency Hz
Fr  Froude number ]
G mass flux kg/m?.s
g gravitational acceleration m /s?
H dimensionless film thickness ]
h film thickness m
h heat transfer coefficient W/m2.K



hiy latent heat of vaporisation J/kg

I current A
k thermal conductivity W/m.K
L length m
M molecular weight kg/mol
MARD mean relative deviation %
m mass flow rate kg /s

MG mean grayscale intensity ]
MRD mean relative deviation %
n refractive index ]
Nu  Nusselt number ]
P power W
D pressure Pa

Pp  dimensionless liquid interface length ]

Q heat rate W
q heat flux W/m?
R resistance Q
r radius m

Re Reynolds number ]
R,  universal gas constant J/mol.K
S Slip ratio []
St Stanton number ]

T temperature K
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time

velocity

streamwise velocity component
voltage

volumetric flow rate

variance

width

Weber number

vapour quality
Lockhart-Martinelli parameter
vertical direction coordinate

axial (streamwise) direction coordinate

Greek symbols

inclination angle

phase volume fraction
thermal expansion coefficient
emissivity

interfacial tension

dynamic viscosity

kinematic viscosity

density

standard deviation

time constant
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Pa.s
m? /s

kg /m?3
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€

angle

void fraction

Subscripts and superscripts

_|_

amb

cap

crit

equiv

exp

fric

grav

ht

IA

ns

int

LD

max

top

bottom
ambient
bubble
capillary
critical
drainage
equivalent
experimental
frictional
gravitational
heated

horizontal

intermittent-annular transition

insulation

interface

inside

liquid dimensionless
liquid

maximum
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rad



min  minimum

m mixture

0 outside

pred predicted

ref  reference

sat  saturation point
sa spatial acceleration
sc subcooling

strat stratified

s superficial

te thermocouple

VD  vapour dimensionless

v vapour
w wall
Acronyms

1-D two-dimensional

2-D two-dimensional

3-D three-dimensional

A annular

BBLIF brightness-based laser-induced fluorescence
CSP concentrating solar power

D dryout
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DAQ data acquisition device

DSG direct steam generation
FLOBOF Flow Boiling Facility

I intermittent

ID inside diameter

LIF laser-induced fluorescence

M mist

ORC organic Rankine cycle

P&ID piping and instrumentation diagram
PIV particle image velocimetry

PLIF planar laser-induced fluorescence
PTC parabolic trough collector

RI refractive index

RMSE root mean square error

S stratified

SW stratified-wavy

Slug+SW slug plus stratified-wavy

VOF volume of fluid
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Chapter 1

Introduction

1.1 Motivation

Boiling flows in horizontal pipes are present in evaporators, boilers and heat exchangers
in a wide variety of applications. For example, refrigerants such as R245fa are used as
the working fluid in organic Rankine cycle (ORC) systems for the generation of electrical
power from low-temperature thermal energy sources [1, 2] such as solar heat [3, 4], or for
waste heat recovery [5, 6]. These fluids can also be used in high-temperature heat pumps,
or in cooling and refrigeration systems. Identification of the most accurate predictive
methods for flow pattern, pressure drop and heat transfer is essential for design engineers
to select the most appropriate correlations for their system and optimise the design pa-
rameters accordingly. In ORC systems heat exchangers dominate the total investment
cost [7, 8], with the evaporator alone accounting for at least a third of the total cost in
systems with an n-alkane-type working fluid such as R245fa [9, 10]. Since the cost of a
heat exchanger is directly related to the heat transfer area, accurate prediction of heat
transfer performance is vital. The heat transfer area will also affect the footprint of the
heat exchanger, which has further cost implications in terms of equipment size and space.

The understanding of boiling flows is also important for effective design and operation
of concentrating solar power (CSP) plants operating in the direct steam generation (DSG)
mode [11]. In this application, water boils directly inside the solar collector tube, rather
than in a secondary circuit. As in all boiling flow applications, the development of a tran-
sient two-phase flow makes reliable control and operation of the system challenging, and

the flow pattern within the boiling flow can have a significant impact on the system per-
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formance. Stratified flow in these solar collector tubes can result in large circumferential
temperature gradients [12, 13|, which can in turn cause bending of the tubes and severe,
and costly, damage to the system. Accurate prediction of the heat transfer in the desired
flow regimes, through use of appropriate correlations, is also key to the design of these
systems, since under- or over-sizing can result in inefficiencies and associated cost penal-
ties. In industrial applications, flow-pattern specific models can be prohibitively complex
to implement, but detailed measurements of these boiling flows could enable identification
of areas for improvement and simplification.

The operational costs of all flow boiling systems are affected by the power requirements
of the pump, although the capital cost of the pump is relatively small compared to that
of the heat exchangers [9, 10]. It is thus also important to understand the most accurate

predictive methods for pressure drop of boiling flows, as investigated in this work.

Many experimental studies have presented the investigation of boiling of various fluids
in horizontal pipes of a wide range of diameters. However, there is a relative scarcity
of data for R245fa in pipe diameters above the ‘mini’ scale (i.e. d > 3mm [14]) and
validation of the many predictive methods available for flow pattern, pressure drop and
heat transfer coefficient in these flows is required. The literature also lacks detailed spatio-
temporally resolved information for these flows, including the interfacial dynamics, phase
distribution and velocity fields. Advanced laser-based diagnostic techniques exist that
have been employed to study both isothermal and heated two-phase flows without phase
change, and there is scope for these methods to be developed for application to boiling
flows as well. This detailed data could reveal insights into the thermohydraulic behaviour
of boiling flows, and provide validation cases for numerical simulations. Such simulations
of boiling flow, particularly in macro-scale pipes, require accurate modelling of multi-
phase flow with heat transfer, phase change and often turbulence, resulting in complex

simulations that must be thoroughly validated.

1.2 Objectives

This work seeks to address the literature gaps regarding flow boiling in horizontal pipes
identified in the previous section. Experimental and numerical investigations will aim to

provide new data and insights into R245fa boiling flows across a range of flow patterns in
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pipes with diameters above the micro-scale.

The experimental work in this study is based on the development of optical measure-
ment techniques for boiling flows to provide detailed spatio-temporally resolved measure-
ments of velocity fields and phase distributions. These techniques build on laser-diagnostic
methods based on particle image velocimetry and laser-induced fluorescence, which have
been employed successfully to measure multiphase flows without phase change [15-17].
To take such measurements, a new experimental facility was required in which the tem-
perature and pressure drop measurements typical of the flow boiling literature could be
taken alongside quantitative optical measurements. These requirements formed the basis
of the design, construction, commissioning and validation of the new facility. It was also
necessary to develop bespoke data and image processing algorithms to obtain meaning-
ful results from the experimental measurements. Experimental pressure drops and heat
transfer coefficients could be used to assess the applicability of predictive methods in the
literature to R245fa flow boiling at the macro-scale, whilst high-speed imaging could be
used to identify flow patterns and validate existing flow pattern maps.

The numerical investigations presented in the thesis aim to work towards a full nu-
merical model of flow boiling at the experimental conditions in this work. First, existing
models of adiabatic elongated bubble flow in micro-channels require extension to geome-
tries and flow conditions in which inertial and buoyancy effects become significant. Then,
heat transfer and phase change models can be added and validated for bubble develop-
ment in micro-scale boiling flows, before increasing the size of the computational geometry
to the scale of the experimental facility developed for this work. The simulation of this
geometry allows for direct comparison of experimental and computational results, whilst
further comparisons can be made across different geometries through consideration of
predictive methods against both data sets.

The main objectives of this work can be summarised as follows:

e Construct a dedicated experimental facility for flow boiling of the refrigerant R245fa
with capabilities for optical flow measurements using laser diagnostic techniques

such as particle image velocimetry and planar laser-induced fluorescence.

e Build an experimental data bank of both integral temperature and pressure drop
measurements and full space- and time-resolved flow measurements for diabatic

vapour-liquid boiling flows in horizontal pipes.

34



e Assess the applicability of predictive methods in the literature for flow pattern,
pressure drop and heat transfer coefficient to R245fa boiling flows in macro-scale

geometries.

e Use computational methods to perform a parametric study of inertial and buoyancy
effects on elongated bubble flow and develop an accurate predictive method for

liquid film thickness around the bubble.

e Validate a phase change model using the open-source computational fluid dynamics

software OpenFOAM for growth of a small bubble.

e Simulate the experimental geometry at selected flow conditions and compare the

two sets of results.

1.3 Outline

This thesis is structured in eight chapters. A brief introduction has been given in this
chapter, along with the objectives of the work. A literature review is presented in Chap-
ter 2 where the state of the art and underlying theory are discussed. The development of
predictive methods in boiling flows is discussed, and relevant experimental and compu-
tational techniques from the multiphase flow literature are described. The experimental
methods employed in this work are described in detail in Chapter 3, including the data
and image processing procedures. Chapter 4 provides information on the numerical meth-
ods used to perform computational fluid dynamics simulations of multiphase and boiling
flows.

In Chapter 5, the results of integral measurements of the pressure drop and heat trans-
fer coefficient are presented and discussed. Predictive methods for flow pattern, pressure
drop and heat transfer coefficient are compared to the experimental data. Detailed spatio-
temporally resolved measurements of velocity fields and interface location are presented
in Chapter 6. Velocity profiles and interface statistics are analysed and linked to the heat
transfer performance. Chapter 7 details the development of numerical simulations of flow
boiling, starting from an investigation into the effects of inertia and buoyancy on elongated
bubble flow. A phase change model is validated for the growth of a small vapour bubble

at the wall in a boiling flow, then preliminary simulations of the experimental geometry
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and conditions are discussed. Finally, Chapter 8 summarises the main conclusions of the

thesis and gives recommendations for further work.

1.4 Publications

Peer-reviewed journal articles published by the author of this thesis include:

e R. Bale and H.R. Moran. Reflections on Peer Facilitation of Graduate Teaching
Assistant Training. Journal of Perspectives in Applied Academic Practice, 8(1):157-
162, 2020

e H.R. Moran, M. Magnini, C.N. Markides and O.K. Matar. Inertial and buoyancy
effects on the flow of elongated bubbles in horizontal channels. International Journal

of Multiphase Flow, 135:103468, 2021

e H.R. Moran, D. Zogg, V. Voulgaropoulos, W.J. Van den Bergh, J. Dirker, J.P Meyer,
O.K. Matar and C.N. Markides. An experimental study of the thermohydraulic
characteristics of flow boiling in horizontal pipes: Linking spatiotemporally resolved

and integral measurements. Applied Thermal Engineering, 194:117085, 2021

e H.R. Moran, K.S. Pervunin, O.K. Matar and C.N. Markides, Laser-based diagnostics
of slug flow boiling in a horizontal pipe. Submitted to Interfacial Phenomena and

Heat Transfer, 2021

e J. Dirker, W.J. Van den Bergh, H.R. Moran, C.N. Markides, J.P Meyer. Influence
of inlet vapour quality perturbations on the transient response of flow-boiling heat

transfer. International Journal of Heat and Mass Transfer, 170:121017, 2021

e W.J. Van den Bergh, H.R. Moran, J. Dirker, C.N. Markides, J.P. Meyer. Effect of
low heat and mass fluxes on the boiling heat transfer coefficient of R245fa. Inter-

national Journal of Heat and Mass Transfer, 180:121743, 2021
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Chapter 2

Background and Theory

The literature on the topic of flow boiling is extensive, with a large number of applica-
tions including heat pumps, petrochemical plant reboilers, water-tube and fire boilers,
water-cooled nuclear reactors, refrigeration and air-conditioning systems [18] and, more
recently, direct steam generation (DSG) solar collectors. Flow boiling research is mainly
motivated by applications in refrigeration systems or the nuclear space, the latter being
based primarily on subcooled boiling of water, as in pressurised water reactors (PWRs).
Driven by the need for accurate predictive methods for flow boiling in refrigeration sys-
tems, there have been a large number of experimental studies with refrigerants, many of

which have proposed flow pattern maps, and pressure drop and heat transfer correlations.

The numerical study of flow boiling is dominated by micro-channel flows, which have
important applications in the removal of high heat fluxes from micro-electronic devices.
Numerical studies in larger channels require greater computational power due to the
complexity of cases involving turbulent flow with heat transfer and phase change. In a
number of studies, flow boiling has been approached from the case of evaporation of a

vapour bubble in a liquid flow.

In this section, the theory and literature surrounding experimental and numerical
investigations of flow boiling in horizontal pipes are discussed. The development of pre-
dictive methods describing boiling flows is considered, along with the applicability and
accuracy of such methods across changing flow conditions. The range of both experimen-
tal and numerical methods used to study boiling flows is introduced, along with techniques
from other types of studies that could be applied to boiling flows to provide new insights

into the thermal and hydrodynamic phenomena.
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2.1 Predictive methods in boiling flows

A horizontal boiling flow can be characterised by its flow pattern, pressure drop and heat
transfer performance, by means of the heat transfer coefficient. This section explores the

development of predictive methods for these characteristics in the literature.

2.1.1 Flow patterns
2.1.1.1 Flow pattern classification

During flow boiling, liquid vaporises and this vapour exists with the liquid in a variety
of structures known as flow patterns. The formation of these flow patterns depends on
the fluid properties, flow conditions, and phase fraction. In horizontal pipes the distri-
bution of the vapour and liquid phases is also affected by gravity, resulting in complex
asymmetrical flow structures not present in vertical boiling flows. Various flow pattern
classifications have been proposed, but in the literature of horizontal gas-liquid flow the
patterns discussed are generally those proposed by Alves [19], or some variation on these.
The forms of these different flow patterns are represented in Fig. 2.1 and are defined as

follows:

e Stratified: The gas and liquid phases flow in two layers separated by a smooth

interface. This patterns occurs at very low velocities of both phases.

e Wavy: In this pattern, waves travelling in the direction of flow form at the interface

as the gas velocity increase.

e Slug: Large liquid slugs travel behind bubbles large enough to span the pipe diam-
eter. This pattern occurs as gas velocity increases above that of wavy flow, causing

waves to lift and form a slug.

e Plug: This pattern consists of elongated gas bubbles separated from the pipe wall
by a thin, draining liquid film. Buoyancy effects cause the bubbles to travel towards

the top of the pipe.

e Bubbly: Isolated gas bubbles move in a continuous liquid phase. This pattern occurs

at moderate liquid and gas velocities and low void fractions.
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e Annular: A continuous liquid film flows in an annulus along the the pipe wall, with
a gas core at the centre, which may contain entrained droplets. The liquid film will
be thicker towards the bottom of the pipe and may not be continuous around the

whole circumference. This pattern occurs at high gas velocities and void fractions.

(e ey

Stratified Wavy
Plug Slug

Annular

Figure 2.1: Flow patterns in horizontal gas-liquid flow based on the Alves [19] classifica-
tion.

As liquid boils in a heated pipe, some combination of the flow patterns shown in
Fig. 2.1 will occur, where the gas phase is the vapour phase associated with the liquid.
Development of these flow patterns is influenced by departures from hydrodynamic and
thermodynamic equilibrium, and the order in which, and indeed if, the different flow
patterns appear is largely influenced by the heat flux, liquid temperature and flow rate.
The local flow pattern is also highly dependent on the phase fraction and relative velocities

of the two phases.

2.1.1.2 Flow pattern maps

Since flow pattern can influence the pressure drop and heat transfer in boiling flows, it
is essential to be able to predict the expected flow pattern regime under operational con-
ditions. This is most commonly done by means of a flow map, where areas on a graph
represent different flow patterns. The axes of such graphs are often superficial phase ve-
locities, sometimes adjusted for fluid properties and/or flow parameters, or dimensionless
numbers that attempt to generalise the flow map. Studies mapping horizontal gas-liquid
flows have been summarised in Table 2.1, beginning with early studies mapping adiabatic
flows and moving into more recent studies mapping heated flows with phase change.
Some of the earliest investigations into two-phase gas-liquid flows in horizontal pipes

were those of Bergelin and Gazeley [20] and Kosterin [21], both using air and water as the
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Table 2.1: Summary of studies mapping horizontal gas-liquid flows

Publication Conditions Fluids Pipe inside diameters

Bergelin and Gazeley Adiabatic Air-water 1in

20

Kosterin [21] Adiabatic Air-water 1,2,3 and 4 in

Baker [22] Adiabatic Air-water, natu- 4.026, 5.937, 7.75 and
ral gas-oil 10.136 in

Hoogendoorn [23] Adiabatic Air-water, air-oil 24-140 mm

Hoogendoorn and Adiabatic Freon-11 15 mm

Buitelaar [24] vapour-water

Scott [25] Adiabatic Air-water, air-oil Data from others

Mandhane et al. [26]  Adiabatic Gas-olil, data 0.5 - 6 in (UC multi-
bank phase pipe flow data

bank)

Taitel and Dukler [27]  Adiabatic Universal 0.5-5.9in

Hashizume [28] Adiabatic Refrigerant 10 mm
liquid-vapour

Dukler and Taitel [29] Diabatic Universal Universal

Steiner [30] Adiabatic Refrigerant Universal
liquid-vapour

Kattan et al. [31-33]  Adiabatic & dia- Refrigerant 12.0 mm

batic liquid-vapour

Zircher et al. [34] Diabatic Refrigerant 10.92 mm
liquid-vapour

Thome and El Hajal Diabatic Refrigerant 8, 12, 14 mm

[35] liquid-vapour

Wojtan et al. [36, 37]  Diabatic Refrigerant 13.84 mm
liquid-vapour

Cheng et al. [38] Diabatic CO2 liquid- 0.6-10 mm
vapour

Grauso et al. [39] Adiabatic & dia- Refrigerant 6 mm

batic

liquid-vapour

test fluids. Baker [22] used this data and that of Alves [19] to create a flow map plotting
gas mass-velocity against the liquid-to-gas mass-velocity ratio in the feed. Baker’s map
[22] is widely used, particularly in the petrochemical industries. Scott [25] modified the

Baker [22] flow map to improve agreement with the data of Hoogendoorn [23] and Govier

and Omer [40].
The shape and relative sizes of the areas on the Scott flow map change somewhat
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for other test fluids, and change rapidly as the pipe diameter decreases below 1in, so
despite the wide-ranging use of this map as a reference, it is not universally applicable.
Al-Sheikh et al. [41] defined a variety of dimensionless groups and used two-phase flow
data from the AGA-API Data Bank to assess the suitability of various combinations of
these for mapping flow regimes. They concluded that no pair of dimensionless numbers
was capable of characterising all flow patterns and all data. Work by Mandhane et al. [26]
based on the UC Multiphase Pipe Flow Data Bank also concluded that accounting for the
effects of the physical properties of fluids using any of the previously proposed physical
property parameters gave no improvement in flow map applicability. This highlights the
difficulty of producing a universal flow pattern map, and reinforces the need for clear

boundaries of applicability in flow map reporting.

The first reporting of an accurate analysis of flow pattern transitions in horizontal adi-
abatic two-phase gas-liquid flow using a physically based model was presented by Taitel
and Dukler [27], who used a theoretical basis for the selection of flow map coordinates
that predict the effect of pipe size, fluid properties and inclination angle on the transition
boundaries. The combination of different pairs of flow parameters for different flow tran-
sitions in this flow map removed the assumption in other flow maps that all transitions

can be described by the same pair of parameters.

Steiner [30] modified the map of Taitel and Dukler [27] and validated their new map
with additional experimental data. However, this flow map is only applicable to adiabatic
flows, and flow boiling is usually achieved by application of heating to the pipe wall.
Adiabatic flow maps are not suitable for accurate predictions of flow patterns in heated
pipes [42]. Dukler and Taitel [29] modified the Taitel and Dukler [27] map for diabatic
flows by altering one of the dimensionless flow parameters to account for heating. Kattan
et al. [31] used the Steiner [30] map as the basis for a new diabatic two phase flow map
by applying various modifications. The most notable of these was the implementation of
coordinates of mass velocity (or mass flux) vs. vapour quality, making it simpler to identify
and follow the development of flow patterns during the evaporation process at different
mass fluxes. It also improved the readability of the map, making it a more useful research
and design tool. However, removing the Taitel and Dukler [27] coordinates removed the
universal applicability of the flow map. Kattan et al. [31] used their new diabatic flow

map to correctly identify 96.2 % of flow pattern data for five refrigerants tested over a wide
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Figure 2.2: Flow pattern map of Kattan et al. [31] (solid black lines) compared to
that of Steiner [30] (dashed red lines) for R245fa at pg, = 1.7bar and the conditions
q=14kW/m? G = 330 kg/m?s.

range of pressures, vapour qualities and mass fluxes. A comparison of the Steiner [30] and
Kattan et al. [31] flow maps is shown in Fig. 2.2 for a given set of conditions. The map
is divided into five different flow patterns: ‘stratified’, ‘stratified-wavy’, ‘intermittent’,
‘annular’, and ‘mist’ flow; and the transition lines are calculated based on fluid properties
and experimental conditions. The map must therefore be generated for each specific test
fluid, saturation condition, pipe diameter and heat flux, so the resulting map takes into
account the effect of all of these parameters but is not applicable across multiple data

points.

Wojtan et al. [36] later further divided the ‘stratified-wavy’ class, adding ‘slug’ as
well as ‘slug and stratified-wavy’ flow patterns to the map. These adjustments gave a
more accurate prediction of flow patterns below the wavy flow transitional mass flux, and
improved the identification of dryout inception in accordance with experimental data [36,
37]. Kundu et al. [43] reported a reasonably good fit of experimental data for flow boiling
of R134a and R407C to the corresponding Wojtan et al. [36] flow map, although the spread
of their experimental data highlights the difficulty of determining transition boundaries
empirically. An example of the Wojtan et al. [36] flow map is shown in Fig. 2.3.

The calculation procedure for the flow pattern transition lines according to Wojtan

et al. [36] begins with calculating the geometrical parameters e, Arp, Avp, Ostrat, ALp and
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Figure 2.3: Flow pattern map of Wojtan et al. [36] for R245fa at pg,y = 1.7bar and the
conditions ¢ = 14kW/m? G = 330 kg/m?s.

Pp. ¢ is the void fraction calculated using the Steiner [44] formulation of the Rouhani

and Axelsson [45] drift flux void fraction correlation:

= (14 0.12(1 — z))

( r 1- m) L L181=2)[9r(m = p)l**] (2.1)

4
P Gpp?

The dimensionless liquid and vapour cross sectional areas, A;p and Ayp, are defined
based on the cross-sectional area of the heated section, A, as:

A(l—¢) Ae

Aip = —E Ayp = i (2.2)

The dimensionless liquid height hpp and dimensionless liquid interface length Pp are
expressed as a function of the stratified angle Og..¢, which can be calculated using an

approximation proposed by Biberg [46] in terms of ¢ to avoid the need for solution by

iteration.
hip =0.5 (1 — cos (%_Tmt)) (2.3)
Pp =sin (ZT_TQH) (2.4)
G 27— 24 T (7)1 =201 —e) 4 (1=t = (2.5)

L(1—¢e)e[l —2(1 —&)][1 +4((1 — €)% + &?)]
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43



The vertical intermittent to annular boundary is generally assumed to occur at a fixed

- 0.875 0.5 0.125 I
value of the Martinelli parameter, X, = (1’7‘”) (%) (lfj—1> = 0.34, which is
solved to give the corresponding vapour quality z = 1.

The stratified-wavy to intermittent /annular transition line is calculated using the equa-~

tion proposed by Kattan et al. [31] as follows:

+1

16 A3 gdipipy [ w2 (W€>1

0.5
_ — 2.
Cay {:1327r2(1 — (2hip — 1)2)05 [ 25R% ) \ Fr } 50 (26)

1

where the ratio of the liquid Weber and Froude numbers is calculated as (We/Fr), =
gd?p1/~, 7 is the surface tension. Wojtan et al. [36] then divided the stratified-wavy area

under this line into three regions such that:

e The slug region is defined as G > Gyayy (71a);

e The slug + stratified-wavy region meets the criteria Gspar < G < Gyavy(21a) and

T < TA;

e The stratified-wavy region is then given by x > x14.

The stratified to stratified-wavy transition line is calculated using the equation pro-

posed by Kattan et al. [31]:

9226.32 Arp A2 oo (o1 — Py 13
G — { Lo Aypoe(p — p )mg} 27

22(1 — x)m3

with the additional condition that Ggiray = Gserat(T14) at < z1a.
The transition curves for annular to dryout and dryout to mist were modified by
Wojtan et al. [36] to match their experimentally-observed dryout inception point and

have the form:

1 0.58 d\ " 1 —07
G = | — (10 (%28 +0.52>< > (—)
dryout [0-235( ( x ) Py gdp.(p — pv)
0.926

)6 e
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where the critical heat flux is calculated according to Kutateladze [47]:

Gerit = 0.131p%° by (g( o1 — py)y)™% (2.10)

Further modifications have been made to the flow map of Wojtan et al. [36] in studies
by Cheng et al. [38] and Grauso et al. [39]. Cheng et al. [38] modified the intermittent
to annular and annular to dryout transition curves and proposed new dryout to mist
transition curves, adding a bubbly flow criterion and developing an updated flow boiling
heat transfer model based on their flow map. This new flow map captured their CO,
flow boiling data very well. Grauso et al. [39] observed that the Wojtan et al. [36] flow
map predicted the dryout transition at an erroneously high heat flux, although it showed
good agreement with predictions of the slug-intermittent transition. The intermittent
to annular transition was found to be dependent on mass flux, which Wojtan et al. [36]
had not accounted for. Nasr et al. [48] compared experimental observations of horizontal
flow boiling of R-600a to the case-specific flow maps of Wojtan et al. [36] and Kattan
et al. [31] and found that they correctly predicted the flow patterns of 77 % and 88 % of

experimental results respectively.

Zircher et al. [49] investigated the application of the Kattan et al. [31] flow map to
ammonia boiling in a 14 mm ID horizontal tube. They proposed empirical corrections to
the Gyirar transition curve, which was observed to be too low, and the Gy, transition
curve, which was observed to be too high at high vapour qualities. Like Kattan et al. [31],
they also grouped the slug + stratified-wavy and slug flow patterns into one section of the

map, and stratified-wavy and stratified flow patterns into another section. The modified
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Ziircher et al. [49] transition lines are calculated as follows for horizontal tubes:

a o {226~32ALDA%/DPV<IOI - pv),ulg }1/3
strat —

e + 20z (2.11)

} | (2.12)

where the parameters F; and F, are empirical coefficients that account for the effect on

G _ 16A%/ngiplpv i (1_ )F1 We "
YY) 22721 — (2hpp — 1)2)05 | 25h2

+50 — 75¢ (@2 =0.97)%/z(1-2)]

heat flux on dryout.

It can also be useful to consider specifically the transition from slug/bubble based flow
to annular/intermittent type flows, i.e. the Gyayy transition line. Ong and Thome [50]

defined the transition line as:

0.7 0.6 0.8

v v R‘ A%

Tyavy = 0.047C0" % (“—) (p—) % (2.13)
H 4 We™

where Co is the confinement number, defined as Co = (1/d;) - \/7v/(g(pr. — pv))-

Costa-Patry and Thome [51] proposed the equation:

0.1 1.1
A\"'B
P ) © (2.14)

Lwavy = 425 (E W

where the boiling number is defined as Bo = ¢/(h,G). This transition prediction formed
part of a flow pattern-based predictive method for heat transfer in micro-channel boiling

flow of several refrigerants including R245fa.

Barbieri et al. [52] assessed the applicability of various flow maps to experimental data
for R134a boiling in tubes of 6.2-12.6 mm ID. They found the Kattan et al. [31] flow map
to give the best fit but proposed an alternative intermittent to annular transition to the

fixed value of z15 used by Kattan et al. [31] and Wojtan et al. [36] given by:

(3.75X 240 p2gd,)"”

Ga = (1—x)

(2.15)
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2.1.2 Pressure drop in boiling flows

The pressure gradient in a pipe is composed of the frictional, acceleration and gravitational

dp dp dp dp
dp\ _ (dp ap o 2.1
<d2) <dz)fric * (dz)acc " (dz)grav ( 6)

In horizontal flows the gravitational pressure drop can be neglected. The spatial accel-

pressure gradients:

eration pressure drop can be calculated according to the method of Collier and Thome

[18]:

Many correlations exist for the calculation of two-phase frictional pressure drops, and
can be separated into two main groups: homogeneous models and separated flow models.
The majority of predictive methods fall into the latter category since the assumptions
required for a homogeneous model are not applicable to boiling flows. Although not as
widely developed or utilised due to their complexity, other predictive methods follow a
phenomenological approach based on the flow pattern. An overview of all three types of

method is given in this section.

2.1.2.1 Homogeneous models for two-phase flow

In comparison to two-phase flows, pressure drop in single-phase flows, particularly in
simple geometries such as a horizontal pipe, is relatively simple to predict to an acceptable
degree of accuracy. It then follows logically that many of the earliest approaches to two-
phase pressure drop prediction utilised a homogeneous flow model which is based on the

following assumptions:
1. The two phases are thoroughly mixed and may be treated as a single phase;
2. The liquid and vapour phases have equal velocities;
3. The two phases are in thermodynamic equilibrium;
4. A suitable single-phase friction factor can be defined for two-phase flow.

Two-phase pressure drop correlations based on the homogeneous model include those

of Cicchitti et al. [53] and McAdams et al. [54], although the model of Beggs and Brill
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[55] incorporates inclination angle correction and some consideration of the two-phase flow
pattern for a more accurate prediction. More recently, Awad and Muzychka [56] developed
a homogeneous model incorporating a new definition of the two-phase viscosity based on
an analogy with thermal conductivity of porous media. However, Cioncolini and Thome
[57] compared correlation predictions to adiabatic pressure drop data and found that the
Awad and Muzychka [56] model gave percentage errors similar to or larger than earlier
models. In plain tubes, homogeneous models do not give the most accurate pressure drop
predictions [58], and are generally only applicable when the mixing assumption holds, i.e.

at high velocities [59], or at high pressures [60].

2.1.2.2 Separated flow models

Separated flow models for pressure drop in two-phase flows consider the phases to be
artificially segregated into two single-phase streams. Martinelli and Nelson [61] were the
first to apply this separated model, with their work being later simplified and developed
into a correlation by Lockhart and Martinelli [62]. Each phase flowing in a channel is
assumed to occupy a distinct portion of the cross sectional area, with a frictional pressure
drop described by conventional single-phase equations. The method reasons that the total
frictional pressure drop in the channel must therefore equal that in both the liquid and
vapour phases, which are each the product of a single phase pressure drop for that phase
alone and a two-phase multiplier, i.e.

Apfric = Apfric,i : (I)2

1

(2.18)

where Apgic; is the frictional pressure drop of phase ‘i’ and ®; is the relevant two-phase
multiplier.

However, the Lockhart and Martinelli [62] model does not accurately predict two-phase
pressure drop and has been subsequently modified by many researchers. Grénnerud [63]
expanded this approach further to specifically cover refrigerants, obtaining good results
for some fluids and flows [64, 65]. However, the Gronnerud [63] model did not account
for surface tension effects and was modified by Friedel [66] to fit a large experimental

database. The resulting model has the form:

3.24A5A;

FI,O.O45WeO.O35 ) (2]‘9)

2 _
qu,total - Al +
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where A;, Ay and As are empirical functions of the vapour quality and individual phase
densities, viscosities and friction factors.

The extensive basis for the model means the Friedel [66] method is often found to
be one of the most reliable for pressure-drop predictions for refrigerant flows over a wide
range of conditions [67, 68]. However, large deviations have been reported for air-water
applications [69], since the surface tensions of refrigerants and water are significantly
different, and the small exponent of the Weber number does not address this. Also, it is
not generally recommended for applications with high liquid to gas viscosity ratios (i.e.
g/ ey > 1000) [70, 71], or at low vapour qualities [71]. Various authors have made further
modifications to these correlations in order to improve their applicability to specific fluids
and geometries (e.g. [72, 73]).

To address the shortcomings of the Friedel [66] model, Miiller-Steinhagen and Heck
[71] proposed a separated flow correlation based on the pressure drops of the respective
single phase flows, creating an empirical extrapolation between liquid and vapour frictional
pressure drops using the Blasius friction factor formula that is applicable for 0 < z < 1.
The correlation provides good predictions across different pipe diameters [68, 72| and for
a wide range of refrigerants [64]. Xu and Fang [72] improved the Miiller-Steinhagen and
Heck [71] correlation for small diameter channels by introducing the Laplace constant La
to account for surface tension and gravitational influences, proposing a frictional pressure

drop equation of the form

Apgic = {Y22% + (1 — 2)Y3[1 + 22(Y?2 — 1)]}[]1 + 1.54(1 — 2)*°La*"] (2.20)

where Y = /(Ap/AL),/(Ap/AL), determined using the Fang et al. [74] friction factor.

2.1.2.3 Flow pattern-specific models

Although not as widely developed or utilised due to their complexity, other predictive
methods follow a phenomenological approach based on the flow pattern.

Chawla [75] was an early developer of flow pattern-specific pressure drop models.
Their work led to the VDI-Wéarmeatlas method [76], an empirical separated flow model
defining two flow types: dispersed vapour phase and continuous vapour phase. However,
large deviations for this correlation in comparison to experimental data were reported

[71]. The Chawla [75] method was extended by Olujic [77] for application to high vapour
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and low liquid velocity conditions, giving a new correlation of the form

where ¢ is the two phase flow parameter given by Olujic [77] and is a function of various
independent variables including mass flux, vapour quality and pipe diameter. In their
assessment of experimental data against two phase pressure drop predictions, Ferguson
and Spedding [78] found that the Olujic [77] correlation had particular value for wavy,
slug and annular flow patterns. However, an analysis of pressure drop predictions by
Odeh et al. [12] for DSG collectors specifically found that the Martinelli and Nelson [61]
correlation gave better agreement with experimental data than that of Olujic [77].

Bandel [79] divided two phase flow into three regions: annular flow, stratified flow
and the transition region. They then developed separate pressure drop equations for
each region, but the applicability of this method is limited for flow boiling since it does
not account for the interfacial structures between regimes. Miiller-Steinhagen and Heck
[71] recommended the Bandel [79] correlation for accuracy, but criticised its lengthy and
complicated application, lauding their own correlation as being more convenient whilst
maintaining sufficient accuracy.

Quibén and Thome [80] undertook a comprehensive review of existing two-phase pres-
sure drop correlations and concluded that none of them gave adequate predictions of

experimental data, since they each exhibit some or all of the following deficiencies:

e Flow pattern effects are not accounted for, yet these are particularly important at
low flow rates where stratification effects are significant, and at high vapour qualities

where dryout effects are significant.
e The influence of interfacial waves is not explicitly accounted for.
e The upper dry perimeter in stratified flows is not accounted for.

e The introduction of the local void fraction into the method neglects the use of actual

phase velocities.
e Annular flows are represented by tubular flow expressions.

e The peak (or its location or magnitude) in the pressure gradient at high vapour
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qualities is not captured, and the pressure gradient trend against vapour quality is

not well represented.

e They do not extend across an acceptable range of vapour qualities.

To address these deficiencies, Quibén and Thome [81] developed a new two-phase
frictional pressure drop prediction method, taking the interfacial structure between phases
into account by following a phenomenological approach. They used the flow map of
Wojtan et al. [36] to provide the corresponding interfacial structure and developed a
model that treats each flow pattern separately whilst ensuring a smooth transition at the
interface. Interfacial phenomena were incorporated through an interfacial friction factor
which is calculated uniquely for each flow pattern. A comparison of this new model to
the experimental database concluded that it is successful in predicting the pressure drop
and capturing the various trends in the data. However, this is a much more complicated
model to use than those of Martinelli and Nelson [61] and Miiller-Steinhagen and Heck
[71], which have been shown to provide adequate pressure drop predictions for boiling flows
at the conditions in DSG collectors [12, 82], subject to acceptance of a certain degree of
deviation. When using two-phase pressure drop models there is thus a trade off between
the easy implementation but lower accuracy and varying applicability of empirical models,
and the complicated nature but elevated accuracy and applicability of a phenomenological

model based on flow patterns.

2.1.3 Heat transfer coefficient in boiling flows

The heat transfer coefficient in boiling flows has the form:

q

h=— "1
Twall - Tsat

(2.22)

where ¢ is the heat flux applied to the pipe walls. Various predictive methods for this
heat transfer coefficient exist in the literature, and those applicable to boiling flow are

discussed in this section.

2.1.3.1 Flow boiling mechanisms

As discussed in Section 2.1.1, various flow patterns develop as liquid boils in a horizontal

tube. During this development, the heat transfer is governed by different mechanisms.
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Whilst the flow is entirely in the liquid phase, heat transfer occurs by single phase con-
vective heat transfer to the liquid phase, which may be described by standard convective
heat transfer models as temperature of the liquid rises towards its saturation temper-
ature. Bubbles will first start to appear before the bulk flow temperature reaches the
saturation point, in a regime known as subcooled nucleate boiling. Eventually, the bulk
flow will reach the saturation temperature and the heat transfer mechanism becomes that
of saturated nucleate boiling. Here, the bulk flow temperature remains constant at the
saturation temperature and an ever-increasing amount of vapour forms. If a vapour core
is formed the flow will enter the annular flow regime, where the heat transfer mechanism
is forced convective heat transfer through the liquid film. Subsequently, dryout occurs
and heat transfer is by convection to either the liquid or the vapour, depending on the
wall wetting. There is a large difference in heat transfer coefficient between wetted and
non-wetted areas of a tube, and if a stratified flow pattern develops this results in an

asymmetrical heat transfer between the top and the bottom of the tube.

2.1.3.2 Pool boiling correlations

The heat transfer behaviour in the nucleate boiling zone can be described by pool boiling
correlations. These are not a function of vapour quality or mass flux, so should not be
affected by the large proportional uncertainties these parameters introduce in flow boiling
correlations, but are simply dependent on the fluid and pipe properties, and on empirical
constants. The thermophysical property-based method of Stephan and Abdelsalam [83]
was developed using data for pool boiling of a range of fluids including water, refrigerants,
hydrocarbons and cryogenic fluids, with different sets of dimensionless numbers employed
for heat transfer coefficient prediction in each fluid group. However, Halon et al. [84]
found this correlation to give a poor prediction of heat transfer coefficient for pool boiling
of R245fa on a heated plate, finding deviations of up to 157 % and suggesting that it
overestimates the effects of heat flux and saturation temperature.

Other correlations are based on reduced pressure (preq = Psat/Perit) to avoid the uncer-
tainties involved in the estimation of thermophyscial properties. Gorenflo [85] developed
such a method in which a reference heat transfer coefficient is scaled according to the
ratios of desired conditions to a set of reference conditions for reduced pressure, surface

temperature and heat flux. However, this method is dependent upon an accurate ref-
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erence heat transfer coefficient for the fluid in question, and the list of fluids for which
reference values are provided is by no means exhaustive. Gorenflo and Kenning [86] pro-
vided a modified and improved version of the [85] correlation, but this is still dependent
on several fluid specific correction factors and reference values.

The Cooper [87] correlation follows a similar approach by utilising the reduced pres-
sure, molecular weight and surface roughness, but uses empirically determined multipliers
and exponents rather than scaling from reference values. This approach still requires ac-
curate knowledge of the surface roughness, although the reader is advised to use a value
of 1pm when it is not known definitively. Other authors [18] have recommended the
Cooper [87] correlation for applications in which the thermophysical fluid properties are
not well-defined, but the lack of experimental validation across a wide range of conditions
results in large uncertainties.

Ribatski and Jabardo [88] developed a correlation in a very similar format to that
of Cooper [87], but incorporated an empirical constant that accounts for the effects of
the pipe material. They listed values of this constant for brass, copper and steel, which
are the most commonly used pipe materials in flow boiling experiments. The correlation
of Mostinski [89] did not include surface roughness in its calculation, instead depending
solely on the reduced pressure and heat flux.

Jung et al. [90] proposed a correlation that was based on those of Cooper [87] and
Stephan and Abdelsalam [83] but incorporated thermophysical properties into the equa-
tion. They tuned the empirical constants based on data for 8 different refrigerants across a
range of vapour pressures and achieved a mean deviation of less than 7 % when comparing

the resulting correlation to their data set.

2.1.3.3 Flow boiling correlations

Methods for predicting the two-phase (tp) heat transfer coefficient in boiling flows typi-
cally consider the contributions of the two thermal mechanisms of nucleate boiling (nb)

and convective boiling (cb) in the following format:
htp = [(Shnb)n + (icb>n]1/n (223)

where S and F' are multipliers of the nucleate and convective boiling terms respectively.

Typically, it is the calculation of these multipliers and the value of n that differ between
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correlations.

The Chen [91] correlation forms the basis of many more recent predictive methods,
and sets n = 1 in Eq. 2.23 to use both nucleate and convective boiling contributions in
a superposition approach. This correlation is widely validated and recommended, but
has a number of limitations, the most significant of which for this review being that it
is only valid for vertical flow. Shah [92] used a large amount of experimental data from
multiple studies to improve the Chen [91] correlation and extend its validity to horizontal
flow boiling. This was achieved through the introduction of various criteria and adoption
of an enhancement-factor approach, whereby effectively n — oo and Eq. 2.23 yields the
larger of the two h values. A Froude number criterion was employed to determine whether
the wall is wetted, and a convection number, similar to the Lockhart-Martinelli parameter,
used to determine whether the boiling mechanism is purely nucleate or convective. The
boiling number was also introduced to the convective term. The Shah [92] correlation has
been reported to give good predictions for R245fa boiling [93] and condensation [94] in

horizontal pipes.

Kandlikar [95] further developed the Shah [92] model, simplifying the implementation
and modifying the nucleate to convective boiling transition criteria. They introduced the
fluid specific parameter Fy to the nucleate boiling term to improve the fit to a flow boiling
database of over 5000 data points for ten different fluids. The resulting correlation gave
mean deviations of 15.9% and 18.8 % for water and refrigerant data respectively, which
are lower than those of other correlations, but not significantly. However, the Kandlikar
[95] model is one of the most widely used enhancement factor-type correlations, although
various others have been developed more recently to fit new experimental data sets [96—

98]

Some models employ an enhancement-factor approach, whereby effectively n — oo
and Eq. 2.23 yields the larger of the two h values. These models include a method for
determining the larger h and an appropriate multiplier. An early example of this is the
Shah [92] correlation which offered an improvement on that of Chen [91] when applied to
horizontal tubes and has been reported to give good predictions for R245fa boiling [93]
and condensation [94]. Kandlikar [95] further developed the Shah [92] model, simplifying
the implementation and modifying the nucleate to convective boiling transition criteria.

This model is one of the most widely used enhancement-factor-type correlations, although
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various others have been developed more recently [96-98].

Gungor and Winterton [99] also developed a correlation based on the Chen [91]
method. They discarded the convection number discretisation in the Shah [92] correlation
but employed a similar Froude number criterion similar to account for situations in which
the horizontal tube wall is not wetted, specifying additional multipliers for the convective
and nucleate boiling terms that are functions of Froude number. They also replaced the
convective boiling factor F' from the Chen [91] correlation with the factor F, which is an
empirical function of the boiling number and the Lockhart-Martinelli parameter. Gungor
and Winterton [99] compared their, and other, correlations to an experimental databank
and found that their correlation gave predictions of a similar accuracy to that of Shah [92],
although their correlation requires fewer calculations and is thus simpler to implement.
Guo et al. [93] reported this to be the most accurate of eight common correlations when

applied to R245fa boiling in a 10 mm ID horizontal tube.

Setting n > 1 in Eq. 2.23 results in an asymptotic approach to two-phase heat transfer
coefficient prediction. Liu and Winterton [100] were early adopters of such an approach
using similar multipliers to Gungor and Winterton [99]. They discarded the boiling num-
ber in order to allow application to subcooled boiling, introducing instead a Prandtl
number dependence, but obtained similar accuracies to Kandlikar [95]. Wattelet et al.
[101] developed a two-phase multiplier for the convective term using a modified Lockhart-
Martinelli parameter, and used a Froude number correction similar to that of Gungor and
Winterton [99] to account for a decrease in the available heat transfer area in stratified
wavy flow at low mass flux. They reported that the resulting correlation predicted annu-
lar and stratified-wavy data well. Yuan et al. [102] also developed an asymptotic model
for annular flow specifically, whilst Guo et al. [103] modified the Liu and Winterton [100]
correlation for boiling flows of R245fa and an R134a/R245fa mixture in smooth horizontal

tubes of 3 mm inside diameter.

Numerous studies have since compared the predictions of the aforementioned correla-
tions with experimental data with varying results. Lee et al. [104] conducted experiments
with hydrocarbon refrigerants and R22 inside horizontal copper tubes with inside diam-
eters 9.5 and 12.7mm and compared their heat transfer data to the correlations of Shah
[92], Kandlikar [95] and Gungor and Winterton [99], with the Kandlikar [95] correlation

providing the best predictions. Wang et al. [105] compared experimental data for propane
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boiling in 6 mm ID horizontal copper tubes to various well-known correlations, including
those of Shah [92] and Kandlikar [95], and concluded that the Liu and Winterton [100]
correlation gave the best predictions with a mean absolute relative deviation below 10 %.
Nasr et al. [48] performed experiments with R600a in a 8.7 mm ID horizontal copper tube
and recommended the Gungor and Winterton [99] correlation above others. Even in these
relatively similar experimental studies the most accurate heat transfer correlation is not
always the same, indicating the difficulty of selecting an appropriate predictive method.
Often experimental studies will compare a number of correlations and select the best fit

for further modification and empirical tailoring to the data.

2.1.3.4 Flow pattern-specific heat transfer models

Other investigators have attempted to develop models valid for a wider range of conditions
through a flow pattern-based approach, since flow pattern can have a significant effect on
flow boiling heat transfer. Across the intermittent flow regime the heat transfer coefficient
will increase with vapour quality, but this effect is typically more pronounced in the
annular regime as the vapour core develops [33]. When partial dryout occurs and the flow
pattern moves to stratified-wavy the heat transfer coefficient drops sharply and continues
to decrease towards a fully vapour flow. Heat transfer is best in annular flow where the
wall is completely wetted, and a peak in heat transfer coefficient occurs at the onset of
partial dryout. In reality, the heat transfer coefficient will vary circumferentially around
the tube, most significantly in stratified flow patterns where there is liquid in the bottom
of the pipe and vapour in the top, and the liquid heat transfer coefficient is larger. There
will also be circumferential variations in the annular flow regime, since gravitational effects
result in a thicker annulus at the bottom of the tube than the top.

Whilst some of the correlations discussed in Section 2.1.3.3 attempted to account for
the effects of a stratified flow pattern, they are typically empirical and do not include
any flow pattern information [106]. In particular, the Froude criterion employed by some
correlations is not effective in predicting the onset of stratified flow patterns in horizontal
tubes. Therefore, more recent research has attempted to develop flow pattern-based
heat transfer models. The first comprehensive model was put forward by Kattan et
al. [33] utilising their flow map [31] and the asymptotic heat transfer model of Steiner
and Taborek [107]. The model uses the flow map to identify the local flow pattern, then
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provides methods for calculating the heat transfer coefficients in the annular, intermittent,
stratified-wavy and stratified flow regimes. Such a model requires a parameter linking
the stratified and stratified-wavy flow configuration to that of annular flow. Defining
a stratified angle, Oyt and a dry angle, 0g,y, is a convenient way to do this, where
it is assumed that in the stratified-wavy regime a thin liquid film of uniform thickness
partially wets the tube. The calculation of the heat transfer coefficient for each flow
pattern is then based on this definition of the flow structure, along with the void fraction
and flow characteristics. Intermittent flow is modelled as annular flow, since the authors
found similar heat transfer coefficient vs. vapour quality data trends for the two flow
patterns. This model was developed for flow boiling of pure R134a and R123 and other
refrigerant mixtures in horizontal tubes of 10.9 and 12.0 mm ID, although the database did
not include heat transfer coefficient data for the stratified, bubbly or mist flow regimes.
Zircher et al. [49] found the Kattan et al. [33] method to give accurate predictions
when applied to the boiling of ammonia in horizontal tubes, but later added a new criterion
for the onset of nucleate boiling informed by their flow boiling experiments with R134a,
R407C and ammonia [34]. They also showed that the heat transfer coefficient predictions
for the stratified wavy regime were not as accurate as those for the annular regime.
Wojtan et al. [37] used their new flow pattern map [36] to modify the dry angle cal-
culation and obtained significant improvements in the heat transfer coefficient prediction
in the stratified wavy regimes compared to their experimental data for boiling of R22
and R410A in horizontal tubes. They also extended the model of Kattan et al. [33] by
developing new predictive methods for heat transfer in the dryout and mist flow regimes.

Cheng et al. [38] further extended the model of Wojtan et al. [37] for flow boiling of COs.

2.2 Experimental investigations of boiling flows

2.2.1 Overview of experimental flow boiling studies

Many experimental studies have been undertaken to investigate flow boiling in horizontal
tubes. A selection of such studies from recent decades are summarised in Table 2.2, and
the results from a number of these have already been discussed in Section 2.1. Table 2.2
provides a representative snapshot of the flow boiling literature, and an effort has been

made to avoid duplication of works using the same test facility, combining entries where
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possible. In many of these studies, heat transfer and pressure drop data were collected to
validate, modify and improve upon existing flow pattern maps and predictive correlations.
The studies included in Table 2.2 are limited to those involving macro-scale pipes, i.e.
d; > 3mm [14], since the flow-governing phenomena are different at smaller scales where
gravity is not significant. The boiling heat transfer mechanism can also be affected by
the pipe size; in a 7.49 mm inside diameter pipe, Balachander et al. [108] found nucleate
boiling to be dominant, whilst in a 38.5 mm inside diameter pipe Zhang et al. [109] found
convective boiling to be dominant and suggested that this may be due to the larger pipe
size. Passos et al. [110] also found that the dominant heat transfer mechanisms in pipes
of inside diameters of 6.5 mm and 10.7 mm were nucleate boiling and convective boiling,

respectively.

A large amount of research has been conducted into the flow boiling of refrigerants
for use in refrigeration systems. Studies into water boiling have been mainly focussed
on subcooled boiling, and are not included in Table 2.2, although the rise of DSG PTC
technology has encouraged more experimental research into water flow boiling [42, 109].
There is much variation in test section length in the studies in Table 2.2. Jung et al. [111]
state that a long test section is necessary to eliminate entry-length effects and to take
measurements over a range of vapour qualities. They do not give quantitative guidance on
what constitutes ‘long’ but their test section had a length to inside diameter ratio of 880.
Cho and Tae [112] found that the effect of flow disturbance from the inlet on heat transfer
disappeared after a length of 48 diameters, although this study was for microfin tubes.
A number of the studies used a preheater to partially evaporate the flow before the test
section; this reduces the heated test section length necessary to achieve a given vapour
quality at the outlet, but the two phase flow at the inlet may require a longer development
length. Test sections were heated electrically or by some form of heat exchanger. Electric
heating supplies a constant heat flux to the pipe wall, and therefore to the test fluid, and
is a convenient method of doing so. The counter-current double pipe, or tube in tube,
heat exchanger was recommended by Kattan et al. [33] as the preferred heating method
for realistic study of the heat transfer coefficient for boiling of a refrigerant mixture, which
is likely to be why a number of researchers have chosen this method. Also, Shin et al.
[113] suggested that electrical heating is not appropriate for stratified flows or flows with
partial dry out.
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Most of the studies in Table 2.2 used multiple thermocouples or platinum resistance
thermometers to measure the outside temperature of the test section pipe wall. Often
these were arranged in a number of stations along the length of the test section, with
multiple thermocouples circumferentially at each station, the most common arrangement
of which being four thermocouples at 90° intervals around the pipe. Alternatively, Hardik
et al. [65] used an infrared thermal camera to measure wall temperature which has the
advantage of providing local temperature measurements with high spatial and temporal
resolution but is much more difficult and costly to implement than thermocouples. The
pressure drop along and mass flow rate through the test sections were also measured in
most of the studies, with test section inlet and outlet conditions also recorded.

The test fluids of choice in the studies in Table 2.2 have changed over time with the
introduction of new, less environmentally damaging, refrigerants. R245fa is one of these
newer refrigerants and is attracting increasing research interest due to its dominance [114]
as a working fluid in organic Rankine cycle (ORC) systems for the generation of electrical
power from low-temperature thermal energy sources [1, 2] such as solar heat [3, 4], or for
waste heat recovery [5, 6]. However, there is a relative scarcity of data in the literature for
R245fa boiling in macro-scale pipes, with the majority of R245fa studies to date focussing

on mini- and micro-channels [115-118], vertical tubes [119], or condensation [120, 121].
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Table 2.2:

Summary of experimental flow boiling studies in horizontal macro-scale pipes.

Study Test fluid d; Test Pipe Heating method Test section Mass Heat Visualisation
length material inlet flux flux
mm m kg/m?s kW /m?
[111, R22/R114, R12/R152a 9.1 8 (2x 4m  Stainless Electrical - DC Subcooled 250- 10-45 Sight glasses
122, + U-bend) steel current liquid 720
123]
[113] R22, R32, R134a, R290, 7.7 5.9 Stainless DC heating Two-phase 265- 10-30 Sight glasses
R600a, R32/R134a, steel (x =0-0.4) 583
R290/R600a, R32/R125
[124] R22/R407C 6.5 1.3 Not Double pipe heat Two-phase 100- 5-20 Sight glass +
specified, exchanger, water 400 microcamera
‘smooth’
[31- R134a, R123, R402a, 10.92, 2 x 3.013 Copper Double pipe heat Two-phase 100- 4-25 Sight glasses + video
33] R404a, R502 12 exchanger, water 300
[125]  R32, R134a, R32/134a, 7.75 5.9 Stainless DC heating Two-phase 240 4-30 None
R407C steel -1060
[126] Isceon 59, R407C and 9.52 4 Copper Double pipe heat Subcooled 270- 27-42 Sight glasses
R404A (OD) exchanger, water liquid 310
[127] R404a, R407c 12.7 2 Copper Electrical tape Two-phase 100- 5-20 Sight glasses
heating 300




19

Study Test fluid d; Test Pipe Heating method Test section Mass Heat Visualisation
length material inlet flux flux
mm m kg/m?s kW /m?
[34, R134a, R407C, 10.92, 2 x 3.013 Copper DC heating Two-phase 100- 2-5 Sight glasses 4+ video
49] ammonia 12 300
[110] R407C 6.5, 1.5 Copper  Electrically heated =~ Two-phase 200- 10, 20 None
10.7 brass shell 300
[97, R22, R134a, R410a, 6 6 Stainless DC heating Saturated 200- 3.5-47 Sight glasses 4+ video
128] R404a, R407c, R507, steel liquid 1100
R417a
[36, R22, R410a 8, 13.84 2.035, Copper Double pipe heat Two-phase 70-300 21-57.5 Glass tube with laser
37] 2.026 exchanger, water sheet + CCD camera
[129] R22, R134a, R125, 8 1.6 Not Double pipe heat Two-phase 200- 9-53 None
R410a specified exchanger, water 600
[108] R134a, R404a 7.49 10 Copper Double pipe heat Saturated 57-102 4-18 None
exchanger, acetone liquid
[39] R12347e(E), R134a 6.0 0.78 Stainless DC heating Two-phase 146- 5.0- Visualisation section +
steel 530 20.4 high-speed video
[105] Propane 6 1.55 Copper Thin-film electric Two-phase 62-104  11.7- Sight glasses
heaters on tube 87.1
surface
[43] R134a R407C 7 1.2 Copper Flexible heating Two-phase 100- 3-10 Sight glasses
wire 400
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Study Test fluid d; Test Pipe Heating method Test section Mass Heat Visualisation
length material inlet flux flux
mm m kg/m?s kW /m?
[130] R1234ze(E), R600a, 8 2.4 Copper  Electrical heating Two-phase 200- 5-10 None
L-41b tape 400
[48] R600a 8.7 1.1 Copper Electrical Two-phase 130- 10-27 Sight glass with
resistance heaters 180 illumination
[69, R600a, R1234ze(E) 6 4 x 0.05 Copper Thin-film electric Two-phase  67-258 10.6-75 Sight glasses
131] heaters on copper
blocks around tube
[65] R123 5.5, 7.5, 0.5, 1 Copper DC heating Subcooled 262- 25-337 Sight glass
9.5, 12 liquid 1650
[132] R134a 5 2.035 Stainless Joule effect Subcooled 200- 3.9-47 Sight glass
steel liquid 400
[133] R134a 8.62, 1.1 Copper Resistance wire Two-phase 290- 10-15 Sight glass
9.52 381
[134] R1234yf 3.2,4.8, Copper Resistance Two-phase 200-400 0-14 None
6.4, 8.0 wire
[135] R245fa 10 2 Stainless Joule effect Two-phase 192- 10-36 Visualisation section +
steel 386 high-speed camera
[136] R32 6.0, 8.0 0.2 Stainless DC heating Two-phase 146- 2.4- None
steel 507 41.2
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Study Test fluid d; Test Pipe Heating method Test section Mass Heat Visualisation
length material inlet flux flux
mm m kg/m?s kW /m?
[137] R245fa 5.8 Copper Electrical heating Two-phase 50-240  5.65- Sight glass + high-speed
14.87 camera
[93] R134a, R245fa, 10 2 Copper Electrical heating Two-phase 100- 6-24 None
R134a/R245fa wire 300




2.2.2 Optical measurement techniques in boiling flows

A number of the studies in Table 2.2 employed sight glasses at one or both ends of
the test section to observe flow patterns, sometimes combined with a camera to capture
photographs or videos of the flow. Nasr et al. [48] used a flow pattern visualisation method
developed by Jassim et al. [138] where a diffuse white film pigmented with evenly spaced
black stripes is placed behind the sight glass and illuminated with a stroboscope, and
images are captured by a web camera. Wojtan et al. [36, 37] illuminated a cross-section
of the flow with a laser sheet and recorded high-speed images from which they detected
the vapour-liquid interface and thus extracted information on the dry angle and void
fraction using a method developed by Ursenbacher et al. [139]. Aside from these works,
the studies in Table 2.2 have taken relatively simple measurements. There has been no
attempt to measure detailed velocity profiles of the flow, local temperatures of the flow
itself or film thicknesses. Laser-based optical measurement techniques could be employed
to take such measurements, although such techniques have not been widely applied to

boiling flows, particularly under saturated boiling conditions.

Estrada-Perez and Hassan [140] employed particle tracking velocimetry (PTV) to in-
vestigate turbulent subcooled boiling in vertical rectangular channels with a hydraulic
diameter of 10mm. In PTV, the flow is seeded with reflective particles and illuminated
by a laser sheet, with high-speed images of the illuminated region captured by a high-speed
camera. The motion of individual particles is then tracked between frames to provide a
measurement of the velocity field in the fluid. Estrada-Perez and Hassan [140] used such
measurements to calculate flow properties such as velocities, turbulence intensities and
Reynolds stresses. Hassan et al. [141] developed the experimental techniques further by
using infrared thermography alongside PTV. In infrared thermography, an infrared cam-
era is used to measure the temperature field, usually of the heated wall rather than the
flow itself. This allows for calculation of local heat transfer coefficients with high spatial
and temporal resolution, and Hassan et al. [141] combined the two techniques to assess
the impact of heating on the Reynolds stresses.

Su et al. [142] and Kossolapov et al. [143] also applied infrared thermometry techniques
to subcooled boiling flows specifically to investigate the impact of surface roughness on
the boiling process. The resulting temperature and heat flux distributions obtained using

a high-speed infrared camera could be correlated to bubble nucleation sites using corre-

64



sponding images from backlit high-speed video of the surface. Particle image velocimetry
(PIV) is a laser-diagnostic technique similar to PTV, but the flow is seeded with parti-
cles at a much higher density and the mean displacement of groups of particles between
frames is tracked to provide an estimate of the velocity field. Particle image velocimetry
(PIV) has been used in pool boiling experiments alongside IR thermometry [144] to pro-
vide detailed measurements of the phase, temperature and velocity fields on and above
the boiling surface. Such measurements provide a useful benchmark for nucleate boiling
simulations. Voulgaropoulos et al. [145] combined PIV and PTV with infrared thermom-
etry and two-colour laser-induced fluorescence (2cLIF) to investigate the velocity and
temperature fields around a bubble during its nucleation. In laser induced fluorescence
techniques a fluorescent dye is typically added to the flow, which is then excited using
a laser at the appropriate wavelength. A high-speed camera is used to capture the fluo-
rescence and the resulting images can be processed to provide data on phase distribution
[146], temperature fields [147] or local component concentration [148] depending on the
specific experimental aims and set-up. Voulgaropoulos et al. [145] were able to obtain
detailed spatio-temporally resolved measurements of the temperature and velocity fields,

and observe the coupling of these during a bubble nucleation event.

Whilst there is little evidence in the literature of application of laser-based diagnostic
techniques described in this section to horizontal boiling flows in horizontal pipes, these
methods have been employed successfully to investigate two-phase flows in similar geome-
tries. Morgan et al. [149] used high-speed simultaneous planar laser-induced fluorescence
(PLIF), PIV and PTV to obtain detailed spatiotemporally resolved measurements of flow
characteristics of two-phase liquid-liquid flows in a horizontal transparent circular tube
of 27.6 mm ID. Measured values included phase distribution, in-situ phase fraction, inter-
face level and droplet size distribution, and measurements were made for different flow

regimes, including stratified and dispersed flow.

Zadrazil et al. [150] and Zadrazil and Markides [15] used PLIF and a combination of
PIV and PTV techniques to study isothermal downwards co-current gas-liquid flows in
annular flow in a 32.4mm ID pipe. Velocity fields and kinetic energy profiles in the liquid
film, and data on the film thickness, interface and wave statistics, and gas entrainment
into the liquid were obtained. The annular flows studied had liquid Reynolds numbers

in the range 306 to 1532 and gas liquid numbers in the range 0 to 84 600. Cherdantsev
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et al. [17] developed a brightness-based laser-induced fluorescence (BBLIF) technique to
measure the film thickness in annular flows in the same facility, comparing the results to
measurements taken using a conventional PLIF technique.

Charogiannis et al. [151] presented a ‘thermographic particle velocimetry’ technique
capable of the simultaneous measurement of two-dimensional surface temperature and
velocity at the interface of multiphase flows. The flow was seeded with highly reflective
particles of a different emissivity to the fluid, and the signals from the particles were
captured using an infrared camera. The technique was developed for the study of gravity-
driven liquid-film flows over inclined heated substrates, but could be applied to any flow

with a sufficient density difference between the two phases.

2.3 Numerical investigations towards boiling flows

There are not a large number of studies in the literature regarding flow boiling in macro-
scale channels due to the computational complexity of such a case where heat transfer,
phase change and often turbulence must be considered. There is more work available
on flow boiling in micro-channels, driven by applications in removal of high heat fluxes
from micro-electronic devices, although availability of experimental data with which to
compare these models is low due to the difficulty of obtaining quantitative measurements
of velocity fields in the micro-scale. In some studies, flow boiling has been approached
from the case of evaporation of a vapour bubble in a liquid flow [152-155]. As such, the
theoretical and numerical study of elongated bubbles will be discussed in the following
section, with a view to reaching a complete flow boiling model by adding the necessary

degrees of complexity to an adiabatic elongated bubble flow.

2.3.1 Elongated bubble flow

As well as providing a start point for flow boiling simulations in this work, elongated
bubble flow in liquid-filled channels is relevant to a wide variety of industries, being of
interest in a range of heat and mass transfer as well as lubrication problems. The research
on elongated bubble flow problems is motivated by applications such as treatment of
pulmonary disorders, enhanced oil recovery [156], boiling flows in refrigeration [157] and

concentrating solar power [158].
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2.3.1.1 Adiabatic bubble flow

In adiabatic bubble flows, an elongated bubble travels at a speed U, in a channel in which
liquid flows at an average velocity U (with U}, > U)), and has density, viscosity and surface
tension of p, uy, and 7, respectively. The flow can be characterised by the following
dimensionless numbers: the Reynolds number Re = pUd/u, where d is the diameter
of the circular cross-section of the channel with corresponding radius r = d/2, which
describes the relative magnitudes of the inertial and viscous forces; the capillary number
Ca = (yU/~, which describes the relative magnitude of the viscous and interfacial tension
forces; and the Bond number Bo = pjgr?/v, where g is the gravitational acceleration,
which describes the relative magnitude of the buoyancy and interfacial tension forces.
Elongated bubble flow has been widely studied in micro-channels, where inertial and
buoyancy effects are often negligible, i.e. (Bo,Re) < 1. In this regime, an axisymmetric
liquid film separates the bubble from the tube wall. Bretherton [159] developed the
classical theoretical prediction of the thickness of this liquid film, applying lubrication
theory to find that, for flows where (Cay, Rep,) < 1 (and neglecting buoyancy effects), the

liquid film thickness h scales with Ca,?? as follows:
H = h/r = 1.34Cap,*? (2.24)

where H is the film thickness non-dimensionalised by the characteristic length of the
channel cross-section, the radius r for a circular capillary. Taylor [160] carried out exper-
iments at higher Cay, using very viscous fluids and found that as Ca;, — 2, H approaches

an asymptotic value of approximately 1/3.

Various improvements to the Bretherton [159] model have been suggested to expand
its range of applicability. Aussillous and Quéré [161] showed that the validity of Eq. (2.24)
could be extended to larger capillary numbers (Ca;, &~ 1) by replacing r with r — ch, where
c is an empirical constant, to account for the effect of a thick film on the curvature of the
front meniscus of the bubble. The modified film thickness relationship compared well with
their experimental liquid film thickness data when setting ¢ = 2.5, giving the following

equation:
1.34Ca,%/3

T 143.35Ca,2?

(2.25)
For finite Rey, inertial effects become significant and a modification to Eq. (2.25) that
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takes these into account is required. The impact of inertia on liquid film thickness in
micro-tubes was investigated numerically and experimentally by Kreutzer et al. [162],
whose results showed a similar trend to the numerical results of Heil [163]. Han and
Shikazono [164] performed experiments at higher Ca;, and Rey,, observing that at these
conditions the effect of inertia cannot be neglected. They applied a scaling analysis to

obtain a relation of the following form for Re;, < 2000:

o 1.34Cay,*®
1+ 3.35Ca,%”% + f(Cay, Rep,) — g(Wey)

(2.26)

where Wey, is the bubble Weber number, defined as We, = pUgd/y = RepCay,. They
obtained empirical coefficients through fitting of experimental data and reported film
thickness predictions with 4+ 15% accuracy. The experimental and numerical results of

Khodaparast et al. [165] exhibited close agreement to those of Han and Shikazono [164].

The studies discussed so far were all conducted in micro-tubes and therefore did not
consider the effect of buoyancy, which may begin to be significant in tubes of diame-
ters slightly above 1mm or where Bo < 1 [166, 167]. In a horizontal tube buoyancy
acts by elevating the bubble above the channel centreline, thus developing a circumferen-
tial asymmetry of the liquid film, where the top film becomes thinner than the bottom
film. Jensen et al. [168] studied the effect of gravity on the propagation of an air finger
within a horizontal Hele-Shaw cell. By applying a theoretical analysis based on matched
asymptotic expansions in the small capillary number limit, Ca;, < 1073, they derived the
following leading-order relationship for the top and bottom liquid film thicknesses (h*
and h~, respectively) when Bo < 1:

ht  1.34Ca,*/?

b 1+Bo (2.27)

where b is half the thickness of the Hele-Shaw cell, which corresponds to a tube radius 7.
For vanishing values of the Bond number, Eq. (2.27) simplifies to Eq. (2.24) and as Bo
increases, the top film thickness (h™) decreases and the bottom one (h™) increases. Note
that Eq. (2.27) is not applicable to estimate A~ when Bo — 17, as predictions diverge
to +00. When Bo > 1, Jensen et al. [168] observed that the hydrostatic pressure in the

bottom film becomes larger than the pressure induced by viscous forces. In this regime,
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the bubble detaches from the bottom wall, so that a wetting film is present only at the
top, while the bubble thickness becomes independent of the height of the channel. Using
their leading-order relationships for the thicknesses of the bubble and the top film, the

following expressions can be written:

ht 1.34Cay,%/?

ho _ gvBo—l (2.28b)
b vBo

which suggest that h™ — 0 and h~ — 2b as Bo — oo, i.e. the top film vanishes and
the bottom film thickness converges to the Hele-Shaw cell thickness. Note that, as
Bo — 17, Eq. (2.28a) converges smoothly to Eq. (2.27), whereas h~ — 0. Therefore,
while Eqgs. (2.27) and (2.28a) yield continuous predictions of the top film thickness as
Bo approaches 1 from both left and right, predictions of the bottom film thickness from
Egs. (2.27) and (2.28b) diverge at Bo = 1. In deriving the equations above, Jensen et al.
[168] assumed that h < b, such that the radius of the bubble front cap could be approxi-
mated as b, which is an acceptable assumption as long as Cay, < 1073 [161]. Atasi et al.
[169] accounted for the presence of thick top and bottom films to derive better matching
conditions for the film profile at the bubble nose, and thus extend the applicability of the
model of Jensen et al. [168] to larger Cap. The resulting predictive method was a four-
equation model, valid for Bo < 1, requiring an iterative solution, which they compared
against experimental data for long bubbles travelling in a very viscous liquid (Rep < 1)
in horizontal tubes with 0.05 < Bo < 0.4 and 1072 < Ca, < 107!, The comparison
was satisfactory at low Bo, but increasing deviations at larger Bo were attributed to the
ovalisation of the cross-sectional shape of the bubble, which could not be accounted for

in their two-dimensional flow model.

Leung et al. [170] measured top and bottom film thicknesses and liquid flow fields for
long gas bubbles travelling in horizontal channels in the range Bo < 0.25, 0.05 < Cay, < 0.2
with weak inertia effects (Re;, < 50). Besides the asymmetry in the top and bottom liquid
film heights, they observed that the bubble was inclined with respect to the tube axis,
and related it to the drainage of the top film as liquid flows downward under the action of
gravity. Assuming negligible deformation of the bubble from a circular shape in the cross-

section, they applied a mass balance to the draining film flow and derived an expression

69



for the bubble inclination, which Atasi et al. [169] rearranged in the following form:

(")’
3Cab

tana =

Bo (2.29)

where « is the inclination angle and H" is the dimensionless film thickness extracted at
the horizontal centre-plane of the channel. It should be noted that the original theory
and Eq. (2.29) do not distinguish between top and bottom inclination angles. However,
Atasi et al. [169] observed experimentally that the inclination angle at the top of bubble
was smaller than that at the bottom, and compared the predictions of Eq. (2.29) to an

average experimental inclination angle with good agreement between the two.

Rek and Zun [171] performed 3D numerical simulations of elongated bubbles with
finite Bo, i.e. with gravitational effects, but used a very empirical approach and did not
provide any systematic data regarding film thickness asymmetry or bubble inclination.
Kreutzer et al. [162] performed a numerical study on the effect of inertia on the adia-
batic flow of elongated bubbles, solving the Navier-Stokes equations in an axisymmetrical
domain for the liquid phase only. The gas-liquid interface was treated as a free surface.
Similar simulations were performed by Gupta et al. [172], but using volume of fluid (VOF)
interface capturing with the Fluent solver. The predicted film thickness was found to be
in excellent agreement with the Han and Shikazono correlation [164]. A grid convergence
study was also performed, with the important result that 5 computational cells were nec-
essary in the discretisation of the liquid film in order to obtain convergence in the bubble
dynamics. Also, it was recommended to discretise the interface using uniform cells for a

better estimate of the surface tension force.

2.3.1.2 Bubble flow with heat transfer and phase change

Heat transfer was introduced to a 2-D simulation of elongated bubble flow by Fukagata
et al. [173] by imposing a constant heat flux at the wall and tracking the interface using
a Level-Set algorithm. The wall temperature distribution obtained from the simulations
was compared to that observed experimentally in mini-channels and the two were found
to be qualitatively similar. Lakehal et al. [174] used the commercial software TransAT

to perform a similar study, but with a constant temperature condition at the wall and

70



the gas and liquid phases injected as co-currently flowing streams. A domain length of
40 diameters proved to be sufficient for the flow to reach a state of full thermal develop-
ment, identified by a periodic profile of the wall Nusselt number after 15-20 diameters of
heated length. A gas-liquid co-flow inlet was also simulated by Gupta et al. [175] using
TransAT, with the Level-Set method, and Fluent, with the VOF method. They studied
both constant heat flux and temperature conditions. He et al. [176] used periodic bound-
ary conditions for the velocity and temperature fields and performed a grid convergence
analysis that suggested discretisation of the liquid film with a uniform mesh of 6 cells
was appropriate. All of the studies mentioned in this paragraph reported a local Nusselt

number around the bubble that was larger than the single-phase value by a factor of 2-4.

To extend the diabatic models described in the previous paragraph to flow boiling,
phase change must be included. Simulations were performed across various studies by
Mukherjee et al. [152, 177, 178] of the evaporation of a water bubble in a square micro-
channel using the Level-Set method to track the interface. The flow was seeded with a
small spherical vapour bubble initialised either in the channel centreline or at the wall.
They found negligible gravitational effects and enhanced heat transfer in the liquid film
region. Cases with Reynolds numbers in the range 50-200 were simulated, and it was found
that Reynolds number had very little effect on the flow in this range. The heat transfer
trends calculated by the simulations reflected those observed by various experimental

studies on micro-channels.

Magnini [179] developed a solver using a VOF interface advection method in the
commercial software Ansys Fluent to model micro-scale flow boiling in the slug flow
regime in an axisymmetrical domain. This solver was later employed to give detailed
insights into bubble dynamics and the effect of local flow patterns on heat transfer [180],
and simulations showed thin-film evaporation to be the dominant heat transfer mechanism
in the liquid film region, which was also observed in the works of Mukherjee et al. [152,
177, 178]. User-defined functions were added to generate a constant stream of bubbles
[154], with the resulting simulations differing from those with a single bubble, showing

that bubble-bubble interactions are significant.

Simulations of slug flow boiling in square micro-channels were performed by Ferrari
et al. [155] using the built-in VOF method of OpenFOAM with phase change introduced

using external subroutines. The phase change model was based on that of Hardt and
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Wondra [181] and the authors validated its implementation against analytical models
[182] and numerical investigations using ANSYS Fluent [180]. Drainage flows transversal
to the main flow direction were observed to thin the liquid film toward the rear of the
bubble, causing the the liquid film to dry out when the bubble becomes sufficiently long.
Magnini and Matar [183] employed the same phase change model and solution procedure

to assess the impact of channel shape on flow boiling in rectangular micro-channels.

2.4 Summary

A study of the literature surrounding flow boiling in horizontal pipes has been carried
out. Theoretical, empirical and semi-empirical predictive methods for flow pattern, heat
transfer and pressure drop in boiling flows have been considered. For the latter two,
flow-pattern specific models with a firm theoretical basis are generally most accurate, but
are also significantly more complicated to implement than other correlations. No single
method applies to all flow geometries or test fluids, and numerous modifications have been

made to early correlations for specific experimental conditions.

A large body of experimental work exists for refrigerant flow boiling in horizontal
macro-scale pipes, with most studies employing similar measurement techniques for pres-
sure drop and temperature and using sight glasses to observe flow patterns. The number
of studies utilising R245fa as a test fluid has increased in recent years, but the major-
ity of the existing literature focuses on condensation or boiling in micro-channels. A
small number of studies have employed more advanced optical measurement techniques
to study phase distribution, but detailed spatio-temporally resolved information in hor-
izontal boiling flows is lacking in general. Laser-based optical diagnostic methods and
infrared thermography have been used to investigate velocity and temperature fields in
boiling flows in vertical channels with a rectangular cross-section and in pool boiling ex-
periments. Particle image velocimetry and laser-induced fluorescence methods have been
successfully employed to study isothermal liquid-liquid flows, gas-liquid annular flow and
liquid films, and could provide new insights into boiling flows by facilitating detailed
spatio-temporally resolved measurements of velocity and temperature fields. In the re-
search space of numerical studies, there is a lack of interface-resolved models for flow

boiling in macro-scale channels, although much has been done for micro-scale channels.
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When moving from the micro- to the macro-scale the effects of turbulence, buoyancy and
inertia must be considered. Evaporation of elongated bubbles in micro-channels has been
studied, but requires extension to annular flows. It is clear that there is scope to develop
a model of elongated bubbles in macro-channels with significant buoyancy and inertia ef-
fects that is validated by experimental data. From such a model, heat transfer and phase
change could be added following numerical methods in the literature developed for flow

boiling in micro-channels.
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Chapter 3

Experimental Methods

A bespoke experimental Flow Boiling Facility (FLOBOF) was designed, commissioned
and operated by the author for the investigation of boiling flows in horizontal tubes. The
facility comprises a closed flow loop incorporating an electrically heated test section and
a visualisation section providing optical access to the flow and enabling the application
of advanced optical measurement techniques.

In this section FLOBOF and its constituent parts are described in detail, along with
the measurement techniques applied and the methods used to analyse the collected data.
Uncertainties in measured and derived values are also reported, along with validation of

the facility and in-situ fluid properties.

3.1 Experimental design

Design of the facility was undertaken to ensure the resulting data provides a useful con-
tribution to the flow boiling literature, whilst the findings are relevant to direct steam
generation (DSG) solar collectors, amongst other applications. The flow patterns of in-
terest to DSG helped to determine the experimental design and operating conditions for
this work. Odeh et al. [12] generated flow pattern maps for two different horizontal col-
lector tube diameters which showed that mainly stratified, intermittent and annular flow
patterns are observed in DSG collectors; dispersed bubble flow only occurs at very high su-
perficial liquid velocities which are not achieved in normal DSG collector operation. They
also calculated that for a typical tube of 54 mm inside diameter with beam radiation of

1kW /m?, annular flow accounted for 85% of the two phase region. Stratified flow was
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only observed at low radiation levels and low superficial gas velocities in larger absorber
tubes, but is important to understand as it can induce large circumferential temperature
gradients in the absorber walls, leading to damage to the tube and assembly. Intermittent
flow is considerably less dominant, and significantly more difficult to measure optically
due to the large number of interfaces. Stratified is the simplest two-phase flow pattern
to measure optically so provides a good starting point for experimental measurements,
whilst slug flow has some of the characteristics of intermittent flow but is more suited
to optical measurement techniques so is also investigated in this work. Annular flow in
horizontal pipes presents challenges in terms of optical measurement, so this work also
developed laser diagnostic techniques for such flows.

The values for mass flux (G = 350 kg/m?.s) and beam irradiation (up to 1kW/m?)
reported by Odeh et al. [12] are typical of horizontal DSG collectors, and similar to those
in other studies [184, 185]. In parabolic trough collectors (PTCs) the solar radiation is
concentrated onto the absorber tube, and the ratio of the local heat flux on the tube
to the beam irradiation is described by a local concentration ratio. This concentration
ratio is around 30 for the largest commercial PTCs [11, 186], resulting in a local heat flux
on the absorber tube of around 30 kW /m? at a maximum beam irradiation of 1kW /m?.

Thus, similar heat and mass fluxes were targeted in this work.

3.2 Description of the experimental facility

A simplified flow diagram of FLOBOF is shown in Fig. 3.1, whilst a full detailed piping

and instrumentation diagram (P&ID) is given in Fig. 3.2.

3.2.1 Flow loop

In the refrigerant flow loop, subcooled liquid is pumped from the bottom of a 201 liquid re-
ceiver using a Crest AM50 TGARV centrifugal pump and passed to an Omega CHF081863
6 kW circulation heater used to preheat the liquid to the desired degree of subcooling at
the test section inlet using a PID control loop. The liquid is then passed through a 90 pm
filter, operated on a bypass loop, to protect the subsequent turbine flowmeter, the output
of which is used to control the pump speed via an AC-10 Parker inverter and thus regulate

the flow rate into the test section. The 12.6 mm-inside diameter, 2 m-long stainless steel
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Figure 3.1: Simplified flow diagram of FLOBOF. Measurement locations for temperature,
pressure and differential pressure are indicated by T, P and DP respectively.

heated test section is preceded by a 0.6 m-long flow calming section of the same material

and inside diameter to eliminate entrance effects.

Fluid temperature is measured at the entrance to the heated section to determine
the inlet conditions and again at the outlet along with system pressure. The liquid boils
as it flows along the heated section, resulting in a two-phase vapour-liquid flow which
enters the visualisation section. This section consists of a fluorinated ethylene propylene
(FEP) pipe, of equal inside diameter to the stainless-steel heated section, encased in a
perspex correction box filled with water. The fluid then flows through a water-cooled
plate heat exchanger, in which the vapour condenses and the liquid is subcooled before

being returned to the top of the liquid receiver.

The output signals from the facility instrumentation were processed by three data
acquisition devices (DAQs) and recorded through a LabView interface, which was also
used for monitoring and control of the system. For a given set of experimental conditions,
a steady-state was considered to be achieved when the instrument data remained within
a 5% range for at least 300s, after which data was recorded for a period of 120s. This
range was applied to the thermocouple readings reported in °C, as shown in the LabView

interface.
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Figure 3.3: Schematic of the heated test section. Measurement locations for temperature,
pressure and differential pressure are indicated by T, P and DP respectively.

3.2.2 Heated test section

The heated test section (see Fig. 3.3) comprises a stainless steel pipe with direct current
(DC) heating, thermal insulation and measurement instrumentation. The pipe has an
inside diameter, d;, of 12.6 mm, outside diameter, d,, of 15.9mm and length, Ly, of 2m.
These characteristics give a pipe of the same material and same scale of diameter as
typical DSG applications, whilst still being practical at lab-scale.

The pipe is connected to a Glassman Europe BPI 20V, 750 A DC power supply via
copper rods and braids to uniformly heat its surface by application of direct current.
The Ohmic losses in the rods and braids were checked and found to result in a 2% loss
of input power delivered to the pipe. The whole section is insulated with black nitrile
rubber pipe insulation to a minimum thickness of 19 mm, with maximum heat losses of
< 1% of input power calculated across all experimental conditions. Fluid enters the
heated section as a subcooled liquid, is heated to saturation point, boils, and exits as a

two-phase vapour-liquid flow with vapour quality x.

3.2.3 Visualisation section

To allow optical access, a visualisation section, shown in Fig. 3.4, was constructed at the
outlet of the heated test section. An effective visualisation section for application of any
optical diagnostic technique to two-phase pipe flows should be designed to minimise optical
distortions due to the refraction of light at all fluid-fluid and fluid-solid interfaces, and

this is ideally achieved with a fully refractive index (RI) matched system [187]. However,
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Figure 3.4: Photograph of the visualisation section.

this is highly challenging in a boiling flow since the two fluid phases have very different
Rls, and additionally liquid R245fa has a low RI (1.25 at 20 °C) so RI-matching to solids
is also difficult. As such, an FEP pipe, of equal inside diameter to the heated test
section, was used for the visualisation section. FEP has a low RI compared to other
compatible optically accessible pipe materials and is translucent, and therefore optically
accessible. The FEP pipe is encased in a correction box constructed from acrylic and
filled with distilled water (the RI of which closely matches that of the FEP pipe within
the experimental temperature range). This box reduces optical distortion due to the

curvature of the pipe and relative position of the camera.

Optical distortion can be further accounted for by placing and imaging a predefined
graticule target of known dimensions in the measurement section. An example of this
correction method in two-phase pipe flows is described by Morgan et al. [149, 188]. Typ-
ically, the visualisation section is drained and disconnected to allow placement of the
graticule, then blocked at the outlet and refilled with the test fluid. Since FLOBOF oper-
ates under pressure, placement of the graticule is more challenging, so a mechanical device
was developed to facilitate its movement within the pipe without opening or draining the
system. During use a seal is maintained using o-rings, but during standard operation of
the facility the graticule is retracted and stored behind a valve (V09 in Fig. 3.2). A photo-
graph of the graticule positioned in the the visualisation section is shown in Fig. 3.5. The
centres of the holes in the target are 1 mm apart and the target is of known dimensions,
so once it is positioned in the centre of the pipe, i.e. in the laser plane, the image can
be spatially calibrated to account for the inclination of the camera and other constant

optical distortions.
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Figure 3.5: Photograph of graticule target inside the visualisation section.

3.2.4 Safety considerations

A number of safety aspects were taken into consideration in the design of the facility to

ensure inherently safe operation. These included:

1. Pressure. The facility is designed to operate at approximately 2 bar and is protected
against overpressure by two pressure relief valves (PRV01/02 in Fig. 3.2) rated to
3.5bar. All the equipment is rated to at least this pressure.

2. Temperature. To prevent overheating of the system, high temperature safety switches
are located in-flow at the test section entrance (THO02 in Fig. 3.2) and on the pipe
wall (THO4). Insulation prevents accidental contact with the heated section and the

failsafe mode for the system is with the preheater and power supply turned off.

3. Electricity. A power supply was selected of sufficiently low voltage (20 V) to pose

an acceptably low risk of electrocution on incidental contact.

3.3 Description of integral measurement techniques

In this section, instrument-based measurement techniques are described for flow properties
such as temperature, pressure and flow rate. The outputs signals of all such instruments
were processed by three DAQs connected to a computer. A LabView interface was devel-
oped to read the instrument signals, display the data in real-time and store the results in
a text file for further processing which will be described in Section 3.4. For each set of
experimental conditions investigated the control variables were set and the system allowed

to reach a steady state before data was recorded. A steady-state was considered to be
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Figure 3.6: Photograph showing attachment of unsheathed thermocouples to the wall.

achieved when the instrument data remained within a 5% range for at least 300s, after

which data was recorded for a period of 120s.

3.3.1 Temperature

In-flow temperature measurements (indicated by TT in Fig. 3.2) were made using min-
eral insulated T-type thermocouples of 0.5 mm diameter. The stainless steel sheaths of
these thermocouples provide robustness and durability, but they are sufficiently fine to
give fast, accurate temperature measurements with little disturbance to the flow field.
The wall temperature was measured using 0.38 mm diameter bead-welded T-type ther-
mocouples, the fine junctions of which allow for fast, accurate temperature readings at
a precisely known location. Response times for both thermocouple types are calculated
in Appendix A.1. The wall thermocouples are electrically insulated from the live pipe
wall by a thin layer of polyimide film to which the thermocouples are attached with ther-
mally conductive epoxy glue, as shown in Fig. 3.6. The thermocouple wires are encased
in electrically insulating sheaths then passed along the pipe wall inside the insulation
to minimise conduction errors, an estimation of which is given in Appendix A.2. Wall
thermocouples are placed at three measurement junctions 0.125m, 1.575m and 1.875m
from the inlet, with thermocouples placed at 90° intervals around the pipe circumference,

as shown in Fig. 3.3.

All of the thermocouples in the facility were calibrated to an accuracy of + 0.25K
in a thermal bath against a digital reference thermometer certified with a 5-point UKAS

calibration. A detailed description of the calibration procedure is given in Appendix A.3.
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3.3.2 Pressure

The absolute pressure at the outlet of the heated section was measured using an Omega
PXM309 pressure transducer, indicated by PTO01 in Fig. 3.2. This pressure transducer
uses a silicon sensor protected by a stainless steel membrane and was supplied with a
manufacturer calibration in the range 0-3.5bar with an uncertainty of & 1% of the
measured value. The instrument was installed below the test section so a hydrostatic

pressure compensation was applied such that:

D = Draw — MgAY (3.1)

where Ay = 0.082m.
Pressure is also measured at the pump outlet by a Gems3100 gauge pressure trans-
mitter, indicated by PT02 in Fig. 3.2. This was used for system monitoring and control

only.

3.3.3 Pressure drop

The pressure drop across the heated test section was measured using two Rosemount dif-
ferential pressure transmitters, indicated by DPT01/02 in Fig. 3.2. The two instruments
were calibrated over different ranges to provide accurate measurements across the full
range of experimental pressure drop values and have a manufacturer-specified uncertainty
of & 0.1 % of the calibrated span. The transmitters were mounted below the heated test
section, with the impulse piping connected at the bottom of the pipe, to ensure a liquid
filled impulse line and thus maintain a constant density of fluid in the line. This position-
ing also ensured sloping of the impulse line to allow any bubbles to travel away from the
transmitter and prevent vapour pockets.

The differential pressure transmitters were calibrated in situ using a Fluke709H HART-
meter in the ranges 0-20 000 Pa and 0-5000 Pa for DPT01 and DPT02 respectively.

3.3.4 Flow rate

Volumetric flowrate was measured at the entry to the flow straightening section, as in-

dicated by FTO02 in Fig. 3.2, using a Titan 1065-EOS-O pulse output turbine flowmeter.
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The device was purchased with a manufacturer calibration curve with an uncertainty of

4+ 0.75% of the measured value.

3.4 Data reduction for integral measurements

The raw data obtained from the heated test section described in Section 3.2.2 required
some treatment to provide the set of integral measurements common to the flow boiling
literature. The data reduction process applied to the raw data is described in this section.
All reduced quantities were calculated from the raw data then time-averaged for each
investigated condition for further analysis as presented in Chapter 5. All data processing
was undertaken using MATLAB with all thermophysical fluid properties calculated at the

relevant conditions using CoolProp [189].

3.4.1 Mass flux

Mass flux, G, was calculated from the measured volumetric flowrate, V as follows:

_Va
mr?

G (3.2)

where r; is the inside radius of the pipe and p; is the liquid density evaluated at the inlet

conditions.

3.4.2 Heat flux

The reported experimental heat flux was calculated as

_ Qin
q= rd L (3.3)

where Ly is the heated length of pipe and )y, is the heat input rate accounting for Ohmic
losses due to the resistance of the copper rods and braids connecting the power supply to
the test section, and thermal losses to the ambient such that Q;, = P, — Qout. Then, the
power delivered to the pipe is P, = VI x C where V and [ are the voltage and current
of the power supply and C' is a constant that corrects for the Ohmic losses. The values
of V and I were set as inputs to the control panel of the power supply, whilst the Ohmic

corrective constant C' was determined by measuring the voltage drop across the system
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components using a multimeter and calculating the corresponding resistance, R = V/I.
Then, the proportion of the total power delivered to the stainless steel pipe was found to
be C' = Ryipe/ Riotal = 0.98.

The heat losses to the ambient were estimated by considering one-dimensional heat

transfer from the wall:

Qout = hext (Tw - Tamb) (34)

where the overall external heat transfer coefficient h.y includes the contributions of the
heat transfer coefficient in the insulation, h;,s, and of the convective heat transfer to the

air, hi,s, according to the relation

1 1 1
e =7 + . (3.5)
2k; Kai
hex = ; hair = insN air = 3.6
’ In dins/do ™ " dins ( )
ﬂns - Tam d3 air Mair 0:25
N, = 0.41 (gﬁ( - ), Cp’k K ) (3.7)
Vair air

where [ is the thermal expansion coefficient.
The heat losses calculated using this method were found to be less than 1% for most
experimental conditions, and this was verified by single phase tests to assess the validity

of the energy conservation equation
Pin - mcp(Tout - 71 ) (38)

in which the resulting heat losses were found to be approximately 1% across a range of

mass flux and heat flux conditions.

3.4.3 Heat transfer coefficient

The experimental heat transfer coefficient h was calculated as follows:

Qin

h pu—
Aht (Tw,i - T‘sat)

(3.9)

where Ay, is the heat transfer surface area to the fluid, Ay, = 7d;Ly,. Ty ; is the inside wall
temperature and Ty, is the saturation temperature of the fluid evaluated at the measured

saturation pressure.
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The inside wall temperature, Ty, ;, was calculated from the outside wall temperature,
T, by solving a one-dimensional conduction equation across the pipe wall, assuming

uniform heat generation in an isotropic and homogeneous material:

. 2 _ 2 .
Ty = Tuo + On 2 ( 1 +r§1n5) (3.10)

’ 27k pipeLne (12 — 7 2 T

i

where kpipe = 16.3 W/m.K is the thermal conductivity of the stainless steel pipe and 7
and r, are its inner and outer radii respectively. This approach has been used in the
literature to solve similar heat transfer problems [136], and a more complete derivation
of Eq. (3.10) is provided in Appendix A.

The inside wall temperature and corresponding heat transfer coefficient were calculated
at each wall thermocouple location, then a spatially averaged h was calculated at each

thermocouple junction from the four local h values.

3.4.4 Vapour quality

The vapour quality, x, was calculated by performing a heat balance across the heated test

section:
in — y AT'sc
= GG (3.11)

mhyy,

where m is the mass flow rate in kg/s, ¢, is the liquid heat capacity at inlet conditions,
AT, is the degree of subcooling at the pipe inlet, i.e. ATy = Tiutin — Tin, and hy, is the
latent heat of vaporisation of the liquid. x was calculated at the outlet of the heated test
section, and at the location of each thermocouple junction with ();, scaled according to

the corresponding heated length.

3.4.5 Pressure drop

The pressure drop measured experimentally, Apey,,, was the total pressure drop and there-
fore the sum of the gravitational, frictional, and spatial acceleration contributions as
follows:

Apexp = Apgraw + Apfric + A]9521 (312)

Since the flow was horizontal, Apg,, = 0. Two-phase pressure drop predictive methods

in the literature calculate the frictional pressure drop, so the spatial acceleration pressure

85



Table 3.1: Fixed errors in measured quantities.

Parameter Unit Uncertainty

I A + 0.4% of scale (0-750 A)

vV Vv + 0.1% of scale (0-20V)

d; mm =+ 2.3% of measured value

L m + 1mm

P Pa £+ 1% of measured value

Ap Pa £+ 0.1% of span (0-20000 Pa or 0-50 000 Pa)
m kg/s =+ 3% of measured value

Thud +K 025K

T, +K 025K

drop was calculated according to the method of Collier and Thome [18] as follows:

ApsazGQ{{M+ xQLt— {M+ xQL} (3.13)

(1-c)p  epe (1=c)p  epe

where G is the mass flux, p; and py denote the densities of the liquid and vapour phases
respectively, and ¢ is the void fraction calculated using the Steiner [44] formulation of the

Rouhani and Axelsson [45] drift flux void fraction correlation:

x r 1—-= 1.18(1 — 2)[gy(p1 — py)]°® -1
e=—|(14+012(1 — x = 4 + -

3.4.6 Uncertainty analysis

The overall experimental uncertainty was evaluated using the method proposed by Mof-
fat [190] for multi-sample data-sets. This analysis considers the two main types of errors
arising in experimentally measured quantities: fixed errors and random errors. Fixed
errors can typically be attributed to the precision or calibration limits of the instrumen-
tation and will be constant throughout the experiment. For a measured quantity X, the

magnitude of the fixed error is determined by the bias limit

bx
BXj = 1—00 X X]’ (315)

where by is the percentage uncertainty due to instrument precision or calibration limi-

tations. The fixed errors for the instrumentation in FLOBOF are reported in Table 3.1
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Table 3.2: Experimental uncertainties. Percentage uncertainties pertain to the measured
value.

Parameter Unit Uncertainty
Two K 0.3K

THuia K 0.3K

G kg/m?s  8.8%

q W /m? 1.7-6.6 %

h W/m?K 6.0-23%

x 0.0085

P Pa 2.2%

Ap Pa 0.1-6.1%

Random errors cannot be quantified in the same way as fixed errors as they are caused
by unexpected variations in the experimental environment that result in variance in the
measured values. They can be evaluated by considering the precision index

Sx. :UXj (316)

J

where oy is the standard deivation of the measured value X;. Then the total uncertainty,
U X;, In a measured quantity is calculated as a combination of both the bias index and

precision index commonly evaluated at the 95 % confidence interval:

Ux, = \/(Bg(]) + (t0.955x;)? (3.17)

where t( 95 is the t-value of the student distribution at a 95 % confidence interval for N —1

degrees of freedom, where N is the number of samples using in the calculation of Sx;.

If n measured quantities were used to calculate a result, the root sum square method

was used to determine the total uncertainty Ug in the resulting calculated value R:

Up = {i (S—QUX].)Q} (3.18)

j=1

The resulting total experimental uncertainties are reported in Table 3.2.

When assessing the accuracy of predictive methods for pressure drop and heat trans-

fer coefficient, the mean relative deviation (MRD) and mean absolute relative deviation
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Figure 3.7: Camera arrangement for qualitative flow visualisation.

(MARD) of a variable X were calculated as:

n

1 Xored — X,

MRD = — ) P~ o 3.19
P (619
1| Xpred — X

MARD = — Ipred oW 3.20
PO o (3.20)

=1
3.5 Description of optical measurement techniques

3.5.1 High-speed imaging for flow pattern identification

For simple visualisation of the flow through high-speed imaging, and for flow pattern
identification, a backlight and camera were positioned as shown in Fig. 3.7. The camera
used was an Olympus i-Speed 3 with a maximum resolution of 1280 by 1024 pixels at
a maximum frame rate of 2kHz, equipped with a Sigma 105 mm lens and installed in a

horizontal orientation perpendicular to the correction box.

3.5.2 Combined PLIF and PIV technique

The experimental set-up for combined planar laser-induced fluorescence (PLIF) and particle
image velocimetry (PIV) is shown in Fig. 3.8. The flow was illuminated by a laser sheet

generated by a copper-vapour laser that emits two narrow band laser beams at 510.6 nm
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Figure 3.8: Camera arrangement for combined PLIF and PIV.

(green light) and 578.2nm (yellow light) at a nominal output power of 20 W, frequency
of 2kHz, pulse-duration of 2ns, and pulse energy of 2 mJ. The beams were directed to a
sheet generator via a fibre-optic cable, with the sheet expanded in the streamwise direction
and illuminating the flow in a plane through the (axial) centreline of the pipe from the
bottom of the correction box. The same i-Speed 3 high-speed camera was used to capture
instantaneous images of the flow. In this application, the camera was mounted at an angle
of approximately 20° from the horizontal and fitted with a corrective Scheimpflug filter.
Images were captured at a frame rate of 1500-2000 fps, depending on the flow velocity,
and the shutter speed was set to 100 ps to allow sufficient light to reach the sensor whilst

avoiding blurring of the particles due to displacement whilst the shutter is open.

The liquid phase of the flow was seeded with 10 pm silver-coated reflective particles
to enable PIV measurements. These particles have a density comparable to that of the
liquid phase and are sufficiently small to ensure they follow the streamlines of the flow
with minimal interference, as determined by consideration of the Stokes number:

- def, Uu

Stk = —
18,[11 dpipe

(3.21)

where the subscript ‘p’ denotes properties of the particles. Tropea et al. [191] reported that
for Stk < 0.1 any tracing errors associated with the particles are < 1%, and evaluating
Eq. (3.21) gives a Stokes number of the order of 10™*, which meets this condition. To

produce laser-induced fluorescence, the fluorescent dye Rhodamine 6G was added to the
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liquid R245fa at a concentration of 1 ppm. This concentration was small enough that it
caused no considerable change to the fluid properties, as discussed in Section 3.7.1. The
camera captured both the scattered light from the particles (for PIV) and the fluorescent
emission from the dye (for PLIF) in the liquid phase. This experimental set-up was used

to investigate to stratified, stratified-wavy and slug flows.

3.5.3 Combined BBLIF and PLIF technique

To evaluate film thickness in annular boiling flows, a combined brightness-based laser-
induced fluorescence (BBLIF) and PLIF technique was developed. This facilitates the
measurement of film thickness using two different methods for comparison. The experi-
mental set-up for this approach is shown in Fig. 3.9. The flow was illuminated by a laser-
sheet generated by a dual cavity neodymium-doped yttrium lithium fluoride (Nd:YLF)
laser (Litron Lasers LDY 304), producing a roughly circular laser beam at 527 nm that
was expanded into a 1-2mm thick sheet that enters through the bottom of a pipe in a
plane through the centreline. The laser produces up to 30 mJ per pulse at 527 nm with
a maximum repetition rate of 20 kHz. The laser-sheet was inclined downwards at an
angle of approximately 30° from the vertical to limit the occurrence of reflections along
the waves, similarly to Cherdantsev et al. [17]. The i-Speed 3 camera was fitted with
additional extension rings and a low-pass (< 540nm) filter, and positioned underneath
the pipe at an angle of 9° to the vertical for BBLIF measurements. This offset angle helps
to avoid overlapping the fluorescence signals from the excited region of the flow and the
opposite side of the pipe. For simultaneous PLIF measurements an i-Speed TR camera
was fitted with a Sigma 105 mm lens, extension rings and a Scheimpflug filter and installed
at an angle of 30° to the horizontal (60° to the vertical) to capture the underneath of the
interface whilst minimising reflections. The two cameras were synchronised and operated

at a frame rate of 2008 fps, with a shutter speed of 15 us.

The same refrigerant was used for these experiments as in the PLIF+PIV set-up, so
the refrigerant was seeded with dye and particles in the same manner, although additional

rhodamine 6G was added to increase the fluorescent dye concentration to 2.5 ppm.
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Figure 3.9: Camera arrangement for combined BBLIF and PLIF.

3.6 Image processing

3.6.1 High-speed imaging for flow pattern identification

In the horizontal flow boiling literature, flow patterns are often identified through in-
spection of high-speed images [43, 65, 97, 111]. This method is perfectly adequate for
easily-identifiable flow patterns well within the corresponding region on a flow pattern
map, but for data points closer to the transition boundaries the classification becomes
somewhat more subjective, particularly given that detailed descriptions of visual flow pat-
tern characteristics are difficult to come by. This was particularly true for the intermittent
to annular transition. Therefore, a more quantitative approach was sought to reduce the
uncertainty introduced by the observer’s judgement.

Charnay et al. [115] developed an image analysis technique based on grayscale in-
tensity of high-speed images for characterisation of flow patterns of R245fa boiling in
minichannels. They used this technique to determine the frequency and velocity of small
bubbles in bubbly flows. Hudaya et al. [192] utilised a similar technique to characterise
different wave patterns in stratified flows. In this work, such an approach was further
developed to identify additional flow patterns as an aid to visual observation.

The high-speed images were cropped to the pipe size and a vertical profile line of 10 px
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Figure 3.10: Example high-speed image used for flow pattern identification, with selection
area for grayscale intensity analysis illustrated between the red lines (not to scale).

width selected in the mid-section of the image along which the grayscale intensity values
were extracted, as illustrated in Fig. 3.10. A width of 10 px reduced any effect on results
due to abnormally light or dark pixels or pixel-to-pixel variation caused by, e.g., dust or
impurities on the lens. The position of the profile line in the direction of flow was found
to have no significant impact on the results, since the images are consistently illuminated
and focussed along the length of the pipe. Therefore a location away from the edges of the
image was arbitrarily chosen and subsequently used for all image sets. The mean grayscale
intensity (M GI) values within the selection area for each image in a set were calculated
and plotted as a function of time. The resulting profiles had high temporal resolution
since images were captured at 1500 fps but had high levels of noise. Fast Fourier transform
analysis revealed a peak at approximately 150 Hz caused by flickering of the back-light.
This peak was removed from each signal using a band stop filter, and a Savitzky-Golay
filter applied to remove noise from the remaining signal. The filter was tuned based on
the root mean square error (RMSE) for which a value of 0 indicates a perfect fit to the
data. In this case, a RMSE value of approximately 1 was judged suitably low to preserve
the signal characteristics whilst providing sufficient smoothing to aid interpretation of the
profiles. This resulted in a Savitzky-Golay filter of polynomial order 4 and frame length
9.

Example M GI signals for the different flow patterns observed in FLOBOF are pro-
vided in Fig. 3.11. The time-dependent variations in the signals are caused by the appear-
ance of different flow structures: vapour-liquid interfaces, and unstable, wavy or rippled
flow, tend to present as darker in images than single phase regions (see Fig. 3.10). Since

the high-speed images came from multiple experimental runs, sometimes with different
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lighting conditions, the base value of grayscale intensity can differ between image sets.
However, it is the temporal variation of the M G1I signals that is of interest in this analysis,

rather than the absolute value.

In stratified flow (Fig. 3.11a), the signal is typically very stable reflecting the low flow
velocities and correspondingly smooth interfaces of this flow pattern. As flow velocities
increase the smooth interface is disturbed by waves resulting in a stratified-wavy flow
with more deviation in the M G1 signal. The signal is still relatively stable since the wavy
interface occupies a small proportion of the image compared to the separate single-phase
regions. Slugs flows (Fig. 3.11c) are characterised by large cyclical variations in MGI. As
the vapour-liquid interface of the slug front passes through the M GI selection area the
MGI decreases sharply since the slug nose consists of a dark interface spanning a large
proportion of the pipe diameter. Behind the nose there is typically a large undisturbed
vapour region resulting in a sharp peak in the MG1 signal. This is followed by the two-
phase region behind the vapour slug which typically contains bubbles and disturbances
and is thus darker than the vapour region. The peaks are not present in M GI profiles
for slug + stratified-wavy flows (e.g. Fig. 3.11d) since there tends to be more disturbance
(i.e. bubbles and waviness) around the vapour-liquid interface throughout the slugging

cycle.

Similarly to stratified flow, the MGI signal for annular flow (Fig. 3.11e) does not
display large deviations with time. The flow consists of a thin liquid film at the wall with
a high-velocity vapour core. The difference in velocity between these two phases results
in ripples in the liquid film but the flow structure is otherwise consistent in time. It
can often be difficult to determine the difference between intermittent and annular flows
through visual inspection, but the M G analysis reveals clear differences between the flow
patterns. Figure 3.11f shows repeating fluctuations of the M GI, although with smaller,
less sharp deviations than for slug or slug + stratified-wavy flows. These deviations are
caused by disruptions to the liquid annulus by regions of vapours bubbles in the liquid
phase or large liquid droplets in the high-velocity vapour core. On visual inspection
these disruptions appear random, but the MG analysis reveals a periodic collapse of the
annular flow structure. It is thus possible to determine between annular and intermittent

flow patterns through further statistical analysis of the M GI signals.

The times-series of the M G1 signals were characterised by their corresponding statis-
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tical moments including the mean, standard deviation and variance (MGI, o and Var).
The normalised variance (Var/MGI) represents the relative deviation of the MGI sig-
nal about its mean and has markedly different values for annular and intermittent flows,
as illustrated by Fig. 3.12. The following criteria were thus used to aid classification of

annular and intermittent flow patterns:
o If Var/MGI > 0.25 = intermittent flow;

o If Var/MGI < 0.25 = annular flow.

3.6.2 PLIF and PIV for stratified, stratified-wavy and slug flows

To obtain meaningful quantitative information from high-speed imaging of the laser-sheet-
illuminated flows, extensive image processing was required. Images were recorded at a
frame rate of 1500-2000 fps, with images recorded for a duration of at least 6.5s for
each flow condition to ensure statistical significance of the results. The image processing
was undertaken using a combination of the DaVis software by LaVision and MATLAB
algorithms developed in-house. After a preprocessing step in DaVis, two strands of image
analysis were undertaken; interface detection and velocity field identification. The detailed

steps in these processes are illustrated in Fig. 3.13 and were as follows:

1. First, the images were loaded into the DaVis software and a spatial correction
was applied based on calibration images obtained of a grid of known dimensions
inserted into the liquid-filled pipe. A raw image of the calibration target is shown
in Fig. 3.14a. The calibration target was aligned with the laser plane and contained
a grid of circular holes exactly 1 mm apart centre-to-centre. The raw image was
binarised and the circles identified to facilitate accurate identification in DaVis
(Fig. 3.14b). The spatial calibration procedure corrected for the distortion induced
by the angle of the camera (see Fig. 3.8), and facilitated scaling of the images. The
images were also rotated slightly to ensure alignment to the horizontal and mirrored

around the vertical to give a flow direction of left-to-right.

2. The images obtained in DaVis were then loaded into MATLAB using LaVision’s
Readimz add-on. An algorithm was developed to identify the vapour-liquid interface

comprising the following steps for each image:
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Figure 3.11: Example mean grayscale intensity (M G1) signals plotted against acquisition
time ¢ for different flow patterns.
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Figure 3.12: Values of Var/MGI for intermittent and annular flow patterns.

95



(a)

First, the image was cropped to the region of interest to remove the area
outside of the pipe walls and any dead space introduced from the calibration.
The remaining image had a height equal to the pipe inside diameter, d;, and
a width of approximately 2d; in the direction of flow. The resolution was

20.3 pm/px.

An adaptive threshold was applied to the cropped image based on the local
median at each pixel with a window size of 7px. This removed the intensity
hotspots of the particles and increased the intensity difference between the

vapour and liquid phases.

The image was binarised using the tmbinarize function with an adaptive thresh-
olding approach, a sensitivity of 0.5 and the classification of a bright foreground.
An area filter was then applied to the resulting black and white image to ex-
tract only the largest structures thereby removing any residual light areas due

to particles.

The interface was identified by locating the point in the black and white image
matrix at which a step change occurred. Any unphysical spikes in the interface

were removed and the interface was smoothed using a Savitzky-Golay filter.

A mask was created based on the interface location, with areas under the
vapour-liquid interface (i.e. the liquid phase) assigned a value of 1 and any

other areas assigned a NaN value.

3. Velocity fields were extracted from the spatially corrected images obtained in step

1 using the following method:

(a)

In DaVis, the ‘Subtract sliding average’ processing step was applied to subtract
a 2-D sliding average with a 5 px filter length based on a Gaussian profile. This
enhanced the intensity difference between the particles and the liquid making

them easier to identify in the following step.

PIV vectors were calculated using the functionality in Da Vis taking a multipass
approach with a decreasing window size from 96 by 96 to 32 by 32. The particle
patterns were tracked between temporally adjacent images and the velocity

field inferred with a spatial resolution of 8 px, or 0.16 mm.
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Figure 3.13: Example images at each stage of the image processing procedure.

(a)

Figure 3.14: Example images of calibration target inserted into the liquid flooded pipe in
(a) raw and (b) binarised form. The centres of the circles on the target are exactly 1 mm
apart.

(c) The resulting vector field was loaded into MATLAB using the pivmat toolbox
and multiplied by the mask generated in step 2(e). This masking was applied
after generating the velocity fields to ensure that the velocity field close to the

interface was adequately captured.

The mean absolute uncertainty in the interface locations detected using the PLIF
methods described in this chapter was evaluated based on the standard deviation of the
measured interface height for flat liquid interfaces and found to be £+ 0.16 mm, which is
equal to approximately + 8 px. The uncertainty in instantaneous velocity measurements

was determined based on single phase validation of the PIV results, discussed further in
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(a) (b)

Figure 3.15: Image calibration for BBLIF and PLIF with (a) example images of calibration
target in the liquid-flooded pipe captured by the PLIF camera (top) and BBLIF camera
(bottom) - see Fig. 3.9 for arrangement. (b) Brightness calibration with stable liquid film
captured by PLIF camera (top) and BBLIF camera (bottom).

Section 3.8.2 and found to be approximately 6 %. Uncertainties in velocity profiles are
reported as the standard deviation along the axial direction of the velocity at a given
vertical (y) coordinate. This results in an average error of approximately + 30 % of the

measured value, although this is typically larger towards the interface and pipe wall.

3.6.3 BBLIF and PLIF for annular flows

Two sets of images were obtained from the BBLIF and PLIF cameras shown in Fig. 3.9.
For both, the first processing step was a spatial correction based on insertion of a cali-
bration target into the flooded pipe as shown in Fig. 3.15a. The calibration target was
aligned with the laser plane and contained a grid of circular holes exactly 1 mm apart
centre-to-centre. The end of the target and the horizontal line within the circular pattern
were used to identify the relative location of the fields of view of the two cameras. The
field of view of the PLIF camera was completely contained within that of the BBLIF
camera, corresponding to 93 % of the width of the image. The resulting resolutions of the
PLIF and BBLIF cameras were 11.6 pm/px and 11.8 pm/px respectively.

The PLIF images were then treated as described in Section 3.6.2, whilst a different
approach based on that described by Cherdantsev et al. [17] was required to obtain the
film thickness signal from the brightness recorded in the BBLIF images. The first step
in this approach involved identifying the centreline of the illuminated flow area (i.e. the

light area in the bottom image of Fig. 3.15b) and forming a matrix of local, instantaneous
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raw brightness values with space and time (i.e. number of frames) dimensions. These
brightness values were then converted into film thickness estimates using the Beer-Lambert

law which, following the procedure used by Alekseenko et al. [193], leads to the expression:
J(z) = C(2) (1 — e ") (1 + Ke ") + D(z) (3.22)

where J(z) is the fluorescence brightness registered by a single camera pixel, C'(z) is a
compensation matrix, « is the absorption coefficient of the rhodamine 6G fluorescent dye,
K is the reflection coefficient at the vapour-liquid interface, D(z) is the dark level of the
camera and h(z) is the film thickness at the axial position z. This equation accounts for
the fraction of the light that is reflected back at the vapour-liquid interface and re-excites
the dye, leading to a secondary fluorescence emission in addition to that from the initial
excitation, by assuming that both the primary and secondary light rays are collinear and
fully-overlapping. This is not the case in practice, and off-axis reflections can result in an
overestimation of the corresponding film thickness by up to 50 % [17], depending on the

interface angle.

From Eq. (3.22), K was set to a constant value of 0.02, but « is dependent on the
dye concentration. A base estimate for a was obtained by creating two static liquid films
of known thicknesses in the visualisation section and collecting images to measure the
corresponding brightness, as shown in Fig. 3.15b. These two sets of values were inserted
into Eq. (3.22) and solved numerically to give an estimate for a. The resulting form of
Eq. (3.22) is plotted as the solid black line in Fig. 3.16, with the experimental data points
shown as blue circles. Since the flow boils, the dye concentration in the liquid phase
increases above the base value during the experiments, resulting in higher fluorescence
intensities. This was accounted for based on the measured vapour quality and an example
for x = 0.15 is plotted as a dashed black line in Fig. 3.16. It can be seen from Fig. 3.16
that as the film becomes thicker the intensity signal becomes saturated, limiting the film
or wave height that can be measured. These measurements at a known liquid layer height
can also be used as a reference signal, with time-averaged brightness (Jy(z)) and thickness

ho, for obtaining the compensation matrix C'(z) as follows:

(Jo(2)) — D(z)
(1 — e=eh(2))(1 + Ke—ah(2)

C(z) = (3.23)
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Figure 3.16: Image intensity as a function of film height with calibration data points (blue
circles) and Eq. (3.22) fitted to the data (solid line) and adjusted for evaporation to a
vapour quality of 0.15 (dashed line) as an example.

This compensation matrix converts the measured brightness to a film thickness estimate,
and accounts for both non-uniform energy distribution along the laser sheet and the spa-
tially non-uniform response of the camera sensor. A similar reference signal was used by
Alekseenko et al. [194] and Alekseenko et al. [193]. Although the refrigerant temperature
varies by up to approximately 20 K, the emission from Rhodamine 6G is not significantly
affected by temperature so this effect does not need to be included in Eq. (3.23). Also,
the system pressure was held constant (with a variation of < 0.06 bar) across the annular
flow experiments so that the vapour-liquid equilibrium in the system did not change, as
this would alter the base dye concentration in the liquid. In addition to the considerations
described so far, it is important to correct for the dark level of the camera, D(z). This
increases over time, so dark-level measurements were taken periodically throughout the

experimental campaign.

The final aspect to consider for BBLIF measurements is that of the measurement
limitations due to the geometrical placement of the laser sheet and high-speed cameras.
When the BBLIF camera is inclined at 9° to the excitation plane, the field of view traverses
the thickness of the laser sheet (approximately 1 mm) diagonally, limiting the maximum
measurable film thickness to approximately 4 mm. Any liquid film above this height will
not contribute to the brightness detected by the camera, so the measured intensity will
seem to saturate and the film thickness will be underestimated. A thicker laser sheet

would decrease this error but will exacerbate other errors due to interfacial reflections,
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and will require increased spatial averaging. Alternatively, a 3-D BBLIF technique could
be employed, such as that of Alekseenko et al. [195] and Cherdantsev et al. [196].

The experimental error in BBLIF film thickness measurements will be mainly deter-
mined by the camera noise, non-uniformity in the camera sensitivity and pulse-to-pulse
variation in the laser and is typically around 10 % [17]. However, internal reflections at
the interface due to the presence of bubbles will contribute to significantly higher local
errors. This could be overcome by using multiple PLIF cameras positioned at different
locations around the illumination plane to identify bubble both in and out of the laser

plane.

3.7 Test fluid

3.7.0.1 Test section design and fluid selection

In DSG solar collectors, one of the key applications for this work, water boils at pres-
sures of up to 100 bar, at which the saturation temperature of water is approximately
300°C. The collector tubes typically have inside diameters of 38 mm, 54 mm and 97 mm.
The lengths and heat input required to investigate flow boiling in pipes of these sizes
are prohibitively large for lab-scale experiments, as are the pressures and temperatures
required to boil water. Therefore, alternative test fluids and geometries were considered.
Hydrocarbon test fluids such as pentane and cyclopentane were considered, but were dis-
missed due to safety concerns over the explosive and/or flammable natures of the fluids.
Refrigerants, which generally boil at much lower temperatures than water, were good test
fluid candidates, particularly with the large amount of literature available on refrigerant
flow boiling.

It was important to ensure that the experimental pipe diameter of the test section
was of a similar order to that of the DSG application, since heat transfer and multiphase
flow in smaller pipes is dominated by different forces and mechanisms. Also, for boiling in
the experiment to be comparable to that in the application, the ratio of bubble departure
diameter, d;, to pipe inside diameter should remain constant. The bubble departure
diameter is the diameter of a bubble at the moment it detaches from the heated tube
wall. An analysis by Fritz [197] taking into account buoyancy and surface tension effects

yields the following proportional relationship between dy, the capillary length, Lc,,, and
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Table 3.3: Experimental parameters of considered refrigerants. Fluid property data from
various sources [199-202].

RI23 R150a R22 R245fa
Tet(p = latm) K 301 330 232 288
m 133 142 126 1.25
oipe mm 449 562 342 4-47

the fluid properties:
o

- 3.24
g(p — py (3.24)

db X Lcap =

However, this is a highly simplified model with large inaccuracies, particularly at high
heat fluxes. Hamzekhani et al. [198] reported that the oversimplifications in the model
can result in an error of over 60 %. When calculating the required experimental pipe
diameter, the use of the ratio of the two bubble diameters then results in compound
errors of more than 85 %. The corresponding ranges of d,;,e for four different refrigerants
are reported in Table 3.3 along with the saturation temperature at atmospheric pressure
and the liquid refractive index, n.

All the refrigerants in Table 3.3 had similar ranges for the required experimental pipe
diameter based on dy,. However, it was also desirable for the test fluid to have a saturation
temperature such that boiling could easily be achieved in the laboratory, and a refractive
index as low as possible to enable optical measurements. As such, R245fa was selected.
It is also readily available, not classified as hazardous to health and is non-reactive and
non-corrosive towards all commonly used metals and most plastics. Additionally, despite
it currently being one of the most common working fluids in organic Rankine cycle (ORC)
systems there is a relative scarcity of data in the literature for boiling in pipe diameters
above the ‘mini’ scale (i.e. d > 3mm [14]), so there is a real opportunity for this work to

fill a literature gap.

3.7.1 Property analysis

Since fluorescent dye was added to the test fluid, it was necessary to determine the effect
of this on fluid properties to ensure correct interpretation of the results. The surface
tension and density of R245fa samples with different dye concentrations up to 10 ppm

were measured using the maximum bubble pressure method, in which a fine-tipped quartz
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capillary is gradually lowered into the R245fa samples under a low flowrate of argon
(< 0.5ml/min). When the capillary tip is below the liquid surface, a bubble forms, as
illustrated in Fig. 3.17a. As the pressure increases, the bubble grows to the size of the
capillary tip at which point a maximum pressure, py.y, is reached and the bubble detaches,
causing a decrease in pressure. An example of this cyclic pressure behaviour is shown in
Fig. 3.17c. A reference pressure, p.f, was obtained by lowering the capillary tip to the
surface of the liquid and recording the pressure just before it increased, i.e. just above
the surface of the liquid. The pressure throughout the experiment was recorded using
an Omega PX-409 pressure transmitter, and the fine capillary was characterised using a
Labsun 14.0 MP HDMI optical microscope to measure its radius, 7c.p. To keep the R245fa
samples in liquid form, the experiments were conducted in an ice bath which maintained
a temperature of approximately 3 °C. The temperature of the liquid sample was measured
using an ETT digital reference thermometer.

Three sets of measurements were recorded for each sample, with five measurement
depths recorded in each set to obtain profiles as a function of liquid depth, examples of
which are given in Fig. 3.18. The gradient of the plot of pnax vs. depth is equal to pg,
where p is the liquid density and g gravitational acceleration. The surface tension, v was

calculated based on the Young-Laplace equation:

Aprcap (pmax — Pmin ) Tcap
= = 3.25
5 5 (3.25)

v

where the minimum pressure, pnin, was calculated using p.or and accounting for the rise
in liquid level due to displacement by the capillary tube and thermometer.

Before using this method for analysis of R245fa samples, it was validated using de-
ionised water. The average deviations in density and surface tension from the literature
values were —0.3 % and +4.6 % respectively.

A representative set of results for R245fa with 7.5 ppm of Rhodamine-6G are displayed
in Fig. 3.18. The gradient of the line in Fig. 3.18a gives p = 1386kg/m?, 0.5% lower
than the literature value for pure refrigerant at the same conditions. The mean absolute
deviation of the density from the literature value over the sample set was 5.0 %, and
was not a function of dye concentration. The measured surface tension, corrected for
temperature variations, is show in Fig. 3.18b as a function of depth for the same sample

described previously in this paragraph. The mean absolute deviation of the surface tension

103



0.38 mm

1.38 mm

4
9.985 ~1Y
9.98 |
=
A
- Dexp
9.975 O Pmax |1
I
9.97 ; / [ ]
0 5 10

Figure 3.17: Illustrations of the maximum bubble pressure method: (a) describes the
formation, growth and detachment of a gas bubble at the capillary tip; (b) shows an optical
microscope image used to characterise the capillary tip; (c) shows a sample pressure trace
against time ¢, where the peaks of p,,.. have been identified and correspond to the point
of maximum bubble size and subsequent detachment.
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Figure 3.18: Representative data collected using the maximum bubble pressure method
for R245fa with a dye concentration of 7.5 ppm. The gradient of the line in (a) is equal to
pg, and gives p = 1386 kg/m?3, 0.5 % lower than the theoretical density of pure refrigerant
at the same conditions. In (b) the temperature-corrected surface tension values are plotted
against immersion depth z, with the literature value indicated by the dashed line.

from the literature value was 5.1 % and was also not a clear function of dye concentration

at the values measured.

3.8 Facility commissioning and validation

3.8.1 Single phase validation of integral measurements

To validate the performance of the FLOBOF system and measurement instruments, ex-
periments were performed with single phase liquid R245fa flow under both adiabatic and
heated conditions, with care taken to monitor the visualisation section for the appear-
ance of bubbles that would indicate the onset of boiling and invalidate the single phase
tests. The resulting Nusselt numbers were compared to those calculated using the Meyer
et al. [203] correlations to within an average deviation of 7%. The pressure drop data
were compared to the Fang et al. [74] correlation with an average deviation of 8 %. The
mean deviations for both values are well within 10 % and the facility can be considered

validated.

3.8.2 Single phase validation of PIV measurements

The PIV method described in Section 3.6.2 was validated by assessing the single phase

flow rate velocity profiles for a range of conditions and comparing them to the parabolic
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Figure 3.19: Single phase liquid flow velocity profiles from PIV measurements normalised
by maximum velocity and pipe diameter (blue crosses) and theoretical predictions (red

dashed line) for (a) laminar and (b) turbulent flows.

velocity profile for laminar flow, and the power law velocity profile for turbulent flow with
n = 7. Figure 3.19 shows these velocity profiles, normalised by ., and averaged across
all relevant single phase cases to give a representative liquid phase streamwise velocity
profile for both laminar and turbulent flows. The resulting profiles match the theoretical
predictions of Egs. (3.26) and (3.27) very closely, particularly in the centre of the pipe.
Towards the pipe walls the glow of the translucent FEP pipe as it is illuminated by the

laser sheet can distort the light scattered by the PIV particles, causing large uncertainties

in the measurements and poor agreement with theory.

2
Laminar:  u/tpax = 1 — < d ) (3.26)
Tpipe
r 1/n
Turbulent:  u/tuyay = (1 - ( >) (3.27)
T'pipe

To validate the absolute values of the streamwise velocity obtained with PIV, a flowrate
and subsequently mass flux were calculated based on these measurements and compared
to that measured using the flowmeter. For each validation case, the velocity profile was
integrated across the pipe assuming a parabolic decay of the velocity towards the pipe
wall from its maximum value at the centreline. The resulting mass flux values are plotted

against the corresponding mass flux based on the flowmeter measurement in Fig. 3.20.
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Figure 3.20: Mass flux GG calculated based on PIV measurements versus flowmeter mea-
surements for single phase liquid flow. The solid black line represents Gprv = Growmeter,
whilst the red dashed line represents Gprv = Gaowmeter == 10%.

The majority of points are within 10 % of the flowmeter value, with an average absolute
deviation of 6 %. There is one outlier at Gowmeter ~ 200 kg/ m?.s, where some vapour

may have been present in the flow, impacting the flowmeter reading.
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Chapter 4

Computational Methods

In this work, simulations have been performed for adiabatic multiphase flows and for
heated multiphase flows with evaporation. This chapter is therefore divided into two

parts with descriptions of the numerical models applied to the different flow conditions.

4.1 Numerical model for multiphase flow

4.1.1 Problem description

The adiabatic multiphase flow problem considered in this work is an elongated bubble
travelling at a velocity Uy, along a horizontal channel of circular cross-section with radius
r (diameter d), through which liquid flows at an average velocity U). A representative
sketch of the flow problem is shown in Fig. 4.1. The coordinate z is directed downstream,
whilst the coordinates x and y represent the horizontal and vertical axes, respectively,
with the origin located at the centre of the channel. The flow is subject to a gravitational
acceleration, g, acting in the negative y-direction.

In the absence of buoyancy effects, a region of constant film thickness between the
bubble nose and tail exists. However, this does not happen in the case of non-negligible
buoyancy effects, because the bubble is inclined in the channel [169, 170]. Therefore,
the film thicknesses reported in this paper are extracted not at the very front of the
bubble, but behind the bubble nose to ensure film development. This location is given
the signifier ‘F’ and is defined as the z-value at which the minimum film thickness around
the lower half of the bubble, h™, occurs, with a corresponding film thickness at the top of
the bubble h™; see Fig. 4.1. The film thickness is non-dimensionalised with the channel
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Figure 4.1: Sketches of an elongated gas bubble flowing in a horizontal tube filled with
liquid, and notation used in this work. (a) Two-dimensional bubble profile extracted on a
vertical centreline plane, where x = 0. (b) Bubble cross-sectional profile extracted on an
arbitrary z-y plane. In (a), position ‘K’ indicates the most upstream point of the bubble
interface; position ‘F’ identifies the location of the lowest point of the bubble interface,
which in this work is selected as the location where the film thicknesses are measured.

radius 7, such that H = h/r, and all subsequent film thicknesses in this work are reported
as dimensionless values (H* and H~) at location F. The inclination angles at the top
and bottom of the bubble, a* and a~ are calculated by considering the slopes of the
developed middle regions of the bubble profile upstream of the nose but downstream of
the tail, quantified as the region 2d up- and downstream of the centre of the bubble

lengthwise.

The back of the bubble, location K, is defined as the minimum z-value in the bubble
profile. From this point, the z-dimension will be non-dimensionalised in the manner
(z — zx)/r, thus always referring to coordinates relative to the back of the bubble tail.
The bubble aspect-ratio in the cross-section, AR, describes the ovalisation of the bubble
on the x — y plane and is defined as AR = E,/FE,. E, is the maximum extension of
the bubble along the vertical direction, which always occurs along the y—axis, and F,
is the maximum extension of the bubble along the horizontal direction, the location of
which shifts above the x—axis as buoyancy effects become important (see Fig. 4.1b) and
the whole bubble elevates above the channel axis. Note that AR = 1 corresponds to an
exactly axisymmetric bubble (i.e. negligible gravity effects), whereas buoyancy tends to

reduce the vertical extension of the bubble, leading to AR < 1.

Besides the top and bottom film thicknesses (both evaluated along the vertical x = 0
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axis), a horizontal film thickness h" is defined as the horizontal distance between the
bubble interface and the tube wall, calculated along the same line as the maximum bubble
extension F, (see Fig. 4.1b). Figure 4.1b also includes a schematic representing the
velocity profile in the liquid film region, on the cross-section of the channel. Along a
radial line extending from the liquid-gas interface to the pipe wall, where the film has
thickness h(0), the velocity profile is parabolic due to the no-slip condition at the wall
and the negligible tangential stress exerted by the gas phase at the interface. The average
drainage velocity of the liquid in the film, obtained by integrating this velocity profile, is
denoted as Uy and is a function of the circumferential angle, Uy(6). In this work, h", AR

and Uy are always extracted on a cross-section located at position F.

The flow is assumed to be laminar and incompressible, and the two phases Newtonian
and immiscible. The Reynolds number is defined as Re = pUd/p where the density p and
the dynamic viscosity p are those of the liquid, but the velocity U can be that of the bubble
(Uy,) or liquid (0)). The capillary number is similarly defined as Ca = uU/v, where 7 is
the interfacial tension. The Weber number is then defined as We = Re Ca = pU?d/v. The
results in this study are mostly reported as functions of the liquid dimensionless numbers,
since simulations can be easily initialised for fixed values of these and in experimental
studies of isolated bubble flow the liquid flow rate is usually the controlled parameter. The
buoyancy effects are characterised by the Bond number, Bo = (p — pg)gr?/y = mgr?/7,
where the gas density is assumed to be negligible compared to that of the liquid.

4.1.2 Numerical method

The numerical framework is based on OpenFoam’s built-in VOF solver interFoam [204].
This solves the single-fluid continuity and momentum conservation equations for a New-

tonian fluid in incompressible flow in the following form:

V-u=0 (4.1)

9(pu)

o TV (puw) = =Vp £V pf(Vu) + (Vu?)] + pg + F, (4.2)

where u is the fluid velocity vector, g is the gravitational acceleration vector, and F is

the surface tension force. The fluid properties p and u are defined as average properties
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weighted by the volume fraction « as follows:

p=pra+pa(l —a) (4.3)

p=po+ pp(l — a) (4.4)

where the subscripts 1 and 2 denote the primary and secondary phases, respectively. «
is defined as the ratio of the cell volume occupied by the primary phase, so is equal to
1 in a cell filled with the primary phase and 0 in a cell filled with the secondary phase,
and is in the range 0 < o < 1 for an interfacial cell containing both phases. The fluid
properties py, p1, po and ps are considered constant in this work. The surface tension
force F., in Eq. (4.2) is formulated as a body force according to the continuum surface
force (CSF) method proposed by Brackbill et al. [205] as F., = 7yxVa, where the surface
tension coefficient v is considered to be constant and x is the local interface curvature.
The latter is estimated by means of derivatives of the volume fraction field, Kk = —V - n,

where n is the interface unit normal vector, n = Va/|Va|.

InterFoam solves the volume fraction equation by including an artificial compressive

term to counteract numerical diffusion at the interface:

Oa
E +V- (au) +V- (a(l — Oz)Ur) =0 (4~5)

where the artificial compressive velocity U, is given by:

— i | 2L (19l
Ur = min [Ca S|’ (lsf|>max:| e (46)

Here, ¢ is the volumetric flux through the control volume face, S¢ is the surface area vec-
tor of the cell face, n¢ is the unit normal vector to the interface evaluated at the control
volume face, and C, is a numerical multiplier used for tuning of the interface compression.
For this study, the default value C, = 1 [165, 204, 206] has been used since it presents an
appropriate compromise between interface sharpness and accuracy of the surface tension

calculation.

The flow equations are discretised based on a finite-volume discretisation in a co-

located grid arrangement. Eq. (4.5) is discretised based on the Multidimensional Uni-
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versal Limiter with Explicit Solution (MULES) algorithm, a first-order time-explicit
scheme. The temporal discretisation of the remaining equations follows a first-order im-
plicit scheme. The divergence terms are discretised with second-order upwind schemes,
whereas the Laplacian terms utilise second-order central finite-difference schemes. The
pressure and velocities are iteratively updated within each time step using the Pressure
Implicit Splitting of Operators (PISO) algorithm [207], with the number of correctors set
to 3. The residual thresholds for the iterative solution of the flow equations were set to
1075 for velocity, 10~ for volume fraction, and 10~7 for pressure. A variable time-step
was adopted for the progress of the solution, the value of which is calculated by the solver

in accordance with an assigned maximum Courant number of Co = 0.4.

4.1.3 Simulation set-up

The simulated geometry consists of a channel of circular cross-section with radius r,
modelled with a 3-D mesh, through which liquid flows at an average velocity U). A channel
length of 100r was simulated to allow for full development of the flow. At the inlet, a
uniform liquid velocity profile was fixed, along with a zero-gradient pressure condition.
At the outlet, the velocity was subject to a zero-gradient condition whilst the pressure
was set to a uniform reference value. No-slip was imposed at the walls along with a zero-
gradient pressure condition. A bubble was initiated close to the inlet at the centre of the
channel with a radius of 0.97 and a length of 207 to ensure full development of the liquid
film between the nose and tail across the whole parameter space [208]. The liquid to gas
density and viscosity ratios were set to 1000 and 100, respectively.

The computational grid, the x — y cross-section of which is depicted in Fig. 4.2, was
a block-structured mesh. The core of the domain was discretised with a uniform cubic
mesh. Outside of this central core, the mesh was refined radially towards the wall, allow-
ing accurate capture of the liquid film dynamics without the computational expense of a
universally fine mesh. For accurate simulations of liquid films, Gupta et al. [172] recom-

mended that there should be at least 5 cells in the liquid film in the radial direction.

4.1.3.1 Mesh independence study

To determine the optimum mesh configuration, a preliminary grid convergence study

was performed, starting with the conditions Ca; = 0.024, Bo = 0.42, and Re; = 1. These
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0.5r

Figure 4.2: Illustration of the z-y cross-section of the computational mesh. The core
consists of a square rod of size 0.5r x 0.5r meshed with uniform cubes, outside of which
the mesh is gradually refined radially towards the wall. At the wall, the size of the elements
along the radial and circumferential directions are denoted as A, and Ay, respectively.
For the mesh depicted here, A, = 0.0041r and Ay = 0.105r.

conditions were characterised by a minimum film thickness at the bubble top of H* = 0.07.

Four different meshes with different levels of refinement were considered and the geo-
metrical parameters characterising each are reported in Tab. 4.1 and illustrated in Fig. 4.2.
The first set of conditions tested was Ca; = 0.024, Bo = 0.42, and Re; = 1, and the re-
sulting bubble profiles are displayed in Fig. 4.3. The differences among the standard and
finest meshes are imperceptible, and the change in the top film thickness is 1.5%. The sec-
ond set of conditions tested was Ca; = 0.024, Bo = 0.42, and Re; = 750, and the resulting
bubble profiles are displayed in Fig. 4.4. Even for this case, the bubble profiles and top
film thickness can be considered converged when using the standard mesh, proving the
applicability of this mesh to larger values of Re;. Therefore, the standard mesh was used
throughout most of this work, providing H™ > 0.04 (at least 7 cells discretising the film).
For conditions leading to thinner films, the finest mesh was used, ensuring an adequate

number of cells within the thin liquid film even when Bo was large.

For model validation (see Section 7.1.2), the results of 2-D simulations, with the grav-
itational force vector acting transversal to the flow direction, are presented alongside the
3-D cases. The 2-D set-up and boundary conditions are analogous to the 3-D, and an
orthogonal mesh with near-wall refined elements is employed to have a minimum of 10

cells resolving the flow in the thin liquid film.
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Figure 4.3: Mesh independence study for conditions Ca; = 0.024, Bo = 0.42, and Re; = 1:
(a) bubble profile on a vertical centreline plane (xr = 0) and (b) bubble cross-sectional
shape at the location F (see Fig. 4.1). The geometric details of the meshes and corre-
sponding values of the top film thickness at F are reported in Tab. 4.1.
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Figure 4.4: Mesh independence study for conditions Ca; = 0.024, Bo = 0.42, and
Re; = 750: (a) bubble profile on a vertical centreline plane (z = 0) and (b) bubble
cross-sectional shape at the location F (see Fig. 1 in the article). The geometric details

of the meshes and corresponding values of the top film thickness at F are reported in
Tab. 4.1.
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Table 4.1: Geometrical details of the meshes tested and corresponding values of the top
film thickness evaluated at F, for the simulation cases illustrated in Fig. 4.3 and 4.4. A,
and Ay denote the radial and circumferential size of the mesh elements at the wall (see
Fig. 4.2), while A, indicates the longitudinal extension of the cell, which is constant across
each mesh. The top film thickness H™ is evaluated at the location F (see Fig. 4.1).

Mesh A, /r Ng/r A /r H* H*

(Reg=1) (Re; = 750)
Finer 0.0023 0.1040 0.0333 0.0737 0.0715
Standard 0.0041 0.1046 0.0333 0.0728 0.0706
Coarser  0.0067 0.1298 0.0423 0.0704 0.0690
Coarsest  0.0090 0.1947 0.0624 0.0718

4.2 Numerical model for multiphase flow with phase

change

4.2.1 Problem description

Two flow boiling problems have been simulated in this work: boiling of a single bubble in
a square micro-channel, and stratified flow boiling in a geometry equivalent to that of the
FLOBOF facility (see Section 3.2.2) at selected conditions from experiments performed.

The characteristics of these two problems are described in this section.

4.2.1.1 Micro-channel validation

The micro-channel boiling problem considered in this work is that of a single bubble
growing from the bottom wall of a horizontal micro-channel with a square cross-section of
width w = 229 um to match the experimental validation performed by Mukherjee et al.
[152]. A representative sketch of the flow is shown in Fig. 4.5. Liquid flows in the channel
at a velocity U, and bubble nucleation is emulated by initiating a bubble of 25 pm radius
at an axial distance of 1w into the channel with a contact angle of 30°, as determined by
the experiments of Mukherjee et al. [152]. The growth of the bubble with time can be
tracked by considering the bubble equivalent diameter, dequiv, Which is the diameter of a

sphere of equal volume to that of the bubble, V},, such that

1/3
dequiv = <6_‘/b> (47)

™
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Figure 4.5: Sketch (not to scale) of the simulation set-up for flow boiling in a square
micro-channel. The channel width is w = 229 pm and flow is from left to right.

The flow is assumed to be laminar and incompressible and the vapour and liquid
phases Newtonian and immiscible. The Reynolds number of the liquid is defined as
Re; = pUyw/ . The vapour and liquid phases have the specific heat capacities ¢,, and

cp1 respectively, and the liquid phase has the latent heat of vaporisation hj,.

4.2.1.2 Experimental comparison case

For flow boiling at a larger scale, laminar flow in the geometry of the experimental facility
FLOBOF (see Section 3.2) was simulated. A representative sketch of the pipe is shown in
Fig. 4.6. The pipe has diameter d, and the liquid phase occupies the bottom of the pipe
up to an interface height 4;,;. The liquid phase moves at an average velocity U;, whilst
the vapour phase moves at U,. These values are determined by the experimental mass

flux G, vapour quality x and void fraction € such that

and U, = %

~all—¢) pe e

The flow is assumed to be laminar and incompressible and the vapour and liquid
phases Newtonian and immiscible. The vapour and liquid Reynolds numbers are defined
as Re, = p,U,d/p, and Rey = pUid/ p respectively, whilst superficial Reynolds numbers
can also be defined such that Res, = Gzd/u, and Res) = G(1 — x)d/p. The vapour
and liquid phases have the specific heat capacities ¢, and ¢, respectively, and the liquid

phase has the latent heat of vaporisation hy,.
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Figure 4.6: Sketch (not to scale) of the simulation set-up for flow boiling in geometry
based on FLOBOF. The pipe diameter is d = 12.6 mm and flow is from left to right. The
cross-section on the right shows the computational mesh.

4.2.2 Numerical method
4.2.2.1 Governing equations

For a heated flow with phase change, some changes and additions are required to Eqgs.(4.1),
(4.2) and (4.5), which form the governing set of equations for the adiabatic multiphase
flow problem. The continuity equation (Eq. (4.1)) must also be written to include a mass

source term due to evaporation, p:
Vou=" (4.9)

Then, an energy balance is also required and can be written as:

A(pc,T)

5+ Vipeul) = V- (kVT) = h (4.10)

where the density p, viscosity p and thermal conductivity k are properties of the mixture,
and the volumetric heat capacity of the mixture is calculated as pc, = apicp1+(1—a)pycp -
The calculation of the energy source term h is explained in Section 4.2.2.2. The derivation
of Eq. 4.10 assumes that the specific internal energy e for a fluid with constant heat

capacity ¢, can be written as a linear function of temperature:
e=ey+c,(T —Tp) (4.11)

where for simplicity the reference value for the specific energy is taken to be ey = 0J/kg
and the reference temperature is 7o = 0 K, such that Eq. (4.10) reduces to e = ¢,T". Vis-

cous heating is neglected and the fluid properties are considered constant throughout the
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domain since the liquid superheat measured experimentally at the conditions simulated

did not exceed 4 K.

4.2.2.2 Phase change model

An evaporation model is required to estimate the local evaporation rate at the liquid-
vapour interface, which will be a function of the local temperature field. The model
employed is that described by Ferrari et al. [155], who adapted the interFoam VOF
method in OpenFOAM 2.3.1 to model phase change.

Many of the evaporation models used in simulation of boiling flows make the assump-
tion of thermodynamic equilibrium at the interface such that the temperature of the two
phases is the same, i.e. T} = T, and equal to the interface temperature T, [177, 178,
205]. The equilibrium condition requires that the vapour and liquid temperatures at the
interface are equal to the saturation temperature at the reference system pressure p..,
and therefore Tiy = T} = Ty = Tiat(Poo)- This assumption is acceptable for most macro-
scale boiling problems, but may not apply at the micro-scale, where significant departures
from equilibrium may occur due to interfacial superheating induced by interfacial resis-
tance and capillary pressures. It can instead be assumed that both the liquid and vapour
exist at the saturation temperatures associated with their local pressures which are not
the same, so a temperature jump occurs at the interface, i.e. Ty (p1) = T1 # Ty = Taar(py)
[209]. Tanasawa [210] assumed that when interface superheating is low compared to the
local vapour equilibrium saturation temperature, the local mass flux across the interface is
linear dependent on the local interfacial temperature jump. This resulted in the equation

for the interphase mass flux per interfacial area:

2 M N\ poh
m C ( > P v (ﬂnt - Tv) (412>

“2-C\2rR,) 2P

where C' is the fraction of molecules crossing the interface during evaporation, known
as the accommodation coefficient, M is the molecular weight and R, is the universal
gas constant. If the capillary pressure jump across the interface is sufficiently small, the
vapour temperature can be assumed to be at the saturation value associated with the

system pressure, i.e. Ty =~ Ty (Poo). In channels of the size investigated in this work this
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assumption is valid and

= ¢ (T = Tat(peo)) (4.13)

where ¢ is known as the kinetic mobility, with 1/¢ representing the interfacial resistance

to evaporation, and is defined as:

¢

1/2
20! ( M ) pehi (414)

T 2-C \2rR,) 2P

The accommodation coefficient C' in Eq. 4.14 was set to C' = 1, making the kinetic
mobility constant across the whole computational domain. The evaporative mass transfer
is thus directly proportional to the local interface superheating. If in each cell an amount
of vapour mdy, is created, and the corresponding amount of liquid thus disappears, then

the local evaporation rate can be given by:

p = mbine = ¢ (T — Tsat(ps)) [Vl (4.15)

This evaporation removes the corresponding latent heat of vaporisation from the en-
ergy in the interfacial cell such that the source term in the energy balance can be formu-
lated

h = —phy (4.16)

which results in a local temperature drop to a value close to the saturation point. This
ensures that the interface temperature does not rise significantly above the saturation

temperature.

Implementing these mass and energy source terms directly as shown in Eqgs. (4.15)
and (4.16) would result in their localisation in a small number of cells across the in-
terface. Such a concentration of the source terms could result in numerical instabilities
at high evaporation rates [181]. The procedure developed by Hardt and Wondra [181]
and Kunkelmann [211] is thus used instead. In this procedure the mass source term is
smoothed using a diffusion equation before being redistributed across the interface. The

main steps of this approach are described below:

1. An initial sharp source term on the liquid side of the interface is calculated, since
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evaporation occurs only in the liquid phase:

p = Namdi|Va| (4.17)

where N is a normalisation factor used to preserve the global evaporation rate such

that:
[, IVa|dV
N=2Y_ " 4.18
[ a|ValdV (4.18)
. A diffusion equation is formulated to smear the source term:
I'V?61 = (b1 — fo) (4.19)

where I' is a diffusion constant that is adjusted according to the mesh resolution to
smear the source term over several cells on either side of the interface. The diffusion
equation is solved using Neumann boundary conditions at all boundaries to ensure

equality of the volume integrals of py and p;.

. In cells where both liquid and vapour are present and ay < @ < 1 —ayt, the source
term is set to zero to prevent appearance of the source term in the interface region,
as this can cause issues when the advection equation is solved [211]. Outside of these
cells the source term is redistributed across the interface such that the global rates
of vapour production and liquid disappearance are equal. Then, the mass source

term is: )

N1 =a)p if a < aey

p= Niapy ifa>1— ot (4.20)

0 if dent < a <1 — aeut
(

where the normalisation factors are defined as

fQV podfl,

Jo, FodSy
o, (1= a)prdS,

B le ap1dy

N, and N (4.21)

where (), indicates the vapour domain where a < a¢y and € the liquid domain
where o > 1 — iy, in which regions the phase is considered pure. The volume

cut-off fraction has been set to a value of aey = 1075.
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4. The final form of the enthalpy source term accounts for contributions from the
enthalpy of evaporation that causes local cooling on the liquid side of the interface,

and a correction assocaited with the structure of the mass source term [181]:

h = —pohie — pc, T (4.22)

4.2.2.3 Solution procedure

Flow boiling simulations were performed using the open-source CFD software Open-
FOAM 2.3.1 with the interFoam solver modified to include the evaporation model de-
scribed in Section 4.2.2.2. The discretisation schemes and solvers follow the same struc-
ture as those used for the adiabatic multiphase case (see Section 4.1.2). The residual
thresholds for the iterative solution of the governing equations were set to 10~7 for ve-
locity, 1078 for volume fraction, 10~" for pressure, 10710 for temperature and 1071° for
evaporation rate. A variable time step was adopted for the progress of the solution with

an assigned maximum Courant number of Co = 0.1.

4.2.3 Simulation set-up
4.2.3.1 Micro-channel validation

The simulated geometry, shown in Fig. 4.5, was half of a square micro-channel with width
w = 229 pm through which liquid flows at an average velocity U;. The fluid properties
were those of air and water at a temperature of 373.15 K, the saturation temperature of
water at a pressure of 1atm. Bubble growth was assumed to be symmetrical about the
central x = 0 plane, so only half of the channel was simulated to reduce the computational
time with a symmetry plane condition imposed along the x = 0 plane. A channel length
of 5.5w was sufficient to observe the period of bubble growth reported by Mukherjee and
Kandlikar [177], whose experimental results were used for the model validation presented
in Section 7.2.1. The domain was modelled with a 3-D cubic mesh with 100 cells per
channel width w. At the inlet, a uniform liquid velocity U, was set corresponding to a
Reynolds number of Re; = 100 along with a zero-gradient pressure condition. The inlet
temperature was fixed to the saturation temperature with zero-gradient conditions for the

volume fraction and evaporation rate. At the outlet the pressure was set to a uniform
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reference value whilst all other variables were subject to a zero-gradient condition. No-
slip was imposed at the walls along with zero gradient pressure and evaporation rate
conditions, and a constant contact angle (set to 30° [178]) for the volume fraction. The
temperature at the bottom and side walls was set to 375.25 K, whilst a zero-gradient
temperature condition was imposed at the top to emulate an adiabatic boundary.

A vapour bubble of radius 25 um was initiated at a distance of 1w into the channel,
positioned to give a contact angle of 30° to the wall. The temperature inside the bubble
was always set to the saturation temperature. The effect of different initial liquid tem-
perature conditions on the bubble growth was investigated, with the initial temperature

fields taking the following forms:
1. Uniform temperature of T' = T,y = 373.15 K across the whole domain.

2. Temperature field decaying linearly with height from T = Ty, = 375.25 K at the
bottom wall to T" = T,y = 373.15K at the top wall. This condition was set using
the funkySetFields function of OpenFOAM. A thermal boundary layer in which
T = T, was initiated around the bubble with two thicknesses investigated; a small

layer of 3 cells (7um) and an arbitrarily large layer of 50 pm.

3. Thermally developed temperature field, obtained by running a liquid-phase only
simulation of the flow using the OpenFOAM solver icoTempFoam. The boundary
conditions, divergence schemes and solvers for pressure, velocity and temperature
were the same as those used in the phase change simulations, with the residual
thresholds set to 107, 107¢ and 107 for velocity, pressure and temperature respec-
tively. The simulation was run for 15ms until a thermal steady state was reached,
at which point the temperature field was extracted and used as an initial condition
for the phase change simulations. A thermal boundary layer of 3 cells was initiated

around the vapour bubble.
The initial fields for pressure and evaporation rate were set to 0, whilst the initial tem-
perature field was set to a uniform value of U,.
4.2.3.2 Experimental comparison case

The simulated geometry for direct comparison to experimental data consisted of a pipe

of diameter d = 12.6 mm through which liquid and vapour flow in two layers at average
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velocities U; and U, respectively. These velocities were calculated based on the experi-
mental mass flux G and vapour quality = at the visualisation section of the experimental

facility FLOBOF as:

v, =<

“al—e) e (429)

where ¢ is the void fraction estimated using Eq. (3.14). The fluids properties used were
those of R245fa at a saturation temperature of T,,; = 299.9 K, calculated using the Cool-
Prop package [189]. The computational domain had a length of 20d, which was deemed
sufficiently long to make a meaningful comparison to experimental data without the com-
putational expense of modelling the entire pipe length. A block-structured mesh was used
for the computational grid, the x — y cross-section of which is shown in Fig. 4.6. The core
was discretised with a uniform cubic mesh with one level of refinement away from the
centre, surrounded by a layer of radially oriented cells with refinement towards the wall.

The liquid height was initially set to a value of y;,;, determined based on the exper-
imental void fraction €. At the inlet, and in the initial velocity field, the velocity was
set to U below yi,, and U, above y;,,. The inlet and initial temperatures were set to
the saturation temperature T, = 299.9 K, whilst zero-gradient conditions at the inlet
and zero-value initial conditions were used for pressure and evaporation rate. No-slip was
imposed at the pipe wall along with zero-gradient conditions for pressure and evaporation
rate. The contact angle of R245fa on FEP is not well characterised in the literature, so an
arbitrary constant contact angle of 40° was imposed at the wall for the volume fraction.
A fixed gradient temperature condition was used at the pipe wall to emulate constant

heat flux, with the value of the gradient set to q/k;.
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Chapter 5

Integral Measurements

In this chapter, results from integral measurements of pressure drop and heat transfer
coefficient in boiling flows of R245fa are presented and are compared to predictive methods
in the literature. Flow pattern maps are also constructed and the locations of transition
boundaries are compared to literature correlations. Parts of this chapter are based on

work presented in Moran et al. [212].

5.1 Experimental parameter ranges

Experiments were conducted using the facility and methods described in Chapter 3 and
data were collected for 142 data points over a range of conditions. The ranges of the
experimental variables governing these conditions are given in Table 5.1. The saturation
pressure was maintained with as little variation across data points as possible to ensure
comparability across the set, and 60 % of points had the condition pg; = 1.7 & 0.1 bar.
The wider variations in pg, correspond to the points with values of G and ¢ at the
extremes of their respective ranges where it was not possible to stabilise the facility at
1.7bar. Changes in pg,y, and correspondingly 7Ty,, result in changes in the fluid properties
at the saturation point, which can impact the boiling mechanism. For example, for
R245fa, as Ty, increases vapour density increases whilst liquid density and surface tension
decrease resulting in an enhanced contribution of nucleate boiling to the total flow boiling
heat transfer mechanism as the bubble detachment radius decreases and there are more
nucleation sites. However, Billiet et al. [213] observed this not to be the case for conditions

with high mass flux and vapour quality x, where the latter has the effect of thinning the
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Table 5.1: Experimental parameter ranges.

Parameter Unit Range

Dsat bar 1.4-2.1

Tiat K 297.1-307.7
ATy in K 2.1-12.0

G kg/m?s 32-720

q W/m?  0.5-38

liquid film thereby decreasing the wall super-heat and reducing the number of nucleation
sites. They considered the heat transfer behaviour of R245fa at saturation temperatures
of 313 K and 343 K and found similar trends of the heat transfer coefficient h as a function
of x across these conditions, with deviations in absolute value of up to 20%. Guo et al.
[103] investigated heat transfer behaviour of R245fa for pg, = 2.0-3.6 bar and reported
very little variation in h across this range. Yang et al. [131] performed a similar analysis
for R1234ze(E) with pg,y = 2.15-4.15bar and found there to be little influence of pg, on
h at low heat flux, and a maximum variation of 40% at ¢ = 43.4kW/m?. Given the
comparatively small pg,; range in this study, comparison of data points across that range
was deemed valid, with any resulting deviations likely to fall within the experimental
uncertainty. The results presented in this thesis are subsequently reported for a mean pggu;
of 1.7 bar, which corresponds to T,; = 301.5 K.

For the purposes of comparison and analysis in the rest of this chapter, experimental
conditions are characterised by G and ¢, with data points grouped to within 10 % of
a given value. This is common practice within the flow boiling literature and provides

sufficient similarity of behaviour within groupings to draw meaningful conclusions.

5.2 Flow patterns

High-speed images were recorded for various flow patterns, and some representative exam-
ples are shown in Fig. 5.1. The selected images demonstrate the characteristic features of
the various flow regimes: a smooth, flat interface in stratified (S) flow with two continuous
phases; the same two phases present in stratified-wavy (SW) flow but with a perturbed
interface; a continuous liquid phase interrupted by elongated vapour bubbles in slug flow,

with the liquid film maintained at the top of the vapour bubble; a liquid film on the pipe
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(a) Stratified (S) (b) Stratified-wavy (SW)
G = 50 kg/m?.s, ¢ = 0.5kW /m? G = 68 kg/m?%s, ¢ = 2.3kW /m?

(c) Slug (d) Intermittent (I)
G = 170 kg/m?s, ¢ = 2.3kW /m? G = 390 kg/m?.s, ¢ = 9.3kW /m?

(e) Annular (A)
G = 420 kg/m?.s, ¢ = 38 kW /m?

Figure 5.1: Flow patterns captured in FLOBOF using high-speed imaging.

walls in annular (A) flow with ripples at the vapour/liquid interface; and a combination
of a number of these characteristics in intermittent (I) flow. Mist (M) and dryout (D)
flows were not captured in FLOBOF due to the high heat and mass fluxes required, and
the unstable behaviour of the facility at high = due to the large vapour volumes present
in the system. High-speed images were captured at 1500 fps and used to identify flow
patterns according to the classifications put forward by Wojtan et al. [36] using a combi-
nation of visual inspection and the mean grayscale intensity-based method described in

Section 3.6.1.

In this section, the experimental data collected over the full range of conditions are
plotted on single flow maps to facilitate visualisation. However, flow map transition lines,
such as those proposed by Wojtan et al. [36], should strictly be plotted for each data
point if one wishes to accurately determine the flow pattern, since their position can be

dependent on the unique experimental parameters (z, G, ¢, Ts). The transition lines
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Figure 5.2: Flow pattern map with G vs. = axes summarising all experimental data points
for pst = 1.7bar, with the inset showing a logarithmic z-axis for better visualisation of
the data at low x.

most affected by these parameters are the A/SW-to-D, and D-to-M transitions, which
were irrelevant for this data set. For the range of experimental conditions studied, the
other transitions lines vary by a maximum of approximately 20 %.

The most common flow map configuration in the modern flow boiling literature is
that of mass flux G versus vapour quality . The data points collected in FLOBOF are
presented on these axes in Fig. 5.2, where an alternative presentation with a logarithmic
x is provided as an inset to show the region < 0.1 in more detail. The resulting map
shows clearly the limitations of the facility, with data points at both high z and G not
possible to obtain, making the dryout and mist regimes inaccessible. The facility also
does not allow for data collection at high = and low G, since the resulting vapour volumes
destabilise its operation by inducing slugging within the system. Figure 5.2 shows clear
regions for Slug, I, and A flows, with some overlap of the S, SW, and Slug+SW regimes.
Stratified flow occurs at low GG and low x, but as x increases the interface becomes less
stable and a stratified wavy flow is observed. As G increases, the vapour phase is no
longer continuous and the flow moves into the Slug+SW and Slug regimes. As x increases
further, the mass flow rate of vapour increases and intermittent, then annular flows, can

be observed.

In Fig. 5.3, the experimental data points are plotted along with the Wojtan et al. [36]
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Strat.
SW
Slug+SW
Slug
Interm.
Annular
Wojtan et al.|

Figure 5.3: Flow pattern map summarising all experimental data points, ps.y = 1.7 bar,
with transition lines and flow pattern regions according to method of Wojtan et al. [36]
for the conditions ¢ = 14kW/m? G = 330 kg/m?.s.

transition lines calculated for the conditions ¢ = 14kW/m?, G = 330 kg/m?.s, pe; =
1.7bar, which are representative of the data set as a mean. The Wojtan et al. [36]
transition lines describe the data reasonably well with the flow pattern prediction aligning
with the experimental observation for 79 % of data points. The majority of the incorrectly
predicted flow patterns occurred in the Slug+SW, SW, and S regimes below the transition
curve to the I and A regimes (Gyayy), With some more around the I-to-A transition line
(x1a). Wojtan et al. [36] divided the region between the Gyirar and Gyayy curves into Slug,
Slug+SW, and SW, a modification to the earlier version of this map by Kattan et al. [31].
These three different flow patterns were clearly observed experimentally, but alternative
transition boundaries to those of Wojtan et al. [36] may be more appropriate for R245fa
based on the lack of alignment with experimental data points in Fig. 5.3. Wojtan et
al. [36] also modified the Kattan et al. [31] S-to-SW /Slug+SW transition curve (Ggtrat),
assigning a constant value to Gyt at © < x1a. This does not fit the experimental data
well, and it should be noted that Wojtan et al. [36] did not observe any stratified flow in
their experiments so the transition curve bounding the stratified region is not validated.
For R245fa boiling at these conditions (d = 12.6 mm, pg,, = 1.7bar), it may also be
appropriate to shift the I-to-A transition line to a smaller value of xp,, although more
data are required to validate this. Detailed laser-based measurements of the interface

location could be used to improve the predictions of Arp, Osrat and Pp in the Wojtan
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Figure 5.4: Flow pattern map summarising all experimental data points, ps = 1.7 bar,
with transition lines and flow pattern regions according to the method of Ziircher et al.
[49] calculated for the conditions ¢ = 14kW/m?, G = 330 kg/m?.s.

et al. [36] method for the stratified family of flow patterns.

Ziircher et al. [49] modified the Ggar and Gyayy transition curves of the Kattan et al.
[31] flow map. The Ziircher et al. [49] Ggyat line, as plotted in Fig. 5.4, does appear
to give a better match to the experimental data. Note that the ¢ dependence is mostly
expressed in the part of the curve at high z, i.e. the dryout region, but this is irrelevant
to this analysis since such conditions cannot be reached with the current experimental
setup. The Gyayvy line also fits the data slightly more accurately than that of the Wojtan
et al. [36] map since it returns a lower value of Gyayy at intermediate values of .

It is also interesting to consider specifically the transition from slug/bubble based flow
to annular/intermittent type flows, i.e. the Gyayy transition line. Figure 5.5 shows three
such transition lines (those of Wojtan et al. [36], Ong and Thome [50], and Costa-Patry
and Thome [51]) plotted for the experimental conditions. More of the I/A data points
are correctly situated on the flow map for both the Ong and Thome [50] and Costa-Patry

and Thome [51] transition lines, the calculation of both of which involves the confinement

number Co = (1/d;) - \/o/(g(pr — pv)) [214]. This dimensionless number introduces
a ratio of geometrical to capillary length scales (the latter set by consideration of the
interfacial tension and buoyancy effects) to the transition line equations.

The Barbieri et al. [52] transition line in Fig. 5.5 presents an alternative I-to-A transi-

tion to the fixed value of z1o used by Wojtan et al. [36]. The position of the experimental
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Wojtan et al.

Figure 5.5: Flow pattern map summarising all experimental data points and a range of
transition curves, pg,y = 1.7bar. The Costa-Patry and Thome [51] curve was generated
for ¢ = 14kW /m?.

data points on the flow pattern map suggests that a transition curve of this type may be
more appropriate, but the Barbieri et al. [52] curve does not fit the data well. The calcu-
lation is independent of ¢, so the differing ¢g-conditions of the data points cannot account
for this deviation. Instead, tuning of the empirical coefficients is required to account for
surface wettability effects since the Barbieri et al. [52] transition curve was developed for

R-134a in a brass tube and may not apply to different fluids and pipe materials.

5.3 Pressure drop

In this section, experimental pressure drop data and comparisons to relevant predictive
methods are presented. The experimental frictional pressure drops reported in this section

were calculated from the raw experimental data using Eqs. (3.12) and (3.13).

5.3.1 Experimental data

The effects of vapour quality and mass flux on pressure drop in R245fa boiling flows
are illustrated in Fig. 5.6, where Apgicexp is plotted as a function of x for groupings
of G + 10%. Figure 5.6 shows explicitly that for a given vapour quality the frictional

pressure drop increases with mass flux, a result also shown by similar plots in the work of
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Figure 5.6: Frictional pressure drop as a function of vapour quality for a range of mass
flux conditions.

Hardik and Prabhu [73] and Garcia Pabon et al. [134]. An increase in mass flux results
in higher velocities leading to increased frictional pressure losses.

Across the vapour quality range of Fig. 5.6, Apgicexp increases with z for all values of
G. For an increase in x at constant G, the mixture density decreases and the flow velocity
increases, which in turn increases the turbulence intensity and therefore the frictional
pressure drop. The linear nature of this behaviour is reflected in the literature for similar
geometries and vapour qualities [69, 73, 215]. Various authors report a peak in Apgic exp
at © = 0.7-0.8 after which Apgicexp decreases with increasing x [39, 81, 134], but such

high values of x were not reached in this work.

5.3.2 Comparisons with pressure drop predictions

Many correlations for the prediction of frictional two-phase pressure drop (Apgic) of boil-
ing flows are available in the literature, but the application of these methods to R245fa
boiling in macro-scale tubes (i.e. d; > 3mm) is not well documented. A few methods
that perform well for similar experimental set-ups were selected and are compared to ex-
perimental data in plots of predicted vs. experimental frictional pressure drop in Fig. 5.7.

The Fang et al. [74] friction factor was used in the pressure drop calculations. Inspection
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Table 5.2: Summary of the discrepancies between the predicted and experimental pressure
drops in terms of the the mean relative deviation (MRD) and mean absolute relative
deviation (MARD).

Correlation MRD MARD MRD MARD
(all data) (all data) (Apgicexp > (APhicexp >
600 Pa) 600 Pa)

[%] %] (%] (%]
Miiller-Steinhagen and Heck [71] 4126 481 +6 15
Friedel [66] +179 563 13 20
Gronnerud [63] +3 156 —50 51
Hardik and Prabhu [73] 9 177 67 68
Xu and Fang [72] 134 500 +10 16
Quibén and Thome [81] 97 130 69 69

of Fig. 5.7 reveals that the predictions of a subset of these correlations are within +£30% of
the experimental data for Apg;. > 2000 Pa. The discrepancies between the predicted and
measured pressure drops, however, deteriorate significantly at lower Apg;. values. This
is illustrated further in Fig. 5.8 which shows a semi-log plot of the ratio of predicted to

experimental Apgi. as a function of vapour quality.

The logarithmic scale used for = in Fig. 5.8 demonstrates clearly the discrepancy
over a vapour quality range, approximately x = 0.01-0.05, in which none of the predictive
methods perform well. This also corresponds approximately to Apgic exp > 600 Pa. Partic-
ularly towards the lower end of this z-range, the uncertainty in experimental x (40.0085
as shown in Table 3.2) becomes large compared to its absolute value. Also, at these low
values of pressure drop the spatial acceleration pressure drop calculated by Eq. (3.13)
accounts for a greater proportion of the total pressure drop, so the frictional contribution
is more sensitive to uncertainties in that calculation. More interestingly though, the data
points with the largest deviations compared to predictive methods correspond to strati-
fied and slug-type flow patterns. The best-performing predictive method in this z-range
is that of Quibén and Thome [81] which, unlike the other methods, is flow pattern-based.
This suggests that a phenomenological approach is required for accurate predictions of
pressure drop in stratified and slug flow patterns at low vapour quality. The prediction ac-
curacy in these regimes could also be improved using detailed spatio-temporally resolved

measurements of the interface location and velocity fields.

To summarise, the performance of the different predictive methods, the mean relative

deviation (MRD) and mean absolute relative deviation (MARD) of each, as compared
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Figure 5.7: Comparison of predicted and experimental frictional pressure drops using
a selection of predictive methods. The solid lines represent Appred = Apexp, the black
dashed lines Appred = Apexp £ 30%, and the red dashed lines Appreq = Apexp £ 50%.
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to the experimental data, are presented in Table 5.2. Values are reported for the full
data-set and for the subset Apgicexp > 600 Pa, which effectively removes the data points
with a large uncertainty in z, allowing for a more effective assessment of the applicability
of predictive methods to the rest of the data. Comparing the values reported in Table 5.2
with inspection of the plots in Fig. 5.7, the empirical Miiller-Steinhagen and Heck [71]
correlation most accurately predicts the pressure drop outside of the low-z, low-Apgic exp
region. Other authors have found this to be the case over a range of fluids and experimen-
tal conditions [64, 68, 72, 216], although they also report deviations of up to 20 % [68].
The Xu and Fang [72] correlation performs similarly well, as Garcia Pabon et al. [134] also
found to be true for boiling of R1234yf in 3.2-8.0 mm tubes. This correlation outperforms
the other separated flow models of Gronnerud [63] and Friedel [66]. The Gronnerud [63]
correlation was developed specifically for refrigerants, but Turgut et al. [64] found it to
give accurate results for only a small subset of these fluids. For the experimental data
presented here, it underpredicts the pressure drop by approximately 50 %. Whalley [67]
compared the Friedel [66] correlation to over 25000 data points and found it to give the
best predictions for most fluids, whilst Xu et al. [68] grouped it amongst the best with
Miiller-Steinhagen and Heck [71], reporting deviations of up to 30 %, in agreement with
the deviation reported in Table 5.2. Hardik and Prabhu [73] found literature correlations
generally underpredicted the pressure drop in comparison to their experimental data for
flow boiling of water in 5.5-12 mm tubes, but their resulting correlation does not perform

well here for R245fa.

As expected, correlations developed for similar fluids or validated across a wide range
of fluids tend to give more accurate predictions of experimental data. Despite performing
well at low vapour qualities, the flow-pattern-based Quibén and Thome [81] correlation
underpredicts larger pressure drops. These larger pressure drops mostly correspond to
intermittent and annular flow patterns, suggesting that either the flow pattern classifi-
cation or the corresponding pressure drop predictive method is not in fact suitable for
these conditions. The correlation uses the flow pattern classification method of Wojtan
et al. [36], which Fig. 5.3 shows to correctly classify most intermittent and annular data
points. In the Quibén and Thome [81] method, the calculated pressure drop for annular
flow depends heavily on the interfacial friction factor which was developed based on an

experimental data set which did not include R245fa. The prediction of this interfacial
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friction factor could be enhanced by measuring the velocity field close to the interface
using e.g. PIV to understand the shear stresses in this region.

Figure 5.8 provides an insight into the performance of each predictive method with x.
At x > 0.05, the Miiller-Steinhagen and Heck [71] method, along with the separated flow
models of Gronnerud [63], Friedel [66], and Xu and Fang [72], performs most consistently

with little deviation in the average value of (Appreda/APexp s, aS @ increases. However, the

fric
accuracy of the Hardik and Prabhu [73] method deteriorates as = increases whilst that of
the Quibén and Thome [81] method improves. Even though there are relatively few data
points in the region z < 0.05, the prediction accuracy for all six methods presented in
Fig. 5.8 is almost identical. When z is very small, predictive methods generally collapse

to a liquid-only pressure drop, suggesting that at such low vapour qualities the vapour

phase does not have a significant impact on Apgiec.

5.4 Heat transfer

In this section, experimental heat transfer coefficient data and comparisons to relevant
predictive methods are predicted. The fluid always entered the measurement section as
a subcooled liquid, and the vapour quality was calculated using Eqs. (3.10) and (3.11) at
each temperature measurement junction according to the corresponding heated length.
At the most upstream junction, the fluid was still in the liquid phase and x = 0, so
measurements from this junction are not included in this section. The reported results
are spatially-averaged around the circumference of the pipe by taking the mean of the
calculated heat transfer coefficients corresponding to the four wall temperature readings

at each junction, and time-averaged over the sampling time.

5.4.1 Experimental data

In the flow boiling literature, experimental heat transfer measurements are usually re-
ported in terms of heat transfer coefficient, h, as a function of x for constant G and gq.
However, in this work boiling in the heated test section was always induced from the
subcooled (z = 0) condition, and therefore to achieve the widest possible range of x at
the outlet, G and ¢ were manipulated. Thus, to examine heat transfer as a function of

x, normalisation by one or both of these parameters is required. In Fig. 5.9 experimental
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values of the Stanton number, St = h/Gc,, are plotted against x. St is the ratio of heat
transferred to the liquid specific heat capacity, and plotting of St allows for normalisation
by G and subsequently assessment of heat transfer as a function of z. Such plots have
a very similar shape across the full experimental range of x to those of h vs. x for con-
stant G in the literature (e.g. [37, 103, 217]). Figure 5.9 will therefore be discussed in

comparison to literature plots of h vs. x for constant G.

Figure 5.9 shows that in general, higher ¢ results in increased heat transfer, as ex-
pected. However, for the three highest heat flux values (Fig. 5.9f-5.9h) St does not vary
significantly with ¢, suggesting there is an upper limit to the amount of heat that can be
transferred to the flow in this set-up. Across the full range of experimental = values, heat
transfer increases with increasing x. The majority of the data points at low vapour qual-
ity (x < 0.05) fall into the slug flow regime, whilst the intermittent and annular regimes
dominate at higher vapour qualities. These regimes are characterised by liquid films at
the wall, the thickness of which decreases with increasing x. This reduces the thermal
resistance and enhances heat transfer. Such behaviour has been observed previously in
similar geometries [37, 39, 73|, and for the same fluid in 3 mm tubes [103], up to x = 0.7
0.8 where a peak in the heat transfer coefficient occurs. This also corresponds to reported
peaks in the pressure drop, but sufficiently high values of x to investigate this effect were

not reached in this work.

At low heat flux (Fig. 5.9a-5.9¢) and low vapour quality (z < 0.05), St is relatively
constant with x. From the formulation of St, this suggests that h and G are linearly
proportional which is indicative of a forced convection boiling mechanism. These data

points correspond predominantly to slug flow.

To provide insight into the effect of mass flux on heat transfer, Fig. 5.10 shows the
experimental heat transfer coefficient hey, for two different G' values, separated by the
same ¢ values used in Fig. 5.9. The two plots look very similar, but it is important to
note that the z-range in Fig. 5.10b is half of that in Fig. 5.10a. Therefore, assuming the
data would follow the trend in Fig. 5.9 of increasing heat transfer with increasing = at
x > 0.05, an increase in G results in an increase in h for fixed ¢ and x. This behaviour is

widely reported in the literature [43, 69, 93, 136].
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Figure 5.10: Heat transfer coefficient vs. vapour quality for a range of heat flux conditions
and two mass flux conditions.
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5.4.2 Comparisons with heat transfer coefficient predictions
5.4.2.1 Flow boiling correlations

Similarly to pressure drops, many predictive methods are available in the literature for
estimation of heat transfer coefficients in boiling flows but there is little validation of these
methods for R245fa in macro-scale tubes. A selection of these methods is presented in
terms of predicted versus experimental h in Fig. 5.11. Further insight into correlation
performance as a function of z is provided by plots of Apred/hexp Vs. @ in Fig. 512, and
the mean relative deviations of each method compared to experimental data are detailed
in Table 5.3.

The spread of the data points on the plots in Figs. 5.11 and 5.12 varies between
methods. Prediction accuracy deviates significantly for several of the selected methods at
approximately h < 1000 W/m? K and z < 0.05, with both underprediction and overpre-
diction of h. For these lower values of h and z, the relative uncertainty is larger and can
be amplified further by the calculation method. However, some of the methods perform
consistently well at this lower end of the parameter ranges, with divergence at higher val-
ues. This is most noticeable for the Guo et al. [103] correlation, which is the second-best
performing correlation for x < 0.05, but the worst for z > 0.05. It is also the only method
for which Apreda/hexp increases with « at > 0.05. The correlation was developed based on
flow boiling experiments with R245fa and an R134a/R245fa mixture in 3mm horizontal
tubes, and this difference in scale may account for the observed behaviour. At the larger
scale of the pipe diameter used in this work, gravitational effects become more significant
with the most relevant effect being the asymmetry of the liquid film between the top and
bottom of the tube for flow patterns in which the wall is completely wetted, i.e. slug and
annular flows. Most of the data points with larger h or x correspond to slug, annular or
intermittent flow. This highlights the importance of using predictive methods developed
for similar scales.

The Guo et al. [103] correlation is a modified version of the Liu and Winterton [100]
correlation and performs better overall due to the poor predictive capability of the latter
at © < 0.05. Also, the extent of the underprediction of the Liu and Winterton [100]
correlation for > 0.05 increases as x — 1. The Liu and Winterton [100] correlation was
developed for tubes with d > 3 mm.

The most consistent correlation across the data set, and most accurate overall with
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MARD = 23 %, is that of Shah [92] which despite being one of the earliest enhancement-
factor correlations has been reported to give reasonable predictions for both boiling [93]
and condensation [94] of R245fa in smaller tubes. The Kandlikar [95] correlation is a
further development of that of Shah [92] and performs similarly well (MARD = 28 %)
overall despite larger deviations at x < 0.05. Kandlikar [95] introduced a fluid-specific
parameter, Fy, to the calculation method and since no such parameter is reported for
R245fa it was tuned to the experimental data to a value of Fy = 1.3. The tuning required
a trade-off between prediction accuracy at low and high values of x and h, so better
accuracy could be achieved by using different values for the two regions. The resulting
value of Fy = 1.3 is the same as those of R11 and R113 as defined by Kandlikar [95].
These have different chemical structures to R245fa being chloro-fluoro-hydrocarbons of
lower carbon number, but R11 particularly has a similar molar mass and boiling point to
R245fa. Fang et al. [218] reported a similar accuracy of MARD = 30 % for the Kandlikar
[95] correlation applied to R245fa boiling.

After the Shah [92] correlation the flow pattern-based correlation of Wojtan et al. [37]
is the next most consistent across the data range despite also tending to underpredict h.
This suggests that a flow pattern-based approach is effective for predicting heat transfer
despite this not being the case for pressure drop across the full range of x (see the Quibén
and Thome [81] correlation in Fig. 5.8).

It is clear from the assessment of these predictive methods that a single correlation is
rarely effective for the whole data set, and that the applicability of any given correlation
is generally restricted to the conditions of the experiment upon which it is based. In
their review paper, Thome et al. [106] also found that no single method predicted their
entire database well, highlighting the difficulty of finding a universal approach. Many
correlations are not well-validated for the low vapour quality region due to high rel-
ative uncertainties in integral measurements at the necessary experimental conditions,
so detailed spatially and temporally resolved measurements of these flow could provide

much-needed insight into the associated flow structures and phenomena.

5.4.2.2 Pool boiling correlations

One of many ways to predict the dominant boiling mechanism in boiling flow is by eval-
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Figure 5.11: Comparison of predicted and experimental frictional heat transfer coefficients
using a selection of predictive methods. The solid lines represent fipreq = hexp, the black
dashed lines hpped = hexp £ 30%, and the red dashed lines hppeq = hexp £ 50%.
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Figure 5.12: Ratio of predicted to experimental frictional heat transfer coefficients plotted
against vapour quality using a selection of predictive methods.
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Table 5.3: Summary of the discrepancies between the predicted and measured heat trans-
fer coefficients in terms of the mean relative deviation (MRD) and mean absolute relative
deviation (MARD).

Correlation MRD MARD MARD MARD
(all data) (all data) (x> 0.05) (x < 0.05)
Shah [92] —19 23 23 21
Kandlikar [95] +3 28 19 41
Gungor and Winterton [99] +18 37 17 67
Liu and Winterton [100] +7 37 23 58
Guo et al. [93] —20 36 41 28
Wojtan et al. [37] —20 33 31 37

nucleate boiling dominant zone [95]. Vapour quality is perturbed the most, up to two or-
ders of magnitude, of all experimental parameters investigated in this study, whilst other
parameters affecting the establishment of nucleate boiling-dominated conditions, such as
mass velocity and surface roughness, do not change as much, if at all, over the data set.
This is reflected in the operation of real engineering systems utilising flow boiling, so Cv
was selected as an appropriate characterisation parameter. Considering the experimental
heat transfer coefficient data, 46 % of the points fall into the nucleate boiling dominant
zone as defined by the condition Cv < 0.65. The heat transfer behaviour in this zone
could be described by pool boiling correlations. These are not a function of vapour quality
or mass flux, so should not be affected by the large proportional uncertainties discussed
for flow boiling correlations, but are simply dependent on the fluid and pipe properties,

and on empirical constants.

Six pool boiling correlations were selected and the ratios of the resulting heat transfer
coefficient to the corresponding experimental h are plotted as a function of the mea-
sured h values in Fig. 5.13. The corresponding deviations are given in Table 5.4. With
the exception of the Mostinski [89] correlation, the reduced pressure-based correlations
(Gorenflo [85], Cooper [87], and Ribatski and Jabardo [88]) provide the most accurate
predictions of the experimental data. Chen [91] also found the Cooper [87] correlation to
give reasonable predictions of A for pool boiling of R245fa on a cylinder. The performance
of the Gorenflo [85] correlation depends on the reference h, for which a tabulated value
for R245fa is not provided. The appropriate value was thus determined by fitting of the
experimental data, but interestingly this still does not provide the best fit according to

Table 5.4. The Gorenflo and Kenning [86] correlation provided a modified and improved
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Table 5.4: Summary of discrepancies between the predicted and measured pool boiling
heat transfer coefficients in terms of mean relative deviation (MRD) and mean average
relative deviation (MARD).

Correlation MRD MARD
Cooper [87] —21 30
Gorenflo [85] +12.7 27
Mostinski [89] —49 49
Ribatski and Jabardo [8§] +3 26
Stephan and Abdelsalam [83] —24 31
Jung et al. [90] —27 32

version of the Gorenflo [85] correlation, but included several fluid specific correction fac-
tors as well as reference values which are not yet provided for R245fa. A more accurate
prediction could be obtained by further investigation of the correct values of these fac-
tors for R245fa. Based on Table 5.4, the Ribatski and Jabardo [88] correlation is most
accurate, and Fig. 5.13 shows that it underpredicts h at high values of hey, to a lesser
extent than most of the other correlations. The empirical constants in the Ribatski and
Jabardo [88] correlation are pipe-specific rather than fluid-specific and are well-defined

for stainless steel, unlike the fluid-specific quantities in other correlations for R245fa.

The Stephan and Abdelsalam [83] correlation underpredicts h significantly, despite
claiming to be valid for the experimental conditions. This thermo-physical property-
based correlation is a function of the bubble departure diameter, calculated based on the
contact angle § to which the authors advise to assign the value of 35° for all refrigerants.
Halon et al. [84] found this correlation to give a poor prediction of h for pool boiling
of R245fa on a heated plate, finding deviations of up to 157 % and suggesting that it
overestimates the effects of ¢ and Ty, on h. The empirical correlation of Jung et al. [90]
uses the same calculation of bubble departure diameter, but the term containing this
value, ¢ and T, is raised to a different value to that in the Stephan and Abdelsalam [83]
equation. In the Jung et al. [90] equation this value is calculated based on fluid properties,
the reduced pressure and empirical constants. These empirical constants could be better

tuned for these experiments to improve the prediction accuracy.

Overall, the experimental heat transfer coefficient is not well-predicted by pool boiling
correlations, particularly at low values of heyp,. This suggests that convective heat transfer
cannot be neglected at these conditions and superposition approaches, such as that of Liu

et al. [94] as investigated in Figs. 5.11 and 5.12 are more appropriate. This contribution of
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Figure 5.13: Ratio of predicted to experimental frictional heat transfer coefficients plotted
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convective boiling effects is to be expected at the low heat fluxes associated with the low
hexp data points, and due to R245fa being a low pressure refrigerant with a correspondingly

high vapour specific volume that results in high two-phase flow velocities.

5.5 Summary

A bespoke experimental flow boiling facility has been used to investigate flow boiling of
R245fa in a 12.6 mm pipe. Flow patterns were identified using high-speed imaging, whilst
integral measurements of pressure drop and heat transfer were made. For the experimental
conditions investigated, the frictional pressure drop was found to increase with increasing
mass flux and vapour quality, in line with results from previous comparable literature
studies. Generally, heat transfer also increases with increasing mass flux and vapour
quality.

Since the applicability of predictive methods in the literature to the combination of
fluid, geometry and experimental conditions in this work is not widely reported, compar-
isons of experimental results to predictive methods for flow pattern maps, pressure drops,
and heat transfer coefficients have been made. The classifications of flow patterns put
forward by Wojtan et al. [36] were found to describe the range of observed flow patterns
well, but it was not possible to observe mist and dryout flows in the experimental facility
FLOBOF. However, the Wojtan et al. [36] map did not accurately describe the transi-
tions between slug and stratified flow types, with the Ziircher et al. [49] formulation of this
transition line better fitting the experimental data. The intermittent-annular transition
lines also require some modification to fit the data set generated in this work.

The experimental frictional pressure drop was most accurately described at high
vapour qualities by the Miiller-Steinhagen and Heck [71] and Xu and Fang [72] meth-
ods, although accurate prediction at very low vapour qualities was not achieved by any of
the tested methods. Correlations for heat transfer coefficient were more accurate across
the dataset, with the Shah [92] method proving the most consistently accurate one, fol-
lowed by the flow pattern-based model of Wojtan et al. [37]. This suggests that a flow
pattern-based approach is appropriate for the prediction of heat transfer, despite this not
being the case for pressure drop across the full vapour quality range. A significant pro-

portion of the experimental data points fell into the nucleate boiling dominant zone so the
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applicability of pool boiling correlations was also investigated. Many of these methods
rely on empirical constants and fluid specific parameters which require further tuning for

R245fa flow at the macro-scale (i.e. d > 3mm).
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Chapter 6

Detailed Spatio-temporally Resolved

Measurements

In this chapter, results obtained by applying the laser-based measurement methods de-
scribed in Section 3.5 are presented and discussed. Boiling in the flows investigated in
this work has not previously been investigated with such laser-based methods, which
provide detailed spatio-temporally resolved information that can be linked to the inte-
gral thermohydraulic data on flow regimes, pressure drops and heat transfer presented in
Chapter 5. The chapter is sub-divided by flow pattern since the experimental methods,
post-processing techniques, and resulting information differ between them. Results are
presented for stratified, stratified-wavy, slug, and annular flows. Parts of this chapter are

based on work presented in Moran et al. [212].

6.1 Stratified flow

After liquid-phase validation (see Section 3.8.2), the first flow pattern to be investigated
in FLOBOF using laser-diagnostic techniques was stratified flow. Of the two-phase flow
patterns in horizontal flow boiling, stratified flow is the simplest to investigate optically
due to the presence of two continuous phases separated by a single, mostly flat interface.
A combined PIV and PLIF technique was applied, and the interface was detected using
the method described in Section 3.6.2.
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6.1.1 Velocity field and interface information

Figure 6.1 presents time-averaged velocity fields and the corresponding velocity profile
averaged over the streamwise direction for two stratified flow conditions with Rej;, =
Gd/p = 1070 and 3290 at the inlet for the top and bottom figure sets, respectively.
Figs. 6.1a and 6.1c show that the velocity profile does not change significantly over the
streamwise direction for either case. This is representative of all stratified flow condi-
tions examined, i.e. G = 35-150 kg/m?.s, and is expected in a stratified flow which is
characterised by a stable interface with very little variation in flow structure along the
streamwise direction. In the lower Rey;, case (Figs. 6.1a and 6.1b), the velocity increases
in the wall-normal direction towards the interface, and the profile is well described by
the Yiantsios and Higgins [219] method for laminar, adiabatic stratified flows except in
the close proximity to the pipe wall. This is likely due to the glow of the translucent
FEP pipe as it is illuminated by the laser, which has a masking effect on the scattered
light detected by the camera in the immediate vicinity of the wall. For the higher Rey;,
case (Figs. 6.1c and 6.1d), upax is larger and the gradient of the increase in u is highest
close to the pipe wall, but this gradient decays with subsequently very little change in u
between y ~ 2mm and y = y;,,. This flattening of the profile corresponds to the flow
becoming increasingly turbulent as Re increases. Consequently, the velocity profile is not
well described by the Yiantsios and Higgins [219] model over the entire range of ¥/Ymaz

values.

Although the PIV data presented in Figs. 6.1b and 6.1d show a decrease in u close
to the interface for both Re; investigated, it is important to note that the error in these
measurements is high due to reflection by the interface of the scattered light from the
particles, which is reflected in the corresponding error bars. In fact, one expects the peak
in liquid velocity to occur at the interface at which there is continuity of velocity. In
boiling flows, the vapour phase accelerates as it boils due to the decrease in density, and
collection of velocity field data in the vapour phase in addition to the liquid phase would
provide further insights into their relative magnitudes and profile shapes.

A selection of time- and space-averaged velocity profiles are presented in Fig. 6.2 for the
heat flux condition ¢ = 1.7kW /m? and a range of mass flux conditions. The corresponding
interface heights and other relevant data can be found in Table 6.1. On visual inspection,

the velocity profiles behave as expected for the denser phase of a stratified flow [220], with
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Figure 6.1: Time-averaged velocity information for two stratified flow conditions with the
= 0.21;

following experimental parameters: (a,b) G = 32 kg/m?s, ¢ = 1.9kW/m? x =
(c,d) G =97 kg/m?.s, ¢ = 1.1kW/m? z = 0.04. The velocity fields (a,c) have the colour

scale u = 0—tyq,. The velocity profiles (b,d) were spatially-averaged over the streamwise
direction, with the red dashed line showing the velocity profile as predicted according to
the Yiantsios and Higgins [219] method, and are presented with (u) normalised by Umax

and y normalised by the interface height ;.
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Table 6.1: Stratified flow experimental parameters and results for the heat flux condition
q = 1.7kW/m?, including the Reynolds numbers at the pipe inlet, and for the liquid
phase at the measurement location, Rej;, = Gd/m and Rep = (G(1 — x)/(1 — ¢))d/m
respectively.

G Rel,in Rel x Umax Yint hexp
[kg/m?s]  [] [ F [m/s] [mm] kW/m?K]
32 1070 4290 0.21 0.078 3.6 1.2
72 2361 8113 0.08 0.11 6.6 0.43
90 2940 9580 0.06 0.13 6.8 0.43
130 4211 13200 0.02 0.16 9.0 0.36

the velocity going to 0 towards the wall (y = 0 mm) and rising with increasing proximity
to the interface. As noted above, the error bars associated with the data close to the
interface are rather large; consequently, the sudden reduction in velocity in this region
should be interpreted with caution. At the lowest mass flux (G = 32 kg/m?.s) examined,
the spatiotemporally-averaged streamwise velocity component increases monotonically
with wall-normal distance (with the exception of the near-interface region, as mentioned
above), as shown in Fig. 6.1b. The liquid-only Reynolds number at the heated pipe inlet
for this condition is Re 3, = 1070, so the flow enters the test section in the laminar regime.
With increasing G, the interface height increases since a smaller proportion of the flow is
evaporated at constant heat flux. Since it is proportional to the liquid layer thickness, the
liquid phase Reynolds number at the measurement location Re; therefore increases with G,
and the flow regime in the liquid becomes transitional and then turbulent with increasing
mass flux. As can be seen from Fig. 6.2, the velocity profiles become progressively flatter
as a function of the wall-normal direction for G = 72 kg/m?.s and G = 90 kg/m?*.s. For
G = 131 kg/m?.s, it appears that maximal velocity occurs at an intermediate wall-normal
location, though it is important to note that the error bars associated with these data
are large and this feature of the flow at the highest mass fluxes examined should also be
interpreted with caution. A similar maximal velocity location was observed by Morgan
[221] in the denser phase of a stratified liquid-liquid flow with a considerable difference in
viscosity between the two phases, although the near-interface measurements would also

have been subject to large errors due to internal reflection.
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Figure 6.2: Streamwise velocity profiles, averaged over the streamwise direction and time,
for stratified flow with ¢ = 1.7kW /m? at a range of mass fluxes, with the vertical direction
y scaled by the corresponding interface height y;,, for each case.

6.1.2 Heat transfer effects

The average experimental heat transfer coefficient at the furthest downstream measure-
ment junction (see Fig. 3.3) for each case in Fig. 6.2 is reported in Table 6.1. In boiling
flows, h generally increases with increasing G, although this effect has been observed to
become more prominent with increasing vapour quality such that at very low x, G has
little impact on h [39, 69, 103]. However, Lillo et al. [136] observed the opposite effect at
x < 0.2 with A decreasing with increasing GG. This effect is also exhibited by the values in
Table 6.1, where the highest value of hey, corresponds to the lowest value of G' and vice

versa.

It is also evident that heyp, increases with decreasing interface height, and heyy, is consid-
erably higher when the vapour liquid interface height is below the centreline (y = 6.3 mm).
In stratified flow, the heat transfer is dominated by the liquid phase travelling along the
bottom of the pipe, which has a larger heat capacity than the vapour phase. When the
film is thin, there is lower resistance to heat transfer and for the conditions presented
here this film effect is greater than the effect of increased turbulence due to increasing
G. Markides et al. [222] observed similar heat transfer enhancement in thin-film regions

using PLIF and IR to investigate falling film flows over an inclined heated foil.
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6.1.3 Heat transfer coefficient prediction

The flow-pattern based Wojtan et al. [37] predictive method for A relies on the prediction
of the stratified angle, Oga¢ (see Eq. (2.5)), and the liquid film thickness. However, the
method tends to underpredict h, as shown in Fig. 5.12. Figure 6.3 shows a comparison of
Ostratr calculated using Eq. (2.5) with 6y calculated based on the experimental interface
height obtained using PLIF. In both cases the calculation assumes a flat interface. It is
clear that Eq. (2.5) overpredicts the experimental fy,.s. The predicted two-phase heat

transfer coefficient, hpyeq, is calculated as

estrathv + (277 - estrat>hl
27

hpreda = (6.1)

and h; > h,, so overpredicting Oy,.; decreases the contribution of the liquid phase heat
transfer and results in an underprediction of h, as seen in Fig. 5.12. Therefore, an attempt
was made to reduce the Oy, prediction empirically to be in line with the experimental
measurements and a relation was fitted such that:

gstrat,new = 023919 (62)

strat,pred

Inserting this relationship into the Wojtan et al. [37] method for prediction of h improved
the MARD for stratified flow from 58 % to 42 %, for stratified-wavy flow from 71% to
64 % and for all conditions from 33 % to 31 %.

To improve the prediction further, additional data points are required spanning a wider
range of conditions. It would also be desirable to apply PLIF, or a similar technique, to
the cross-section to determine the shape of the interface, Og..; and the void fraction.
Ursenbacher et al. [139] developed a technique of this type and found the Biberg [46]
model (based on the Rouhani and Axelsson [45] void fraction model) to be reasonably
accurate but with a tendency to overpredict the dry angle at very low or very high vapour
qualities, and at high mass fluxes. Measurements of this type would provide a stronger

basis for an improved 6y..t, and consequently h, predictive model.
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Figure 6.3: Stratified angle calculated using the Biberg [46] method, as utilised by Wo-
jtan et al. [36], compared to that measured experimentally using PLIF. The dashed line
represents estrat,pred = estrat,exp'

6.2 Stratified-wavy flow

From stratified flow, if G and/or ¢ (and subsequently x) are increased, the characteris-
tic flat, stable interface characteristic becomes disturbed and waves form, giving rise to
stratified-wavy flow. The same PLIF and PIV methods and post-processing techniques
used for stratified flow were applied to a number of stratified-wavy flow conditions. The

results are presented in this section, along with some comparisons to stratified flows.

6.2.1 Velocity field information

Figure 6.4 shows instantaneous velocity fields from a stationary frame of reference in
stratified-wavy flows with the parameters G = 73 kg/m?.s, ¢ = 2.6kW/m? (6.4a) and
G =70kg/m%s, ¢ = 3.4kW/m? (6.4b). The vapour-liquid interface is marked with a black
line, and has an uncertainty of & 0.16 mm. In both plots, the streamwise velocity increases
from the bulk underneath the wave peak, with the highest velocity on the back slope of
the wave. Figure 6.4b demonstrates higher velocities both in the bulk and in the wave
crest than Fig. 6.4a despite the mass flux G being very similar. This is because Fig. 6.4b
is subject to a higher heat flux ¢, resulting in evaporation of more of the liquid phase and
therefore a higher vapour quality x and void fraction €. This can be seen in the relative

interface heights of the two plots, with Fig. 6.4b being lower. The wave height relative to
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that between the waves is also higher in Fig. 6.4b, indicating enhanced waviness due to
the higher heat flux. The liquid phase Reynolds numbers Re; = (G(1 — x)/(1 — ¢€))d/m
for Figs. 6.4a and 6.4b respectively are 9430 and 11 000, indicating higher velocities and
increased turbulence in the latter.

It can be seen from the changes in direction of the arrows that the wave induces
secondary flows, particularly at the crest where the flow accelerates in both the stream-
wise and vertical directions. These secondary flows, particularly as waves become larger,
can move liquid away from the heated wall as they disturb the layer of unidirectional
streamwise flow close to the wall. The presence of non-zero y-components of the velocity
is clearly demonstrated in both plots in Fig. 6.4, where the flow close to the interface
accelerates upwards in the back of the wave (i.e. the left-hand side) then downwards out
of the wave front. This downwards motion is carried into the bulk ahead of wave, with
the y-component of the velocity decreasing in magnitude towards the wall. As a result,
hot fluid close to the heated tube wall is moved away and replaced with cooler fluid. This
increases the temperature gradient between the wall and the liquid and therefore increases
the rate of heat transfer. For the stratified-wavy flow shown in Fig. 6.4a the average heat
transfer coefficient at the furthest downstream measurement junction (see Fig. 3.3) is
26 % larger than that for a stratified flow of equal heat flux and 45 % larger mass flux.
Since h generally decreases with decreasing mass flux in convective boiling [73, 93], this
increase in h for the stratified-wavy flow is likely to be a result of the flow structures as
described above. This effect was found to be consistent across all investigated conditions
with comparable heat flux, suggesting a pronounced heat transfer enhancement due to

interfacial waviness.

6.2.2 Interface statistics and heat transfer effects

The interface location data obtained using the image processing techniques described
in Section 3.5 can be used to quantitatively characterise the interface by performing
statistical analysis of the waves. Firstly, probability density functions were estimated
using a minimum of 4897 frames per case. For stratified flows the interface heights were
grouped into 20 bins, whilst 50 bins were used for stratified-wavy. Figure 6.5 shows the
resulting probability functions, with stratified flows represented by lines in shades of red,

and stratified-wavy flows in shades of blue. The colour grading is representative of the
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Figure 6.4: Instantaneous liquid-phase velocity fields from a stationary frame of refer-
ence in stratified wavy flows with the conditions (a) G = 73 kg/m?.s, ¢ = 2.6 kW /m?
= 0.13 and (b) G = 70 kg/m?.s, ¢ = 3.4kW/m? z = 0.17. The pipe inside diameter is
d = 12.6 mm. The interface is identified with the black line and the length of the arrows
represents the magnitude of the velocity vector, whilst the colour map in the background
represents the magnitude of the velocity in the streamwise direction, z.
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Figure 6.5: Probability density functions of film thickness normalised by the mean film
thickness over all frames and pixels for each set of experimental conditions. Red lines
represent stratified flow and blue lines represent stratified-wavy flow, with colour grading
corresponding to heat flux.

value of the heat flux. To enable comparison, the interface height is normalised by the
mean interface height (yi,¢), obtained by averaging the interface height across all pixels

in all frames for each case.

The range of yin/(Jin) in Fig. 6.5 is approximately two to three times as large for
stratified-wavy flows as for stratified, indicating more variation in interface height as
expected in the presence of waves and interfacial disturbances. The mass flux is relatively
constant across the stratified-wavy cases, but varies more across the stratified cases due
to the limitations of the facility. For both flow types, at comparable values of G the
distribution is wider for higher heat fluxes. At a constant mass flux, increasing the heat
flux results in an increase in vapour quality. The larger volume of fast-moving vapour

induces more disturbance at the interface and hence a wide interface height distribution.

Both stratified and stratified-wavy flows in Fig. 6.5 are characterised by distributions
with a single peak. In similar analysis for liquid film flows, Charogiannis et al. [16]
observed a double-peak distribution which they attributed to the presence of two types
of waves: large disturbance (or primary) waves and small ripple (or secondary) waves.
Zadrazil and Markides [15] reported the occurrence of disturbance waves with recirculation
for wave peak to film height ratios above 3, but it can be seen from Fig. 6.5 that such

high ratios were not reached in this work. Indeed, a normalised interface height of 3 will
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not be achievable in pipe flow unless (gin) < d/3, but even taking this limitation into
account the ratios found in this work are much smaller than required for the formation of
disturbance waves. Also, no recirculation flows were observed in this work, even for the
largest waves. This is apparent in Fig. 6.4, in which variation in the flow direction under

the waves is evident, but there is no flow reversal.

To assess the impact of the interfacial characteristics on heat transfer it was neces-
sary to extract an integral measurement, since the corresponding heat transfer coefficient
measurements for each case are also integral measurements. The mean interface height,
(Uit ), was calculated by averaging the interface height across all pixels and frames for
each case, whilst an interfacial roughness was calculated as the ratio of the root mean
square of the interface heights across all pixels and frames for each case, normalised by
the corresponding mean interface height. The dimensionless heat transfer, expressed in
terms of the Stanton number, St = h/Gc,), is plotted as a function of these two variables

for both stratified and stratified-wavy flows in Fig. 6.6.

Figure 6.6a shows that in general the mean film thickness was greater in the stratified
flows investigated than the stratified-wavy flows. To achieve stratified flows as opposed
to stratified-wavy flows, lower heat flux conditions were mostly used, resulting in less
evaporation of the liquid phase and a higher liquid-vapour interface. The two points at
approximately 4mm correspond to a stratified flow condition with low mass flux and
relatively high heat flux. Figure 6.6b shows that interfacial roughness was higher for
stratified-wavy flows than stratified flows, as expected based on Fig. 6.5. However, the
magnitude of the interfacial roughness for stratified-wavy flows indicates that they are

not dominated by large disturbance waves, or it would be much higher.

Considering Fig. 6.6a it is clear that heat transfer decreases with increasing interface
height when (i) < d/2 (note that d = 12.6 mm), particularly for stratified-wavy flows.
Thin film heat transfer enhancement has been observed in heated falling films [222, 223],
where a thinner film presents lower resistance to heat transfer and will be proportionally
more affected by interfacial waves and disturbances resulting in more efficient replacement

of warm fluid at the wall with colder fluid.

Aside from the two points in the top left of the plot, Fig. 6.6b suggests that increas-
ing interfacial roughness enhances heat transfer, although the correlation is not definitive

enough to completely isolate this effect. However, this behaviour is in line with observa-
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Figure 6.6: Stanton number (St = h/Gcy)) vs. (a) mean interface height (giy) and (b)
interfacial roughness it rvs/ (Yint) for stratified and stratified-wavy flows.

tions of heat transfer enhancement due to film waviness reported for film flows [223-225]
caused by increased mixing and turbulence. The two outlier points correspond to cases
with very low mass flux, higher heat flux and consequently a very thin film, suggesting
that the thin film heat transfer enhancement is dominant over the enhancement due to

film waviness for these conditions.

6.2.3 Wave characteristics

To further investigate the interfacial disturbances, the waves were characterised by locat-
ing their peaks and troughs and fitting a radius of curvature to both. This was an effective
way to gain insights into the size of waves across the data set, since the large peak heights
of 2-3 times the mean interface height observed in film flows [15] were not present at the
conditions investigated in this work. The resulting probability density distributions of
radii of curvature from this analysis as applied to both peaks and troughs are presented
in Fig. 6.7. Distributions for both stratified and stratified-wavy flow are included to assess
the flatness of the stratified vapour-liquid interface. Clearly, any interfacial disturbances
are smaller in magnitude for stratified flow, with the range of radius of curvature up to 20
times smaller than for stratified-wavy flow. The span of the distributions varies across the

stratified flows presented, with the widest for a low mass flux, high heat flux condition,
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as would be expected. For all stratified distributions the peak is far towards the left of

the plot, but is not at 0 mm, indicating the interface is not generally entirely flat.

For stratified-wavy flows in Fig. 6.7 the distributions are much wider but do not vary
significantly between cases, as might be expected due to the similarity of the experimental
conditions. The distributions have a single peak shifted towards the left, indicating dom-
inance of small waves and confirming the lack of large disturbance waves. For both flow
patterns, the radius of curvature distributions are very similar for both peaks and troughs,
suggesting vertical mirroring of waves - i.e. every peak has a corresponding trough of a
comparable size. The trough distributions tend to extend to slightly larger radii of curva-
ture than the peaks, up to 0.5 mm larger but with low corresponding probability density

estimates at these values.

The distributions obtained in Fig. 6.7 were used to group the waves by their character-
istic sizes and apply an ensemble averaging technique similar to that used by Charogiannis
et al. [16] to examine the velocity fields underneath waves and troughs. For a given 7curve
range, the relevant peaks and troughs were identified and the mean interface height of
each, and across all peaks or troughs in the range, was calculated. The velocity fields of
each individual peak or trough were scaled based on the ratio of the individual to overall

mean interface height, then averaged across the set.

Relatively large radius of curvature limits were selected for Figs. 6.8 and 6.9 to illus-
trate the velocity fields under more significant waves and troughs, as the analysis up to
this point has suggested that it is these interfacial disturbances that are responsible for
heat transfer enhancement. Figures 6.8b and 6.9b show the ensemble averaged velocity

profiles extracted under the central point of the waves and troughs respectively.

Underneath both peaks (Fig. 6.8) and troughs (Fig. 6.9), the velocity profile in the
bulk has the flattened parabolic shape seen in transitional-turbulent stratified flows in
Fig. 6.2. However the maximum velocity on this parabola occurs low down, close to the
wall, above which there is a steady slight deceleration to a local minimum approximately
1.5mm below the interface. Moving upwards from that point, the streamwise velocity
increases towards the interface, suggesting the interface is moving faster than the bulk
liquid. These effects are more pronounced under the peak than the trough. Similar mean
streamwise velocity profile shapes were observed in stratified-wavy air-water flows in larger

pipes (d; = 50-100 mm) by Birvalski et al. [226] and Ayati et al. [227], and by Lee et al.
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Figure 6.7: Probability density functions of the wave radii of curvature re,,, for (a) peaks
and (b) troughs. Red lines represent stratified flow and blue lines represent stratified-
wavy flow, with colour grading corresponding to heat flux. An inset is provided in (a)
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[228] for air-water and steam-water flows in a horizontal rectangular channel.

The behaviour of the vertical component of the velocity, v, is more obvious from the
velocity profiles (Figs. 6.8b and 6.9b) than the fields (Figs. 6.8a and 6.9a). In the bulk,
v < 0m/s and the liquid is moving downwards (i.e. towards the wall) with a velocity
approximately 10 times smaller than that in the streamwise direction. However, close to
the local minimum in u, v increases above 0 m/s and the liquid accelerates upwards to a
maximum approximately 0.5 mm below the interface before decreasing back to 0m/s at
the interface. This description corresponds to the velocity vectors under the wave crests
in the instantaneous velocity fields in Fig. 6.4. The negative v in the bulk has a larger
maximum magnitude under the trough than the peak by approximately 30 %, although
the maximum v close to the interface only differs by approximately 1 %.

It is also clear from Figs. 6.8 and 6.9 that there is no recirculation since it is always
the case that u > 0. No recirculation flows were observed under any of the waves or
troughs investigated either before or after ensemble averaging. This again points to the
lack of large disturbance waves in these flows as such waves would typically experience
flow recirculation in the main wave hump [229]. Yet, despite the lack of recirculation flows
there is heat transfer enhancement due to interfacial waviness, as seen in Fig. 6.6. This
could be attributed to the increased turbulence both in the bulk and at the interface,
and the vertical movement of bulk fluid towards the wall. This movement results in
cooler fluid temperatures close to the wall, increasing the local temperature difference and
enhancing the driving force for heat transfer. Local temporally resolved measurements of
wall and fluid temperatures would further aid the understanding of this mechanism and

the interaction between the thermal and hydrodynamic behaviour.

6.3 Slug flow

Slug flow occurs at low vapour qualities (see Fig. 5.3) as the mass flux is increased above
that at which stratified flow occurs. It is characterised by alternating liquid slugs, in
which the liquid phase occupies the entire cross-section of the pipe, and vapour bubbles
around which a liquid film exists. This structure can result in effective heat transfer, but
the intermittent nature of the flow pattern can cause large variations in pressure drop and

momentum transfer. It is thus useful to understand the velocity fields in slug flow and
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Figure 6.8: (a) Ensemble averaged velocity field and (b) corresponding profiles under
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Figure 6.9: (a) Ensemble averaged velocity field and (b) corresponding profiles under
troughs for 0.9 < reuw < 1 at the conditions G = 68 kg/m?%s, ¢ = 2.3kW/m?. The
velocity profiles were extracted at the centre of the trough for the streamwise and vertical
velocities, u and v respectively.
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characteristic parameters such as slug frequency.

The results presented in this section were obtained for slug flows at three heat flux
conditions: ¢ = 5.3kW/m?, 6.6kW/m? and 7.9kW/m?. At each condition, three mea-
surements were taken with G = 300 to 460 kg/m?.s. The film above the vapour bubble
was not discernible at the camera magnification used (frame size 12.6 by 25 mm, resolution
of 20um/px) and was in the region obscured by the glow from the top of the FEP pipe.
Therefore, the same interface detection algorithm used for stratified and stratified-wavy
flows, as described in Section 3.6.2, was applied to slug flow to identify the liquid phase
underneath the vapour bubbles. The presence of smaller vapour bubbles, particularly
around the nose and tail of the vapour slug, causes unphysical peaks in the detected
interface, so the interface data was also smoothed along the time dimension on a pixel-by-
pixel basis. A selection of high-speed images with the identified vapour-liquid interfaces
and the corresponding velocity fields masked to show the liquid phase only are presented

in Fig. 6.10.

6.3.1 Velocity fields

The bottom row of Fig. 6.10 shows velocity fields extracted along the centre plane of
the pipe in a stationary frame of reference around a vapour bubble in slug flow at the
conditions G' = 460 kg/m?.s, ¢ = 7.9 kW /m?, where the interface is marked by a black line.
The colour map represents the magnitude of the velocity, whilst the arrows indicate both
its magnitude and direction. In Fig. 6.10, (a) and (c) show the tail and nose, respectively,
of a vapour bubble, whilst (b) corresponds to the middle of the vapour bubble and was
extracted at a time stamp halfway between (a) and (c).

As the bubble enters the frame (Fig. 6.10c), the flow in the tail of the liquid slug is
disturbed and there is movement in both the streamwise and vertical directions. The
velocity magnitude decreases from the bulk, perhaps indicating some stagnation points
as the flow direction changes in this region. The vertical movement is predominantly
downwards, showing the liquid shedding as the liquid is pushed away by the advancing
vapour phase. The flow field below the interface height corresponding to the body of the
bubble (around 7mm) is not significantly affected by the appearance of the bubble nose
with flow predominantly in the streamwise directions with a maximum velocity in the

centre of the pipe that decreases in magnitude towards the wall.
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The flow behind the bubble (Fig. 6.10a), in the liquid slug nose, is similarly disturbed,
although the vertical movement is mainly upwards as liquid fills the space previously
occupied by the vapour bubble. However, the magnitude of the velocity in the liquid slug
nose is up to 2 times higher than in the tail (Fig. 6.10c), an effect observed by various
other authors both experimentally [230, 231] and computationally [231-233]. The bulk
flow under the back of the vapour bubble also demonstrates a more significant upwards
movement further towards the interface than the downwards movement under the front
of the bubble in Fig. 6.10c. The velocity variations in the liquid slug nose are indicative
of the formation of the mixing eddy proposed by Dukler and Hubbard [234], and it would
be interesting to see how these relate to local variations in heat transfer coefficient. Such
measurements could be obtained by, for example, infrared imaging of the pipe wall.

Underneath the central region of the vapour bubble (Fig. 6.10b) the velocity field is
very similar to that in a turbulent stratified flow (see Fig. 6.1c). The streamwise velocity
in most of the liquid is close to constant, with a decrease in magnitude towards the
pipe wall. There are some variations close to the interface corresponding to interfacial
waviness, similar to a stratified-wavy flow (see Fig. 6.4). Xu et al. [230] also observed
similarly-shaped velocity profiles under the vapour bubble in an air-water slug flow in a
51 mm pipe.

Across the three regions in Fig. 6.10, the magnitude of the velocity in the near wall
region, approximately y = 0-2.5mm is very similar. Xu et al. [230] also noted this
behaviour, and it shows how the impact of the vapour slug on the liquid phase velocity
decays with distance from the interface. It might then be expected that the local heat
transfer coefficient at the bottom of the pipe would not vary as much with time as that

at the top of the pipe.

6.3.2 Slug frequency

The slug frequency was calculated for the slug flows investigated in FLOBOF through
analysis of the time-dependent trace of the interface location. An example of such a
trace, extracted at the z = 12.5mm location (see Fig. 6.10) for slug flow at the conditions
G = 460 kg/m?.s, ¢ = 7.9kW/m? is shown in Fig. 6.11a. In this figure, the periods in
which the interface height is equal to 12.6 mm, i.e. the pipe inside diameter, correspond

to the liquids slugs since there is no vapour-liquid interface, and therefore no vapour,
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Figure 6.10: Representative high speed images (top row) with the detected interface marked with a red line and corresponding masked
instantaneous velocity fields (bottom row) in a stationary frame of reference for slug flow at the conditions G' = 460 kg/m?.s, ¢ = 7.9kW /m?.
Images and velocity fields are shown at the (a) tail, (b) middle and (c¢) nose of a vapour bubble.
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Figure 6.11: (a) Interface height versus time and (b) corresponding fast Fourier trans-
form displayed as amplitude versus frequency at the z = 12.5mm location in the sta-
tionary frame of reference of the high-speed images, for slug flow at the conditions

G = 460 kg/m?.s, ¢ = 7.9kW /m?.

present. After each of these periods the trace undergoes a sudden decrease in interface
height indicating the appearance of a vapour bubble. The interface height appears to
increase slightly as the bubble moves past the reference point before jumping back to
12.6 mm when the back of the bubble has passed. The shape of the peaks is somewhat
different just before 2's, where some small vapour bubbles remained at the top of the pipe

in the liquid slug between consecutive long vapour bubbles.

It is clear from Fig. 6.11a that a characteristic slug frequency exists, so a fast Fourier
transform was performed on the interface height trace in order to express the data in the
frequency domain. The resulting frequency signal is shown in Fig. 6.11b. The significant
peak at a frequency of 3.7 Hz indicates the slug frequency, and corresponds to Fig. 6.11a

where the interface height reaches 12.6 mm around 4 times in each second.

The slug frequency for each set of conditions investigated was determined using the
procedure described above. To assess the effect of slug frequency on heat transfer, it is
plotted against the Stanton number St in Fig. 6.12 with data points separated by heat
flux ¢ conditions. Considering all of the points together, it might be concluded that St
increases with slug frequency. A higher slug frequency would result in more frequent
appearances of slug noses and tails in which the flow is disturbed as seen in Fig. 6.10

and mixing eddies form. These secondary flows enhance the heat transfer, as discussed
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Figure 6.12: Effect of slug frequency Fy.e on heat transfer, illustrated by plotting the
Stanton number St = h/Gc,), to normalise for the differing mass fluxes, against slug
frequency. The different heat flux conditions are indicated by different marker symbols
and colours.

for stratified-wavy as opposed to stratified flow in Section 6.2.2. However, the picture is
less clear if the effects of the different heat flux conditions are taken into account, with St
seemingly independent of slug frequency for ¢ = 5.3kW/m? and 6.6 kW /m?, yet varying
by up to 25 % over a small range of frequencies for ¢ = 7.9kW /m?2. More data is required
across the range of heat flux conditions to draw any significant conclusion, and could be

the focus of further work with the FLOBOF facility.

Various methods exist in the literature for predicting slug frequency in adiabatic
vapour-liquid flows. A long-standing and widely used method is that of Gregory and
Scott [235], which was developed from experiments with carbon dioxide and water in a

19 mm inside diameter (ID) pipe and has the form

ugy (19.75 b2
Flne = 0.0226 | 2 (2222 4, 6.3
e [gd(um +u>} (6:3)
where ug; is the superficial liquid velocity us; = G(1 — x)/p and uy, is the superficial

mixture velocity uy, = us) + usy = G(1 —x)/p + Gz /p,. However, Al-Safran [236] found
this model to be insufficient since it does not account for the probability associated with

the predicted slug frequency value, and instead proposed a probabilistic model of the form

Fyug = exp(1.51 — 17.04d + 0.77Inus; — 0.1811n .5) (6.4)
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Figure 6.13: Predicted versus experimental slug frequency for predictive methods pro-
posed by Gregory and Scott [235] and Al-Safran [236]. The black dashed line indicates
equality of the predicted and experimental values.

where S is the slip ratio calculated according to Schmidt et al. [237] as

B ¥
S _ 1.4 (i) () (6.5)
Uy Ho Ug,]

and pg is a reference viscosity equal to 1Pas. «a, 8 and ~ are empirical parameters

estimated by Al-Safran [236] as 1.95, 0.01 and 1.5 respectively as a best fit to their data.

Figure 6.13 shows the slug frequencies predicted using these methods against the
experimentally-determined slug frequencies. Neither method predicts the experimental
values well, with the Gregory and Scott [235] method underpredicting by a mean value
of 52% and the Al-Safran [236] method by 73 %. However, Al-Safran [238] showed the
average error across several existing predictive methods to be 75%, so the apparently
large errors in comparison to this work are in line with performance of such correlations
in the literature. Also, both the correlations were developed for adiabatic flow, so do
not take heat transfer and boiling affects into account. The error in the Al-Safran [236)]
method could likely be reduced with tuning of the parameters «, § and ~ in Eq. 6.5 for

the experimental conditions.

6.3.3 Vapour bubble velocity

Another flow characteristic of note that can be extracted from the interface data is the

vapour bubble velocity. Figure 6.14 shows the time-dependent traces of interface height
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Figure 6.14: Interface height versus time at the z = 0 mm (solid black line) and z = 25 mm
(dashed blue line) locations in the stationary frame of reference of the high-speed images,
for slug flow at the conditions G = 460 kg/m?%.s, ¢ = 7.9kW /m?.

extracted at the locations z = Omm and z = 25 mm (see Fig. 6.4) in a stationary frame
of reference. It is clear that there is a time shift from one to the other as identical flow
features pass the two points at different times. For example, the shift between the two
lines at the points at which the interface height decreases from 12.6 mm is equal to the
time taken for the front of the vapour bubble to travel from the left-hand side of the
frame to the right-hand side, i.e. 25 mm. Based on this time shift and the known distance

travelled, an average bubble velocity was determined for each set of slug flow conditions.

Figure 6.15 shows the calculated vapour bubble velocities plotted against the cor-
responding superficial mixture velocities, with points separated by heat flux. Overall,
bubble velocity increases with mixture velocity, as would be expected. For the heat flux
conditions ¢ = 5.3kW/m? and 7.9kW /m? the bubble velocity increases linearly with the
mixture velocity, albeit with a larger gradient for the higher ¢ conditions. This linear be-
haviour is in line with the relationship proposed by Nicklin et al. [239], where the bubble
velocity is calculated as uy, = Cyu,, + C1, where Cy and C are constants with the latter
interpreted as the drift velocity. From Fig. 6.15, it would appear that for boiling flow

is dependent on heat flux.
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Figure 6.15: Vapour bubble velocity wu;, versus superficial mixture velocity u,, for slug
flow. The different heat flux conditions are indicated by different marker symbols and
colours.

6.4 Annular flow

Annular flow occurs at high mass fluxes and vapour qualities, and is characterised by a
continuous vapour core flowing inside a liquid annulus. In horizontal annular flow, the
thickness of the liquid film is larger at the bottom of the pipe than the top due to gravity.
In this work, film thickness variations in other flow patterns were shown to affect heat
transfer, so it is reasonable to assume this will also be the case in annular flow, which
has the added complexity of film asymmetry around the pipe circumference. Thus, as a
first step to understanding this film behaviour, the advanced optical diagnostic methods
and processing techniques described in Sections 3.5 and 3.6.3 were applied to annular
flows with the conditions G = 380-510 kg/m?.:s, ¢ = 21-29kW/m? to investigate the
bottom liquid film behaviour. These experimental conditions approached the upper limit
of the capabilities of the system whilst maintaining a steady state in the flow loop for

measurements.

Examples of the PLIF and BBLIF images obtained for annular flow are shown in
Fig. 6.16 for two flow conditions. It is clear from the images that there are a great deal of
bubbles around the interface, and this is characteristic of all the annular flow conditions
investigated with these techniques. Attempts were made to achieve a flow with a smoother
interface but an appropriate set of conditions could not be found within the limitations of

the FLOBOF facility. The interfaces around the bubble reflect the laser light and appear
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Figure 6.16: Example instantaneous PLIF (top) and BBLIF (bottom) images in a sta-
tionary frame of reference for annular flow with the conditions (a) G = 440 kg/m?.s,

q = 26kW/m? and (b) G =510 kg/m?.s, ¢ = 21 kW /m?.

brighter than the rest of the image in the PLIF frames, making the binarisation and area
filtering technique described in Section 3.6.2 difficult to apply successfully. Also, it is
unclear from the top images in Fig. 6.16 where the true vapour-liquid interface lies, as
it may correspond to the top or bottom of the bubble layer, or somewhere in between
that is obscured by the bubbles in the image. As such, it was not possible to apply the
processing methods in Section 3.6.2 to obtain a reliable estimate of the film thickness
and alternative methods need to be developed. Ideally, PLIF requires a clear line of
sight to the interface, which will not always be the case with a single PLIF camera in
a fixed position capturing a bubble interface. The measurement could be improved by
positioning two or more PLIF cameras around the illumination plane, perhaps on either
side, to ensure the film thickness around the bubbles can be recovered.

It can also be seen in the lower images in Fig. 6.16 that the bubbles overlap and
obscure the band of brightness detected by the camera. The bubbles also cause focusing
of the light as it reflects off the many interfaces, which results in further distortion of
the brightness signal. To correct somewhat for this in the BBLIF processing as described

in Section 3.6.3, a running average filter with a window size of 50 was applied to the
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Figure 6.17: Fraction ¢ of (a) erroneous film thickness-time pairs after filtering and (b) film

thickness values above the 5 mm cut-off value as functions of superficial liquid Reynolds
number Reg; = G(1 — z)d/ .

temporal records of brightness to smooth out unphysical peaks. This approach worked
well for low proportions of bubbles but was less effective for flows with large numbers
of bubbles where there are long areas of high intensity. The fraction of erroneous film
thickness-time pairs as a function of experimental mass flux is shown in Fig. 6.17a. For
most of the conditions, the fraction is well below 0.1, but is much higher for the conditions

with highest mass flux where there are more bubbles at the interface.

Due to the geometrical limitations and intensity saturation as shown in Fig. 3.16, the
film thickness values were capped at 5mm for analysis. This may result in the loss of
interface information for large waves, or if the mean film thickness is larger than the cut-
off value. The fraction of film thickness values as a function of superficial liquid Reynolds
number (Res; = G(1 — x)d/mm) is plotted in Fig. 6.17b. For half of the cases this fraction
is < 0.2, but it is much larger for the rest at up to 0.65. This may be due to the actual
film thickness being greater than 5mm, or excessive numbers of bubbles causing internal
reflections and subsequent light-focussing. If Fig. 6.17a is also considered, the points with
the highest fraction of erroneous pairs after filtering correspond to the points in Fig. 6.17b
with the highest fraction of film thickness values above the cut-off, supporting the latter

explanation.

The effect of the application of the cut-off can be seen in the plot of film thickness
versus time in Fig. 6.18. This trace was extracted at the axial midpoint of the BBLIF
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Figure 6.18: Example plot of film thickness 1, versus time t extracted at the midpoint
of the BBLIF frame for annular flow at the conditions G' = 440 kg/m?.s, ¢ = 23kW /m?.

frame for the conditions G' = 440 kg/m?.s, ¢ = 23kW/m?, and the corresponding cut-off
fraction was 0.1. It can be seen that some of the larger peaks are capped by the cut-off
value of 5 mm, but the mean film thickness is significantly below this at 3.1 mm. The film
thickness varies significantly over time, suggesting film waviness at varying amplitudes or
the intermittent appearance of bubbles around the interface which cause internal reflec-
tions, resulting in a higher brightness identified by the camera and a higher corresponding
film thickness measurement. In adiabatic horizontal air-water annular flows in a 26 mm
ID pipe, Setyawan et al. [240] observed similar time-dependent behaviour of the bottom
film thickness at comparable liquid and gas superficial velocities, with intermittent peaks
of varying heights. The range of heights suggests the existence in the flow of different

types of waves, e.g. small amplitude ripple waves and large amplitude disturbance waves.

Figure 6.19 displays the film thickness probability distribution functions for all the
annular flow conditions investigated using BBLIF. For the lower mass flux cases (G = 380—
390 kg/m?.s) particularly, the peaks are mostly shifted to the left of the 5 mm cut-off value
and the distribution is not significantly affected by this treatment of the data. However, in
cases where the average film thickness is higher, i.e. higher mass flux and lower heat flux,
the tail of the distribution on the right-hand side is lost. If these curtailed distributions
were considered to be single peaked, the tails could be reconstructed based on the shape
of the complete distributions. This would not be an unreasonable assumption, since left-
shifted single-peaked distributions with the same shape as the complete distribution in
Fig. 6.19 have been observed in downwards annular flow in pipe diameters in the range

11.7-32.4mm [150, 194, 241]. For a given heat flux, increasing the mass flux shifts the
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Figure 6.19: Probability density functions of the film thickness y;,; in annular flow for all
experimental conditions investigated with BBLIF, with colour grading by heat flux.

peak of the film thickness distribution in Fig. 6.19 to the right and results in a wider
spread of absolute values of film thickness. Generally, increasing the heat flux at fixed
mass flux results in a higher degree of evaporation, decreasing the mean film thickness

height, shifting the peak to the left and narrowing the distribution.

To further assess the impact of experimental conditions on the characteristic film
statistics, the mean film thickness and its standard deviation are plotted against superficial
liquid Reynolds number Reg; = G(1 — z)d/u in Fig. 6.20. Different marker shapes and
colours are used to show the different heat flux conditions across the data set. Despite
the relatively small range of Reg) conditions covered, it is clear that overall the mean film
thickness increases with Reg;. This is shown consistently for heat flux conditions with
more than one data point, and has been widely observed in both horizontal [240] and

vertical [17, 241] annular flows.

The behaviour of the standard deviation is less clear from Fig. 6.20b, although it
generally appears to increase with increasing Reg ;. This trend was reported for downwards
annular air-water flows in a 32.4 mm ID pipe by Cherdantsev et al. [17]. As Rey increases,
the turbulence intensity in the liquid film will also increase, leading to enhanced liquid
film waviness and a wider range of film thicknesses. This is in competition with the
expectation that in boiling flows at a fixed heat flux, an increase in Reg; will result in a
decrease in the vapour quality and therefore a thicker, more stable liquid film. It might

be suggested that these competing effects contribute to seemingly opposite behaviour of
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Figure 6.20: (a) Mean film thickness (i) and (b) film thickness standard deviation o as
a function of superficial liquid Reynolds number Rey;, separated by heat flux conditions,
for annular flow conditions investigated using BBLIF.

the ¢ = 23kW/m? and ¢ = 21kW/m? data sets in Fig. 6.20b, although a much wider
range of experimental conditions would be required to investigate this fully.

The effect of the bottom liquid film behaviour of the heat transfer is presented in
Fig. 6.21, where the Stanton number St = h/Gc,; has been used to normalise the heat
transfer results by the inlet mass flux. There is a clear reduction in heat transfer perfor-
mance with increasing film thickness in Fig. 6.21a both overall and for each ¢ condition
with multiple data points. This trend indicates thin-film enhancement of heat transfer as
discussed in Section 6.2.2 for stratified-wavy flow. The corresponding effect of the film
thickness standard deviation on heat transfer is again less defined. For stratified-wavy
flows, interfacial waviness was found to enhance heat transfer due to stronger mixing
and increased convective effects under waves, and this is also seen to be the case for the

conditions ¢ = 21 kW /m? and 26 kW /m? in Fig. 6.21b.

6.5 Summary

Results from the application of laser-based diagnostic techniques specifically developed for
boiling flows in horizontal pipes were presented in this chapter. Laser-induced fluorescence
methods were employed to identify the vapour-liquid interface in different flow patterns,
and particle image velocimetry was used to investigate the velocity fields inside the liquid

phase of these flows.

178



x1073 x1073

9 9
A A
8t 8 ]
] ]
(@) (@)
n Tt 1 wn Tt 1
g [kW/m?| o u q [kW/m’] - ¢
O 21 ® O 21 ®
6 @ 23 - 61 @ 23
m 26 & B 26 O
A 29 A 29
5 . . . O 5 . E9) ; ;
1 2 3 4 5 0.4 0.6 0.8 1
(Yint) [mm] o [mm]

(a) (b)

Figure 6.21: The effect of film statistics for annular flow on heat transfer, represented by
Stanton number St = h/Gc,; versus (a) mean film thickness (i) and (b) film thickness
standard deviation o, separated by heat flux conditions.

In stratified flows, the streamwise velocity profiles for laminar inlet conditions con-
formed to theoretical predictions, whilst the heat transfer coefficient was found to increase
with decreasing interface height due to thin film effects. A corrective correlation for the
stratified angle in the Wojtan et al. [37] method for predicting heat transfer coefficient was
proposed which improved the prediction accuracy by 16 percentage points. The presence
of interfacial waves was found to enhance heat transfer in stratified-wavy flows when com-
pared to stratified flows, but the stratified-wavy flows investigated did not exhibit large
disturbance waves or the corresponding recirculation flows in the liquid phase. Secondary
flows with a non-zero vertical velocity component were observed below waves and troughs,
which were characterised using an ensemble averaging technique. Inspection of the liquid-
phase velocity fields in slug flow revealed disturbances in both the slug nose and tail, with
higher velocity magnitudes observed in the nose. The near-wall velocity field close to the
bottom of the pipe did not change significantly in direction or magnitude as the vapour
bubble passed. The slug frequency for the set of slug flow conditions investigated was
determined from the interface information and was predicted to a satisfactory level using
literature correlations. Similarly, vapour bubble velocities were calculated and found to
increase linearly with mixture velocity, where the gradient increased with heat flux.

Laser-based diagnostic techniques were developed for investigation of the liquid film
at the bottom of the pipe in annular flow. The presence of large numbers of bubble

at the vapour-liquid interface made reliable interface detection using the planar laser-
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induced fluorescence processing methods applied to stratified, stratified-wavy, and slug
flows challenging. Film thickness data was obtained using a brightness-based laser in-
duced fluorescence technique, but an upper limit of 5 mm was imposed on the measurable
film thickness based on the geometry of the camera and saturation of the intensity in
the recorded images. The bubbles around the interface also caused internal reflections
and local light-focussing, resulting in bright spots that did not necessarily correspond to
thicker films. Despite these challenges, film thickness statistics were computed and the
observed trends were in accordance with previous investigations of annular flows. The
mean film thickness increased with superficial liquid Reynolds number, whilst the cor-
responding standard deviation increased or decreased with Rey; depending on the heat
flux condition. Heat transfer performance decreased markedly with increasing film thick-
ness for all conditions studied, but increased with film thickness standard deviation for
some of the conditions. This heat transfer behaviour corresponds to that observed in
stratified-wavy flow.

These detailed spatio-temporally resolved measurements in boiling flows represent an
important contribution to the literature and can provide insights into the interaction
of hydrodynamic and heat transfer phenomena in these systems, and improve our under-
standing of boiling in many important applications, including refrigeration and heat-pump
systems, waste-heat recovery and conversion systems and concentrating solar power tech-
nology. The data can also be used for advanced multiphase model development and

validation.
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Chapter 7

Numerical Simulations Towards Flow

Boiling

From a computational perspective, the flow studied experimentally in Chapters 5 and 6
poses a complex problem. A subcooled liquid flow is heated before starting to undergo
evaporation, resulting in a multiphase flow in which the flow in both phases is turbulent
for most of the experimental conditions studied. The bubble nucleation as boiling begins,
and some of the two-phase flow structures that develop as more of the liquid boils, occur at
a much smaller scale than that of the pipe geometry which at 12.6 mm falls into the macro-
scale category. A fine mesh resolution is typically required to resolve these phenomena

accurately, which can become very computationally expensive for a flow at this scale.

As such, the approach of working towards a full flow boiling model by building layers
of complexity on established computational techniques was taken. First, a multiphase
flow model used to successfully simulate flow of elongated bubbles in micro-channels [165]
was applied to such flows in larger channels where the effects of buoyancy and inertia
became significant. Then, a phase change model developed by Ferrari et al. [155] for
slug flow boiling in square micro-channels was validated for circular cross-sections. This
phase change model was then used to obtain preliminary results involving the simulation
of laminar flow boiling in the experimental geometry used in this work. The results of

these steps are presented in the subsequent sections of this chapter.
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7.1 Inertial and buoyancy effects on flow of elongated

bubbles in horizontal pipes

In this section, the results of a numerical study of the effect of buoyancy and inertial
forces on the dynamics of an elongated bubble, and of the liquid film surrounding it,
are presented based on the work published in Moran et al. [242]. The development of
a theoretical model extending existing models to the conditions studied in this work is
first presented in Section 7.1.1. Validation of the numerical model is then presented in
Section 7.1.2. Gravitational effects are studied in Section 7.1.3 by systematically varying
the Bond number, Bo = pgr?/v, but fixing the Reynolds number to a small value,
Re; = pUid/ i = 1. The capillary number is defined as Ca; = U/ such that the Weber
number of the flow We; = Ca; Re; < 1. This allows the isolation of the effects of buoyancy
from those of inertia. The analysis of the inertial regime is outlined in Section 7.1.4, where
simulations were run by systematically varying the Reynolds number for selected values

of the Bond and capillary numbers.

7.1.1 Theoretical predictions

In this section, existing predictive models are further developed for the liquid film thick-
ness, bubble speed and liquid drainage velocities. These models provide a useful bench-

mark for the computational data presented in the next section.

7.1.1.1 Liquid film thickness

The equations derived theoretically by Jensen et al. [168], Egs. (2.27), (2.28a) and (2.28b),

apply as long as Ca;, < 1073, In order to extend their validity to larger capillary num-

~Y

bers, the approach of Aussillous and Quéré [161] is followed, assuming that the radius
of curvature of the bubble nose on the top/bottom of the channel is reduced from r to
r — 2.5h* to account for the presence of a thick film. This modifies Eq. (2.27), valid for
Bo < 1, into:

h* 1.34Ca,*/?

o 7.1
r 1+ 3.35Ca,”® + Bo (7.1)
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and Eq. (2.28a), valid for the top film thickness when Bo > 1, into:

ht 1.34Ca,*?
7 2v/Bo + 3.35Cay,*?

(7.2)

Note that the two equations above yield predictions for the top film thickness that converge
at Bo = 1. On the other hand, Eq. (7.1) for the bottom film thickness diverges to oo as
Bo — 1+ 3.35Ca,?/?, and therefore should not be used when Bo is close to unity.

The correction of Eq. (2.28b) to account for a thick film at the bottom of the channel
is done by replacing 7 (b in Eq. (2.28b)) with r —2.5h 4, where h4q is the film thickness in
the absence of gravitational effects estimated via the Aussillous and Quéré [161] correlation
(Eq. (2.25)), thus leading to:

h_y VBo -1 (7.3)

" VBo (1 n 3.35Cab2/3)

This introduces the effect of the capillary number to the prediction of the bottom film
thickness for Bo > 1, which was otherwise absent in Eq. (2.28b). Note that Eq. (7.3)
yields h~ — 0 as Bo — 17, and therefore should not be used for Bond numbers close to

unity.

7.1.1.2 Bubble advancing speed and liquid drainage velocities

A useful relationship linking liquid film thickness, streamwise bubble and liquid average
velocities is provided by a material balance of the liquid in a control-volume containing
the bubble [159]. In a reference frame moving with the bubble, the liquid displaced by
the advancing bubble must match the liquid bypassing the bubble through the liquid film,
thus leading to:

Uy 1

= = E (7.4)

where H = h/r is the axisymmetric film thickness, or a cross-sectional average film
thickness H in the case of asymmetric film. In the latter case, H can be estimated as
H = (H" + H™ +2H") /4, with H* from Eq. (7.1) (Bo < 1) or Eq. (7.2) (Bo > 1),
H~ from Eq. (7.1) (Bo < 1) or Eq. (7.3) (Bo > 1), and the horizontal film thickness
H" from the Aussillous and Quéré [161] correlation, Eq. (2.25), under the assumption

that the horizontal film thickness does not deviate significantly from the buoyancy-free
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configuration.

For the cross-sectional liquid drainage velocity, i.e. the circumferential velocity of
liquid averaged radially across the film at a certain angle 6 (see Fig. 4.1b), Leung et
al. [170] proposed a fluid dynamics model based on the solution of the Navier-Stokes
equations in the film. Under the assumption that the cross-section of the bubble remains
circular, their model led to the following expression for the average drainage velocity Uyg

as a function of the circumferential position:

Apgh? h
Ua(6) = gi (1—2—)@119 (7.5)

where h = h(f) and € indicates the angle measured from the top. Note that 6 = 7/2
identifies the horizontal centreline of the cross-section (the r—axis in Fig. 4.1), irrespective
of the actual bubble elevation above it. Equation (7.5) is rendered dimensionless by scaling

Uq on U; and by making use of the definitions of Bo and Ca;:

E— &
U1 3C&1

Ua(0) _ 1 Bo (1—21{) sin 6 (7.6)

where H = h(6)/r. Leung et al. [170] simplified Eq. (7.6) by neglecting the cubic term
and neglecting the circumferential changes of H, thus expressing H as a function of the
capillary number alone using Eq. (2.25). There seems to be an error in their final formula

(Eq. 10 in Leung et al. [170]), however, where the constant in the numerator should be

0.15 instead of 0.45.

7.1.2 Model validation

Simulations were performed for elongated bubble flow in a horizontal pipe at conditions
designed to match those of the experiments by Atasi et al. [169] (We; < 1), with cases
run in both 2-D and 3-D geometries to assess the most appropriate configuration. The
experimental film thickness values are plotted against the results from both 2-D and 3-D
simulations in Fig. 7.1a for Bo = 0.11 and 0.42, along with the predictions obtained using
Eq. (2.25), i.e. the Bo = 0 case. For all of the plotted data sets, film thickness increases
with Cay, as expected from traditional thin-film theory. The bottom film thickness H™
is larger than that at the top of the bubble Ht, because buoyancy causes the bubble

to rise upwards in the channel. As Bo increases, H™ and H~ diverge more from the
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Figure 7.1: Comparison of the effect of the bubble capillary number and Bond number on
the top and bottom film thicknesses with the experimental work of Atasi et al. [169]. The
results of both 2-D and 3-D numerical simulations are reported. The dashed line represents
the prediction of H using the Aussillous and Quéré [161] correlation, Eq. (2.25), i.e. in
the Bo = 0 case.

Bo = 0 theoretical prediction, with larger values of H~ and smaller values of H*. It can
be seen from Fig. 7.1 that the film thickness is over-predicted by the 2-D simulations,
more significantly so at the top of the bubble than the bottom. It was also observed that
bubbles were not inclined in the 2-D simulations, because bubble inclination is caused by
film drainage from the top of the bubble around its sides to the bottom. This drainage flow
is perpendicular to the main flow direction, so cannot be captured by a 2-D simulation.
Thus, whilst more computationally expensive, 3-D simulations are required to accurately
model elongated bubble flow in the presence of buoyancy effects.

The 3-D simulations match the experimental results very well, with a maximum devi-
ation of 4 % for Bo = 0.42 and 10 % for Bo = 0.11, detected at lower values of Cay,. Atasi
et al. [169] reported a maximum experimental error of 14 % at the lowest Cay, and 5 % for

all other measurements, and the 3-D computational results fall within these margins.

7.1.3 Buoyancy effects

A parametric study of the effect of buoyancy on elongated bubble flow with negligible
inertia (i.e. We < 1) was performed for a range of Ca and Bo values, with results

reported in this section for Ca; = 0.024 and 0.051 and Bo = 0.11 to 3.5.
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A representative case is visualised in Fig. 7.2, for Ca; = 0.024 and Bo = 0.42. Three
cross-sections along the bubble, the locations of which are indicated on Fig. 7.2a, are
shown in Fig. 7.2b-d. The white space at the centre represents the volume occupied by
the gas phase and the ovalisation of the bubble cross-section can be clearly seen. This is
an important observation, since the cross-sectional view of the bubble is very difficult to
obtain experimentally. The coloured regions of Fig. 7.2b-d show the y-component of the
velocity, Uy, in the liquid film, scaled by the average bubble velocity in the z-direction. It
can be seen that U, is negative around the sides of the bubble, with the largest magnitude
corresponding to the widest point of the bubble, confirming film drainage from the top
to the bottom of the bubble as suggested by Leung et al. [170]. The magnitude of this
drainage velocity is larger near the bubble nose and decreases towards the rear. This may
be ascribed to the progressive thinning of the liquid film at the top and sides of the bubble
as the rear is approached, which is apparent in Fig. 7.2b-d, and this reduces the drainage
flow rate.

The bubble inclination that is characteristic of buoyancy-affected elongated bubble
flows can be clearly seen in Fig. 7.2e, along with a well-defined rounded bubble nose and
tail, which is typical in capillary flows. This figure is not to scale to allow for better
visualisation of the aforementioned effects. The film thicknesses at location F for this
case were calculated to be HT = 0.073 and H~ = 0.137, whilst the inclination angles are

at=12x103rad and o= = 2.9 x 103 rad.

7.1.3.1 Bubble shape

The effect of buoyancy (i.e. increasing Bo) on the bubble shape is studied in Fig. 7.3.
Figure 7.3a reveals that, with increasing Bo, the bubble lengthens and moves higher up
in the channel, and the top film thins while the bottom film becomes thicker. Also,
the front and rear menisci progressively lose the typical spherical shapes characteristic of
long bubbles propagating in capillary channels, and for Bo = 3 it is actually difficult to
distinguish between the nose and rear of the bubble since their shapes are very similar.
Figure 7.3b provides insight into the cross-sectional shape of the bubble when varying
the Bond number and emphasises the process of bubble ovalisation. As Bo — 0, the
bubble cross-section tends towards a circular shape, but with increasing Bo it becomes

less axisymmetric, and as Bo > 1 the bubble shape is far from being circular. Also, it can
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Figure 7.2: (a) Profile of an elongated bubble obtained with a numerical simulation for
Ca; = 0.024 and Bo = 0.42 (We; < 1), flow is from left to right; (b-d) corresponding
contour plots of the vertical component of the velocity in the liquid film, at selected cross-
sections along the bubble; (e) corresponding bubble profile (not to scale) in the x = 0
plane.

be seen that the upper half of the bubble cross-section remains relatively circular whilst
the lower half becomes more oval in shape with increasing Bo. Such deformations of the
bubble cross-section due to buoyancy effects were reported in channels with rectangular

cross-sections by de Lézar et al. [243] who attributed this effect to the pressure balance
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Figure 7.3: Systematic analysis of the impact of the Bond number for the negligible inertia
case (We; < 1) on the (a) bubble profile on a vertical centreline plane (z = 0), (b) on
the bubble cross-sectional shape at the location F (see Fig. 4.1), and (c) on the bubble
cross-sectional aspect-ratio AR measured at the same location. In (a), flow is from left
to right. The capillary number of the liquid in (a) and (b) is Ca; = 0.024.

in the liquid film. The hydrostatic pressure in the liquid film increases linearly with
distance from the top of the channel, and when the flow is subjected to a transverse
gravitational force, this pressure must be balanced with the pressure drop across the
interface to maintain a constant pressure inside the bubble, resulting in a decrease in

interface curvature with distance from the top of the channel.

The aspect-ratio of the bubble cross-sectional shape, calculated as indicated in Fig. 4.1,
is reported as a function of the Bond number in Fig. 7.3c. The trends of the deformation
of the bubble cross-section are similar for the two values of Ca; presented. Generally,
AR decreases with increasing Bo, meaning the vertical extent of the bubble cross-section

becomes smaller compared to the horizontal extent, and the bubble cross-section becomes
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Figure 7.4: Impact of the Bond and capillary numbers (We, < 1) on the (a) top (H*) and
bottom (H ™) liquid film thicknesses and (b) bubble advancing speed. In (a), the solid lines
represent the predictions for the top film thickness given by Egs. (7.1) and (7.2), while
the dashed lines identify the predictions for the bottom thickness obtained with Egs. (7.1)
and (7.3). In (b), the lines identify the predictions extracted by applying Eq. (7.4) with
H calculated based on the simulation data (solid lines), and with H predicted based
on Eqgs. (7.1)—(7.3) for H" and H~, and Aussillous and Quéré [161] correlation for A"
(dashed lines).

less circular in shape. When Bo > 1, the relative difference of vertical and horizontal
extensions of the bubble cross-section rises above 10 %. The decreasing trend of AR with
Bo is slightly more pronounced for the lower Ca; case. As derived by Magnini et al. [166]
for the flow of long bubbles in vertical channels, the gravitational force acting on the
liquid film scales as Bo/Ca, and therefore the impact of buoyancy is expected to be more

significant at lower Ca;, thus explaining the steeper curve at Ca; = 0.024 in Fig. 7.3c.

7.1.3.2 Film thickness and bubble speed

The effects of buoyancy on liquid film thickness and advancing speed of the bubble for
flow with negligible inertia are displayed in Fig. 7.4. All the values of the film thickness
in Fig. 7.4a are measured near the bubble nose at location F in Fig. 4.1. As a general
trend, H~ increases with Bo, as observed in Fig. 7.3, whilst H' decreases with Bo as
buoyancy pushes the bubble further up in the channel. The gravitational effects are more
pronounced in the bottom film where the film is thicker, due to the combined effect of
the rise of the bubble and of the cross-sectional bubble deformation. The film thickness

behaviour is similar for the two values of Ca, although the slope of the H~ curve is larger
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for the smaller Ca; because the buoyancy effects are more impactful as explained in the
previous section, so that eventually when Bo > 2 the bottom film for Ca; = 0.024 is
thicker than that for Ca; = 0.051. Notably, the top and bottom film thicknesses at the

largest Bond numbers tested may differ by more than one order of magnitude.

Figure 7.4a also includes the predictions for the top and bottom film thicknesses
estimated with Eqs. (7.1)—(7.3). As a first approximation, the input value of Ca, in
Egs. (7.1)—(7.3) was estimated by iterating between the Aussillous and Quéré [161] cor-
relation (Eq. (2.25)) and the material balance Eq. (7.4) (with H from Eq. (2.25)), and
thus it does not account for the impact of Bo on the bubble velocity. The model predicts
the top film thickness very well across the range of conditions studied, and performs well
for the bottom film thickness when Bo < 0.6 and Bo > 1.5. In the Bo < 1 range, the
mean absolute error on the prediction of top and bottom film thicknesses is 4.8%), whereas
the model of Atasi et al. [169] yields an 8% error. For the entire data set, excluding the
bottom film thicknesses for Bo = 1 and 1.5, the error is 4.6%, compared to 20.4% with
Atasi et al. [169]. However, the large error with Atasi et al. [169] is to be expected since
the model is only valid for Bo < 1, and does not account for the ovalisation of the bottom

of the bubble.

The bubble velocity (Fig. 7.4b) increases monotonically with the Bond number. As
Bo — 0, Uy, converges to the value for negligible gravity, which is an increasing function
of Ca;. However, as Bo increases, the bubble velocity rises owing to its reduced cross-
sectional area, and the simulation data for different Ca; seem to converge as Bo > 3.
Notably, for the same liquid flow rate (i.e. same Ca), the bubble travels 50 % faster
when Bo > 3 compared to the Bo = 0 case. The bubble speed trends are closely related
to those for the bottom film thickness presented in Fig. 7.4a. Since bubble speed and
cross-sectional area are related via the material balance of the liquid flow, Eq. (7.4), and
at large Bo the extension of the cross-sectional area is mostly determined by H~ (as
is clear from Fig. 7.3b), the trends for H~ and U, as a function of Bo and Ca; have
to be similar. Figure 7.4b also includes two different sets of predictions obtained using
Eq. (7.4). When using simulation data for H*, H~ and H" in H = (HT + H~ +2H")/4,
the bubble velocity is predicted very well, thus emphasising the validity of the material
balance also in situations with large buoyancy effects. When evaluating H based on the

set of Egs. (7.1)—(7.3) for H™ and H~, and on Eq. (2.25) for H", the predictions are still
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relatively good except when Bo ~ 1.
Additional data illustrating the streamwise pressure profiles along the channel for this

set of Bond and capillary numbers are included in Appendix B.

7.1.3.3 Liquid film drainage velocity and bubble inclination angle

Leung et al. [170] and Atasi et al. [169] demonstrated that the inclination of the bubble
originates from the drainage flow from the top to the bottom of the channel, and thus
the trends of drainage velocity and bubble inclination angle are expected to be corre-
lated. This is confirmed by the results obtained from this computational study, which
are presented in Fig. 7.5. The drainage velocity Uy is calculated on the tube cross-section
at the location F, by taking the mean value of the y-component of the velocity in the
liquid film, U,, in the horizontal plane where E, and H" are measured (see Fig. 4.1).
The values of bubble inclination reported in Fig. 7.5b are measured by taking the average
slope of the top and bottom profiles of the bubble (on the plane x = 0), in a region 4d
long around the bubble centre. The data in Fig. 7.5 show that both drainage velocity
and bubble inclination initially increase with the Bond number, owing to the initiation

of draining flows as the liquid in the film begins moving downward under the effect of

0.3 — . :
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7 O at, Cay=0.051] ]
. ¢ o, Ca =0.051

Figure 7.5: Impact of the Bond and capillary numbers (We; < 1) on the (a) average liquid
film drainage velocity and (b) top (a™) and bottom (a~) bubble inclination angles. Red
and blue lines identify the predictions obtained using (a) Eq. (7.6) with sin@ = 1, and (b)
Eq. (2.29), with H" based on simulation data (solid lines) or Aussillous and Quéré [161]
correlation (dashed lines). The black solid lines identify the scaling laws extracted from
the analysis of the minimum film thickness trends in Fig. 7.6.
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gravity. Both U; and « increase linearly with Bo when Bo < 1, which is consistent with
the scalings Uy ~ Bo H? and a ~ Bo H? arising, respectively, from Egs. (7.6) and (2.29),
with H = H" being approximately constant in this regime (see cross-sectional profiles in

Fig. 7.3b).

When Bo > 1, the simulation data show that both U; and o drop as the Bond number
is further increased. This declining trend at large Bo was not observed in previous studies,
which were limited to the Bo < 1 regime. Figure 7.3b reveals that, as Bo > 1, the bubble
cross-section becomes oval and the film thickness on the top half of the bubble reduces. In
this regime, the ~ H? and ~ H® terms in Egs. (7.6) and (2.29) become dominant and the
drainage flow rate reduces because there is very little liquid available to drain from the top
film region. Figure 7.5 includes the predictions of U; and « obtained using the existing
theory based on Egs. (7.6) and (2.29). While the theory works well as long as the bubble
cross-section is circular (Bo < 1), it fails when Bo > 1 because the bubble cross-section
becomes oval and H" is no longer representative of the actual gap available between the
bubble interface and the wall through which the liquid can flow, which is actually much
smaller. At a first glance, the top film thickness H* may seem a more suitable parameter
to calculate the drainage flow rate. However, Eq. (7.2) yields H* ~ 1/v/Bo as Bo > 1.
This would give U ~ Bo (H")? ~ 1, i.e. constant Uy at large Bo, which does not match
the present data. Hence, the gap available for the draining liquid to flow must decrease

as Bo increases, at a faster rate than H* does.

In order to investigate the perimetral evolution of the liquid film more in detail,
Fig. 7.6a displays the cross-sectional film thickness for the interface profiles depicted in
Fig. 7.3b, Ca; = 0.024, plotted as a function of the circumferential coordinate 6. It can
be seen that as the Bond number increases above 1, the top (# = 0) and bottom (0 = 7)
film thicknesses diverge. This leads to the creation of a constriction in the film, at the
matching point between the thin film at the top and the thick liquid lobe at the bottom.
This constriction, whose circumferential location is constant along the bubble body and
converges to § = 1rad as Bo increases, identifies a minimum value of the liquid film thick-
ness Hoin = hpin/7r. A liquid film constriction with very similar morphological features
has been reported for the film profile around long bubbles translating in square channels,
at the matching point between the thin film at the cross-section centre and the thick

liquid lobes at the corners [167, 244, 245]. Figure 7.6b displays the values of both H*
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and H,,;, measured at the location F and indicates that the deviation between H' and
H,ip increases with Bo, with H obeying a scaling law Ht ~ Bo™/2 (in agreement with
Eq. (7.2)), whereas H,,;, ~ Bo™'. Interestingly, these two scalings yield H,;, ~ (H +)2,
which is the same law obtained theoretically by Wong et al. [244] for flow in square

/3 at the constriction. Using

channels, where H ~ Ca?? at the centre and H,,;,, ~ Ca
the minimum film thickness as the characteristic length scale for evaluating the draining
flow rate, the scaling laws U; ~ Bo (Hmm)2 ~ 1/Bo and a ~ Bo (Hmm)?’ ~ 1/Bo* are
obtained. These laws capture the trends of the average drainage velocity and bubble
inclination angle well for Bo > 1, as indicated in Fig. 7.5.

Figure 7.5b also shows that the inclination angle of the bubble at the top a™ is
systematically smaller than that at the bottom a~, as was observed experimentally by

Atasi et al. [169], and that « increases with the capillary number, due to the development

of thicker films which are subject to more copious draining flows.

7.1.4 Inertial effects

A parametric study of the effect of inertia on elongated bubble flows with non-negligible

buoyancy effects is presented in this section for a range of values of Bo, Ca; and Re,.
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Figure 7.6: (a) Circumferential evolution of the liquid film thickness on the channel cross-
section at the location F for Ca; = 0.024 and different Bond numbers (We; < 1), and (b)
top and minimum liquid film thickness at F as a function of Bond and capillary numbers.
In (a), & = 0 corresponds to the top of the channel, see Fig. 4.1.
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7.1.4.1 Bubble shape

The impact of inertial and buoyancy forces on the bubble profile can be studied by means
of Fig. 7.7, which reports the geometrical features of the bubbles for a fixed value of
Ca; =0.024, two values of the Bond number, Bo = 0.42 and 1, and a range of Reynolds
numbers Re; = 1-750. Figure 7.7a shows that the bubble nose elongates and its cross-
section shrinks as the Reynolds number increases, which is in accordance with the litera-
ture concerning flows in the absence of buoyancy [162, 163]. Interestingly, as the bubble
cross-section reduces the liquid film around it does not thicken uniformly around the tube
perimeter. Only the bottom film becomes substantially thicker, while the top film thick-
ness is unchanged such that inertial effects further elevate the bubble above the channel
axis. Inertial effects are known to be responsible for the appearance of interfacial undu-
lations near the tail of long bubbles when We, > 1 [208]. It can be seen in Fig. 7.7a that
these appear only on the bottom profile at intermediate values of Re;, whereas the profile
on the top stays smooth. This can be explained by considering that the impact of inertia
on the free-surface profile is better described by the Reynolds number calculated based
on the actual film thickness, rather than the channel diameter which has little impact on
the film dynamics. Since the bottom film is more than twice as thick as the top film,
its Reynolds number is larger and undulations are expected to appear earlier. These nu-
merical simulations reveal that the interfacial undulations become less evident as Rej is
increased towards Re; = 750 and the bubble dynamics become time-dependent, which is
consistent with the large Weber number of the flow, We; = 18 [208]. The bubble profiles
on the channel cross-section depicted in Fig. 7.7b show that the increase of the Reynolds
number is responsible for a more apparent bubble ovalisation, and thus the cross-sectional
bubble aspect-ratio decreases monotonically as Re; increases, as shown in Fig. 7.7c for

two different values of Bo.

Additional data for the dynamics of bubbles in the presence of non-negligible inertial
effects at another value of the capillary number, Ca; = 0.051, are presented in Fig. 7.8.
The trends are similar in shape to those observed for Ca; = 0.024 in Fig. 7.7. Inertia causes
the bubble to elongate and elevate further above the centreline of the channel, with the
bubble cross-section becoming progressively more deformed. Note that simulations at this
capillary number were run up to a maximum Reynolds number of 500, which corresponds

to a maximum Weber number of 25, above which profiles begin to exhibit time-dependent
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Figure 7.7: Systematic analysis of the impact of the Reynolds number on the (a) bubble

profile on a vertical centreline plane (z = 0), (b) on the bubble cross-sectional shape at

the location F, and (c) on the bubble cross-sectional aspect-ratio measured at the same
location. In (a) and (b), conditions are Ca; = 0.024 and Bo = 0.42.
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Figure 7.8: Systematic analysis of the impact of the Reynolds number on the (a) bubble
profile on a vertical centreline plane (z = 0), (b) on the bubble cross-sectional shape at
the location F, and (c) on the bubble cross-sectional aspect-ratio measured at the same
location. In (a) and (b), conditions are Ca; = 0.051 and Bo = 0.42.

patterns.

7.1.4.2 Film thickness and inclination angle

Figure 7.9 shows the combined impact of inertia and buoyancy on the liquid film thick-
ness and bubble inclination angle in elongated bubble flow. The inclination angles were
assessed using different lengths of the central region of the bubble to ensure the reported
values are independent of nose or tail behaviour. It can been seen from Fig. 7.9a-c that
the bottom film thickness increases with Bo as discussed in Section 7.1.3, and it increases
with Re; as shown by the profiles in Fig. 7.7. The impact of Re; on H~ is more apparent
for the Bo = 1.00 case because H~ is already substantially thicker than the gravity-free

case at the same Rej, and hence the thicker film is more sensitive to inertial forces for
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Figure 7.9: Systematic analysis of the effect of the Reynolds number on the (a-c) top and
bottom liquid film thickness, and (d-f) on the top and bottom bubble inclination. The
liquid capillary number is fixed to Ca; = 0.024.

the reasons explained in the previous section. Accordingly, the top film thickness is only
weakly dependent on Re; in the range of Reynolds numbers studied, because this thinner

film is less sensitive to the inertial effects until much larger values of Re; are achieved.

The bubble inclinations plotted in Fig. 7.9d-f show that generally o~ decreases and a"
increases with increasing Rej, although the effect is again more pronounced at the bottom
of the bubble. This effect was also apparent in Fig. 7.7a, where the bottom profiles of
the bubble become less inclined as Re; increases. Figure 7.7b shows that the shape of top
half of the bubble cross-section is very similar across the different values of Rej, so that
the top (HT) and horizontal (H") film thicknesses change by less than 5% on average,
suggesting that the drainage flow rate is near constant with Re;. However, since the
bottom film becomes substantially thicker and thus contains more liquid as Re, increases,
it is expected that the incoming flow rate from the thin film induces a smaller relative

change on the bottom film volume, and thus on a~.

Figure 7.10 displays the results for the top and bottom film thicknesses and inclination

angles when varying both Re; and Bo at Ca; = 0.051. The trends closely follow those
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observed in Fig. 7.9 for Ca; = 0.024. The bottom film thickness is more sensitive to
changes of Re; compared to the top film thickness. However, when compared to the
Ca; = 0.024 case, H" shows some more apparent changes with Re;, due to the fact that
the film is thicker and thus more sensitive to inertial effects. The trends for the bubble
inclination are similar to those for Ca; = 0.024, with o™ increasing and o~ decreasing
upon increase of Re;. The sharp drop of a™ observed at all values of Bo for Re; = 500 is
due to a substantial flattening of the bottom profile of the bubble, as seen in Fig. 7.8a,

which is also promoted by the onset of unsteady dynamics of the bubble tail.

7.1.5 Film thickness predictive method comparison to experi-
mental data

The slug flow investigated experimentally in Section 6.3 has many similar characteristics
to the elongated bubble flow presented in this section: a long vapour bubble flows in a
continuous liquid phase with a very thin liquid film between the bubble and the top of
the pipe, and a much thicker liquid film at the bottom of the pipe (see Fig. 6.10b). In the
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Figure 7.10: Systematic analysis of the effect of the Reynolds number on the (a-c) top
and bottom liquid film thickness, and (d-f) on the top and bottom bubble inclination.
The liquid capillary number is fixed to Ca; = 0.051.
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Figure 7.11: Probability density function of interface height w;, corresponding to
Fig. 6.11a for slug flow at the conditions G = 460 kg/m?ss, ¢ = 7.9kW/m? The red
dashed line indicates the rightmost local minimum, below which the probability density
function is integrated to estimate the film thickness under the vapour bubble, A™.

central region of the bubble, away from the nose and tail, the film thickness is relatively
constant and is not disturbed by large waves. However, because of the larger pipe size in
the experiments and high mass flux required to achieve slug flow in the facility, the average
superficial liquid Reynolds number for the slug flow experiments was Reg; = 12000 whilst
the average Bond number was Bo = 39. These values are much larger than those for which
the predictive method described in Section 7.1.1.1 has been validated computationally in
this work so inaccuracies may be expected, but bottom film thickness were extracted from
the experimental data and compared to predictions made using Eq. (7.3). The prediction
of film thickness around slug flows is particularly important to flow boiling applications,

since the film thickness typically governs the heat transfer coefficient [246].

To estimate the bottom film thickness from the experiments, a probability density
function of the interface height trace for each condition (e.g. Fig. 6.11a) was constructed
as shown in Fig. 7.11. There are two clear peaks in the distribution of the interface height,
one at the pipe diameter (12.6 mm) which corresponds to the liquid slugs between vapour
bubbles, and one at around 7mm that represents the film thickness under the vapour
bubbles. This distribution was cut off at the local minimum between the two peaks, and
the mean of the data to the left of the cut-off taken as the film thickness. The resulting
film thickness for Fig. 7.11 is 6.9 mm, which corresponds to the interface height displayed
on the velocity field for the same conditions in Fig. 6.10b.
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Figure 7.12: Predictions of film thickness under vapour bubbles, h~, using Eq. (7.3)
against the corresponding experimental film thicknesses in slug flow at the conditions
G = 300-460 kg/m?s, ¢ = 5.3-7.9kW/m?* The black dashed line represents h_ 4 = he,,
whilst the red dashed lines indicate .4 = hq,+ 30 %.

Film thickness predictions were made for each set of experimental slug flow conditions
using Eq. (7.3), with the bubble velocity calculated as described in Section 6.3.3. The
two film thicknesses are compared in Fig. 7.12. The experimental bottom film thickness
is mostly underpredicted by Eq. (7.3), which is to be expected as it was shown in Fig. 7.9
that increasing the Reynolds number results in an increase in film thickness above the
negligible inertia case for which the equation was developed. However, Eq. (7.3) predicts
the experimental film thickness to within & 30 % for almost all of the slug flow conditions,
which is of comparable accuracy to many of the heat transfer coefficient and pressure drop
predictive methods assessed in Chapter 6. However, it is much larger than the 4.8 % error
reported in Section 7.1.3.2 for smaller values of Bo, so the model could be improved to
account for inertial effects. It would also be of interest to compare experimental and pre-
dicted film thickness values across a larger range of conditions to assess the comparability

of the trends with different variables.

7.2 Flow boiling model development

After considering the effects of buoyancy and inertia on elongated bubble flow, the next
step towards a complete model of flow boiling is the inclusion of heat transfer and phase

change, i.e. evaporation. In this section, the model described in Section 4.2.2, which is
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a development of the interFoam solver in OpenFOAM 2.3.1, is first validated for boiling
flows in micro-channels before being extended to a preliminary simulation of a set of

experimental conditions for a stratified, laminar flow.

7.2.1 Phase change model validation in micro-channels

To validate the phase change model for boiling flow, the dynamics of a single small vapour
bubble nucleating at the wall of a heated micro-channel were investigated. The model
described in Section 4.2.2 was employed with the conditions set out in Section 4.2.3.1 to
emulate the experimental and numerical conditions of Mukherjee et al. [152], in which
water at 1atm boils as it flows through a square micro-channel of size 229 pm. The water
enters the channel under saturation conditions at a mass flux of G = 123 kg/m?.s, which
corresponds to a Reynolds number of 100 and a capillary number of 0.0006. The bottom
and side walls are maintained at 375.25 K, whilst an adiabatic condition is applied to the
top. A small spherical bubble is initiated at the wall one channel-width downstream from
the inlet, as shown in Fig. 7.13, with an initial radius of 25 pm and a contact angle of 30°
which is characteristic of hydrophilic surfaces. A range of initial temperature conditions
were employed, as detailed in Table 7.1. The linear profile for cases 1 and 3 corresponds to
that used by Mukherjee et al. [152] in their numerical study, where the temperature profile
decays linearly from 375.25 K at the bottom wall to 373.15 K (the saturation temperature)
at the top wall. Mukherjee et al. [152] did not report whether a thermal boundary layer
was initialised around the bubble, but this is necessary to avoid an initial exponential
evaporation rate. An arbitrarily large thermal boundary layer (simulation 1 in Table 7.1)
and a layer three cells thick (simulation 3) were trialled. Since the linear profile is not
particularly realistic, cases were trialled in which the initial temperature was set to Tgu;
everywhere (simulation 2), and with an initial temperature field obtained by running a
liquid-only simulation to the point of full thermal development (simulation 4) with the
1coTempFoam solver compiled in OpenFOAM 2.3.1.

Comparing simulations 1 and 3 to simulation 4 in Fig. 7.13 demonstrates the differences
in the temperature field and the inaccuracy of a linear profile initial temperature condition.
The linear temperature decay in simulations 1 and 3 results in the hot region, indicated
by the red-coloured area, extending further upwards than in simulation 4. Because of

this, outside the thermal boundary layer the bubble in 4 is mostly surrounded by liquid
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Table 7.1: Initial temperature conditions for different simulation test cases in a 229 pm
channel. In the thermal boundary layer the condition T" = Ty, is set. The bottom and
side walls of the channel are subject to the condition Ty, = 375.25 K.

Simulation Initial temperature field Thermal boundary layer
thickness [pm)]

1 Linear profile from Ty to Tyat 50
2 Uniform T = Tyu; -
3 Linear profile from Ty to Tyat 7
4 Fully developed T field 7

—

375.2
[ 375
374.8
_374.6
3744 —
3742 =
374 &
~373.8

373.6
373.4
373.2

Figure 7.13: Initial temperature conditions extracted along the central x = 0 plane for 4
different simulations as described in Table 7.1.
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at, or just above, saturation temperature, whilst the bubble in 3 is surrounded by liquid
at least 1.2 K hotter than than the saturation temperature. The effect of this on bubble
growth can be clearly seen in Fig. 7.14, which compares experimental [152] and numerical
results in terms of the equivalent diameter of the bubble, i.e. the diameter of a sphere of

equivalent volume, versus time.

The final growth rate of the bubble, shown by the gradient of the lines in Fig. 7.14
towards the upper right-hand corner of the plot, is approximately the same across all the
cases, and is well matched to the experimental data [152]. However, the magnitude of the
final bubble diameter differs between simulations due to the variations in initial growth of
the bubble, which is highly dependent on the initial conditions. In simulation 1 the bubble
initially grows steadily and spherically since the large thermal boundary layer shields it
from the high temperatures of the surrounding liquid. Just after 1 ms the bubble outgrows
the thermal boundary layer and begins to elongate at which point the evaporation rate
increases slightly before settling when dry patches start to form at the walls. In simulation
3, which is the same as 1 except for the size of the initial thermal boundary layer, the
initial growth rate is significantly faster as the bubble very quickly comes into contact
with the hot liquid. Because of this fast growth, the bubble diameter quickly reaches
the width of the channel and bubble elongation begins at approximately 0.5 ms with the

growth rate after 1 ms equalling that of the other simulations after 1.5-2 ms.

Since the initial liquid temperature around the bubble nucleation site in simulation 2
is much lower than that in the other simulations the bubble grows steadily at the initial
rate for much longer, only beginning to elongate at around 1.8 ms. In contrast, the bubble
in simulation 4 grows at a faster rate than in 2 and 3 for a short initial period, after which
the proportion of the bubble volume in the hot region of the liquid is smaller and the
growth rate decreases. At approximately 1.2 ms the bubble begins to elongate at a steady
rate equal to that of the other simulations. This case is probably the most realistic, and
matches the experimental data of Mukherjee et al. [152] well. It is worth noting that the
liquid-phase simulation used to obtain the developed temperature field was run for 15 ms,
so the temperature field in simulations 1 to 3 would not become fully developed in the

time elapsed in Fig. 7.14.

The bubble growth for simulation 4 is also illustrated by the bubble visualisation in

Fig. 7.15, where the colouring of the bubble surfaces indicates the evaporation rate. The
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Figure 7.14: Development of equivalent bubble diameter dequiv from boiling in a 229 pm
square micro-channel with time ¢ for cases with different initial temperature conditions,
as described in Table 7.1, with comparison to the experimental data of Mukherjee et al.
[152] (blue crosses). The flow conditions are Re; = 100 and Ca; = 0.0006.

spherical growth of the bubble is clear up to 1.0ms, after which the bubble diameter
approaches the width of the channel and the bubble begins to elongate. As it grows
further, the bubble comes into contact with the wall and dry patches appear on all four
walls, indicated by the empty regions of the bubbles in Fig. 7.15 that first appear at 2 ms.
From then, the bubble increases in length up to 2.5 ms, with the dry regions also growing.
It can be seen in the later time steps that the highest evaporation rates occur at the triple
solid-liquid-vapour contact line, where the temperature is highest.

To complete the validation of the numerical phase change model a mesh independence
study was completed using the initial conditions of simulation 4 (see Table. 7.1), with
the boundary layer maintained at a thickness of 3 cells in each case. The different mesh
and cell sizes investigated are shown in Table 7.2, and the effect of the different mesh
resolutions on bubble growth is shown by plotting equivalent bubble diameter against
time in Fig. 7.16.

The initial growth of the equivalent bubble diameter in Fig. 7.16 shows very little
variation between the different meshes. Similarly, the final equivalent bubble diameter
and gradient of the line towards 2.5ms match well for most of the meshes, with the
coarse mesh deviating slightly from the rest. Between 1ms and 2ms the fine and coarser
cases deviate more from the base and coarse cases. This is predominantly caused by the

variation in the thickness of the initial boundary layer. In the fine mesh, 3 cells have a
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Figure 7.15: Visualisation of bubble growth from boiling in a 229 pm square micro-channel
for simulation 4 (see Table. 7.1 and Fig. 7.13), coloured by the local evaporation rate.
Channel dimensions are in metres and empty regions within the bubble identify dry vapour
regions. The flow conditions are Re; = 100 and Ca; = 0.0006.

Table 7.2: Mesh parameters.

Mesh Cell size [pm] Number of cells
Coarser 4.6 0.34 x 10°
Coarse 3.4 0.80 x 108
Base 2.3 1.05 x 108
Fine 1.5 9.28 x 108
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Figure 7.16: Development of equivalent bubble diameter dequy from boiling in a 229 pm
square micro-channel with time t for different computational meshes, as described in
Table 7.2. The flow conditions are Re; = 100 and Ca; = 0.0006 and the initial temperature
condition corresponds to simulation 4 in Table 7.1.

width of 4.6 pm compared to 13.7pm in the coarser mesh. Therefore in the fine mesh
the bubble outgrows the thermal boundary layer sooner and comes into contact with
liquid above the saturation temperature, altering the evaporation rate. Apart from this
small deviation the results from the base case mesh match those of the fine mesh well,
and there is no need for further refinement from the base case. The coarse and coarser
meshes show some strange behaviour towards the end of the simulation time as the bubble
approaches the end of the channel, so the base case mesh was selected as modelling the

boiling phenomena best.

7.2.2 Simulation of experimental conditions

Following on from the validation of the phase change model in the previous section, a sim-
ulation was constructed according to the experimental geometry described in Section 3.2.2
to perform a preliminary assessment of the model performance against experimental data.
Conditions were selected to correspond to an experimental data point for stratified flow
where the liquid phase was in the laminar regime. The case selected had the conditions
G = 32 kg/m?s, ¢ = 1.9kW/m? and x = 0.21, which were translated into inlet and
boundary conditions for the simulation as described in Section 4.2.3.2. The superficial

liquid and vapour Reynolds numbers were Res; = 850 and Re,, = 7100. Instead of mod-
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elling the full test-section, the inlet conditions used in the simulation were those measured
at the inlet to the visualisation section in the experiment so that direct comparisons to

measurements in that section could be made.

7.2.2.1 Velocity fields and interface information

The simulated boiling flow is visualised in Fig. 7.17. The contour surface indicates the
location of the vapour-liquid interface, whilst the streamwise liquid-phase velocity field in
the plane along the centreline of the channel, i.e. the plane equivalent to that captured by
the high-speed camera in the laser-based diagnostic techniques described in Section 3.5, is
shown below that. The interface height in Fig. 7.17 increases slightly towards the outlet
of the computational domain but is relatively constant locally. Some small waves are
evident at the interface, despite a smooth stratified flow being observed experimentally
at these conditions. The standard deviation of the interface height for the simulation and
experiment were 0.54 mm and 0.24 mm respectively. The standard deviation is larger in
the simulation due to the increased waviness, and is more similar in value to that of a
stratified wavy flow which was 0.45 mm on average experimentally.

The streamwise liquid-phase velocity is consistently high close to the interface, as ob-
served experimentally for stratified flows in Fig. 6.1. The velocity decreases towards the
outlet of the computational domain where the interface height increases and the liquid
must decelerate to accommodate this. Such behaviour towards the outlet does not corre-
spond to experimental observations so further development of the outlet boundary condi-
tions is required. Due to this outlet behaviour and the potential impact of any entrance
effects at the inlet, average simulation values reported subsequently have been calculated
over the central region of the domain discarding a length of 2 diameters (0.025m) at each
end.

Figure 7.18 shows how the mean interface height from the simulation develops over
time with a comparison to the experimental average from PLIF measurements. This in-
terface height is initiated based on the experimental void fraction calculated using the
Steiner [44] formulation ((3.14)) of the Rouhani and Axelsson [45] drift flux void fraction
correlation, which does not correspond directly to the measured interface height. The
simulation interface height rises initially with an oscillation that deteriorates as the simu-

lation stabilises. The height then decreases gradually from its maximum value of 3.40 mm
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Figure 7.17: Visualisation of simulation of flow boiling in a 12.6 mm pipe at the conditions
G =32 kg/m?.s, ¢ = 1.9kW/m? after 4.5s of simulation time. Flow is from left to right.
The contour of the vapour liquid interface is shown above the liquid-phase streamwise
velocity field along the central plane of the pipe. The axial coordinate is in m and
velocity u is in m/s.
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Figure 7.18: Spatially averaged interface height, ¥, development with time ¢ from
the flow boiling simulation (solid black line) compared to the experimental mean in-
terface height (dashed blue line) for stratified flow at the conditions G = 32 kg/m?.s,
q=1.9kW/m?.

towards a constant value of approximately 3.25mm, which is less than 10 % lower than

the experimental value of 3.59 mm.

Another interesting comparison between the computational and experimental results is
that of the velocity field. Figure 7.19 shows the streamwise velocity profiles averaged along
the axial direction and in the time domain from both the simulation and the experiment,
along with the corresponding mean interface heights. The resolution and accuracy of the
computational data is better towards the wall and interface where the experimental data

is affected by glow from the FEP pipe and internal reflections at the interface.

The shape of the two profiles in Fig. 7.19 is quite similar; in both, the velocity increases
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Figure 7.19: Temporally and spatially averaged streamwise velocity profiles from the ex-
periment (blue circles) and simulation (red squares) with the conditions G = 32 kg/m?.s,
q = 1.9kW/m?. The horizontal lines indicate the mean interface height from the experi-
ment (blue dashed line) and the simulation (red dotted line).

from Om/s at the wall before the profile experiences a decrease in gradient just under
y/d = 0.1. Then, the velocity profile flattens somewhat before increasing again at around
y/d = 0.2, close to the interface. The increase towards the interface was observed in both
instantaneous and averaged measurements in both the computational and experimental
results, so it not an artefact of spatial or temporal averaging. A similar effect was observed
by Ayati et al. [227] in an air-water stratified flow. However, the particularly high velocity
values observed on and just above the interface in the simulation results may in fact be
related to the vapour phase. Then, ignoring those values, the maximum velocity in the
simulation is almost within the error bar of that from the experiment. The absolute values
of the simulated velocities are consistently higher than those of the experimental velocities
which is most likely due to the initial and boundary conditions. Also, the lower interface
in the simulations for an equal liquid mass flux will result in a higher liquid velocity.
Therefore more consideration should be given to the most appropriate translation of the
experimental conditions into boundary conditions for simulations. It is also worth noting
that the phase change model employed is currently not validated for turbulent flow, so
no turbulence model was employed. Therefore the vapour phase, which has a superficial
Reynolds number of 7100, may not be appropriately modelled which will impact the

velocity field in the liquid phase close to the interface.
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Figure 7.20: Temperature field extracted along the central plane of the pipe (left) and in
the cross-section at the z = 16d location (right) after 4.5 of simulation time for stratified
flow at the conditions G = 32 kg/m?.:s, ¢ = 1.9kW/m?. The interface is shown by the
white contour line. The axial coordinate is in metres and temperature, 7', is in K.

7.2.2.2 Heat transfer

For most flow boiling applications, accurate prediction of heat transfer performance will
be a key deliverable for simulations. Temperature fields extracted after 4.5 s of simulation
time are shown in Fig. 7.20 for the plane along the centre of the channel, i.e. the PIV and
PLIF measurement plane, and a cross-section at 16d (0.20m) from the inlet. The white
line indicates the vapour-liquid interface location. Temperature fields are of particular
interest since they are not part of the experimental results and in the existing set-up

would be very challenging to measure.

It is clear from the temperature fields in Fig. 7.20 that the bulk of the fluid in both
the liquid and vapour phases is at the saturation temperature Ty,; = 300 K. There are
some warmer sections close to the wall, with small elevations in temperature close to the
bottom wall but much higher temperatures at the top of the pipe. The top of the pipe is
occupied by the vapour phase which removes heat less effectively than the liquid phase,
resulting in a higher wall temperature and a lower heat transfer coefficient.

The temperature field changes somewhat along the length of the channel. The condi-
tion imposed at the inlet is that of uniform 7" = Ti,, so the temperature field must always
develop from this condition. Such a condition is not realistic and could be a large source
of discrepancy between computational and experimental results. In the experiment, the
fluid at the inlet of the test section is a subcooled liquid, so it is feasible, particularly at low
heat flux conditions, that some of the liquid may still be subcooled at the measurement
point.

Experimentally, heat transfer performance is expressed in terms of the heat transfer

coefficient (HT'C), so information regarding the simulations results expressed in this way
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Figure 7.21: Temporal development of (a) the mean heat transfer coefficient and (b) the
ratio of the heat transfer coefficients at the bottom and top of the pipe in simulations
of stratified flow at the conditions G = 32 kg/m?%s, ¢ = 1.9kW/m?. In (b) the blue
dashed line indicates the mean heat transfer coefficient ratio obtained in the corresponding
experiment.

is shown in Fig. 7.21. Figure 7.21a shows the development of the mean heat transfer coef-
ficient in the simulation with time. This value was obtained by averaging the heat transfer
coefficient around the pipe wall. At the start of the simulation the heat transfer coeffi-
cient decreases drastically before rising slightly then settling to a value of approximately
360 W/m2 K. The mean experimental heat transfer coefficient for the same conditions
was 1200 W/m? K, over 3 times that of the simulation. This large discrepancy is likely
to be due to the way in which the temperature condition at the wall is dealt with in the

simulation compared to the experiment.

Despite the discrepancy between the absolute values of the experimental and com-
putational heat transfer coefficients, the ratio of heat transfer coefficient at the top and
bottom of the pipe is comparable between the two, as shown in Fig. 7.21b. This ratio is
important in boiling applications where stratified flow may occur, since it relates to the
difference in wall temperature induced between the top and bottom of the pipe. If large,
this difference can cause pipe bending, potentially resulting in damage to the pipe and

connecting components, and subsequent plant downtime.
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7.2.2.3 Model limitations

There are various assumptions and simplifications made in the boiling model that may
limit its ability to simulate experimental conditions accurately. In the simulation, a
constant uniform temperature gradient is imposed at the wall to emulate the uniform
heat flux condition. However, this approach neglects the conjugate heat transfer problem
in the wall of the pipe. Experimentally, the outside wall temperature was measured and
the inside wall temperature required for calculation of the heat transfer coefficient was
estimated by solving a 1-D conduction equation in the pipe wall. This assumes uniform
heat generation and negligible heat transfer in the axial and circumferential directions.
The validity of these assumptions could be tested by also modelling the conjugate transfer
in the wall, which would also improve the predictive capability of the simulation.

The volume fraction boundary condition at the wall could also be improved through
better characterisation of the contact angle through tuning the simulation or measuring
it experimentally. The value of the contact angle affects the way the liquid film forms at
the pipe walls, which will in turn impact the heat transfer. Mukherjee [178] found that
smaller contact angles resulted in improved heat transfer at the wall in the case of flow
boiling of a bubble due to the formation of a thin liquid layer between the vapour bubble
and the pipe wall.

Also, the lack of a turbulence model in the simulation will have a significant effect on
the heat transfer coefficient, since hot fluid is moved away from the wall more efficiently
in turbulent flow, enhancing the heat transfer. Therefore, this is also likely to have
contributed to the low value of the heat transfer coefficient reported in the simulations.

In the model, fluid properties are assumed to be constant across the domain. In the
majority of the domain, this assumption is valid since the bulk temperature of both the
vapour and liquid is within 1 K of the saturation point. However, close to the walls the
degree of superheating can reach 20 K resulting in variations in the phase viscosities and
interfacial tension of up to 25%, and changes in the vapour density of up to 90 %. Er-
rors in the value of the interfacial tension used to carry out the simulations can result
in unphysical interface behaviour, whilst errors in the vapour density will affect the ki-
netic mobility as calculated by Eq. (4.14) and subsequently the interphase mass flux (see
Eq. (4.13)). The kinetic mobility calculation is also dependent on the accommodation

coefficient, the appropriate value of which is much contested in the literature although
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non-polar liquid are typically found to have an accommodation coefficient close to unity
[247, 248]. This value could be tuned to experimental data to more accurately characterise

the evaporative resistance.

7.3 Summary

A systematic study of the effects of buoyancy and inertia on the flow of elongated bubbles
in horizontal channels of circular cross-section has been performed. Results are reported
from direct numerical simulations with capillary, Bond, and Reynolds numbers in the
ranges 0.024 < Ca; < 0.051, 0.11 < Bo < 3.5, and 1 < Re; < 750. The simulations were
conducted by adopting the Volume-Of-Fluid method as included in the interFoam solver
of OpenFOAM. This work demonstrates that the cross-section of the bubble undergoes
large deformations as Bo > 1, with the circular shape becoming progressively more oval,
and the width and height of the bubble cross-section differing by more than 25% as
Bo > 3.

Due to buoyancy, the bubble elevates above the channel centreline. The top and
bottom film thicknesses diverge as Bo > 0 and their difference grows to one order of
magnitude and above as Bo > 3, with the bubble travelling 50 % faster compared to
the gravity-free case at the same liquid flow rate. Bubble inclination with respect to the
channel axis was observed, with the tail being higher than the nose, and this effect is shown
to be induced by the downward liquid flow that drains liquid from the top to the bottom
film region. However, the bubble inclination does not increase monotonically with the
Bond number, due to the formation of a localised constriction in the thin film on the top
half of the bubble, whose thickness decreases with ~ 1/Bo. As the top liquid film becomes
thinner, viscous drag overcomes gravity, the flow rate of the draining flow reduces, and
thus the bubble inclination becomes less apparent at the largest Bond numbers tested.
Inertial forces tend to shrink the bubble cross-section and further lift the bubble above
the channel centreline, so that the bottom film thickness increases significantly with the

Reynolds number whereas the top film thickness is less sensitive to it.

New prediction models for the top and bottom film thicknesses and the bubble speed
are proposed which incorporate the effects of the capillary and Bond numbers. These

models compare well with the presented simulation data for Bo up to 3.5, although the
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convergence of the bottom film thickness predictions as Bo — 1 can be improved. The
existing models for the liquid film draining flows and the bubble inclination perform well as
long as Bo < 1 and the bubble cross-section remains circular, but the bubble deformation
cannot be neglected in order to extend the predictive capability of these models to Bond
numbers larger than unity. The new model for bottom film thickness was compared to
experimental data for boiling in the slug flow regime. Despite the Bond and Reynolds
numbers being much higher in the experiments than the validated range for the model,
predicted values of the film thickness were within 30 % of most of the experimental values.
Accurate prediction of the film thickness is important for heat transfer applications, since
it is a dominating factor in the local heat transfer coefficient.

Results obtained from numerical simulations of flow boiling in a square micro-channel
were presented. These simulations were conducted using the in-built interFoam solver
of OpenFOAM with heat transfer and phase change introduced via external subroutines
based on the Hertz-Knudsen-Schrage relationship. These numerical results showed good
agreement with experimental data in the literature [152]. Realistic evaporation rates
were achieved regardless of the initial temperature conditions of the simulation, although
the initial conditions had a significant impact on the bubble size reached within the
simulation time. Using the same solver, simulations of the experimental geometry of
FLOBOF were performed at conditions corresponding to an experimental data point
for stratified flow. The resulting simulation achieved an average vapour-liquid interface
height and streamwise velocity profile similar to those measured experimentally, although
larger waves were observed at the interface in the simulation. The average wall heat
transfer coefficient in the simulation was approximately 3 times smaller than that in the
experiment, although the ratio of bottom-to-top heat transfer coefficient was similar. This
simulation method therefore has good potential for modelling of flow boiling in macro-
scale channels but some further development is required, particularly with respect to
initial and boundary conditions, and to account for the conjugate heat transfer in the

pipe walls.
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Chapter 8

Conclusion

This chapter gives an overview of the main findings of this work and their impact. Then,

recommendations for further work are made.

8.1 Overview of thesis achievements

Experimental and numerical investigations of flow boiling in horizontal pipes have been
carried out and the results presented in this thesis. A bespoke experimental facility has
been constructed, commissioned and validated for the characterisation of flow boiling of
R245fa in a 12.6 mm inside diameter horizontal pipe. An experimental database has been
compiled including pressure drop and heat transfer measurements, and both qualitative
and quantitative flow visualisations. The integral experimental measurements of pressure
drop, heat transfer and flow pattern were compared to predictive methods in the literature,
as such methods are not well-validated for the fluid, geometry and experimental conditions
investigated in this work. A combination of existing flow pattern maps were able to
describe the experimental observations well, but some modification to individual transition
lines for the specific fluid and geometry may be required. Several predictive methods for
pressure drop were considered, with the most accurate predictions at high vapour qualities
by the Miiller-Steinhagen and Heck [71] and Xu and Fang [72] methods. However, accurate
predictions of the experimental data at very low vapour qualities were not made by any of
the tested methods. Correlations for heat transfer coefficient were more accurate across
the dataset, with the Shah [92] method proving the most consistently accurate, followed
by the flow pattern-based model of Wojtan et al. [37]. The applicability of pool boiling
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correlations to flow conditions in the nucleate boiling dominant zone was assessed, but
empirical constants and fluid-specific parameters within many of these correlations require

tuning to R245fa in the investigated geometry.

Laser-induced fluorescence methods were employed to identify the vapour-liquid inter-
face in different flow patterns, whilst particle image velocimetry was used to investigate
the velocity fields inside the liquid phase of these flows. In stratified flows, the stream-
wise velocity profiles for laminar inlet conditions conformed to theoretical predictions,
whilst the heat transfer coefficient was found to increase with decreasing interface height
due to thin film effects. A corrective correlation for the stratified angle in the Wojtan
et al. [37] method for predicting heat transfer coefficient was proposed. The presence of
interfacial waves was found to enhance heat transfer in stratified-wavy flows when com-
pared to stratified flows, but the stratified-wavy flows investigated did not exhibit large
disturbance waves or the corresponding recirculation flows in the liquid phase. Flow dis-
turbances were observed in slug flow measurements in the nose and tail of the liquid slug
with higher velocity magnitudes in the former. The vapour bubble velocity in slug flow
was found to increase linearly with mixture velocity, where the gradient increased with

heat flux.

A brightness-based laser-induced fluorescence technique was developed for measure-
ment of the film thickness at the bottom of the pipe in annular flows. The mean film
thickness increased with superficial liquid Reynolds number, whilst the corresponding
standard deviation increased or decreased depending on the heat flux condition. Heat
transfer performance decreased markedly with increasing film thickness for all conditions
studied, but increased with film thickness standard deviation for some of the conditions,

which corresponds to the behaviour observed in stratified-wavy flow.

The detailed spatio-temporally resolved measurements taken in this work represent
an important contribution to the literature and can provide insights into the interaction
of hydrodynamic and heat transfer phenomena in boiling flows. This could improve the
design and operation of boiling systems including refrigeration and heat-pump systems,
waste-heat recovery and conversion systems and concentrating solar power technology.
The data can also be used for advanced multiphase model development and validation,

as has been initiated in this work.

Numerical simulation methods towards a full model of boiling flow in macro-scale pipes
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were developed. First, a parametric study of the effects of buoyancy and inertia on the flow
of elongated bubbles in horizontal channels of circular cross-section was performed using
the Volume-Of-Fluid method as included in the interFoam solver of OpenFOAM. With
increasing Bond number, the bubble was found to elevate above the channel centreline
and undergo deformation of its cross-section from circular to oval in shape. Consequently,
film thickness asymmetry was observed around the bubble, with the top and bottom film
thicknesses differing by up to one order of magnitude for high Bond numbers. Inertial
forces tended to shrink the bubble cross-section and further lift the bubble above the
channel centreline, so that the bottom film thickness increased significantly with the

Reynolds number.

New prediction models for the top and bottom film thicknesses and the bubble speed
were proposed which incorporate the effects of the capillary and Bond numbers. These
models predicted the simulation data well. Existing models for liquid film drainage veloc-
ity and bubble inclination performed well for small Bond numbers for which the bubble
cross-section remained circular, but consideration of the bubble deformation is required
for accurate film thickness prediction where buoyancy effects are more significant. The
new model for bottom film thickness was also compared to experimental data for boiling
in the slug flow regime. Despite higher Bond and Reynolds numbers in the experiments
than the validated range for the model, predicted values of the film thickness were within
30 % of most of the experimental values. Accurate prediction of the film thickness is
important for heat transfer applications, since it is a dominating factor in the local heat

transfer coefficient.

Numerical simulations of bubble growth in a heated square micro-channel were con-
ducted using the in-built interFoam solver of OpenFOAM with heat transfer and phase
change introduced via external subroutines. The numerical results showed good agreement
with experimental data in the literature and realistic evaporation rates were achieved re-
gardless of the initial temperature conditions, although these conditions had a significant
impact on the bubble size reached within the simulation time. Using the same solver,
simulations of the experimental geometry investigated in this work were performed at
conditions corresponding to an experimental data point for stratified flow. The result-
ing simulation achieved an average vapour-liquid interface height and streamwise velocity

profile similar to those measured experimentally, although larger waves were observed at
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the interface in the simulation. The average wall heat transfer coefficient in the simula-
tion was approximately 3 times smaller than that in the experiment, although the ratio
of bottom-to-top heat transfer coefficient was similar. This simulation method therefore
has good potential for modelling of flow boiling in macro-scale channels but some further
development is required, particularly with respect to initial and boundary conditions, and
to account for the conjugate heat transfer in the pipe walls. The high level of detail in the

experimental results allows validation of numerical results with a high degree of accuracy.

8.2 Recommendations for future work

This work has addressed a number of challenges in the application of experimental tech-
niques and computational methods to boiling flows in macro-scale pipes, and provides
many learnings for further development of these approaches. It also provides an interest-
ing starting point for further research, suggestions for which are given in this section.
The experimental database developed in this work could be enhanced through the
addition of more data points across fixed heat and mass flux conditions, and particularly
around flow pattern transition boundaries. Investigations with other test fluids would add
a further dimension to the database and aid in the identification of suitable predictive
methods for flow boiling in these geometries. Further modifications and improvements
could be made to existing predictive methods for flow pattern, pressure drop and heat
transfer coefficient based on the experimental database, and validated against other flow
boiling data in the literature. It would also be of interest to applications such as con-
centrating solar power to investigate the effect of non-uniformity of heat flux around the
circumference of the pipe, and the dynamic behaviour associated with transient heat flux

conditions.

There is significant scope for further development of advanced optical measurement
techniques for boiling flows. Firstly, capturing the velocity fields in both the vapour and
liquid phases would give further insights into the interaction of the phases, particularly
across the interface. Examination of the flow in the pipe cross-section would allow more
accurate determination of the experimental void fraction and dry angle, and would aid
further improvement of predictive methods for heat transfer coefficient, pressure drop

and flow pattern. It would also be of great interest to extend the application of the
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experimental methods presented here to a wider range of conditions for all flow patterns
to form a more complete picture of the phenomena observed in this work. Another natural
next step would be the corresponding measurement of spatio-temporally resolved wall and
fluid temperatures, rather than integral point measurements, for comparison to the space-

and time-resolved interface and velocity field information.

Ensemble averaging techniques similar to those applied to stratified-wavy flow could
be utilised to examine the velocity field behaviour in liquid slugs, particularly in the
nose and tail where mixing and secondary flows occur. The laser-induced fluorescence
techniques applied to annular flow in this work require further development to produce
reliable film thickness estimates. The geometry of the laser plane and camera could be
manipulated to increase the maximum measurable film thickness, and further attempts
should be made to achieve annular flow conditions in which the interface is not obscured
by bubbles. If the latter is not possible, a post-processing technique should be developed
to account for the presence of bubbles as best as possible. It would also be interesting to
measure the film thickness at the top of the pipe to investigate film asymmetry, whilst

particle image velocimetry in the liquid phase may reveal interesting flow structures.

The validation of the numerical phase change model for simulation of flow boiling in
micro-channels would be well-complemented by a systematic analysis of the impact of
the wetting conditions and channel aspect ratio on bubble growth. The solver requires
the addition of a turbulence model and subsequent step-wise validation of the results
from laminar flow in a square micro-channel to turbulent flow in a macro-scale horizontal
pipe. It would also be beneficial to consider conduction in the pipe walls to solve the
conjugate heat transfer problem and better emulate experimental conditions. Further
work is also required in the translation of experimental conditions into initial and bound-
ary conditions in the simulation. Ideally, a similar experiment would be designed with
this in mind, setting or measuring the inlet conditions such that they are well-defined.
Experimental measurement of the temperature field using infrared imaging or thermal
PLIF techniques would provide insights into the thermohydraulic flow behaviour and an

additional reference point for comparison to numerical simulations.

The research tasks proposed in this section will require advanced experimental and
numerical techniques to address and all present significant challenges in their implemen-

tation. However, the resulting data and models will significantly improve the current
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knowledge of boiling flows, which could translate to more effective design and operation

of applications based on flow boiling heat transfer.
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Appendix A

Temperature Measurement

Corrections and Calculations

A.1 Thermocouple response times

A thermocouple measures the temperature of its immediate environment, but when this
temperature changes, the temperature of the thermocouple itself must also change for
it to identify this. There is thus a time constant associated with the response time of
a thermocouple, i.e. the time delay between the environmental temperature changing
and this change being detected in the thermocouple output signal. This time constant
determines what temporal variations in the temperature measurement can be considered

significant and physical.

The method described by Markides [249] was used to estimate the time constants,
7, associated with the thermocouples in the facility. In these experiments the Biot
number, Bi = (Nu/2)(kguid/Kmeta), Where Nu is the Nusselt number and kgyid, Kmetal
are the thermal conductivities of the fluid and thermocouple metal respectively, obeys
Bi <~ 1072. This satisfies the condition Bi < 1, allowing the assumption of temperature
uniformity in the thermocouple bead [250]. Since the experimental temperatures are not
high (Texp max = 55 °C), radiative heat transfer can be neglected in comparison to the con-
vective and conductive contributions and the overall time constant of the thermocouple

wire is:
1
vviredWiFe

4deo SBT3
Twire = Tconv 1 L Nu
fluid

(A.1)
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where T.ony 18 the convective time constant, € is the emissivity of the thermocouple wire,
and ogp is the Stefan-Boltzmann constant. The empirical relation proposed by Collis and
Williams [251] for forced-convective heat transfer from the wire gives:

Nu = 0.24 + 0.56Re’ (A.2)

wire

and this value of Nu was also used to calculate 7..,, according to the method described

by Mastorakos [252]:

Pwire Cp,wire dgvire
conv — A3
T 4 ]{]ﬂuid Nu ( )

Based on the experimental conditions and corresponding fluid parameters, the thermo-
couple time constants are in the range 0.2-1.1s. This is insufficient to accurately capture
the temporal behaviour of, e.g., wave or slug dynamics and as such only temporally aver-

aged temperature based data is reported.

A.2 Thermocouple conduction errors

When using thermocouple measurements of temperature, the heat transfer along the
thermocouple itself is often ignored. However, depending on the experimental conditions
this heat transfer due to conduction may be non-negligible and the recorded temperature
T:aw may not be representative of the temperature at the thermocouple tip, Teo.r, and a
correction may be required.

Markides [249] proposed that the normalized conduction correction AT.,,q can be

obtained from the following solution of the 1-D conduction equation:

Ajﬂlcond _Tcorr - Traw o 1—-c
Tcorr B Tcorr B 1+ g_l

cond

ysinhmLy] — 1} (A.5)

(A.4)

Geond ={[coshm Ly + (

metal

where ¢ is a constant of proportionality defined as ¢ ~ Tyan /T, which due to the small
temperature range experienced by the experimental equipment is is always ~ 1071101
The parameter m is defined as m = 2\/h/(knetaidic), where h is the heat transfer co-
efficient h = (Kmeta/dic)Nu, dyie is the thermocouple diameter and L. is its immersed

length.
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Figure A.1: Errors in raw thermocouple temperature readings due to conduction heat
losses along the thermocouple wire.

From Eq. (A.2), the heat transfer coefficient to the thermocouple is estimated to be
in the range h & 500-2500 W/m?.K. Assessing geonqa across this range for h gives the
lines plotted in Fig. A.1. The in-flow thermocouples are introduced to the flow via a long
fitting, so the immersed length ratio Li./d;. &~ 200. The wall thermocouples are laid along
the pipe wall, so the ‘immersed’ length may be considered to be the contact length and
Lie/dye = 250. For these conditions, geonqa < 1072 from Fig. A.1 and AT.onq/Teor from
Eq. (A.5) is vanishingly small, so conductivity errors in the thermocouple measurements

may be neglected.

A.3 Calibration

All thermocouples in the facility, including in-flow and wall temperature thermocouples,
were calibrated using the same method with the reference temperature provided by a
digital thermometer with a 5-point UKAS calibration. The thermometer was placed in
an agitated water bath with the thermocouples arranged concentrically around it with a
spacing of 10 mm, as illustrated in Fig. A.2. Insulation was placed over the top of the
water bath to minimise heat losses to the ambient. The temperature of the water bath
was increased in 5 °C intervals from 20 °C to 70 °C, with thermocouple readings recorded

for 5min at each interval and digital thermometer readings taken every 30s during this
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Figure A.2: Diagram of thermal bath set-up for thermocouple calibration. Measurements
are in mm.

time.

The recorded thermocouple data was then fitted to the thermometer readings using
linear regression and the corresponding corrections applied within the LabView interface.
An example of the data and fitting for one of the thermocouples is shown in Fig. A.3.
It should be noted that the fit and confidence intervals shown in this plot are calculated

based on the whole calibration temperature range.

After calibration of all thermocouples in the facility, the average 95 % confidence in-

tervals was found to be £0.25 K.

A.4 Inside wall temperature calculation

The measured wall temperature in the experimental facility described in Section 3.2.2
is the outside wall temperature, T}, ,, but the inside wall temperature, Ty, ;, is required
for calculation of an experimental heat transfer coefficient. To find T ;, analysis of the
conjugate heat transfer between the convection/boiling in the fluid and the conduction in

the pipe walls was performed.

Generally, axial conduction in the pipe walls can be neglected when the walls are thin.
Maranzana et al. [253] proposed evaluation of a dimensionless axial conduction number
M. to determine the significance of axial conduction in the wall compared to convective

heat transfer in the flow. They found that axial heat conduction in the wall could be
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Figure A.3: Thermocouple calibration data at one recorded temperature alongside the
fitted line and 95 % confidence intervals as applied to the whole calibration temperature
range.

considered negligible for M. < 0.01, with

Ay (do — i) (1 4 S

M, = A.
k:lPeLht ( 6)
where Pe is the Peclet number given by
di
Pe = —’LL PiCp) (A?)
ky

For the experimental conditions, 107 < M, < 107*, so axial heat conduction in the
pipe wall can confidently be neglected.

Then, the heat transfer must only be solved in the radial direction to determine Ty ;.
This was assessed by considering the control volume presented in Fig. A.4. Performing

an energy balance across the control volume gives

Qr+Q"dV = Qriar (A.8)
Qr+dr - Qr = dev (Ag)
dQ =Q"dv (A.10)

By Fourier’s law, ), = —kA%, and for the control volume A = 27rL. Substituting
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Figure A.4: Control volume evaluated for solution of one-dimensional heat transfer in
pipe walls. @ is heat flow measured in W, and Q" is the heat input per unit volume, V.

this into the energy balance gives

dT "
- d(27r7“Lkd—) =@ 2mrdrL (A.11)
r
Integrating once and rearranging gives
ar Q"' r?
—kr— = C A12
" dr 2 + ( )
ar  Q"r <
- _x = Al
dr 2k kr (A.13)

where C is a constant of integration. Then integrating again

1" 2
@ r —glnr+D (A.14)

== %

where D is a second constant of integration.

If negligible heat losses are assumed, then (i—Z)T:T and

1"

Qo C
0= 5" = (A.15)
" 2
C= —ero (A.16)
Q/NTQ Q,NTQ
T=—*+“*lr+ D (A.17)
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Also, T,—,, = Ty o, sO

D =Tyo+ Q;:g - Q;:g Inr, (A.18)
T="Tyo+ Q;;:g — Q;Z2 + Q;,]:g Inr — Q;lkrg Inr, (A.19)
=Two+ 622—; (# +721n :—O) (A.20)
Evaluating this equation at r = r;, and considering that Q" = % gives the equation
given in Chapter 3
. 2 _ g2 :
Twi =Twot 27rkpipeLCi:(lr§ —r?) (ro 2 o :_;) (4.21)
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Appendix B

Supplementary Material for

Computational Results

B.1 Pressure profiles for the inertia-free case

Fig. B.1 shows the streamwise profiles of pressure extracted along the channel axis and
the channel bottom for the We; < 1 cases. The profiles along the channel axis (a,c) show
that there is always a pressure discontinuity associated with the Laplacian pressure jump
across the nose and tail of the bubble, with the pressure jump being larger at the nose
owing to its larger curvature. The pressure drop induced by the bubble, whose values
are reported in Fig. B.2, increases with increasing Bo, in particular when Bo > 1. The
streamwise pressure profiles extracted along the bottom wall, see Fig. B.1b and d, exhibit
a change in their trends as the Bond number increases. In the Bo < 1 regime, there
is still an apparent rise in the pressure at the wall along the bubble region, owing to
the Laplace jump in pressure at the interface (of magnitude ~ +/r). However, as Bo is
progressively increased above 1, the pressure discontinuity at the nose and bubble rear
disappears because the bottom half of the bubble flattens, thus causing a reduction (and

disappearance) of the Laplacian pressure jump across the bottom interface.
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Figure B.1: Streamwise pressure profiles along the (a,c) channel axis and (b,d) channel

bottom (z =0, y = —r).
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Figure B.2: Streamwise pressure drop induced by the bubble, calculated along the channel
axis. As a reference, Bretherton’s theoretical model in the absence of gravity (Bo = 0)
predicts Ap/(y/r) = 4.52(3Ca)?3 = 0.89 and 1.57 for, respectively, bubble capillary
numbers Ca = 0.029 (Ca = 0.024) and Ca = 0.068 (Ca; = 0.051).

259



	Introduction
	Motivation
	Objectives
	Outline
	Publications

	Background and Theory
	Predictive methods in boiling flows
	Flow patterns
	Pressure drop in boiling flows
	Heat transfer coefficient in boiling flows

	Experimental investigations of boiling flows
	Overview of experimental flow boiling studies
	Optical measurement techniques in boiling flows

	Numerical investigations towards boiling flows
	Elongated bubble flow

	Summary

	Experimental Methods
	Experimental design
	Description of the experimental facility
	Flow loop
	Heated test section
	Visualisation section
	Safety considerations

	Description of integral measurement techniques
	Temperature
	Pressure
	Pressure drop
	Flow rate

	Data reduction for integral measurements
	Mass flux
	Heat flux
	Heat transfer coefficient
	Vapour quality
	Pressure drop
	Uncertainty analysis

	Description of optical measurement techniques
	High-speed imaging for flow pattern identification
	Combined PLIF and PIV technique
	Combined BBLIF and PLIF technique

	Image processing
	High-speed imaging for flow pattern identification
	PLIF and PIV for stratified, stratified-wavy and slug flows
	BBLIF and PLIF for annular flows

	Test fluid
	Property analysis

	Facility commissioning and validation
	Single phase validation of integral measurements
	Single phase validation of PIV measurements


	Computational Methods
	Numerical model for multiphase flow
	Problem description
	Numerical method
	Simulation set-up

	Numerical model for multiphase flow with phase change
	Problem description
	Numerical method
	Simulation set-up


	Integral Measurements
	Experimental parameter ranges
	Flow patterns
	Pressure drop
	Experimental data
	Comparisons with pressure drop predictions

	Heat transfer
	Experimental data
	Comparisons with heat transfer coefficient predictions

	Summary

	Detailed Spatio-temporally Resolved Measurements
	Stratified flow
	Velocity field and interface information
	Heat transfer effects
	Heat transfer coefficient prediction

	Stratified-wavy flow
	Velocity field information
	Interface statistics and heat transfer effects
	Wave characteristics

	Slug flow
	Velocity fields
	Slug frequency
	Vapour bubble velocity

	Annular flow
	Summary

	Numerical Simulations Towards Flow Boiling
	Inertial and buoyancy effects on flow of elongated bubbles in horizontal pipes
	Theoretical predictions
	Model validation
	Buoyancy effects
	Inertial effects
	Film thickness predictive method comparison to experimental data

	Flow boiling model development
	Phase change model validation in micro-channels
	Simulation of experimental conditions

	Summary

	Conclusion
	Overview of thesis achievements
	Recommendations for future work

	Bibliography
	Temperature Measurement Corrections and Calculations
	Thermocouple response times
	Thermocouple conduction errors
	Calibration
	Inside wall temperature calculation

	Supplementary Material for Computational Results
	Pressure profiles for the inertia-free case


