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Abstract 

Recently, climate change associated with the increasing level of atmospheric CO2 provoked 

growing interest in the recycling of captured CO2 to produce methanol and DME using 

renewable sources of hydrogen. For CO2 hydrogenation, numerous catalysts have been 

investigated. Among them, bimetallic catalysts are promising due to their unique properties. 

In this work, the performance of Ni-Ga based catalysts for CO2 hydrogenation to methanol 

and DME was investigated at elevated pressures. A passivation technique using N2O was 

developed for the air-sensitive Ni-Ga catalysts to facilitate transfer to the reactor. The effect of 

Pd promotion on the reducibility and performance of a Ni-Ga catalyst was also studied. For 

the single-stage DME synthesis, Ni-Ga and Pd-Ga based catalysts were investigated as the 

methanol synthesis component with the zeolites ferrierite (FER) and ZSM-5 as the acid 

component.  

Ni-Ga(5:3 and 1:1)/SiO2 catalysts were found to have higher selectivity to methanol but lower 

activity compared to a commercial Cu/ZnO/Al2O3 catalyst at elevated pressures. Loss in 

activity and selectivity is attributed in part to the decomposition of the Ni-Ga intermetallic phase. 

The Ni-Ga catalyst was reversibly poisoned significantly in the presence of reaction products 

(especially CO). Addition of Pd to the Ni-Ga(5:3)/SiO2 showed an enhanced methanol 

synthesis activity, possibly due to hydrogen spillover. Ferrierite and ZSM-5 worked well as the 

methanol dehydration component in single-stage DME synthesis with Ni-Ga or Pd-Ga 

catalysts under CO2/H2. FER based mixtures demonstrated good stability and selectivity due 

to the unidirectional channel structure that suppresses hydrocarbon formation, while the 

performance of ZSM-5 was greatly dependent on the water concentration. The effect of 

proximity between the two catalyst components in physical mixtures was found to be more 

pronounced in the Ni-Ga based mixtures due to metal transfer, which appeared to be 

facilitated by the relatively high re-activation temperature.  

Keywords: intermetallic catalysts, CO2 hydrogenation, methanol, single-stage DME synthesis, 

Ni-Ga 
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Chapter 1 Introduction 

Currently, over 80% of global energy demand comes from fossil fuels. This has led to strain 

on global fossil fuel reserves and is exacerbated by the increasing population and rapidly 

improving living standards in developing countries. This situation is unlikely to change in the 

immediate future and the global energy demand is estimated to grow by 50% over the next 20 

years. Although the proven gas and oil reserves have increased by 70% and 40% respectively 

[1], only a small fraction is accessible with current technology. Based on the expected demand 

growth rate, there is only enough supply to last for thirty years [2]. 

The risk of climate change associated with the use of fossil fuel makes the current situation 

even more difficult. The emission of greenhouse gas into the Earth’s atmosphere, especially 

anthropogenically-produced carbon dioxide, is believed to be the cause of global temperature 

rises. As the concentration of CO2 (and other greenhouse gas such as methane and CFCs) 

increases, the percentage of infrared radiation reflected back to the Earth increases, leading 

to an increased temperature of the Earth surface. 

Extensive research is constantly being carried out to find solutions for both energy crisis and 

climate change. Carbon capture and storage (CCS) is one of the options that could help 

mitigate climate change. About 42% of the global CO2 emissions from fuel combustions are 

owed to electricity and heat generation [3], hence, carbon emissions could be effectively 

reduced if CCS technologies were implemented at large point sources such as power plants. 

However, CCS is non-profitable and requires a lot of capital investment. On the other hand, 

carbon capture and utilisation (CCU), which refers to the technologies that turn waste CO2 into 

valuable products such as fuels and various chemicals, is a promising way to achieve a 

profitable yet carbon neutral process. In particular, the hydrogenation of CO2 using renewable 

hydrogen (from biomass or water splitting using renewable energy) to methanol, as suggested 

by the ‘methanol economy’ concept [4-6], has attracted a lot of attention in the research 

community since methanol is both a fuel and a key chemical reagent.  
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Methanol is a safer alternative to hydrogen and liquid natural gas, it can be directly integrated 

into existing fuel delivery system and infrastructure at a low cost [7]. Methanol is also an 

important building block for various hydrocarbons. The methanol synthesis process typically 

takes place over a Cu/ZnO/Al2O3 catalyst. Despite being the dominant catalyst, it is not most 

ideal for CO2 hydrogenation owing to its tendency to catalyse the reverse water gas shift 

reaction and its accelerated deactivation under CO2-rich conditions [8, 9]. Therefore, great 

efforts have been put into the development of more active, selective and stable catalysts for 

CO2 hydrogenation to methanol. Among the catalyst innovations, bimetallic catalysts emerge 

as an important class of catalyst owing to the synergistic effect that could greatly enhance the 

specific chemical and physical properties of the catalysts compared to their constituent metals 

[10, 11]. Recently, Studt and co-workers [12] reported the discovery of Ni-Ga catalysts for CO2 

hydrogenation to methanol based on work carried out at atmospheric pressure. Ni5Ga3/SiO2 

was reported to have a methanol synthesis activity comparable to the conventional 

Cu/ZnO/Al2O3 catalysts but with significantly reduced CO production. However, the 

thermodynamic equilibrium for CO2 to methanol is very low at atmospheric pressure (less than 

0.02% conversion at 250 °C); for industrial applications Ni-Ga based catalysts would have to 

operate at elevated pressures. Despite the apparent promise of this catalyst system, due to 

the severe pre-reduction conditions (700 °C) involved in the preparation of these active Ni-Ga 

catalysts [13, 14], no high-pressure results have been reported. 

In addition to green methanol synthesis, the dehydration of methanol to form dimethyl ether 

(DME) is also a subject of great interest. DME is a non-toxic, non-corrosive gas with a normal 

boiling point of -25 °C that can be easily liquefied at pressures above 5 bar at room 

temperature [15]. The physical properties of DME are similar to that of LPG (liquefied 

petroleum gas), making its integration into existing storage and distribution systems 

straightforward [16]. DME has also been identified as a clean alternative fuel for diesel engines 

due to its high cetane number and low NOx, SOx and particulate emissions. In addition to its 
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role as energy carrier, DME is also a key intermediate for production of many hydrocarbons 

and oxygenate products [16].  

DME can be synthesised via two different routes, the direct and indirect synthesis. The indirect 

route involves two steps (1) traditional methanol synthesis from syngas over ternary 

Cu/ZnO/Al2O3 catalyst (2) methanol dehydration over solid acid catalysts. The direct route, as 

the name suggests, is a one-step process where syngas is converted to DME in the same 

reactor under reaction conditions similar to those for methanol synthesis. This requires two 

catalytic functions: a metallic function that catalyses the methanol synthesis via the 

hydrogenation of carbon oxides, and an acid function that catalyses the DME formation via 

methanol dehydration. This can be achieved by using either a physical mixture of methanol 

synthesis catalyst and solid acid catalyst for methanol dehydration, or a bi-functional catalyst. 

The direct route is a promising process not only because of the alleviated thermodynamic 

constraints associated with methanol synthesis by simultaneously forming DME, but also due 

to lower costs compared to the two-step process [15, 17]. In addition, the possibility of 

incorporating CO2 into syngas for DME synthesis brings two main advantages: (1) utilisation 

of CO2 [18] (2) hydrogenation of CO2 to form methanol/DME is a safer way to store renewable 

H2 as a fuel. 

Unfortunately, the single-stage process has not yet been successfully demonstrated at large 

scale (demonstration plants) and the catalytic systems explored so far have been inadequate 

for industrial implementation [17]. Despite the potential of the intermetallic catalysts mentioned 

earlier, there is limited literature concerning their use as the methanol synthesis component 

for the single-stage DME synthesis. Furthermore, the potential of various solid acids as the 

methanol dehydration component as well as the compatibility between the two catalytic 

functions are still under extensive research [19]. Hence, investigation into the catalytic 

performance of intermetallic compound based catalysts with solid acid for the single-stage 

DME synthesis under CO2-rich conditions is necessary.  
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1.1 Research objectives 

Although intermetallic compound based catalysts (Ni-Ga/SiO2) have been recognised as 

promising catalysts for methanol synthesis (refer to Chapter 2 for more detail), there are still 

many aspects that have not yet been investigated. Therefore, the aim of this thesis is to 

evaluate and discuss the performance of Ni-Ga based catalysts under elevated pressures as 

well as their use as the methanol synthesis catalyst in a dual-functional catalytic system with 

various solid acids for the single-stage DME synthesis under CO2-rich conditions. To realise 

this aim, the air-sensitive nature of the Ni-Ga catalysts was overcome using a passivation 

procedure and the catalytic tests were conducted in a fixed bed stirred tank reactor (CSTR), 

which provides accurate rate information due to its gradientless nature (i.e. constant 

temperature, pressure and gas composition throughout the reactor). The research work 

presented here has the following objectives: 

Methanol Synthesis 

• To develop a passivation procedure for the Ni-Ga based to facilitate transfer to high-

pressure reactors 

• To evaluate the performance of Ni-Ga/SiO2 catalysts under elevated pressures and 

compare to that of a commercial Cu/ZnO/Al2O3 catalyst under CO2/H2  

• To study the effect of CO in the feed gas on the catalytic performance of the Ni-Ga 

based catalysts 

• To investigate the effect of palladium addition to the Ni-Ga catalyst on the reducibility 

and performance of the catalyst  

• To compare the catalytic performance of Ni-Ga/SiO2 and Pd-Ga/SiO2 catalysts 

Single-stage DME Synthesis 

• To examine the catalytic performance of Ni-Ga/SiO2/Pd-Ga/SiO2 + Zeolites system 

under CO2/H2. Ferrierite and ZSM-5 are to be investigated since they have been shown 

to be stable and selective under CO2/H2 [17, 20]. 
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• To assess the influence of proximity between the intermetallic compound based 

catalysts and solid acid catalysts using physical mixtures 

• To study the effect of CO on the catalytic performance of the Ni-Ga/Pd-Ga + zeolite 

catalysts 

 

1.2 Thesis outline 

Chapter 2 presents a literature review. Methanol synthesis via CO2 hydrogenation is reviewed, 

with emphasis on the development of intermetallic based catalysts for CO2 hydrogenation. 

The solid acid catalyst component for DME synthesis is discussed, followed by the catalytic 

challenges in the single-stage DME synthesis from CO2. 

Chapter 3 gives details of experiment set-ups and procedures used to test the catalysts. 

Relevant product analysis, calculation method and catalyst characterisation tests are also 

described. 

Chapter 4 presents and discusses experimental work that examines the passivation approach 

for the Ni-Ga catalysts as well as the performance of these catalysts under elevated pressures 

in the CSTR. Chapter 5 investigates Pd-promotion on the Ni-Ga catalyst and compares the 

Pd-Ga catalysts to the Ni-Ga catalysts. 

Chapter 6 explores the suitability of using the Ni-Ga and Pd-Ga intermetallic based catalysts 

as the methanol synthesis component with zeolites for the single-stage DME synthesis. The 

influence of proximity between the catalytic functions is studied and discussed.  

Chapter 7 summarises the conclusions and outlines potential future work. 
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Chapter 2 Literature Review 

Climate change and fossil fuel depletion are provoking interest in alternative fuels that are 

commercially and environmentally friendly. Carbon capture and utilisation with renewable 

energy for the conversion of CO2 to value-added products such as methanol and DME has 

been considered to be a viable option. In this chapter, the concept of methanol economy and 

aspects of methanol synthesis process (thermodynamics and reaction mechanisms) are 

addressed first. Next, the methanol synthesis catalysts are reviewed, with emphasis on the 

recent development in bimetallic catalysts for CO2 hydrogenation. In the second part of this 

chapter, the single-stage DME synthesis process and various solid acid catalysts are 

discussed.  

2.1 Methanol synthesis 

2.1.1 Methanol economy  

Methanol is an important liquid petrochemical in the chemical and energy industries. It is 

commonly used as solvent and starting material for other chemicals (e.g. formaldehyde, acetic 

acid and dimethyl terephthalate) and fuel additives (e.g. methyl tertiary butyl ether) [21]. 

Methanol is also an important feedstock for many other hydrocarbons, such as methanol-to-

olefins. In addition, methanol is a liquid energy carrier for renewable hydrogen and it can be 

used as an alternative fuel or blended with gasoline [4].  

Methanol is commercially synthesised from syngas, a mixture of carbon oxides and hydrogen. 

The mitigation of climate change requires effective utilisation of CO2, great effort has been put 

on CO2 conversion to methanol. Olah et al. [4] proposed the concept of methanol economy, 

where the production of methanol, dimethyl ether and various synthetic hydrocarbons from 

captured CO2 and their uses as fuels and chemicals can free mankind from the dependence 

on non-renewable fossil fuels and mitigate global warming. Other advantages of methanol 

synthesis from chemical recycling of CO2 include the avoidance of CO2 collection and 
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sequestration (costly) and the possibility of unlimited sources of transportation fuels and 

energy [5]. With this approach, the nature of our current energy usage, storage and 

transportation infrastructure as well as usage of various hydrocarbons and products does not 

need to be altered drastically [5]. Due to the growing interest in CO2 recycling, this topic has 

been subjected to a number of reviews [22-25] recently and novel CCU technologies have 

been reviewed and reported to the European Commission [26].  

2.1.2 Sources of renewable CO2/H2 

In 2011, Olah and co-workers [6] proposed that the methanol economy is based on the 

anthropogenic carbon cycle that combines carbon capture and storage with chemical recycling. 

Methanol is currently produced from fossil fuel-derived syngas, which is non-renewable and 

quickly diminishing. Therefore, the recycling of CO2 should be coupled with hydrogen 

generated from water to offer long-term sustainable solution to meet our future energy demand.  

Sources of CO2 

Today, 90% of the world’s primary energy requirement is met by burning fossil fuel. Together 

with deforestation, this has led to a significant rise in the atmospheric CO2 concentration from 

pre-industrial level of 280 ppm to the current level of 400 ppm. CO2 being the most important 

greenhouse gas (GHG), is responsible for around 64% of the greenhouse effect, which is 

related to the global warming and climate change by absorption and reemission of the infrared 

radiation from the sun [27].  

To prevent the CO2 concentration reaching a predicted level of 570 ppm at the end of the 

century, assuming business as usual, it is necessary to curb CO2 emission. This can be 

achieved by increasing the penetration of renewable energy systems, improving energy 

efficiency and deploying technologies such as carbon capture and storage (CCS) [22, 28]. 

Although the renewable energy systems can decarbonise electricity generation sector, they 

cannot reduce the CO2 emissions from other industrial sectors. For these, CCS and CCU must 

be used. Currently, the individual components of CCS are well-established technologies but 
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there are several challenges in integrating them together for large-scale implementation. 

These barriers include high capital investment and the potential risk of CO2 leakage [29]. On 

the other hand, the CCU process where the CO2 is captured and reused has received 

increasing attention due to its economical benefits and the contribution to the sustainable 

energy and environmental sectors [22]. It is important to note that CCU is only a short term 

strategy as the CO2 that is reused still needs to be stored at the end of its lifecycle.  

The most significant source of CO2 is from the flue gases emitted by power plants [30]. The 

three main techniques for the capture of these CO2 are pre-combustion, post-combustion and 

oxy-fuel capture [31]. In the pre-combustion capture, CO2 is removed by gasification of the 

fossil fuels before combustion. This produces a stream that is rich in CO2, which makes the 

subsequent CO2 removal easier. The post-combustion capture refers to the removal of CO2 

from the flue gas after the combustion is complete. Oxy-fuel capture is the process of using 

pure oxygen for combustion instead of air, this makes the separation more convenient as the 

combustion products are mainly water and CO2.  

Post-combustion capture is considered to be a more viable technology for existing power 

plants due to relatively easy retrofit. However, the major barrier of its implementation is the 

separation of CO2 from flue gas stream with low CO2 partial pressure. Many technologies have 

been investigated over the years, for example, chemical absorption, membrane separation, 

calcium-looping and cryogenic separation [32]. Among them, chemical absorption is a more 

suitable and mature technology. Amine solvents such as monoethanolamine (MEA), 

diethanolamine (DEA) and methyl diethanolamine (MDEA) are most widely used in the 

industries nowadays due to their good performance and low cost [33]. Ionic liquids have been 

reported to be a good replacement of amine-based solvents owing to the advantages of high 

CO2 solubility, thermal stability and tuneable structures [34]. New materials such as solid 

sorbents (e.g. zeolites, layered double oxides, carbon-based adsorbents, etc.) are attracting 

more attention due to their promising adsorption capacity, selectivity and stability [35-37]. 

However, being more energy-intensive is usually associated with chemical absorption 
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processes. Recently, membrane-based separation is considered to become a promising 

option for CO2 separation. The advantages of membrane technologies include simplicity, low 

environmental impact and less energy penalty [38]. In addition to CO2 separation, impurities 

in CO2 captured from combustion based power generation such as sulphur- or chlorine-

containing substances are often an issue for the utilisation of captured CO2, as these impurities 

can easily poison metal catalysts [8]. 

Sources of H2 

Currently, industrial manufacture of hydrogen is mainly carried out by coal gasification, steam 

reforming and partial oxidation of hydrocarbons. These technologies are based on fossil fuel 

processing, which has two main disadvantages, fossil fuel depletion and considerable CO2 

emission [39, 40]. Hydrogen can also be produced from renewable sources, for instance, 

water electrolysis with electricity from renewable energy [41]. Alkaline electrolysers (ALK) 

have been the most mature technology and they work by having two electrodes separated by 

a diaphragm in alkaline electrolyte solution, where the hydroxide ions (OH-) are transported 

from the cathode to the anode. Recently, the state-of-the-art nickel based electrolyser 

demonstrated good corrosion resistance and high efficiency [42]. In addition to ALK, proton 

exchange membrane (PEM) electrolysers have been introduced as alternative that is more 

efficient and flexible. 

Other than water electrolysis, photocatalytic water splitting is a promising technology to 

produce renewable hydrogen using solar energy. The decomposition of water under sunlight 

to produce hydrogen and oxygen takes place over semiconductor catalysts. Most of these 

catalysts are only active in the ultraviolet spectrum, therefore, numerous research has been 

conducted to develop active and stable catalysts for visible light applications [43]. TiO2 is one 

of the most well-known photocatalyst because it is stable, cheap and environmental friendly 

[44].  However, the drawbacks of TiO2 include the rapid recombination of photogenerated 

electron-hole pairs, backward reaction and poor activation by visible light [45]. To overcome 

these, modifications have been made to the TiO2 catalysts, such as metal deposition (e.g. 
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Ag2O/TiO2 [46], deposition of Pt-group metals [47], hybridisation with carbon materials [48-50] 

and binary composites coupling (e.g. WO3, SiO2, Al2O3, CdS, etc. [48]).  

Biomass derived CO2/H2 

Biomass has the potential to be converted into renewable energy. Waste biomass can be 

sourced from various origins, which are not limited to agricultural crops, animal wastes and 

municipal solid wastes. The superficial water gasification (SWG) is an emerging process to 

convert biomass to synthesis gas, the advantages of SWG include higher conversion 

efficiency, drying not required, cost-effective and reduced pollutions [51]. Aqueous-phase 

reforming (APR) is also a promising process to produce CO2/H2 mixture. In APR, a wide range 

of biomass can be used as the feedstock and less CO is produced due to the facilitated reverse 

water gas shift reaction under typical APR operating temperature [52]. However, the products 

from the above processes need stoichiometric adjustment (addition of hydrogen or CO2 

removal) to give a higher H2/CO2 ratio (typically ≥ 3 is desirable) for methanol synthesis over 

most catalysts.  

2.1.3 Methanol synthesis thermodynamic and kinetic considerations 

In order to better understand the catalytic performance in CO2 hydrogenation to methanol 

process, the thermodynamic and kinetic aspects of the methanol synthesis process should be 

addressed first. In this section, existing literature on the thermodynamics, reaction 

mechanisms and kinetic models are reviewed. It is noted that the mechanistic investigations 

on these areas are predominantly based on the most studied Cu-based catalytic systems.  

2.1.3.1 Thermodynamic equilibrium 

The main equations governing the methanol synthesis are as follows [53]: 

𝐶𝑂 + 2𝐻2 ⇌ 𝐶𝐻3𝑂𝐻 Reaction 1 

∆𝐻 = − 91𝑘𝐽 𝑚𝑜𝑙⁄ ; ∆𝐺 = −25.34 𝑘𝐽 𝑚𝑜𝑙⁄   

𝐶𝑂2 + 3𝐻2 ⇌ 𝐶𝐻3𝑂𝐻 + 𝐻2𝑂 Reaction 2 

∆𝐻 = − 49.5𝑘𝐽 𝑚𝑜𝑙⁄ ; ∆𝐺 = 3.30 𝑘𝐽 𝑚𝑜𝑙⁄   
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𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2 Reaction 3 

∆𝐻 = − 41.2𝑘𝐽 𝑚𝑜𝑙⁄ ; ∆𝐺 = −28.60 𝑘𝐽 𝑚𝑜𝑙⁄   

Any two of reactions 1 – 3 can define the equilibrium compositions and describe the system 

thermodynamically. Hydrogenation of carbon monoxide (reaction 1) has always been the 

basic expression for methanol synthesis, however, others believe that methanol production 

over Cu-based catalysts is the result of carbon dioxide hydrogenation (reaction 2). 

Both reactions 1 and 2 are reversible and exothermic, and both forward reactions undergo 

volume reduction. Therefore the maximum conversion can be achieved at low temperatures 

and high pressures. As a result, typical industrial methanol synthesis is performed at 250 °C 

and 50 bar.  

Some of the expressions for the equilibrium constants (over Cu-containing catalysts) proposed 

by different authors are summarised in Table 2.1, where Ka1, Ka2, Ka3 are the equilibrium 

constants for reaction 1, 2 and 3 respectively. Other expressions can be found in the book 

Methanol Synthesis [54].  

Table 2.1, Ka expressions for reactions 1 – 3 

Reaction Author Equilibrium constant 

𝑪𝑶 + 𝟐𝑯𝟐 ⇌ 𝑪𝑯𝟑𝑶𝑯 

Kuznetzov et 

al. [55] 

𝑙𝑛𝐾𝑎1 =
3748.7

𝑇
− 9.2833𝑙𝑛𝑇 + 3.1475 × 10−3𝑇 −

4.2613 × 10−7𝑇2 + 13.8144  

Graaf et al. 

[56] 
𝑙𝑜𝑔10𝐾𝑎1 =

5139

𝑇
− 12.621  

LE Wade et al. 

[57] 

𝐾𝑎1 = 9.740 × 10−5 × exp [21.225 + (
9143.6

𝑇
) −

(7.492𝑙𝑛𝑇) + (4.076 × 10−3)𝑇 − (7.161 × 10−8)𝑇2]  

𝑪𝑶𝟐 + 𝟑𝑯𝟐 ⇌ 𝑪𝑯𝟑𝑶𝑯

+ 𝑯𝟐𝑶 

Kuznetzov et 

al. [55] 

𝑙𝑛𝐾𝑎2 =
1581.7

𝑇
− 8.7639𝑙𝑛𝑇 + 2.1105 × 10−3𝑇 −

1.9303 × 10−7𝑇2 + 15.0921  
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𝑪𝑶𝟐 + 𝑯𝟐 ⇌ 𝑪𝑶 + 𝑯𝟐𝑶 

Kuznetzov et 

al. [55] 

𝑙𝑛𝐾𝑎3 =
−2167

𝑇
+ 0.5194𝑙𝑛𝑇 − 1.037 × 10−3𝑇 +

2.331 × 10−7𝑇2 + 1.2777  

Graaf et al.  

[56] 
𝑙𝑜𝑔10𝐾𝑎3 =

−2073

𝑇
+ 2.029  

L. Bissett [58] 

𝐾𝑎3 = exp [−13.148 + (
5639.5

𝑇
) + (1.077𝑙𝑛𝑇) +

(5.44 × 10−4)𝑇 − (1.125 × 10−7)𝑇2 − (
49170

𝑇2 )]  

 

Skrzypek et al. [9, 59] carried out comprehensive studies on the thermodynamics of methanol 

synthesis. The computational results were plotted as a function of temperature and pressure 

for a few feed gas compositions. Some of them (CO-free feed gas) are reproduced and shown 

in Figure 2.1. 

 

Figure 2.1, Equilibrium MeOH conversion as a function of temperature at 5 bar and 25 bar, 

feed compositions: CO2/H2 = 20/70, replotted from the work by Skrzypek et al. [9] 

The CO2 hydrogenation to methanol is not as thermodynamically favourable as CO 

hydrogenation. Arakawa et al. reported that the equilibrium methanol yield from CO2 is about 

40% while the yield from CO is 80% at 200 °C [60]. Under CO-free condition, the undesirable 
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reverse water gas shift reaction becomes important, which further decreases the methanol 

yield.  

2.1.3.2 Reverse water-gas shift reaction 

Reverse water-gas shift (rWGS) is the reaction between carbon dioxide and hydrogen to form 

carbon monoxide and water (reaction 3). rWGS is commonly involved in several industrial 

processes such as methanol synthesis and methanol steam reforming.  

In catalytic CO2 hydrogenation to methanol, a third of the H2 is converted to water according 

to Reaction 2. This is significantly higher compared to commercial methanol synthesis from 

syngas [61]. In order to overcome the thermodynamic barrier associated with the unreactivity 

of CO2, higher temperature is used to facilitate CO2 activation. However, more undesirable 

CO and H2O are produced as byproducts from the rWGS reaction. Consequently, it leads to 

higher H2 consumption and reduced methanol synthesis [9]. Water formed from the rWGS is 

one of the major reasons for the suppression of catalytic activity. This is because water 

molecules compete with CO2 for adsorption sites on the catalyst surface, preventing the 

adsorption of CO2 for methanol formation [62]. In addition, water also causes rapid sintering 

in Cu/ZnO/Al2O3 catalyst, this will be discussed in the next section. Therefore, a catalyst with 

low rWGS activity should be developed for effective methanol synthesis from CO2.  

2.1.3.3 Reaction mechanism over Cu based catalysts 

There had been a long debate whether methanol synthesis was CO hydrogenation or CO2 

hydrogenation. Klier and co-workers suggested that methanol was formed predominantly from 

CO since the maximum methanol production rate was observed at 2% CO2 (CO:CO2:H2 = 

28:2:70 and the rate decreased significantly as CO2 concentration was increased [63]. This 

maximum was considered to be the result of the stabilising effect of CO2 on the monovalent 

copper (Cu+ or Cu2O). Since CO2 adsorbed more strongly on the catalyst, the methanol 

production dropped as CO2 concentration increased. On the other hand, Rozovskii et al. [64] 

proposed an alternative mechanism, in which methanol synthesis was considered to proceed 
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via CO2 hydrogenation instead of CO. In addition, they claimed that the net source of carbon 

is CO oxidised via WGS reaction. Following this work, Chinchen et al. [65] conducted isotope-

labelling experiments in 1987, where 14CO or 14CO2 tracer was added to the syngas for 

methanol synthesis over a commercial Cu/ZnO catalyst. Strong evidence indicated that CO2 

was the major source of carbon under industrial conditions [66]. In addition, there was no 

common surface carbon intermediate for both methanol synthesis and WGS over Cu/ZnO 

catalyst. Methanol synthesis via direct CO hydrogenation only occurred when the CO2 

concentration was very low, or at high temperatures [67]. Other studies using isotope-labelled 

C18O2 showed that both CO2 and CO hydrogenation were possible and the results were further 

complicated by the exchange of isotope-labelled oxygen atoms between the carbon oxides 

and catalyst oxides [68, 69]. Since Cu/ZnO catalyst is a good WGS catalyst which facilitates 

the interconversion of carbon oxides, the controversy about the source of methanol still exists, 

but it is now widely accepted that the main mechanism of methanol synthesis over copper-

based catalyst is via CO2 hydrogenation at the prevailing conditions used industrially. 

Deduced from extensive observations from IR spectroscopy, X-ray photoelectron 

spectroscopy and scanning tunnelling microscopy, the most important intermediate involved 

in methanol synthesis is the formate species (HCOO*). It arises due to direct CO2 

hydrogenation via an Eley – Rideal (E – R) mechanism [65, 70, 71], involving pre-adsorbed 

surface hydrogen on the catalyst surface. Hence, it is considered to be a step by step process 

where the formate species are converted to dioxymethylene (H2CO2
*), formaldehyde (H2CO*), 

methoxy (CH3O*) and finally methanol (CH3OH) [71].  

It was thought that when hydrogen molecules collided with cupper surface, dissociation of 

hydrogen occurred and hydrogen remained as adsorbed surface atoms [71]. On 

stepped/rough or flat surfaces such as Cu (775) and Cu (111), the co-adsorption of CO2 led 

to the formation of carbonate and/or bicarbonate species, however, the initial release of an 

oxygen atom from CO2 was essential. Thus CO2 was converted to CO and surface oxygen 

(O*) and/or hydroxyl (HO*), which played an important role in methanol formation by promoting 
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the adsorption of CO2 and its subsequent hydrogenation [67]. Although the source of formate 

remains unclear due to difficulties in measurement under harsh reaction conditions, the IRRAS 

(infrared reflection absorption spectroscopy) spectra provided evidence that the conversion of 

carbonate to formate had occurred [71].  

However, other authors [72] claimed that on clean, single-crystal Cu (111), (110) and (100) 

surfaces, no reaction was observed upon adsorption of CO2. DFT analysis showed that on Cu 

(111) surface, the formation of formate did not involve a carbonate intermediate and the 

hydrogenation of HCOO* resulted in HCOOH* instead of dioxymethylene. In this case, CO not 

only promoted the reaction, but CO* formed was also hydrogenated to HCO*, CH2O*, CH3O* 

and CH3OH* [72]. In addition, kinetic studies demonstrated that formate formation was 100 

times faster than the rate of methanol desorption [73]. Thus, methanol synthesis on copper 

could not be the result of direct hydrogenation from (bidentate) formate species by adsorbed 

hydrogen alone. A water-promoted mechanism involving carboxyl intermediate was also 

proposed by Yang and co-workers [74]. This hydrocarboxyl (COOH) mechanism was 

proposed to following the sequence COOH, HCOOH, HCO, HCOH, CH2OH then CH3OH 

(Figure 2.2), which was kinetically more favourable than the formate pathway for the CO2 

hydrogenation to methanol on Cu (111). Apart from formate and methoxy species, due to the 

unstable nature of other reaction intermediates, no spectroscopic observations have been 

obtained. Hence the route and reaction intermediates involved in methanol synthesis are still 

not fully understood.  

 

Figure 2.2, Different reaction pathways for methanol synthesis (figure adapted from Li et al. 

[10] 
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2.1.3.4 Kinetic models for methanol synthesis and WGS 

Various kinetic equations haven been proposed in the last fifty years, however, development 

was slow due to the lack of clarity regarding the reaction mechanism. In this section, some of 

the important kinetic models will be presented. Leonov [75] proposed the first model for 

methanol synthesis over Cn/ZnO/Al2O3 catalysts, however, there was no CO2-dependent term 

in the equation as it was assumed that CO was the only source of carbon for methanol 

formation. Klier and co-workers [76] carried out extensive experimental work on kinetics for 

methanol synthesis. They concluded that the reduced state of the catalyst was inactive while 

the intermediated oxidised state (Cu+ dissolved in the ZnO lattice) was catalytically active. The 

ratio of the two states Aox/Ared was controlled by the ratio of CO/CO2 in the syngas through a 

redox-like mechanism (shown in the equation below) with an equilibrium constant Keq.  

𝐶𝑂2 + 𝐴𝑟𝑒𝑑 ⇌ 𝐶𝑂 + 𝐴𝑜𝑥 

Furthermore, it was assumed that CO2 competed with CO and H2 for active sites and the 

products CH3OH and H2O were weakly adsorbed. This led to the equation: 

𝑟𝐶𝐻3𝑂𝐻 = 𝑐𝑜𝑛𝑠𝑡
𝐾𝑟𝑒𝑑𝑜𝑥

3 (
𝑝𝐶𝑂2

𝑝𝐶𝑂
)

3

(𝑝𝐶𝑂𝑝𝐻2

2 −
𝑝𝐶𝐻3𝑂𝐻

𝐾1
∗ )

[1 + 𝐾𝑟𝑒𝑑𝑜𝑥 (
𝑝𝐶𝑂2

𝑝𝐶𝑂
)]3(𝐹 + 𝐾𝐶𝑂2

𝑝𝐶𝑂2
)𝑛

+ 𝑘′(𝑝𝐶𝑂2
− (

1

𝐾2
∗) (

𝑝𝐶𝐻3𝑂𝐻𝑝𝐻2𝑂

𝑝𝐻2

3 )) 

Next, Villa came up with another set of equations, which assumed again only CO 

hydrogenation occurred but the WGS reaction must be considered [77]: 

𝑟𝐶𝐻3𝑂𝐻 =
𝑓𝐶𝑂𝑓𝐻2

2 − 𝑓𝐶𝐻3𝑂𝐻/𝐾1
∗

(𝐶1 + 𝐶2𝑓𝐶𝑂 + 𝐶3𝑓𝐻2
+ 𝐶4𝑓𝐶𝑂2

+ 𝐶5𝑓𝐶𝐻3𝑂𝐻)3
 

𝑟𝑟𝑊𝐺𝑆 =
𝑓𝐶𝑂2

𝑓𝐻2
− 𝑓𝐶𝑂𝑓𝐻2𝑂𝐾3

∗

𝐶6(1 + 𝐶7𝑓𝐶𝑂 + 𝐶8𝑓𝐶𝑂2
+ 𝐶9𝑓𝐻2

)2
 

where 𝑓 is the fugacity in atm and 𝐶𝑖 is a constant 
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Graaf presented kinetic expressions for three synthesis routes, taking into account both CO 

and CO2 hydrogenation. A dual-site Langmuir-Hinshelwood mechanism was proposed where 

the formation of methanol occurred via successive hydrogenation steps while the WGS took 

place via a formate route [78]. The final set of equations is: 

𝑟𝐶𝐻3𝑂𝐻1 =

𝑘𝑝𝑠,1𝑐
′ 𝐾𝐶𝑂[𝑓𝐶𝑂𝑓𝐻2

3
2 −

𝑓𝐶𝐻3𝑂𝐻

𝑓𝐻2

1
2 𝐾1

∗

]

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

)[𝑓𝐻2

1
2 + (

𝐾𝐻2𝑂

𝐾𝐻2

1
2

) 𝑓𝐻2𝑂]

 

𝑟𝐶𝐻3𝑂𝐻2 =

𝑘𝑝𝑠,2𝑐
′ 𝐾𝐶𝑂2

[𝑓𝐶𝑂2
𝑓𝐻2

3
2 −

𝑓𝐶𝐻3𝑂𝐻𝑓𝐻2𝑂

𝑓𝐻2

3
2 𝐾2

∗

]

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

)[𝑓𝐻2

1
2 + (

𝐾𝐻2𝑂

𝐾𝐻2

1
2

) 𝑓𝐻2𝑂]

 

𝑟𝑟𝑊𝐺𝑆 =
𝑘𝑝𝑠,3𝑏

′ 𝐾𝐶𝑂2
(𝑓𝐶𝑂2

𝑓𝐻2
− 𝑓𝐻2𝑂𝑓𝐶𝑂𝐾3

∗)

(1 + 𝐾𝐶𝑂𝑓𝐶𝑂 + 𝐾𝐶𝑂2
𝑓𝐶𝑂2

)[𝑓𝐻2

1
2 + (

𝐾𝐻2𝑂

𝐾𝐻2

1
2

) 𝑓𝐻2𝑂]

 

However this model did not account for some intermediates that featured in two different 

reactions, hence it yields two different concentrations for the same intermediate such as the 

formyl and methoxy species [79]. 

Vanden Bussche and Froment [79] suggested another model for CO2 hydrogenation, which 

took place on the oxidised copper surface via a carbonate, bicarbonate, Cu formate, 

formaldehyde, methoxy route, as shown below. 

𝐻2(𝑔) + 2𝑠 ⇌ 2𝐻. 𝑠 𝐾𝐻2
 

𝐶𝑂2(𝑔) + 𝑠 ⇌ 𝑂. 𝑠 + 𝐶𝑂(𝑔) 𝑘1, 𝐾1 (rds) 

𝐶𝑂2(𝑔) + 𝑂. 𝑠 + 𝑠 ⇌ 𝐶𝑂3. 2𝑠 𝐾2 
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𝐶𝑂3. 2𝑠 + 𝐻. 𝑠 ⇌ 𝐻𝐶𝑂3. 2𝑠 + 𝑠 𝐾3 

𝐻𝐶𝑂3. 2𝑠 + 𝑠 ⇌ 𝐻𝐶𝑂2. 2𝑠 + 𝑂. 𝑠 𝐾4 

𝐻𝐶𝑂2. 2𝑠 + 𝐻. 𝑠 ⇌ 𝐻2𝐶𝑂2. 2𝑠 + 𝑠 𝑘5𝑎 (rds) 

𝐻2𝐶𝑂2. 2𝑠 ⇌ 𝐻2𝐶𝑂. 𝑠 + 𝑂. 𝑠 𝑘5𝑏 

𝐻2𝐶𝑂. 𝑠 + 𝐻. 𝑠 ⇌ 𝐻3𝐶𝑂. 𝑠 + 𝑠 𝐾6 

𝐻3𝐶𝑂. 𝑠 + 𝐻. 𝑠 ⇌ 𝐶𝐻3𝑂𝐻(𝑔) + 2𝑠 𝐾7 

𝑂. 𝑠 + 𝐻. 𝑠 ⇌ 𝑂𝐻. 𝑠 + 𝑠 𝐾8 

𝑂𝐻. 𝑠 + 𝐻. 𝑠 ⇌ 𝐻2𝑂. 𝑠 + 𝑠 𝐾9 

𝐻2𝑂. 𝑠 ⇌ 𝐻2𝑂(𝑔) + 𝑠 𝐾𝐻2𝑂 

The concentration of free active sites 𝐶𝑠 was obtained from the balance over the total number 

of sites 𝐶𝑡, the concentrations of adsorbed intermediate species were neglected. The following 

expressions were proposed: 

𝑟𝐶𝐻3𝑂𝐻 = 𝑘5𝑎
′ 𝐾2

′𝐾3𝐾4𝐾𝐻2
𝑝𝐶𝑂2

𝑝𝐻2
(1 −

1

𝐾2
∗

𝑝𝐻2𝑂𝑝𝐶𝐻3𝑂𝐻

𝑝𝐻2

3 𝑝𝐶𝑂2

) 𝛽3 

𝑟𝑟𝑊𝐺𝑆 = 𝑘1
′ 𝑝𝐶𝑂2

(1 − 𝐾3
∗

𝑝𝐻2𝑂𝑝𝐶𝑂

𝑝𝐶𝑂2
𝑝𝐻2

) 𝛽 

𝛽 =
𝐶𝑠

𝐶𝑡
= 

−𝑏+√𝑏2+4𝑎

2𝑎
 

where 𝑎 = 𝐾2
′𝐾3𝐾4√𝐾𝐻2

𝑝𝐶𝑂2√𝑝𝐻2
+

𝐾2
′𝐾𝐻2𝑂

𝐾𝐻2𝐾8𝐾9

𝑝𝐻2𝑂𝑝𝐶𝑂2

𝑝𝐻2

  

and 𝑏 = 1 +
𝐾𝐻2𝑂

𝐾8𝐾9𝐾𝐻2

𝑝𝐻2𝑂

𝑝𝐻2

+ √𝐾𝐻2
𝑝𝐻2

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂  

in which 𝑘5𝑎
′ = 𝑘5𝑎 ∙ 𝑐𝑡

2, 𝑘1
′ = 𝑘1 ∙ 𝐶𝑡, 𝐾2

′ = 𝐾2 ∙ 𝐶𝑡, 𝑝𝑖 is the partial pressure for component 𝑖, 𝑘𝑖 

and 𝐾𝑖 are the kinetic and equilibrium constants for the reaction steps proposed while 𝐾2 and 

𝐾3 are the thermodynamic constants for the gas phase equilibrium for CO2 hydrogenation and 

rWGS respectively.  

Although Graaf and Froment models are widely used, they may have their limitations [80]. For 
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example, Bernardi and co-workers [81] demonstrated that the Graaf model yielded better 

results at low CO2 inlet concentrations than the Froment model did, this observation was 

attributed to the fact that the Graaf model considered both direct CO and CO2 hydrogenation 

while the Froment model only included the CO2 hydrogenation step and the rWGS. Another 

example would be the assumption of a single type of surface active centres in both models, 

which was found to be inaccurate according to more recent studies [82-84]. Over the years, 

some of these limitations have been addressed in the literature and modifications were made 

to improve the models. For instance, Mignard et al. [80] modified the Froment model by 

adjusting the activation energies to make it more sensitive to temperature and Seidel et al. [85] 

proposed an extended model that takes into account different active centres and handles 

transient operating mode and a wide range of feed gas compositions.  

2.1.4 Conventional Cu/ZnO/Al2O3 catalyst 

In 1923, BASF was the first to commercialise the CO hydrogenation to methanol process, 

which operated at 300 bar and 350 – 400 °C over a ZnO-Cr2O3 catalyst [86]. Two years later, 

the Cu/ZnO based catalyst was reported to possess methanol synthesis activity [87]. However 

due to its poor lifetime in heavily sulphur and chlorine contaminated synthesis gas, it was not 

commercialised until the 1960s, when Imperial Chemical Industries (ICI) developed the low-

pressure process [86]. Since then, the Cu/ZnO/Al2O3 based catalyst has been the main 

catalyst for industrial-scale methanol synthesis owing to its high activity and selectivity. 

Despite extensive research on copper-based methanol synthesis catalyst, the nature of active 

sites is still not fully characterised. Klier suggested that monovalent Cu+ sites were responsible 

for the catalytic activity [63], but other studies revealed that the catalytic activity was linearly 

proportional to the area of metallic copper. Thus, small Cu crystallites would result in higher 

catalytic activity. Particle size also has an influence on the proportions of low-index Cu (111) 

and (100) planes, corner and edge atoms. Surfaces with smaller particles tend to have more 

open planes and defect sites containing coordinately unsaturated atoms, which are generally 

more reactive [88]. Therefore, undistorted Cu surface was found to be catalytic inactive. The 
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presence of steps was required, which could be stabilised by bulk defects such as stacking 

faults and twin boundaries terminating at the surface [89]. It was reported by Fujitani and co-

workers [90] that the turnover frequency (TOF) for Zn-free single-crystal Cu surfaces at 250 °C 

could be ranked as (110) > (311) > (100) > (111) [90]. This order was in agreement with the 

density function theory (DFT) study on the formate adsorption energy on Cu planes [91].  

According to Chinchen, the turnover number (activity) of the catalyst remained the same 

regardless of type of metal oxide support used [92]. Spencer et al. [93] proposed that even 

though there was no synergetic effect between ZnO and copper, the basic ZnO was able to 

neutralise the surface acidity of alumina, retarding DME formation over alumina. On the 

contrary, other workers reported a synergetic effect between Cu and ZnO [94-98]. Burch et al. 

[99, 100] speculated that this effect involves the spillover of adsorbed species from ZnO to 

copper.  Kanai et al. [96] thought that the synergy observed was related to the creation of 

active sites such as Cu+ stabilised by ZnOx moieties on the Cu surface. Moreover, the authors 

also showed that the migrated ZnOx species was partly dissolved into the Cu particles, forming 

Cu-Zn alloy.  From DFT calculations, the beneficial role of Zn at the catalyst’s surface was 

explained. By alloying Zn with copper, the adsorption strength of various surface intermediates 

(HCO, H2CO and H3CO) was improved [89]. Chinchen [65] measured the apparent copper 

surface area before and after methanol synthesis, it was found that the oxygen coverage 

varied between 25% and 40% depending on the syngas composition. Correlation was found 

between the catalytic activity and the surface oxygen coverage. Similar results were obtained 

for the positive relationship between catalytic activity and Zn coverage [101], hence further 

proved that ZnO species on the copper surface had a promotional effect on the catalytic 

activity. However, this is not true for all Cu surfaces. For instance, the Zn-deposited Cu (111) 

surface was 13 times more active compared to the same Cu surface without Zn; but for Cu 

(110), Zn acted as a poison [90]. 

The performance (activity, selectivity or stability) of the methanol synthesis catalyst can be 

improved by using a promoter. To this aim, Al2O3 is widely used as the promoter for the Cu-
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based catalyst. In the presence of Al2O3, the highly dispersed Cu/ZnO structure is stabilised 

and the formation of zinc aluminate prevents the agglomeration of the active sites. Moreover, 

it accelerates the adsorption and activation of CO owing to its disorder and defect surface 

domain [102].  

As also noted in the beginning of this section, although the copper based catalyst has been 

the most studied system for methanol synthesis, controversies still remain in areas concerning 

the active sites, roles of support and promoters as well as the reaction mechanism [102].  

Catalyst deactivation  

There are several factors that lead to the deactivation of Cu/ZnO based catalyst, including 

poisoning by trace impurities in the feed gas, coke deposition [103] and Cu sintering.  

In industries, the low operating temperature thermodynamically favours the adsorption of 

poisons, and the lost in activity is mainly due to active sites being blocked by sulphur 

compounds [104]. In addition to sulphur compounds, chlorine compounds are known for their 

ability to deactivate methanol synthesis catalyst by blockage of active sites and/or modification 

of catalyst texture. The latter can lead to sintering of the catalyst due to the formation of volatile 

chloric compound of copper, which is then transported through the gaseous phase [54]. Other 

metal impurities (such as nickel and iron) in the system can catalyse side reactions, resulting 

in reduced methanol selectivity.  

As mentioned earlier, the sintering of copper leads to the deactivation of the catalyst and it is 

the predominant deactivation mode for Cu/ZnO catalysts. For metals, the primary sintering 

mechanism in the bulk is the surface diffusion and fusion of atoms, supported by the presence 

of water [105]. In the 30s, Tammann introduced the Tammann temperature, which is defined 

as the temperature at which the solid phase becomes mobile. Baker further related the mobility 

temperature of various metals and the bulk melting temperature through the equation: 

Tmobile (K) = 0.5×Tbulk melting 
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The mobility temperatures for Cu, ZnO and Al2O3 are 670K, 1160K and 1144K respectively. 

Another notation used is the Huttig temperature, at which the atoms at defects become mobile. 

It is defined as 1/3 of the melting point of metal. For Cu, the Huttig temperature (180 °C) is 

lower than the typical operating temperature, hence, at low-pressure operations only the 

sintering of copper is expected [54]. It was found that at temperatures above 227 °C, copper 

particles began to migrate and form larger agglomerates [106]. This phenomenon reduced the 

catalytic surface area and the interfacial contact with the oxide support, leading to a loss of 

catalytic activity. The addition of a spacer such as ZnO and Al2O3 to the catalytic system can 

significantly reduce the sintering of the copper particles [107]. Spacer is a chemically neutral 

refractory material, which mechanically isolates and stabilise the copper particles such that 

sintering of metallic particles is minimised. However, recent studies suggested that the 

deactivation was mainly driven by the change in ZnO moieties since ZnO is the most dynamic 

species in the catalyst system and no noticeable change was found on the Cu nanoparticles 

[108].   

Even the reactants (syngas) can cause catalyst deactivation. Klier [63] discovered that the 

maximum catalyst activity was obtainable at an optimum surface oxidation state. The presence 

of CO2 in syngas increases the oxidation of the catalyst surface, while CO and H2 increase 

the reduction potential. Therefore, during prolonged heating of the catalyst under strongly 

reducing conditions, irreversible deactivation can occur due to the partial reduction of ZnO 

followed by the formation of α-brass [109-111]. However, CO2-rich condition is also 

undesirable since it promotes the rWGS reaction, additional water produced accelerates the 

crystallisation of Cu and ZnO components and consequently the catalyst suffers more 

deactivation than under CO-rich condition [112]. Most recent work on the deactivation of 

Cu/ZnO/Al2O3 demonstrated that the combination of metallic Cu oxidation (to form Cu2+) and 

agglomeration of ZnO caused the catalyst to deactivate during CO2 hydrogenation to methanol 

[113].  
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2.1.5 Recent advances in CO2 hydrogenation catalysts  

With the current interest in climate change mitigation, the incorporation of CO2 into syngas 

leads to great interests on catalysts for CO2 hydrogenation. Extensive works have been done 

to modify the existing Cu/ZnO/Al2O3 catalyst. For example, Pd-promoted Cu/ZnO/Al2O3 was 

shown to improve the methanol production by hydrogen spillover without affecting the catalytic 

stability [114] and Pd also act as a reduction promoter [115]. As a metal oxide support for 

methanol synthesis catalyst, zirconia has attracted considerable attention due to its 

mechanical and thermal stability, the ability to form a high interfacial area through interaction 

with microcrystalline copper particles and a high stability under reducing/oxidising atmosphere 

[102]. Yang and co-workers doped Cu/ZnO with ZrO2 and found that the copper dispersion 

was higher compared to Cu/ZnO alone. As a result, the ZrO2-doped Cu/ZnO catalyst exhibited 

much higher activity and selectivity in CO2 hydrogenation to methanol [116]. Many other ZrO2 

supported Cu/ZnO catalysts have been studied in the past years, usually with a different 

preparation method to modify catalytic properties [117-120]. Promoter such as Mn was also 

added to Cu/ZnO/ZrO2, over which a higher methanol production rate was observed [117]. 

Multicomponent catalysts such as Cu/ZnO/Al2O3/ZrO2 and Cu/ZnO/Al2O3/Ga2O3 were 

reported to be highly active for methanol synthesis from CO2/H2. The stability of these catalysts 

can be further improved by the addition of a small amount of colloidal SiO2 [121]. 

Other than Cu/ZnO based catalysts, γ-Al2O3 supported catalysts such as Cu/CeO2/γ-Al2O3 

[122], Cu-V/γ-Al2O3 [123] were investigated and found to have good catalytic performance for 

CO2 hydrogenation.  

Besides Cu-containing catalysts, In2O3 supported on ZrO2 was found to be a superior catalyst 

for methanol synthesis with excellent activity, selectivity and stability due to the creation and 

annihilation of oxygen vacancies as active sites [124]. Other than metal oxides, there are also 

catalysts such as metal carbides [125], AB1-xBxO3 perovskite catalyst [126], Pd-based 

catalysts [127] and many more. Among them, bimetallic catalysts emerge as an important 
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class of catalysts for methanol synthesis from CO2, some will be discussed in more detail in 

the next section. 

2.1.5.1 Bimetallic catalysts for CO2 hydrogenation to methanol  

Bimetallic catalysts consist of two types of metals in various states, for example alloys, core-

shell and metal oxide composites. Alloys can be either solid solution or intermetallic 

compounds. Solid solution usually contains metals that have similar atomic size, crystal 

structure and electronic properties. Intermetallic compounds are defined as solid phases that 

contain two or more metallic elements with defined stoichiometry and ordered crystal structure 

different from the constituent metals [13]. Since both ‘alloy’ and ‘intermetallic compound’ have 

been used interchangeably in the literature, both terms can appear when other people’s work 

is quoted (depending on the original article). However, it should be noted that both Ni-Ga and 

Pd-Ga systems described in this thesis fall into the category of intermetallic compounds [11, 

13], therefore the ‘intermetallic’ term has been used for the discussions concerning these 

catalysts.  ‘Alloying’ and ‘de-alloying’ refer to the formation and decomposition of the 

intermetallic phase, respectively.  

Bimetallic catalysts are attracting considerable attention due to their unique properties. Usually, 

there is a significant enhancement in the catalytic performance towards methanol synthesis 

due to a synergetic effect on the electronic or geometric properties of the two constituent 

metals [10]. In addition, the formation of alloy in the bimetallic catalysts gives rise to a higher 

resistance towards sintering owing to the covalent metal-metal bond [11]. For CO2 

hydrogenation to methanol, a number of bimetallic metals have been investigated. For 

example, Cu-Ni, Pd-Zn, Pd-Ga and Ni-Ga. 

Ni-Ga based catalysts 

Recently, Studt and co-workers [12] discovered a Ni-Ga catalyst for the methanol synthesis 

from carbon dioxide. A range of Ni-Ga catalysts with different Ni:Ga ratio supported on silica, 

were synthesised by incipient wetness impregnation and directly reduced under high 
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temperature [13]. Compared to Ni/SiO2 catalyst, the addition of Ga and the subsequent 

formation of Ni-Ga intermetallic phase clearly enhanced the methanol synthesis activity of the 

catalyst.  

These Ni-Ga/SiO2 catalysts were tested for CO2 hydrogenation at atmospheric pressure. 

Results indicated that Ni5Ga3/silica has a considerably higher methanol yield compared to 

Cu/ZnO/Al2O3 at temperatures above 220 °C [12]. This observation was explained by noting 

that both the activity and number of active sites influence the methanol synthesis rate. 

Although zinc promoted copper has near-optimal activity, active sites are relatively scarce as 

the copper particles are only active when zinc is present. On the other hand, active sites on 

intermetallic compounds are more abundant because a promoter is not needed.   

Another difference between the Ni-Ga and Cu based catalysts is in the relation to activity for 

the reverse water-gas shift reaction (rWGS). The ratio between the rates of rWGS to methanol 

synthesis of Ni5Ga3/silica was found to be significantly lower than that of the conventional 

Cu/ZnO/Al2O3 [12]. The suppression of rWGS is highly desirable as CO produced has to be 

either recycled or burned and smaller amount of water can substantially shift the equilibrium 

towards methanol synthesis. Two catalytic sites are speculated to be present on the Ni-Ga 

based catalysts: nickel-rich sites that are responsible for methanation reaction and rWGS and 

gallium-rich sites that are responsible for methanol synthesis. The nickel-rich sites are 

eventually poisoned by CO and carbon thus reducing rWGS and methanation activity [12]. 

Since Cu based catalyst only has one type of surface site and CO does not have such 

poisoning effect, rWGS is more favourable unless high pressure is applied.  

The Ni-Ga/silica catalysts also showed good stability for a period of over 60 h, after which the 

catalysts were able to recover their original activity by a 2-hour H2 regeneration at 350 °C. 10% 

of the catalyst surface was found to be poisoned by carbon [12].  

Although the Ni-Ga based catalysts are promising catalysts for CO2 hydrogenation to 

methanol, a major technical barrier for its application is the high reduction temperature 
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required for the formation of active intermetallic phase. Since exposure to air during catalyst 

handling is usually unavoidable, it poses great risk to the intermetallic catalysts that have 

different standard enthalpies of oxide formation. Wencka et al. [128] studied the effect of 

surface oxidation on the Ga3Ni2 intermetallic catalyst for CO2 hydrogenation to methanol. The 

XPS results revealed that the concentration of Ga on the oxidised surface is considerably 

higher compared to the bulk while Ni is depleted at the surface. This was thought to be due to 

high oxygen affinity of Ga pushing Ni into the subsurface region. Annealing the surface at 

600 °C in ultra-high vacuum was only able to partially reconstruct the surface composition 

towards the energetically favourable bulk value. Hence, the instability and irreversibility of the 

oxidised Ni-Ga surface hinders the evaluation of catalytic performance under high pressures. 

Pd-Ga based catalysts 

Pd-based bimetallic catalysts (Pd-Ga, Pd-Zn and Pd-In) were first discovered by Iwasa et al. 

for the steam reforming of methanol [129]. It was found that the reduction of Pd-metal oxides 

led to the formation of alloy phase, which greatly increased the selectivity. Later on, Pd-Ga 

based catalyst was investigated for CO2 hydrogenation to methanol. The bimetallic particles 

were revealed to be the active sites for methanol synthesis and the rWGS reaction was shown 

to be inhibited over the Pd-Ga sites, resulting in an active and selective catalyst [130].  

The most extensively studied Pd-Ga based catalyst is the Ga2O3 supported Pd catalysts. 

Fujitani and co-workers found that an active Pd/ Ga2O3 could be prepared by co-precipitation 

as the GaxOy stabilised an optimal amount of Pdn+ (0 < n < 2) on the surface of palladium. This 

catalyst was demonstrated to be more active than Cu/ZnO catalyst by a factor of two in yield 

and 20 in turnover over frequency [131]. More work has been done to investigate the types of 

Ga2O3 support used. Qu et al. showed that the strong interaction between Pd metal and plate-

form Ga2O3 nanocrystals support gave a higher methanol yield from CO2 hydrogenation. This 

is postulated to be due to the instability of the polar (002) surface of the plate-form Ga2O3 and 

the facilitated electron transfer that leads to higher metal dispersion and formation of Pd-Ga 

alloy [132]. The formation of Pd-Ga intermetallic compounds on porous polymorphs of α-, β- 
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and γ-Ga2O3 was reported by Li et al. [133]. Using α- and β-Ga2O3, Pd2Ga intermetallic phase 

could be formed at lower temperature. As the reduction temperature increased further, Ga 

enrichment (formation of Pd5Ga3) was observed. No information on the metal particles on γ-

Ga2O3 was obtained due to small particle size. Only Pd2Ga/α-Ga2O3 reduced at 250 °C 

showed methanol synthesis selectivity under CO/H2, although it quickly dropped to 0% due to 

the instability of the intermetallic surface in the presence of CO. For CO2 hydrogenation, the 

same catalyst was found to be five times more active (activity normalised by active metal 

content) than Cu based catalyst, with stable selectivity.  

A nanodispersed intermetallic GaPd2/SiO2 was successfully prepared using impregnation of 

nitrates, followed by drying, calcination and reduction. This catalyst also demonstrated higher 

activity and selectivity compared to commercial Cu/ZnO/Al2O3 catalyst under atmospheric 

pressure [134]. Intermetallic Pd2Ga nanoparticles support on hydrotalcite-derived support has 

also been reported. This catalyst was synthesised by reductive decomposition of ternary 

hydrotalcite-like compounds obtained by co-precipitating aqueous solutions. Catalytic tests 

revealed that the presence of Ga improves the selectivity towards methanol synthesis from 

CO2 when compared to the monometallic Pd counterpart [135].  

2.1.5.2 Other bimetallic catalysts 

In addition to Ni-Ga and Pd-Ga based catalysts, other bimetallic catalysts also exhibit good 

activity and selectivity to CO2 hydrogenation to methanol. Pd-based catalysts are an important 

class. For example, PdZn alloy formation can be facilitated by the incorporation of multi-walled 

carbon nanotubes (MWCNTs) into Pd/ZnO catalyst. This is achieved by a step-wise incipient 

wetness method. The unique properties of the MWCNT support increase the surface 

concentration of active H-adspecies, resulting in increased surface hydrogenation reactions 

[136]. Apart from ZnO, the formation of PdZn bimetallic alloys are also investigated on TiO2 

and Al2O3 by using a chemical vapour impregnation method [137]. The Pd-Cu catalyst 

supported on amorphous silica showed significant synergistic promotion, that is, the methanol 
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production rate over Pd-Cu catalyst is more than the sum of the rates over the monometallic 

catalysts [138].  

Besides supported Pd catalysts, many other bimetallic catalysts such as Ru-Co [139], PtW, 

PtCr [140] and Au/ZnO [141] have also been reported.  

2.1.5.3 Synergistic promotion in bimetallic catalysts 

As noted previously in section 2.1.5.1, the addition of particular metal onto existing metal 

system can sometimes modify the chemical properties of the original system in the desired 

ways depending on their electronic or geometric structures [10]. The mixing patterns and 

structures of bimetallic catalysts can be grouped into 3 main categories, mixed, core-shell or 

Janus alloys [142, 143], as illustrated in Figure 2.3. The d-band theory developed by Norskov 

and co-workers is often used to understand surface bond formation and catalytic behaviour of 

transition metals. It was proposed that the adsorption energy is related to the d-band valence 

of the surface metal atom [144, 145]. When alloy is formed, there are two ways that can drive 

a change in the structure of d-bands and filling [10]. The first one refers to the electronic ligand 

effect, where the heteroatomic bonds formation causes electronic interactions between two 

metals, thereby modifies the electronic configuration (hence chemical properties) of the 

primary metal [146, 147]. The second way is geometric irregularity (ensemble effect) induced 

by alloy formation of different-sized metal particles and the compression or expansion that 

often occurs in the core-shell type of alloy [10]. The surface bond lengths and bond angles, 

subsequently the chemical properties of primary metal, can be modified by these geometric 

differences [146-148].  

 

Figure 2.3, Schematic representation of the structures of bimetallic alloy nanoparticles 

(adapted from Li et al. [10]) 
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In the Ni-Ga system proposed by Studt et al. [12], the adsorption strength of the Ni surface 

was modified upon alloying with Ga, hence methanol synthesis was enhanced. Ni alone binds 

oxygen too strongly, which causes surface poisoning by formate or the surface primarily 

catalyses methanation reaction. The type of secondary metal can also affect the adsorption 

properties, for example, rhodium-based catalysts are active for CO2 hydrogenation to CO or 

CH4, however, the Fe-Rh catalysts have considerable selectivity to ethanol [149] while alloying 

Co and Rh promotes methanol synthesis [139]. This was attributed to the modification of the 

electronic state of Rh by the added metals. In Pd-Zn systems, the change in adsorptivity of 

the active surfaces was also observed. Liao and co-workers found that the Pd core Zn shell 

alloy increases the adsorption strength of the bidentate formate species, which is the key 

intermediate to methanol [150]. Similarly in Pd-Ga based catalysts, the alloyed surface was 

speculated to be able to stabilise the methanol synthesis intermediates such as formate and 

methoxy species [151].  

In the above-mentioned works, the mechanisms derived from the copper based catalysts were 

used to speculate the reaction pathways and intermediates in bimetallic catalysts. It should be 

stressed that the underlying reaction mechanisms of CO2 hydrogenation to methanol over 

bimetallic catalysts remain largely unknown [10]. 

2.1.5.4 Deactivation in bimetallic catalysts 

Although the bimetallic catalysts have been shown to be better than conventional catalysts in 

a number of applications [152], many of them still suffer loss of activity over time. The most 

common mode of deactivation observed in the bimetallic catalysts is the decomposition of the 

intermetallic phase. Despite their intrinsic stability towards sintering [11], they can be 

susceptible to de-alloying [153] or the alteration of surface compositions under reaction 

conditions [133, 154, 155]. This deactivation is especially common in bimetallic catalysts with 

constituent metals having very different oxygen affinity [128]. For example, the Pd-Ga catalyst 

was reported to lose activity due to the decomposition of the active phase and re-oxidation of 

gallium [154, 156]. In addition to the decomposition of the active phase, coke deposition has 
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also been reported as another cause of deactivation for the intermetallic based catalysts [133, 

157].  

2.2 DME synthesis 

2.2.1 Single-stage process 

Catalysts do not affect the equilibrium position, therefore methanol synthesis is always limited 

by chemical equilibrium. One way to alleviate the limitation is by in situ dehydration of 

methanol to DME according to reaction 4.  

2𝐶𝐻3𝑂𝐻 ⇌ 𝐶𝐻3𝑂𝐶𝐻3 + 𝐻2𝑂 Reaction 4 

∆𝐻 = −21 𝑘𝐽 𝑚𝑜𝑙⁄ ; ∆𝐺 = −50.63 𝑘𝐽 𝑚𝑜𝑙⁄  

DME is a non-toxic ether that has a boiling point of -25 °C. It can be easily liquefied at 0.5 MPa 

at room temperature [158] and its properties are similar to liquid petroleum gas (LPG). DME 

is a very promising ultra-clean fuel for both transportation and power generation due to its high 

cetane number (around 55-60). It can be used directly in diesel engines to obtain comparable 

performance as diesel-fuelled engines, with a significantly lower emission of NOx, SOx and 

particulates [159]. DME is also gaining popularity as a propellant in aerosol formulations, 

replacing the ozone-destroying chlorofluorocarbons (CFCs). Moreover, DME is a useful 

intermediate or starting material for many important chemicals such as methyl sulphate, 

gasoline-range hydrocarbons, light olefins and other oxygenates.  

DME can be produced either by the indirect or direct route. In the conventional indirect process, 

methanol produced from syngas (obtained from natural gas or coal) is dehydrated to DME 

over solid acids. In the direct DME synthesis, methanol synthesis and dehydration are 

combined. The single-stage DME synthesis from syngas requires the catalytic system to have 

two functions: methanol synthesis from the hydrogenation of carbon oxides and methanol 

dehydration. This can be achieved by using either a dual catalyst, which consists of a physical 

mixture of methanol synthesis catalyst and methanol dehydration catalyst, or a hybrid catalyst 
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that has both catalytic functions. In comparison to the indirect synthesis, the dual catalytic 

mode of operation has three main advantages: 

• The thermodynamic constraints associated with methanol synthesis from syngas can 

be alleviated by the synergy effect of the combine catalytic functions. This is because 

the production of water drives the WGS to produce more H2, which then enhances 

methanol yield (reaction 2) by shifting the equilibrium towards methanol production. In 

addition, the consumption of H2 is reduced [160]  

• Cost associated with methanol purification can be eliminated as methanol is converted 

to DME simultaneously 

• Higher conversions achieved allows recycling of CO2 by using CO2-rich syngas to be 

used as feed gas 

2.2.1.1 Catalysts for the single-stage process 

As discussed in the previous sections, Cu/ZnO/Al2O3 is a well-established catalyst for 

methanol synthesis while other catalysts have been shown to be active and selective towards 

methanol synthesis. For methanol dehydration, several solid acid catalysts have been 

identified as good candidates for the catalytic conversion of methanol to DME. These include 

γ-alumina and zeolites, they operate in a temperature range of 250 – 400 °C. Studies found 

that alumina-based catalysts were more selective while zeolites showed better activity and 

long-term stability [161]. However, most of these catalysts have the tendency to produce 

hydrocarbons and coke due to the presence of strong acid sites at high dehydration 

temperature. Moreover, the solid acids, as well as the classic methanol catalyst, are prone to 

deactivation in the presence of water [162]. This is particularly problematic if the syngas is 

CO2-rich since high concentration of CO2 drives rWGS to produce more water. Water is 

believed to block the access of methanol to the active sites on catalyst surface. Hence 

extensive research is still being carried out to identify suitable catalysts that have high 
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selectivity towards DME formation with less undesirable side products [163], as well as good 

stability under high partial pressure of water.  

Besides γ-alumina and zeolites, there are other types of acid catalysts for methanol 

dehydration. Heteropolyacids (HPAs) are materials with the formula H8-n[Xn
+M12O40], where  ‘X’ 

can be P5+, Si4+ andl Al3+, etc., ‘n’ is the oxidation state and ‘M’ is the metal ions [19]. Owing 

to their high Brønsted acidity, HPAs generally have better performance than zeolites. For 

example, Alharbi and co-workers showed that the tungsten Keggin HPA has a TOF value of 

53 h-1 versus a value of 1 h-1 over ZSM-5 [164]. Ion exchange resins (IERs) are another type 

of acid catalysts capable of methanol dehydration. Nafion resin, Nafion/silica composites and 

Amberlyst 35/36 are recently found to be suitable for methanol dehydration to DME [165, 166]. 

They are especially active at low temperature (< 150 °C), however, their application as the 

acid component in dual-function catalyst system for CO2 hydrogenation to DME is restricted 

by their low thermal stability under typical STD operating conditions. 

2.2.2 γ-alumina and zeolites as the methanol dehydration components 

Dehydration of methanol takes place over solid acid catalysts. Two acid sites, namely 

Brønsted acid and Lewis acid, can be found in common solid acids. According to Brønsted – 

Lowry theory, an acid is the species that donates a proton (H+) to form conjugate base, while 

the base is the species that accepts the proton to form conjugate acid. In Lewis acids and 

bases, the acid reacted with base by accepting the lone pair of electrons donated by the Lewis 

base.  

The reaction mechanisms involved in γ-alumina and zeolites are different. For alumina-based 

solid acid catalysts, the dehydration mechanism involves the interactions between Lewis acid 

(electron-deficient aluminium cation) and Lewis base (electron-rich oxygen anion) pairs. 

However in zeolites, the reaction is associated with the Brønsted acid (for hydrogen transfer) 

and Lewis base (stabilise carbonium ions or regenerate acidic site) pairs [167].  
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2.2.2.1 Alumina-based catalysts 

Transition aluminas (Al2O3) are the high-surface materials obtained from alumina precursors 

(such as aluminium hydroxides) by thermal treatment (below 800 °C). Among various 

transition aluminas, γ-alumina is probably the most important catalyst and catalyst support 

owing to its properties such as surface area, pore size distribution and acid/base 

characteristics. The amorphous γ-alumina is considered to have a cubic defective spinel 

structure with oxygen atoms in a cubic close packing and Al atoms in octahedral and 

tetrahedral sites. The defective structure is formed as Mg2+ ions in the ideal spinel MgAl2O4 

are replaced by Al3+, and some vacancies (33%) remain to satisfy the stoichiometry [168].  

Alumina is a typical Lewis acid catalyst with no Brønsted acid site [169]. Similar to other metal 

oxides, γ-alumina surface is covered by hydroxyl layers, which are formed by chemisorption 

of water. Upon heat treatment, dehydroxylation of the surface hydroxyl groups creates 

coordinatively unsaturated cus cation (aluminium) and oxide anions that behave as Lewis acid 

– base pairs. Hence, the removal of surface hydroxyl groups (as water) is essential for the 

catalytic activity of aluminas. Evidence suggested that γ-alumina preferentially exposed the 

(100) plane of spinel, according to Peri’s model on the dehydration of the ideal (100) plane, 

the maximum removal of OH groups was 67% if the local order was preserved. 90.4% removal 

was possible by removing the local order restriction and creating various types of defects. It 

was believed that the remaining 10% of the isolated hydroxyls were catalytically active, where 

five different types of OH groups differing in nearest neighbour configuration were identified. 

To remove the last hydroxyl ions, the mobility of surface ions was required [170].   

However, Peri’s model overestimated the number of active sites for some reaction, and it 

oversimplified the spinel structure by assuming that the (100) plane was the only possible 

termination of aluminas [171, 172]. Later in 1978, Knözinger and Ratnasamy provided a more 

completed model for the complex OH system on aluminas. In addition to the (100) plane in 

Peri’s model, the termination of aluminas also occurred along other low-index crystal planes 
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(111) and (110). It was also assumed that the uppermost layer of the exposed crystal planes 

was able to reproduce the typical anion and cation array without reconstruction or ion migration, 

even at a dehydration temperature as high as 1100K. By determining the net charge at the 

OH group, the coordination number of both the OH groups and Al cations, Knözinger found 

five different OH configurations [173]. The net charge changes the acidity of the hydroxyl 

groups: the more positive the net charge is, the more acidic is the proton. The proton acidity 

and ease of OH group removal both governs the dehydroxylation process. For instance, at 

(111) plane, dehydroxylation occurs between more basic type Ia OH group and the hydrogen 

from the more acidic IIa OH group to produce water molecule. As mentioned earlier, this 

process creates anion vacancy (Lewis acid site), which exposes a cus 3-coordinate-Al3+ cation 

in a tetrahedral interstice with a cus oxygen (Lewis base site) [173]. However the 

experimentally found number of active sites was at least one magnitude lower than the number 

of Lewis acid and base sites produced from regular dehydroxylation. Knözinger suggested 

that sometimes less favourable combination of the hydroxyl groups (between identical OH 

groups) might occur, leading to irregular configuration, and only such defect sites, low in 

concentration, were considered to be catalytically active. Knözinger’s model is still an idealised 

model, as (1) it does not consider the crystallographically defective configurations that are 

frequently present in mesoporous materials (2) it does not consider the effects of 

reconstruction at high dehydration temperature (3) it does not consider the effect of the cation 

vacancies imposed to the spinel structure by the stoichiometry of Al2O3 [174].  

Deactivation of γ-alumina 

γ-Al2O3 is the most widely used and investigated solid acid for methanol dehydration due to 

its low cost, high surface area and good thermal and mechanical stability. It has high 

selectivity to DME even at high temperatures due to the relatively weak Lewis acid sites that 

do not promote side reactions [19]. Despite of these advantages, γ-Al2O3 is not considered 

to be a reliable acid catalyst for CO2 hydrogenation to DME. This is mainly because 

relatively high water content prevails under CO free condition and water strongly adsorbs on 



50 | P a g e  
 

γ-Al2O3, inhibiting catalytically active sites [19, 175]. It was shown that the presence of 20% 

(by weight) water increases the deactivation of γ-Al2O3 by 12.5 folds [176]. In addition to this, 

deactivation of the γ-Al2O3 catalyst can also be the irreversible formation of boehmite at high 

partial pressure of steam [177] according to the following reaction: 

𝛾 − 𝐴𝑙2𝑂3 + 𝐻2𝑂 ⇌ 2𝛾 − 𝐴𝑙𝑂(𝑂𝐻) 

This is particularly relevant for CO2 hydrogenation to DME, Boon and co-workers 

demonstrated that at 250 °C and above 14 bar steam, the conversion of γ-Al2O3 to γ-

AlO(OH) reduces the catalytic activity [178]. However, there is currently very limited literature 

on this deactivation route.  

Over the years, research has been conducted to modify the activity and stability of the γ-

Al2O3 catalyst. For instance, Nb2O5 addition to γ-Al2O3 has been found to reduce the acid 

strength but increase the number of acid sites, leading to an enhanced reactivity and stability 

[179]. Similarly, the modification of γ-Al2O3 surface has also been carried out with silica, 

aluminium-phosphate and other species [179-183]. 

2.2.2.2 Zeolites  

Zeolites are aluminosilicates made from tetrahedral alumina (AlO4) and SiO4, interlinked by 

the shared oxygen atoms. When some of the silicon atoms are substituted by aluminium, 

negative charge generated on the shared O atoms needs to be balanced by a nearby cation. 

In the case of the cation being a proton, a bridged hydroxyl group Si – OH – Al is formed, 

which acts as a Brønsted acid site[184]. Zeolites typically have Brønsted acid sites, but some 

Lewis sites can be formed during calcination. Zeolites have shown better efficiency than γ-

Al2O3 due to good stability in the presence of water [175] and the possibility to modulate acidity 

for direct DME synthesis from CO2/H2 [19].  

The rate of zeolite-catalysed reaction was found to be in linear correlation [185] with the 

concentration of Brønsted acid sites. The catalytic activity of zeolites depends on the acid 
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strength of the hydroxyl proton, which is influenced by the nature of the substituting metal 

atoms (Si – OH – T where T = Al, Ga, Fe, etc.) and the Si – O – T bond angle. As the bond 

angle increases, the deprotonation energy decreases resulting in stronger acid strength. For 

instance, zeolite ZSM-5 (137° – 177°) and mordenite (143° – 180°) have stronger acidity 

compared to zeolite Y (138° – 147°) [186]. The acid strength of Si – OH – Al group is also 

affected by the aluminium site distribution. Aluminium atoms have lower electronegativity 

compared to the silicon atoms, therefore the acid strength is higher with lower number of 

framework aluminium atoms (higher number of silicon atoms). Finally, the interaction between 

the Brønsted and Lewis sites can significantly increase the acidity of the Brønsted acid sites. 

It was believed that the partially hydrolysed framework aluminium atoms acted as Lewis acids, 

or in other words, strong electron acceptor for the neighbouring bridging OH groups, thus 

weakened the OH bond [186]. 

Zeolite properties and product distribution  

Zeolites are well known for their shape-selectivity properties, i.e. the ability to discriminate 

between different reactants, transition states and products based on their size and shape. This 

is because zeolites have well defined pore structure with pore openings 3 – 8 Å in size, making 

them effective molecular sieves that offer a number of advantages as potential methanol 

dehydration catalysts. These advantages include: (1) higher stability in the presence of water 

(2) good conversion and selectivity due to highly active and uniform strong acid sites [187] (3) 

possibility to improve catalytic performance by manipulating catalyst properties such as acidity, 

surface area, crystal size and channel topology [188-190].  

Both the acidity and pore structure (topology) of zeolites are important factors that affect the 

catalytic activity and selectivity, especially under typical operating temperature of syngas to 

DME process. In the temperature range of 260 – 300 °C, zeolites may start converting 

methanol to various hydrocarbons (methanol to hydrocarbon, MTH) and the channel size of 

zeolites significantly influences the product distribution. This is also influenced by the acidity 

of the zeolites. The reaction products are more likely to undergo further reactions if the zeolite 
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has high density of acid sites or high acid strength. For zeolites with smaller pore structures, 

light olefins are selectively produced since only small molecules are able to escape through 

the narrow pores. For example, Montesano et al. reported a stable performance of ferrierite 

(FER) and theta-1 under CO/H2 [20]. FER has high methanol dehydration activity [191], it was 

also found to be very selective towards DME synthesis even though it has 20% more Brønsted 

sites (and higher acid strength) compared to theta-1. The reason for this was thought to be 

due to its unique pore structure (orthorhombic pore structure with 10-ring channels 

perpendicularly intersected with 8-ring channels) that limits hydrocarbon and coke formation 

by providing preferential diffusion path for smaller product molecules such as methanol and 

DME [20]. This also shifted the chemical equilibrium of reactions 1, 2 and 4 towards right [192], 

further increasing the CO conversion.  

On the other hand, zeolites such as ZSM-5 that possess medium pores and interconnected 

structures (3D pore system with straight 10-ring channels connected by sinusoidal channels) 

and medium to strong acidity, the formation of bigger alkylaromatics compounds is promoted. 

Therefore, the typical dehydration products over ZSM-5 usually include olefins, aromatics and 

paraffins [193]. Montesano and co-workers [20] found that the performance of ZSM-5 based 

physical mixture for CO hydrogenation to DME was strongly dependent on the reaction 

temperature and time on stream. The DME selectivity was high initially (at lower temperature), 

but gradually decreased due to the formation of entrained hydrocarbon species that has built 

up in the zeolite voids from reactions involving methanol and DME [20]. Although ZSM-5 

exhibits high methanol conversion under CO/H2, it is prone to fast deactivation and loss of 

DME selectivity. However, recent work suggested that ZSM-5 has a stable and DME-selective 

performance under CO free condition [17]. This was speculated to be due to relatively higher 

partial pressure of water under CO2/H2 from the rWGS activity of the methanol synthesis 

catalyst (Cu/ZnO/Al2O3), as water is known to reduce the acidity of zeolites.  
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Deactivation of zeolites 

Under typical DME synthesis temperature (260 – 280 °C), the combination of hydrocarbon 

formation, acid sites and high temperature facilitate coke formation. Methanol dehydration to 

DME (MTD) is often the first step in many methanol to hydrocarbon (MTH) processes such as 

methanol to olefins (MTO) and methanol to gasoline (MTG) [194]. As noted earlier, the catalyst 

structure (such as the channel size and configuration) and acidity are the main factors affecting 

the product distribution. In these processes, zeolites with large cages of 3D channels are more 

likely to trap aromatic compounds such as poly-methylbenzenes [195], methanol and DME 

are then attracted to form alkenes and water in a closed cycle through a ‘hydrocarbon pool’ 

mechanisms. Poly-methylbenzenes are often the precursors of coke in MTO processes, but 

they are also found in methanol to DME synthesis despite the lower operating temperature of 

MTD process. It is widely known that pore or active sites blockage by coke deposition is the 

main cause of deactivation of zeolites [196]. The preferential location of coke deposition is still 

under debate, some demonstrated that the carbonaceous deposits are found inside the zeolite 

structure [197] but others proposed that coke is favourably located outside the pores on the 

crystal surface because the channels and size of the zeolite channels restrict the internal 

deposition of solids [198]. In the latter case, coke precursors are thought to be able to diffuse 

from micropores to the external surfaces, particularly when the external surface area is large 

with short diffusion path lengths [199].  

Many studies have demonstrated that FER has high DME selectivity, resistance to coke 

deposition and deactivation due to its unique 8-10 rings, 2D small pore channel structure [190, 

200-202]. However, Catizzone et al. found more Lewis sites on aluminium-rich FER, these 

sites are more active towards methanol conversion but they also promote by-product formation 

(mainly methane) and coke deposition [202]. As a result, the stability and selectivity of FER 

can be further improved by carefully varying the Si/Al ratio.  

On the other hand, modifications of ZSM-5 are investigated to reduce coke formation. For 

example, having both microporous and mesoporous size distribution in the ZSM-5 can 
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increase the activity as well as the stability by limiting coke formation [203, 204].  Reducing 

the acid site strength or total acidity is another way to improve the performance of ZSM-5. This 

can been done by impregnating ZSM-5 with γ-Al2O3 [205], impregnating with metal (Na, Mg, 

Zn or Zr [206, 207]) loadings or increasing Si/Al ratio of the zeolite [208, 209]. 

2.2.3 Reaction mechanism 

The kinetics of DME synthesis over solid acid catalysts have been studied extensively. It is 

widely accepted that the reaction proceeds via a bimolecular mechanism, however two 

different mechanisms have been reported. The Langmuir – Hinshelwood (L – H) mechanism 

involves the reaction of two surface species, an acid site and a conjugate base site are 

required. Over certain zeolite (H-Mordenite), Bandiera and Nacchache [210] proposed that 

the L – H mechanism started with an initial reaction of a methanol molecule at the Brønsted 

acid site (H+). At the same time another methanol molecule reacted at the adjacent base site 

(O2-). Two surface species were formed, [CH3∙OH2]+ and [CH3O]-, which then gave DME and 

water upon condensation. These steps [211] are given as: 

𝐶𝐻3 − 𝑂𝐻 + 𝐻+  ⇌  [𝐶𝐻3 ∙ 𝑂𝐻2]+ 

𝐶𝐻3𝑂 − 𝐻 +  𝑂2−  ⇌  [𝐶𝐻3𝑂]− + [𝑂𝐻]− 

[CH3∙OH2]+ undergoes a fast reaction: 

[𝐶𝐻3 ∙ 𝑂𝐻2]+ ⇌ [𝐶𝐻3]+ + 𝐻2𝑂 

which is followed by a rate-determining step:  

[𝐶𝐻3]+ + [𝐶𝐻3𝑂]− ⇌ 𝐶𝐻3𝑂𝐶𝐻3 

The acid and base sites are regenerated via fast reactions: 

[𝐻3𝑂]+ ⇌ 𝐻+ + 𝐻2𝑂 

𝐻2𝑂 + [𝑂𝐻]− ⇌ [𝐻3𝑂]+ + 𝑂2− 

On the other hand, the Eley – Rideal (E – R) mechanism involves the reaction between a 

surface species and a gaseous methanol molecule, in this case only an acid site is needed to 
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attack the nucleophilic oxygen of the methanol molecule [211]. According to Kubelkova et al. 

[212], the FTIR spectra suggested that a methanol molecule was protonated at the active site 

to methyloxonium ion (CH3OH2
+), which underwent dehydration to give methyl group that 

remained attached to the catalytic surface. DME was formed when another methanol molecule 

approached and reacted with the methyl group via nucleophilic attack. The reactions taking 

place at different acid sites on certain zeolites are shown below. 

Table 2.2, Reactions at different acid sites (Y and ZSM-5 zeolites) and methanol 

dehydration mechanism 

Type of 

acid site 
Reaction at acid site Methanol dehydration 

Brønsted 

  

Lewis 
 

 

However, the primary mechanism for methanol dehydration is still not fully understood. Using 

a cluster model of the active sites to analyse the calculated energy diagrams, Blaszkowski 

and co-workers suggested that the L – H model was preferable to the E – R model due to the 

lower activation energy involved in the L – H pathway [213]. However, there was evidence that 

surface methoxy was an important intermediate in the initial C – C bond formation [214, 215]. 

Furthermore, Ono and Mori exposed H-ZSM-5 to CD3OH and evacuated at 437 K, bands at 

2220 cm-1 and 2070 cm-1 were observed in IR spectra, which corresponded to the anti-

symmetric and symmetric vibrational modes of C – D bonds in CD3, indicating the replacement 

of surface OH group by OCD3. These bands disappeared at 512 K as DME and other 

hydrocarbons were formed [216].  

For both reaction mechanisms, various rate equations were derived from experiments under 

laboratory conditions. A summary of the published rate equations can be found in Table 2.3. 
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Most of the rates of reaction are proportional to the square root of the methanol concentration, 

suggesting dissociative adsorption of methanol on the catalyst surface during dehydration.  

Table 2.3, Earlier rate equations for methanol dehydration, reproduced from [217] 

Author Rate equation Catalyst used 

Klusacek and Schneider, 

1982 

−𝑟𝑀 =
𝑘𝐾𝑀𝐶𝑀

(1+2(𝐾𝑀𝐶𝑀)
1
2+(𝐾𝑊𝐶𝑊))2

  

Acidic ion exchange 

resin 
−𝑟𝑀 =

𝑘𝐾𝑀𝐶𝑀
2

(1+2(𝐾𝑀𝐶𝑀)
1
2+(𝐾𝑊𝐶𝑊))3

  

−𝑟𝑀 =
𝑘𝐾𝑀𝐶𝑀

2

(1+2(𝐾𝑀𝐶𝑀)
1
2+(𝐾𝑊𝐶𝑊))4

  

Kallo and Knozinger, 1967 −𝑟𝑀 =
𝐶𝑀

1/2

𝐶𝑀

1
2+𝑘2𝐶𝑊

  Alumina/silica alumina 

Sinicyna et al., 1986; Gates 

and Johanson, 1971 [218] 
−𝑟𝑀 =

𝑘𝐾𝑀
2𝐶𝑀

2

(1+𝐾𝑀𝐶𝑀+𝐾𝑊𝐶𝑊)2  Ion exchange resin 

Figueras et al., 1971 −𝑟𝑀 =
𝑘𝐾𝑀𝐶𝑀

1/2

1+𝐾𝑀𝐶𝑀
1/2+𝐾𝑊𝐶𝑊

  Alumina/silica alumina 

Than et al., 1972 −𝑟𝑀 =
𝑘𝐾𝑀𝐶𝑀

(1+𝐾𝑀𝐶𝑀)2  
Acidic ion exchange 

resin 

Schmitz, 1978 −𝑟𝑀 = 𝑘1 + 𝑘2𝐶𝑀  Alumina/silica alumina 

Bercic and Levec proposed the following rate equation based on the L – H model by assuming 

that the surface reaction was rate-determining [217]. In this model, the adsorption term for 

DME in the denominator was neglected as the adsorption constant was negligible in 

comparison to that of methanol and water [218]. 

−𝑟𝑀 =
𝑘𝑠𝐾𝑀

2(𝐶𝑀
2 −

𝐶𝑊𝐶𝐸
𝐾 )

(1 + 2(𝐾𝑀𝐶𝑀)
1
2 + (𝐾𝑊𝐶𝑊))4
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It has been demonstrated that this model fits well with experimental results over a range of 

CO2 feed concentrations [81, 219].  

2.2.4 Challenges in single-stage DME synthesis 

As mentioned earlier, the singe-stage DME synthesis from syngas is both scientifically and 

commercially beneficial due to higher once-through conversion and cost savings from smaller 

equipment. However, as the reaction products contain CO2 and DME, the downstream 

separation for the one step process can be costly due to their high volatility. To tackle this 

problem, DME and methanol can be scrubbed out of the reactor effluent while CO2 is recycled 

back to the reactor. However this solution is not ideal as CO2 build-up in the reactor 

significantly decreases the reactor productivity. It was considered to be more cost-effective to 

remove CO2 together with DME and methanol from the reactor effluent, and to develop an 

optimised downstream separation scheme [220].  

Compatibility between methanol synthesis and dehydration catalytic 

functions 

The single-stage DME synthesis requires two catalytic functions, one that catalyses methanol 

synthesis from syngas while the other catalyses methanol dehydration. For the direct CO2 

hydrogenation to DME, the combined catalyst should have good methanol synthesis and 

dehydration activities with a low CO and hydrocarbon yield [19]. The overall efficiency of the 

one-step process largely depends on the properties of the dehydration catalyst [221, 222], 

which is still being researched to achieve optimisation. The acid catalyst should be stable 

when water is present with well-distributed and not too strong acid sites to prevent excessive 

hydrocarbon formation [19]. The main challenges from catalytic perspective are the 

identification of suitable solid acid and methanol synthesis catalyst (MSC) components for CO2 

hydrogenation and the compatibility between the two catalytic components.  

Various studies revealed that when a dual catalyst system is used, both catalysts suffer rapid 

and simultaneous deactivation from the interaction between the catalysts. Naik et al. [223] 
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carried out a comparison between the activity of MSC + γ-Al2O3  and MSC + ZSM-5 and found 

that the zeolite based physical mixture have superior performance in terms of CO2 conversion 

(30%), DME selectivity (75%) and stability. In a different study involving slurry-phase DME 

synthesis, the Cu/ZnO/Al2O3 + γ-Al2O3 physical mixture deactivated rapidly, which led to the 

conclusion that the detrimental interaction between the two catalysts was the main cause of 

loss in catalytic activity [224]. It was further speculated that the interaction was likely due to 

the migration of Cu- and Zn-containing species from the MSC to the γ-alumina. This 

phenomena has also been reported for zeolite based catalyst, for example, it was suggested 

that the migration of Cu and Zn species from the methanol synthesis catalyst to the zeolites 

deactivates the catalyst by reducing the concentration of Brønsted acid sites (due to ion 

exchange between copper and zeolite hydroxyl groups [225]. In other studies, Cu/ZnO/Al2O3 

component in the hybrid catalyst was prone to deactivation as the migration of aluminium 

species caused undesirable interaction with metallic copper, reducing its activity [226] There 

are different views on the efficiency of physical mixture compared to the bifunctional catalysts 

(composites). Bifunctional catalysts can be prepared by various methods, including 

impregnation, co-precipitation [227-231] and sol-gel [232, 233] and it is anticipated that the 

mixing methods of the bifunctional catalysts influence the stability of the catalysts [234]. For 

the bifunctional catalysts, it was claimed that the generation of metal oxide and acid sites in a 

single system could improve the CO2 conversion by enhancing methanol synthesis and 

dehydration on the neighbouring sites [19]. Among various bifunctional catalysts with different 

acid components studied, Cu/ZnO/Al2O3 + ferrierite was found to be superior to others. The 

better conversion and high selectivity were attributed to the facile reducibility of metallic copper, 

suitable topology and acidity [235]. Taking another example of ZrO2-doped Cu/ZnO/Al2O3 + 

ZSM-5 bifunctional catalyst, the conversion obtained was higher due to the close contact 

between the two catalytic functions, which enabled the formation of DME directly from the 

adsorbed methoxy species without intermediate synthesis of methanol [236, 237]. Indeed, Ge 

and co-workers concluded that both active sites of MSC and solid acids should be in close 

contact to achieve the synergistic effect but the coverage of both sites during the reaction must 
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be avoided to reduce loss of active surface area [233]. The latter statement is supported by a 

study that demonstrated the hybrid catalyst has much lower efficiency due to significant pore 

blockage (decreased active surface area) [238] and inter-cation exchange of Cu2+ (possibly 

also Zn2+) species. The author also stressed that other kinds of interaction between catalysts 

cannot be ruled out. 

The hybrid catalysts developed so far are generally prone to deactivation by metal sintering, 

coke deposition or blockage of active sites [237, 239]. There is currently very limited literature 

on the deactivation mechanism for the dual-function catalytic system since the focus has been 

put on the methanol synthesis components. Deeper understanding of the underlying 

interactions and deactivation mechanism in both physical mixture and bifunctional catalyst is 

required, in addition to the individual catalyst performance and process design, for the success 

of the single-stage DME synthesis from CO2 [19]. 
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Chapter 3 Experimental Procedures 

 

3.1 Reactor system setup 

Catalyst tests were carried out in a continuous flow reactor system consisted of a fixed bed 

stirred tank reactor (CSTR) and a packed bed flow reactor (PFR) as illustrated in Figure 3.1. 

To maintain safe operation, flammable gas cylinders (BOC, CP grade) were stored outside 

the laboratory in a ventilated cabinet with gas detector. The cylinders were connected to the 

reactor rig with stainless steel tubing. The reactor rig and online product analysis equipment 

were contained in a well-ventilated and monitored enclosure. A gas detector was used with a 

control unit to shut off supply gas from the cylinders if a leak was detected. The control unit 

also monitored temperature and pressure in the reactor system. Three high-pressure Brooks 

5850E mass flow controllers were used to control the flowrate of the feed. The feed gas 

(except H2/N2 used for catalyst reduction) first passed through an activated-carbon trap at 

room temperature before entering the reactors. The operating pressure in the system was 

regulated and controlled by a Tescom backpressure regulator. The regulator and exit lines 

from the reactors were traced-heated to prevent condensation of products such as water and 

methanol. The online product analysis was conducted in a gas chromatograph (GC2014) with 

automatic sampling valves. At reactor exits before the backpressure regulator, 3 mL/min of 

the reactor effluent was directed (using three consecutive need valves) to an H-Plot/Q column 

(30 m × 0.32 mm × 20 μm) where hydrocarbons and oxygenates were separated and then 

detected with a flame ionisation detector (FID). After the backpressure regulator, 

approximately 10 mL/min of the reactor effluent was directed to a carbon molecular sieve (80 

– 100 mesh) column where permanent gases were separated and then analysed by a thermal 

conductivity detector (TCD).  

Blank experiment was run to ensure that the whole system was inert and there was no 

background CO2 conversion.  
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Figure 3.1, Rig setup 

 

3.1.1 Fixed bed stirred tank reactor (CSTR) 

The CSTR is a bench-top Parr stirred pressure vessel with a volume of 300 mL. It was fitted 

with a high-speed impeller and a stationary catalyst basket. Heating was provided by a mantle. 

Typical stirring speed was 1000 rpm. The reactor temperature and impeller speed were both 

regulated by a Parr 4848B reactor controller. The catalyst (106 – 250 μm) was placed in 

stainless steel mesh (70 μm) inside the catalyst basket. To compare the performance of the 

Parr reactor to an ideal CSTR, the fluid dynamics of the catalyst bed were evaluated (details 

given in Appendix A). The pressure drop through the catalyst bed was 3 Pa and the superficial 
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velocity was 0.6 m/s under typical operation conditions (245 °C, 110 mL/min STP and 30 bar). 

This is equivalent to a recycle ratio of 130, which greatly exceeds the critical value of 20, above 

which the reactor is considered to operate as a perfectly mixed CSTR [17]. 

During CSTR operation, issues with the impeller design developed over time, causing 

damages on the internal surface of the reactor vessel. This further led to strong background 

production of methane and the rapid deterioration of catalyst performance. The observations 

and remedial actions are described in Appendix A.  

3.1.2 Tubular flow reactor (PFR) 

To use the rig with the flow reactor, the lines into and out of the CSTR were closed. The flow 

reactor was a stainless tube with an internal diameter of 9.5 mm and a length of 30 cm. The 

reactor was heated by a cartridge heater block. Temperature inside the reactor was measured 

by a thermocouple fitted through the top of the reactor. Catalyst (106 – 250 μm) was diluted 

with inert SiC (Fisher Scientific, 24 Grit) in a 1:2 volume ratio and packed in the middle of the 

reactor. The particle size was chosen to achieve low pressure drop and prevent wall effects 

(dt/dp = 38, which exceeds 12 to avoid deviation from plug flow regime) [17]. The rest of the 

reactor was packed with SiC to ensure good heat distribution. This reactor was used in 

Chapter 5 for the study of Pd promoted Ni-Ga catalysts as well as in Chapter 6 for the 

investigation of effect CO on the single-stage DME synthesis, no comparison has been made 

between the results obtained in the CSTR and PFR. 

3.2 Catalyst preparation 

3.2.1 Methanol synthesis catalysts (MSC) 

3.2.1.1 Ni-Ga based catalysts supported on silica 

Influence of preparation conditions 

Sharafutdinov et al. [14] extensively studied the effects of metal loading and preparation 

conditions on the Ni-Ga based catalyst supported on SiO2. The authors prepared the catalyst 
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by incipient wetness impregnation with a mixed aqueous solution of nickel and gallium nitrates. 

It was found that calcination of the catalyst precursor had detrimental effect on the particle 

size, and consequently the catalytic activity. Therefore the dried catalyst precursors were 

directly reduced in flowing H2. In situ XRD was carried out on the reduction of Ni-Ga catalysts 

to demonstrate that a reduction temperature of 700 °C is required for the complete formation 

of stoichiometric Ni-Ga intermetallic compounds, especially in the case of the most complex 

δ-Ni5Ga3 phase [13]. This particular composition was also revealed to have the highest 

methanol turnover frequency. Therefore in the present study, the same catalyst preparation 

method will be used to prepare SiO2 supported Ni-Ga catalysts with three different nominal 

Ni:Ga ratio, i.e. 0.6 (designated as NiGa(a)/SiO2), 1.0 (NiGa(b)/SiO2) and 0.33 (NiGa(c)/SiO2), 

whose activities at atmospheric pressure have been previously reported in the literature. 

In addition to above, it was found that the material of the reactor in which the catalyst was 

reduced played crucial role in the formation of correct Ni-Ga intermetallic phase. The Ni-Ga 

catalysts reduced in steel reactor had poor methanol synthesis performance, it was speculated 

that the presence of foreign metal resulted in undesirable interactions with Ni and Ga in the 

catalyst. The details of this investigation is given in Appendix A. Hence, all the reduction of the 

Ni-Ga based catalysts was carried out in a quartz tube. 

Summary of catalyst preparation details  

Ni-Ga at a weight loading of 17% was supported on a commercial EP10 silica (106 – 250 µm) 

by incipient wetness co-impregnation with an aqueous mixture of nickel and gallium nitrates 

(both from Sigma Aldrich). Three different Ni:Ga ratios were prepared, 5:3, 1:1 and 3:1. The 

catalyst precursor was dried in N2 and directly ex situ reduced in a quartz tube with a flow of 

5% H2/N2 (BOC) for 2 hours at 700 °C. The reduced catalyst was cooled down to 25 °C and a 

flow of 10% N2O in N2 was used to passivate the catalyst for 30 min. The sample was kept 

under flowing N2 before transfer to the high-pressure reactor. Prior to catalysis, the catalysts 
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were re-activated in situ at 340 °C for 3 hours under flowing 5% H2/N2. The development of 

this passivation and re-activation procedure will be discussed in Chapter 4 section 4.2.2.  

3.2.1.2 NiGa(a) based hydrotalcites (LDH) 

NiZnGaAl-LDH with a Ni:Ga molar ratio of 5:3 was synthesised on a γ-alumina support, 

following the procedures given by Ning et al. [240]. Spherical γ-Al2O3 pellets (Sasol) were 

crushed and sieved to 250 – 500 µm. 0.2616 g of Ni(NO3)2∙6H2O, 0.2678 g of Zn(NO3)2∙6H2O, 

0.0345 g of Ga(NO3)3∙xH2O and 0.1035 g of urea (all chemicals from Sigma Aldrich) were 

dissolved in 1.5 mL of DI water before transfer to an autoclave. 1 g of γ-Al2O3 was added, 

which acted as the source of Al and the support. The solid suspension was sealed in the 

autoclave to allowing aging at 100 °C for 12 hours. The resulting solid was filtered with a 0.2 

μm nylon membrane and washed thoroughly with DI water. Subsequently, the solid was dried 

overnight in a recirculating oven at 100 °C. The reduction of the catalyst was performed in a 

quartz tube at 700 °C with 70 mL/min 5% H2/N2 for 2 hours. Passivation of this catalyst was 

done at 25 °C with 10% N2O/N2 for 30 min. Prior to catalyst test, it was re-activated in situ at 

340 °C for 3 hours under flowing 5% H2/N2. 

3.2.1.3 Palladium promoted NiGa(a)/SiO2 

Pd promoted NiGa(a)/SiO2 was prepared by a two-stage incipient wetness co-impregnation 

method. First, Pd was impregnated onto a commercial EP10 silica (106 – 250 μm) by incipient 

wetness impregnation using dissolved palladium acetate in toluene (both from Sigma Aldrich). 

The amount of Pd promotion was 0.04 mol Pd to 1 mol Ni+Ga [241]. The precursor was dried 

at room temperature overnight before second incipient wetness impregnation was carried out, 

this time with an aqueous solution of nickel and gallium nitrates (Sigma Aldrich). The weight 

loading of Ni+Ga on SiO2 was kept at 17% and Ni:Ga ratio was 5:3. The resulting catalyst was 

directly reduced in situ at 350 °C for 4 hours with 5% H2/N2. The development of this reduction 

condition is given in Chapter 5 section 5.2.1. 
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3.2.1.4 Pd-Ga based catalysts supported on silica 

The preparation method of Pd-Ga based catalysts was modified from the work by Chiavassa 

et al. [242]. 2 wt% palladium was impregnated onto a commercial EP10 silica (106 – 250 µm) 

by incipient wetness impregnation using dissolved palladium acetate in toluene (both from 

Sigma Aldrich). The precursor was dried and then calcined in air (200 mL/min STP) at 150 °C 

for 2 hours. Gallium was then impregnated using an aqueous solution of gallium nitrates 

(Sigma Aldrich). Pd2Ga and PdGa3 were prepared. Final calcination was carried out in air (200 

mL/min STP) at 400 °C for 2 hours. The calcined catalysts were ex situ pre-reduced at 460 °C 

for 2 hours under flowing 5% H2/N2, cooled down and passivated with 10% N2O/N2. Before 

activity measurements, the passivated catalysts were reduced in situ at 250 °C with 5% H2/N2.  

3.2.1.5 Cu/ZnO/Al2O3 

The commercial Cu/ZnO/Al2O3 (Johnson Matthey) was crushed and sieved to pellets with a 

particle size of 106 – 250 µm. This catalyst was reduced in situ at 225 °C for 2 hours under 

flowing 5% H2/N2.  

3.2.2 Methanol dehydration catalysts  

3.2.2.1 γ-alumina (γ-Al2O3) 

γ-Al2O3 pellets from Sasol were crushed and sieved to obtain the desired particle size 106 – 

250 µm. The catalyst was ex situ calcined in air at 400 °C for 4 hours.  

3.2.2.2 Zeolites 

Ferrierite (FER, CP914) and ZSM-5 (CBV5524G) were used. Powdered zeolites from Zeolyst 

were pressed into disc form by applying a load of 10 ton. The discs were crushed and sieved 

to pellets (106 – 250 µm). To obtain the required H-form, both zeolites were calcined ex situ 

at 550 °C for 6 hours under flowing air.  
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3.2.2 Mass transfer effects 

Although kinetic modeling is not the research objective of this work, it is still necessary to carry 

out catalyst tests without significant external or internal mass transfer limitations in order to 

study the deactivation behaviour the catalysts.  

The external mass transfer effect is dependent on the fluid dynamics in the reactor. In the 

CSTR, the existence of external gradient was assessed by varying the impeller speed. The 

reaction rates at different impeller speed are summarised in Table 3.1.  

Table 3.1, Effect of impeller speed on the methanol synthesis reaction rate* 

Impeller speed (rpm) 800 1000 1300 

MeOH production rate (mol [MeOH]/mol [Ni+Ga]*hr 0.54 0.54 0.53 

*conditions: 0.3 g NiGa(a)/SiO2, particle size: 106 – 250 μm, 245 °C, 10 bar, 

5%Ar/24%CO2/H2, flow rate: 110 mL/min (GHSV: 6640 h-1) 

The conversions (0.6%) obtained are far from equilibrium. No significant difference in the 

reaction rates was observed at all three impeller speeds, indicating the absence of external 

gradients. Therefore the impeller speed was set to 1000 rpm for all the experiments conducted 

in the CSTR. 

The internal mass transfer is controlled by the pore size and pore volume of the catalysts. 

Typically, the particle size of the catalyst is reduced until no further increase in reaction rates 

is observed. R. Montesano conducted an investigation on the effect of particle size on the 

reaction rates in the single-stage DME synthesis [17]. It was found that practically the same 

reaction rates were obtained using particles with size range of 106 – 250 μm and 250 – 500 

μm and the Weisz-Prater numbers for these size ranges were well below 0.3 (two orders of 

magnitude lower) [243]. The reproduced results are shown in Appendix A Table A.2. Since 

this study was carried out in a similar setup as the present one and the catalysts (HiFuel R120 
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and Sasol γ-alumina) tested were used in the present study, therefore it is safe to assume a 

size range of 106 – 250 μm would be adequate to prevent significant intraparticle diffusion 

limitation.  

3.2.3 Catalyst tests under elevated pressures 

After the catalysts were loaded into the reactor, the system was pressurised with N2 at the 

operating pressure to test for leaks. When no leak was present, the pressure was released 

and a flow of 100 mL/min STP 5% H2/N2 was introduced and the reactor was heated to the 

desired re-activation temperature. After the catalyst re-activation was complete, the reactor 

was cooled down to below 100 °C under flowing N2 before the desired reaction temperature 

was set. Once the reaction temperature was reached (either 245 °C in methanol synthesis or 

270 °C in DME synthesis), the backpressure regulator was set to the desired operating 

pressure and the reactants were gradually fed into the system. The reactor effluent was 

analysed by the GC instrument every 20 minutes. After the experiment was complete, the 

pressure was released and the system was flushed with N2 while cooling down to room 

temperature.  

3.2.4 Product analysis 

Two injection loops of 500 μL maintained at 250 °C were used to carry out sample injections. 

During each analysis, the columns were maintained at 50 °C for 2 minutes and then heated 

to 150 °C at a rate of 10 °C/min. The final temperature was maintained for 2 minutes. The FID 

was maintained at 250 °C for the analysis of methane, methanol, DME and other 

hydrocarbons. The TCD was kept at 150 °C and was used to detect CO, CO2 and Ar (internal 

standard).  

For both detectors, the retention times of the substances were identified by analysing a flow 

of calibration mixtures (BOC, 1% DME, 5% Ar, 5% CH4 in He and 5% CO, 5% Ar, 5% CO2, 

5% CH4 in He). The TCD was also calibrated with certified reactant mixture (BOC, 5% Ar, 24% 

CO2 in H2 and 5 %Ar, 4% CO, 20% CO2 in H2). From the calibration results, the response 
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factor of substance 𝑖, 𝑅𝐹𝑖, was calculated from the ratio between the area under the GC peak 

and the molar concentration 𝑦𝑖,𝐶𝑀 in the calibration mixture (Equation 3.1). Volume of each 

injection was assumed to be constant. The 𝑅𝐹𝑖  values for common reaction products are 

summarised in Appendix A Table A.3. From the response factor, the amount of each product 

𝑦𝑖,𝑜𝑢𝑡  in the effluent was quantified using Equation 3.2.  

𝑅𝐹𝑖 =  
𝑃𝑒𝑎𝑘 𝑎𝑟𝑒𝑎 𝑖𝑛 𝑐ℎ𝑟𝑜𝑚𝑎𝑡𝑜𝑔𝑟𝑎𝑚

𝑦𝑖 ,𝐶𝑀
 Equation 3.1 

𝑦𝑖,𝑜𝑢𝑡 =
𝑃𝑒𝑎𝑘 𝑎𝑟𝑒𝑎 𝑔𝑖𝑣𝑒𝑛 𝑏𝑦 𝐺𝐶

𝑅𝐹𝑖
 Equation 3.2 

For methanol, it was impossible to obtain a gaseous calibration standard due to its low boiling 

point. Hence, its response factor was calculated from that of methane using the ratio between 

the factors of these two substances given by R. Montesano [17], assuming that the ratio 

remain constant.  

3.2.5 Calculation methods 

3.2.5.1 Conversion and production rate 

The reaction progress was quantified by the conversion and production rate of methanol. The 

reactions involved and the extents of reaction are presented below:  

𝐶𝑂 + 2𝐻2 → 𝐶𝐻3𝑂𝐻 𝜉1 

𝐶𝑂2 + 𝐻2 → 𝐶𝑂 + 𝐻2𝑂 𝜉2 

𝐶𝑂 + 3𝐻2 → 𝐶𝐻4 + 𝐻2𝑂 𝜉3 

2𝐶𝐻3𝑂𝐻 → 𝐶𝐻3𝑂𝐶𝐻3 + 𝐻2𝑂 𝜉4 

The extent of reaction 𝜉̇𝑗 (mole per hour) of reaction 𝑗 is defined as 

𝜉̇𝑗 =  
𝑛̇𝑖 − 𝑛̇𝑖

0

𝑣𝑖
 Equation 3.3 

where  𝑛̇𝑖
0and 𝑛̇𝑖 are the molar flowrates of substance 𝑖, in the feed and outlet respectively. 𝑣𝑖 

is the stoichiometric ratio of 𝑖 in reaction 𝑗.  
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The molar concentration 𝑦𝑖 of substance 𝑖 in the reactor effluent obtained from FID and TCD 

measurements can be expressed as: 

𝑦𝑀𝑒𝑂𝐻 =  
𝜉1̇ − 𝜉4̇

𝑛𝑇
0̇ − 2𝜉1

̇ − 2𝜉3
̇

 Equation 3.4 

𝑦𝐷𝑀𝐸 =  
𝜉4̇

𝑛𝑇
0̇ − 2𝜉1

̇ − 2𝜉3
̇

 Equation 3.5 

𝑦𝐶𝑂 =  
𝑛𝐶𝑂

0̇ − 𝜉̇2 − 𝜉1̇ − 𝜉3̇

𝑛𝑇
0̇ − 2𝜉1

̇ − 2𝜉3
̇

 Equation 3.6 

𝑦𝐶𝑂2
=  

𝑛̇𝐶𝑂2

0 − 𝜉̇2

𝑛𝑇
0̇ − 2𝜉1

̇ − 2𝜉3
̇

 Equation 3.7 

𝑦𝐶𝐻4
=  

𝜉̇3

𝑛𝑇
0̇ − 2𝜉1

̇ − 2𝜉3
̇

 Equation 3.8 

From the extents of reaction, the methanol conversions and hence the rate of methanol 

production were calculated from FID measurements as  

Methanol synthesis 

𝑋𝑀𝑒𝑂𝐻 =
𝜉̇1

𝑛̇𝐶𝑂2

0  Equation 3.9 

𝑅𝑀𝑒𝑂𝐻 =
𝑋𝑀𝑒𝑂𝐻 × 𝑛̇𝐶𝑂2

0

𝑛𝑐𝑎𝑡
 Equation 3.10 

DME synthesis 

𝑋𝑀𝑒𝑂𝐻 =
𝜉̇1 + 2 × 𝜉̇4

𝑛̇𝐶𝑂2

0  
Equation 3.11 

𝑅𝑀𝑒𝑂𝐻 =
𝑋𝑀𝑒𝑂𝐻 × 𝑛̇𝐶𝑂2

0

𝑛𝑐𝑎𝑡
 Equation 3.12 

where 𝑋𝑀𝑒𝑂𝐻 is the MeOH conversion, 𝑅𝑀𝑒𝑂𝐻 is the rate of methanol production, 𝑛̇𝐶𝑂2

0  is the 

inlet molar flowrate of CO2 in mole per hour and 𝑛𝑐𝑎𝑡 is the amount of active metal (Ni+Ga or 

Pd+Ga or Cu) in moles. 



70 | P a g e  
 

Due to the very low conversion achieved in all the experiments, error associated with the TCD 

measurement (CO2 signal) was large. Therefore it was not possible to balance the conversion 

obtained in the FID and TCD. 

3.2.5.2 Selectivity 

The selectivity of products were calculated as the molar percentage of each product, as shown 

in Equation 3.13 below. 

𝑆𝑖 =
𝑦𝑖

∑ 𝑦𝑖
 Equation 3.13 

where 𝑆𝑖 is the selectivity of product 𝑖 and 𝑦𝑖 is the molar concentration of product 𝑖 (MeOH, 

DME, CH4 and CO) in the reactor effluent.  

In some cases, the selectivity was also calculated as the ratio between MeOH and CO or CH4. 

MeOH/CO =  
𝑦𝑀𝑒𝑂𝐻

𝑦𝐶𝑂
 Equation 3.14 

MeOH/CH4 =  
𝑦𝑀𝑒𝑂𝐻

𝑦𝐶𝐻4

 Equation 3.15 

where MeOH/CO stands for the ratio between MeOH and CO, 𝑦𝑀𝑒𝑂𝐻 and 𝑦𝐶𝑂 are the molar 

fractions of MeOH and CO. 

The errors in conversion, methanol production rate and selectivity were estimated using the 

standard deviation in the GC response for each substance and uncertainty in sample weight. 

Example of calculation is given in Appendix A. 

3.3 Thermodynamic analysis of methanol synthesis process 

The experiments conducted in this study were atmospheric pressure, 10 bar and 30 bar. To 

ensure that the catalytic performance observed was not limited by the equilibrium at these 

pressures, the thermodynamic equilibrium analysis of the methanol synthesis process was 

carried out.  
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𝐶𝑂 + 2𝐻2 → 𝐶𝐻3𝑂𝐻 Reaction 1 

𝐶𝑂2 + 3𝐻2 → 𝐶𝐻3𝑂𝐻 + 𝐻2𝑂 Reaction 2 

𝐶𝑂 + 𝐻2𝑂 → 𝐶𝑂2 + 𝐻2 Reaction 3 

The equilibrium constant for each reaction at a given total pressure can be written as follows 

(assuming the fugacity coefficient is unity): 

𝐾𝑝1 =
𝑃𝐶𝐻3𝑂𝐻

𝑃𝐶𝑂 × 𝑃𝐻2

2 Equation 3.16 

𝐾𝑝2 =
𝑃𝐶𝐻3𝑂𝐻 × 𝑃𝐻2𝑂

𝑃𝐶𝑂2
× 𝑃𝐻2

3  Equation 3.17 

𝐾𝑝3 =
𝑃𝐶𝑂2

× 𝑃𝐻2

𝑃𝐶𝑂 × 𝑃𝐻2𝑂
 Equation 3.18 

where 𝐾𝑝𝑖 is the equilibrium constant for reaction 𝑖, 𝑃𝑗 is the partial pressure of substance 𝑗.  

On the other hand, the equilibrium constants dependent on temperature only can also be 

calculated from the Van’t Hoff equation. 

𝑙𝑛
𝐾𝑖

𝐾𝑖,298𝐾
=

−∆𝐻𝑟,𝑖
⊖

𝑅
(

1

𝑇
−

1

𝑇298𝐾
) Equation 3.19 

where 𝐾𝑖,298𝐾 is the equilibrium constant at temperature 298K, 𝐾𝑖 is the equilibrium constant 

of reaction 𝑖  at 𝑇 (reaction temperature), ∆𝐻𝑟,𝑖
⊖  is the standard heat of reaction 𝑖 , R is the 

universal gas constant. 

𝐾𝑖,298𝐾 is further defined as: 

𝐾𝑖,298𝐾 = exp (
−∆𝐺298𝐾

∘

𝑅𝑇
) Equation 3.20 

where ∆𝐺𝑖,298𝐾
∘  is the Gibbs energy change at 298K. The values of ∆𝐻𝑟,𝑖

⊖ and ∆𝐺𝑖,298𝐾
∘  used are 

given in Appendix A Table A.4.  
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Equating both equilibrium constants for each reaction [244] and solve the three reactions as 

a whole system, the partial pressure of each substance (consequently the molar 

concentration) can be calculated. The MeOH conversion achieved at each temperature was 

subsequently determined using Equation 3.9. The process was repeated for different 

pressures. The results for the equilibrium MeOH conversion as a function of temperature are 

presented in Figure 3.2.  

 

Figure 3.2, Equilibrium methanol conversion against temperature at different pressures 

3.4 Catalyst characterisation 

3.4.1 X-ray powder diffraction (XRD) 

The diffraction patterns of powdered catalysts were obtained in a PANalytical X’pert Pro 

multipurpose diffractometer by exposing them to Cu - Kα radiation. X-ray was generated with 

40 kV and 20 mA. The data was collected over a range of 6 – 80° (2θ) at room temperature. 

The particle sizes of the Ni-Ga and Cu catalysts were determined using the Scherrer equation. 

The full width at half maximum was taken from the main diffraction peak. 
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3.4.2 Nitrogen physisorption 

The surface area and porosity measurements were obtained by conducting nitrogen 

physisorption at 77 K in Micrometrics Tristar 3000. Samples were degassed overnight under 

N2 flow at 120 °C. The specific surface area was calculated using the BET method. The pore 

volume and pore size for SiO2 supported catalysts were calculated by the BJH method. 

3.4.3 Thermogravimetric analysis (TGA) 

A Netzsch thermogravimetric analysis instrument coupled with online mass spectrometry (MS) 

was used to determine the coke content on the spent catalysts (temperature programmed 

oxidation, TPO).  20 mg of spent material was loaded in a TGA pan. Air was used, the sample 

was heated from room temperature to 120 °C and stayed at this temperature for half an hour 

to oxidise the catalyst. It was then heated to 800 °C at a rate of 20 °C/min. CO2 evolution was 

monitored by the online MS at signal m/z 44. The CO2 signal was quantified by calibrating the 

detector with TPO of known amount of MnCO3 (Sigma Aldrich). 

3.4.4 Transmission electron microscopy (TEM) and energy dispersive 

spectroscopy (EDS) 

TEM images were obtained with a JEOL2010 Transmission Electron Microscope, operated at 

200 kV. A small amount of fine catalyst powders were dispersed in ethanol and a drop was 

added to a copper grid coated with holey carbon film (300 mesh, Agar Scientific) to dry. EDS 

spectrum was also obtained to determine the elemental composition of the sample. 

3.4.5 X-ray photoelectron spectroscopy (XPS) 

Prior to analysis, the samples were dried (and de-gassed) under flowing N2 at 100 °C 

overnight. 

A Thermo K-Alpha Spectrometer equipped with Al Kα source gun was used to obtain XPS 

data. An X-ray spot size of 400  μm and pass energy of 20 eV were used. Samples were 

mounted on double-sided adhesive tape and the spectra were collected with 0.1 eV 
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increments. The binding energies (BE) were referenced to the C 1s peak of adventitious 

carbon at 284.8 eV.  Data analysis was performed using Avantage software from Thermo 

Scientific. 

3.4.6 Inductive coupled plasma – optical emission spectrometry (ICP – OES) 

The chemical composition of the catalysts were determined by ICP – OES analysis (Perkin 

Elmer Optima 2000DV). Catalysts (about 10 mg) were digested overnight in 10mL aqua regia, 

which consisted of 3:1 (volume) hydrochloric and nitric acids. Before analysis, the 

concentrated acid solution was diluted with DI water (10% acid solution in final diluted mixture). 

Calibration was done using standard solutions (Fluka, Sigma Aldrich). 

Samples containing SiO2 were analysed by Medac Ltd using HF digestion. 

3.4.7 Temperature programmed experiments 

Temperature programmed experiments were conducted in an in-house-built reactor system, 

which consisted of a quartz tube microreactor, electric furnace and a gas chromatograph (FID 

or TCD, depending on the experiments).  

3.4.7.1 Temperature programmed reduction (TPR) 

Temperature programmed reduction experiments were conducted in a quartz tube 

microreactor with a thermal conductivity detector (TCD). The quart reactor has an internal 

diameter of 6 mm, thickness 1 mm and length 27 cm. The electric furnace had wires coiled 

around a quartz cylinder (diameter 2 cm), which was heavily insulated. Two thermocouples 

were placed inside the cylinder, one to control the heating rate and another to act as a thermal 

cutoff. A third thermocouple was attached to the quartz reactor and connected to EasyLog 

temperature logger for temperature recording. 5% H2/N2 (BOC) was fed at a flowrate of 40 

mL/min, which was controlled by the gas chromatograph (GC14B). The reactor effluent was 

passed through a moisture trap before entering the GC. The TCD measured the difference in 

the hydrogen concentration in the reactor effluent and on the reference side (fresh feed). 
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During experiments, the reactor was heated from room temperature to 800 °C at a rate of 10 

°C/min. Hydrogen consumption was quantified by calibrating the detector with known amount 

of pure CuO (Sigma Aldrich). 

3.4.7.2 Passivation study of NiGa(a)/SiO2 

During passivation study of NiGa(a)/SiO2 catalysts, the catalyst was reduced in situ in the 

quartz tube with 5% H2/N2 (70 mL/min) at 700 °C for 2 hours. It was then cooled down to the 

desired passivation temperature and 10% N2O/N2 (BOC) was fed for 30 minutes. After 

passivation, the catalyst was cooled down to room temperature and exposed to air for 30 min 

to simulate transfer to reactor. TPR was subsequently carried out to find the optimum re-

activation temperature. 

3.4.7.3 Temperature programmed reaction (TPRx) 

Temperature programmed reactions were carried out to screen different catalysts. The same 

quartz tube (with the same electric furnace) was used. 5%Ar/24%CO2/H2 (BOC) feed flowrate 

was controlled by Brooks 5850E mass flow controllers, the rates were set to be around 100 

mL/min STP. Product analysis was done with both FID and TCD from GC2014 instrument, as 

described in section 3.2.4. The catalyst precursor was reduced with 5% H2/N2 in situ at the 

desired temperature, after cooling down (and passivated with 10% N2O and then re-activated 

with 5% H2 during passivation studies), reactant mixture was fed and the reactor was heated 

from room temperature to the target reaction temperature. Product analysis was carried out at 

each desired temperature.  
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Chapter 4 CO2 Hydrogenation to Methanol over 

Ni-Ga Based Catalyst at Elevated Pressures 

 

4.1 Introduction 

In this chapter, the performance of Ni-Ga based catalysts in CO2 hydrogenation to methanol 

are investigated.  

Over conventional Cu-based methanol catalysts, a CO2-rich feed promotes the production of 

unwanted CO through the reverse water-gas shift reaction (rWGS), increasing H2 consumption 

while reducing methanol production. The additional water produced can accelerate 

deactivation of the catalyst through sintering [245]. Hence, considerable research has been 

directed to development of new catalysts for CO2 hydrogenation. Among them, the 

intermetallic compounds have gained increasing popularity as methanol-forming catalysts due 

to their structural stability and the modified electronic structure of the active metal [11]. As 

discussed in Chapter 2, Studt and co-workers [12] reported the discovery of Ni-Ga catalysts 

for CO2 hydrogenation to methanol at atmospheric pressure. Ni5Ga3 supported on silica was 

reported to have a methanol synthesis activity comparable to conventional Cu/ZnO/Al2O3 

catalysts but with significantly reduced CO production. However, despite the apparent promise 

of this catalyst system, the thermodynamic equilibrium for CO2 to methanol is very low at 

atmospheric pressure (less than 0.02% conversion at 250 °C); for industrial applications Ni-

Ga based catalysts would have to operate at elevated pressures. Recently, Wencka et al. 

[128] in a surface science study have shown that the catalytic activity of Ni-Ga intermetallic 

compound is strongly affected by exposure to air and that the effect cannot be fully reversed 

even at 600 °C. Thus, due to the severe pre-reduction conditions (700 °C) involved in the 

preparation of these active Ni-Ga catalysts [7, 8], the performance and stability of Ni-Ga/SiO2 

catalysts at elevated pressures remain largely unknown.  
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Firstly, the identification and evaluation of a suitable passivation and in situ re-activation 

procedure is presented, which is essential to overcome the challenge of preserving the active 

Ni-Ga catalyst that was reduced at 700 °C. The characterisation of the passivated catalysts is 

given. The performance and stability NiGa(a)/SiO2 (5:3), NiGa(b)/SiO2 (1:1) and NiGa(c)/SiO2 

(3:1) catalysts at elevated pressures have been investigated and compared to that of a 

commercial Cu/ZnO/Al2O3 catalyst in a fixed bed stirred reactor (CSTR), which provides 

accurate kinetic information due to its gradientless nature (constant temperature, pressure 

and composition throughout the reactor). The impact of low levels of CO was investigated by 

addition of CO to the feed gas.  

Hydrotalcites (double layered hydroxide, LDH) have been found to be versatile precursors as 

there is flexibility to incorporate different metal cations into the structure and the uniform 

dispersion and interaction of metal cations in the structure are beneficial for alloy formation 

[135]. Recently, a CoGa based catalyst was reported to convert syngas to ethanol and higher 

alcohols efficiently [240]. This was achieved by trapping the uniformly dispersed CoGa 

particles on the ZnAl layered double oxide (LDHs). Moreover, higher stability was achieved 

due to the unique structure of the catalyst. This approach is applied to a Ni-Ga based catalyst 

briefly towards the end of the chapter.  

4.2 Preparation of Ni-Ga/SiO2 catalysts 

4.2.1 The need for a suitable passivation procedure 

From the Ni-Ga catalysts, NiGa(a)/SiO2 was selected for preliminary study as the Ni-Ga 

catalyst with a Ni:Ga ratio of 5:3 was reported to be the most active [12]. The detailed catalyst 

preparation procedures and source of chemicals used can be found in Chapter 3 section 

3.2.1.1.  

The preliminary studies of NiGa(a)/SiO2 were conducted in a TPRx system with online mass 

spectrometry for product analysis to allow quick screening of the catalyst. NiGa(a)/SiO2 was 
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reduced in situ at 700 °C direct from the impregnated nitrates. A TPRx experiment with CO2/H2 

was then carried out to confirm the activity of the catalyst prepared. The maximum methanol 

production rate at atmospheric pressure at 245 °C was found to be 0.06 mol [MeOH]/mol 

[active metal]*hr, which is comparable to the literature value reported (0.07) [12]. This 

suggests that an active intermetallic Ni-Ga based catalyst was successfully prepared.  

To measure the catalytic performance of these Ni-Ga based catalysts in high-pressure reactor, 

which has a temperature limit of 350 °C, in situ reduction of the NiGa(a)/SiO2 catalyst precursor 

would be very difficult. Therefore, the catalyst precursor must be reduced ex situ and 

subsequently transferred to the high-pressure reactor. The catalyst tests conducted by 

Sharafutdinov et al. [13, 14] at atmospheric pressure were always in the same reactor, where 

reduction of the catalyst took place to avoid contact with air. More recently, Wencka and co-

workers [128] found that the catalytic activity of noble metal free intermetallic catalysts, such 

as Ni-Ga based catalysts, was strongly influenced by exposure to air due to the instability of 

active surface. Hence, it was expected that the Ni-Ga based catalysts would suffer a significant 

loss in activity upon exposure to air. Hence, another TPRx experiment was carried out with a 

reduced and air-oxidised NiGa(a)/SiO2 catalyst to investigate the effect of air on the reduced 

catalyst. Prior to the reaction, the oxidised catalyst was re-activated in situ using the 

regeneration conditions suggested by Studt et al. (350 °C for 2 hours under flowing 5% H2/N2). 

The comparison of the activities is shown in Figure 4.1.  

 
Figure 4.1, TPRx profiles of the catalytic performance of in situ reduced NiGa(a)/SiO2 and 

air-oxidised NiGa(a)/SiO2 (re-reduced at 350 °C) 
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Clearly, direct exposure to air of the reduced catalyst had detrimental effect on the activity of 

the catalyst. As suggested by Wencka et al. [128] that once the Ni-Ga based catalyst was 

oxidised by air, reducing at temperatures as high as 600 °C can only restore the active surface 

composition partially. Therefore, a suitable passivation method to preserve the activity of the 

catalyst for transport under air is of paramount importance if these catalysts are to be used 

under industrial conditions. 

4.2.2 Development of passivation procedures 

4.2.2.1 Passivation with N2O 

Methodology for the development of passivation procedure  

As noted above, a convenient and effective passivation technique should be developed in 

order that the Ni-Ga based catalysts can be used under high pressures.  

Low concentrations of oxygen or nitrous oxide (N2O) can be used as passivating agents. 

Nitrous oxide surface oxidation is a well-established technique for surface area determination 

and passivation of Cu-based methanol catalysts owing to the ease of N2O handling, control 

over extent of oxidation and simple oxidation products (N2O decomposes to O(s) and N2 at 60 

°C on Cu) [246-248], it was selected for Ni-Ga catalyst passivation. The passivation and 

subsequent re-activation temperatures for Ni-Ga/SiO2 were varied to find the optimum 

combination.  

The active Ni-Ga catalyst was obtained by reducing the catalyst precursor in situ at 700 °C for 

2 hours under a flow of 5% H2/N2, as described in section 3.2.1.1. Subsequently, the catalyst 

was cooled down to the desired passivation temperature (25 °C, 50 °C, 80 °C and 120 °C) 

before feeding 10% N2O/N2 for 30 minutes. To simulate air exposure during transfer to high-

pressure reactors, once the passivated catalyst was cooled down to room temperature, it was 

left in air for 30 minutes. In situ TPR with 5% H2/N2 was carried out over the passivated catalyst 

to investigate its reducibility. Next, TPRx with a CO2/H2 mixture at atmospheric pressure were 
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conducted over the passivated and re-activated catalyst to assess the effectiveness of the 

passivation procedure. 

Effect of passivation temperature 

The TPR profiles for different passivation temperatures (for NiGa(a)/SiO2) are presented in 

Figure 4.2. The size of the signal measured by the TC detector during the TPRs clearly 

indicates that the peaks observed mainly originated from H2 consumption and not N2O 

desorption, since the thermal conductivity of N2O is very similar to that of N2 (carrier gas). The 

sample passivated at 25 °C have well-defined hydrogen consumption peaks at a lower 

temperature (80 – 100 °C). This suggests that samples passivated at lower temperatures are 

easier to re-reduce, hence under these conditions N2O mainly oxidised the surface. At 25 °C, 

the amount of hydrogen consumption was found to be 0.455 mmol/g (NiGa(a)/SiO2). This 

value is equivalent to 15 mol% of active metal (Ni+Ga) being reduced, indicating that the 

catalyst had been passivated successfully via surface oxidation.  

On the other hand, the hydrogen consumption peaks became broader and more irregular 

when the passivation temperature was increased to 120 °C. The trend is similar to that of 

unpassivated sample that was exposed to air. This observation implies that high passivation 

temperature can cause deep (bulk) oxidation of the catalysts, which is undesirable but 

expected. Hence, a passivation temperature of 25 °C was considered to be the most 

convenient and effective, it was used in all the subsequent experiments. 

In order to study the long-term stability of the passivated catalyst under air, a sample of 

reduced NiGa(a)/SiO2 was passivated at 25 °C and stored in air for one month. TPR 

experiment was performed over this catalyst. As can be seen from Figure 4.2 (b), passivated 

sample that was stored under air for long period of time has a TPR profile similar to an 

unpassivated sample. Hence, the air exposure time after passivation (during catalyst handling 

and transportation) should be kept as short as possible to prevent further oxidation.  
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Figure 4.2, TPR profiles for reduced NiGa(a)/SiO2 

(a) Passivated at different temperatures (b) Passivation at 25 °C and exposed to air for long 

period of time 

Effect of re-activation temperature 

Taking a closer look at Figure 4.2 (a), although the majority of reduction of the passivated (at 

25 °C) catalyst is completed below 200 °C, there is a small H2 consumption peak at 300 – 450 

°C. This indicates that there are oxidised species that can only be re-reduced above 300 °C.  

To confirm whether re-activation above 300 °C was required, re-activation temperatures of 

270 °C (below 300 °C) and 340 °C (above 300 °C) were investigated. 340 °C was chosen 

because it is close to the reactor temperature limit. The re-activation was carried out with 5% 

H2/N2 and the time was preliminarily chosen to be 3 hours, which is slightly longer than the 

reduction time used by Wencka et al. [128] to ensure that the re-activation is completed. The 

catalytic activity of the passivated catalysts re-activated at 270 °C and 340 °C were measured 

separately by TPRx of CO2/H2 at atmospheric pressure. The TPRx profiles are given in Figure 

4.3, the result for an in situ reduced catalyst at 700 °C (without passivation) is also shown for 

comparison. 



82 | P a g e  
 

 
Figure 4.3, TPRx profiles for NiGa(a)/SiO2 re-activated at different temperatures 

The passivated sample re-reduced at 270 °C only recovered half of the maximum activity 

compared to the in situ reduced catalyst, this implies that these hard-to-reactivate species play 

crucial role in CO2 hydrogenation to methanol. Therefore, a higher re-activation temperature 

is required in order to re-reduce oxidised species produced by passivation.  

It can be clearly seen that the sample re-activated at 340 °C achieved similar performance as 

the in situ reduced sample. The performance of the passivated and re-activated sample was 

still slightly lower than that of the high temperature (700 °C) in situ reduced sample. This shows 

that surface composition was not 100% restored to the state prior to the passivation. Wencka 

et al. [128] found that a reduction temperature of 300 °C was insufficient in cleaning the surface 

oxides of the Ni-Ga intermetallic compound that was directly exposed to air, higher 

temperature (600 °C) was required to partially reconstruct the surface composition to the 

energetically more favourable bulk value. This suggests that by passivating with nitrous oxide, 

most of the active sites can be restored easily at a lower temperature. Since the reactors have 

a temperature limit of 350 °C, the re-activation temperature of 340 °C was deemed the best 

choice within the desired range. This passivation procedure was able to preserve the active 

catalyst for quick transport under air. Hence for all the catalyst tests in the high pressure 
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reactor, Ni-Ga based catalysts were first reduced ex situ at 700 °C for 2 hours with 5% H2/N2 

and then passivated at 25 °C with 10% N2O/N2 before transfer to the reactor, where the 

catalysts underwent re-activation at 340 °C for 3 hours in 5% H2/N2. 

4.2.2.2 Protection by liquid 

Another approach was also tested: the use of liquid protection. This is done by quickly 

immersing the ex situ reduced catalyst in excess oil, liquids or polymeric solvent [249, 250] to 

protect air-sensitive catalysts. The liquid protecting agent is then removed in situ by 

evaporation prior to catalyst use.  

Cyclohexane was selected as the protecting liquid because it is fairly unreactive and it has a 

relatively low boiling point [251]. Once the catalyst precursor was reduced, cyclohexane was 

injected into the reduction reactor. The protected sample was left in open air for 30 minutes to 

simulate transport in air, after which it was dried in situ with flowing N2 at 120 °C for 1 hour to 

ensure that all the cyclohexane was evaporated. TPRx was conducted to evaluate the success 

of this technique. The activity and selectivity of the catalyst were given in Table 4.1.  

Table 4.1, Methanol synthesis activity and selectivity of NiGa(a)/SiO2 protected with 

cyclohexane 

Methanol conversion 

(%) 

Selectivity to CO  

(%) 

Selectivity to CH4  

(%) 

0 84 16 

Clearly, the liquid protection method was unsuccessful in preserving the active catalyst since 

no methanol synthesis activity was detected and mainly CO and CH4 were produced. No other 

products or cyclohexane were detected. The XRD pattern (Appendix B, Figure B.1) for the 

protected catalyst did not give any evidence of a difference in the morphology compared to 

the N2O-passivated sample. Hence, cyclohexane might be incompatible with the active metal 

surface, perhaps by blocking the active sites for methanol synthesis by some cracking. Due 
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to the unsuccessful protection and the difficulties associated with the handling/loading of 

catalyst immersed in excessive liquid, protection with liquid was not pursued further.  

4.2.2.3 Characterisation of passivated catalysts 

The reduced-passivated NiGa(a)/SiO2, NiGa(c)/SiO2 and NiGa(c)/SiO2 catalysts were 

characterised by a range of techniques. 

Chemical composition 

The chemical compositions of both dried precursor and reduced-passivated catalysts were 

analysed for all three catalysts, NiGa(a)/SiO2, NiGa(c)/SiO2 and NiGa(c)/SiO2, results are 

summarised in Table 4.2. 

Table 4.2, Chemical composition of NiGa(a)/SiO2, NiGa(c)/SiO2 and NiGa(c)/SiO2 

 NiGa(a)/SiO2 NiGa(b)/SiO2 NiGa(c)/SiO2 

Dried 

precursor 

Reduced -

Passivated 

Dried 

precursor 

Reduced -

Passivated 

Dried 

precursor 

Reduced -

Passivated 

Wt% 

Ni 

nominal 6.3 9.9 4.9 7.8 7.5 12.2 

actual 7.5 ± 0.3 10.1 ± 0.5 4.9 ± 0.2 7.9 ± 0.3 6.8 ± 0.3 12.1 ± 0.6 

Wt% 

Ga 

nominal 4.5 7.1 5.8 9.2 3.0 4.8 

actual 4.4 ± 0.3 5.1 ± 0.4 4.6 ± 0.3 6.2 ± 0.3 2.3 ± 0.2 3.5 ± 0.2 

Ni:Ga (ICP) 2.4 2.3 1.2 1.5 3.5 4.2 

Ni:Ga (EDS) - 2.0 - 1.6 - - 

The prepared catalysts have consistently low Ga content, especially the passivated catalysts. 

This could be due to inaccurate determination of water content of metal nitrates 

(Ga(NO3)3∙xH2O) used during incipient wetness impregnation. However, the significant 

decrease in Ga content after passivation implies that Ga has been lost during the preparation 
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process, most likely during the high temperature reduction where Ga2O3 may sublimate. It was 

found that the outlet line of the reduction reactor had a build-up of white solid after two years 

of frequent usage. This confirms the suspicion that the high temperature reduction of catalyst 

precursor caused the observed loss of Ga.  

BET surface area and porosity of catalysts 

Some of the following measurements were carried out with the help of Yiming Zhang.  

Table 4.3, BET surface area and pore volume of Ni-Ga/SiO2 catalysts 

Catalyst BET surface area  

(± 1 m2/g) 

BJH pore volume 

(cm3/g) 

BJH pore size  

(nm) 

SiO2 279 1.78 17.5 

NiGa(a)/SiO2 250 1.41 16.8 

NiGa(b)/SiO2 244 1.22 15.9 

NiGa(c)/SiO2 Not measured 

The isotherms of these catalysts can be found in Appendix B Figure B.3. Compared to the 

porous SiO2 support, the BET surface area for both Ni-Ga catalysts decreased by a similar 

small amount as is usual for impregnated catalysts.  

XRD of monometallic (Ni and Ga) reference materials 

The SiO2 supported monometallic Ni and Ga were prepared using the same synthesis method 

as the Ni-Ga intermetallic catalysts, nickel nitrate impregnated on SiO2 (denoted Ni/SiO2) and 

gallium nitrate impregnated on SiO2 (denoted Ga/SiO2), in order to differentiate the diffraction 

peaks of the intermetallic catalysts from their monometallic counterparts. These monometallic 

precursors (dried) were reduced at 700 °C for 2 hours under 5% H2/N2, cooled down and 

passivated at 25 °C with N2O/N2 before analysis with XRD. 
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Figure 4.4, XRD of monometallic reference materials 

(a) Ni/SiO2 (reference peaks: ICSD no. 011239 and 52265) (b) Ga/SiO2 (refence peaks: 

ICSD no. 27431, 83645, and 152085) 

Diffraction pattern of Ni/SiO2 (Figure 4.4 (a)) clearly shows that the sample is a mixture of 

metallic nickel and nickel oxide. Distinctive peaks of NiO were found at 37.3° (111) and 62.9° 

(220) and metallic Ni at 51.9° (200), all of which match well with reference data (ICSD no. 

011239 and 52265). The peaks at around 43° – 45° and 76° can be attributed to the combined 

reflections of Ni ((200) reflection at 43.3° and (311) at 75.4°) and NiO ((111) at 44.5° and (220) 

at 76.4°).  
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In the case of Ga/SiO2 (Figure 4.4 (b)), peaks found at 2θ = 35°, 43° – 46° (merged low-

intensity peaks) and 65° can be attributed to different polymorphs of Ga2O3 (α- and β-Ga2O3) 

due to their similar diffraction peak positions.  Since the characteristic peak of α-Ga2O3 at 55° 

was not detected, it is likely that crystalline α-Ga2O3 was not present or only in very low 

quantity. The diffraction pattern in Figure 4.4 (b) resembles that of the more amorphous-like 

γ-Ga2O3 [133] and characteristic (311) reflection of β-Ga2O3 at 38.4° appears to be missing 

(or masked). Hence the crystalline structure of this sample probably primarily consists of γ-

Ga2O3 phase. 

XRD of reduced-passivated NiGa(a)/SiO2 

The XRD pattern of a reduced-passivated NiGa(a)/SiO2 catalyst is shown in Figure 4.5.  

 
Figure 4.5, XRD pattern of reduced-passivated NiGa(a)/SiO2 (reference peaks: Ni5Ga3, 

NiGa and Ni3Ga: Studt et al. [12], Ni/NiO: ICSD no. 011239 and 52265, γ-Ga2O3: ICSD 

no.0152085) 

With the addition of Ga, the characteristic NiO peak at 62.9° can no longer be detected and 

characteristic Ni peak at 44.5° has clearly been shifted towards lower 2θ value, which 

corresponds to the intermetallic Ni-Ga phases. This suggests that crystalline NiO or Ni are not 
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present in the sample due to the formation of Ni-Ga intermetallic phase. However, the 

presence of minor amount of Ni or NiO species cannot be entirely ruled out. NiGa peak at 

around 64° as well as the characteristic Ni5Ga3 peak at 48.8° ((131) reflection) were not 

observed, indicating that the NiGa and Ni5Ga3 intermetallic phases are not present. The major 

peak at 43.6° and the small peaks at 50.9° and 74.8° correspond to the (111) and (220) 

reflections of Ni3Ga phase. These observations imply that the sample contains mainly Ni3Ga 

intermetallic phase, which is expected since the actual Ni to Ga ratio (2.34) is closer to 3:1 

than to the nominal 5:3 value. However, a Ni3Ga catalyst would be expected to produce 

methane from CO2/H2 as the catalyst was reported to function as metallic nickel catalyst [252-

254]. The TPRx results clearly show that the catalyst is active and selective for methanol 

synthesis with no detectable methane formation. In fact, Sharafutdinov et al. [13] tested 

several Ni-Ga catalysts with varying Ni content and found that the catalyst with 67.5 wt% of Ni 

content is the most active and selective towards methanol synthesis under atmospheric 

pressure. The NiGa(a)/SiO2 prepared in this study has an actual Ni content of 66.4 wt%, which 

is very close to the optimal composition determined by Sharafutdinov et al. Therefore the 

NiGa(a)/SiO2 catalyst cannot be solely Ni3Ga crystallites during the reaction even though only 

a Ni3Ga phase was detected in ex situ XRD of the passivated material. 

A possibility is that there was further Ga-depletion of the intermetallic phase to Ni3Ga during 

passivation or storage under air for XRD analysis, where the Ni-Ga particles were oxidised 

and possibly gallium de-alloyed from the intermetallic phase to form oxide due to its high 

oxygen affinity [128]. Peaks at around 36° and 64° that correspond to the reflections of Ga2O3 

can be observed in Figure 4.5, indicating the presence of gallium oxide. However based on 

the ex situ XRD result, it is not possible to know whether this gallium oxide was formed from 

the decomposition of nitrate and was not incorporated into Ni-Ga intermetallic phase during 

catalyst reduction, or during/after passivation due to de-alloying of Ga from the intermetallic 

phase. Although decomposition of Ga-based intermetallic phases has been reported in the 

literature [13, 133, 154], this phenomenon was only observed for catalysts exposed to 
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catalysis for a long period of time.  Therefore, it is not possible at this stage to conclude that 

the de-alloying of gallium is the main reason for the Ni3Ga phase being observed in the XRD 

pattern. Resolution of this issue would require in situ study by XRD or EXAFS which were not 

available during the study. 

XRD of reduced-passivated NiGa(b)/SiO2 

NiGa(b)/SiO2 was expected to give a XRD pattern closer to Ni5Ga3 than to the NiGa phase 

since the actual Ni:Ga ratio proved to be 1.5. This speculation is confirmed in Figure 4.6.  

 
Figure 4.6, XRD pattern of reduced-passivated NiGa(b)/SiO2 (reference peaks: Ni5Ga3, 

NiGa and Ni3Ga: Studt et al. [12], Ni/NiO: ICSD no. 011239 and 52265, γ-Ga2O3: ICSD 

no.0152085) 

Here, the characteristic peak for (131) reflection of Ni5Ga3 at 48.8° is clearly present and the 

major peak at 43.4° matches well with reference Ni5Ga3 phase. Reflections of Ga2O3 were 

found at 36° and 64°. These peaks indicate that Ga2O3 was also present in this sample. Again, 

due to significant overlap between the Ni/NiO and Ni-Ga diffraction peaks, the presence of Ni 

and NiO cannot be excluded even though there was no significant evidence of Ni or NiO in 

the XRD pattern.  
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XRD of reduced-passivated NiGa(c)/SiO2 

The XRD pattern for NiGa(c)/SiO2 is shown in Figure 4.7. This sample appears to be a rather 

phase-pure Ni3Ga/SiO2 catalyst as all the characteristic Ni3Ga peaks at 2θ = 43.6°, 50.9° and 

74.8° were observed with no evidence of Ga2O3, nickel oxide, nickel metal or any other Ni-Ga 

phases.  

Since this catalyst is Ga-depleted, formation of either un-incorporated or de-alloyed Ga2O3 is 

less likely, which is consistent with the absence of Ga2O3 in the diffraction pattern. Ni/NiO was 

not observed (at 63°) even though the catalyst has excess Ni content compared to the nominal 

value. This could be due to a number of effects including any very small or amorphous species 

or reaction with the support. 

 
Figure 4.7, XRD pattern of reduced-passivated NiGa(c)/SiO2 (reference peaks: Ni5Ga3, 

NiGa and Ni3Ga: Studt et al. [12], Ni/NiO: ICSD no. 011239 and 52265, γ-Ga2O3: ICSD 

no.0152085) 

Since the Cu/ZnO/Al2O3 catalyst is a commercially available and extensively studied material, 

its XRD pattern and chemical composition are not given here (Appendix B). Some of its 

properties such as crystallite size are presented together with that of Ni-Ga/SiO2 in the 

following sections. 
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TEM and particle size of catalysts 

The TEM images were obtained with the help of Dr Mahmoud Ardakani. The TEM for the 

passivated NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts are presented in Figure 4.8 (a) and (b) 

respectively.  

The TEM images showed that there was crystallinity in the Ni-Ga particles. The crystallite size 

estimated from TEM image is slightly below 10 nm, which is similar to the crystallite size 

calculated from XRD (Table 4.4).  

 

Figure 4.8, TEM images of reduced-passivated (a) NiGa(a)/SiO2 (b) NiGa(b)/SiO2 

The Ni-Ga based catalysts have roughly identical crystallite sizes, which are comparable to 

literature values [12]. TEM crystallite size was measured from single particles therefore it is 

not completely representative.  

Table 4.4, Crystallite size of Ni-Ga/SiO2 catalysts 

Catalyst 
XRD crystallite size  

(nm) 

TEM crystallite size  

(nm) 

NiGa(a)/SiO2 5.6 ± 0.6 8.6 

NiGa(b)/SiO2 5.6 ± 0.6 8.1 

NiGa(c)/SiO2 5.6 ± 0.6 - 

Cu/ZnO/Al2O3 6.5 ± 0.6  - 
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XPS of passivated NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts  

The XPS measurements and analysis were carried out with the help of Rui Zhang and Motaz 

Khawaji.  

The XPS spectra of passivated NiGa(a)/SiO2 and passivated NiGa(b)/SiO2 catalysts are 

presented in Figure 4.9 and Figure 4.10 respectively. 

 

Figure 4.9, XPS spectra of passivated NiGa(a)/SiO2 

(a) Ni 2p (b) Ga 2p 

 

 
 

Figure 4.10, XPS spectra of passivated NiGa(b)/SiO2 

(a) Ni 2p (b) Ga 2p 

For both catalysts, the XPS spectra of Ni 2p shows two states of Ni. The peaks at 856 eV and 

874 eV correspond to nickel oxide, which was formed during passivation of the catalyst, drying 

at 100 °C and transfer to the XPS instrument. Nickel hydroxide may also be present (binding 
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energy at 856 eV and 874 eV, overlapping with peaks from NiO). The peaks at 853 eV and 

870 eV correspond to a Ni metallic state, which is consistent with a Ni-Ga alloy, as suggested 

by Torelli et al. [255]. Metallic Ni is more pronounced in NiGa(a)/SiO2 as this catalyst is Ni-

rich.  

In contrary, metal-like gallium was not detected in the Gallium 2p XPS specra for both 

catalysts. Peaks were only found at 1119 eV, which indicate that the gallium mainly exists as 

native oxide on the surface. This is expected because gallium is readily oxidised upon contact 

with air due to its high oxygen affinity. Study of the deeper sampling Ga 3d was attempted for 

both catalysts (Appendix B Figure B.4) in the hope that it would reveal the presence of 

underlying metallic Ga in its alloy form. However, the results did not show any significant 

evidence of alloyed Ga.  

The surface chemical composition calculated from the XPS result are compared to the values 

obtained from ICP and EDS (in Table 4.5).  

Table 4.5, Ni:Ga ratio measured by different characterisation techniques 

 Ni:Ga ratio 

NiGa(a)/SiO2 NiGa(b)/SiO2 

Nominal 1.67 1.00 

ICP 2.34 1.50 

EDS 2.05 1.60 

XPS 1.09 0.67 

The ICP and EDS ratios are measured from the bulk catalyst. As discussed previously, the 

prepared catalyst has a higher Ni:Ga ratio than desired. The ratio measured by XPS for both 

Ni-Ga catalysts is significantly lower than the bulk value, suggesting that the surface is 

enriched in gallium oxide. As Wenca et al. [128] pointed out in their work on the surface 
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oxidation of Ni-Ga compounds, gallium oxide has 4.5 times more negative enthalpy of 

formation than nickel oxide. Upon contact with air, gallium rapidly forms oxide on the surface 

while driving nickel deeper into the subsurface layer. This explains why the surface 

composition found by XPS is significantly richer in Ga. 

4.2.3 Methanol synthesis at elevated pressures in CSTR with CO2/H2 

4.2.3.1 Choice of conversion level 

For preliminary catalyst tests, low conversions and moderate temperatures are usually used 

to prevent serious mass and heat transfer effects. Although kinetic modeling is not the focus 

of this work, low conversion level should be used to make sure that the effects of interphase 

and intraparticle gradients are negligible and the conversion is not close to the thermodynamic 

equilibrium. However, high conversion should also be tested to study the impacts of increasing 

product concentration. A few attempts were made to increase the conversion, which will be 

discussed later in section 4.2.3.2.  

4.2.3.2 Performance of Ni-Ga based catalysts at 10 bar (CSTR) 

The catalytic performance of the Ni-Ga/SiO2 catalysts reported by Studt et al. was measured 

at atmospheric pressure [12], where the thermodynamic equilibrium is very low. To evaluate 

the performance of these catalysts at elevated pressure, a pressure of 10 bar was chosen for 

the initial investigation. Previously, the TPRx results in section 4.2.2.1 demonstrated that the 

highest methanol synthesis activity was found at 245 °C. Therefore, the performance of 

NiGa(a)/SiO2, NiGa(b)/SiO2 and NiGa(c)/SiO2 catalysts were first studied at 10 bar in the 

CSTR reactor at 245 °C as a function of time and compared to that of a commercial 

Cu/ZnO/Al2O3 catalyst under the same conditions.  A stoichiometric feed (CO2:H2 = 1:3) was 

used and the flowrate was 110 mL/min STP (GHSV: 6640 h-1 based on catalyst volume). The 

methanol synthesis rate and the selectivity are presented in Figure 4.11.  



95 | P a g e  
 

 

 
Figure 4.11, Catalytic performance of Ni-Ga/SiO2 catalysts compared to Cu/ZnO/Al2O3 at 

245 °C, 10 bar 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

Table 4.6, Steady state catalytic performance of Ni-Ga/SiO2 catalysts compared to 

Cu/ZnO/Al2O3 at 245 °C, 10 bar 

Catalyst 

Steady 

state 

conversion 

(%) 

Steady state MeOH 

production rate 
Product distribution (%) 

mol 

[MeOH]/mol 

[active 

metal]*hr 

mol 

[MeOH]/g 

cat*hr × 10-3 

MeOH CO CH4 

NiGa(a)/SiO2 0.50 ± 0.03 0.43 ± 0.02 1.04 ± 0.05 74 ± 1 26.0 ± 0.5 0 

NiGa(b)/SiO2 0.71 ± 0.04 0.61 ± 0.03 1.50 ± 0.08 63 ± 1 36.2 ± 0.8 0.50 ± 

0.01 
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NiGa(c)/SiO2 0.040 ± 

0.002 

0.042 ± 

0.002 

0.104 ± 

0.005 

17.0 ± 0.3 67 ± 1 16.2 ± 

0.3 

Cu/ZnO/Al2O3 1.65 ± 0.08 1.35 ± 0.07 8.5 ± 0.4 34.8 ± 0.6 65 ± 1 trace 

Activity and stability of Ni-Ga based catalysts compared to Cu/ZnO/Al2O3 

The maximum MeOH conversion achieved by NiGa(a)/SiO2 was approximately 0.65% at 10 

bar, which is equivalent to an hourly methanol production rate of 0.53 mol per mole of active 

metal (Ni+Ga). About 20% of the initial activity dropped gradually in the first 10 hours on 

stream, but eventually reached a steady value of 0.43 mol MeOH/mol [Ni+Ga]*hr. As expected 

from the charactersation, NiGa(b)/SiO2 showed a higher activity since it has the structure that 

is closest to the most active Ni5Ga3 phase [12].  

The activity of the Cu catalyst is higher comparing to the Ni-Ga based catalysts. This 

conversion is closer to the thermodynamic equilibrium (1.9% at 245 °C) since the Cu based 

catalyst is more active. The level of deactivation was found to be similar to that of NiGa(b)/SiO2 

catalyst (8% drop in activity) during the 20-hour period. In contrast with Ni-Ga based catalyst, 

the deactivation of copper based catalyst took place throughout the run without significant 

initial deactivation. This suggests that the deactivation mechanisms in the Ni-Ga based 

catalysts and the commercial Cu based catalyst are different. The deactivation of Cu based 

methanol synthesis catalyst has been widely studied and the main reasons relevant to this 

study include accelerated sintering in the presence of water and coke formation, both of which 

could lead to the gradual loss of activity observed. On the other hand, the deactivation of Ni-

Ga based catalysts is mostly rapid initial deactivation. This could indicate that the deactivation 

is associated with the buildup of products, possible surface composition changes and 

formation of surface carbon that quickly reduce the number of active sites available [127, 133]. 

As expected, NiGa(c)/SiO2 is not an active methanol catalyst, in contrast to NiGa(a)/SiO2 and 

NiGa(b)/SiO2 (Table 4.6). The majority products are methane and CO. This result is in 
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agreement with the available literature, where Ni3Ga based catalyst was thought to behave 

like metallic nickel due to the intermetallic phase being rich in nickel. Due to its poor 

performance, this catalyst was not investigated further.  

Selectivity of Ni-Ga based catalysts 

Main products over NiGa(a)/SiO2 catalyst include methanol (74%), CO (26%) and trace level 

of methane and DME. No other hydrocarbons were detected. Initially, DME and CH4 were 

produced with a selectivity of 0.8% (each), but after a few hours their production gradually 

decreased to zero. This is accompanied by an increase in methanol selectivity. This change 

in methane selectivity agrees with literature, which suggested that the nickel-rich sites on the 

Ni-Ga based catalysts facilitate the methanation reaction, but they are easily poisoned by 

adsorbed CO [12]. Low level of DME suggests that some gallium oxide was present on the 

catalyst, which is known to have methanol dehydration activity due to its moderate acidity 

[175, 256].  

It appears that NiGa(b)/SiO2 is slightly less selective to MeOH at this pressure and has higher 

CO production. As this catalyst contains less Ni, it might be expected to be more selective 

towards methanol. Hence, there is no clear link between the selectivity observed and the 

catalyst structure as determined by XRD. Again, it might be resolved by an in situ XRD study. 

For both NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts, the selectivity after the initial period 

remained stable in the time frame of this particular experiment, implying that the catalyst 

structure was maintained (no deactivation by de-alloying) at this low level of conversion. The 

considerable drop in activity is not accompanied by a significant change in selectivity, implying 

that the deactivation observed in the Ni-Ga based catalysts should be due to a decrease in 

the number of active sites available to the reactants (as speculated earlier), rather than a 

change of active phase itself [133].  
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Although the commercial Cu based catalyst has higher activity, it is not as selective to MeOH 

as the Ni-Ga based catalysts, Table 4.6, due to its tendency to catalyse the reverse water gas 

shift (rWGS) reaction under CO free condition at lower pressures [257, 258].  

Effect of catalyst mass 

Due to the very low conversion achieved by the Ni-Ga based catalysts, the mass of catalyst 

was increased in the attempt to increase the conversion. Previously, 0.3 gram of catalyst was 

used (GHSV: 6640 h-1). Hence for this investigation, 0.6 gram of NiGa(a)/SiO2 (GHSV: 3320 

h-1) was used. Table 4.7 shows the conversion obtained for different catalyst masses, the 

reaction conditions were kept same. Since the conversion obtained with 0.3 g catalyst is much 

lower than the thermodynamic equilibrium, it was expected that doubling the mass would 

increase the conversion. However, the conversion achieved by 0.6 g catalyst is only slightly 

higher compared to that achieved by just half the catalyst. This could be due to instantaneous 

deactivation of the catalyst (even before the first activity measurement was taken) by the 

products as their concentration was higher (e.g. CO concentration was 50% higher) when 

using 0.6 g catalyst. Comparing the activity after 2 hours on stream, it can be seen that activity 

of 0.6 g catalyst deteriorated more quickly. This indicates that the catalyst strongly deactivates 

in the presence of products, therefore increasing the amount of catalyst further does not lead 

to a significant increase of activity. This catalyst works better at low conversion levels. 

Therefore, for all subsequent catalyst test, the mass of Ni-Ga based catalysts was kept at 0.3 

g. Another attempt to increase the conversion with lower GHSV (1280 h-1) was carried out in 

the tubular flow reactor, where a similar conclusion was reached. The results are included in 

Appendix B Figure B.8 and B.9.  

Table 4.7, Catalytic performance obtained with different catalyst mass 

Catalyst mass (g) 0.3 0.6 

Initial MeOH rate (mol [MeOH]/mol [Ni+Ga]*hr) 0.55 ± 0.03 0.71 ± 0.04 
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MeOH rate (mol [MeOH]/mol [Ni+Ga]*hr) after 2 hours 0.50 ± 0.03 0.55 ± 0.03 

Selectivity to MeOH (%) 74 ± 1 66 ± 1 

 

4.2.3.3 Performance of Ni-Ga based catalysts at 30 bar (CSTR) 

Following the preliminary investigation at 10 bar, a study was conducted at the higher pressure 

of 30 bar, which is closer to a typical industrial methanol process. Since NiGa(c)/SiO2 was not 

active for methanol synthesis, only NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts were studied at 

higher pressure and compared to the commercial Cu based catalyst. The results were plotted 

in Figure 4.12.  

 

 
Figure 4.12, Catalytic performance of Ni-Ga/SiO2 catalysts compared to Cu/ZnO/Al2O3 at 

245 °C, 30 bar 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 
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Table 4.8, Steady state catalytic performance of Ni-Ga/SiO2 catalysts compared to 

Cu/ZnO/Al2O3 at 245 °C, 30 bar 

Catalyst 

Steady 

state 

conversion 

(%) 

Steady state MeOH 

production rate 
% 

increase 

from 10 

bar 

Product distribution 

(%) 

mol 

[MeOH]/mol 

[active 

metal]*hr 

mol 

[MeOH]/g 

cat*hr × 10-3 

MeOH CO CH4 

NiGa(a)/SiO2 0.64 ± 0.03 0.54 ± 0.03 1.08 ± 0.05 22 ± 2 68 ± 1 
30.8 

± 0.6 

0.89 ± 

0.01 

NiGa(b)/SiO2 0.81 ± 0.04 0.72 ± 0.04 1.76 ± 0.09 22 ± 3 67 ± 1 
32 ± 

0.7 

0.57 ± 

0.01 

Cu/ZnO/Al2O3 3.0 ± 0.2 2.5 ± 0.1 15.5 ± 0.8 80 ± 10 
52.0 ± 

0.9 

48 ± 

1 
trace 

For both NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts, increasing the pressure to 30 bar only 

increased the activity by 22%. This is expected since it was shown previously that increasing 

catalyst mass only brought a small increase in activity due to the deleterious effect of the 

products.  

Methanol synthesis reaction produces less number of moles of products than reactants, higher 

pressure shifts the reaction towards the side with lower number of moles according to the Le 

Chatellier’s principle. Hence, methanol synthesis is favoured at higher pressures. Only the 

NiGa(b)/SiO2 catalyst improved selectivity to MeOH at higher pressure (see Figure 4.12). In 

fact the two Ni-Ga catalysts gave very similar selectivity at 30 bar, which might suggest surface 

compositions adjust to the gas mixture. 

In the case of the Cu based catalyst, significantly higher MeOH synthesis activity (2.5 mol 

MeOH/mol [Ni+Ga]*hr) and MeOH selectivity were obtained at 30 bar, although selectivity is 

still lower than the Ni-Ga based catalysts.  
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Effect of pressure on the deactivation behaviour of Ni -Ga catalysts 

 
Figure 4.13, Normalised MeOH activity as a function of time at 10 bar and 30 bar 

(a) NiGa(a)/SiO2 (b) NiGa(b)/SiO2 

Initial deactivation was observed again at this pressure for both Ni-Ga based catalysts. For 

both catalysts, the rate of deactivation (20% in 10 hours) was similar to that obtained at 10 

bar.  

Catalyst regeneration 

In the Ni-Ga work by Studt et al. [12], it was shown that the catalytic performance of Ni-Ga 

catalysts at atmospheric pressure can be completely recovered by reduction at 350 °C for 2 

hours. To study the reversibility of the catalyst deactivation observed at elevated pressure, in 

situ regeneration was carried out after the reaction at 30 bar. Subsequently, the regenerated 

catalyst was subjected to catalysis under the same conditions (245 °C, 30 bar). NiGa(a)/SiO2 

was chosen for this study as it showed more deactivation at both pressures studied earlier. 

The results are presented in Figure 4.14. 
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Figure 4.14, Catalytic performance of the fresh and regenerated NiGa(a)/SiO2 catalyst at 

245 °C, 30 bar 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

Clearly, the regenerated catalyst achieved a similar methanol production rate as the fresh 

catalyst. Again, same extent of initial deactivation was observed in the regenerated catalyst. 

Moreover, the selectivity of the regenerated catalyst is unchanged compared to the fresh 

catalyst. These observations suggest that the deactivation in a 20-hour run at 30 bar is 

reversible and the catalyst does not suffer permanent structural change during reaction. For 

intermetallic compound based catalysts such as Pd-Ga catalysts, products such as CO and 

water have been reported to cause instability of the intermetallic phase and coking was also 

found to cause certain extent of catalyst deactivation [12, 127, 133]. Because of the low 

conversion, coking is less likely to be the main cause of deactivation observed (although it 

cannot be entirely disregarded). Therefore, the initial drop of activity in the Ni-Ga catalysts is 

likely due to the adsorption of products such as CO on the catalytic sites, reducing the amount 
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of active sites for methanol synthesis until a saturation surface equilibrium is reached [133]. 

Within the timeframe (20 hours) studied so far, such impact of products (and coke deposition) 

is fully reversible by reducing the catalyst at 350 °C for 2 hours.  

4.2.3.4 Characterisation of spent catalysts from CO2/H2 runs 

To elucidate the causes of deactivation for the catalysts from CO2/H2 runs, the spent catalysts 

were characterised by XRD, nitrogen physisorption, XPS and temperature-programmed 

oxidation. The spent catalysts from 30 bar runs were used as their extents of deactivation 

would be greater.  

XRD of spent catalysts 

The XRD patterns for both spent Ni-Ga catalysts are shown in Figure 4.15. XRD for 

Cu/ZnO/Al2O3 can be found in Appendix B Figure B.10.  

 
Figure 4.15, XRD of fresh (reduced-passivated) and spent catalysts 

(a) NiGa(a)/SiO2 (b) NiGa(b)/SiO2 (reference peaks: Studt et al. [12]) 

For all catalysts, there are no significant change in the position of diffraction peaks and no 

additional peak. This could suggest that the crystalline structures remained the same during 

the reaction, which is in agreement with the speculation regarding constant selectivity. 

Therefore, the initial deactivation observed in both Ni-Ga catalysts was more likely the result 

of reduced accessibility of active sites, not structural change of such sites.  
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The crystallite size of fresh (reduced-passivated) and spent catalysts for all catalysts were 

calculated from the XRD using the Scherrer equation and the results are summarised in Table 

4.9 below.  

Table 4.9, Crystallite size of spent catalysts 

Catalyst Crystallite size of spent catalyst 

(nm) 

% increase in size 

NiGa(a)/SiO2 5.6 ± 0.6 0 

NiGa(b)/SiO2 5.6 ± 0.6 0 

Cu/ZnO/Al2O3 8.4 ± 0.8 30 

Both Ni-Ga based catalysts did not show any particle growth after the reaction, indicating 

higher stability against sintering. Sharafutdinov and co-workers [14] revealed that gallium in 

the Ni-Ga intermetallic phase reduced sintering. The high sintering resistance was speculated 

to be a consequence of high melting point (also the Tamman temperature) of the intermetallic 

compounds due to strong covalent metal-metal bond [11].  

In contrast, the particle size of Cu based catalyst increased significantly. Increase in particle 

size leads to a decrease in surface area and hence a decrease in the number of active sites. 

Under CO-free conditions, rWGS activity over Cu based catalyst is significant. High water 

partial pressure is known to cause deactivation of the Cu catalyst due to particle growth via 

thermal sintering [8]. Therefore, particle size growth is the main cause of deactivation for the 

commercial Cu based catalyst, but it was not the cause of deactivation for the Ni-Ga catalysts.  
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BET surface area and porosity  

Table 4.10, BET surface area and pore volume of spent Ni-Ga catalysts 

Catalyst BET surface area  

(± 1 m2/g) 

BJH pore volume  

(cm3/g) 

BJH pore size  

(nm) 

Fresh Spent Fresh Spent Fresh Spent 

NiGa(a)/SiO2 250 239 1.41 1.03 16.8 14.5 

NiGa(b)/SiO2 244 238 1.22 1.32 15.9 16.5 

After the reaction, the BET surface area of both catalysts showed similar amount of reduction. 

The changes in porosity are negligible, suggesting that no blockage of pores took place. 

Coke deposition measured by TPO 

Table 4.11, Coke content of spent catalysts 

Catalyst 
Coke content 

(μmol/g active metal) 

CO2 evolution temperature 

(°C) 

NiGa(a)/SiO2 6.41 ± 0.06 365 and 590 

NiGa(b)/SiO2 7.03 ± 0.07 300 and 500 

Cu/ZnO/Al2O3 77.4 ± 0.8 410 

The amount of coke deposition on the spent catalyst was determined by temperature-

programmed oxidation (TPO). The change in CO2 concentration during TPO measured by the 

mass spectrometry are shown in Figure 4.16.   

As can be clearly seen from the CO2 evolution temperature, different types of carbonaceous 

compounds were present on both Ni-Ga catalysts. The peak below 300 °C observed in the Ni-

Ga catalysts is attributed to the desorption of CO2, as confirmed by the TPO of a control 

sample that was exposed to the reaction gas mixture without catalysis (details in Appendix B 
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Figure B.11). Therefore only the peaks above 300 °C are considered as coke oxidation. Even 

though different types of coke were found, the amount of coke in both catalysts are very low. 

The CO2 evolved from the spent Ni-Ga catalyst is equivalent to approximately 0.7% catalyst 

surface area being poisoned by coke, which is significantly lower than the amount of coke 

poisoning reported in the literature (10%) for Ni-Ga catalysts used under atmospheric pressure 

[12]. This was due to the low conversion and high selectivity towards methanol at elevated 

pressures. Therefore it is unlikely that coke was the main cause of deactivation observed over 

NiGa(a)/SiO2 and NiGa(b)/SiO2.  

On the other hand, coke deposition on Cu based catalyst is significantly higher since the 

catalyst is more active. Moreover, the Boudouard reaction in the presence of CO can also lead 

to loss of activity by coke deposition [8]. Therefore besides significant particle agglomeration, 

the buildup of carbonaceous species on the catalyst is also a reason for the gradual 

deactivation of the Cu catalyst.  

 
Figure 4.16, TPO profiles for spent catalysts 

(a) NiGa(b)/SiO2 and NiGa(a)/SiO2 (b) Cu/ZnO/Al2O3 

For Cu based catalyst, the huge peak observed above 600 °C is due to the oxidation of the 

graphite in the catalyst, hence it was not included in the calculation as well as the interpretation 

of coke type. Only one CO2 evolution peak corresponding to oxidation of coke was found over 

the Cu/ZnO/Al2O3 catalyst, which is at 410 °C. This suggests that heavier type of coke is more 

likely to form on the Ni-Ga catalysts (even though only in small quantity).  
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XPS of spent Ni-Ga catalysts 

No significant change in the state of Ni and Ga was observed for both spent Ni-Ga catalysts. 

Metallic Ni peaks became more pronounced after catalysis, which could be due to the fact that 

the catalysts have been subjected to re-activation, long reaction time as well as some 

segregation of Ga. 

 

 

Figure 4.17, XPS spectra of spent Ni-Ga catalysts 

 (a) Ni 2p of NiGa(a)/SiO2 (b) Ga 2p of NiGa(a)/SiO2 (c) Ni 2p of 2p of NiGa(b)/SiO2 (d) Ga 

2p of 2p of NiGa(b)/SiO2 
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Table 4.12, Surface composition calculated from XPS data 

Catalyst 

Ni:Ga ratio 

Fresh Spent 

NiGa(a)/SiO2 1.09 1.18 

NiGa(b)/SiO2 0.67 0.50 

A reduction in Ni:Ga ratio was observed in the case of NiGa(b)/SiO2 catalyst. This indicates 

that more Ga has migrated to the surface during the reaction, possibly in a de-alloyed form 

due to gallium segregation.  

4.2.4 Effect of CO in the feed gas 

4.2.4.1 Catalytic performance of Ni-Ga catalysts under CO/CO2/H2 

For intermetallic compounds such as Pd-Ga based catalysts, their instability in CO-rich 

environment has been reported [133, 154-156]. To investigate the effect of CO on the 

NiGa(a)/SiO2 and NiGa(b)/SiO2 catalysts, a CO/CO2/H2 feed was used to measure the 

catalytic performance. In a preliminary study, the reaction pressure was kept at 10 bar. The 

CO composition of the feed was chosen to be 4%, which is significantly higher than the highest 

CO concentration ever measured in the reactor (0.1% at 30 bar) in earlier CO2/H2 runs above. 

The carbon oxides to hydrogen ratio was kept constant. Due to the high CO concentration in 

the feed, it was very difficult to quantify the change in CO concentration in the GC, therefore 

the catalyst selectivity in the experiments with CO-containing feed is shown as a ratio between 

methanol and methane. 

NiGa(a)/SiO2 catalyst under the effect of CO 

The catalytic performance of NiGa(a)/SiO2 in CO/CO2/H2 is shown in Figure 4.18.  
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Figure 4.18, Catalytic performance of NiGa(a)/SiO2 at 245 °C, 10 bar under CO/CO2/H2 

(a) MeOH production rate (b) MeOH/CH4 ratio 

Table 4.13, Effect of CO on the catalytic performance of NiGa(a)/SiO2 

Feed 

Steady state MeOH rate  

(mol [MeOH]/mol [Ni+Ga]*hr) 

MeOH/CH4 ratio 

CO2/H2 0.43 ± 0.02 100 ± 4 

CO/CO2/H2 0.26 ± 0.01 21.6 ± 0.7 

When carbon monoxide is present in the feed, the methanol synthesis activity was very low in 

the beginning because the catalyst was producing large amount of methane. This suggests 

that when the catalyst was first exposed to high level of CO, an instant change (at least 

partially) of the catalytic surface occurred. In Pd2Ga based catalysts, exposure to CO has been 

shown to cause the breakup of the intermetallic compound into surface regions rich in Ga-

depleted metallic Pd species [133, 155]. It is very likely that the Ni-Ga intermetallic surface 

responded to CO in similar way since high methane production suggests that the catalyst 

surface becomes so Ni-rich that it behaves like metallic Ni, which is widely known as a good 

methanation catalyst [252-254]. Because of the poisoning effect of CO on the Ni-rich sites as 

suggested by Studt et al. [12], the methane production eventually dropped to similar level 

obtained under CO free condition.  
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After the Ni-rich sites became poisoned, the methanol conversion gradually increased to 

0.35% (0.26 mol MeOH/mol [Ni+Ga]*hr) and the activity remained stable after 5 hours on 

stream. Compared to the reaction without CO, the stabilised activity in the presence of CO 

was much lower (30% of the steady state activity obtained under CO free condition).  

To determine if the strong poisoning effect of CO is reversible, in situ regeneration was carried 

out after the reaction under CO/CO2/H2 and reaction was carried out with CO2/H2 at 10 bar. 

The comparison with the performance of a fresh catalyst is shown in Figure 4.19.  

 

 
Figure 4.19, Catalytic performance of NiGa(a)/SiO2 regenerated after CO/CO2/H2 run and 

fresh NiGa(a)/SiO2 (reaction conditions: 245 °C, 10 bar, CO2/H2) 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

It can be seen that both the selectivity and activity were completely restored. The small 

difference in CH4 selectivity (< 1%) may be due to slight variation in the catalysts used (CH4 

production was found to vary between 0 – 1% between different batches). This implies that 
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the poisoning effect of CO on the catalyst is reversible in the timeframe studied, i.e. the surface 

composition can be restored to the original state by reducing the catalyst in dilute hydrogen.  

NiGa(b)/SiO2 catalyst under the effect of CO 

 
Figure 4.20, Catalytic performance of NiGa(b)/SiO2 at 245 °C, 10 bar under CO/CO2/H2 

(a) MeOH production rate (b) MeOH/CH4 ratio 

Table 4.14, Effect of CO on the catalytic performance of NiGa(b)/SiO2 

Feed gas 

Steady state MeOH rate  

(mol [MeOH]/mol [Ni+Ga]*hr) 

MeOH/CH4 ratio 

CO2/H2 0.61 ± 0.03 124 ± 5 

CO/CO2/H2 0.20 ± 0.01 73 ± 3 

Over NiGa(b)/SiO2 catalyst, a similar trend in catalytic performance was obtained, that is, the 

activity was very low in the beginning but gradually increased. For NiGa(b)/SiO2 catalyst, the 

methanol synthesis activity was always higher compared to NiGa(a)/SiO2 and the methanol 

selectivity is significantly. But its activity did not become stable after it reached a maximum 

value, instead it gradually declined throughout the rest of the run. The activity at the end of the 

20 hours is about 30% of the stabilised activity obtained under CO free condition. Similarly, 

the MeOH selectivity increased to a maximum value in 5 hours but gradually decreased 

afterwards due to declining methanol production. This suggests that in addition to the initial 

reconstruction of catalytic surface to Ni-rich regions, continuous partial decomposition of the 
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Ni5Ga3 intermetallic compounds into Ni-rich intermetallic phase and re-oxidised gallium could 

be the reason for the continuous deactivation of the catalyst. Because NiGa(b)/SiO2 contains 

more Ga, it is more likely to suffer intermetallic phase decomposition due to the high 

oxophilicity of gallium [155].  

The catalyst was subjected to the same regeneration process and another run with CO2/H2 at 

10 bar was carried out to find out if the effect of CO is reversible in this case. Clearly, the 

regenerated NiGa(b)/SiO2 catalyst has a lower activity compared to a fresh catalyst. In other 

words, the catalyst only recovered about 90% of the initial activity after it has been run under 

CO for 20 hours and then regenerated, and the activity continued to decrease by another 22% 

in 16 hours. It appears that the high CO level caused irreversible deactivation in NiGa(b)/SiO2. 

The MeOH selectivity after the regeneration is similar to the selectivity over a fresh catalyst.  

 

 
Figure 4.21, Catalytic performance of NiGa(b)/SiO2 regenerated after CO/CO2/H2 run and 

fresh NiGa(b)/SiO2 (reaction conditions: 245 °C, 10 bar, CO2/H2) 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 
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Comparison between regenerated NiGa(a)/SiO2 and NiGa(b)/SiO2 

The change in catalyst activity and the irreversibility of the deactivation suggest that the 

NiGa(b)/SiO2 catalyst underwent a structural change during the reaction under high CO 

concentration, that even the regeneration procedure was unable to fully reverse the change.  

If the activity of the regenerated NiGa(b)/SiO2 and NiGa(a)/SiO2 catalysts are plotted on the 

same graph (Figure 4.22), it can be observed that both regenerated catalysts have similar 

performance in terms of activity and selectivity, implying similar surface structure.  

 

 
Figure 4.22, Catalytic performance of the regenerated NiGa(b)/SiO2 (after reaction under 

CO) and NiGa(a)/SiO2 at 245 °C, 10 bar under CO2/H2 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

The result points to the possibility that the effect of CO causes some of the active phase 

(Ni5Ga3 as found in XRD) in NiGa(b)/SiO2 catalyst to become closer to that of NiGa(a)/SiO2 by 

the de-alloying of Ga from the intermetallic phase, as discussed previously. This phenomenon 

is not uncommon, especially in Ga-containing intermetallic compounds. Sharafutdinov et al. 
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[13] also reported that a certain amount of gallium was released from the Ni5Ga3 intermetallic 

phase as soon as the temperature reached 200 °C under oxidative environments such as 

CO2/H2. This loss of gallium is accelerated in the presence of water from rWGS activity and 

CO dissociation, leading to the formation of a Ni-rich phase, for instance, Ni3Ga. The de-

alloying process proceeds according to the equation proposed by Sharafutdinov et al. [13].  

3𝑁𝑖5𝐺𝑎3 → 5𝑁𝑖3𝐺𝑎 + 4𝐺𝑎 

Given that the activity and selectivity of the regenerated NiGa(b)/SiO2 catalyst approaches 

that of the NiGa(a)/SiO2 catalyst, the Ni5Ga3 phase appears to be partially decomposed to an 

active phase similar to that present on the NiGa(a)/SiO2 catalyst (NixGa, 1.6 < x < 3) and not 

to a Ni3Ga phase, which would be expected to behave as a methanation catalyst.  

This de-alloying of the Ni-Ga intermetallic is also expected to be difficult to reverse as the 

formation of pure Ni5Ga3 phase from Ni3Ga phase requires a reduction temperature of at least 

700 °C [14]. Therefore the reduction at 350 °C was not able to convert the active phase back 

to the Ni5Ga3 composition, hence the irreversibility observed.  

Since the detrimental effects of CO on the Ni-Ga catalysts are already significant at 10 bar, 

therefore the same experiments were not carried out at a higher pressure. 

4.2.4.2 Characterisation of spent catalysts from CO/CO2/H2 runs 

The diffraction patterns of the spent catalysts run under CO/CO2/H2 are presented in Figure 

4.23.  

Figure 4.23 (a) shows that no significant change of diffraction peaks has occurred on the 

NiGa(a)/SiO2 catalyst after the reaction. Since the catalyst was found to regenerate fully, no 

permanent structural change was expected. The unexpected peak at 35.7° does not belong 

to Ni- or Ga-species or the SiO2 support, suggesting it may come from contamination during 

catalyst handling.  
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The peaks in the spent NiGa(b)/SiO2 catalyst are slightly shifted towards higher 2θ values. 

The characteristic Ni5Ga3 reflection at 48.8° becomes broader with a weak shoulder at 50.9° 

that corresponds to (110) reflection of Ni3Ga phase. This suggests that the spent catalyst now 

contains a higher fraction of Ni3Ga phase (or Ni-rich phase) comparing to the fresh catalyst. 

This result provides evidence to support the speculation above that the lower activity of the 

regenerated NiGa(b)/SiO2 catalyst is due to the de-alloying of Ni5Ga3 phase to a more Ni-rich 

phase (NixGa, 1.6 < x < 3).  

 
Figure 4.23, XRD of spent catalysts 

(a) NiGa(a)/SiO2 (b) NiGa(b)/SiO2 (reference peaks: Studt et al. [12]) 

TPO was also carried out for the spent catalysts (after regeneration and CO2/H2 run). In Figure 

4.24, a large CO2 desorption peak was found over each spent catalyst, especially 

NiGa(b)/SiO2. These were not included in the calculation for coke deposition. Both the coke 

oxidation temperature and amount of coke (slightly lower) are comparable to that obtained 

over the spent catalyst from CO2/H2 run. It appears that heavy type of coke observed in CO2/H2 

reaction is reduced when feed contains high level of CO. This suggests that the extent of soft 

coke formation is independent of reaction conditions but heavy type of coke is suppressed 

after the catalyst has been exposed to a more reducing environment. 
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Figure 4.24, TPO profiles of spent catalysts from CO/CO2/H2 run 

Table 4.15, Coke content on the spent catalysts from CO/CO2/H2 run 

Catalyst 
Coke content  

(μmol/g active metal) 

CO2 evolution temperature 

(°C) 

NiGa(a)/SiO2 4.74 ± 0.05 280 and 410 

NiGa(b)/SiO2 5.34 ± 0.05 240 and 460 

 

4.3 Other support for the Ni-Ga based catalysts 

4.3.1 NiGa(a) – LDH catalyst 

4.3.1.1 Background 

Recently, a CoGa based catalyst was reported to convert syngas to ethanol and higher 

alcohols efficiently [240]. By forming CoGa particles, Ga promotes the CO insertion and 

improves the chain growth probability. This was achieved by trapping the uniformly dispersed 

CoGa (molar ratio 5:3) particles on the ZnAl layered double oxide (LDHs). During the 

reduction, LDHs are transformed into LDOs and metal particles, which consist of Zn and Al 

oxides and CoGa particles respectively. It was shown that all four elements were distributed 

evenly in the highly ordered LDH layers and the performance of the catalyst greatly depends 

on the particle size and contiguous distribution of Co and Ga. It was found that the CoGa 



117 | P a g e  
 

particles trapped by the ZnAl-LDO prevented the aggregation of active particles, therefore this 

catalyst remained stable even after a long reaction time.  

Although syngas conversion to ethanol and higher alcohols is not the focus of this work, the 

idea of the CoGa alloy is similar to the Ni-Ga based catalysts. Previously and also in the 

literature, it was demonstrated that Ni-Ga intermetallic compounds are active towards 

methanol synthesis but the intermetallic phase has a tendency to decompose under oxidative 

environment or under the influence of CO [13]. Owing to the unique structure of the LDHs, 

they are effective catalyst supports and precursors that accommodates well-dispersed and 

high-density active sites. It was postulated that if Co in the CoGaZnAl-LDHs was replaced with 

Ni, the Ni5Ga3 methanol synthesis catalyst might benefit additionally from the trapping effects 

of ZnAl-LDOs, thus improving its stability.  

4.3.1.2 Catalyst characterisation 

In the XRD pattern (Figure 4.25) for NiZnGaAl-LDH precursor, peak positions at 37.4°, 39.2°, 

45.9° and 66.9° came from the reflections of the γ-Al2O3 support (ICSD no. 66559). Peaks at 

2θ = 11.7°, 23.5° and 61.2° are observed, which correspond to (003), (006) and (113) 

reflections of hydrotalcite-like structure [240]. However the rest of the characteristic reflections 

at (009) 35.4° and (110) 60.3° were not detected, possibly masked by other peaks. The 

diffraction pattern clearly shows that a precursor with hydrotalcite-type of structure was 

successfully prepared.  

After the reduction of the NiZnGaAl-LDH, residue was found around the outlet of the quartz 

tube. The residue is white, which suggest that it may be from the desublimation of Ga, Zn 

and/or Al during reduction where the temperature difference between the middle (700 °C) and 

outlet (< 200 °C, non-insulated sitting at room temperature) of reactor is big. The Ni:Ga ratio 

measured by ICP is 4.0, clearly indicating that Ga has been lost during the catalyst preparation 

process, either it is not incorporated into the LDH structure or it sublimated during high 

temperature reduction.  
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Figure 4.25, XRD of NiZnGaAl-LDH precursor and reduced-passivated catalysts (reference 

peaks: ICSD no. 98-009-1553, 57450, 66559, 011239, 52265 and 15208) 

In the diffraction pattern of reduced catalyst, no Ni5Ga3 intermetallic phase is observed. It is 

expected since the Ni to Ga ratio is far from the nominal value of 5 to 3. Weak presence of 

Ni3Ga phase was found at 50.9°. As reported by Sharafutdinov et al. [13], using metal oxide 

supports such as Al2O3 drastically reduces the methanol synthesis activity of Ni-Ga based 

catalyst due to incomplete alloying between Ni and Ga (if reduction time is kept constant at 2 

hours) and poor dispersion. Moreover, as discussed previously in Chapter 3 section 3.2.1.1, 

the presence of other metals could also hinder the formation of Ni-Ga alloy. In the case of 

NiGaZnAl, Zn and Al are present that might have interacted with Ni and Ga, resulting in poor 

intermetallic phase formation.  

The peaks of hydrotalcite-like structure at 2θ = 11.7° and 23.5° have disappeared after 

reduction. This could be due to the loss of Zn and Al due to high temperature sublimation, 
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causing the LDH structure to collapse. This phenomenon was not observed in the literature 

possibly because the reduction was performed in relatively stagnant reducing gas. Compared 

to the precursor, the reduced sample has more well defined peaks in the region 2θ = 30° – 

40°. The new peak at 31.7° can be an indication of ZnO, both are likely to be present in the 

sample. ZnAl is likely to be present as suggested by Ning et al. [240]. However its 

characteristic peaks at 32.2° and 37.5° are difficult to differentiate from peaks of other species 

such as NiO, γ-Al2O3. The presence of Ga2O3, Ni or NiO is difficult to differentiate as some of 

their characteristic peaks overlap with that of other materials. 

4.3.1.3 Catalyst performance under CO2/H2 

Prior to catalysis, the catalyst was ex situ reduced, passivated and re-activated in situ, 

following the same procedures as the Ni-Ga/SiO2 catalysts.  A TPRx with CO2/H2 at 

atmospheric pressure was carried out.  

Despite the hope that Ni-Ga based LDH would be active towards methanol synthesis, TPRx 

results revealed the opposite. At atmospheric pressure and 250 °C, no methanol was 

produced. CO was found to be the only product. This suggests that the catalyst functions as 

an rWGS catalyst at atmospheric pressure.  

To evaluate the catalytic performance at elevated pressure, CO2/H2 reaction was conducted 

at 10 bar, 260 °C (temperature used by Ning et al. [240]).The results are presented in Figure 

4.26 and Table 4.16 below. 
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Figure 4.26, Catalytic performance of NiZnGaAl-LDH at 260 °C, 10 bar 

(a) MeOH production rate (b) Product distribution 

Table 4.16, Comparison of catalytic performance 

Catalyst 

Steady state 

conversion 

(%) 

Steady state 

MeOH rate 

(mol [MeOH]/g 

cat*hr) × 10-3 

Product distribution (%) 

MeOH CO CH4 

NiGa(b)/SiO2 0.71 ± 0.04 1.50 ± 0.08 63 ± 1 36.2 ± 0.8 0.50 ± 0.01 

NiZnGaAl-LDH 0.181 ± 0.009 0.30 ± 0.02 22.8 ± 0.4 69 ± 1 7.8 ± 0.1 

Methanol production rate is 0.0003 mol/g cat * hr, which is much lower than the activity of 

NiGa(b)/SiO2 catalyst under similar reaction conditions. This catalyst is clearly not promising 

for methanol synthesis, consistent with the absence of active Ni-Ga intermetallic phase. 

Therefore, the catalyst preparation method reported for the CoGa based catalyst is clearly not 

suitable for the Ni-Ga based catalyst and this study was not pursued further. 
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4.4 Conclusions 

The performance of Ni-Ga based catalysts supported on silica was reported for CO2 

hydrogenation under elevated temperature. All three catalysts (NiGa(a)/SiO2, NiGa(b)/SiO2 

and NiGa(c)/SiO2) prepared had consistently higher Ni to Ga ratio than nominal values due to 

loss of gallium during high temperature reduction. As a result the NiGa(a)/SiO2 catalyst 

contains active phase that is close to Ni3Ga and NiGa(b)/SiO2 catalyst contains Ni5Ga3.  

Due to the instability of the active intermetallic phase under air, a passivation technique was 

developed to allow the Ni-Ga based catalysts to be evaluated under industrial conditions. It 

was shown that the ex situ reduced Ni-Ga catalysts can be successfully passivated at 25 °C 

with 10% N2O/N2 and later re-activated in situ at 340 °C. The re-activated catalyst has similar 

activity as the in situ reduced catalyst, demonstrating the effectiveness of the passivation 

procedures. 

Under elevated pressures, it was found that NiGa(a)/SiO2 has lower activity compared to 

NiGa(b)/SiO2 due to the latter having the more active Ni5Ga3 structure, the steady state hourly 

methanol production rates range from 0.54 to 0.72 mol/mol (active metals) at 30 bar. Both 

catalysts have significantly lower activity compared to the commercial Cu/ZnO/Al2O3 catalyst, 

but they are both more selective towards methanol (> 70%). As expected, the NiGa(c)/SiO2 

catalyst has very poor methanol synthesis activity and selectivity due to its Ni-rich nature.  

Regardless of pressure, initial deactivation (about 20%) of the Ni-Ga based catalysts was 

always observed. Despite the significant deactivation, the selectivity of Ni-Ga catalysts is 

stable throughout the run. The initial deactivation was speculated to be due to the impact of 

reaction products that reduces the number of accessible active sites. The catalysts have stable 

activity afterwards. The characterisation of the spent catalysts confirmed that no structural 

changes occurred.  
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Subjecting the Ni-Ga catalysts to a feed gas containing 4% CO revealed that the Ni-Ga 

intermetallic phase was susceptible to the poisoning effect of CO, possibly due to a 

reconstruction of surface composition towards Ni-rich. This deactivation by CO was found to 

be reversible in the case of NiGa(a)/SiO2. However, as NiGa(b)/SiO2 catalyst is more Ga-rich, 

its intermetallic phase is less stable against decomposition of intermetallic phase and Ga re-

oxidation. Hence, this catalyst showed continuous deactivation both under CO and after 

regeneration.  

Using a LDH based support for Ni-Ga did not result in an active methanol synthesis catalyst.  
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Chapter 5 CO2 Hydrogenation to Methanol over 

Pd-containing Intermetallic Catalysts 

 

5.1 Introduction 

In the previous chapter, it was shown that a passivation technique is necessary to preserve 

the activity of intermetallic Ni-Ga based catalyst for high-pressure applications due to its 

instability upon contacting with air [128]. Although the passivation procedure was developed 

successfully, the Ni-Ga catalysts still have to be reduced at 700 °C for the formation of the 

active intermetallic phase [14]. This high temperature preparation is not desirable for industrial 

applications since it is costly and involves more catalyst handling. Therefore it would be 

advantageous if an active catalyst with similar performance can be prepared at a lower 

temperature. This can be achieved by adding a ‘reduction promoter’ to the existing catalyst. 

This approach has been widely demonstrated in the literature [259-261]. Regarding the choice 

of reduction promoter, palladium appears to be a suitable candidate as it has been shown by 

Sahibzada and co-workers [259] that Pd addition to the Cu/ZnO/Al2O3 catalyst reduced the 

reduction temperature. Moreover, Fujimoto and Yu found that palladium promoted Cu based 

catalyst has enhanced methanol synthesis activity from CO2 through hydrogen spillover as 

well as increased stability in the presence of water [262]. Another motivation for the use of a 

Pd promoter is the superior performance of Pd-Ga based catalysts such as Pd/Ga2O3 and 

Pd/SiO2 promoted by Ga2O3 [127, 130, 133, 263]. As discussed in Chapter 2 section 2.1.5.1, 

these Pd-Ga intermetallic compounds can be fully activated at lower temperatures and they 

exhibit superior activity and selectivity towards CO2 hydrogenation to methanol. It was 

speculated that by promoting the Ni-Ga based catalyst with Pd, the high temperature ex situ 

reduction can be avoided. Enhancement in the methanol synthesis activity is also possible 

due to H2 spillover from Pd and/or the formation of a Pd-Ni-Ga alloy. 



124 | P a g e  
 

In the first section of this chapter, a palladium promoted NiGa(a)/SiO2 catalyst was synthesised 

and characterised. Its reducibility and performance were investigated and compared to the 

unpromoted catalyst. 

The performance of Pd-Ga based intermetallic catalysts have been previously studied [127, 

133, 134, 263, 264]. However, in this study the catalysts were synthesised by a modified 

method. Furthermore, Pd-Ga catalysts have not been examined in combination with zeolites 

for DME synthesis as will be done in Chapter 6. Therefore in the final section of this chapter, 

PdGa0.5/SiO2 and PdGa3/SiO2 catalysts were prepared and tested for CO2 hydrogenation to 

methanol in the CSTR to establish the performance in direct comparison with Ni-Ga.  

 

5.2 Pd promoted NiGa(a)/SiO2 

5.2.1 Catalyst characterisation 

5.2.1.1 Temperature programmed reduction 

In the published work on Pd promoted Cu/ZnO/Al2O3 catalysts, Pd/Cu molar ratios of 0.04 and 

0.09 were used to impregnate the Cu based catalysts [259]. The authors found that the 

introduction of Pd shifted the reduction temperature of CuO from 255 °C to approximately 180 

°C (0.04 Pd/Cu/Zn/Al). The higher Pd loading (0.09 Pd/Cu/Zn/Al) only led to a small further 

decrease of reduction temperature to 175 °C. Moreover, it was demonstrated that the 

enhancement in the methanol production was independent of Pd loading. Therefore, a Pd to 

active metal (Ni+Ga) ratio of 0.04 was chosen as the starting point for the promotion of 

NiGa(a)/SiO2 (nominal Ni:Ga ratio is 1.67). The palladium promoted NiGa(a)/SiO2 catalyst 

precursor was prepared using the method described in Chapter 3 section 3.2.1.3.  

Temperature programmed reduction of the Pd promoted NiGa(a)/SiO2 precursor was 

conducted to find the reducibility of the promoted catalyst. The TPR results for both Pd 

promoted and unpromoted catalyst precursor are given in Figure 5.1 (a). 
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Figure 5.1, TPR profiles for the Pd promoted and unpromoted NiGa(a)/SiO2 precursors (a) 

Over whole temperature range (b) enlarged low temperature section from the TPR of Pd 

promoted catalyst from (a) 

The NiGa(a)/SiO2 precursor (unpromoted) has a sharp reduction peak at around 290 °C 

followed by a broad hydrogen consumption peak that spans from 300 °C to 670 °C. According 

to the in situ XRD study of Ni-Ga catalysts by Sharafutdinov et al. [13, 14], the sharp peak 

below 300 °C corresponds to the decomposition of nitrates to oxides. Above 400 °C, NiO and 

Ga2O3 start to alloy and the Ni-rich Ni3Ga phase was the first to form. At this point, the catalyst 

is a mixture of Ni3Ga and NiO with the latter being the dominant species. Ga2O3 was not 

detected due to its amorphous nature, however its existence was confirmed by XAS study. As 

temperature increases further, Ni-Ga alloy continues to shift towards the composition in the 

initial impregnated precursor. In this region, the gallium enrichment of the intermetallic phase 

becomes a gradual process with continuous hydrogen consumption. Therefore a reduction 

temperature of 700 °C is needed for the complete formation of Ni-Ga alloy, which was shown 

by Sharafutdinov et al. [14] to be crucial to obtain an active and selective methanol synthesis 

catalyst.  

The promoted catalyst (Pd-NiGa(a)/SiO2) showed a clear shift of reduction peaks towards the 

low temperature side. A small hydrogen consumption peak can be seen at around 90 °C 

(Figure 5.1 (b)), which could be due to the formation of metallic Pd. Relatively easy formation 

of metallic Pd is known to be beneficial for the reduction of Pd-impregnated materials owing 
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to the hydrogen spillover effect [265]. For example, in Pd-Ga nanoparticles it was found that 

the presence of already-reduced Pd nanoclusters facilitates Ga2O3 reduction [133, 266, 267]. 

Two major reduction peaks were observed at 190 °C and 250 °C. These peaks correspond to 

the reduction of nitrates to oxide, hydride species, large PdO crystallites and maybe even the 

formation of Ni-Ga or Pd-Ga intermetallic phase [14, 265, 267, 268]. The subsequent peak at 

370 °C and even higher temperatures may be due to the reduction of smaller PdO particles 

as they have stronger interaction with the support [268] and/or the formation of Ni-Ga 

intermetallic phase [14]. 

The hydrogen consumptions for both catalysts are presented in Table 5.1. For the Pd 

promoted catalyst, the fraction of hydrogen consumed at temperatures lower than 300 °C was 

significantly higher, while for the unpromoted catalyst, the majority of the reduction occurs at 

temperatures above 300 °C. Clearly, the addition of Pd enhanced the reducibility of the 

NiGa(a)/SiO2 catalyst by spillover of activated hydrogen from metallic Pd to NiO and Ga2O3 

sites at lower temperatures.  

Table 5.1, H2 consumption in low and high temperature regions for both Pd promoted and 

unpromoted catalysts 

Catalyst 

H2 consumption (mmol/g) 

Total Below 300 °C Above 300 °C 

NiGa(a)/SiO2 

2.4 ± 0.2 0.79 ± 0.08 1.6 ± 0.2 

% of total 

consumption 
34% 66% 

Pd-NiGa(a)/SiO2 

10 ± 1 7.7 ± 0.8 2.4 ± 0.2 

% of total 

consumption 
77% 23% 
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Another interesting result is that the total H2 consumption for the promoted catalyst is 

significantly higher compared to the unpromoted catalyst. Clearly, the addition of Pd not only 

shifted the reduction process to lower temperatures, but also changed the way the catalyst 

precursor reduces. Moreover, the extra H2 consumption was found to be much higher than the 

requirement for stoichiometric Pd acetate reduction (0.11 mmol/g) [269]. Metallic Pd can form 

palladium hydride and also transfer hydrogen to the support by spillover, both of which could 

result in higher hydrogen consumption than stoichiometric reduction of Pd2+ [135].  

The majority of the reduction is seen to be complete below 350 °C and this temperature is the 

reactor limit for in situ reduction, therefore the reduction condition determined for the Pd 

promoted catalyst precursor is therefore at 350 °C for 4 hours.  

5.2.1.2 Chemical composition and XRD pattern of reduced-passivated catalyst 

The reduced catalyst was passivated with 10% N2O/N2 at room temperature before 

characterisation tests were carried out. The chemical composition of the reduced and 

passivated Pd promoted NiGa(a)/SiO2 catalyst was measured by ICP – OES.  

Table 5.2, Chemical composition of promoted and unpromoted catalysts 

Catalyst Molar ratio Nominal Actual 

Pd-NiGa(a)/SiO2 

Pd/(Ni+Ga) 0.04 0.03 

Ni/Ga 1.67 2.34 

NiGa(a)/SiO2 Ni/Ga 1.67 2.34 

The catalyst prepared has slightly lower Pd loading than intended. This is possibly due to low 

solubility of palladium acetate in toluene, causing the impregnating solution to have lower 

concentration of Pd. The Ni to Ga ratio obtained is identical to that of unpromoted catalyst (ex 

situ reduced at 700 °C). As observed in the previous chapter, some Ga appears to have been 

lost during reduction of the Ni-Ga catalyst. This phenomenon was observed again for the Pd 
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promoted catalyst that was reduced at a lower temperature (350 °C), suggesting that the loss 

of Ga from the catalyst occurs ≤ 350 °C and increasing temperature further to 700 °C does 

not cause further change in chemical composition.  

 

Figure 5.2, XRD patterns of reduced-passivated Pd-NiGa(a)/SiO2 (350 °C), NiGa(a)/SiO2 

(350 °C), NiGa(a)/SiO2 (700 °C) (reference peaks: Pd2Ga: ICSD no. 409939, PdO: JCPDS 

85-0713, Pd: ICCD no. 087-0643, α-Ga2O3: ICSD no. 27431, Ni3Ga: Studt et al. [12], Ni and 

NiO: ICSD no. 011239 and 52265)  

The XRD pattern of the reduced-passivated catalyst is shown in Figure 5.2. For easy 

comparison, the XRD data for two NiGa(a)/SiO2 catalysts (ex situ reduced at 700 °C and 

another in situ reduced at 350 °C, both passivated) are also included. Both Pd promoted and 

unpromoted catalyst reduced under the same conditions (350 °C) have similar diffraction 

patterns. In the Pd promoted catalyst, peaks at 36° and 41.2° may be attributed to the (110) 

and (113) reflections of α-Ga2O3 [133, 270], indicating the possible presence of α-Ga2O3 in the 

sample. However, the peak at 41.2° can also correspond to the (1 1 0) reflection of PdO 

(JCPDS no. 85-0713) and Pd2Ga (ICDD 65-1511) and it is only observed in the Pd promoted 

catalyst, therefore it is more likely that this peak comes from Pd-containing species (not α-
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Ga2O3). However, no other peaks from PdO or Pd2Ga were detected, which may be due to 

the low Pd loading and small particle size [133]. The peak at around 2θ = 43.5° is most likely 

due to the (200) reflection of NiO because another characteristic peak of NiO at 63° is also 

present. As discussed in the previous chapter, the NiGa(a)/SiO2 catalyst has a structure that 

resembles Ni3Ga intermetallic phase. Since the Pd promoted sample has the same Ni to Ga 

ratio (Table 5.2) as the NiGa(a)/SiO2 catalyst characterised in Chapter 4, similar Ni-Ga 

structure is expected for the Pd promoted catalyst. Hence, the peak at 43.5° could also be 

attributed to the (111) reflection of Ni3Ga. However, no other peaks from Ni-Ga intermetallic 

phase (in particular, the peak at 50.9° from Ni3Ga) were observed over both promoted and 

unpromoted (350 °C) catalyst. Phase identification of Ni-Ga and Pd-Ga intermetallic 

compounds is difficult by XRD alone due to the overlap of diffractions from different oxides 

and overall low intensities of reflections. Based on the result, it can be said that the reduction 

temperature of 350 °C was too low to allow a complete formation of Ni-Ga intermetallic phase 

since the ex situ reduced (700 °C) and passivated unpromoted catalyst has a much more 

intense and pure intermetallic phase. The Pd promoted catalyst may be a mixture of oxides 

with some intermetallic species. Hence, Pd promotion indeed lowered the reduction 

temperature of certain species in the NiGa(a)/SiO2, but it did not successfully promote the 

complete formation of Ni-Ga intermetallic compounds at 350 °C. 

 

5.2.2 Catalyst performance under CO2/H2   

Even though there is limited evidence of Pd-Ni-Ga intermetallic compounds from the XRD, 

their existence cannot be entirely disregarded and the catalyst may still benefit from the 

promotional effect of Pd addition (via hydrogen spillover). Therefore the catalytic performance 

of the Pd promoted catalyst was investigated. 

In the PFR reactor, the detrimental effect of reaction products on the Ni-Ga based catalyst can 

be minimised since the catalysts are always exposed to an atmosphere with compositions 

close to the feed, this allows the effect of Pd promotion to be seen more clearly.  Therefore, 
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the Pd promoted catalyst was reduced in situ using the conditions determined in the previous 

section (350 °C under flowing 5% H2/N2 for 4 hours) and its performance was measured in the 

PFR under essentially CO-free condition. Previously the unpromoted Ni-Ga catalyst was 

studied first at 245 °C, 10 bar (Chapter 4 section 4.2.3.2). Hence for the preliminary evaluation 

of the success of Pd promotion, the experiments were first carried out 245 °C, 10 bar. The 

performances of two unpromoted catalysts were also measured: one reduced under the same 

conditions (350 °C for 4 hours) and the other ex situ reduced at 700 °C, passivated and re-

activated in situ (340 °C for 3 hours). All the reduction/re-activation was done using 5% H2/N2. 

The details of each catalyst test are given in Table 5.3.  

Table 5.3, Reduction and reaction conditions for various promoted and unpromoted 

catalysts 

Catalyst tested 
Reduction 

conditions 

Any passivation 

procedure 

Reaction 

conditions tested 

10 bar 30 bar 

NiGa(a)/SiO2 (700 °C 

ex situ) 
Ex situ 700 °C (2 h)    

NiGa(a)/SiO2 (350 °C) In situ 350 °C (4 h)    

Pd-NiGa(a)/SiO2 In situ 350 °C (4 h)    

Catalytic performance at 245 °C, 10 bar 

The catalytic performance of Pd promoted catalyst and two unpromoted catalysts reduced 

under different conditions are shown in Figure 5.3 and steady state values of activity and 

selectivity are summarised in Table 5.4. Since the Ni-Ga intermetallic phase of the Pd 

promoted catalyst was shown to be incomplete by the XRD results, it was anticipated that the 

promoted catalyst would have low methanol synthesis activity. As can be seen from Figure 

5.3, the methanol production rate of the promoted catalyst is indeed lower than NiGa(a)/SiO2 

(700 °C ex situ). At 10 bar and 245 °C, main products from the Pd-promoted catalyst were 
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methanol (48%) and CO (51%). CH4 selectivity was low (1.5%) and no other higher 

hydrocarbons were detected by the GC. Compared to the unpromoted catalyst (700 °C ex 

situ), the catalyst was less selective towards methanol synthesis as it produced more CO and 

methane, possibly due to the presence of free Ni and/or Pd. However, it should be noted that 

these two catalysts have different preparation procedures. The promoted catalyst was 

reduced in situ at 350 °C, while the unpromoted catalyst was reduced ex situ at 700 °C and 

passivated before in situ re-activation. Therefore, the discussion above involves a comparison 

of the Pd promoted catalyst to the unpromoted catalyst prepared using the best procedure. 

Table 5.4, Steady state activity and selectivity of Pd promoted and unpromoted NiGa(a)/SiO2 

catalysts at 245 °C, 10 bar 

Catalyst 

Steady state 

MeOH 

conversion 

(%) 

Steady state 

MeOH rate  

(mol [MeOH]/mol 

[active metal]*hr) 

Selectivity (%) 

MeOH CO CH4 

Pd-NiGa(a)/SiO2 

(350 °C) 
0.60 ± 0.03 0.49 ± 0.02 48.1 ± 0.9 50 ± 1 

1.33 ± 

0.03 

NiGa(a)/SiO2  

(350 °C) 
0.41 ± 0.02 0.35 ± 0.02 32.1 ± 0.6 61 ± 1 6.9 ± 0.1 

NiGa(a)/SiO2  

(700 °C ex situ) 
0.78 ± 0.04 0.66 ± 0.03 60 ± 1 39.2 ± 0.8 

0.483 ± 

0.007 
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Figure 5.3, Catalytic performance of Pd-NiGa(a)/SiO2 (350 °C in situ), NiGa(a)/SiO2 (700 °C 

ex situ) and NiGa(a)/SiO2 (350 °C in situ) at 245 °C, 10 bar 

(a) MeOH production rates (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

Now comparing to NiGa(a)/SiO2 (350 °C) that was reduced under the same condition, the CO2 

conversion to methanol activity was significantly enhanced (approximately 47%) by the 

addition of Pd. The selectivity to MeOH (48%) is also much better over Pd-NiGa(a)/SiO2 

catalyst as NiGa(a)/SiO2 (350 °C in situ) produces even more CO (60%) and methane (7%) 

(Figure 5.3). It is likely that hydrogen spillover from Pd crystallites to the Ga sites was 

responsible for the enhancement in the methanol synthesis activity [263], compensating for 

the incomplete formation of active Ni-Ga phase [127, 271, 272]. The suppressed methanation 

reaction in the case Pd promoted catalyst may be linked to the presence of Ga2O3 found in 

the XRD, since it was speculated by Sharafutdinov et al. [13] that surface Ga2O3 was able to 

reduce the methanation activity of the Ni-Ga catalysts by blocking the Ni-rich sites.  
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The deactivation behaviour of the Pd promoted catalyst is also different. Unlike NiGa(a)/SiO2 

reduced at 700 °C (ex situ), it did not suffer an initial deactivation, its activity remained stable 

throughout the whole run. From the results in Chapter 4, the initial deactivation observed in 

the unpromoted catalyst was thought to be the result of competitive adsorption of products as 

they build up in concentration and consequently block the intermetallic active sites for 

methanol synthesis. This behaviour has been seen in both Ni-Ga and Pd-Ga based 

intermetallic compounds [12, 127]. Since the unpromoted catalyst reduced at 350 °C does not 

possess the same intermetallic structure, it was not surprising that the initial deactivation 

period was not observed in this case. Similarly for the Pd promoted catalyst, it was stable from 

the beginning due to the lack of completely formed intermetallic phase.  

Catalytic performance at 245 °C, 30 bar 

Preliminary study on the Pd promotions clearly shows an enhancement in the catalytic 

performance. To further evaluate the performance of the Pd promoted catalyst under industrial 

conditions, the experiment was repeated at 30 bar and 245 °C. The best performance 

achieved by an unpromoted catalyst is also included in Figure 5.4 and Table 5.5. As shown in 

Chapter 4, the performance of NiGa(a)/SiO2 is not very dependent on reaction pressure, 

therefore increasing the pressure to 30 bar did not significantly increase the methanol 

production rate. On the other hand, the methanol synthesis rate of the Pd promoted catalyst 

showed a significant increase at higher pressure. Moreover, the MeOH selectivity of the Pd 

promoted catalyst is improved at higher pressure with low level production of CO and CH4. 

The activity at 30 bar is found to be approximately 1.6 times the activity at 10 bar. This again 

shows the enhancement of activity by Pd promotion is probably due to hydrogen spillover, 

which is known to have square root pressure dependence [273, 274].  
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Figure 5.4, Catalytic performance of Pd-NiGa(a)/SiO2 (350 °C in situ) and NiGa(a)/SiO2 (700 

°C ex situ) at 245 °C, 30 bar 

(a) MeOH production rate (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

Table 5.5, Steady state activity and selectivity of Pd promoted and unpromoted 

NiGa(a)/SiO2 catalysts at 245 °C, 30 bar 

Catalyst 

Steady state 

MeOH 

conversion (%) 

Steady state 

MeOH rate 

(mol [MeOH]/mol 

[active metal]*hr) 

Selectivity (%) 

MeOH CO CH4 

Pd-NiGa(a)/SiO2 

(350 °C) 
1.05 ± 0.05 0.87 ± 0.04 57 ± 1 40.5 ± 0.8 

2.21 ± 

0.04 

NiGa(a)/SiO2  

(700 °C ex situ) 
0.98 ± 0.05 0.80 ± 0.04 63 ± 1 35.9 ± 0.7 

0.92 ± 

0.01 
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5.2.3 Catalyst performance under CO/CO2/H2 at 245 °C, 10 bar 

Over the Pd promoted catalyst, the absence of the initial deactivation period may suggest that 

it is more stable towards the presence of reaction products. Therefore, the Pd promoted 

catalyst was subjected to catalysis under CO/CO2/H2. Since the unpromoted catalyst (700 °C 

ex situ) had been previously tested under 245 °C and 10 bar (Chapter 4 section 4.2.4.1), the 

effect of CO in the feed on the Pd promoted catalyst was also carried out under the same 

conditions (still in the PFR). 

Changing the CO-free feed to CO/CO2/H2 revealed that CO could cause serious deactivation 

in the Pd promoted catalyst, as seen in Figure 5.5.  

 
Figure 5.5, Catalytic performance of Pd-NiGa(a)/SiO2 (350 °C in situ) and NiGa(a)/SiO2 (700 

°C ex situ) under CO/CO2/H2 at 245 °C, 10 bar 

(a) MeOH production rate (b) MeOH/CH4 ratio 

Figure 5.5 shows the activity of the promoted catalyst in reactions with CO/CO2/H2. The 

performance of the ex situ reduced (700 °C ex situ), passivated and re-activated catalyst under 

the same conditions is also included. The promoted catalyst exhibited low activity and 

selectivity in the presence of CO due to significant formation of CH4. Chiavassa and co-

workers in their Pd-Ga work concluded that CO chemisorbed strongly on Pd crystallites hence 

reduced MeOH activity through a decrease in H2 dissociation by the metal [127]. As the 

presence of PdO and NiO cannot be ruled out from the XRD diffraction pattern of the Pd 

promoted catalyst, it is possible that the oxides were reduced to metallic Pd and/or Ni, or the 
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surface composition became Pd- and/or Ni-rich under high level of CO in the feed gas [275]. 

Therefore, the catalyst behaved like Pd and Ni metals under the effect of CO [12]. 

Consequently, the Pd promoted NiGa(a)/SiO2 is not suitable for use under high level of CO 

(for example in a CSTR where product concentration is relatively high) as its performance can 

be severely affected.  

5.2.4 Characterisation of spent Pd promoted NiGa(a)/SiO2 catalyst 

The spent Pd promoted NiGa(a)/SiO2 catalyst (after catalysis under CO2/H2, 245 °C, 30 bar) 

was characterised by N2 physisorption, XRD (Figure 5.6) and TPO (Table 5.6 and Figure 

5.7).  

No change in the diffraction pattern was observed, indicating that the catalyst maintained its 

crystalline structure during the reaction. Indeed, the catalyst did not show any significant 

change in selectivity during the reactions as noted in the previous section.  

 
Figure 5.6, XRD of spent Pd-NiGa(a)/SiO2 catalyst 

The coke content and the TPO profiles for the Pd promoted catalysts exposed to different feed 

gas is presented in Table 5.6 and Figure 5.7 respectively. 
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Table 5.6, Coke content and BET surface area of spent catalysts 

Spent catalyst 
Feed gas 

used 

BET surface 

area  

(± 1 m2/g) 

Coke content  

(μmol/g active 

metals) 

CO2 evolution 

temperature  

(°C) 

Pd-NiGa(a)/SiO2 

(350 °C) 

CO2/H2 258 5.98 ± 0.06 250, 480, 640 

CO/CO2/H2 - 2.35 ± 0.02 250, 450 

NiGa(a)/SiO2  

(700 °C ex situ) 
CO2/H2 239 6.37 ± 0.06 360, 600 

 

 

Figure 5.7, TPO profiles of the spent Pd promoted catalysts  

(a) CO2 evolution (b) CO evolution from CO/CO2/H2 run 

The coke content calculated for the Pd promoted catalyst does not include the broad peak 

observed at around 250 °C. This is because at such low temperature, this peak may not come 

from the oxidation of carbonaceous materials. Firstly, this peak is not present in the 

unpromoted catalyst, indicating its association with the Pd species in the promoted catalysts. 

Secondly, this peak is more significant in the Pd promoted catalyst that was exposed to high 

level of CO in the feed gas. In fact, a weak CO evolution peak was also seen at the same time 

(Figure 5.7 (a)). According to Zhu et al. [275], there are different ways CO2 can be produced 

when Pd based catalyst is exposed to high CO level. For example, interaction of CO with 

surface hydroxyl groups on the catalyst, reduction of reducible species such as PdO, 
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decomposition of carbonated species and disproportionation of CO [275]. Therefore it is 

possible that the CO2 evolution peak at 250 °C comes from the CO adsorbed on the Pd 

species. 

For CO-free reaction, the coke deposition on the spent catalyst was found to be 5.98 μmol/g 

(Ni+Ga), which is similar to the coke content (6.37 μmol/g (Ni+Ga)) of unpromoted catalyst 

(700 °C ex situ reduced). The type of coke found on the Pd promoted catalyst appears to be 

different from that on the unpromoted catalyst. For the promoted catalyst, the majority of coke 

oxidation occurs at a temperature of 480 °C while for the unpromoted catalyst, two distinctive 

coke oxidation peaks were observed at both 360 °C and 600 °C. This suggests that the type 

of coke formed over the promoted catalyst could be different due to a different catalyst 

structure/morphology with Pd promotion [276, 277] and different reduction/passivation 

procedures.   

With CO in the feed, the coke deposition was found to be lower than that obtained under 

CO2/H2 and one coke oxidation peak was found (at 450 °C). This suggests that the additional 

CO in the feed and the methane produced did not result in an increase in coke deposition by 

either CO disproportionation or CH4 decomposition [278, 279]. 

 

5.3 Pd-Ga/SiO2 catalysts for CO2 hydrogenation to methanol 

Pd-Ga intermetallic compound based catalysts have been reported to be promising catalysts 

for CO2 hydrogenation to methanol [137, 156, 242, 263, 264]. Due to the similarity between 

Pd-Ga and Ni-Ga based catalysts, it was speculated that Pd-Ga based catalyst would also be 

suitable as the methanol synthesis component for the single-stage DME synthesis. A direct 

comparison between the two catalysts may yield a better understanding of the catalytic 

properties of intermetallic compounds for CO2 hydrogenation to methanol. Therefore, Pd-

Ga/SiO2 catalysts were prepared by a two-stage incipient wetness impregnation method and 

their catalytic performance was measured and compared to that of Ni-Ga/SiO2. 
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5.3.1 Catalyst preparation and characterisation 

Two Pd-Ga/SiO2 catalysts with different Pd:Ga ratios were prepared. Pd-Ga/SiO2 catalyst with 

a Pd:Ga ratio of 2 (stoichiometric composition of the active Pd2Ga intermetallic phase) at the 

time of preparation will be designated as PdGa0.5/SiO2 and the one with Pd:Ga ratio of 1:3 

(ratio used in published work [127, 242]) will be PdGa3/SiO2. To make these catalysts more 

comparable to the Ni-Ga based catalysts, both catalysts were prepared following the 

procedures given in Chapter 3 section 3.2.1.4, which are modified from the method reported 

by Chiavassa et al. [127]. Calcined samples were reduced and passivated before 

characterising with XRD (Figure 5.8), ICP – OES (Table 5.7) and N2 physisorption. 

Table 5.7, Chemical compositions and surface area for both Pd-Ga /SiO2 catalysts 

 

Pd:Ga ratio Pd wt% 
BET surface area 

(± 1 m2/g) 
Nominal Actual Nominal Actual 

PdGa0.5/SiO2 2 1.87 2 1.34 281 

PdGa3/SiO2 0.33 0.34 2 1.49 271 

The Pd loading (wt%) is consistently lower than the desired value. The fact that Pd to Ga ratios 

obtained for both Pd-Ga/SiO2 catalysts are close to the nominal ratios despite low Pd loadings 

indicates that the actual Ga content is also lower than desired, possibly due to loss of Ga 

during reduction as observed previously in all Ga-containing samples. The SiO2 support 

(EP10) has a BET surface area of 279 m2/g, therefore the addition of Pd and Ga did not result 

in significant decrease of surface area. PdGa0.5/SiO2 has very similar BET surface area (281 

m2/g) compared to the PdGa3/SiO2 (271 m2/g).  
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Figure 5.8, XRD patterns of reduced-passivated Pd-Ga/SiO2 catalysts with reference 

materials (reference peaks: Pd2Ga: ICSD no. 409939, PdO: JCPDS 85-0713, Pd: ICCD no. 

087-0643, α-Ga2O3: ICSD no. 27431) 

The XRD patterns for 2 wt% Pd/SiO2 and Ga/SiO2 (monometallic reference samples 

synthesised in the same way as the Pd-Ga based catalysts) were also obtained for 

comparison. As can be seen from Figure 5.8, very weak peaks at 2θ = 33.8° and 65° can be 

attributed to the presence of α-Ga2O3 [133, 270]. No crystalline Pd species can be seen clearly 

on the single-metal reference material, however the presence of minor amount of Pd particles 

cannot be ruled out. Therefore the new peaks around 41° that appear in the bimetallic catalysts 

are likely due to the formation of Pd2Ga intermetallic phase (even though the (110) reflection 

of PdO can also be found at this 2θ value [280]). The weak and broad peak starting from 2θ 

= 45° to 48° can also be attributed to the characteristic peaks of the Pd2Ga intermetallic phase 

at 44.9° and 48.2° being merged due to low intensity [156]. No evidence of other Pd-rich 

intermetallic compounds can be found here but their existence cannot be completely excluded.  

The two Pd-Ga/SiO2 catalysts with different Pd:Ga ratios have very similar peak positions as 

well as peak intensity. This suggests similar intermetallic compound was formed even when 
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gallium is in large excess. Indeed, it has been reported by a few studies that the Pd2Ga 

intermetallic phase is always formed regardless of Pd:Ga ratio used [156, 281]. The authors 

speculated that the preferential formation of Pd2Ga phase is due to its higher stability and the 

ability of this compound to reduce the concentration of Ga3+ in the vicinity by forming highly 

reactive hydrides [156, 281]. Besides the Ga2O3 phase identified earlier on both Pd-Ga 

catalysts, no other Ga-containing crystalline phases or higher Ga2O3 intensity were found on 

the PdGa3/SiO2 catalyst. The excess gallium that did not alloy as Pd2Ga phase must have 

been present as amorphous Ga2O3, as also observed by García-Trenco et al. [156]. 

5.3.2 Catalyst performance in the CSTR with CO2/H2 at 245 °C, 30 bar 

The catalytic performance of the Pd-Ga catalyst supported on SiO2 was measured in the 

CSTR at 245 °C and 30 bar to allow comparison with previous measurements on the Ni-Ga 

based catalyst as well as literature values for Pd-Ga. The results are shown in Figure 5.9, 

which clearly show that active Pd2Ga intermetallic based methanol synthesis catalysts were 

successfully prepared (using procedures modified based on Ni-Ga catalysts (Chapter 4) and 

Ga2O3-Pd/SiO2 (Chiavassa et al. [127]). The conversion level obtained for both catalysts 

ranges from 0.9 to 1.9%. The initial methanol conversion of PdGa3/SiO2 is higher than that of 

PdGa0.5/SiO2, however it dropped to the same level as the PdGa0.5/SiO2 after 6 hours on 

stream and the activity of the two catalysts remained similar in the next 10 hours. In terms of 

methanol production rate, it is obvious that PdGa0.5/SiO2 would have much higher rate as it 

contains less active metals. Indeed, the methanol production rate is about 2 times the rate of 

PdGa3/SiO2 catalyst. The methanol production rate obtained over PdGa3/SiO2 (85×10-8 mol 

MeOH gcat
-1 s-1) is lower than that reported over the same catalyst under similar reaction 

conditions (140.7×10-8 mol MeOH gcat
-1 s-1) [242] in the literature. This could be due to a 

combination of slightly lower reaction temperature used, a different catalyst preparation 

method and silica resulting in small variation of catalyst structure, composition and 

morphology. The reaction with CO2/H2 produced only methanol (70%) and CO (30%). The 
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selectivity to methanol of both catalysts was found to be better than values reported in the 

literature (55% MeOH, 44% CO [127]).  

 

Figure 5.9, Catalytic performance of PdGa0.5/SiO2 and PdGa3SiO2 at 245 °C, 30 bar 

(a) MeOH conversion (b) Normalised MeOH production rate (c) MeOH selectivity (d) CO 

selectivity 

The selectivity of both catalysts appears to be the same throughout the run, indicating that the 

initial deactivation where PdGa3/SiO2 lost nearly half of the initial activity was due to rapid 

reduction in the number of accessible active sites and not a change in the nature of active 

sites [133]. In addition, this observation also shows that Ga-rich sites are the catalytically 

active species since the excess gallium in the PdGa3/SiO2 catalyst is linked to a high initial 

overall conversion. However these sites are also prone to deactivation, possibly by adsorption 

of products that reduces the availability of these active sites [127, 133]. It was shown by 

Chiavassa and co-workers [127] that the chemisorption of CO on Pd crystallites causes the 

most significant deactivation by reducing the amount of dissociated hydrogen transferred to 
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the gallia sites, while water was also found to impact the activity of Pd-Ga based catalysts by 

limiting the availability of cus on Ga2O3.  Therefore it is not surprising that the catalyst with 

higher initial activity (PdGa3/SiO2) suffered a greater extent of initial deactivation.  

Table 5.8, Comparison of catalytic performance over NiGa(b)/SiO2, Pd-Ga/SiO2, commercial 

Cu/ZnO/Al2O3 catalysts 

Catalyst 

Steady state 

MeOH 

conversion 

(%) 

Steady state 

MeOH rate  

(mol [MeOH]/mol 

[active metal]*hr) 

Selectivity (%) 

MeOH CO CH4 

NiGa(b)/SiO2 0.81 ± 0.04 0.69 ± 0.03 67 ± 1 32.3 ± 0.7 0.6 ± 0.01 

PdGa0.5/SiO2 0.92 ± 0.05 6.8 ± 0.3 71 ± 1 29.2 ± 0.6 trace 

PdGa3/SiO2 0.93 ± 0.05 2.5 ± 0.1 66 ± 1 33.6 ± 0.7 trace 

Cu/ZnO/Al2O3 3.0 ± 0.2 2.5 ± 0.1 52.0 ± 0.9 48 ± 1 trace 

Comparing to the Ni-Ga/SiO2 catalyst (the most active NiGa(b)/SiO2 was chosen for 

comparison), PdGa0.5/SiO2 is the most active among the four catalysts due to its intermediate 

conversion level achieved by a low active metal loading. Selectivity of both Ni-Ga and Pd-Ga 

catalysts are similar and better compared to the conventional Cu based catalyst. The impacts 

of reaction products on the Pd-Ga/SiO2 catalysts are strikingly similar to the Ni-Ga/SiO2 based 

catalysts. For Pd-Ga based catalysts about 24% of the maximum activity was gradually lost 

throughout 20 hours. In the case of Ni-Ga based catalyst, about 20% of the activity was lost 

(Chapter 4 section 4.2.3.3). Another similarity between the deactivation behaviour of these 

two types of catalyst is the higher extent of deactivation (and higher initial conversion) 

observed in the Ga-rich catalyst, i.e. NiGa(b)/SiO2 and PdGa3/SiO2. Moreover, the selectivity 

of both intermetallic based catalysts remained stable despite of the significant drop in 

conversion. All these observations suggest that it is possible that both Ga-based intermetallic 

catalysts deactivates via similar mechanism described above. 
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5.3.3 Characterisation of spent catalysts from CO2/H2 runs 

The diffraction pattern for the spent PdGa0.5/SiO2 and PdGa3/SiO2 are presented in Figure 

5.10. No obvious change in peak intensity and position were observed over PdGa0.5/SiO2. For 

PdGa3/SiO2, the peak originally at 41° has shifted slightly to lower 2θ value of 40°, which 

corresponds to the (111) reflection of Pd [156, 282]. This could be due to the result of de-

alloying of gallium from a Ga rich intermetallic phase to form monometallic Pd and oxidised 

gallia patches [154]. The fact that only PdGa3/SiO2 shows a change in peak position towards 

Pd-rich phase is consistent with the results obtained over Ni-Ga catalyst from Chapter 4 as 

well as the literature, that the Ga-rich catalyst is more sensitive to decomposition (de-alloy) 

and re-oxidation of Ga-species [133]. 

 
Figure 5.10, XRD of spent Pd-Ga/SiO2 catalysts with reference materials (refenrece peaks: 

Pd2Ga: ICSD no. 409939, PdO: JCPDS 85-0713, Pd: ICCD no. 087-0643, α-Ga2O3: ICSD 

no. 27431) 

(a) PdGa0.5/SiO2 (b) PdGa3/SiO2 

The BET surface measured by N2 physisorption and the coke content for both spent catalysts 

are given in Table 5.9.  
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Table 5.9, BET surface area and coke content over spent Pd-Ga/SiO2 catalysts 

Spent 

catalyst 

BET surface 

area  

(± 1 m2/g) 

% decrease in 

surface area 

(%) 

Coke deposition 

(mmol/g Pd+Ga) 

Coke deposition 

(mmol/g cat) 

PdGa0.5/SiO2 271 3.6 5.44 ± 0.05 0.163 ± 0.001 

PdGa3/SiO2 262 3.3 1.63 ± 0.01 0.0816 ± 0.0008 

 

 
Figure 5.11, TPO of spent Pd-Ga/SiO2 catalysts 

Both catalysts lost similarly small amount of surface area after catalysis, hence it is unlikely 

that loss of surface area is the main cause of initial deactivation observed in PdGa3/SiO2 

catalyst or even the gradual deactivation observed in both catalysts.  

The carbonaceous species found on the Pd-Ga catalysts appear to be heavier compared to 

those on Ni-Ga catalysts, as the CO2 evolution temperature of the major coke oxidation was 

found at 550 °C and another minor one at 680 °C in the case of PdGa0.5/SiO2. The amount of 

coke deposited on the Pd-Ga catalysts is nearly 3 orders of magnitude higher than that found 

on Ni-Ga/SiO2 based catalyst (0.0064 mmol/g active metal). It is well known that the deposition 

of coke (often with low H/C ratio) on the palladium surface (and catalyst pores) causes slow 
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deactivation of the Pd-based catalysts over time [133, 157, 283]. Coking over Pd-based 

catalysts can be affected by various factors such as surface area, presence of certain metals, 

interactions with the support, etc. [157, 276]. For example, the lower coke content observed 

in the PdGa3/SiO2 might be due to the excess gallium (in the form of Ga2O3) on the PdGa3/SiO2 

surface, which restricts the accessibility of Pd sites that are responsible for the transformation 

of carbon to aromatic/graphitic coke [276]. Therefore, in addition to the impacts of reaction 

products, the buildup of carbonaceous materials on the Pd-Ga based catalysts can also be a 

cause of the deactivation observed [133].  

 

5.4 Conclusions 

Pd promoted NiGa(a)/SiO2 was investigated to improve the reducibility and catalytic 

performance of the Ni-Ga catalyst. The Pd-NiGa(a)/SiO2 catalyst was successfully 

synthesised and was active and selective towards methanol synthesis from CO2. It was found 

that the addition of Pd did not reduce the formation temperature of Ni-Ga intermetallic phase. 

However, there is clear enhancement of methanol synthesis activity, which is likely due to H2 

spillover from Pd. When CO is present in the feed gas, the Pd promoted catalyst lost more 

methanol synthesis activity due to high methane production, this is possibly due to the 

presence of free Pd and Ni. Palladium promotion of the Ni-Ga based catalysts shows promise 

but further experiments are needed to optimise the performance of the Pd promoted catalyst. 

Active Pd-Ga based catalysts supported on SiO2 can be successfully prepared. Despite the 

large excess of Ga in PdGa3/SiO2 catalyst, a Pd2Ga intermetallic phase was preferentially 

formed. The resulting catalysts have activities similar to values reported in the literature and 

slightly better selectivity towards methanol synthesis. Both Pd-Ga/SiO2 and Ni-Ga/SiO2 based 

catalysts show similar trend of deactivation, which led to the conclusion that the decreasing 

accessibility of these active intermetallic compounds due to the competing adsorption of 

reaction products is the main cause of deactivation for these intermetallic base catalysts. 
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Moreover, the gallium content in the intermetallic catalysts influences both the initial activity 

and rate of deactivation. In Pd-Ga based catalysts, the deposition of carbonaceous species is 

also found to be significant. Overall, the good performance of the Pd-Ga/SiO2 catalyst makes 

it a suitable candidate for the single-stage DME synthesis.  

 

  



148 | P a g e  
 

Chapter 6 Single-stage DME Synthesis over 

Intermetallic Catalysts and Solid Acids under 

CO2/H2 

 

6.1 Introduction 

The single-stage DME synthesis from syngas requires the combination of methanol synthesis 

and dehydration catalytic functions. For the methanol synthesis component, Cu/ZnO/Al2O3 

catalyst has been studied extensively for both methanol-only synthesis and the one-step 

syngas to DME (STD) process. Although copper based catalyst has high methanol synthesis 

activity, it suffers deactivation by thermal sintering in the presence of water, especially under 

CO2/H2 [8, 112]. Moreover, many studies have demonstrated that the close proximity of Cu 

catalyst with solid acid catalysts (both γ-Al2O3 and zeolites) can cause rapid deactivation of 

both catalysts [224-226, 233, 238]. It was revealed that the detrimental interaction between 

Cu/ZnO and solid acid catalysts involves the surface transfer of active species [224, 238]. In 

the previous chapters, both Ni-Ga and Pd-Ga based intermetallic catalysts have shown good 

activity and selectivity towards methanol synthesis under CO2/H2. In addition, their 

intermetallic nature leads to the speculation that they might be more stable against contact-

induced deactivation in the combined methanol and DME synthesis.  

Various acidic catalysts can be used for the methanol dehydration reaction. Among them, γ-

alumina (γ-Al2O3) is most investigated because of its low cost, good activity and selectivity 

towards DME synthesis [19]. However, as γ-alumina deactivates by strong adsorption of water 

[175, 179, 256], it was not considered to be a reliable methanol dehydration component for 

direct DME synthesis from CO2 [19]. On the other hand, zeolites have received increasing 

attention due to their high stability in the presence of water, good methanol dehydration activity 

and tunable properties [19]. However, they can have poor stability when used as the 
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dehydration component for STD process due to various mechanisms, i.e. coke formation 

[196], de-alumination [284] and solid-state copper exchange [238].  

As discussed in Chapter 2, it has been shown that the topology of zeolites greatly influences 

the selectivity of zeolites in MTH and STD processes [20, 284]. Many investigations has been 

focused on ZSM-5 since its medium to strong acid sites offer high methanol dehydration 

activity [19] and the medium pores prevent extensive coking without hindering the diffusion of 

the reactants and products in DME synthesis [222, 238, 285, 286]. Besides ZSM-5, ferrierite 

was shown to be very stable and selective towards DME synthesis for both methanol 

dehydration and single-stage DME synthesis owing to its unique topology [20, 200-202].  

So far, there is very limited study on the performance and compatibility of the combined 

intermetallic compounds and solid acid catalysts. In this chapter, the catalytic performance 

and stability during the single-stage DME synthesis from CO2/H2 has been studied using 

intermetallic compounds (Ni-Ga and Pd-Ga based catalysts) as the methanol synthesis 

component and zeolites (ZSM-5 and FER) as the dehydration catalyst. These two particular 

zeolites were chosen because they have similar acidity, 10-membered ring structure but 

different topology [20]. γ-Al2O3 is also used to serve as a reference material. The main focus 

is on the use of ferrierite and ZSM-5 to allow direct comparison with work on Cu/ZnO based 

catalytic mixtures. First, the characterisations of calcined γ-Al2O3 and zeolites are given. The 

performance and stability of different dehydration catalysts with NiGa(a)/SiO2 or PdGa0.5/SiO2 

in separated beds (to eliminate possible effect of close proximity) was investigated in the 

continuous stirred tank reactor (CSTR) under CO2/H2. Next, the effect of proximity between 

the methanol synthesis and dehydration catalysts was studied using physical mixtures in the 

same gradientless reactor, where all particles were exposed to the same gas composition 

regardless of their positions in the reactor. The use of physical mixtures allows the individual 

component to be recovered and characterised easily to investigate the causes of any 

deactivation. In the last section, the impact of CO in the feed on the catalytic activity, selectivity 

and stability is investigated for all physical mixtures in a tubular flow reactor.  
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6.2 Characterisation of γ-Al2O3 and zeolites 

γ-Al2O3 (Sasol), FER (55) (Zeolyst CP914) and ZSM-5 (50) (Zeolyst CBV5524G) were used 

as the solid acid catalysts. The XRD patterns for the fresh γ-Al2O3, FER (55) and ZSM-5 (50) 

are given in Figure 6.1. They are consistent with known patterns [20]. 

 
Figure 6.1, Diffraction patterns of fresh (calcined) FER (55) and ZSM-5 (50) and γ-Al2O3 

The textural and chemical properties of these commercial solid acid catalysts have been 

studied extensively in the literature. Therefore data was directly taken from the work by R. 

Montesano [17, 287]. 

Table 6.1, Nominal composition, textural and chemical properties of γ-Al2O3, FER and ZSM-

5 (data taken from Montesano’s work [17]) 

 
SBET 

(m2/g) 

Pore 

volume 

(m3/g) 

SiO2/Al2O3 

(mol/mol) 

LT NH3 

desorption 

(mmol/g) 

HT NH3 

desorption 

(mmol/g) 

Framework 

site conc.* 

(mmol/g) 

γ-Al2O3 202 0.51 - 0.016 - 

FER 

(CP914) 
308 0.124 55 0.41 0.60 0.59 

ZSM-5 

(CBV5524G) 
404 0.173 50 0.32 0.52 0.64 

* calculated from nominal SiO2/Al2O3 ratios 
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Ammonia temperature programmed desorption (NH3-TPD) of zeolites in their protonated 

forms are adapted from Montesano [20] and given in Appendix C, which shows a low 

temperature (LT) and a high temperature (HT) desorption peak. These correspond to the 

desorption of weakly bonded ammonia and desorption of NH3 from strong acid sites [288, 289] 

respectively. From the temperature of HT peak and by disregarding the possible effect of 

channel structure on the diffusion of NH3, the order of acid strength was determined as FER 

(55) > ZSM-5 (50). 

As microporous materials, both zeolites show significant adsorption at very low relative 

pressure (p/p°) in the nitrogen physisorption isotherm at 77 K (Appendix C Figure C.2). For 

ZSM-5, the isotherm corresponds to a monolayer overlapping with multilayer adsorption and 

a broad hysteresis in the mesoporous region due to inter-crystallite voids was observed. FER 

exhibits monolayer adsorption and hysteresis was only found near p/p° = 0.8. This was 

considered to come from inter-crystallite voids due to small particle size and shape, as 

confirmed by SEM image (< 0.8 μm, plates) (Appendix C Figure C.3). 

Prior to the catalyst tests, the acid catalysts were crushed to obtain desired particle size (106 

– 250 μm) and calcined in air to obtain the required H-form. The details of catalyst preparation 

can be found in Chapter 3 section 3.2.2.  

 

6.3 Performance of γ-Al2O3 and zeolites with intermetallic 

compounds for the combined methanol-DME synthesis in the CSTR 

under CO2/H2 

6.3.1 Summary of catalyst tests  

The experiments for various combination of MSC with solid acids and catalyst arrangement in 

the reactor are summarised in Table 6.2. Details of each experiment will be discussed in the 

following sections.  
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Table 6.2, Summary of catalyst tests 

Methanol synthesis 

component 

Methanol dehydration 

component 

Separated beds 
Physical 

mixture 

245 °C, 

10 bar 

270 °C, 

30 bar 

270 °C, 30 

bar 

NiGa(a)/SiO2 

-    

γ-Al2O3    

FER    

ZSM-5    

Cu/ZnO/Al2O3 

-    

γ-Al2O3    

FER    

ZSM-5    

PdGa0.5/SiO2 

FER    

ZSM-5    

 

6.3.2 NiGa(a)/SiO2 as the methanol synthesis component (MSC) 

 
Figure 6.2, Schematic of MSC and acid catalysts in separated beds in the CSTR 
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The suitability of using NiGa(a)/SiO2 as the MSC is investigated first using γ-Al2O3, FER and 

ZSM-5 as the dehydration component. To ensure that the intimate contact between catalyst 

components does not affect the measured performance, in this section, measurements were 

taken by packing catalysts in separated beds within the catalyst basket in the CSTR, as shown 

in Figure 6.2. In this arrangement, both catalytic components are exposed to the same 

gaseous composition, temperature and pressure. 

6.3.2.1 Comparison between γ-Al2O3 and zeolites at 245 °C, 10 bar (separated 

beds) 

The performance of NiGa(a)/SiO2 and commercial Cu/ZnO/Al2O3 as the methanol synthesis 

component (MSC) in combination with solid acids are studied first at 245 °C and 10 bar 

(CO2/H2), the same conditions used in the study of methanol-only synthesis in Chapter 4 to 

allow direct comparison. However, since typical syngas to DME operate at higher temperature 

(260 – 280 °C) [19], these experiments will also be repeated at higher temperature (270 °C) 

and pressure (30 bar). The results are discussed in next section (6.3.2.2). 

The conversion levels (around 0.6 – 1%, defined as the total carbon conversion to methanol 

and DME) are low because in the CSTR under CO2-rich conditions, the reverse water-gas 

shift reaction maintains relatively high concentration of CO and water in the reactor, which 

deactivate the intermetallic NiGa(a)/SiO2 catalyst according to the results in Chapter 4 section 

4.2.3. Under these reaction conditions (245 °C, 10 bar), the total methanol production rates 

(defined as total amount of methanol and the methanol converted to DME, according to 

Equation 3.11 and Equation 3.12 in Chapter 3) of the combined methanol-DME synthesis for 

γ-Al2O3 or FER are similar to the methanol-only synthesis. This is because no thermodynamic 

synergy is obtained, since the methanol synthesis reaction is far from the equilibrium [290]. 

Moreover, it has been shown by various researchers that negligible synergy effect is observed 

under CO2-rich condition due to favourable rWGS reaction producing a large amount of water 

[219, 291]. 
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The results for NiGa(a)/SiO2 and Cu/ZnO/Al2O3 are presented in Figure 6.3 (a) – (d) 

respectively. Since FER and γ-Al2O3 gave a similar product distribution, only the results for 

FER are given in Figure 6.3 (b) and (d) (γ-Al2O3 selectivity result is given in Appendix C Figure 

C.5). 

 

 
Figure 6.3, Total MeOH activity and selectivity at 245 °C, 10 bar (separated beds) 

(a) NiGa(a)/SiO2 as the MSC (b) Selectivity over NiGa(a)/SiO2+FER 

(c) Cu/ZnO/Al2O2 as the MSC (d) Selectivity over Cu/ZnO/Al2O2+FER 

The slightly higher activity observed for the methanol-only synthesis is due to the relatively 

lower water concentration in the reactor in the absence of a methanol dehydration catalyst. In 

Chapter 4 section 4.2.3.2, it was proposed that products such as CO and water caused 

deactivation of the NiGa(a)/SiO2 catalyst. Apart from the difference in activity level, the 

deactivation behaviour of the combined methanol-DME synthesis was the same as methanol-

only synthesis for both γ-alumina and FER. That is, approximately 20% of the initial activity 
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gradually declined throughout 20 hours. This suggests that the deactivation behaviour of the 

separated bed catalysts is governed by the deactivation of the MSC. 

In the reactions with solid acids, CH4, methanol, DME and CO were detected (Figure 6.3 (b)). 

Methane selectivity (3% over NiGa(a)/SiO2 + FER) is higher compared to methanol-only 

synthesis (< 0.8%) but CO production is similar. The additional CH4 could have been produced 

from the surface methoxy species on the acid catalyst, as proposed by Hutchings et al. [292]. 

In the case of commercial Cu based catalyst systems, the activity of methanol-only synthesis 

is similar to the combined methanol-DME synthesis using either γ-alumina or FER. This is due 

to the relatively good stability of Cu catalyst at low conversion level, as discussed in Chapter 

4 section 4.2.3.2.  

6.3.2.2 Comparison between γ-Al2O3 and zeolites at 270 °C, 30 bar (separated 

beds) 

Syngas-to-DME (STD) process usually takes place at a slightly higher temperature than 

methanol synthesis since the catalytic performance is greatly dependent on the reaction 

temperature. It has been previously demonstrated in the literature that a temperature range of 

250 – 300 °C gives the highest concentration of oxygenates (MeOH and DME) [293] and the 

solid acid catalysts tend to be more active at above 250 °C [16]. However, a temperature 

above 300 °C is undesirable as Cu based MSC starts to sinter at high temperature [8, 294]. 

In addition, hydrocracking reactions over acid catalysts becomes more favourable and 

thermodynamic restricts the exothermic reactions at high temperatures [293]. Since the CO2 

hydrogenation to DME results in decreased number of moles, the conversion and DME yield 

of this process are both favoured at high pressure (typically ≥ 30 bar) [19]. Therefore, the 

performance of the NiGa(a)/SiO2 + γ-alumina/FER/ZSM-5 system (separated beds) was 

studied at higher temperature and pressure (270 °C, 30 bar) to investigate the catalytic 

performance and stability of the catalysts.  
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The comparison between NiGa(a)/SiO2 alone and with γ-Al2O3, ferrierite and ZSM-5 at 270 

°C, 30 bar are presented in Figure 6.4. The conversion level achieved under these conditions 

ranges from 0.7 – 0 .9% (excluding ZSM-5). 

 
Figure 6.4, Total MeOH activity of NiGa(a)/SiO2 with various solid acids at 270 °C, 30 bar 

NiGa(a)/SiO2 appears to work well as the methanol forming catalyst with FER and γ-Al2O3 at 

higher temperature since the activity profiles are similar to that of NiGa(a)/SiO2 alone, 

suggesting that the deactivation behaviour of the separated catalysts at higher temperature 

and pressure is still governed by the deactivation of the MSC. The additional production of 

water and DME from the dehydration reaction does not seem to have significant adverse effect 

on the NiGa(a)/SiO2 catalyst.  

When FER was used as the dehydration catalyst, the methanol synthesis and dehydration 

activity is slightly higher. γ-Al2O3 appears to have a higher activity initially, but soon it declines 

by 20% to values lower than that of FER. This is likely due to the competitive adsorption of 

water on γ-Al2O3, which is known to reduce number of acid sites available for methanol 

dehydration [175, 179, 256]. At this temperature and pressure, the CH4 yield when a 

dehydration catalyst is present is similar to MSC alone, implying that CH4 is produced mainly 

from NiGa(a)/SiO2.  



157 | P a g e  
 

 

 
Figure 6.5, Product distribution of NiGa(a)/SiO2 with FER and γ-Al2O3 at 270 °C, 30 bar 

(a) MeOH (b) DME (c) CO (d) CH4 
 

Instability in ZSM-5 based catalysts 

ZSM-5 gave a completely different trend in catalytic performance, Figure 6.4. Initially in the 

first 2 hours on stream, a similar activity to FER or γ-Al2O3 was achieved. In the next 2 hours, 

the methanol synthesis and dehydration activity rapidly dropped to about 21% of the initial 

value and stayed fairly constant at this low value throughout the remainder of the run. Initially, 

DME and methanol are the main carbon products besides CO and CH4. The drop in methanol 

and DME synthesis activity is accompanied by the formation of various hydrocarbons. This 

phenomenon is well-known in methanol-to-hydrocarbon processes, where a kinetic induction 

period is often observed due to the establishment of a carbon pool within zeolites that are 

active for MTO process (such as ZSM-5). The GC profile of the product distribution at 20th 

hour can be found in Figure 6.6. Since the hydrocarbons produced over ZSM-5 have been 

widely reported in the literature, the hydrocarbons produced in this experiment were not 
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calibrated. The formation of these hydrocarbons, which are mainly paraffins and olefins, over 

ZSM-5 based DME synthesis catalyst under CO/H2 has been previously reported by 

Montesano [20]. In contrast to the fast deactivation observed, ZSM-5 in separated beds with 

Cu/ZnO/Al2O3 was reported to give stable performance under CO2/H2 [17] in an internal 

recycle Berty reactor. The reason for the good stability was considered to be a consequence 

of high water partial pressure under CO free condition, which reduces the acidity of the zeolite. 

Although the type of reactor used is different from literature in this study, the more important 

difference is that NiGa(a)/SiO2 has significantly lower total CO2 conversion (to DME and CO) 

compared to the Cu based catalyst used in literature. Consequently, the water content in the 

reactor is relatively low, which is insufficient for adequate reduction of acidity on the ZSM-5. 

At the same time, MeOH triggers ZSM-5 to produce hydrocarbons since the intersections of 

medium-size channels in the ZSM-5 provide enough space for formation and diffusion of 

entrained hydrocarbon species [20]. Therefore, the MeOH/H2O ratio is an important factor that 

influences the DME selectivity and stability of the ZSM-5 catalyst.  

 

Figure 6.6, Product distribution over NiGa(a)/SiO2 and ZSM-5 obtained from GC 

To confirm the difference in stability of ZSM-5 between current study and literature is mainly 

due to a difference in the total CO2 conversion, the same experiment was carried out with 

Cu/ZnO/Al2O3 + ZSM-5 (separated beds) in the CSTR. The performance over this catalytic 

system is shown in Figure 6.7 (a) and (b). 

MeOH 

DME 

CH4 
Ethane 

Ethylene 

Propane Butane 

Isobutane 
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Figure 6.7, Performance of Cu/ZnO/Al2O3 and ZSM-5 at 270 °C, 30 bar (separated beds) 

(a) Total MeOH production rate (b) Product distribution 

Indeed, the performance of the separated Cu based catalyst and ZSM-5 is rather stable 

throughout the run. MeOH accounts for 15% of total products, DME 10%, only trace level of 

CH4, ethane were found. No other hydrocarbon was detected. This supports the speculation 

that the instability of ZSM-5 towards methanol and DME synthesis observed in the 

NiGa(a)/SiO2 system is related to the MeOH to water ratio. In fact, when Cu/ZnO/Al2O3 was 

used, 1.7 v/v% water prevails in the reactor due to high overall conversion whereas only 0.14 

v/v% water is present when NiGa(a)/SiO2 was used as the MSC. Water has the ability to 

reduce the acidity of ZSM-5, therefore hydrocarbon formation is limited if the reaction 

environment is water-rich [17].  

6.3.2.3 Characterisation of spent catalysts from CO2/H2 runs 

To investigate how the NiGa(a)/SiO2 and acid catalysts deactivate, the individual catalysts 

were characterised by XRD, TPO and in some cases, N2 physisorption. 

The XRD diffraction patterns for both fresh (calcined) and spent γ-Al2O3 or zeolites are 

presented in Figure 6.8.  
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Figure 6.8, XRD patterns of spent catalysts 

(a) FER (b) ZSM-5 (c) γ-Al2O3 (d) Spent NiGa(a)/SiO2 with different zeolites 

For the zeolites, no obvious change in peak positions was observed. However, the intensity 

of all the peaks is significantly lower compared to the fresh zeolites. This could be caused by 

the deposition of carbonaceous materials in the pores within zeolites [17].  

For γ-Al2O3, all peaks appear to have shifted towards lower 2θ values and the major peaks 

became broader. This corresponds to a particle size increase of around 10%. In addition to 

the prevailing deactivation by the adsorption of water on the surface of γ-Al2O3, an irreversible 

deactivation mechanism has also been reported [178]. This involves the formation of surface 

boehmite (aluminium oxide hydroxide, γ-AlO(OH)) under high partial pressures of steam. 

However, there is no evidence that γ-AlO(OH) has been formed on the spent γ-Al2O3 since 

the characteristic diffraction peaks of boehmite at 2θ = 14.55° and 28.25° are not observed in 

Figure 6.8 (c). This is expected since the water partial pressure that the γ-Al2O3 catalyst 
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exposed to in the present experiments is far from the pressure (14 bar) used in the literature 

where boehmite was observed after a long exposure time [178].  

For the spent MSC component, negligible changes in peak position suggest that the 

intermetallic phase was maintained throughout the run. However, the peak at 2θ = 43.6° is 

broader in the spent NiGa(a)/SiO2. This translates to a particle size increase of 24% and 33% 

when FER and ZSM-5 are used as the solid acid. Compared to a negligible particle size 

increase in methanol-only synthesis (Chapter 4 Table 4.9), it is obvious that the additional 

water in MeOH-DME synthesis accelerates particle size growth [8].  

Table 6.3, Coke content on methanol synthesis and dehydration components 

Coke content 

Methanol synthesis 

component  

(μmol/g) 

Methanol dehydration 

component 

(μmol/g) 

Coke 

selectivity* 

(mg C/gMeOH) 

NiGa(a)/SiO2 + 

FER 
5.48 ± 0.05 4.59 ± 0.05 0.173 ± 0.009 

NiGa(a)/SiO2 + 

ZSM-5 
23.8 ± 0.2 48.9 ± 0.5 1.22 ± 0.06 

NiGa(a)/SiO2 + 

γ-Al2O3 
8.47 ± 0.08 10.3 ± 0.1 0.41 ± 0.02 

*coke selectivity is defined as total mass of coke per mass of MeOH converted (to DME, 

hydrocarbons and coke) [17] 
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Figure 6.9, TPO profiles for spent solid acid catalysts 

Coke deposition is recognised as one of the main causes of deactivation in the single-stage 

DME synthesis, especially over zeolites [196]. Due to the nature of reaction under CO free 

condition, the conversion level is low and selectivity to methanol and DME is high in most 

cases. Therefore, coke content and coke selectivity on all catalysts are low with the exception 

of NiGa(a)/SiO2 and ZSM-5 in separated beds (Table 6.3). Since significant formation of 

hydrocarbons was observed over separated NiGa(a)/SiO2 and ZSM-5, it is not surprising that 

coke deposition is most severe on these catalysts and ZSM-5 has high selectivity to coke. In 

particular, over the spent ZSM-5 catalyst the oxidation of carbonaceous species occurs 

continuously from 310 °C to 560 °C [20]. This suggests that coke ranging from lighter, more 

hydrogenated (or oxygenated) species to bulkier aromatics was formed due to the strong 

acidity of the ZSM-5 catalyst [17]. The deposition of these carbonaceous materials significantly 

reduces the active sites on both catalysts and hinders the transport of reactants and products, 

leading to the steep drop of activity [196, 238, 295].  

For the spent FER, the amount of coke on the dehydration component is comparable to that 

formed on the methanol synthesis component and coke oxidation was found at around 300 

°C (light coke). Over the spent γ-Al2O3, the amount of coke was slightly higher compared to 
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the spent FER and the coke oxidised at a slightly higher temperature (380 °C). Evidently, very 

bulky carbonaceous species were not formed over these two solid acids. Therefore, it is 

unlikely that coke formation is responsible for the deactivation in most catalytic systems but 

for ZSM-5 separated from NiGa(a)/SiO2, it is certainly a factor that contributes to the instability 

of the catalytic performance. The BET surface area of the spent NiGa(a)/SiO2 in separated 

ZSM-5 was measured to be 239 m2/g, which is only slightly lower compared to a fresh sample 

(250 m2/g). 

6.3.2.4 Study of NiGa(a)/SiO2 with solid acids in physical mixtures – effect of 

proximity 

The detrimental interactions between the methanol synthesis and dehydration functions that 

cause significant deactivation have been widely reported for physical mixtures and composite 

catalysts [224-226]. As discussed in Chapter 2 section 2.2.4, there are different opinions 

regarding the efficiency of admixed systems compared to the hybrid catalysts [19]. In both 

cases, it has been shown that the interactions between the two catalysts cause deactivation 

[224, 226, 238]. García-Trenco et al. suggested that the extent of interaction due to close 

proximity is lower in physical mixtures [238]. However, a major advantage of using physical 

mixture is the ease of separation and characterisation of individual catalyst components post 

reactions, which allows the cause of deactivation to be determined more reliably. Therefore, 

to determine the effect of close contact between NiGa(a)/SiO2 and solid acid catalysts and 

find out the cause of any deactivation, physical mixtures are used in the following section. The 

schematic of the catalyst set-up is shown in Figure 6.10. The NiGa(a)/SiO2 catalyst was ex 

situ reduced and passivated using the technique described in Chapter 4. It was then mixed 

with the dehydration catalyst in a weight ratio of 1:1 [20] before loading into the reactor. The 

resulting physical mixture was re-activated in situ under the conditions (340 °C, 5% H2/N2 for 

3 hours) for the passivated MSC to recover its activity.  
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Figure 6.10, Schematic of physical mixture of MSC with solid acids in the CSTR 

The performance of the physical mixture of NiGa(a)/SiO2 and various acid components was 

investigated at 270 °C, 30 bar, the same conditions as those used for the study of separated 

beds. The total methanol production rate for each solid acid in with different proximity is 

presented in Figure 6.11 (a) – (c). The selectivity will be discussed later. 

 

 
Figure 6.11, Comparison of the total MeOH activity between MSC + solid acid in separated 

beds and physical mixtures 

(a) NiGa(a)/SiO2 + γ-Al2O3 (b) NiGa(a)/SiO2 + FER (c) NiGa(a)/SiO2 + ZSM-5 
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There is always fast deactivation in the first 5 hours on stream, this is mainly due to the 

deactivation of the MSC by products, as discussed in the previous chapter.  

γ-Al2O3 as the solid acid component 

When γ-Al2O3 was used (Figure 6.11 (a)), it can be seen that both catalytic systems gave 

similar methanol synthesis and dehydration activity throughout the run. This suggests that the 

physical separation between NiGa(a)/SiO2 and γ-Al2O3 does not affect the reaction rates. 

However, catalysts that are separated have higher methanol and DME selectivity while the 

physical mixture produces more CO and CH4 (Figure 6.12). This observation suggests that 

the contact between NiGa(a)/SiO2 and γ-Al2O3 may have caused a slight loss of active sites 

on the MSC that are responsible for methanol synthesis (Ga-rich sites) or altered the surface 

composition of the MSC. Since the difference in selectivity requires contact time and close 

proximity, it is likely the interaction between the two catalytic functions involve surface 

transport of active species. The possible causes for this will be discussed later. 
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Figure 6.12, Comparison between the selectivity of NiGa(a)/SiO2 + γ-Al2O3 in separated 

beds and physical mixture 

(a) MeOH (b) DME (c) CO (d) CH4 

FER as the solid acid component 

From Figure 6.11 (b), it is clear that the FER packed in separated bed had consistently higher 

activity (even in the initial period) compared to physical mixture throughout the entire 

experimental run. If the deactivation in the physical mixture is due to catalyst exposure to the 

reactants, the initial activity should be similar regardless of physical separation between the 

two catalytic functions. In addition, the absence of initial deactivation period over the physical 

mixture indicates that the close contact between the two catalytic functions had already 

caused a loss of active sites on NiGa(a)/SiO2 even before catalysis. Therefore, it is highly 

likely that deactivation of the physical mixture happens in earlier stages, for example, during 

mixing or in situ reduction of catalyst mixtures. The dependence of reaction rate on catalyst 

proximity also implies that surface transport of species from one catalyst to the other [224]. 

This deactivation mechanism will be discussed in more detail in the next section. In contrast 

to γ-Al2O3, the methanol and DME selectivity are similar regardless of separation between the 

catalytic components, the results are given in Appendix C Figure C.6.  

ZSM-5 as the solid acid component 

As discussed in previous section, the separated ZSM-5 deactivates rapidly and produces a lot 

of hydrocarbons. With a physical mixture, completely different performance and selectivity 

were obtained (Figure 6.13). For convenience, the performance (total methanol production 

rate) of NiGa(a)/SiO2 + ZSM-5 (physical mixture) is reproduced from Figure 6.11 (c) and 

presented in Figure 6.13 (b). The activity trend is similar to those obtained using FER or γ-

Al2O3. This suggests that the close proximity between the two catalytic functions suppresses 

hydrocarbon formation on the ZSM-5 catalyst, making it as stable and selective as FER or γ-

Al2O3. When the two catalysts are packed in physical mixture, the surface diffusion of 
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adsorbed water or surface hydroxyl across the contact zone might be responsible for the 

reduced acidity of the ZSM-5 catalyst [296, 297].  

 
Figure 6.13, Catalytic performance NiGa(a)/SiO2 + ZSM-5 in physical mixture 

(a) Product distribution (b) Total MeOH production rate Reproduced figure from Figure 

6.11(c) 

Metal migration in spent solid acid catalysts 

To determine the cause of different catalytic performance observed, the physical mixtures 

were separated by manual inspection and the individual component was characterised.  

Various studies have demonstrated that the close proximity of catalytic functions could result 

in deactivation by the transfer of active species from one catalyst component to the other [224, 

225, 238] at the point of contact. Montesano [17] found that in physical mixture of 

Cu/ZnO/Al2O3 and γ-Al2O3, the migration of zinc-containing species to the acid catalyst is the 

most significant due to surface diffusion driven by the chemical potential gradient. Although 

the active metals in NiGa(a)/SiO2 catalyst was expected to be more structural stable due to 

strong intermetallic bonding between Ni and Ga, the possibility of active-metal migration 

cannot be ruled out since it has been reported that gallium could de-alloy from its intermetallic 

state to form Ga2O3 [13, 133, 156]. As shown in the literature, the solid-state ion exchange of 

ZSM-5 with Ga2O3 could take place upon H2 reduction [298, 299]. To determine if metal 

migration took place and was a possible cause of the dependence of activity on the catalyst 

proximity, the spent methanol dehydration catalyst particles were separated from the physical 
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mixture and analysed by ICP – OES (using HF digestion). Moreover, it was speculated that if 

metal transfer did occur, it might have happened even before the reaction took place. The 

most likely time for this to happen is during the re-activation of the physical mixture since it 

has been demonstrated that the metal transfer could be facilitated by a reductive environment 

[298, 299]. Hence, a blank ICP analysis was conducted over a mixture of NiGa(a)/SiO2 and 

FER that was re-activated, cooled down and separated without being exposed to CO2/H2 

catalysis. The results are summarised in Table 6.4.  

Table 6.4, Metal content on the recovered solid acids from NiGa(a)/SiO2 based physical 

mixtures 

Sample Ni (± 10 ppm) Ga (± 1 ppm) Ni:Ga Ratio 

Mixed & reduced FER 51 24 1.78 

Spent γ-Al2O3 26 48 0.54 

Spent FER 65 30 2.17 

Spent ZSM-5 67 34 1.97 

Clearly, transfer of both Ni and Ga occurred in all the physical mixtures. It would appear that 

most of the migration took place during the re-activation stage. For spent zeolites (FER and 

ZSM-5), the amount of metal transfer is similar and the ratio of Ni to Ga transferred is slightly 

lower than the bulk value of the MSC (2.34). This is expected because at point of contact 

between the MSC and the solid acid, the surface of NiGa(a)/SiO2 is enriched with gallium as 

shown by XPS analysis in Chapter 4 Table 4.5 and in literature [128]. However for γ-Al2O3, 

the amount of Ni found was significantly lower while more Ga appears to have migrated to γ-

Al2O3. This could explain why the selectivity to CO and CH4 increased in the physical mixture 

of NiGa(a)/SiO2 + γ-Al2O3. Evidently, the metal migration rates and mechanisms for zeolites 

and γ-Al2O3 are different, perhaps not surprising since they have different surface properties, 

surface area, particle size, etc. Ion exchange, relevant to zeolites, has been studied for various 

salts and oxides under different environment. This mechanism is driven by the imbalance of 
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charge due to isomorphous substitution of Al3+ ions in the crystalline framework of zeolites. 

Compensation must be made by extra-framework metal cations, like those from the methanol 

synthesis catalyst (i.e. Cu, Zn) [17, 226, 284]. For γ-Al2O3 based mixtures, different 

mechanisms have been proposed. García-Trenco and co-workers proposed a water-

facilitated migration of Al3+ species from solid acids [226] to the MSC, modifying the interaction 

between the components in the Cu/ZnO catalyst. Peng and co-workers suggested that it was 

the transfer of Cu and Zn to γ-Al2O3 that causes deactivation by reducing the number of active 

sites. However, Montesano [17] speculated that the close contact between the two catalytic 

functions provides a chemical potential sink for ZnOx migration, hence reduces the Cu surface 

area. Since most of the studies on metal transfer were done on Cu based catalyst, it is difficult 

to determine the exact mechanism for the transfer of intermetallic compounds to the acid 

catalysts without more detailed research.  

Further characterisation of individual components in the spent physical 

mixtures 

Since the ICP analysis of spent materials requires at least 100 mg for analysis of elements at 

ppm level. The quantification of metal transfer was a priority as it was considered to be the 

controlling mechanism for the deactivation observed in the physical mixtures. The amount of 

remaining solid acid catalysts was only enough for the next important characterisation test – 

temperature programmed oxidation. As the previously obtained characterisation results for the 

separated bed study showed no obvious change in catalyst structure after catalysis, BET and 

XRD analyses were not carried out for the solid acid recovered from the physical mixture. This 

is part of the reason that the spent MSCs from the physical mixture were not characterised, 

another reason being the inefficient recovery of the MSC from the physical mixture (recovered 

MSCs were mixed with fine solid acid particles that were impossible to remove). 

The coke content for physical mixtures are summarised in Table 6.5 below. The values for 

separated beds are included for comparison.  
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Table 6.5, Comparison of coke content on different catalyst arrangements (NiGa(a)/SiO2 as 

the MSC) 

 
Catalyst 

separation 

Methanol 

synthesis 

component 

(μmol/g) 

Methanol 

dehydration 

component 

(μmol/g) 

Coke 

selectivity 

(mg C/gMeOH) 

NiGa(a)/SiO2 + 

FER 

Physical mixture 6.54 ± 0.06 9.9 ± 0.1 0.43 ± 0.02 

Separated bed 5.48 ± 0.05 4.59 ± 0.05 0.173 ± 0.009 

NiGa(a)/SiO2 + 

ZSM-5 

Physical mixture 6.22 ± 0.06 2.94 ± 0.03 0.998 ± 0.005 

Separated bed 23.8 ± 0.02 48.9 ± 0.05 1.22 ± 0.06 

NiGa(a)/SiO2 + 

γ-Al2O3 

Physical mixture 7.05 ± 0.07 4.07 ± 0.04 0.161 ± 0.009 

Separated bed 8.47 ± 0.08 10.3 ± 0.1 0.41 ± 0.02 

As no additional formation of hydrocarbon was found over all three physical mixtures, it is 

unlikely that extent of coking would be different from separated beds. 

 
Figure 6.14, TPO profiles for spent solid acids in physical mixture 
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For ZSM-5, the observed stable performance over physical mixture was linked to a 

significantly lower amount of coke found in individual catalyst from the physical mixtures. 

Moreover, heavy coke was not found as the oxidation temperature was below 400 °C. This is 

probably due to the suppression of coking in the presence of relatively high surface water 

concentration when the MSC and ZSM-5 catalysts were in close contact, as discussed above. 

For FER based mixture (especially on FER), the amount of coke deposition is higher. This is 

consistent with the more pronounced deactivation and slightly higher CO production observed 

over the physical mixture. For both FER and γ-Al2O3, CO2 evolution temperatures are similar 

in the case of physical mixture and separated bed, suggesting that the type of coke formed is 

similar regardless of physical separation.  

6.3.3 PdGa0.5/SiO2 as the methanol synthesis component for the single-stage 

DME synthesis from CO2/H2 

6.3.3.1 Performance of PdGa0.5/SiO2 + zeolites in separated beds 

Pd-Ga based catalyst has been demonstrated to be a promising methanol synthesis catalyst 

due to its good activity and selectivity. Most of the previous works use Ga2O3 both as a support 

and the source of Ga (promoter) for the formation of Pd2Ga intermetallic phase with Pd, for 

example, Pd/Ga2O3 [264] or Ga2O3-Pd/silica [127]. Due to the acidic nature of Ga2O3, it has 

been shown that the DME is produced as a byproduct over these Pd-Ga based catalysts along 

with methanol. In the work by Oyola-Rivera and co-workers [264], the DME selectivity ranges 

from 0 to 22% depending on the type of Ga2O3 support used. Attempts to increase the 

selectivity to DME were made by the addition of niobium oxide, which increased the acidity of 

Ga2O3 support. However, there is limited literature on the use of Pd2Ga intermetallic based 

catalyst as the methanol synthesis component combined with other solid acid catalysts for the 

single-stage DME synthesis. In this section, the use of PdGa0.5/SiO2 (as prepared and tested 

in Chapter 5) as the MSC with FER and ZSM-5 is investigated and compared to NiGa(a)/SiO2. 

The reactions were run under the same temperature and pressure as before (270 °C, 30 bar, 
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CO2/H2). Separated beds are used to eliminate the effect of proximity between catalytic 

functions. 

The conversion level obtained using PdGa0.5/SiO2 is slightly higher (1.3%) than NiGa(a)/SiO2 

(0.9%) but the normalised activity of PdGa0.5/SiO2 is significantly higher due to low active metal 

content. The total MeOH production rates per mole of active metals and product distribution 

for FER and ZSM-5 are presented in Figure 6.15 and Figure 6.16. The initial conversion 

obtained over separated PdGa0.5/SiO2 + FER is 1.4% while the conversion level for separated 

PdGa0.5/SiO2 + ZSM-5 dropped from 1.2% to 0.4%. Nevertheless, the conversion obtained 

over PdGa0.5/SiO2 based catalysts is higher than NiGa(a)/SiO2. 

 
Figure 6.15, Total MeOH production rate for PdGa0.5/SiO2 + FER/ZSM-5 at 270 °C, 30 bar 

(separated bed) 
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Figure 6.16, Product distribution for PdGa0.5/SiO2 + FER at 270 °C, 30 bar (separated bed) 

In PdGa0.5/SiO2 + FER system, although water is known to have deleterious effect on the 

PdGa0.5/SiO2 catalyst [127], there was no obvious change in the deactivation behaviour or 

selectivity from methanol-only synthesis. This system showed similar trend of deactivation and 

product distribution as the NiGa(a)/SiO2 + FER system. 

Again, ZSM-5 begins to lose methanol and DME synthesis activity shortly after it was exposed 

to the reactants as hydrocarbons were formed. However, the rate of deactivation over 

PdGa0.5/SiO2 + ZSM-5 was found to be lower than NiGa(a)/SiO2 + ZSM-5 as it took nearly 15 

hours for the methanol synthesis and dehydration activity to reach a stable value. Moreover, 

the extent of deactivation was less severe (33% of the maximum activity remained at the end 

of the run). The difference in deactivation rate could be attributed to the higher total CO2 

conversion (thus higher water concentration) over PdGa0.5/SiO2. The hydrocarbons produced 

over PdGa0.5/SiO2 + ZSM-5 are the same as NiGa(a)/SiO2 + ZSM-5, the GC profile showing 

the distribution of products can be found in Appendix Figure C.7.  

6.3.3.2 Effect of proximity between PdGa0.5/SiO2 and zeolites 

As discussed previously, the majority of metal transfer from NiGa(a)/SiO2 occurs during the 

re-activation step after mixing with solid acids. Since PdGa0.5/SiO2 requires a lower re-
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activation temperature, it is likely that the extent of metal migration in a physical mixture of 

PdGa0.5/SiO2 and solid acids will be less compared to the Ni-Ga based mixtures. Hence, the 

effect of proximity between PdGa0.5/SiO2 with FER and ZSM-5 is investigated.  

Using FER as the dehydration component, the physical mixture gives slightly lower activity 

initially and after 10 hours on stream the effect of proximity becomes even less significant, as 

seen in Figure 6.17(a). Moreover, the product distribution is very similar regardless of 

separation (comparing Figure 6.16 and 6.17 (b)). This suggests that the PdGa0.5/SiO2 is more 

stable against deactivation by close proximity. The deactivation behaviour of both physical 

mixture and separated beds mainly follows that of the MSC: the activity does not stabilise in 

20 hours due to continuous deactivation of the active Pd2Ga phase by the reaction products 

(see Chapter 5 section 5.3.2) [127]. 

 
Figure 6.17, Performance comparison between separated beds and physical mixture of 

PdGa0.5/SiO2 + FER 

(a) Total MeOH activity (b) Product distribution over physical mixture 

Similar to Ni-Ga + ZSM-5 physical mixture, ZSM-5 used in physical mixture with PdGa0.5/SiO2 

shows good performance and stability (Figure 6.18).  
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Figure 6.18, Performance comparison between separated beds and physical mixture of 

PdGa0.5/SiO2 + ZSM-5 

(a) Total MeOH activity (b) Product distribution over physical mixture 

Metal transfer in PdGa0.5/SiO2 based physical mixtures 

Physical mixtures of PdGa0.5/SiO2 and zeolites were separated and the zeolites were analysed 

for the presence of MSC by ICP – OES. Results are given in Table 6.6.  

Table 6.6, Metal content on the recovered zeolites from PdGa0.5/SiO2 based physical 

mixtures 

Sample Pd (ppm) Ga (ppm) 

Spent FER < 10 < 10 

Spent ZSM-5 < 10 < 10 

In contrast to the NiGa(a)/SiO2 based mixtures, none of the PdGa0.5/SiO2 based mixtures 

showed significant metal transfer. This is consistent with the observation that there is 

negligible influence of proximity on the catalytic performance of PdGa0.5/SiO2 based mixtures. 

Evidently, metal transfer from NiGa(a)/SiO2 to the acid catalyst is the main cause of 

deactivation when the two catalysts are in close contact. The most significant difference in the 

two MSCs is the in situ re-activation condition required. For NiGa(a)/SiO2 to recover most of 

its activity from N2O passivation, a re-activation temperature of 340 °C is required. 

PdGa0.5/SiO2 only required a lower temperature of 250 °C. Therefore, the transfer of active 
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metals from intermetallic compound based MSC is dependent on the reduction temperature 

at which the physical mixture is exposed to. The higher the temperature, the more likely metals 

from MSC will migrate to the acid catalyst that is in close contact. It is also possible that 

PdGa0.5/SiO2 is more stable against metal migration due to the higher structural stability of the 

Pd2Ga intermetallic [133]. 

6.3.3.3 Characterisation of coke on spent catalysts from CO2/H2 runs 

The formation of carbonaceous species on both MSC and dehydration catalysts was 

quantified by TPO experiments. The results are summarised in the Table 6.7.  

Table 6.7, Comparison of coke content on different catalyst arrangements  

 
Catalyst 

separation 

Methanol 

synthesis 

component 

(μmol/g) 

Methanol 

dehydration 

component 

(μmol/g) 

Coke 

selectivity 

(mg C/gMeOH) 

PdGa0.5/SiO2 + 

FER 

Physical mixture 3.59 ± 0.04 3.07 ± 0.03 0.112 ± 0.006 

Separated bed 7.11 ± 0.07 6.04 ± 0.06 0.138 ± 0.007 

PdGa0.5/SiO2 + 

ZSM-5 

Physical mixture 4.07 ± 0.04 9.32 ± 0.09 0.184 ± 0.009 

Separated bed 5.41 ± 0.05 28.3 ± 0.3 0.67 ± 0.03 

 

 
Figure 6.19, TPO profiles of spent zeolites 

(a) From separated beds (b) From physical mixture 
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The coke content found on all catalysts is low, except over the separated ZSM-5. The results 

are comparable to NiGa(a)/SiO2 + zeolites, therefore coking is also not the main cause of 

deactivation for these catalytic systems except for the separated ZSM-5.  

 

6.4 Effect of CO in the PFR 

6.4.1 Performance of γ-Al2O3 and zeolites with different MSCs 

In the CSTR, the gas composition in the reactor is bound by the conversion level. As a result, 

catalysts are always exposed to relatively high concentration of products, which are shown to 

negatively impact the performance of intermetallic catalysts. In order to study the effect of CO 

in the feed gas in the presence of low water concentration, a tubular flow reactor (PFR) is used 

in which the catalysts are always exposed to gas composition similar to the feed regardless of 

their extent of deactivation. In the following section, the impact of CO in the feed is studied 

over both NiGa(a)/SiO2 and PdGa0.5/SiO2 catalyst with acid catalysts in the PFR with 

CO/CO2/H2 at 270 °C, 10 bar.  

Due to the detrimental effect of CO on both NiGa(a)/SiO2 and PdGa0.5/SiO2 catalysts, the 

conversion levels from CO/CO2/H2 are lower than those obtained under CO2/H2. Again, CO 

produced cannot be quantified due to low conversion and sensitivity of the TCD detector, 

therefore in the calculations for product distribution, CO was excluded. 

NiGa(a)/SiO2 based mixtures 

The results for NiGa(a)/SiO2 based mixtures are presented in Figure 6.20.   
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Figure 6.20, Performance of NiGa(a)/SiO2 based physical mixtures under CO/CO2/H2 

(a) Total MeOH production rate (b) Selectivity to MeOH (c) Selectivity to DME (d) Selectivity 

to CH4 

In NiGa(a)/SiO2 based mixtures, the combined catalytic performance and stability is similar to 

that of NiGa(a)/SiO2 alone under CO/CO2/H2. Initially methane was produced in large quantity 

but the production of methanol and DME gradually increased until stable methanol synthesis 

and dehydration activities were achieved. Only 0.74% (reactor effluent) ethane was found as 

the additional product other than CO, CH4, methanol and DME over FER mixture. The absence 

of higher hydrocarbon is in agreement with literature, where it was speculated that the narrow 

channels within FER provides preferential path for the diffusion of small enough reactants and 

products such as methanol, DME and ethane [20, 300]. 

Since the water concentration in the PFR is relatively low, the mixture with γ-Al2O3 performs 

best. The activity is only restricted by the low methanol synthesis rate of the MSC under 
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CO/CO2/H2. As expected for γ-Al2O3 based mixtures, methane, CO, methanol and DME are 

the main products as no hydrocarbons were detected.  

The product distribution over NiGa(a)/SiO2 + ZSM-5 physical mixtures under CO/CO2/H2 is 

shown in Figure 6.21, obtained from the GC profile at the 20th hour.  

 
Figure 6.21, Product distribution (from GC data) over NiGa(a)/SiO2 + ZSM-5 based physical 

mixtures under CO/CO2/H2 

With ZSM-5, no DME production was detected (retention time at 9.7 min). Methane, ethane 

and several other hydrocarbons were produced. Methanol was found at trace level (0.2% of 

reactor effluent), suggesting that MeOH formed was immediately converted to hydrocarbons. 

These hydrocarbons are similar to the ones produced under CO2/H2 (same retention times). 

The formation of hydrocarbon under CO-containing syngas contradicts previous result that 

hydrocarbon formation is limited over physical mixture of NiGa(a)/SiO2 (section 6.3.2.2). 

However, as the water content in this case is much lower, the observation of hydrocarbon 

activity is in agreement with previous speculation that the presence of MeOH under low water 

content causes ZSM-5 to produce hydrocarbons.  

PdGa0.5/SiO2 based mixtures 

Over PdGa0.5/SiO2 + FER (Figure 6.22), higher methanol and DME synthesis activity 

(compared to NiGa(a)/SiO2 based mixtures) was obtained. Only methane, ethane, DME and 

methanol were found as carbon products. Over PdGa0.5/SiO2 + γ-Al2O3, methane, DME and 

CH4 

Ethane 

MeOH 

Propane 

Butane 

Isobutane 
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methanol are the only products since the acid characteristic of γ-Al2O3 does not promote side 

reactions [19]. Seeing that NiGa(a)/SiO2 + ZSM-5 under CO/CO2/H2 does not produce any 

DME, PdGa0.5/SiO2 + ZSM-5 was not tested as result would be similar regardless of the type 

of MSC used (as shown in the runs conducted under CO2/H2). 

  

 
Figure 6.22, Performance of PdGa0.5/SiO2 based physical mixtures under CO/CO2/H2 

(a) Total MeOH production rate (b) Selectivity to MeOH (c) Selectivity to DME (d) Selectivity 

to CH4 

6.4.1.1 Characterisation of coke on spent catalysts 

TPO was carried out on all catalysts and it was found that the coke content was generally 

lower than those found under CO2/H2 (Table 6.8). This is expected because of the overall low 

conversion achieved under CO/CO2/H2, especially in the case of NiGa(a)/SiO2 based 

mixtures. The deactivation observed is mainly due to the low activity and poor selectivity of 

intermetallic MSC under CO-containing feed (as discussed in Chapter 4 section 4.2.4), not 

due to the deposition of carbonaceous species. Although some hydrocarbons were observed 
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over NiGa(a)/SiO2 + ZSM-5, coke formation was low. No heavy type of carbonaceous species 

was found over any solid acid catalyst under CO/CO2/H2. 

Table 6.8, Coke content on catalysts run under CO/CO2/H2 

MSC 
Solid 

acid 

Methanol 

synthesis 

component 

(μmol/g) 

Methanol 

dehydration 

component 

(μmol/g) 

Coke 

selectivity 

(mg C/gMeOH) 

NiGa(a)/SiO2 

γ-Al2O3 2.81 ± 0.03 2.26 ± 0.02 0.61 ± 0.03 

FER N/A 4.14 ± 0.04 0.69 ± 0.04 

ZSM-5 4.93 ± 0.05 2.61 ± 0.03 0.26 ± 0.01 

PdGa0.5/SiO2 

γ-Al2O3 9.7 ± 0.1 10.8 ± 0.1 0.48 ± 0.02 

FER 4.27 ± 0.04 2.28 ± 0.02 0.102 ± 0.005 

 

 

Figure 6.23, TPO profiles for spent solid acids from CO/CO2/H2 runs 

(a) With NiGa(a)/SiO2 (b) With PdGa0.5/SiO2 
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6.5 Conclusions  

The suitability of using intermetallic compounds based catalysts such as NiGa(a)/SiO2 and 

PdGa0.5/SiO2 as the methanol synthesis component in combination with a methanol 

dehydration catalyst for the single-stage DME synthesis is assessed. When the two catalytic 

functions are in separated beds, both intermetallic Ni-Ga and Pd-Ga catalysts with ferrierite 

and γ-alumina both gave good performance in terms of activity and selectivity to methanol and 

DME under CO2/H2. The deactivation behaviour of the combined catalysts is predominantly 

determined by the methanol synthesis catalyst.  

The performance of ZSM-5 based catalysts greatly depend on the water concentration during 

CO2/H2 catalysis. Under low levels of water, the formation of various hydrocarbons over ZSM-

5 causes the methanol and DME synthesis rates to deteriorate rapidly. As such, the build-up 

of carbonaceous species on the ZSM-5 also contributed to the fast deactivation of the 

catalysts. When the ZSM-5 catalyst is used in a physical mixture or with a methanol synthesis 

catalyst that has high CO2 conversion to DME and CO, hydrocarbon formation is suppressed 

due to reduced acidity of ZSM-5 by water.  

Close proximity was shown to have an effect on the reaction rate over NiGa(a)/SiO2 based 

mixtures. Surface transfer of active metals from the methanol synthesis component to the 

dehydration catalyst was involved, most of which occurred during the in situ re-activation of 

the mixture. Insignificant effect of proximity was observed in PdGa0.5/SiO2 based mixtures due 

to negligible metal transfer. The possible loss of active sites on both catalysts due to metal 

migration (which appeared to be dependent on the reduction temperature) is the main cause 

of lower activity when the two catalytic functions are in close contact.  

Under the influence of excess CO in the feed, the poor stability of the intermetallic methanol 

synthesis catalyst causes lower methanol synthesis activity and selectivity, which 

subsequently reduces the methanol dehydration activity. Owing to the topology of ferrierite, 

hydrocarbon formation over ferrierite based mixtures was found to be limited to trace levels of 
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ethane only. In contrast, DME and methanol synthesis activity over ZSM-5 based mixtures 

under CO/CO2/H2 are further deactivated due to hydrocarbon formation, as the intersecting 

channels and medium-size pores within ZSM-5 offer enough space for the formation of bulkier 

hydrocarbons.  
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Chapter 7 Conclusions  

This chapter gives a summary of the work and findings presented in earlier chapters. The 

overall significance of the research and suggestions for future work are also briefly discussed 

later in the chapter. 

7.1 Conclusions 

This work examined the performance of Ni-Ga and Pd-Ga based intermetallic catalysts for 

methanol synthesis and the single-stage DME synthesis with selected zeolites at elevated 

pressures. Due to the harsh reduction conditions (700 °C) required for the successful 

formation of active Ni-Ga intermetallic phase [13, 14], currently there is no literature on the 

performance of Ni-Ga based catalysts under industrial conditions. Therefore, an important part 

of the present work was to develop a passivation technique to allow the Ni-Ga based catalysts 

to be transferred successfully and used in high-pressure reactors. The performance of the Ni-

Ga based catalysts for CO2 hydrogenation to methanol were investigated in a fixed bed stirred 

tank reactor at elevated pressures and compared to that of a commercial Cu/ZnO/Al2O3 

catalyst. In addition, palladium promotion was studied to determine if the reducibility of the Ni-

Ga catalysts could be improved.  

For the single-stage CO2 to DME synthesis, it was aimed to find out the suitability of using Ni-

Ga and Pd-Ga catalysts as the methanol synthesis component and zeolites (ferrierite and 

ZSM-5) as the methanol dehydration component, with an emphasis on the deactivation 

behaviour and effect of proximity of the catalytic components. 

Performance of Ni-Ga/SiO2 catalysts at elevated pressures (methanol 

synthesis) 

It was shown that using surface oxidation by N2O, the activity of the Ni-Ga catalysts could be 

recovered in situ at a lower reduction temperature of 340 °C.  
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Despite the apparent promise of these catalysts suggested by Studt et al. [12] based on their 

work at atmospheric pressure, the conversion achieved by the Ni-Ga catalysts at elevated 

pressure was significantly lower than that of the conventional copper based catalyst. 

Moreover, increasing pressure did not result in significant increase in activity, suggesting that 

without further catalyst modification, Ni-Ga is best suited for low-pressure applications, while 

high-pressure operation is more suitable for Cu based catalysts or some other catalyst system. 

On the other hand, the methanol selectivity of the Ni-Ga catalysts is better due to the much 

reduced rWGS activity. It was also revealed that the reaction products, especially CO, had 

detrimental effect on the Ni-Ga catalysts due to the surface composition of the intermetallic 

phase being altered in the presence of CO. This effect was found to be reversible in the case 

of catalyst with higher Ni content. However, irreversible deactivation due to de-alloying of the 

Ni-Ga intermetallic phase was observed in the Ga-rich catalysts.  

Effect of Pd promotion on Ni-Ga  

Palladium was added to the Ni-Ga catalyst in the hope that Pd would act as a reduction 

promoter. Pd promotion did not appear to improve the formation of the Ni-Ga intermetallic 

phase at low temperature. However, a promotional effect in the catalytic activity was observed 

in the Pd promoted Ni-Ga catalyst, which is speculated to be a consequence of hydrogen 

spillover from the added palladium, since this phenomenon is widely reported in the literature 

[241, 263, 265]. The performance of the Pd promoted catalyst severely deteriorated under 

high level of CO, making it unsuitable for application under CO-rich conditions.  

Single-stage DME synthesis  

Both Ni-Ga and Pd-Ga catalysts were found to be suitable as the methanol synthesis 

component for the single-stage DME synthesis. For the methanol dehydration component, 

ferrierite and ZSM-5 were investigation since the unique unidirectional channel structure of 

FER has been shown to suppress hydrocarbon formation [20, 202, 284] and ZSM-5 has been 

reported to have stable performance under CO2/H2 [17]. In agreement with literature [17], FER 
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based catalysts gave good activity and selectivity. In contrast, the performance of Ni-Ga or 

Pd-Ga + ZSM-5 based catalysts greatly depended on the water concentration, which was not 

observed previously. Montesano et al. [17] used a much more active methanol synthesis and 

rWGS catalyst (Cu/ZnO/Al2O3), which gave a higher water concentration. Therefore, FER 

could be used with a range of methanol synthesis components to achieve good selectivity, 

while ZSM-5 can only be used in combination with a methanol synthesis catalyst component 

that has high activity for methanol synthesis/rWGS.  

Despite the hope that Ni-Ga catalysts would be more structurally stable due to covalent nature 

of metal-metal bonds, metal transfer was still observed when the catalyst was in close contact 

with the solid acid catalyst, leading to a lower catalytic activity. This phenomenon was absent 

in the Pd-Ga based catalysts. These were reduced in situ at a lower temperature, indicating 

that the metal transfer between the intermetallic compounds and the solid acid catalyst might 

be facilitated by the high-temperature reducing conditions required for catalyst re-activation. 

General comments 

The findings from present work contribute towards the understanding of Ni-Ga intermetallic 

based catalysts as the methanol synthesis catalyst for CO2 hydrogenation to methanol and 

DME. The higher sintering resistance of the Ni-Ga based catalysts in CO2-rich environment 

indicates the attraction of using these catalysts for CO2 hydrogenation with solar- or wind-

generated hydrogen, which is considered to be a promising strategy to reduce industrial 

emissions. However, several challenges still remain to be overcome before these catalysts 

can be used for industrial applications. These are mainly the susceptibility to poisoning by CO 

(one of the reaction products), Ga segregation from the active phase under reaction 

conditions, and achieving a lower reduction temperature. These challenges could be 

addressed in future improvements in catalyst design. Based on the preliminary study of Pd 

promotion made here, the addition of a reduction promoter is a promising approach and could 

be further explored and optimised. Alternatively, other intermetallic compound based catalysts 
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which have a lower re-activation temperature could be explored. These would be essential for 

such catalysts to be used in the single-stage methanol-DME synthesis to avoid long-term 

deactivation by metal transfer, especially with zeolites as the solid acid component.  

From the perspective of industrial process, due to the low conversion achieved with Ni-Ga in 

the present study, the reactor effluent would need to be recycled. However, CO would 

eventually build up in the recycle loop and would cause strong deactivation of these Ni-Ga 

intermetallic based catalysts. Therefore, without modification of the catalysts, once-through 

operation would be necessary, for example integrated with power generation [301]. However, 

such an approach is unlikely to be successful for the present Ni-Ga/SiO2 catalysts without 

significant catalyst development. 

7.2 Future work 

The identification of methanol synthesis and dehydration catalysts that have good 

performance and stability will continue to be crucial for the development of CO2 hydrogenation 

processes. Although the research work presented in this thesis gives valuable insight into the 

performance of Ni-Ga based catalysts at elevated pressure, it is clear they suffer from a range 

of problems. The followings are suggested for future work: 

• Understanding of the changes occurring during passivation of Ni-Ga catalysts using in 

situ XRD/XPS 

• Improving the passivation technique for various Ni:Ga ratios 

• Study of the underlying mechanism for the initial deactivation observed in the Ni-Ga 

based catalysts 

• Identification of the species present in the Pd promoted catalyst by in situ XRD/ XPS 

or STEM-HAADF to gain deeper understanding of the changes induced by the 

promoter atoms [302] and correlate the promotional effect with performance 
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• Investigation of other promoted catalysts in terms of promoter loading combined with 

testing the catalysts at high pressures 

• Identification and quantification of the species that are transferred between the Ni-Ga 

based catalysts and solid acid catalysts and correlate them with deactivation observed 

when the two catalytic functions are in close proximity 

• Investigating other catalysts based on intermetallic compound (such as PdZn) as the 

methanol synthesis component for the single-stage DME synthesis with zeolites, and 

evaluate the extent of metal transfer 

• Carrying out techno-economic and environmental impact assessment for CO2 

hydrogenation to methanol and DME with renewable hydrogen [303] over bimetallic 

catalysts 

• Explore the possibility of using a CO removal catalyst in the same reactor as the 

intermetallic compound based catalysts to improve the stability of these catalysts 

under CO 

• Investigate the single-stage DME synthesis with in situ water removal using sorbents 

or hydrophilic membranes [304] 

• Design the process/reactor for the single-stage DME synthesis such that low product 

concentration at the inlet zone to main high methanol synthesis activity  

• Investigate the potential of CO2 hydrogenation at low temperature to obtain high 

equilibrium methanol conversion (e.g. catalysed electrochemical CO2 reduction [305]) 
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Appendix A Experimental Procedures 

Section 3.1.1 

Calculation of recycle ratio 

The height of gas pumped by the impeller is calculated by: 

∆ℎ = 1.1 (
𝑖𝑚𝑝𝑒𝑙𝑙𝑒𝑟 𝑠𝑝𝑒𝑒𝑑

1000
)

2

 

The velocity head generated by the impeller was considered to be equal to the pressure 

head resulted from the packed bed [17]. 

The pressure drop through the packed bed was determined using the following equation by 

Leva [17] (modified): 

∆ℎ =
∆𝑝

𝜌𝑔
= [

4𝑓(1 − 𝜀)3−𝑛

𝜑3−𝑛𝜀𝑛
] (

𝐿

𝑑𝑝
) (

𝑣2

2𝑔
) 

Where the height of the bed, 𝐿, is 0.4 cm, the void fraction of the bed, 𝜀, is assumed to be 

0.4 with a shape factor 𝜑 equal to 1 (for spherical particles). The friction factor, 𝑓, and the 

exponent, 𝑛, are set to 1 (turbulent flow) [17]. 

Problem with the design of CSTR 

With frequent use of the CSTR, the bearing inside the catalyst basket eventually wore out and 

the impeller was gradually bent. This caused the catalyst basket to move around at high 

speed, which eventually damaged the inert reactor surface (Figure A.1). During this period, 

unusual high methane production was observed over NiGa(a)/SiO2 under typical reaction 

conditions (245 °C, 10 bar, CO2/H2).  
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Figure A.1, Damaged reactor vessel (inside) 

A series of blank experiments was carried out to find the source of methane production. It was 

found that when the catalyst basket was rattling inside the reactor, the methanation reaction 

took place even in the absence of any catalyst (Figure A.2).  

 

Figure A.2, CH4 concentration over time in a blank experiment (conditions: 245 °C, 10 bar, 

CO2/H2) 

In the presence of the NiGa(a)/SiO2 catalyst, methanation reaction became the dominant 

reaction over time and methanol synthesis deteriorated (Figure A.3). It was speculated that 

the metals underneath the reactor surface was exposed by the scratching effect of rattling 

basket, which then catalysed methanation reaction. Clearly, in the CO2 hydrogenation reaction 

over NiGa(a)/SiO2 when the reactor was damaged, the additional CH4 produced by the reactor 

surface also deactivated NiGa(a)/SiO2 catalyst. Therefore, to ensure inertness of the reaction 

environment, the bearing within the basket was replaced, impeller was secured and a Teflon 

disc was placed between the basket and reactor bottom to prevent scratching.  
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Figure A.3, MeOH production rate measured in the damaged reactor (conditions: 245 °C, 10 

bar, CO2/H2) 

Section 3.2.1.1 – Effect of reduction conditions 

Owing to the large CSTR volume (300 mL), it was necessary to load more catalyst into the 

reactor to obtain a more accurate measure of the catalytic activity. However, the quartz tube 

used in the TPR was only able to produce around 150mg reduced and passivated catalyst. A 

half-inch wide stainless steel tube was used initially. The feed gas flowrate and heating rate 

and the furnace temperature were varied to obtain the required reduction temperature inside 

the reactor. It was found that a heating rate of 7 °C/min and gas flowrate of 350 mL/min and a 

furnace temperature setting of 710 °C gave the most suitable reduction conditions. Therefore, 

a trial reduction of NiGa(a)/SiO2 precursor was carried out with this combination of settings 

and the catalysts were passivated using the method described in Chapter 4. In order to 

determine if the correct material was obtained, the resulting catalyst was characterised by 

XRD and compared to earlier catalyst that was reduced in the quartz tube. 
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Figure A.4, XRD pattern for catalysts reduced in different reactors 

Although the peak position of the major peaks is the same in both catalysts, the peak 

intensities are low in the steel tube-reduced sample. Since no other crystalline species are 

found in the sample, the difference in the diffraction patterns could be due to the incomplete 

formation of Ni-Ga alloy. In order to compare the catalytic performance of both samples, after 

the catalyst was re-activated in the CSTR, runs with CO2/H2 was conducted at 245 °C, 10 bar 

and 110 mL/min. Results are given in Table A.1.  

Table A.1, Catalytic performance of NiGa(a)/SiO2 catalyst reduced in different reactors 

Reactor 

material 

Furnace 

temperature/actual 

temperature (°C) 

Methanol 

production rate 

(mol MeOH/mol 

[Ni+Ga]*hr) 

MeOH:CH4 

ratio 

Selectivity 

to CO 

(%) 

Stainless 
steel 

710/699 0.36 6.12 35 

Quartz 710/698 0.53 105 26 

As expected, poor methanol synthesis activity and selectivity was observed in the catalyst 

reduced in the steel tube. The high methane production suggests that the alloying between Ni 

and Ga is incomplete, making the catalyst to behave as metallic nickel. The catalyst reduced 

in quartz tube was significantly more active and selective towards methanol synthesis, which 
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is due to more successful formation of active alloy phase as shown in the diffraction pattern. 

These results imply that the material of the reactor can affect the formation of the Ni-Ga 

intermetallic phase. While quart is considered to be inert material, steel usually contains other 

elements, it is possible that foreign metals interacted with Ni and Ga at high temperature and 

impeded the formation of Ni-Ga alloy. So far, published work on the Ni-Ga catalysts were 

conducted in quartz reactors under atmospheric pressure, therefore the influence of reactor 

composition on the Ni-Ga catalysts has not been reported. However, similar phenomenon was 

also observed by I. Sharafutdinov, who examined different types of support for the Ni-Ga 

based catalysts [13]. It was speculated that the poor catalytic activity of Ni-Ga supported on 

support other than SiO2 could be due to incomplete formation of Ni-Ga alloy. Regrettably, the 

author did not carry out further investigation to elucidate the cause. 

From this investigation, it can be said that the material of the reduction equipment is essential 

for the Ni-Ga intermetallic phase to be formed correctly. Therefore, a quartz tube with larger 

volume was designed and used to carry out all subsequent catalyst reduction. 

Section 3.2.2 – Mass transfer effect (internal mass transfer limitation)  

Table A.2, Effect of particle size on the methanol synthesis and dehydration rates over 

physical mixtures of HiFuel R120 and γ-Al2O3 in an internal recycle Berty reactor* (results 

reproduced from R. Montesano’s work [17]) 

Methanol synthesis catalyst 

Particle size (µm) 4125 250 – 500 106 – 250 

mmol [MeOH]/g*hr 14.9 17.1 17.0 

NW-P 0.108 0.002 0.0004 

Methanol dehydration catalyst 
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Particle size (µm) 3000 250 – 500 106 – 250 

mmol [DME]/g*hr 3.5 4.2 4.3 

NW-P 1.006 0.033 0.0086 

*conditions: 260 °C, 50 bar, 24.7%CO2/1.2%Ar/H2, 1500 rpm 

Section 3.2.4 – Product analysis (response factors by GC calibration)  

Table A.3, Response factor for each substance detected in the GC 

 

Response factor 

RFFID  (×105) RFTCD  (×104) 

CH4 5.82 - 

Methanol 4.24 - 

DME 8.10 - 

Ar - 5.28 

CO - 4.99 

CO2 - 6.11 

 

Error analysis 

The standard deviation of the response factor for each substance in Table A.3 was 

calculated using the following equation: 

𝜎𝑅𝐹
2 =

𝑅𝐹2

𝑛
− 𝑅𝐹̅̅ ̅̅ 2 
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where 𝜎𝑅𝐹 is the standard deviation and n is the total number of response factors  

(number of calibrations done) and 𝑅𝐹̅̅ ̅̅  is the average response factor.  

Error in the calculated variables was estimated using:  

∆𝑎 = 𝑎 × ∑ (
∆𝑏

𝑏
) 

where ∆  refers to the error in the variable, 𝑎  is the conversion/MeOH 

rate/selectivity and 𝑏 is the variable(s) used for the calculation of 𝑎. 

Section 3.3 Thermodynamic analysis of methanol synthesis process 

Table A.4, Values of ∆𝐻𝑟,𝑖
⊖ and ∆𝐺𝑖,298𝐾

∘  used in the calculation are taken from the book by M. 

V. Twigg [53] 

Reaction ∆𝑯𝒓
⊖ (kJ/mol) ∆𝑮𝟐𝟗𝟖𝑲

∘  (kJ/mol) 

𝑪𝑶 + 𝟐𝑯𝟐 → 𝑪𝑯𝟑𝑶𝑯 -91 -25.31 

𝑪𝑶𝟐 + 𝟑𝑯𝟐 → 𝑪𝑯𝟑𝑶𝑯 + 𝑯𝟐𝑶 -49.5 3.3 

𝑪𝑶 + 𝑯𝟐𝑶 → 𝑪𝑶𝟐 + 𝑯𝟐 -41.2 -28.6 
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Appendix B CO2 Hydrogenation to Methanol 

over Ni-Ga Based Catalyst at Elevated 

Pressures 

Section 4.2.2.2 – Protection by liquid 

 

Figure B.1, Diffration patterns for the Ni-Ga catalysts using different passivation technique    

Section 4.2.2.3 – Characterisation of Cu/ZnO/Al2O3 catalyst 

 

Figure B.2, Diffraction pattern of reduced-passivated Cu/ZnO/Al2O3 catalyst 
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Table B.1, Chemical and textural properties of Cu/ZnO/Al2O3 catalyst 

 

Graphite free composition* (wt%) 
BET surface area  

(± 1 m2/g) 
CuO ZnO Al2O3 

Nominal 50.5 30.8 18.7 

72 
Calculated from 
ICP-OES result 49.3 29.4 16.9 

*results reproduced from R. Montesano’s work [17] 

Section 4.2.3.2  

Isotherms of Ni-Ga based catalysts 

 

 

Figure B.3, Isotherms (a) SiO2 (b) NiGa(b)/SiO2 (c) NiGa(a)/SiO2 
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XPS spectra of Ga 3d 

 

Figure B.4, XPS spectra of Ga 3d (a) NiGa(a)/SiO2 (b) NiGa(b)/SiO2 

Section 4.2.3 – (additional work) – Long term stability of Ni-Ga catalyst 

(pressure cycle) 

Previously the NiGa(a)/SiO2 catalyst was found to show only initial deactivation in the 20-hour 

experiment. In order to study the long-term stability of the NiGa(a)/SiO2 catalyst and compare 

to that of the conventional Cu/ZnO/Al2O3 catalyst, an 80-hour pressure cycle experiment was 

conducted over each catalyst. Each experiment consisted of four consecutive 20-hour runs at 

10, 20, 30 and 10 bar (245 °C). NiGa(a)/SiO2 catalyst was regenerated at 350 °C for 2 hours 

at the end of the pressure cycle and the activity was measured again at 10 bar. The measured 

conversion and selectivity of both catalysts can be found in Figure B.5.  

 

(a) 
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Figure B.5, Catalytic performance (MeOH production rate) in pressure cycle experiment 

(a) NiGa(a)/SiO2 (b) Cu/ZnO/Al2O3 

As discussed in Chapter 4, the measured methanol synthesis rate over NiGa(a)/SiO2 catalyst 

was always lower compared to Cu catalyst, the difference in activity became more significant 

as reaction pressure increased from 10 bar to 30 bar due to the difference in pressure 

dependence of the two catalysts.  

For NiGa(a)/SiO2 catalyst, as the pressure decreased from 30 bar back to 10 bar, the activity 

was clearly lower compared to the results obtained in the initial 10 bar reaction. In fact, the 

activity now was only 68% of the steady state value measured in the initial 10 bar run. Even 

after the catalyst regeneration, the highest activity at the same pressure (10 bar) was 83% of 

the maximum value for the fresh catalyst. This indicates that the catalyst experienced 

deactivation throughout the pressure cycle and some deactivation was irreversible.  

Cu/ZnO/Al2O3 deactivated more gradually throughout the experiment. The methanol 

selectivity increased with pressure as expected. When the pressure was returned to 10 bar, 

the activity dropped to 75% of the initial value. This is due to the gradual agglomeration of Cu 

particles in the presence of water as well as the deposition of coke, as discussed in Chapter 

4. 

(b) 
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The selectivity of both catalysts throughout the pressure cycle is shown in Figure B.6.  

 

 

Figure B.6, Selectivity for both catalysts in pressure cycle 

(a) NiGa(a)/SiO2 (b) Cu/ZnO/Al2O3 

 

For both catalysts, the reactions with CO2/H2 produced only CH4, CO, MeOH as C-containing 

products, no hydrocarbons were detected. In the case of NiGa(a)/SiO2, the selectivity to 

methanol gradually declined as CO and methane production increased. Once the pressure 

was returned to 10 bar, the methane level becomes negligible again but CO level was 

increased further. After the regeneration treatment, selectivity was not restored.  

The facts that both the MeOH activity and selectivity dropped throughout the experiment and 

the regeneration process did not have significant effect suggest that the catalyst suffered 

(a) 

(b) 
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irreversible deactivation. As discussed in Chapter 4, the Ga-containing intermetallic 

compounds are prone to the decomposition of active phase and Ga segregation [13, 133, 

156]. Although NiGa(a)/SiO2 has intermediate Ga content (5.11 wt%), de-alloy of the Ni-Ga 

phase to more Ni-rich phase could still occur, which is evidenced by the increase in CO and 

methane production throughout the experiment. However, the change in intermetallic phase 

in the case of NiGa(a)/SiO2 catalyst is difficult to detect (no change in the diffraction pattern 

was observed). 

As expected, Cu/ZnO/Al2O3 is a good rWGS catalyst under low-pressure CO2/H2. CO is the 

main product, which accounts for 66%, methanol 34% and no methane was detected. At 

higher pressure (e.g. 30 bar), selectivity to methanol increased to 51%. Returning the pressure 

to 10 bar the selectivity to methanol decreased to 30% due to the deactivation of Cu catalyst 

during the prolonged exposure to high water level.  

Section 4.2.3.3 – (additional work) – Methanol synthesis at elevated 

pressures in the PFR  

In addition to the CSTR, a tubular packed bed flow reactor was also used to test catalytic 

performance. As discussed in Chapter 4 section 4.2.3.1, due to the nature of the CSTR, it is 

often difficult to achieve intermediate or high conversion. In the PFR, high conversion per unit 

mass can be more easily obtained. This is particularly useful for the Ni-Ga based catalysts 

that deactivates significantly in the presence of reaction products. In this section, only 

NiGa(a)/SiO2 was studied as it was shown to be more stable against de-alloying than 

NiGa(b)/SiO2. 

Methanol synthesis with CO2/H2 (PFR) 

Experiment was carried out in the PFR at 245 °C at 10 bar with 110 mL/min STP CO2/H2. The 

same mass (0.3 g) of NiGa(a)/SiO2 was used to measure its catalytic performance. The 

measured activity and selectivity are presented in Figure B.7. 
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Figure B.7, Catalytic performance (MeOH production rate) over NiGa(a)/SiO2 in the PFR 

The deactivation behaviour in the PFR is similar to that in the CSTR (both at a rate of 20% 

drop in the first 10 hours on stream). During the PFR experiment, the rig was required to shut 

down overnight after 10 hours on stream and the experiment was resumed the next day. To 

shutdown, the reactor was flushed with nitrogen for a period of time and the reactor was 

pressurised with pure N2 overnight. Therefore there was a sudden increase in activity at 10th 

hour due to the removal of adsorbed molecules such as CO, which is proven to cause a loss 

of activity. The maximum initial activity on the second day is about 95% of the maximum initial 

activity on the first day, suggesting that the removal of adsorbed substances alone did not 

completely regenerate the catalyst. This result again shows that the catalyst mainly 

deactivates by the reversible adsorption of CO and maybe water. Therefore, regeneration with 

H2 not only re-exposes the active sites by desorption but also reconstructs the catalyst 

structure and/or removes coke deposition [12]. 

In the PFR reaction, methanol, CO and methane accounts for 56%, 43% and 1% of the total 

water-free products. Slightly lower MeOH selectivity supports the postulation in the literature 

that there exists Ni-rich sites which are responsible for methanation and rWGS reactions until 

they are self-poisoned by CO [12].  
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Effect of catalyst mass on the catalytic performance (PFR)  

Due to the unsuccessful attempt to increase the conversion in the CSTR (Chapter 4 section 

4.2.3.2), mass of catalyst was doubled and the flowrate was reduced to 40 mL/min STP 

(GHSV 1280 h-1) in order to achieve an even higher conversion. The MeOH conversion is 

shown in Figure B.8 (a). Although the conversion has increased to a maximum of 1.6% which 

is close to the thermodynamic equilibrium value of 1.9% at 10 bar, the production rate of 

methanol per unit amount of active metals is actually lower than that obtained at low 

conversions (0.40 versus 0.55 mol [MeOH]/[mol [Ni+Ga]*hr respectively at steady state). In 

addition, the rate of deactivation is much faster at high conversion during the first 5 hours on 

stream (Figure B.9). At the end of the experiment, the catalyst only has 63% of the original 

activity whereas at low conversion, nearly 80% of the initial activity remains.  

At high conversion, selectivity to methanol is lower due to more rWGS and methanation 

activity. DME is also found to be present at a level of 2% as a result of methanol dehydration 

on the acid sites of gallium oxide [175, 256]. These results again confirm that the Ni-Ga/SiO2 

catalysts are not suitable for high-conversion applications due to strong deactivation. 
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Figure B.8, Catalytic performance of NiGa(a)/SiO2 at high conversion 

(a) MeOH conversion (b) MeOH selectivity (c) CO selectivity (d) CH4 selectivity 

 

Figure B.9, Normalised MeOH activity at high and low conversions 

Section 4.2.3.4 – Characterisation of spent Cu/ZnO/Al2O3 

 

Figure B.10, XRD pattern of spent Cu/ZnO/Al2O3 
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Section 4.2.3.4 – Determination of desorption of CO2 in TPO 

experiments 

The TPO profile of the Ni-Ga based catalysts (Figure 4.16) showed a low-temperature CO2 

evolution peak as well a high-temperature one. To confirm whether both peaks come from 

coke oxidation, a TPO was carried out with a freshly passivated and re-activated NiGa(a)/SiO2 

sample that was exposed to CO2/H2 at room temperature. It was found that the peak at 260 

°C comes from CO2 adsorption when the catalyst was exposed to the reaction gas. This peak 

is equivalent to 1.5 μmol CO2 per gram being adsorbed by the fresh catalyst, which is small 

compared to the peaks observed in the spent catalysts. 

 

Figure B.11, TPO profile of catalyst exposed to CO2/H2 gas mixture without catalysis 
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Appendix C Single-stage DME Synthesis 

over Intermetallic Catalysts and Solid Acids 

under CO2/H2 

Section 6.2 – Characterisation of zeolites 

 

Figure C.1, NH3-TPD profiles of fresh zeolites. Adsorption at 110 °C, heating rate 10 °C/min. 

Figure taken from the work by R. Montesano [17] 

 

  

Figure C.2, N2 adsorption and desorption isotherm at 77 K 

(a) ZSM-5 (b) FER (Figure taken from the work by R. Montesano [17]) 

 

 

(a) (b) 
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Figure C.3, SEM images of (a) ZSM-5 (b) FER (Figure taken from the work by R. 

Montesano [17]) 

Section 6.3 – Confirmation of methanol and DME production in the GC 

trace 

To confirm the products obtained over Ni-Ga/SiO2 + solid acid (excluding ZSM-5) catalyst are 

indeed methanol and DME, the GC trace from the run over Cu/ZnO/Al2O3 + γ-Al2O3 is given 

as a reference.  

 

Figure C.4, GC trace from Cu/ZnO/Al2O3 + γ-Al2O3 experiment 

 

 

 

 

 

 

a b 
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Section 6.3.1.1 – Selectivity over NiGa(a)/SiO2 + γ-Al2O3 (separated 

bed) 

 

Figure C.5, Product distribution over NiGa(a)/SiO2 + γ-Al2O3 in separated beds at 245 °C, 10 

bar 

Section 6.3.1.4 Effect of proximity on the selectivity over NiGa(a)/SiO2 

+ FER  
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Figure C.6, Selectivity of NiGa(a)/SiO2 + FER in physical mixtures and separated bed at 270 

°C, 30 bar 

(a) MeOH (b) DME (c) CO (d) CH4 

Section 6.3.2.1 – Selectivity of PdGa0.5/SiO2 + ZSM-5 (separated bed) 

 

Figure C.7, GC trace given by the reaction over PdGa0.5/SiO2 + ZSM-5 in separated bed at 

270 °C, 30 bar 
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