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Abstract

In this thesis the use of foamed iron (III) oxide catalysts for the production of liquid fuels from a carbon
dioxide rich bio-syngas via the Fischer-Tropsch process is evaluated. Unsupported Fe>O; catalysts
promoted with Cu and K are generated using both a co-precipitation and a foaming sol-gel process
before being characterised to study the effect of synthesis conditions on physical properties.
Experiments were then performed in a purpose-built fixed bed reactor to assess the catalyst performance
under industrial Fischer-Tropsch conditions. The co-precipitated catalysts, both unpromoted and
promoted, were shown to have activity in the Fisher-Tropsch reaction. Promotion increased the rate of
conversion of syngas to hydrocarbons and increased production of longer chain lengths.
In contrast, the unpromoted foamed catalysts exhibited little Fischer-Tropsch activity. However, high
levels of inherent activity are achieved once promoted. All the promoted foamed catalysts produced a
comparable product range, with similar Anderson-Schulz-Flory distributions being seen. However
overall rates of conversion CO and H; to hydrocarbons varied within the promoted foamed catalyst
group. Higher calcination temperatures resulted in a dramatic loss of microporous surface area and
hence lower overall hydrocarbon production rates as active surface sites were lost. Production rates
over foamed catalyst pellets in excess of 300um diameter suffered from the introduction of mass transfer

limitations, thus reducing the rate.

In addition, a new dynamic model of the Fischer-Tropsch reaction was developed, accounting for
variable temperature-dependant gas density and the reduction in gas velocity as the reaction proceeds.
This was used to investigate the dynamic thermal response of the reactor to changes in inlet conditions,
demonstrating the exaggeration of thermal responses generated when reaction contraction is accounted
for. The phenomenon of wrong way behaviour over a fixed bed is also reviewed for loss of feed heating

and reduced feed flow cases.
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1 Introduction

1.1 Climate Change and Global Warming

The role of the atmosphere in warming the earth was first discovered by Joseph Fourier in the 1820s
when he calculated that the earth’s temperature, if solely heated by solar radiation, would be below
freezing. Referring to an experiment by de Saussure, Fourier concluded that the atmosphere must be
acting as sheets of glass, trapping heat at the earth’s surface!, and later giving rise to the term greenhouse

effect.

Since these early days much has been discovered about the greenhouse effect, with the subject coming
under particular scrutiny after observations of increasing global temperatures since the mid-20" century.
The Intergovernmental Panel on Climate Change (IPCC) stated in their 2014 Synthesis Report that it is
extremely likely that human activity is the dominant cause of the period of global warming currently
occurring, with major contributors being greenhouse gas (GHG) emissions such as carbon dioxide
(CO,) and methane (CH4) as well as changes in land use’>. The IPCC 2018 special report Global
Warming of 1.5 °C further stated that ‘global warming is likely to reach 1.5 °C between 2030 and 2052

if it continues to increase at the current rate’>.

Annual anthropogenic CO, emissions have increased from below 3 GtCOyr! in 1850 to
36.2 (+2) GtCOyyr™! in 2017, as shown in Figure 1.1, with emissions rising at approximately 1%yr! 4.
Current atmospheric concentrations of CO; and other GHGs are substantially higher than at any time
in the last 800,000 years, with levels of CO, in the atmosphere increasing from 280-450ppm over the

period 1750-2011. Half of all cumulative emissions have taken place in the final 40 years of this period?.

Global anthropogenic CO, emissions Cumulative CO,
Quantitative information of CH, and N,0 emission time series from 1850 to 1970 is limited emissions
40 T T T T T T T T T T T T T T T T T
35 I Fossil fuels, cement and flaring 4 2000 -
Forestry and other land use i
1500
S & 1000
g -
b 500
- oL 1 1
1750 1750
Year - -
1970 2011

Figure 1.1: Annual global anthropogenic CO: emissions in gigatonnes of CO: equivalent per year.
Cumulative emissions and uncertainties, shown as bars and whiskers, are given on the right. Reprinted from the IPCC 2014
Synthesis Report, figure 1.5%, copyright (2014), with permission from IPCC.
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These increased levels of GHGs in the atmosphere have very likely been the cause of the mean global
temperature rise of 0.8-1.2 °C above pre-industrial levels. If current trends continue, the temperature
will rise another 3.7-4.8 °C by 2100%. The generally accepted limit of 2 °C rise above pre-industrial
temperatures was formalised in the Copenhagen Accord in 2009, with mean temperatures above this
constituting catastrophic interference with the climate. The Paris Accord went a step further in 2015

by agreeing to aim for a 1.5 °C limit to reduce the magnitude of consequences of global warming.

Levels of global warming beyond this 2 °C ‘safe limit’ will have severe and lasting impacts on human
life and the environment. Shrinking of glaciers and icecaps are already evident, raising the sea level
and risk of flooding. This threatens those living in low-lying areas, approximately one-sixth of the
current world population®. The rise in mean sea level will result in the salination of groundwater and
underground reservoirs in coastal areas, stressing water security. Increased temperatures and sea levels
will cause loss of arable land, combined with water shortages resulting in global food production ability
being seriously reduced. Extreme weather and climatic events such as record temperatures,
precipitation and sea levels have already been recorded and are likely to increase in frequency and
severity. Itis predicted that with a2 °C rise 15-40% of species also face extinction due to loss of habitat
and ocean acidification. Vector borne infectious diseases could increase as favourable tropical

conditions spread®.

All the above will increase human mortality rates through malnutrition, drought, disease, extreme
weather events and mass migration. The effects of global warming will hit hardest those least able to
adapt to this new world, the poorest communities, who to date have had little culpability for the

anthropogenic emissions causing these changes.

1.2 Greenhouse Gas Emissions

In 2018 83% of global GHG emissions were due to the burning of fossil fuels, as shown in Figure 1.2.

These fossil fuels are burnt to meet primary energy demand.
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Figure 1.2: 2018 CO; emissions by sector. Generated from data by the Global Carbon Project’.

Primary energy consumption has increased globally year on year by an average of 1.9% to a current
high of 13865 million tonnes of oil equivalent (toe) in 2018, but the methods of production remain
largely the same as in 1951. As cheap fuels with high energy densities, fossil fuels currently produce
86% of global energy demand. Despite an increase in renewable energy produced, carbon emissions
from energy production increased by 2.0% in 2018, the largest increase in the previous seven years®.
With the world’s population predicted to hit 8.8 billion in 2035 the global primary energy demand is
predicted to increase by an additional 34%°. In order to limit the mean temperature rise to 2 °C or
lower, the IPCC has calculated that the total carbon budget remaining from 2018 onwards is
1170 GtCOz. In the two years since the study was published, 85 GtCO; of this budget has already been

emitted®, meaning dramatic and fast acting changes to reduce GHG emissions are required.

1.2.1  Transportation Fuels

In 2017 25% of the EU’s total greenhouse gas emissions were due to transportation, defined for this
purpose as road, rail, air and sea'®. As a sector, transport is over 90% dependent on oil to produce its
fuel'!. The advent of the private car during the early 20" century has rapidly expanded the number of
petrol or diesel powered vehicles on the road globally, with cars and trucks now accounting for

approximately 75% of total transport CO, emissions'2.

As part of the EU’s Renewable Energy Directive, the UK has set specific measures to reduce the GHG
intensity of the transport sector by 6%. Furthermore, as a UN member state, the UK is legally bound to
meet, or surpass, a target of 10% usage of transport fuels from renewable sources in the transport sector

by 2020,

However, there are currently two significant barriers to meeting these targets: 1) the UK’s transport
sector currently only gets around 4.4% of fuels from renewable sources and ii) there is a 7% cap on the

use of first generation biofuels, from crops grown on agricultural land, to preserve the sustainability of
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arable land and to ensure the impact on staple food prices is minimised'?. This means that non-food
derived biofuels must be developed to surpass the 10% target, such as lignocellulosic biomass or other
unwanted, organic waste. Furthermore, commercial fuel manufacturers in the EU are currently limited
to an allowable fatty acid methyl ester (FAME) biofuel content of 7% (biodiesel) or 10% (bioethanol)

by volume, in order to ensure fuel is compatible with current road stock'>.

In order to meet the 2020 limits either enough vehicles must be replaced with renewable fuelled
counterparts such as batteries, modified to run on higher portions of biofuels, or the biofuels themselves
must be improved so they are compatible with existing stock. Since there are currently more than 37
million vehicles on UK roads alone'*, it is not feasible to replace or retrofit even a small proportion of
these to be electric or to run on high fractions of biofuel, by the end of 2020. Therefore, the fuel itself

must be produced that can allow a 10% or higher content of renewable sources in existing vehicles.

One way of increasing the biofuel content of conventionally available fuels is to create synthetic fuels,
or synfuels, from biomass. This bypasses the FAME limit of 7% since synfuels are chemically very
similar to their mineral counterparts and do not pose the same problems when used with internal

combustion engines.

Since the biomass for synfuels production is first thermochemically treated before undergoing
conversion to synfuels, a wider variety of biomass feedstocks can be used. Many second and third
generation biomass sources that don’t compete with foodstuffs or would otherwise be wasted, such as
stalks from food crops or wood shavings, are suitable for synfuels production. This reduces the pressure

on first generation biofuels as well as improving efficiency of land use.

Several conversion methods for generating liquid fuels from biomass exist, these broadly fall into two
categories. Firstly gas-to-liquids (GTL), where the feed is gasified to generate syngas, a mix of H, and
CO, before conversion, and secondly processes utilising bio-oils generated naturally or via pyrolysis.
These processes generating synfuels through indirect conversion of biomass to syngas or bio-oils are
commonly referred to as biomass-to-liquids (BTL) processes. Of these conversion routes, the
generation of liquid fuels from fossil fuel derived syngas via the Fischer-Tropsch (FT) reaction is an
existing, well tested process that produces clean burning synfuels with low levels of sulphur and other
impurities.  Creating synfuels through the BTL via FT route could mean that existing
coal-to-liquids (CTL) facilities could be converted to run on biomass feeds with minor alterations in
catalyst type and operating conditions allowing for the higher CO, content common in bio-syngas. The
existing operational knowledge combined with the reduction in capital input and construction time

required therefore could make this route more attractive to commercial enterprises.
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1.3 Aims and Objectives of the Project

Although interest in BTL has grown in the past decade the uptake of BTL processes in industry has
been slow and the biofuel content of conventional petrol and diesel mixes remains similar both in
volume and source of the biomass feedstock. Existing commercial synfuel production facilities, such
as those operated by Sasol and Shell, focus on fossil fuel feedstocks of coal and natural gas. Smaller
investigative scale plants that do use biomass or waste as feed are generally not yet economically
competitive with traditional mineral fuel, with several (GreenSky, Ajos BTL, Green Biologics) having

shut down in the last five years, citing lack of funding and, or governmental support.

This project aims to evaluate low cost catalysts designed for use with high CO, content syngas feeds
for the industrial production of biodiesel suitable for use in existing internal combustion engines via the

FT process. The following objectives have been specified:

e Develop an automated continuous flow reactor suitable for the assessment of FT catalyst
kinetics and product distribution.

o Synthesis and characterisation of a reference catalyst from literature, and its testing in the
continuous flow reactor.

e Development, characterisation and testing of a novel foamed iron catalyst.

e Modelling of the FT reaction to predict reactor responses to dynamic conditions.

1.4 Structure of the Thesis

This thesis consists of 8 chapters, covering the following content:

Chapter 1 gives an introduction to the topic, describing the issues involved with the increased use of
fossil fuels to meet transport demand. It discusses the potential of using BTL technology, producing

synfuels as a low carbon fuel alternative.

Chapter 2 provides a technical introduction to BTL and FT, reviewing existing technology, products
and feedstocks. Within this chapter the reactor type and product range that will be used in the remainder

of this research are considered and chosen.

Chapter 3 introduces the experimental section, beginning with the design of the reactor and other
equipment required. Experimental safety is deliberated and the layers of protection analysis (LOPA)
performed is reviewed to ensure risks are as low as reasonably practicable (ALARP). The

commissioning and testing of the experimental rig are then presented and the operation summarised.

Chapter 4 discusses the properties and synthesis of FT catalysts. Desirable properties of the catalyst
are detailed, and various active materials reviewed for suitability. The reaction conditions and potential

deactivation routes are considered for each catalyst. Common production methods are then evaluated
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before a choice of catalysts and synthesis schemes are chosen for both a reference catalyst, taken from

literature, and novel catalysts to be investigated.

Chapter 5 documents the results of the catalyst characterisation, looking into crystalline phase

composition, surface area and pore distribution for each of the catalysts synthesised.

Chapter 6 examines the performance of the reference and novel catalysts in the fixed bed reactor. The

products generated are analysed and the findings discussed with reference to the catalyst characteristics.

Chapter 7 presents the development of a dynamic FT model allowing for the reduction in gas velocity
as liquid is formed and temperature-dependent gas density, before discussing potential issues raised by
exothermic, contracting reactions and how these can be simulated. Plausible industrial situations are

modelled and avoidance tactics explored.

Chapter 8 summarises all the conclusions given in the previous chapters and considers future work.
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2 Biomass to Liquids via Fischer-Tropsch Synthesis

In this chapter the process of producing liquid fuels from biomass via the FT reaction is introduced.
Gasification of biomass is briefly discussed in the context of reviewing typical syngas compositions
used as FT feeds and the effect on product composition and yields. Existing FT technologies currently
available are discussed, and the reasoning behind reactor type, feedstock and targeted product choices

also detailed.

2.1 Biomass to Liquids

Biomass to Liquids (BTL) is the production of synthetic liquid fuels, or synfuels, from gasified biomass.
First the biomass is converted into synthetic gas (syngas), a mixture of hydrogen (H,) and carbon
monoxide (CO), through gasification. The syngas is then catalytically hydrogenated into hydrocarbon
chains of varying lengths. Both petrol and diesel mixes can be generated depending on reaction

conditions.

By synthesising the fuel directly from syngas compatibility issues with mineral fuels are circumvented.
In particular, FAME biodiesel concentrations above 7% volume cause issues in existing diesel engines
due to their relatively high cold filter plugging point temperature. The high FAME content diesel has
a higher viscosity and can partially crystallise, blocking conventional diesel filters. Sulphur content
and particulate matter produced from combustion of BTL fuels are lower than conventional fuel, and
CO, nitrous oxides (NOx) and hydrocarbon emissions are also reduced, making synfuels a cleaner
burning alternative to mineral fuels!®. Perhaps most important with regards to increasing the renewable
content of fuel, provided the combustion characteristics of the petrol or diesel are maintained, as
measured by the octane or cetane number of the product , respectively, there is no limit to the amount
of biofuel that can be included without needing to modify existing internal combustion vehicles or fuel

infrastructure!'®'”.

In recent years the pressure to reduce carbon emissions has led to increased interest in BTL. Previously
much of the biofuel production has been from first generation biomass, i.e. directly from sugars or oils
in arable, usually food, crops. To reach the 10% renewable sources target required for 2020 other
second generation feedstocks such as woody biomass, waste and agricultural residues are being
investigated. Several demonstration plants such as the BioTfueL!® and TRI/Velocys'® demonstration
projects are currently being built in Europe and the US in order to further this, with the aim of generating

a suitable process for large-scale production without jeopardising food security.

2.2 Fischer-Tropsch Synthesis
The basis of Fischer-Tropsch synthesis (FTS) was first developed in 1902 when Sabatier and Senderens

discovered that passing CO and H, over nickel produced methane. Further work on the hydrogenation
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of CO over transition metal catalysts was done by various research groups, culminating in the

production of higher hydrocarbons over an iron catalyst in 1925 by Franz Fischer and Hans Tropsch®.

The FT reaction produces saturated and unsaturated hydrocarbons from syngas via a highly exothermic
reaction that proceeds through a non-trivial surface polymerisation mechanism, as described in

equations 2.1-2.3 below. The products are primarily straight chained alkanes, alkenes and alcohols?'*,

Alkanes
nCo + (2n+ 1)H, » C,Hypyo + nH,0 2.1
Alkenes
nCoO + 2nH, - C,H,, + nH,0 22
Alcohols
nCoO + 2nH, - C,Hyp,.1OH + (n — 1)H,0 2.3

Side reactions also produce undesirable products such as carbon deposits, metal carbides and

carbonaceous materials as well as causing catalyst oxidation or reduction.

Boudouard reaction

2C0 - C+CO, 2.4
Carbides

yCO +xM - M,0, +yC 2.5
yC€O0, + xM —» M, 0, +yCO 2.6
Carbonaceous materials

(x + %) Hy + xCO > CoHy + xH,0 27
Catalyst oxidation/reduction

M,0, + yH, < yH,0 + xM 2.8
M, 0, +yCO & yCO, + xM 2.9

Another important side reaction is the water-gas shift (WGS) reaction. This can be used to alter the
H,/CO feed ratio.

CO + H,0 - CO, + H, 2.10

Intermediary species remain bonded to the catalyst surface, allowing successive polymerisation steps
to produce longer chain hydrocarbons before desorption of the final product. Although the exact
mechanism is still in debate, it is agreed that growth occurs via several steps on the surface of the

catalyst?'?:

Reactant adsorption
CO-C"+0" 2.11

H, - 2H* 2.12

Chain initiation
2H* +C* - CH, 213
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Chain growth
R—CH,+C*"+2H* > R—CH, — CH; 2.14

Chain termination and desorption
R—CH,—CH; > R—CH, — CH;4 2.15
Van der Laan ef al., amongst others, propose that CH, insertion via the surface carbide mechanism is

the principle growth route for hydrocarbon formation. Figure 2.1 below gives a schematic of the chain

initiation, growth and termination??.

1) c=0 — CO H, B R
3) C+ CH— CH:
H-H — HH o CH
H
2) C+H — C R -H* RCH=CH
T L T 4) CH, = ’
~—
. H, CH, 7% R-CH,-CH,
| |
gj—i — 577 R: H or alkyl

Figure 2.1: Carbide mechanism for FTS.
Pichler and Schulz suggested a CO-insertion mechanism was better suited to explain the formation of
alkenes and oxygenates in a typical FTS product®. Several variations of the CO-insertion mechanism
exist, all centring on chain growth via insertion of adsorbed CO. These make up the other main family

of chain growth mechanisms proposed for FTS?.

Secondary reactions can occur if products desorb and react with another forming chain. This can take
the form of chain branching, isomerisation and saturation of alkenes amongst others. The nature and

extent of secondary reactions taking place affects the final product composition and distribution.

Despite the increased level of research seen of late, the complexity of the final FT products mean that
some details of the underlying reaction mechanisms are still uncertain, predominantly regarding chain

growth. This is thought to vary with catalyst base metal®*°; this will be discussed further in section 4.1.

2.2.1  Product Distribution
Regardless of the catalyst type, reactor conditions and hence reaction mechanism that takes place, the

product distribution comprises hydrocarbon chains from methane to high molecular weight waxes.

An approximate product distribution from literature shows that product fraction decreases exponentially
with carbon number, this is typical of chain growth in polymerisation kinetics?’. The stepwise growth

process of the FT reaction means the product distribution is dependent on the probability of chain
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growth, a. For true polymerisation reactions the value of a can be assumed to be independent of the

chain length, and hence a simple distribution curve calculated for a given value of a.

To describe this distribution Anderson adapted the homogenous polymerisation model of Schulz and
Flory to include chain branching, giving the Anderson-Schulz-Flory (ASF) distribution which is the

most commonly used model to characterise FTS products.

W, = n(1-a)?a™! 2.16

Where W, is the weight fraction of hydrocarbons containing # carbon atoms.

However, the probability of chain propagation for the FT reaction is not found experimentally to be
independent of carbon number as it would be for a true polymerisation reaction. A local maximum is
often seen at C; and around C;-C4, with a positive deviation in the higher mass fractions sometimes also

experienced®®, as is demonstrated in Figure 2.2.

In(W )

n

Figure 2.2: Variations in ASF distributions seen experimentally.
Generated from data in reference 28.

This modified ASF distribution is frequently achieved through the use of a double ASF model,
producing an a value for the elevated low chain length mass fractions and another for the higher chain

lengths.

Although methane is the single largest FT product, it is generally unwanted. Increasing the value of a
increases the probability of chain growth, minimising the amount of methane produced and increasing
the fraction of longer chain hydrocarbons. When chain lengths become very long waxes are produced

that need cracking in order to produce liquid fuels. In order to achieve the optimum product yield some
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further processing will invariably be necessary, either to refine the various cuts of fuel and chemicals

produced, or to further process the unwanted products into useful components.

Since it is necessary that the chain growth step take place more rapidly compared to the termination
step, in order to produce longer chain hydrocarbons, a increases with reduced reaction temperatures?.
It is also dependent on other process conditions and the catalyst used. It is deemed independent of
conversion, allowing tuning of the final product distribution through choice of catalyst and reactor
conditions as the reaction proceeds®-°. The effect of reactor conditions will be discussed later in

section 4.6.

2.2.1.1 Diesel vs. Petrol
Diesel and petrol are the most common liquid fuels currently used for transportation. Both are mixes

of hydrocarbons, comprising primarily of straight and branched alkanes and alkenes.

Petrol is commonly taken approximately as a mix of chain lengths C4-Ci», and diesel of lengths
Co-Cys°!. The differing chain lengths results in distinctive properties of each fuel, and the mix of each
is adjusted to ensure criteria for the fuel is met. Although the mineral source of both fuels is the same,
the chain length differences mean that the method of production of biofuels for each tends to vary. The

current situation regarding renewable sources for both petrol and diesel is briefly reviewed below.
Petrol

Petrol based vehicles were the most common light vehicles in use for much of the 20th century, making
up 73% of road transport fuel in 1990°2. Ethanol from renewable sources, typically sugar cane or beet,
is more miscible with petroleum based mixes than biodiesel. It contains low levels of impurities such
as sulphur and is produced through a well-established reaction method. The addition of ethanol into
transport fuel is common in certain areas such as Brazil where bioethanol fractions between 10-25%
have been routinely added to fuel mixes since 1976 when the government made it mandatory to blend
ethanol with conventional petrol*. In more recent years, other countries have followed suit, with the
US and Germany amongst others offering a range of fuels between 10-85% bioethanol (E10-ES85).
Whilst not all older vehicles can run on high ethanol content petrol, due to its increased vapour pressure
and hence higher octane rating, the majority of modern road vehicles are designed to run on an E10

blend.
Diesel

Whilst some countries decided to reduce their GHG emissions by increasing the renewables content of
their fuel, many started giving incentives for the purchase of more energy efficient vehicles. The use
of diesel was encouraged in Europe and the UK during the 1990s for the higher energy density and
miles per gallon (mpg) achievable. Tax incentives on diesel fuel has meant that diesel accounted for

61% of the UKSs road transport in 2014 and its share is increasing®. Given that the average light duty
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private car has a lifespan of 10-15 years, and heavy duty vehicles longer again, it is unlikely that the

proportion of diesel usage will drop significantly by 2020.

Currently the majority of biodiesel is produced via transesterification of lipids to produce fatty acid
methyl esters (FAME). The composition depends heavily on the source oil or fat, and it has an

approximately 10% lower energy content than an equivalent amount of mineral diesel**.

The presence of mono and diglycerides in the fuel mean that biodiesel produced from fats can absorb
water. This causes running and corrosion issues within the engine. FAME diesel also has a higher
viscosity and crystallisation point, reportedly increasing injection pressures and causing blockages
within the engine®®. In order to increase the renewables content of existing diesel fuel the products must

become more standardised and miscible with petroleum based diesel.

The limitations of FAME biodiesel, combined with the large market share diesel commands, means the
production of synthetic diesel offers a larger opportunity for GHG reductions than that of synthetic

petrol. A diesel mix of Co-Cs is therefore chosen as the desired product to investigate for BTL via FTS.

2.3  Feedstock

FTS requires a syngas mix of H, and CO to proceed. Some catalysts, particularly those with WGS
activity, can also utilise CO,. Historically syngas has been produced from the gasification of natural
gas or coal. Gasification converts carbonaceous materials to a gaseous mix of carbon oxides and
hydrogen through controlled incomplete combustion. High quality syngas has a high heating value and
hydrogen concentration, with low levels of nitrogen and other impurities. The syngas produced for FTS
would ideally have a H»/CO ratio of 2.15, to allow complete conversion to a straight chain liquid
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product®. However, this is often unachievable through stand-alone gasification, with typical production

values ranging from 0.6-4, depending on feed and gasifier conditions®’.

Recently the focus on reducing GHG emissions through renewable fuels has led to increased interest in
the gasification of biomass. Syngas produced from woody or lignocellulosic biomass (LCB), either
directly or via bio-oils, has recently emerged as a method to produce syngas from renewable sources

without competing directly with food crops®*

. Although the sulphur content in bio-syngas is much
lower than its coal and gas derived counterparts, it can suffer from low H»/CO ratios in the region
of 1-2.23¢ as well as high water and CO, content*. Due to this steam reforming, where steam is used
instead of oxygen, is typically used with direct biomass gasification to improve CO/H> ratios*'. Lower
temperatures required for biomass gasification can also mean that the syngas contains small amounts

of methane, not usually seen in coal fed gasifiers which generally operate at higher temperatures. Table

2.1 gives an overview of the range of syngas compositions for various feedstocks.
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Table 2.1: Typical syngas compositions (wt%) for various gasifier feeds, generated from data in reference 42.

Feedstock Mixed Mixed Wood Pulp Municipal Coal
[wt%] Biomass  Biomass solid waste

H> 5-26 7-20 14.9 433 234 24
co 13-27 9-22 46.5 9.22 39.1 67
CO: 12-40 11-16 14.6 28.1 24.4 4
HO <18 10-14 dry 5.57 dry 3
CH, 3-11 <9 17.8 4.73 5.47 0.02
N 13-56 46-52 0 0 - 1
H,/CO 0.2-1.6 0.6-1.0 0.3 4.6 0.6 0.36

A lower H,/CO ratio can affect the products formed, giving higher alkene content and longer chain
lengths due to the decreased probability of chain termination via hydrogenation and saturation. Dry et
al. also found that increasing CO and CO; partial pressures reduces the methane split in the product,

with methane selectivity being proportional to Py / (Pco + Pcoz).”

Altering of the H,/CO ratio can take place via the WGS reaction where excess CO is shifted to produce
H,, shown in equation 2.10. Increased water concentration in the reactants can push this reaction

towards H» production, however this is balanced by the CO, concentration on the product side.

The CO, content of the feed gas can also affect the extent of conversion and product distribution. Jun
et al. state that for low H, content syngas (H,/[2CO+3CO,] = 0.44) CO; acts as an inert, with only
hydrogenation of CO taking place. However, when the H; content is increased to stoichiometric values
and beyond (H»/[2CO+3CO;] = 1) over Fe catalysts, the reverse WGS reaction becomes a factor in
hydrocarbon formation*!. The extent of CO, utilisation also appears to have a temperature dependence.
At 508K and 513K respectively Krishnamoorthy et al. and Hall et al. found that the addition of *CO,
and "CO, to Ha/CO ratios of 2 and 1 gave negligible *C and C content in the product*“®. At an
increased temperature of 543K and H»/CO ratio of 6 (H»/[2CO+3CO;] = 0.55) Xu et al. detected an
essentially equal amount of '“C in the hydrocarbon product as in the *CO, added, suggesting one '*C
atom was inserted in each chain®’. It is proposed that the combination of the increased H, content and
temperature were responsible for the uptake of CO;, though further investigation would be required to

determine the influence of each.

The use of CO; through the WGS in turn reduces the H»/CO ratio of the feed, giving preferential removal
of O as H,O. This results in higher selectivity towards Cs: and alkene products*. Experiments by Jun
et al. also found that gas composition altered the activity of Cu/K promoted Fe catalyst, with a CO; rich

feed the activity drops sharply*. This is suggested to be due to increased oxidation of the Fe.
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To reflect the higher levels of CO; concentration typical in syngas compositions from gasification of
biomass, a syngas comprising of 33%, 33% and 34% of CO, CO, and H; respectively is taken as the

base feed for experimentation for the experimental work performed in this investigation.

2.4 Fischer-Tropsch Reactor Types and Current Technology

There are several different types of FT reactor currently in use both commercially and in research, with
variations on the core fixed bed, fluidised bed and slurry reactor designs being the main types used in
industry. Each reactor type has particular characteristics that can make the design more suited to
individual requirements. Since this research is focusing on testing the suitability of catalysts for

industrial processes continuous reactors only will be considered.

2.4.1 Fixed Bed

In the early days of industrial FTS the majority of reactors were packed, or fixed, beds. This is an
uncomplicated reactor model that allows the use of larger catalyst particles with lower mechanical
strength. Operating and capital costs are low and it is easy to use in continuous operation at high
conversions with catalyst poisoning being contained in the initial section of the bed. Downfalls of the
fixed bed occur due to the highly exothermic nature of the FT reaction, requiring large amounts of heat
removal and giving the potential for formation of hot spots. To maintain a viable pressure drop over
the bed the bed void fraction must also be high. This is achieved by the use of large catalyst
pellets, > 1 mm, with corresponding low porosity. Post ef al. determined that particle diameters above
0.5 mm start to experience intraparticle diffusion limitations'?°, meaning that the movement of reactant
and product molecules through liquid filled catalyst pores could be rate limiting and reaction rates lower

than with smaller catalysts pellets*.

Some variations on the fixed bed were developed in Germany during the 1930s and 1940s to manage
the heat removal requirements, including the addition of steam raising tubes, inter-bed cold feed
quenches and high levels of inert recycle gas. The low gas space velocities required for single pass
reactors give low heat transfer rates and hence require large cooling surfaces to avoid local temperature
excursions and the corresponding high methane selectivity. Therefore, a fraction of the reactor outlet
gas is commonly recycled, improving heat transfer but also increasing the pressure drop®. These factors
severely limit the scaling up of fixed bed reactors from their original production rates of approx. 0.1 t/h

in the 1940/1950s to the capacities required today*®. Figure 2.3 gives a schematic of a fixed bed reactor.

2.4.2  Multi-tubular Fixed Bed

The issues of heat removal and scale up of the fixed bed reactor design are addressed in the multi-tubular
fixed bed. In this design the reactor contains multiple catalyst filled tubes and a cooling medium on the
shell side”. Each tube acts as an individual small fixed bed reactor with wall cooling, meaning the scale
up is modular and relatively uncomplicated. Heat transfer rates are improved by higher velocities

through the narrow diameter catalyst tubes as well as by improved contacting with the coolant on the
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outside of the tubes*. Supported catalysts can be used, allowing flexibility in mechanical properties,
though it must be ensured that changes in the catalyst dimensions through its lifespan will not cause

blockages of the narrow tubes.

The benefits of product separation and the location of catalyst poisoning seen in fixed beds are retained.
The use of multiple tubes however does increase catalyst loading time and complexity. Larger reactors
can consist of hundreds or thousands of tubes, increasing construction costs. The significant reactor
weight caused by a high number of tubes can also limit reactor size due to available transport. However,
unless catalysts with very short lifespans are used, or very large single reactors are required, the
increased preparation time and costs will most likely be outweighed by the improvement in operation

over a traditional fixed bed reactor.
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Figure 2.3: Adiabatic fixed bed reactor and multi-tubular fixed bed reactor.

2.4.3  Fluidised Bed

Fluidised beds were developed in the 1950s and 1960s, offering an improvement to the poor temperature
control of the fixed bed by reducing heat transfer limitations. Two main types of fluidised bed are
currently in commercial use for FTS, the fixed fluidised bed (FFB) and the circulating fluidised bed
(CFB). Figure 2.4 gives a schematic of a typical FFB reactor.

The catalyst particles are fluidised by an upwards stream of fluid containing the reactants before
entering a disengagement section or cyclone and being recycled back to the main bed. The movement
of the bed creates high levels of turbulence which provides a more even temperature profile by
improving heat transfer and prolonging catalyst activity. Intraparticle diffusion limitations are also

reduced by the use of particles <Imm, as the problems of bed pressure drop are removed*®. However,
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the forces exerted on the catalyst particles mean that high strength and abrasion resistance is required
to avoid dust formation and plugging. Deposition of long chain products on the catalyst surface, causing
agglomeration and loss of fluidisation, must be avoided by controlling the product distribution and
operating above the hydrocarbon dew point®. Fluidised beds are therefore best for use in high
temperature Fischer-Tropsch (HTFT) at moderate pressures, with a low chain length product and an a

of less than 0.7%.
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Figure 2.4: Typical fluidised FT reactor.

2.4.4  Slurry

The final reactor type most commonly used in industry is the slurry reactor. This is a three phase reactor
with the solid catalyst suspended in a liquid mix of products, through which the gaseous reactants are
bubbled. Slurry reactors are operated as semi-batch, or continuous processes with additional catalyst
fed throughout the reaction. Two main regimes exist, homogeneous or bubble flow made up of very
small bubbles and heterogeneous or turbulent flow, with large bubbles >10mm. Catalyst particles are
very fine, in the order of 10-100 um>'. Due to the interaction between the various phases mass transfer
is high and heavier products can be generated>?, although temperatures must be kept low to avoid
excessive hydrocracking if a longer chain product is desired. The main issue with slurry reactors is
achieving a satisfactory separation of product and catalyst, however in the 1990s Sasol introduced a

more effective method of separation, allowing the successful commissioning of larger units*.

Heat transfer in slurry reactors is good, particularly when operated with higher gas velocities in the

heterogeneous regime. Heat transfer coefficients increase with increased catalyst concentration and gas
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velocity, however, de Swart et al. found that catalyst loadings above 30 vol% causes small bubbles to
coalesce™. As a result of these factors FT slurry reactors tend to be operated in the heterogeneous

regime.
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Figure 2.5: Typical FT slurry reactor.
Comparisons between fixed, fluidised and slurry reactors were made by Sasol using the fixed bed
catalyst and a fused HTFT catalyst respectively. It was found that the slurry reactor matched the fixed
bed conversion rates and selectivities with a third of the catalyst loading, this is believed to be due to
the smaller catalyst size reducing mass transfer limitations. Compared to the fluidised bed the
conversions were lower, this was taken to be due to the lower catalyst loading possible, with no benefit

from decreasing particle size available®.

2.4.5  Existing Commercial Reactors

Table 2.2 gives a brief overview of some of the existing commercial FT reactors in use, including
commissioning dates where available. There is an approximately even mix between low temperature
Fisher-Tropsch (LTFT) using either Fe or Co based catalysts, and Fe based HTFT. Other commercial
and demonstration level plants exist, these predominately license either Sasol’s Advanced Synthol or

Shell’s Middle Distillate Synthesis technology.
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Table 2.2: Examples of current FT technologies, data taken from de Klerk and Abellé et al. *°

Reactor Catalyst Type
Multi-tubular fixed bed - Arge Precipitated Fe ~ LTFT
Multi-tubular fixed bed — Shell Middle Distillate Synthesis (1993) Co-Si0O; LTFT
Fluidised bed — Sasol Advanced Synthol (1995) Fused Fe HTFT
Circulating fluidised bed — Sasol Synthol (1980) Fused Fe HTFT
Slurry bubble column — Sasol Slurry Bed Reactor (1993) Precipitated Fe LTFT
Slurry bubble column (2007) Co-Al,03 LTFT

2.4.6  Reactor Choice

The type of reactor used can affect the activity of the catalyst, for example, catalyst loading limitations
in slurry reactors, uneven gas contacting or temperature gradients across the bed in undiluted fixed bed
reactors and catalyst attrition in fluidised beds all cause variations from optimal performance.
Temperature control must be closely considered for all reactor types since the FT reaction is highly

exothermic, the separation of catalyst particles and product must also be contemplated in both slurry
and fluidised beds.

However, the aim of industrial reactors is to produce high yields of the desired product. Typically,
industrial reactors are run at high conversions as integral reactors. These have been shown to be
unsuitable for fundamental small scale reaction investigations due to concentration and temperature
gradients along the bed**. Since the aim of this work is to review catalyst activity and performance, a
differential reactor with low conversion is more suitable. For this a single tube fixed bed is chosen as
it allows ease of loading and product separation, as well as flexibility in catalyst particle size,
composition and reaction conditions. [f required in future work, the scale up to larger pilot plant or

industrial sized multi-tubular reactors is relatively simple.
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3 Experimental Reactor Design

In this chapter the design and operation of the experimental apparatus built to meet the criteria specified
in section 1.4 is described. For experimental simplicity and flexibility, as discussed in section 2.4.6, a
fixed bed reactor has been chosen. Automatic control systems, installed to ensure safe, unattended

operation over the long reaction times required, are also reviewed.

Since the production of diesel is being targeted, a suitable method of product analysis is critical. FTS
produces a range of chain lengths hence it is important to be able to measure concentrations of gases,
liquids and waxes. To achieve this the gaseous products are continuously sampled with a Fourier
Transform Infra-Red (FTIR) spectrometer where lighter hydrocarbon content is analysed. Liquid and
wax samples are taken periodically and analysed off-line using a liquid phase Gas Chromatography
Mass Spectrometer and Flame lonisation Detector (GC MS/FID). Gas samples were also periodically
tested in an offline gas phase GC-MS/FID.

3.1 Experimental Safety
Risk management is an important consideration in all experimental designs, both for personnel safety
and mitigating equipment damage. The use of high temperatures, pressure and a flammable, toxic feed

gas must be managed in the case of FTS.

Independent protection layers (IPLs) are used during the experimental design to ensure the experimental
risk is as low as reasonably practicable (ALARP). A protection layer, if successful, stops an undesirable
event from occurring. However, no single protection layer can guarantee to be successful. The use of
multiple, independent, layers reduces the probability of an event. If one layer were to fail it should not

affect the other IPLs, which could still stop the undesirable occurrence.

3.1.1 Layers of Protection Analysis (LOPA)

The LOPA method was utilised to assess the effectiveness of the IPLs with frequency of failure values
taken from literature where available. LOPA is a semi-quantative, order of magnitude method, which
is commonly used to determine whether the probability of an undesired event is below a specified risk
tolerance criterion, or if the risk must be reduced further by adding more IPLs. Figure 3.1 shows levels
of tolerance to individual risk as presented in the HSE report Reducing Risk, Protecting People

(R2P2)%.
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Intolerable

1 x 102 (workers)
1 x 10 (public)

Tolerable

1x 10° (all)

Broadly
Acceptable

Figure 3.1: Levels of tolerance to individual risk, shown as risk of death of a single employee per year.
Data taken from R2P2.

The IPLs identified for the FTS reactor were the pressure control system, CO gas detection with feed
gas shutoff and the local exhaust ventilation. As LOPA was performed on the equipment design it was
found that the IPLs included in the design mitigated the risk to an acceptable level of < 1x10° serious

incidents per year. The completed LOPA assessment can be found in appendix ASafety Reviews.

3.1.2  Hazard and Operability (HAZOP) Study

The final design and subsequent updates were subjected to a hazard and operability (HAZOP) study.
The HAZOP is a systematic, structured, method of identifying potential hazards within a process or
operation. A set of guide words allows deviations from the original process intentions to be examined,
risks discovered and actions recommended to reduce the risks suggested if necessary. The HAZOP
indicated that additional layers of protection were required to mitigate the risk associated with the
toxicity and flammability of the syngas feed. The full HAZOP with recommended actions can be found
in appendix A.

3.2 Design

In order to test catalysts under varying setups, the reactor must be flexible enough to allow for a variety
of feedstocks and operating conditions. The high CO content of the syngas feed introduces additional
hazards that must be mitigated. Figure 3.2 gives a simplified process and instrumentation diagram

(P&ID) of the overall reactor design.

The inlet gas mixing was designed to allow flexible mixing of one to three different gases at a combined

total flowrate of up to 400 ml/min. It is important that the flowrates are independently controlled and

42



not affected by each other. The gas mixing has been designed to ensure that each additional gas mixes
fully with the total flow at controlled flow rates. Bypasses around each three-way valve ensured that
no stagnant pockets of reactant exist when not in use, see Figure 3.3 for details. A dilution gas of up to
2000 ml/min could either pass through the reactor or mix with the product downstream of the reactor
before passing through the back pressure regulator (BPR). This both improved the FTIR response time

and reduced the CO concentration of vent gases.
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Figure 3.2: Simplified fixed bed experimental FT reactor P&ID.

As discussed in section 2.3, a typical clean syngas composition has been taken from literature of
33, 33 and 34 vol% of CO, CO; and H; respectively, and a cylinder of this composition was used as the
base reactor feed. A three-way valve, SV1, was used to switch between syngas and a nitrogen purge
flow through the reactor. The reactor feed can then have two more additional flows through three-way
valves SV2 and SV3, these can be used to add impurities if required in future work®®. The total reactor
feed rate was controlled by FIC0104 and the dilution flow by FIC0101 (both Bronkorst EL-Flow) which
control valves FV0104 and FV0101 (Badger Research Control Valves). A National Instruments
Compact Rio (CRio), took measurements from the flowmeters and set the positions of the control valves
according to the desired flowrates using PID control algorithms. All volumetric flows are referred to
1 bar and 20 °C. The flowmeters were calibrated at system pressure using bubble columns with either
syngas or nitrogen, depending on the gas used in normal operation. Once mixed, the feed passed
through a 15 um filter and a non-return valve before it was fed into the fixed bed reactor. A pressure
relief valve, PSV0101, set at 35 barg on the reactor inlet protects the system from over-pressurising.

PSVO0102 set at 2 barg protects the low pressure line to the FTIR.
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The reactor was heated to 230 °C via a 400 W Carbolite Gero tube furnace surrounding the reactor
body, the gas flow passing vertically down over the catalyst bed. The catalyst was mixed with an excess
of quartz sand, sieved to contain particle sizes between 150-200um, to dissipate heat and loaded within
an 8mm ID quartz liner held within the reactor body. With the bed diameter approximately 40 particles
wide it can be assumed that plug flow occurs, and the radial velocity profile is constant. Plug flow
behaviour has been shown to be valid for beds more than 15 particles wide, allowing catalysts up to 533
um to be measured under plug flow conditions in this apparatus®’. Quartz sand was chosen as it
undergoes the same thermal expansion as the liner’®. By matching expansivities passive failure of the

liner, due to the bed expanding beyond the capacity of the liner, can be avoided.
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Figure 3.3: (a) catalyst bed layout, (b) three-way valve.

The catalyst bed is approximately 10 mm deep and was supported on a sintered quartz frit, topped with

a plug of quartz wool to prevent catalyst particles entering the frit.

A N-type thermocouple was placed at the centre of the catalyst bed, through which a Eurotherm 3508
controller unit controlled the temperature. A K-type thermocouple measured the bed temperature at the
same location and acted as a measurement check, with temperatures being recorded on the CRio. A
K-type thermocouple embedded in the centre of the furnace body acted as a high temperature trip sensor

for a Eurotherm 2132 controller unit, with the trip value set at 300 °C.

During in situ testing at 230 °C with 2 K-type thermocouples in different bed locations, the controller
successfully maintained the set 5 °C ramp rate within 96% and held bed temperatures within +/-2 °C

during soak periods. A plug of quartz wool on top secured the bed in place.

Due to the reaction conditions the whole system was made of 316L stainless steel tubing, the reactor
body is Y4 inch and the remainder % inch tubing to minimise system volume. The quartz liner was
sealed within the reactor body at the top using a Viton O-ring which seats into a groove machined into

the Swagelok compression fitting at the top of the reactor body. The seal is maintained with pressure
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from a spring at the base of the quartz fitting, pushing against the bottom reactor body compression
fitting®. This arrangement allows for the system pressure to equalise in the annulus between the reactor
body and the quartz liner, whilst preventing bypassing through this space. Sealing the quartz liner to
the outer reactor body at both ends would result in pressure differences of up to 31 barg across the wall,

which the quartz liner could not withstand. Figure 3.4 provides details of the sealing arrangement.

On exiting the reactor, the partially reacted feed entered a region heated to 120 C by electrical heating
tapes before reaching the liquid knock out pot. At this point preheated nitrogen at approximately 75 C
sweeps over the reactor outlet, quenching the gas and condensing higher boiling hydrocarbons in the
knock out pot. A detailed schematic of the knock out pot internals can also be seen in Figure 3.4. The
remaining gases exit the knock-out pot and passed through the electrically heated inline filter, F2, and
BPR before being routed to an MKS MultiGas 2030 FTIR for online analysis. K-type thermocouples

measure the temperature at the nitrogen purge and BPR inlet.
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Figure 3.4. (a) internal reactor sealing and (b) knock-out pot internals.

3.3 Product Analysis

Gaseous products at atmospheric pressure pass through a secondary filter, heated to 150 °C, after which
a Y inch tee splits the gas for analysis. The main flow passed to the FTIR through a flexible %4 inch
line, heated to 191 °C. This ensures no condensation enters the instrument as well as preheating the
gas. The FTIR is fitted with a 200 mL gas cell with 5.11 m pathlength. Exiting gas from the FTIR was
vented to atmosphere in a safe space within the fume cupboard. The nitrogen dilution flow of
320 ml min™! decreases the FTIR response time to changes in concentration by a factor of 9. The FTIR
gas cell was maintained at a constant pressure of 1 barg and temperature of 191 °C by a pump and heater
within the instrument. A continuous nitrogen purge of the volume outside the cell gives a stable

background. Nitrogen was also used to purge the cell overnight before taking a background spectrum
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every 6 months, providing a check on the stability of the FTIR measurements and highlighting any drift

that might have occurred.

Gas samples were also taken after the BPR for offline analysis using a gas phase Shimadzu

GC-17A MS/FID. This allowed confirmation of the light hydrocarbons results found through the FTIR.

Liquid and wax products could be isolated and removed via the KO pot by closing V5 downstream of
the reactor, slowly venting the pressure and purging with nitrogen. The KO pot base could then be
opened and the product decanted from the quartz liner before the KO pot is replaced. The liquid and
wax products were removed periodically for analysis via a Shimadzu QP2020 GC MS/FID; toluene was

used as the carrying solvent.

3.4 Temperature Control of Reactor

Since the reactor bed is held at a constant temperature throughout the experiment, temperatures
elsewhere in the bed will be at a constant difference from the central temperature given by the
thermocouple. Temperature variations through the bed were found to be well within an acceptable error
of 5 °C by use of a second thermocouple at a secondary height within the bed during an isothermal run
at 230 °C. K-type thermocouples have a standard accuracy of + 2.5 °C or & 0.75% of the temperature
measured in degrees centigrade, whichever is greatest. N-type thermocouples, as used for the furnace
control, are similar at 2.2 °C or 0.75% of measured temperature. Therefore, at the experimental
conditions of 230 °C the expected error is less than £2.2 °C. However, this level of accuracy is for new
thermocouples only. Drift has been reported by the manufacturers for thermocouples in use, with errors
particularly seen after repeated heating and cooling. In order to ensure that the accuracy of measurement
doesn’t degrade over time, the control N-type thermocouple was replaced every 12 months. The
difference between the K and N-type bed temperature measurements was also monitored, if this became

greater than 5 °C the thermocouples were both replaced. To date however, this did not occur.

For initial heating and reduction, ramp rates were kept at 2 °C min™! to avoid radial temperature
gradients above 5 °C in the bed. The remainder of the experiment was undertaken at a constant
temperature, which was maintained at + 2 °C by the furnace control system, as determined through

temperature control testing described in section 3.2.

3.5 Pressure Containment

Stainless steel tubing from Swagelok was used for the reactor body. Individually, conditions of up to
850 °C or 288 barg can be safely reached and maintained for an operating period of 10,000 hours,
however the reactor body was replaced after every 1000 hours of use to be conservative. Swagelok
give a de-rating coefficient of 0.85 for design pressure at higher temperatures®®, which gives a maximum

operating pressure of 234 barg at 315 °C, giving high safety margins and flexible operating conditions
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for both LTFT and HTFT synthesis if required. The furnace high temperature trip was set at 300 °C,

ensuring the pressure rating was well above the operating conditions.

Additional IPLs were included to further reduce the risk of a high pressure situation occurring. The
dilution gas provides the pilot pressure to the BPR, ensuring that the system pressure could not exceed
that of the dilution gas and that any loss of dilution pressure and hence flow, would immediately vent
the reactor contents to a safe place. Two 4” Swagelok PSVs were also fitted, one directly upstream of
the reactor set at 35 barg, one immediately downstream of the BPR set at 2 barg. Both PSVs are capable
of passing greater than 50 L min™' (STP) at their set pressures®, significantly above the maximum total
flowrate of 2.04 L min™'. The vent gas is fed to the back of the fume cupboard where gases are removed
through the forced ventilation system which, in the case of loss of containment of a full syngas cylinder,

is capable of reducing the CO concentration in the fume cupboard to under 30 ppm within 10 minutes.

3.6 Syngas Containment and Detection

Syngas contains CO and H», both toxic and flammable gases. The EU long term exposure limit for
carbon monoxide is 30 ppm over 8 hours, the short term 15 minute limit is 200 ppm®'. It is noted that
the EU exposure limits were updated in January 2020, the experimental section of this work was

completed in 2019 and therefore the 2018 edition is used.

Since the syngas feed contains CO levels considerably beyond these limits, it is imperative that users
are not exposed to leaks and the gas is vented safely. To limit exposure to CO the main body of the
apparatus is contained in a fume hood, excepting the FTIR, which was too large. Mains powered CO
alarms and a flammable gas alarm were located in the laboratory with a second mains CO alarm in the
fume cupboard. Additional battery powered CO alarms were located at the syngas cylinder regulator
and FTIR vent. These locations were chosen as i) the site with highest potential CO flow and ii) the
fitting closest to the user. The syngas feed passes from the cylinder through a fail close shut off valve
in the fume hood, at minimum distance from the cylinder regulator. If the mains powered alarms detect
CO at 30 ppm or above, or a flammable atmosphere, they activate, cutting power to the shut off valve
and an electrical power circuit supplying the furnace and heating tape. This cuts the syngas feed to the
apparatus, whilst maintaining the nitrogen dilution flow which serves to both reduce CO concentration
and maintain an atmosphere below the lower explosion limit (LEL) for syngas. The electrical heating
tape, filter heaters and furnace are also switched off through loss of power to the ring to remove potential
ignition sources. The IA supply is independent and the CRio has an uninterrupted power supply that
can last for several days in case of a power cut. This ensures that the nitrogen purge continues in case

of a CO alarm, or lab-wide power loss.

The syngas shut off valve can also be closed manually whilst maintaining power to the heaters, and the

high temperature trip shuts the furnace down if bed temperatures exceed 300 C.
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3.7 Automation

Due to the long reaction times required to monitor catalyst activity in general use the experimental rig
needed to be automated. This was achieved through the use of several control systems to ensure reactor
conditions were maintained safely and that the system shut down if required during unsafe operating

conditions.

A Eurotherm 3508 controller on the furnace maintains the bed temperature. Separate temperature
controllers on the electrical heating tapes and filter body maintain the reactor outlet and filter
temperatures. Flowrates were controlled by the CRio, as was the BPR pressure. The temperatures,

flowrates and pressure were all logged through the CRio, the FTIR had a separate logging program.

The automation and control enable the apparatus to run safely unattended, with the only input required
being topping up the liquid nitrogen in the FTIR every three days. A live web stream was run whilst

the apparatus is active so that lab users could check the state of the experiment remotely.

3.8 Commissioning and Testing of Reactor

Once built, the experimental rig was commissioned and tests conducted to characterise system
behaviour. Initial test runs were performed at reaction conditions, but with no catalyst bed loaded, to
investigate the inherent reactor activity. No products were detected during the course of the
catalyst-free runs; therefore, the experimental rig was determined to have no catalytic activity for the
FT reaction. The FTIR was also used to test the off gases of the catalyst-free run for the presence of
iron carbonyls. Carbonyls have been reported in some syngas feed streams, thought to have
accumulated during gas storage and transport in steel containers. It is known that carbonyls can poison
FT catalysts and therefore, if present, should be removed as part of the feed preparation®>. As iron
carbonyls absorb infrared radiation (IR) they can be detected at low concentrations using the FTIR,

however no absorbance was seen, suggesting iron carbonyls were not present in the off gas.

Next the reactor was loaded with 0.2 g of monohydrate calcium oxalate (CaC,04H>0) in order to test
the quartz liner seals. Under a ramped heating program, the CaC,O4H>0O decomposes, passing through
three reaction steps that can be monitored by the generation of product gases at specific temperatures;
H,0 at 220 °C, CO at 550 °C and CO; at 750 °C. Although the experimental rig can safely reach 750 °C
at atmospheric pressure, in order to reduce stresses on the reactor body the temperature was limited to
520 °C. A rise is H2O was detected up to 250 °C, and a sharp peak in CO concentration was seen at
500 °C. This indicates that the decomposition reaction was taking place within the reactor bed, with no

dead areas, and that therefore the quartz liner seal prevents significant bypassing of the bed.

Finally, the system was run at a constant temperature and pressure whilst step changes were made to
the syngas feed flowrate with a constant nitrogen diluent flow. An initial plug of syngas, at experimental

operating conditions and flowrates, took 17 minutes to pass through the nitrogen filled rig and be
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detected at the FTIR, giving the total system residence time. Further step changes in syngas
concentration using FIC-0104 took approximately 120 seconds to pass from initial to 95% of final
concentration, suggesting near ideal plug flow behaviour and validating the use of the plug flow

assumption.

3.9 Reactor Operation

During normal operation the reactor operated isothermally. A known mass of catalyst, typically 0.2 g,
was loaded into the reactor with an equal mass of quartz sand as a bed diluent. The bed size was limited
to a maximum height of 30 mm to avoid high pressure drops and the associated possibility of
channelling. The catalyst was then reduced under 40 ml min™! syngas at atmospheric pressure and the
temperature increased at 2°C min! to 270°C, where it was held for one hour. Off gases passed to the

FTIR for analysis.

After the reduction period, the reactor pressure was increased to 30 barg through a nitrogen dilution
flow of 320ml min'. The reactor bed was co-currently cooled by the N, flow to the operating
temperature of 230 C. The bed was then maintained at 230 C and 30 barg for approximately 100 hours,

to allow the catalyst to bed in and the reaction to reach steady state.

3.10 Reproducibility and Error

3.10.1 Reproducibility

Due to long experimental run times of greater than 100 hours, measurements for each catalyst were not
repeated. The reproducibility was instead determined by 3 repeats of the Cat2K and 950-106-U
catalysts at the same conditions. The experimental error calculated for these runs is extrapolated to the
rest of the catalysts, allowing more catalysts to be tested within the restricted time available for

experimentation.

3.10.2 Systematic Error

Systematic experimental error arises from error in the gas concentration and flowrate measurements.
The calibration gases used have a certified accuracy of +5 %, as does the synthetic syngas mix used.
Two synthetic syngas cylinders of the same mix were used, with approximately 50% of the tests being
completed on each. The same calibration gas cylinder was used each time, resulting a systematic error

of 5 % between concentration measurements.

In addition, the flow controllers are accurate to +5 %. The net systematic error is therefore calculated

to be £10 %.

3.10.3 Random Error
Most of the experimental error can be traced to systematic sources. The only sources of significant
random error come from noise in the FTIR spectra and the operation of the BPR. The standard deviation

for CH4 measurements by the FTIR was calculated to be between 0.7-1.2 ppm, and below 0.04 % for
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CO and CO». Since each species absorbs IR at different magnitudes the error in concentration varies
with species, however over the course of the experiments, product concentrations were measured by the
FTIR with deviations below 10 % (typically below 5 %). The temperature of the bed was within +2 °C,

as discussed in section 3.4.

The operation of the BPR also introduces error, as in operation it was not open continuously. The BPR
would allow gas to pass once the pressure in the reaction system was above the supplied pilot pressure.
This drops the system pressure below the allowed passing pressure, closing the BPR until the passing
pressure was once again reached through flow from the reactor. The magnitude of the error caused by
this “digital” operation of the BPR is difficult to quantify as the quantity of gas released with each
opening of the BPR is not measured. However, the rate of BPR opening is regular and frequent over
the entire length of the experimental run and was manifested as random “noise” in the FTIR
measurements. The variations in concentration caused by the BPR opening in bursts will also be

damped by the comparatively large gas space in the FTIR gas cell.
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4 Properties and Production Methods of Fischer-Tropsch Catalysts

Since the initial discovery of CO hydrolysis over nickel in the early 20" century, much research has
been done on FT catalysts, with the aim of increasing activity, lifespan and desired product selectivity
amongst others. Different catalyst types and production methods are more suitable for varying reactor
layouts, feeds and conditions, meaning an understanding of the reaction mechanisms and catalyst

behaviour is important when making an informed catalyst choice.

In this chapter a literature study on the various active materials and methods of production is first made,
in order that a suitable base material and production method may be chosen for the catalysts under
investigation. The chosen preparation methods are then presented in sections 4.9 and 4.10, before the

catalysts under test are summarised in the final section of the chapter.

4.1 Catalyst Base Material

Early FT research found that many of the transition group metals and some noble metals possess
catalytic activity for hydrogenating CO. Increasing hydrogenation rates are found in the order Ir, Pt,
Pd, Rh, Co, Ni, Fe, Ru?**% with Ru, Fe, Co and Rh giving the highest average molecular mass of

product*.

Low activities combined with high costs for iridium, platinum and palladium make them unsuitable as
industrial catalysts. Nickel has been found to have high methane selectivity, making it unfeasible for
the production of liquid fuels. Rhodium and ruthenium are not regularly used as a base catalyst, as

despite higher activities and chain lengths, their rarity and high cost makes them prohibitive?!.

The general consensus is that the primary industrially viable FTS catalysts are based on iron or

cobalt®>%¢7 This review will forthwith concentrate on these two metals only.

The different base metals have different reaction pathways. When using Fe-based catalysts the oxygen
in the syngas is rejected as CO, and H,O, whereas Co catalysts the oxygen leaves only as H,O, as shown

in Figure 4.1 below.
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Figure 4.1: Pathway for FT reaction over Fe and Co catalysts.

Unassisted CO dissociation results in the loss of carbon atoms as CO,, and results in a lower carbon
efficiency of the reaction. However, when using a low H» concentration feed gas, as is common with
biomass feedstock, surface-based hydrogen can be scarce. This could limit the rate of the less H»

efficient H, assisted dissociation.

4.1.1 Iron

Fe is the cheapest and most abundantly available metal for FT catalysis®'. It has a wide active
temperature range of approximately 200-350 °C and is active for the WGS reaction, making it a popular
choice for low Hy/CO ratio syngas sources such as coal and biomass®*. However, Fe based catalysts
are more susceptible to deactivation and carbon laydown compared to their Co equivalents®®. The effect
of the increased rate of deactivation can affect the length of life, with some sources reporting a typical
industrial lifespan of 8 weeks®, whilst others state that commercially the catalyst lifespan is not limited

by deactivation’.

The active phase of Fe catalysts for FTS is not yet agreed upon, but it has been suggested by Jahangiri
et al. that it is the carbide phase'*, others such as Abell6 et al. suggest it is the magnetite phase and still

yet more suggesting the metallic phase’’*"!

. It has also been suggested that different phases are active
for different parts of the FTS reaction. To further complicate matters the WGS reaction is believed to
be catalysed by the magnetite phase’!. The uncertainty in which phase is active for FTS is caused by
the ability of several oxides and carbides to co-exist whilst the FT reaction is taking place, making it
difficult to identify on which phase the active site is present. However, it could be the multi-phase state
itself that gives iron catalysts their activity. To date there is no accurate method of measuring the

amount of active sites in Fe-based catalysts’.
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Fe catalysts tend towards linear alkenes, with some aromatics and oxygenates also being produced’.
In order to improve stability and tune the product spectrum various promotors and stabilisers can be
added. Alkalisation of the Fe via addition of group one metals, K in particular, has been shown to
facilitate the activation of CO and promotes Fe;O4 carburisation™. This increases the number and rate
of carbide nucleation sites during reduction, giving a higher dispersion of particles and hence, it is
thought, an increased active surface area and rate of reaction”. Also average chain lengths are
increased, as is the alkene/alkane ratio and the WGS activity’"”. Li et al. found that increasing the K
surface density beyond 2 K atom/nm? gave no further benefit, as shown in Figure 4.2, implying the

promotional effects are due to surface-based metal/promotor interactions’.
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Figure 4.2: Steady state performance of Fe:Zn catalyst with varying K loading,
generated from data from Li et al.”.

The effects of Cu on activity are similar to K, with the addition of Cu aiding the reduction of Fe;Os at
lower temperatures, decreasing particle size and therefore increasing dispersion of active material®>”.

The optimum surface density was found by Li et al. to be 1 Cu atom/nm?.

The benefits of Cu and K are independent, with the effects of each promoter being almost cumulative,
however no increase in the WGS activity is seen with Cu loading. Iglesia et al. replaced Cu with Ru,

finding that it was more effective than Cu at decreasing particle size, but had little WGS activity”>.

Another common promotor, Zn, inhibits sintering of iron oxide at low concentrations and isolates Fe;O3
within a framework at higher concentrations. This gives an increased surface area once the catalyst has
been activated. Zn also produces ZnFe;O4 when combined with the iron oxide pre-catalyst, this phase
isn’t reduced or carburised under FTS conditions. This results in intermediate Zn loadings giving

increased activity without changes in product distributions”.

Other promotors such as Mn, Mo, Ni and S have been investigated on several occasions. Mn is reported
to increase catalyst surface area and reduce CH4 production but has negligible effect on Cs: selectivity”’.
The addition of Ni, with its high CH4 selectivity, unsurprisingly can encourage shorter chain formation,

whilst Mo increases Cs-Ca selectivity’®.
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Commonly catalysts generated from cheaper, less active, base metals are also promoted with small
amounts of FT active precious metals in order to optimise catalyst activity and cost, such as the Ru
promoted Fe catalyst discussed above. It is generally found that combinations of promotors can act

together to maximise the desired properties of the base catalyst”.

4.1.2  Cobalt

Co catalysts have higher yield of long chain products than un-promoted Fe, though they show no WGS
activity so must be fed with near stoichiometric syngas to avoid high wastage rates. As can be seen
from Figure 4.1, Co catalysts reject oxygen in the form of H»>O instead of CO», giving a higher carbon
conversion efficiency. The hydrogenation activity of cobalt is also higher than that of iron, resulting in
fewer oxygenates’!. They show significantly more resistance to deactivation through irreversible
oxidation and carbon laydown compared to Fe®, with lifespans of up to five years being claimed by

Shell”8!,

However, Co is only suitable for use at lower temperatures, as methane selectivity increases with
temperature and becomes unfeasible above approximately 250 °C”°. The predominant product of Co

catalysts is a mix of linear alkanes and alkenes®”.

The metallic phase is widely accepted as being the active phase for Co based FTS!%, due to this the
extent of reduction is important to the catalyst activity. Particle distribution and size affect the extent
of reduction achievable, with larger particles tending to agglomerate thereby reducing the number of
catalytic sites available. Conversely as particle size goes below 6-8 nm the catalyst activity drops again,

this is due to substrate-catalyst interactions inhibiting the catalysis®.

The promotors used for Co catalysts varies from those most suited to Fe. A small addition of noble
metals appears to improve cobalt reduction and hence activity®. The inclusion of 0.5 wt% Pt was found

by Batley et al. to lower the reduction temperature of Co3O4.
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Figure 4.3: TPR profiles of Pt-promoted CoAl20s (15%) and unpromoted catalyst.
Reprinted from Applied Catalysis A: General, vol. 247, Jacobs et al. 8, copyright (2003), with permission from Elsevier.
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Work by Jacobs et al.®% shown above in Figure 4.3 corroborates this, however, Tsubaki et al. found
that neither the addition of Pt or Pd affected cobalt reducibility whereas including small amounts of Ru

gave dramatic improvements to the extent of reduction®’.

Other research has found noble metals such as Ru®*®, Re® and Ir’! to have positive effects, with
increasing catalytic activity in the order Co, CoPd, CoRe, CoRu, CoRh, Colr’'. It is suggested by
Khodakov ef al. that the noble metal accumulates at the outer edge of the particles®>. Since the noble
metals are more easily reduced than Co, they bring hydrogen into the particle, encouraging it to then

overflow to the neighbouring cobalt oxide.

The amplified extent of reduction has a secondary effect of improving particle dispersion, possibly
through an increased number of Co metal nucleation sites. The lower reduction temperatures are also
thought to reduce the probability of metal-substrate interactions and hence the amount of non-reducible
cobalt oxides. Finally, Luque et al. state that the inclusion of noble metals can also assist with carbon

removal from the catalyst surface by improving hydrogenation rates of surface based carbon®.

The other main class of Co promotor are oxides, with ZrO,, La,O3, MnO and CeO; being most common.
These are used to adjust the physical properties of the catalyst and interactions with the substrate. Zr
promotion increases Co reducibility in Si supported catalysts®?, however on Al supported catalysts
reducibility was found to decrease, but still resulted in increased activity and selectivity, thought to be

due to the increase in active sites due to the inhibition of the formation of cobalt aluminate®*°*.

The use of La;O3 in small quantities (<3 wt%) has been found to improve reaction rates as well as giving
a higher selectivity to longer product chain lengths, due to its high affinity to the surface and
encouraging cobalt dispersion. Increasing the La;O3 content beyond this however, led to significant

fractions of La-Co mixed oxides forming, reducing the catalytic activity®.

MnO promotors were found by Zhang et al. to improve Co dispersion and hence the CO conversion
rate”®. Experiments on TiO, supported catalysts suggest that the MnO interacts with the cobalt oxide
phases giving a decreased Co reducibility. The increase in reaction rate despite the reduced extent of

reduction are suggested to be due to Mn assisting in CO addition into forming chains®’.

4.2 Catalyst Substrate

The catalyst support, or substrate, plays an important role within the stability and activity of the final
catalyst. Its primary function is to facilitate the dispersion of active particles and allow stable particles
to exist in accessible areas after reduction. The substrate alters the catalyst’s mechanical strength and
surface area available, giving reduced pressure drops and increased longevity in industrial reactors.
Since the FT reaction is exothermic the catalyst support also provides a route for heat removal in fixed

bed reactors, reducing the chances of reactor hot spots or catalyst degradation®.
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Various substrates are used as the catalyst support for FTS, common industrial examples include
alumina, carbon and silica. Investigations into the effect of catalyst supports have shown that the
substrate chosen can alter the final catalyst activity, implying that particle-substrate interactions have a

significant impact on catalyst formation. Substrate choice can also alter the effectiveness of promotors.

4.2.1 Silica

Silica has been the subject of much research as a substrate, having been in use since the very first days
of FTS. It shows weak interactions with both Fe and Co%, allowing for a good extent of reduction and
increased dispersion of Fe”. However, these low level interactions do reduce the inherent activity
compared to unsupported catalysts'®. This reduction in inherent activity is generally compensated for
by the increased surface area provided by the Si acting as a physical structural promotor®®, Si can also

101

provide HTFT catalysts with improved thermal stability'”' and has been reported to reduce the

production of methane when present in higher concentrations®.

The effect of promotors to help increase activity is in general not altered by Si supports. Pore diameter
however was found to affect the activity, with a Co catalyst on an Si support having an optimum average

pore diameter of 10 nm'%,

4.2.2  Alumina

Alumina is a common substrate for many catalysts including those used in FT, where it is used to
provide strength and an increased resistance to attrition during use'”!. Khodakov et al. state that it
interacts strongly with cobalt oxides, allowing dispersed metallic Co crystallites to form®. If the
particles are too small however these strong interactions can result in the loss of cobalt into the support

and subsequent formation of cobalt aluminate spinels'®*!%4,

Temperature programmed reduction (TPR) studies by O’Brien ef al. showed Fe/Al interactions caused
a slower reduction of Fe'®. However, Jun ef al. found that alumina supports give good activity for Cu
promoted Fe catalysts, this is thought to be due to an increased resistance to oxidation caused by the

easier carburisation of the Fe!%,

4.2.3  Titanium

The third of the most common FT supports, TiO, has been shown to increase the rate of methanation
and decrease conversion on several catalyst base metals, thought to be due to the formation of TiOx
layers over the active sites favouring H, over CO adsorption!?”’. The presence of H>O in the system has
been seen to counteract this layering effect and increase conversion, with a plateau reached at
approximately 30-40% CO conversion®?>. At reduction temperatures greater than 300 °C Ti supports
form strong interactions with noble metals, leading to a decrease in desired product selectivity'®.

Unless there is a significant reason for use of a Ti support, such as physical conditions of the reactor,

other materials are preferable.
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4.2.4 Carbon

Carbon has historically been neglected in industrial FTS, as it is less stable and could gasify in H» rich
environments. In the last 20 years high purity structured carbons have been investigated as supports,
allowing good particle dispersion and low interactions, resulting in easy catalyst reducibility, even
under normal FTS operating conditions®®. High strength, high surface area carbon supports such as
carbon nanotubes (CNT) are of particular appeal'®. The use of carbon avoids the need for inorganic
oxide supports which can form difficult to reduce mixed oxides with the active metal phases. Carbon
supports can also be varied by the addition of surface functional groups, tuning the interactions between
the carbon and metal. One such interaction between Fe nanoparticles and carbon aids iron carbide

formation, thought by some to be the active phase of FTS!',

4.2.5  Thorium Oxide

The initial catalyst developed by Fischer and Tropsch contained a small amount of thorium oxide to
enhance stability. Thorium also has the benefit of supressing sintering of Fe catalysts!'!!. In later years
thorium oxide has largely been replaced by magnesium oxide in industrial catalysts due to its

radioactivity as well as for economic reasons!'?,

4.2.6  Zeolites

Solid acids, particularly zeolites with their acid-base properties, are of interest as bifunctional, one stage,
FT catalysts. Surface acid sites can hydrocrack longer product molecules, maximising selectivity of
the desired chain length'", Zeolites impregnated with FT catalysts can further tune product
distribution through their shape selective nature, by providing a consistent diffusion length and
physically limiting the maximum chain lengths that can develop inside the zeolite pore structure'', as

demonstrated in Figure 4.4.

Figure 4.4: Limiting hydrocarbon chain growth with zeolite cages.

Controlling the environment within the zeolite can also limit the size distribution of metal nanoparticles

supported within the structure, potentially optimising catalyst size and activity. Although research into
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zeolite based bifunctional FT catalysts has taken place for several decades, they have not moved into
industrial use due to prohibitive costs. With simpler, more efficient methods of large scale zeolite

production becoming available this is an increasing area of FT catalysis research.

4.3 Catalyst Reduction

Both Fe and Co catalysts require reduction before use, with the extent of reduction being a significant
factor in the final activity of the catalyst. The reduction of cobalt catalyst aims to produce a metallic
phase. Since this is the fully reduced stage of the metal it is impossible to over-reduce. The various
oxidation states of iron that are thought to be active include non-metallic and carbide phases, meaning

that reduction cannot easily be tailored to produce the desired amounts of each active phase.

As has been discussed in sections 4.1 and 4.2, various factors including particle size, promotors and
substrates affect the reducibility of the catalyst which in turn has an impact on catalytic activity.
Increasing the extent of reduction to the active phase produces more functional catalyst sites and hence
improves the activity. A lower reduction temperature is also indicative of lower amounts of barely
reducible mixed oxides, suggesting more of the active phase is present. Increased metal dispersion,
promotors or supports with minimal interactions can improve the ease of reduction. However even
once these have been tailored to the optimum levels the reduction conditions themselves can play a part

in the extent of reduction achievable.

Several groups have performed studies into the type of reduction gas used, comparing reduction in pure
H. to pure CO or CO/H, mixes. Li et al.''®, Abell6 et al.” and Pan et al.''® found that reduction under
CO lowered catalyst activity compared to H,, whereas Jamala et al. disagree, showing an increased

catalytic activity through reduction in CO for both Co and Fe catalysts'!"!!8

. This may be because of
the low concentrations used by Jamala (5% CO in He) ensuring the reaction is mass transfer limited
and minimising the amount of catalyst/substrate interactions produced, whereas the use of higher CO

concentrations allow the formation of unreducible metal-carbide phases.

Work by Chun et al. furthered this to look at the effect of different levels of CO, on the reduction of Fe
based catalysts. They found that increased levels of CO; in the reduction gas gave a higher proportion
of long chain products and reduced methane selectivity. TPR of their catalysts in the various
environments showed two stages of reduction, firstly the reduction of hematite to magnetite and then
the reduction of magnetite and ferrihydrite either to metallic iron (H») or iron carbides (CO). The
presence of CO, appears to inhibit the second stage of reduction via the reverse WGS reaction
preferentially removing Ha, leaving a higher proportion of the supposed active phases, magnetite and

carbides!".
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Iglesia et al. suggest that reducing Co catalysts in high flowrates of H, with a slow ramping of
temperature gives increased levels of Co dispersion. This slowed reduction process appears to reduce

metal agglomeration by lowering the immediate surface H>O concentrations®.

Although much research has been performed into the reduction of FT catalysts there is no consensus on
the optimum method, or indeed a single method that suits all catalysts and reaction set ups. A slower
reduction appears to be beneficial, however methods will need to be fine-tuned for each individual
catalyst/substrate/promotor mix to find the most suitable method. For this investigation a slow
reduction ramp rate of 2 °Cmin™! to a reduction temperature of 270 °C was used. The catalyst was then
held at the reduction temperature for 1 hour. Since reduction in CO; containing gas was found to be

beneficial for liquid fuel production, the reactant feed syngas was used for reduction as well.

4.4 Catalyst Particle Size and Structure

Several studies have shown that catalyst particle size influences the final activity. In the 1980s Post et
al. suggested that FTS in a fixed bed reactor is diffusion limited, with diffusion of reactants through the
liquid filled pores being the primary reason for limited reaction rates'?’. In the interim period, methods
to reduce diffusion limitations such as smaller catalyst particle size and controlled pore structure have

been widely investigated.

Many groups have shown that decreasing particle size increases catalyst activity. Work performed by
Shell on an Al supported Co catalyst showed that decreasing the particle size from 1.6 mm to 0.28 mm
not only dramatically reduced methane selectivity but increased the amount of Cs+ and overall
conversion under various conditions'?!. As reactor types and catalyst production techniques have
evolved, the ability to produce and use even smaller particles has become possible. This has improved
the mass transfer enough for the FT reaction to no longer be intraparticle diffusion limited. However,

the continued reduction in size introduces other influences on the catalytic activity.

Rane et al. found that decreasing Co particle size below 8-9 nm resulted in higher methane selectivity

and reduced Cs: production'?, as shown in Figure 4.5.
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Figure 4.5: Influence of particle size on CHy4 and Cs+ selectivity of Al20s supported Co catalysts.
Reprinted from Applied Catalysis A: General, vol. 437-438, Rane et al.'?>, copyright (2012), with permission from Elsevier.

The same effect was seen by Bezemer et al. on Co catalysts where a minimum particle size of 6-8 nm
was recommended, as below this the turnover frequency (TOF), a measure of catalytic activity giving
the number of catalytic cycles occurring on a unit area in a given time, and proportion of Cs: products
both drop as well as the methane selectivity increasing. A better yield was found by increasing particle
size to an optimum range of 30-40 nm. This is again thought to be due to the influence of strong
substrate-catalyst interactions as the catalyst particle size decreases'®. For Fe catalysts Abell6 et al.
state that reducing the particle size too much can cause irreversible oxidation and produce strong
metal-support interactions’'. Barkhuisen ef al. showed that carbon and alumina supported catalysts

with particle sizes lower than 7-9 nm had lower overall activities and higher methane selectivity'*.

Since there is a dependence of activity on particle size it can be determined that the FT reaction is
structure sensitive. By producing a narrow distribution of catalyst particle size the product distribution
can be tuned and the generation of certain desired components maximised. As discussed in section 4.2.5
the use of zeolites to support metal nanoparticles can limit the size distribution of the nanoparticles
themselves, as well as providing a consistent diffusion length through the liquid filled pores. The use
of regularly structured zeolites in supports or multifunctional catalysts is therefore an attractive option

that requires more research.

4.5 Catalyst Deactivation

Both Co and Fe catalysts suffer from deactivation, with Co being more resistant than Fe, as shown by
its significantly longer reported lifespan. Catalyst deactivation occurs via several different inherent and

operational processes which all lead to the same result: loss of active sites.
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4.5.1 Poisoning
Both metals are susceptible to poisoning by sulphur compounds, ammonia (NH3), hydrogen halides and
trace metals amongst others. These poisons can limit catalyst lifespans significantly, often meaning

that feed gas must be purified before use.

Sulphur (S) is a common poison in syngas, known since the beginnings of FT technology. Although
the S content of coal generated syngas is notably higher than that seen in gas produced from biomass,
the various sources that can be used in BTL means it must still be considered. S chemisorbs onto the
surface, irreversibly blocking the active sites and causing electrical modification of neighbouring atoms.
This also causes small increases in secondary hydrogenation of alkenes. Fe catalysts are thought by
some to be slightly more resistant to S poisoning compared to Co®, though this is not universally agreed
upon'?. Promotion with alkali metals is reported to further increase S resistance of Fe catalysts'?®.
High S concentrations (200 ppm+) have been shown to significantly decrease Cs: selectivity and

increase CHy4 production on Co based catalysts'?’. In general, although catalyst modifications can assist

in S resistance, feed gas pre-treatment is the most effective measure.

Accounts of NH3 poisoning are contradictory, with some groups reporting that low levels (<5 ppm) of

128 whilst others have seen notable, irreversible,

NHs in the feed doesn’t significantly affect Co catalysts
deactivation at all concentrations'”. The Davis group'” determined that maximum utilisable
concentrations of NH3 for Co and Fe were 45 ppb and 80 ppm respectively, after which overall activity
drops and Cs: selectivity increases. Their interpretation is that this may be due to competitive

adsorption resulting in an alkali surface environment and hence reduced dissociative H, adsorption.

Halogen compounds, usually HCI, affect Fe catalysts more than Co, encouraging substrate interactions
that coat the active sites'?. These again are irreversible, with rapid catalyst deactivation accompanying

decreasing Cs. selectivity above concentrations of 3 ppm!*.

Gasified biomass often contains tar, a viscous mix of heavy hydrocarbons which can have a high heavy
metal content'®!. These trace metals can sometimes act as promoters in low concentrations but at higher

loadings impact the catalyst activity.

4.5.2  Attrition

Attrition was said by Sasol to be one of the major causes of deactivation in their Fe based catalysts®.
The mechanical stability required varies depending on the reactor type, with slurry beds requiring high
strength in particular. The particle size distribution (PSD) of the catalyst can be affected by attrition in
two ways, as detailed in Figure 4.6. Firstly, via abrasion which reduces the size of the particle through
the erosion of fines from the surface, producing a bimodal PSD. A secondary form of attrition,
fragmentation, occurs when the particle breaks up into several smaller particles, resulting in a broader
PSD with a lower mean particle diameter'*2. Smaller particles tend to undergo abrasive attrition due to

a larger surface area, whereas larger particles tend to suffer from fragmentation.
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Figure 4.6: Modes of attrition and their effect on the particle size distribution,
adapted with permission from C. Patzschke'?’.

The change in PSD due to attrition alters the catalysts activity, as discussed in section 4.4, but also the
physical behaviour of the particles in the reactor. Small particles can increase pressure drops and pass
out of the reactor bed, causing not only a loss of activity, but often significant clean up requirements
too. Catalyst supports can be used to avoid attrition, with alumina supports providing more resistance

than Si or TiO substrates for catalysts'?.

4.5.3 Sintering

Thermal sintering reduces the catalyst surface area, as the particles agglomerate and fuse together at
temperatures below the material melting point. The production of larger particles removes available
catalyst surface sites and hence limits the reaction rate. Repeated cycles of reduction and oxidation as
well as temperature cycling cause sintering of the particles, with higher temperatures increasing the
sinter rate'**. Like with many catalyst deactivation methods, high water content can exacerbate the
process, but certain substrate interactions can increase resistance'**. Sintering can also be reduced by
physical separation or encapsulation of the active species, increasing the temperature required for
sintering to take place'*. Up to a 30% loss in activity has been found for Co catalysts®. HTFT Fe
catalysts are particularly affected due to the more extreme reaction conditions, with weakly interacting

supports and alkali promotors also increasing the sinter rate, due to the increased mobility of the Fe

phase!3¢

4.5.4  Pore Blocking

Tar and carbon deposits can cover catalysts, blocking pores and active sites. This is predominantly
reversible by changing the gas composition and using milder conditions, however repeated regeneration
cycles will lead to sintering and are not always effective enough to be industrially viable.

Chemisorption and subsequent diffusion of carbon species into the catalyst can give carbide
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compounds. Carburisation is mostly seen in Fe catalysts but due to the unknown active phase it is

currently unsure how this affects the activity.

4.5.5 Oxidation
Oxidisation changes the catalyst composition, potentially to unreducible oxide phases causing
irreversible loss of activity. Fe is much more susceptible to oxidation, with high water concentrations

causing surface oxidation®*!37

. Carbide phases are thought to be more resistant than metallic Fe. Co
catalyst particles above 5 nm are resistant to oxidation!*®. Some groups also suggest that re-reducing
the Co oxide phases is possible under FTS conditions'3°. The extent of oxidation for both metals is
dependent on the physical characteristics of the catalyst, with active particle size being the most

significant factor. Mn or Al promotion can assist Fe resistance, as can control of the FTS conditions'®’.

4.6 Reaction Conditions

Although it is not necessary for the reaction to proceed, FTS typically takes place at high pressure,
20-30 barg, to favour product formation. Exact conditions depend on the reactor type, product
requirements and catalyst strength, but are predominately limited by capital and compressor costs.
Higher pressures increase the carbon chain length, n, and reduce branching, though it is generally
accepted that pressures above 30 bara lead to increased catalyst deactivation through carbon laydown.

Studies into atmospheric pressure FTS have yielded comparatively low CO conversion rates'”.

The main process variable for altering the reaction is the temperature. Industrially FTS is split into two
temperature groups, LTFT and HTFT. LTFT takes place between 200-240 °C'* and favours higher
chain length alkanes and waxes which can be cracked to produce diesel range hydrocarbons (Co-Css).
Both the main industrial catalysts, Fe and Co, can be used for LTFT, with industrial examples including

multi-tubular fixed and slurry beds.

HTFT takes place at 300-350 °C!* and is not suitable for use with cobalt catalysts. Cobalt has been
found to show increasing levels of methane selectivity with increases in temperature, meaning the
production of liquid fuels becomes unfeasible at these conditions®®. Increased carbon laydown on the
catalyst can also be an issue at higher temperatures. HTFT produces predominately gaseous, shorter
chain and branched alkenes, with some aromatic products®. These can be further processed to give
petrol range hydrocarbons (C4-Ci2) and other petrochemicals. Typically, fluidised beds are used for
HTFT®.

4.7 Preparation of Catalysts

The methods used to synthesise catalysts are varied and widespread but each preparation technique has
its own benefits and breakdowns. Synthesis can be split into two main groups, bulk and impregnated

catalysts, where the catalyst is respectively active material throughout, or coated onto a support.
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Material characterisation then allows the in-depth investigation of the structure and properties of the

catalyst.

4.7.1  Co-Precipitation

The precipitation of solid catalyst particles from a mixture of metal solutions by controlling the pH is a
well-established method that is popular in both academia and industry due to its ease of production and
low cost. Control of the solution conditions, primarily temperature and pH, allows tuning of the particle
size distribution. The production of bulk metal-support phases is also a possibility, depending on

loadings and precipitation conditions.

It is commonly used to produce Fe catalysts from metal nitrates, allowing a controlled combination of
Fe and another metal within the precipitated particle. Sasol uses co-precipitation to produce catalyst

for both its LTFT fixed and slurry bed reactors'*!.

Co-precipitation of Co catalysts has been undertaken by Khassin et al. using Co and Al nitrates,
producing a highly dispersed catalyst with low reducibility and activity'*>. Chen et al. also found that
at low Co loadings their Co-ZnO> precipitated catalyst gave a highly dispersed Co phase that had low
levels of reduction and formed large amounts of barely reducible Co-Zn compounds. Improvements
were seen as the Co loading increased, with Co-Zn compound content levelling off and metallic Co

increasing.

4.7.2  Deposition-Precipitation

To circumvent the issue of producing metal-support phases during co-precipitation the
deposition-precipitation method was developed. This involves the precipitation of the active phase onto
a suspended support, with the precipitation being introduced slowly enough that nucleation only occurs
on the support itself. This produces a highly dispersed active phase with the potential for high metal
loadings, giving positive results for FTS activity. The choice of support gives flexibility in catalyst
porosity, mechanical strength and bed pressure drops amongst others, making this an adaptable method
for various reactor and catalyst types. Conditions must be tightly regulated and precipitation induced
very gradually to avoid precipitation in the bulk solution. Deposition-precipitation can be used on both

Fe and Co catalysts, with small metallic particles of 3-5 nm having been reported®.

4.7.3  Sol-Gel

The sol-gel method involves producing a colloidal suspension of the metal components which then
undergoes gelation through changes in solution composition or conditions. This produces a gel from
which the solvent is removed via heat treatment. Including various promotors and modifiers allows
control of pore size, surface area and particle size. The microscopic structure is highly dependent on

preparation methods but is one of the easiest ways to produce a uniform structure'*.
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4.7.4  Eggshell

Eggshell catalysts are used as a response to reducing diffusion limitations in FT catalysts for fixed bed
reactors without increasing the bed pressure drop. By coating a near spherical support with a thin layer
of active catalyst the diffusion distance is reduced, but the bed porosity maintained. Khodakov et al.
stated that eggshell catalysts of 2 mm diameter decouple the reactor pressure drop from the
characteristic diffusion distance, equivalent to pellets of <0.2 mm®. Both Fe and Co are suitable for

catalyst production in this way.

There are several ways to fabricate eggshell catalysts, mainly involving the immersion or impregnation
of substrate particles in an aqueous solution of the metal. Iglesia ef al. found that the catalyst shell
thickness affected activity and product distribution. This was attributed to the varying ease of diffusion

of both reactants to active sites and reactive alkene products that could re-adsorb and react further'#.

4.7.5 Impregnation of Support

The impregnation of porous supports with catalytic precursor is a common method of producing
supported catalysts, whereby a solution of the catalytic material is adsorbed onto the substrate. There
are several variations on the theme. Wet impregnation involves the soaking of the substrate in an excess
of solution before filtering, drying and calcining. This total immersion has the benefit of allowing high

loadings in a simple procedure but involves a large amount of liquid waste.

Incipient wetness impregnation removes the waste by adding small amounts of catalyst solution to the
dry support until the mixture starts showing signs of stickiness, at which point the pores are filled. The
solution is drawn into the pores via capillary action, a more efficient method of drawing the active phase
into the pores than diffusion. By knowing the pore volume of the substrate, a calculated loading of

catalyst can be added, also making incipient wetness a useful method for the addition of promotors.

A further development is vacuum pore impregnation, where any gas in the substrate pores is removed
via a vacuum. The incipient wetness method is then performed whilst still under vacuum, allowing for

higher levels of catalyst loading'®.

4.7.6  Other Synthesis Methods
Dozens of other synthesis methods exist, such as chemical vapour deposition, microemulsions, fusion
& alloy leaching and plasma spraying to name but a few. To go into detail on all these possible methods

would be beyond the scope of this work, but further information can be found in the extensive reviews

of Khodakov et al. and Rothenburg®!43,

4.8 Catalyst Choice

For syngas generated from biomass the composition tends to be low in H» and have an excess of CO
and CO,. Despite the higher activities of Co catalysts, the WGS activity of Fe catalysts can help to

avoid the need for extensive feed pre-treatment. Fe metal is also more widely available and cheaper
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than Co, compensating in part for its reduced lifespan. Finally, Fe catalysts allow for more flexibility
in reaction conditions and hence product variation. Simple, inexpensive, production methods that allow

a relatively narrow PSD are favoured, with impregnation methods that can be scaled up simply.

With these considerations in mind, it has been decided that this research would concentrate on Fe base
metals, promoted via incipient wetness impregnation. Reaction conditions will be kept in the milder
LTFT range at first, both reducing costs and rate of deactivation but allowing for a wider range of

conditions in future work.

An unsupported co-precipitated reference catalyst was initially produced to validate the experimental
rig and acts as a base for comparison. A novel foamed sol-gel catalyst matrix was then introduced,
promoted in the same manner as the reference catalyst. By using a foam matrix, the need for a catalyst
support is removed, with the active material making up the whole catalyst structure. The aim of this is
to remove any potential catalyst-substrate interactions which can cause catalyst deactivation with use.
Finally, by removing the support, recycling the catalyst base material after use is simpler, making the

catalyst production cycle greener.

The foamed catalyst must contain both micro and macro pores to allow efficient heat and mass transfer

whilst providing a high surface area for the reaction to take place on.

4.9 Reference Catalyst

The reference catalyst, taken from the literature, was used for the initial validation of the experimental
set-up. An Fe based catalyst containing 10% wt Zn, with 2% K and 1% Cu promotion, as described by
Martinelli et al. was chosen'#®. Once the generated catalyst was confirmed as satisfactory it was loaded
into the reactor and reduced at 270 °C and 1 atm using syngas at a rate of 6000 cm*(STP)h !gc.!. The
system was then slowly moved to the operating conditions given in the reference literature of 230 °C

and 31.6 barg.

4.9.1 Preparation

The reference catalyst was prepared via co-precipitation of Zn and Fe nitrates in a Zn/Fe atomic ratio
of 1:10. The nitrate mixture was added to an excess of ammonium carbonate, (NH4),COs, buffer
solution, acidified to pH 7 with nitric acid. The solution was maintained at pH 7 + 0.2 throughout the
precipitation by feeding additional (NH4),COs. After the base catalysts are produced, they were
promoted with Cu and K. The reagents used during the co-precipitation are detailed below in Table

4.1. Solutions were made to the desired concentrations using de-ionised (DI) water.

During preliminary catalyst production the nitrate and carbonate solutions were added as drops, with
the buffer pH being monitored with a handheld pH meter. The buffer solution was maintained at 80 °C
and stirred vigorously at a constant rate using a magnetic stirrer. After addition of all the nitrate solution

the stirring was stopped and the mixture left to settle for 1 hour. The liquid phase was decanted and the
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remaining precipitant washed five times with 0.5 litres of DI water each time, with the mixture being

allowed to settle for an hour and the clear liquid phase removed before the next wash.

Table 4.1: Reagents used to generate co-precipitated catalyst.

Reagent Concentration Purity Supplier
[M] [70]
Fe(NO3);.9H,0 3.0 100 VWR
Zn(NOs),.6H,O 1.4 98 Alfa Aesar
(NH3).COs 1.0 100 Lab 3 Limited
Cu(NO3)..3H,0 1.0 99 Acros Organics
K>CO;s 1.0 99 Alfa Aesar

The resultant precipitant was allowed to settle further overnight and another removal of liquid phase
made. The slurry was then dried for 12 hours in ambient air at 120 °C. Once dried the solid catalyst
was lightly crushed to reduce particle size and calcined in stagnant air at 350 °C (heating rate 1 °C min™)
for 1 hour. After calcination the catalyst was crushed and sieved to produce particles in the range

212-306 pum. This gives the preliminary catalyst before promotors are added.

4.9.2  Semi-Continuous Co-Precipitation

In order to improve reducibility and reduce the amount of buffer solution required for larger catalyst
batches the use of a semi-continuous co-precipitation rig developed by C. Patzschke was investigated'*’.
A schematic of the semi-continuous co-precipitation rig developed is given in Figure 4.7. Alterations
were made to include the use of a more accurate pH meter and an inline mixer designed to allow for
rapid inline mixing of the two streams. The rapid inline mixing reduced the residence time of the fluids
at precipitating conditions and ensured good mixing between the reagents, both acting to control the
PSD.

A proportional-integral-derivative (PID) controller written in Agilent Vee monitored the pH of the
buffer solution and controls two peristaltic pumps. During normal operation one pump is set to a
standard flowrate and the other solution flow is managed by the PID controller to maintain a set pH
value. Both feed solutions were also on hot plates and in this case, maintained at the same temperature

as the buffer solution.

The semi-continuously co-precipitated mixture was decanted, washed and crushed in the same manner

as the batch precipitated catalyst.
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Figure 4.7: Schematic of the co-precipitation rig, used to prepare larger batches of catalyst.
Reproduced with permission from C. Patzschke!¥.

4.9.3  Promotion

After calcination, 50% of the precipitated catalyst was promoted with Cu and K via incipient wetness
impregnation to atomic ratios of Cu:Fe = 0.01 and K:Fe = 0.02. Following each impregnation step the
catalyst was dried in ambient air at 120 °C for 12 hours, before being calcined in stagnant air at 400 °C

for 4 hours (heating rate 1 °C min™).

4.10 Foamed Catalyst

The foamed Fe catalyst is based on an unsupported, highly porous, Fe,Os material initially developed
for chemical looping. Transition metals show good activity for both FTS and chemical looping, with
both reactions also requiring high levels of reduction, maintained activity and mechanical strength'4S,
The Fe,O3 foam was produced using a foamed-gelcasting method, which, to the best of the authors

knowledge, is thought to be novel in FTS catalysis.

4.10.1 Foamed-Gelcasting
The foamed-gelcasting method was based on preliminary work done at ICL by Zheng ef al., combining
gelcasting and direct foaming. Several catalysts, pre-made to the method described below and

summarised in Figure 4.8, were kindly provided by Zheng ef al. for testing under FT conditions.

Fe,Os powder was first introduced into solution with DI water, dispersant, a cross linker and a solution
of monomers. Bubbles were generated by the subsequent addition of foaming agent, the solution was

stirred vigorously to aid regular bubble size distribution before the addition of a thickening agent,
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initiator and a catalyst which cause the monomers to form a cross-linked polymer gel. This gel structure
stabilises the foam, allowing the porosity to be maintained during drying. Before the gel sets the foam

was poured into a flexible silicone mould. Once set it was removed, calcined and crushed.

Fe,0; Suspension Foaming Gelation in mould Sintering and Crushing
Figure 4.8 Schematic of preparation method for foamed catalysts. Adapted with permission from Zheng et al. (in press).

Various Fe,Os foams were generated via this method. Varying particle size distributions were generated
through graded sieving. Two of these distributions, 106-300 um and 1000-1250 um, were taken to
investigate possible mass transfer effects, and two calcination temperatures, 950 °C and 1350 °C, to

investigate the effects on catalyst structure. The reagents used are listed below in table 4.2..

After calcination the foamed catalysts were promoted in the same manner as the co-precipitated catalyst,

described in section 4.9.3.

Table 4.2: Reagents used in foamed catalyst production.

Use Reagent Used

Bulk Material Fe,O3 Powder

Dispersant Ammonium Citrate Tribasic

Monomer N-Hydroxyethyl Acrylamide

Cross Linker N, N’-Methylenebis(acrylamide)

Foaming Agent Sodium n-Dodecyl Sulphate

Thickening Agent | Polyethylene Glycol

Catalyst N, N, N’, N’ -Tetramethyldiaminomethane
Initiator Ammonium Persulfate
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4.11 Nomenclature

Throughout the remainder of this work the various catalysts being tested are referred to using
abbreviations. Table 4.3 provides a list of the abbreviations used and a description of the catalyst being

referred to.

Table 4.3: Descriptions and abbreviations of catalysts used.

Abbreviation | Catalyst description

PreCat Unpromoted Fe:Zn co-precipiated catalyst, atomic ratio 10:1, particle size
212-306 pm.
Cat2K Promoted Fe:Zn:Cu:K co-precipitated catalyst, atomic ratio 100:10:1:2,

particle size 212-306 um.

950-106-P Foamed catalyst, calcined at 950 °C, particle size 106-300 um, promoted at
Fe:Cu:K atomic ratio of 100:1:2.

950-106-U Foamed catalyst, calcined at 950 °C, particle size 106-300 pm, unpromoted.
950-1000-P | Foamed catalyst, calcined at 950 °C, particle size 1000-1250 um, promoted
at Fe:Cu:K atomic ratio of 100:1:2.

950-1000-U | Foamed catalyst, calcined at 950 °C, particle size 1000-1250 um,
unpromoted.

1350-106-P | Foamed catalyst, calcined at 1350 °C, particle size 106-300 um, promoted at
Fe:Cu:K atomic ratio of 100:1:2.

1350-106-U | Foamed catalyst, calcined at 1350 °C, particle size 106-300 pm, unpromoted.
1350-1000-P | Foamed catalyst, calcined at 1350 °C, particle size 1000-1250 um, promoted
at Fe:Cu:K atomic ratio of 100:1:2.

1350-1000-U | Foamed catalyst, calcined at 1350 °C, particle size 1000-1250 pm,

unpromoted.
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5 Catalyst Characterisation

This chapter describes the material characterisation of the catalysts produced in chapter 4, performed
in order to determine relationships between preparation methods, material chemical and physical
properties, and catalyst behaviour in the FT reactor. Properties such as chemical composition, pore size

distribution, surface area and particle size are reviewed for each of the catalysts tested.

5.1 Methodology

5.1.1 Crystalline Phase Composition by X-ray Diffraction

Chemical phase composition analysis was performed on the crushed catalysts using powder X-ray
diffraction (XRD). The diffraction effect of a powered crystalline substance on a monochromatic beam
of X-rays result in constructive interference of the diffracted X-rays. Measuring the extent of diffraction
given at a range of beam angles, 20, generates diffraction peaks. These peaks can be used to calculate

the d-spacings of the sample and hence identify the element.

An PANalytical, X’Pert PRO instrument was utilised, using Cu-Ka radiation of wavelength
A =0.1541 nm, generated at 40 kV and 40 mA. The standard diffraction Bragg-Brentano geometry was
used, as illustrated in Figure 5.1 below. All samples were scanned in a 20 range of 10° to 80° with a
step size of 0.05°. Due to the small sample sizes available, samples were loaded on a graphite disk slide

mount.
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Figure 5.1: Schematic of the Bragg-Brentano geometry used.
Adapted from schematic by C. Patzschke'*” based on reference 149.

5.1.2  Surface Area and Pore Size by N; Adsorption
Physical N; adsorption experiments at 77 K were used to determine material surface area, pore size

distribution and cumulative pore volume of the catalysts. Approximately 0.2 g of catalyst per sample
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was first degassed overnight under a constant flow of helium at 120 °C to remove any adsorbed species

from the surface before being loaded into a Micrometrics TriStar 3000 instrument.

The sample tubes are evacuated before being cooled with liquid N and gradually filled with N> at 77 K,
by recording the sample tube pressure an adsorption isotherm is produced that can be used to calculate
the BET surface area, Sper, via the Brunauer, Emmett and Teller (BET) method'°. BET surface area
analysis has limitations, particularly at very low or high P/P, values, but also through the assumption
that adsorption occurs as a monolayer. In reality, N> adsorbs partially as multilayers, due to
adsorbent-adsorbate interactions'>!. This introduces error and deviations from the true surface area,

which will be accounted for in the analysis of the BET data.

The adsorption isotherms are also used to calculate the cumulative pore volume of pores between
1.7-300 nm, Vpore, and the surface area of the pores, Spore, using the Barrett, Joyner and Halenda (BJH)
method'®. The average pore diameter, dpore, is then calculated by dpore =4 Vpore /Spore- Again,
limitations occur due to imperfect filling of the pores with N», resulting from variations in pore

diameters and irregular pore shape.

Instrumental measurement error for Sger, Vpore and Spore 1S estimated using the standard deviation of

three repeated measurements of continuously co-precipitated catalyst from the same batch.

5.1.3  Surface Area and Pore Size by Mercury Intrusion Porosimetry
The combination of micro and macro pores in the foamed catalysts means that N»-adsorption analysis

is unsuitable for these catalysts, as an alternative mercury intrusion porosimetry (MIP) was instead used.

Pore diameter and volume are determined by forcing material into the catalyst pores at pressure. Since
mercury is non-wetting the pore diameter, dp, can be calculated as a function of the applied pressure
and surface tension using equation 5.1, the Washburn equation which assumes straight, cylindrical

pores.
5.1

The measurements are taken under vacuum at 20 °C, giving a surface tension, y, of 485 dynes cm™'.
The contact angle between the mercury and the solid, 6, is taken to be 130°, a value commonly used

when the angle is not specifically known'>*. P, is the externally applied gas pressure.

A Micromeritics AutoPore IV 9500 was used to perform MIP analysis on the foamed catalysts. Due to
the destructive nature of MIP analysis and limited sample availability, no repeat measurements were
performed and hence the measurement error is not quantified. Since MIP is not able to discern between
interparticle and interstitial porosity, a proportion of the pores seen will be due to voids between the
particles as they are packed into the sample tube. Pore sizes above the particle radius, rp, are taken as

interstitial porosity.
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5.1.4  Scanning Electron Microscopy

The surface structure of the catalysts was studied using scanning electron microscopy
(SEM) on a Zeiss Gemini 1525. A focused beam of electrons is used to scan the surface of the sample.
The interactions between the sample and the electrons can be detected as scattered electrons and X-rays

and used to create images of the sample surface.

Samples were loaded onto the SEM measurement tab using double sided carbon tape before being

sputter coated with approximately 5 nm of gold to improve conductivity.

5.2 Results

5.2.1 XRD

5.2.1.1 Co-Precipitated Catalysts

For the co-precipitated PreCat and Cat2K XRD analysis shows peaks for the a-Fe,Os (hematite) phase
as shown in Figure 5.2. The number of peaks and their intensity increases after promotion and
secondary calcination, with some ZnFe,O4 peaks also becoming apparent. This increase in crystallinity
after promotion was also reported by Martinelli ef al. and is possibly due to the secondary calcination

step causing additional sintering and crystallisation, resulting in a stronger reflection.
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Figure 5.2: XRD plot with arbitrary intensity y-axis of (4) un-calcined catalyst precursor and (B) calcined, promoted
catalyst compared to reference results from the literature'*® and reference XRD patterns for a-Fe>03 and ZnFe>Os.
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The peaks seen in Cat2K corelate well with those quoted in the literature for the reference catalyst,

suggesting a similar phase composition, predominately o-Fe,Os, as expected'*®.

5.2.1.2 Foamed Catalysts

XRD of the promoted foamed catalysts, given in Figure 5.3 and Figure 5.4, also show a clear crystalline
a-Fe>Os phase, with no other iron oxides phases seen. Peak numbers and intensity are very similar for
all the promoted catalysts, indicating that the calcination temperature does not affect the base catalyst
phase or crystallinity. It is not possible to say for certain what has caused the baseline shift seen in the
trace for 950-106-P. However, since the peak locations and intensities remain as expected for a-Fe,Os,

it is thought that this variation is due to the sample not being completely level within the mount.

Promotion makes little difference to the phase of the 1350 °C foamed catalyst, as shown by the very
similar traces given in Figure 5.5 for 1350-106-U and 1350-106-P. The higher initial calcination
temperature means the crystalline hematite phase is already formed before promotion. The secondary,
lower temperature, calcination causes no detectable physical variations. The same is not found to be
true for the 950 °C foams, shown in Figure 5.6, where the unpromoted 950-106-U catalyst shows
additional peaks that do not correspond with a-Fe,Os, nor with any substance in the Hi-Score
identification library available. The promotion and additional calcination stage, despite its significantly
lower temperature, appears to age the catalyst and give the a-Fe,Os phase seen throughout the 1350 °C

samples. Similar behaviour is seen for the larger particle sizes for both temperatures.
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Figure 5.3: XRD of foamed catalyst 950-106-P (red) and 1350-106-P (grey) and o-Fe20s pattern (blue).
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Figure 5.

4: XRD of foamed catalyst 950-1000-P (red), 1350-1000-P (grey) and o-Fe>Os pattern (blue).
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Figure 5.5: 1350-106-U (red), 1350-106-P (blue) and o-Fe:0s pattern.
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Figure 5.6: 950-106-U (red), 950-106-P (blue) and a-Fe>Os pattern.

5.2.2  BET - Co-Precipitated Catalysts

From Table 5.1 it can be clearly seen that the BET surface area and BJH pore volume are significantly
lower for the batch co-precipitated Cat2K samples compared to the continuously co-precipitated
catalyst. This is thought to be due to the reactants being added in a less controlled manner during batch
co-precipitation, resulting in a solution of varying pH and hence an altered state of
super-saturation — the driving force of precipitation. It is known that the pH and hence degree of
super-saturation of the solution can affect the physical properties of the particles precipitated'**. Batch
co-precipitation was therefore rejected as a preparation method for the reference catalyst after initial

BET testing.

Table 5.1: Summary of BET surface area, BJH pore volume and pore diameter for co-precipitated catalysts.

Sample Seer (M’g")  Vipore (em’g")  Spore (m’g™) dpore (nm)
PreCat - literature! 159 0.25 208%* 4.8
Cat2K - literature'4® 76 0.21 93* 9.0
Cat2K — batch 7.5 0.037 15 10.1
PreCat — continuous 45+0.8 0.24 + 0.0004 54+03 15.3+0.1
Cat2K — continuous 47+0.8 0.19 £ 0.0004 59+03 13.3+0.1

* Calculated from Vpere and d_pOre values using Spore = 4 Vpore / Jpore.
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Both co-precipitation methods give lower surface areas than the catalyst from the reference literature'*S,
but a comparable pore volume. The larger pore diameters give this volume with a smaller surface area.

Figure 5.7 shows similar pore size distributions for PreCat and Cat2K.
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Figure 5.7: Pore size distributions of PreCat and Cat2K co-precipitated catalysts.

The continuously co-precipitated catalyst created is not a complete match with that given in the
reference paper, however the method was followed closely with several repeats made, giving similar
results each time. It was decided to use the continuously co-precipitated catalyst in the experimental

rig in its current form as it can perform its function as a validation test.

5.2.3  MIP — Foamed Catalysts

MIP analysis indicates that the foamed catalysts have higher pore volumes and diameters than the
co-precipitated catalyst, with significant levels of porosity, as shown in Table 5.2. Calcination
temperature appears to influence the pore size and surface area, with the catalysts calcined at 950 °C
having smaller pore diameters and a higher pore surface area. Within the catalysts calcined at 950 °C,
the pore diameter also increases once promoted, resulting in a corresponding decrease of available
surface area and pore volume. This promotion effect is not seen in the catalysts calcined at 1350 °C,
with pore size, surface area and volume remaining approximately constant. It is speculated that the
higher calcination temperature allows for more structural changes to take place in the catalyst,
increasing crystal size and correspondingly reducing the number of micro pores present. After
promotion the catalysts were calcined again, but at a lower temperature of 400 °C. This secondary
calcination is unlikely to have caused significant change to the catalyst structure, but the promotors

themselves could block the smaller pores, resulting in the increased average pore size seen. Since the
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pores are already larger in the batch calcined at1350 °C the promotors do not cause any blocking, or

loss of surface area.

Table 5.2: MIP results for foamed catalysts

Catalyst Viore [emg!]  Spore [m?g™'] dpore [nm] Porosity
950-106-P 0.56 0.072 30648 0.55
950-106-U 0.98 1.998 1960 0.78
950-1000-P 0.29 0.17 6685 0.39
950-1000-U 0.96 2.040 1890 0.84
1350-106-P 0.64 0.021 121162 0.80
1350-106-U 0.53 0.018 116061 0.72
1350-1000-P 0.38 0.030 51174 0.57
1350-1000-U 0.33 0.026 51194 0.34

This is confirmed by MIP pore distributions shown in Figure 5.8, where the unpromoted catalysts
calcined at 950 °C, 950-106-U and 950-1000-U have a bimodal pore size distribution, with peaks seen
for small pores at 300 nm and at 90000 and 45000 nm respectively. The 300 nm peak relates to the
micro pores inherently in the structure, whereas the peaks at 90000 and 45000 nm are in the region of
the smaller particle diameter and will be a result of surface cracks and interstitial spaces as well as
‘bubbles’ within the larger catalyst particles generated through the foaming process. These ‘bubbles’,
caused by the gas produced during the foam generation, are broken during crushing of the catalyst into

particles of a comparable size to the ‘bubbles’ themselves.
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Figure 5.8: MIP pore size distribution for catalysts calcined at (4) 950 °C and (B) 1350 °C.
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On promotion the small pore peak disappears for 950-106-P and 950-1000-P, again indicating that these

small pores are blocked by the promoters.

For the catalysts calcined at 1350 °C no bimodal pore size distribution is seen, with only a peak for the
interstitial spaces and ‘bubbles’ apparent. Promotion of these catalysts doesn’t affect the pore size

distribution, correlating well with the consistent Spore and Vpore seen in Table 5.2.

5.24 SEM

SEM images of PreCat are shown in Figure 5.9, showing the irregularly shaped fractured particles. The
smaller particles visible are catalyst dust caused by attrition, the smaller particles preferentially stick to
the carbon tape due to their lower mass and volume. The particle surface initially appears smooth, but
on magnification it appears uneven with fine grains and a microporous structure on the sub-micrometre

scale. No macro pores are apparent, corelating with the BET results in section 5.2.2.

Figure 5.9: SEM images of PreCat

The SEM images of Cat2K in Figure 5.10 show that the particles do not alter noticeably with promotion.
Similar irregular shapes are seen at lower magnification, with a wider spread of particle sizes than for
PreCat. This spread is thought to be due to the SEM sample preparation method favouring smaller
particles and is not representative of the PSD of the entire batch. Upon further magnification the

microporous structure from PreCat is seen to be maintained.
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Unfortunately, energy-dispersive X-ray analysis (EDX) was not available for these samples, hence the

surface distribution of promotors cannot be discussed.

Figure 5.10: SEM images of Cat2K.

Figure 5.11 is a series of SEM images of (A) 950-106-U and (B) 1350-106-U, showing the highly
porous particles with large, uniform, partially spherical pores generated during the foaming process and
then fractured as the particles are crushed to size. Medium pores occasionally interconnect the larger
pores, providing paths for mass transfer within the particle. On magnification the effect of calcination
temperature on the macropore surface becomes apparent. For 950-106-U a rough surface is seen, with
a clear microporous structure apparent at the maximum magnification, confirming the bimodal pore
size distribution seen with MIP analysis. This microporous surface structure is not present in the
1350-106-U sample, where the macro pore surface is smooth and a streaked surface seen. This lined
appearance is typical of glasses, indicating that the surface has sintered sufficiently for the nanometre

scale grains to coalesce and the corresponding microporous structure to be lost.

Promotion of 950-106-U makes little visual difference to the structure, the surface morphology is
similar and the micro pores still visible at higher levels of magnification. Blocking of these pores with
promotor is not visible in Figure 5.12, however at the low Cu and K loadings on 950-106-P it is not
expected to be. Due to equipment availability SEM images of 1350-106-P were unable to be produced.

However, as 1350-106-U shows no microporous structure and at the same promotor loadings 950-106-P
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does not appear to have pore blockage, it is unlikely that the promotion caused any significant structural

changes to 1350-106-P.

Figure 5.11: SEM images of 950-106-U (images i-iii)and 1350-106-U (images iv-vi) showing the effect of calcination
temperature on the catalyst surface. The dark background in the first image of both A and B is the carbon backing tape.
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Figure 5.12: SEM images of A(i-ii) 950-106-U and B(i-ii) 950-106-P.

5.2.5  Grain size measurement

Individual grain diameters of the foamed catalyst samples calcined at 950 °C, shown in Figure 5.12
A(ii) and B(ii), were measured using an open source image analysis programme, ImageJ. The grain
sizes for the co-precipitated catalysts in Figure 5.9 and Figure 5.10 are too small to give a suitable
resolution with SEM to measure accurately. These are instead taken to have diameters of approximately
0.1-0.2 pm. The glassy nature of the 1350 °C foamed catalysts mean no grain boundaries are seen and

hence the grain sizes cannot be analysed.

The PSD for a randomly selected sample of 50 grains of both 950-106-U and 950-106-P, as shown in
Figure 5.13, were found to best fit a log-normal distribution. From this the mean grain diameter, (dp)m,
of 950-106-U was determined to be 0.45 um, with 95% confidence of falling in the range
0.40 pm < (dp)m < 0.50 um. The standard deviation for this sample is 0.35. For 950-106-P (d,)m was
found to be 0.55 um, with 95% confidence of being in the range 0.50 pm < (dp)m < 0.59 um. The

standard deviation is 0.30 for the promoted catalyst.
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Figure 5.13: Distributions of diameters for 50 randomly selected particles of
(4) 950-106-U and (B) 950-106-P, determined from Figure 5.12.

This slight increase in grain size with promotion suggests that the additional calcination time has caused
grain amalgamation and growth, altering the microporous structure and hence surface area of the

catalyst.

5.3 Conclusions
Thorough characterisation of the catalyst particles via various standard analytical techniques is a
necessary initial step in understanding catalyst properties. This in turn can enable catalyst tuning to

maximise desired behaviours and activity.

XRD analysis confirmed all the catalysts tested were composed of predominantly hematite, a-Fe>Os.
The co-precipitated catalysts also contain smaller amounts of ZnFe,Oa, correlating well with the
composition and crystallinity of the reference catalyst. Promotion, and the associated additional
calcination period, increased crystallinity of the co-precipitated catalysts. The higher initial calcination
temperatures of the foamed catalyst appear to have imported a degree of crystallinity on the unpromoted
catalysts not seen in PreCat. Additional calcination following promotion had negligible effect on the
foams initial calcined at 1350 °C, which show a strongly crystalline a-Fe;O3 both before and after
promotion. However, on the unpromoted 950 °C foams other crystalline phases are seen in addition to
a-Fe;O;. The additional calcination period after promotion appears to age the material, and a solely

crystalline a-Fe,Os structure is seen for the promoted 950 °C catalysts.
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The effect of the physical structure of the surface morphology of the catalysts was then investigated.
N, physisorption experiments at 77 K on the continuously co-precipitated catalysts suggest a
microporous structure with a BET surface area, Sger, between 45-47+ 0.8 m?g™!. Promotion causes a
drop in BJH pore volume, Vpore, from 0.24 to 0.19 cm®g™! for a similar pore size distribution, suggesting
the promotors are blocking some pores. Average pore diameters, dpore, remain similar for both PreCat
and Cat2K at 15.3 + 0.1 nm and 13.3 + 0.1 nm respectively, albeit both are more than 40% larger than
the reference value. The batch co-precipitated catalyst had a significantly lower Sger of 7.5 m?g’!, this

large deviation from the literature value meant it was not pursued as a viable production method.

The larger voids seen in the foamed catalysts mean BET analysis was unsuitable for use on these
samples. MIP analysis showed the foamed catalysts all had higher Vo, between 0.29 and 0.98 cm3g™,
but significantly smaller pore surface areas, Spore, Of less than 2 m?g™! due to larger pore diameters and
interstitial voids. For the foamed catalysts pore size is dependent on calcination temperature, with peaks
0f 300 nm and 45-90 um, representing the microporous surface and interstitial spaces, seen at the lower
calcination temperature of 950 °C. For calcination at 1350 °C the smaller pores were no longer present.
As with the co-precipitated catalysts, promotion appeared to remove the smaller pores, significantly
reducing Spore and removing the bimodal distribution seen for the 950 °C catalysts. The loss of pores
in the region of 300 nm for the 1350 °C foams is thought to be due to changes in the catalyst structure
itself rather than blocking by promotors, as suggested by the increased crystallinity seen in the XRD
results for 950-106-P.

SEM imaging confirms the microporous structure seen in all the unpromoted catalysts, bar those
calcined at 1350 °C, and clearly shows the larger, microporous, spherical voids generated as part of the
foamed catalyst production. The SEM images were in concurrence with BET findings that the surface
structure of co-precipitated catalysts does not alter significantly with promotion. For both PreCat and
Cat2K samples irregular shaped particles with rough, microporous surfaces are seen. Grain sizes were

estimated to be approximately 0.1-0.2 pm.

The foamed catalysts all show the macropores created by the bubbles generated during production. The
foams calcined at 950 °C also show a microporous structure, with mean grain sizes, (d,)m, growing from
0.45 pm to 0.55 pum following promotion. This increase in grain size correlates with the loss of smaller
pore diameters after calcination seen with MIP analysis for the 950 °C foams. This microporous surface
is not seen on the 1350 °C foams, where the surface is glassy with no apparent grain boundaries. Again,

this agrees with the significantly lower pore surface area, Spore, s€en in the MIP results.

These differences in structure and pore size of the co-precipitated and foamed catalysts will affect both
the available active sites and mass transfer through the particle, an important factor in fixed bed reactors

which can be diffusion limited.
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6 Fischer-Tropsch Reactions Over a Fixed Bed

This chapter presents an experimental study of reaction rates and product distributions of CO;
containing syngas over various iron oxide FT catalysts in a fixed bed reactor, as described in section 3.2.
Initially the reactor rig was validated by running with the co-precipitated reference catalysts, PreCat

and Cat2K, before testing of the novel foamed catalysts was performed.

The experimental equipment was run at low temperature FT conditions of 230 °C and 30 barg. Product

analysis was performed using a FTIR as well as both gas and liquid GC-MS/FID.

6.1 Methodology

The design and build of the apparatus utilised in this investigation is described in chapter 3. The

following analysis methods were used to characterise the products generated.

6.1.1  Fourier Transform Infrared Spectroscopy

Online Fourier Transform Infrared Spectroscopy (FTIR), as shown in Figure 6.1, was used to
continually analyse the composition of the gas exiting the reactor. This technique determines the
concentration of various species in a mixed gas stream by measuring the absorbance of infrared
wavelengths. By analysing the absorbance over a range of wavelengths the species present and
concentration can be determined by comparing against known calibrations and absorbances. A series
of mirrors increase the path length of the IR through the gas sample cell to increase achievable

absorbance with small sample volumes, reducing measurement response times.
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Figure 6.1: Schematic of gas phase FTIR.
A MKS MultiGas 2030 FTIR was used, with a 5.11 m effective path length and 1 Hz sampling rate.
The spectral resolution was from 0.5 cm™ to 128 cm™!. Standard multi-point calibration curves were
taken with known concentrations of a range of short chain alkanes and alkenes as well as CO and CO»

to create a unique calibration ‘recipe’ of similar composition and concentration as expected to be seen
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in the reactor off-gas. This calibration recipe is stored in the FTIR for use during each experimental
run. A background spectrum was also taken of dry N», allowing the high N> concentration of the off-gas

to be discounted in the composition calculations.

6.1.2  Gas Chromatography with Mass Spectrometer and Flame lonisation Detector

Gas Chromatography with Mass Spectrometer and Flame Ionisation Detector (GC-MS/FID) is an
analytical method for separating and identifying compounds that can be vaporised without
decomposing. It is comprised of two parts, the GC and the detector, either a MS or a FID, all parts are

shown in Figure 6.2.

The prepared samples are first vaporised if necessary and a small amount of the resulting vapour is
injected into a stream of carrier gas, typically helium. The vaporised sample and carrier gas mixture
then passes down a narrow capillary column. The relative affinities of the various components to the
stationary phase in the column result in individual column retention times and the various mixture
components eluting at different times. The stationary phase of the column is chosen depending on the
expected sample composition. By causing the components to elute from the column separately a more
accurate analysis can be made as the detector receives a purer sample, although some species do

co-elute. The eluted gas is then split and a small volumetric flow sent to both a MS and a FID.

The MS ionises the gaseous sample using a stream of electrons, causing the molecules to become
charged, or fragment into smaller charged molecules. The stream of ions then passes through an
electromagnetic field which first accelerates the ions and then causes them to deflect from their path.
lons of differing mass-to-charge ratios deflect at different rates. The relative abundance of the various

ions detected is used to identify the sample by comparing to known fragmentation patterns.

FID is often used for detecting hydrocarbon species. A hydrogen flame is used to generate ions through
pyrolysis which then pass through a pair of charged electrodes. The gaseous sample stream from the
GC is first mixed with a H, and oxidant stream before passing over the positively charged nozzle and
being ignited. The reduced carbon atoms are attracted to the negatively charged detector above the
flame. The number of carbon ions detected per unit time indicate the sample mass and hence the

probable species.
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Figure 6.2: Schematic of GC-MS/FID.

The combination of MS and FID analysis can assist where there are similarities between two species,

as the likelihood of both species behaving comparably in both techniques is reduced.

6.1.2.1 Liquid

A Shimadzu QP2020 GC MS/FID was used for the wax sample analysis. Toluene was used as the
carrying solvent and helium the carrier gas. The column was a 80 m long 0.25 mm diameter glass
column. The temperature was ramped to 380 °C over 720 minutes to allow good separation of the
species. A mix of known concentration of C7-Cyo alkanes was used under the same program to calibrate

the analysis.

6.1.2.2 Gas GC-MS

A gas phase Shimadzu GC-17A MS/FID was made available in late 2019 for testing the off-gases before
the FTIR. Helium was used as the carrier gas with a 30 m 0.25 mm glass column at 320 °C over
120 minutes. A gas mix of known concentration of C;-C4 in N, and separate gas mixes of Cs, C¢ and

C7 in N, were used to calibrate the analysis.

6.1.3  Experimental

During the experiments a simulated biomass sourced syngas was passed over a packed bed of catalyst
particles well mixed with an equal mass of quartz sand. Typical bed sizes were 0.4 g of catalyst and
0.4 g of quartz sand sieved to 200-300 pm. The catalyst mass used was limited to keep bed heights
below 40mm, as longer beds resulted in undesirable pressure drops of above 1 barg across the reactor
which may give rise to channelling through the bed. The quartz sand allows for a more even heat

distribution within the bed. The bed was kept in place using a plug of quartz wool at either end.

Once the mixture of catalyst and quartz was loaded the reactor was re-sealed and purged with nitrogen

before syngas was introduced at a rate of 6000 cm?(STP)h 'gea!. The bed temperature was then raised
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to 270 °C at a rate of 1 °Cmin’!, where it was held for 60 minutes to allow for reduction. After reducing
the catalyst in situ, the bed temperature was reduced to 230 °C and the pressure was increased to 30 barg
by the introduction of 48000 cm?*(STP)h 'gea! N2, Once these conditions were reached the reactor was

operated isothermally for approximately 100 hours to allow the reaction to achieve steady state.

To shut down the experiment the syngas flow was stopped, and the furnace switched off, allowing the
reactor bed to cool naturally. The pressure was reduced gradually in 0.1 barg increments under a
continuous N> flow in order that volatiles eluting at lower pressures could be measured. Online analysis
of the off-gases was performed by FTIR. Offline gas GC-MS/FID analysis became available in late
2019 through the loan of a machine by another group and was added to later runs to check for higher

hydrocarbon gases C;-Cs.

Due to the long running time of the experiments, repeats were only undertaken of the Cat2K and

950-106-U catalyst runs.

During the run it is expected that the FTIR would predominately see C;-Cs, as higher alkanes and
alkenes are liquid at the KO pot conditions, though it is expected that some heavier hydrocarbons would
be carried through by the excess N> flow. In order to collect heavier products from the KO pot the
pressure must be reduced, causing Cs-Cs to elute as atmospheric pressure is reached. It is therefore
expected that a gap from C4-Cs will be seen between the on-line FTIR measurement and the off-line
liquid and wax GC-MS/FID measurements. The later addition of gas GC-MS/FID was made to analyse

these shorter chain length molecules.

The operation of the reactor at low conversions of CO, combined with the very long reaction times and
collection of products at different points, meant that unfortunately it was not possible to calculate an

overall mass balance or atomic balances on C and O.

6.1.4  Effectiveness Factor
The effectiveness factor, 1, is used to indicate the extent of diffusion limitations in a porous catalyst
particle. Itis defined as the ratio between the observed reaction rate and the ideal rate at bulk conditions,

where diffusion can be assumed to be negligible.

In order to calculate 1 from observed reaction rates the Wagner-Weisz-Wheeler modulus, Mw, for

a spherical particle is first calculated.

My, = (rp/3)zri—/ci 6.1

Where 1, is the catalyst particle diameter, r; is the observed volumetric reaction rate, C; the

concentration of i and D, the effective diffusivity.
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The calculated Mw can then be used to determine n for each catalyst from correlations provided by
Levenspiel'®, with values of Mw below 0.15 indicating diffusion free reaction and a My greater than 4
signifying strong diffusion resistances. The effective diffusivity is calculated by Post et al. based on

the solubility of H in liquid filled pores'?.

6.2 Results and Discussion

6.2.1  Validation with Reference Catalyst

Once the experimental equipment was confirmed inactive for the FT reaction, as described in section
3.8, the rig was run with the reference catalysts, PreCat and Cat2K. This allows comparison with the
run of Cat2K from literature at the same reactor conditions. Ifthe results are similar, within the bounds

of error, then the reactor is deemed suitable for the accurate testing of novel catalysts.

Figure 6.3 shows the CO and CO: conversion, as a percentage CO/CO, converted from available
CO/COs, of PreCat and Cat2K over the course of the experiment, once reaction conditions have been
reached. It is clear that both precipitated catalysts are active for CO and CO; hydrogenation. CO
conversion initially drops in the early stages of the reaction; however, it then starts gradually increasing
again from approximately 20 hours on stream. CO, conversion decreases with increasing time on
stream. At approximately 60 hours the rate of change in conversion for both catalysts slows, suggesting
an approach to steady state. The noise seen in the CO and CO; conversion traces is partially due to the
inherent noise of the FTIR measurements and operation of the BPR. As described in Section 3.10.3,
the BPR opens periodically in small bursts to regulate the reactor pressure and can result in pulses of

varying concentration in the FTIR system.

Between 60-100 hours CO conversion stabilises at 9.0 % and 16 % for PreCat and Cat2K respectively,
similar to the 14.1 % steady state CO conversion reported for Cat2K in the reference literature (where
PreCat is not tested). CO: conversion between 60-100 hours is 12 % and 7.2 % for PreCat and Cat2K
respectively, again in line with the reference value of 8.9 % for Cat2K. Lower levels of CO, reactivity
compared to CO agree with literature results for promoted catalysts'3>!3¢  The drop in conversion levels
with reaction time is commonly attributed to the deposition of inactive surface carbon via the Boudard
reaction. Surface carbon species are necessary for the FT reaction and formation of iron carbides,
believed by many to be the active phase of Fe catalysts, however, inactive carbon deposition is a

competing process that reduces the number of available surface sites.
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Figure 6.3: CO and CO: conversion as a fraction of total conversion possible for PreCat and Cat2K
over a time on stream (ToS) of 0-110 hours..
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As found in other studies, the CO conversion is higher for Cat2K compared to the unpromoted PreCat,
however unexpectedly the CO, conversion is lower. The increased CO adsorption on the surface of
Cat2K is attributed to the effects of the K promotion, boosting CO conversion. This increase in

dissociative adsorption activity with K promotion has not been found to apply to CO,'4

, suggesting
that increased CO activity for promoted catalysts results in a damped CO; conversion through a lack of
surface sites rather than lower activity. The lower CO surface affinity of the unpromoted PreCat allows

a more equal amount of CO, conversion to take place.

Since Fe catalysts are active for the WGS reaction it is expected that some WGS will take place, altering
levels of both CO and CO». However, since both CO and CO, are present in the feed and can be utilised
in the FT reaction, it is not possible to confirm levels of CO/CO; conversion for the FT and WGS

reactions independently during these experiments.

Concentrations of C;-C; alkanes and water for PreCat and Cat2K, as measured by the online FTIR, are
shown in Figure 6.4. In this figure it can be seen that the concentration profile of the three alkanes
follow each other closely, with methane being the most prominent hydrocarbon product for both
catalysts, followed by ethane and propane. The concentration of water follows the same profile as the
hydrocarbons, particularly that of methane. This is expected as water is a byproduct of the addition of

CH, groups to growing chains or CH4 production, and methane is the primary product in the FT reaction.

Residual amounts of water remain in the FTIR even after 24 hours of purging with nitrogen. Taking a
baseline for FTIR measurements at this point resulted in a false zero for water concentrations, and
increasingly negative water concentrations being measured over the long reaction times. The baseline
of the measured water concentration is therefore adjusted with ‘zero’ being taken as the level measured
at the start of the experiment after reduction, allowing for the change in water concentration to be
measured. Typically this is an addition in the order of 300 ppm water, but can differ with varying
causes, such as room humidity, time the rig is left inactive before the run etc. Regardless of the base
level of water, Figure 6.4 shows that CH4 and H>O concentrations can be used as good indications of

general hydrocarbon production levels.

Hydrocarbon concentrations for the PreCat run increase gradually up to a maximum of 26 ppm CHj at
60 hours before decreasing slowly to 15 ppm from 60-100 hours. The drop in C;-Cs production is in
line with slight reduction of CO conversion between 60-100 hours. It is unsure whether the initial drop
in ethane production in the first 5 hours of running is a real phenomenon or a measurement error. As
the opening Cs concentration is slightly negative, it is suggested that the similar absorbance spectra of
the two molecules has caused the FTIR to incorrectly attribute low C, and C; concentrations solely to

Ca.
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Figure 6.4: C1-Cs alkane and water production rates for (4) PreCat and (B) Cat2K over 100 hours.
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Ci-Cs concentrations measured for Cat2K are higher throughout than those seen in the unpromoted
PreCat. The stabilisation period is longer and noisier and can be split into two segments between
0-30 hours where production levels are maintained and 30-80 hours during which C,-Cs concentrations
rise. After 80 hours the production levels stabilise at approximately 3 times the Ci-Cs production of the

PreCat run. Noise is seen in the C, trace during this final stable period, again suggesting an overlap

with the spectra of a similar product.

The overall mass of higher hydrocarbons produced when using Cat2K was also considerably higher
than for PreCat, with 707 mg and 54 mg wax produced respectively over the 100 hour experiments.
GC-MS/FID analysis was performed on the wax collected at the end of each run, the averaged

production rate of each product, including data for C;-C3, is given in Figure 6.5.
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Figure 6.5: Hydrocarbon mass production rates of (A) PreCat and (B) Cat2K
with respect to carbon number.
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As explained in section 6.1, C3-C; products evaporated during reactor depressurisation and so are not

seen during GC-MS/FID analysis.

A pseudo-carbon balance was performed for each experimental run, comparing the inlet and outlet
gaseous molar flowrates of C;-C; species throughout. The build-up of liquid and wax products within
the reactor system were not included as these were not collected continuously throughout the run,
resulting in an incomplete balance. This method accounted for approximately 85-90% of the C in each
experiment. The errors introduced by the exclusion of the higher C number products and low balance
percentages mean the pseudo-carbon balance was not deemed accurate or appropriate to include as an

analysis aid within this work and is hence not referenced in the later catalyst sections.

As seen with the C;-C; alkanes, production of the higher hydrocarbons increased with promotion. This
amplification in production is uniform throughout the product species and carbon chain lengths, with
olefins being the overall primary product, followed by paraffins and alcohols. As the chain length
increases beyond Css the olefin production begins to drop and paraffins become the largest product by
mass, however this drop in olefin production only occurs at the very top end of the chain lengths
produced, meaning olefins are still the main product overall. This concurs with literature results for
Cat2K, where olefins are the largest product mass up to approximately Cis, when olefin production

drops below that of paraffins'*.

The range of carbon numbers over which olefins and alcohols are produced is extended for the promoted
Cat2K, however the olefin to paraffin ratio remains similar for both catalysts, as shown in Figure 6.6.
As the chain length increases the olefin to paraffin ratios drop for both PreCat and Cat2K, from a peak
approaching 2.5 at Cs, to below 1 at C. Comparable behaviour is recorded for the literature catalyst,

where olefin to paraffin ratios (g/g) drop steadily approximately from 2.3 at Cs to 0.5 at Cas. 4
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Figure 6.6: Olefin: Paraffin ratio of hydrocarbon product with
respect to carbon number for co-precipitated catalysts.
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As discussed in section 6.1, due to the change in conditions on wax collection it was expected that chain
lengths below C¢ would evaporate before the wax sample could be tested. In actuality, even a short
delay between depressurising and testing of the waxes resulted in the loss of C¢ and C; compounds,
giving a lack of results for Cs-C;. In order to address this and the restricted FTIR accuracy with C4-Cs
compounds, gaseous GC-MS/FID was investigated. This became available for the PreCat run, showing
the presence of C;-C; in the off-gas, however, the split between paraffins and olefins could not be
achieved on the column available. Since the data is not available for all runs and is qualitative not
quantitative, it is not included in this analysis beyond acknowledgment of the presence of Ci-C;

products.

The combination of the higher chain lengths and greater production rate of Cs: species produced with
Cat2K results in lower Ci-Cs selectivities than seen with PreCat. Figure 6.7 shows the overall
distribution of mass is weighed towards the gaseous products for the unpromoted PreCat, whereas

Cat2K has lower C;-Cs selectivities and higher mass fractions of Cs+ products for all species.
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Figure 6.7: Mass fraction of product with respect to carbon
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The product distribution of FT product is often described using an ASF distribution, with the probability
of chain growth, a, as described in section 2.2.1. The natural logarithm of « is calculated by plotting
the natural logarithm of W, the mass fraction of chain length n, against n. The exponential of the best
fit slope can then be used to calculate a. A high o means an increased chain growth probability and
therefore reduced selectivity to gaseous products. Whilst this is beneficial for the production of liquid
fuels, the longer chain length products produced with a high a may need further treatment to produce

higher quantities of more valuable chain lengths.
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As discussed in section 2.2.1 a double ASF model is commonly used to account for high levels of CHy
and C,Hs production. The double ASF product distribution seems to fit best for the co-precipitated
catalysts, as shown in Figure 6.8, with o, taken as C;-Cs and a, as Cs+. This double ASF fit is also seen
in the reference literature for Cat2K. Table 6.1 gives the values for a; and o, calculated from the linear

trend lines fitted in Figure 6.8, as well as those calculated in the reference.

Table 6.1: o values for co-precipitated catalysts.

(03] o2
PreCat 0.68 0.90
Cat2K 0.77 0.89

Reference Cat2K 0.63* 0.89%*

*Reference o values for C;-Cs, o for C7:.146

The overall pattern given by Figure 6.8 is similar for both PreCat and Cat2K. Promotion increases the
value of a; from 0.68 to 0.77, agreeing with the lower C;-Cs selectivities seen for Cat2K in Figure 6.7
and close to the reference value of 0.63 for Cat2K. The slightly higher a; value calculated compared to
the reference is likely due to the smaller range of carbon numbers included in the calculation for a.
The known high selectivity of C;-C; without the predicted lower production rates of Cs-C7, causes o,

to be larger than it would be if these values were available and included.

However, promotion makes little difference for the longer chain lengths, with o> remaining similar at

0.89-0.90 for both co-precipitated catalysts, equal to the reference value of 0.89 for Cat2K!4,

Although the product distributions for PreCat and Cat2K are similar more product is generated over

Cat2K, as demonstrated in Figure 6.5. This results in a higher rate of conversion into hydrocarbons
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over the promoted catalyst, shown in Table 6.2. The steady state PreCat rate of CO conversion to
hydrocarbons is similar to that of the reference catalyst under CO and CO; containing syngas, whereas

the Cat2K rate is almost four times this rate.

Although notably higher than the reference value, the conversion rate of CO to hydrocarbons over
Cat2K is within the range of conversion rates listed for Fe catalysts in literature, where common
conversion rates between 1.6 and 86 mmolCOg.,'h™! are seen for Fe based catalysts!®’- 158 15967 The
particle size used for the reference catalyst work by Martinelli ef al. is not given, the difference between
the observed rates could be due to differences in experimental catalyst particle diameter with larger

particles introducing rate limitations.

Table 6.2: Conversion to hydrocarbon rates of PreCat and Cat2K at steady state.

mmolCOge'h' mmolHogea 'h!

PreCat 8.0 10.6
Cat2K 344 41.4
Reference Cat2K !4 9.0 -

Particle densities are not available for the co-precipitated catalysts due to equipment failures, therefore

the effectiveness factor is not calculated for Precat and Cat2K.

6.2.2  Foamed Catalysts
The four unpromoted foamed catalysts, 950-106-U, 950-1000-U, 1350-106-U and 1350-1000-U, are
first investigated, before the promoted foams, 950-106-P, 950-1000-P, 1350-106-P and 1350-1000-P

are reviewed.

6.2.2.1 Unpromoted Foamed Catalyst

Figure 6.9 below shows the CH4 and H>O outlet concentrations for the four unpromoted foamed
catalysts over the course of the experiments. As can be seen the levels of CHy4 detected are very low,
with each stabilising below 6 ppm. In section 6.2 it was determined that production rates of methane
and water can be used as indicators of catalyst activity and overall hydrocarbon production rates,

suggesting that the unpromoted foamed catalysts have little FT activity.

Both CH4 and H,O concentrations for 950-106-U and 1350-1000-U rise slightly over the course of the
experiment and end at slightly higher concentrations than the other unpromoted foams. This could
suggest they are marginally more active; however, the increase is minimal and therefore cannot be taken
conclusively. Negligible levels of higher hydrocarbons were detected by the FTIR and no liquid or

solid product was produced, confirming a low level of activity for all the unpromoted foams.
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Measured H,O concentrations are higher than CH4 concentrations for all four catalysts, though they
remain low compared to the water seen in Figure 6.4 for Cat2K. Over the initial ten hours of the run
the water concentration drops, in a manner similar to the drop seen in the first ten hours of the PreCat
run in Figure 6.4, and in a smaller way, the drop over the first two hours of the Cat2K run. This drop,
before stabilising at a low level in the case of 950-1000-U and 1350-106-U, or increasing slightly for
950-106-U and 1350-1000-U in line with their slightly higher CH4 outputs, suggests the purging of
residual water in the FTIR system which would normally be disguised by the production of water over

a more active catalyst.

Due to the low product levels measured the unpromoted foam runs were finished earlier than the normal
100 hours, allowing time for additional catalysts to be tested. Despite the shorter experimental times it
is clear that the catalyst activity is negligible, and no significant increases in productivity is expected

with longer run times.

Average CO and CO; conversions were not calculated as there was negligible change in the inlet and
outlet flows of CO and CO, measured. Small levels of conversion could be masked by generation of
CO and CO; through the WGS reaction, however the variation in CO and CO, concentrations measured

are within the scale of error of measurement for the FTIR and are therefore taken to be as zero.

The lack of gaseous products seen by the FTIR was confirmed with gas GC-MS/FID analysis performed
on a sample of outlet gas for 950-1000-U, with no C;-C; hydrocarbons seen.
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6.2.2.2 Promoted Foamed Catalyst

Unlike the unpromoted foamed catalysts, the promoted foams display a comparable level of activity to
the reference catalysts, with all experimental runs also yielding solid wax products. As expected, the
smaller catalyst particles, crushed to a size whereby mass transfer effects can be negated, have higher

production rates than their larger counterparts.

6.2.2.2.1 106 um pellet size

Comparing the same small particle size for the two calcination temperatures, we can see in Figure 6.10
that the 1350-106-P catalyst has lower levels of CO conversion compared to 950-106-P, but similar
CO; conversion rates over the 100 hour run. For 950-106-P the CO conversion increases over the first
25 hours online, before stabilising at a mean conversion of 16.5 %. The CO, conversion drops steadily
over the entire experimental period, from 16 % to approximately 10 %, in a similar manner to that seen

for Cat2K in Figure 6.3.

For 1350-106-P the CO, conversion follows a similar pattern to 950-106-P, with a slight drop in
conversion throughout from approximately 14 % to 11 %. However, despite starting at a comparable
rate, the CO conversion of 1350-106-P does not increase over the course of the in the same manner as

950-106-P, remaining relatively steady at 8.5 % throughout.
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In section 5.1.3 it was found that the higher calcination temperature of 1350 °C significantly reduced
the catalyst surface area compared to those calcined at 950 °C. SEM images in section 5.1.4 confirmed
the loss of the microporous surface structure seen in the 950 °C catalysts. This loss of potential active
sites is suggested to be the cause of the lower CO activity of the 1350-106-P catalyst shown in Figure
6.10.

In line with the higher CO and CO; conversion levels seen for 950-106-P, levels of Ci-C; and water
measured by the FTIR are also significantly higher than for 1350-106-P. Methane is the primary
gaseous product detected by the FTIR, followed by ethane and propane, as shown in Figure 6.11.
Production rates increase until the stabilisation period ends at approximately 30 hours, when C;-C;
concentrations stabilise at 75, 70 and 30 ppm respectively. A sudden drop, followed by a peak in
production of all species is seen at approximately 24 hours, this is when the KO pot was opened to
check for interim liquid products, during which the reactor is isolated and the downstream system
depressurised. No product was present in the KO pot at this point and after repressuring and connecting
the production rates of C;-C3 measured by the FTIR reach similar levels to those seen before the interim
product check. It was decided, due to the disruption to the trace and lack of product within the KO pot,

to avoid interim product checks for the remaining experimental runs.

As discussed above, levels of Ci-C; and water are lower throughout the 1350-106-P run, with a
maximum CHy concentration of 12 ppm reached. The catalyst stabilisation period is slightly shorter,
with C;-C; production levels levelling out at approximately 20 hours. As previously noted in Figure
6.4 for PreCat, the initial C; concentration in Figure 6.11B is negative and the primary measured product
C, instead of the expected C,. This is again thought to be due to C; absorbance being incorrectly

attributed to C, at low concentrations.

Interestingly the H,O concentration for 1350-106-P drops between 70-110 hours despite there being a
steady production of C;-Cs. It is suggested that this is due to the removal of the last of the low level
H,O from the FTIR gas chamber, known to take several days of continuous running with dry gas. With
higher H>O production rates this slow drop could be missed, as it is negligible in scale compared to the

concentration of H>O generated. A similar phenomenon was seen for PreCat in Figure 6.4.
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Although no interim product was found during the 950-106-P run, 210 mg of liquid and 1265 mg of
wax product was collected at the end of the experiment. It was the only experimental run for which a
liquid product was seen. Some soft wax solidified in the liquid phase after collection, this was dissolved

back into solution before testing in the liquid GC-MS/FID. The reconstituted liquid and solid phases
were analysed separately.

Figure 6.12 shows that the gaseous C;-C; products are still the most prevalent by mass, but high levels

of paraffins and olefins are seen in both liquid and solid product. The liquid product also contains a
range of alcohols.
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Figure 6.12: Mass production rates of (A) liquid and (B) wax product
with respect to carbon number from 950-106-P.
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The quantity of liquid product produced drops off with increasing carbon number, as expected due to
the increasing melting points of the higher carbon number products causing these products to solidify
into the wax phase. In the wax sample the mass of product is similar throughout the carbon range,
suggesting a high probability of chain growth. It is likely that higher carbon number products exist in
this sample but are unable to be seen on the GC-MS/FID trace due to the temperatures required for them

to elude being higher than the GC-MS/FID column allows.

Interestingly only the liquid sample contains any alcohols, this is suggested to be due to the increased
miscibility of alcohols in water due to the OH group. The liquid phase would have had a reduced
amount of aqueous and organic separation compared to the solid wax phase, meaning the liquid product

has a higher water, and hence alcohol, concentration than the wax phase.

Several other peaks were seen in the GC-MS/FID trace for the liquid sample, grouped in batches around
the double olefin/paraffin peak associated with each carbon number. It was not possible to confirm the
species responsible for these additional peaks as matching calibration mixes were not available,
however, from the species search function on the GC-MS/FID it is likely they are from other branched

hydrocarbons of the same carbon number and varying levels of saturation.

By contrast, the production rates for 1350-106-P are an order of magnitude lower than for 950-106-P,
as expected with the lower C;-C; concentrations seen in Figure 6.11B. A total of 7.3 mg of wax was
collected at the end of the run. A similar range of chain lengths is seen, with again olefins being the

main product species followed by paraffins and alcohols.
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Figure 6.13: Mass production rates with respect to carbon number for 1350-106-P.
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This suggests the differences in production rate are not due to altered characteristics of the catalyst, but
to overall catalytic activity. The significantly lower available surface area of 1350-106-P compared to

950-106-P, as seen in chapter 0, is likely the cause of this reduced activity.

Figure 6.14 shows that the olefin to paraffin ratio for both liquid and wax phases of 950-106-P remains
between approximately 1.5 and 2.1 until Cy9 of the liquid phase is reached, when the fraction of olefins
produced, and hence ratio, reduces. This behaviour matches that seen by both PreCat and Cat2K in
Figure 6.6, where olefin production above Cos also drops significantly. The fraction of higher chain
length olefins remains constant for the wax phase, suggesting a high catalyst a, with heavier products

in the wax phase that cannot be detected by the GC-MS/FID.
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Figure 6.14: Olefin:Paraffin ratio for 950-106-P liquid and wax phase products.
The olefin:paraffin ratio of 1350-106-P, shown in Figure 6.15 is between 0.5 and 1, marginally lower
than that of 950-106-P. It follows more closely the pattern seen in Figure 6.6 for the co-precipitated

catalysts, where the fraction of olefins decreases as the carbon number increases.
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Figure 6.16 gives the mass fraction of each product for the combined liquid and wax phases of
950-106-P. The high production rate of the higher alkanes, alkenes and alcohols results in relatively
low mass fractions of C;-C; products of 6, 15 and 11 % respectively. These figures are comparable to

those seen for Cat2K, with correspondingly larger fractions of the higher hydrocarbons seen.
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Figure 6.16: Mass fraction for combined liquid and wax products of 950-106-P.

These large mass fractions of higher chain length product unsurprisingly results in high o values for

950-106-P, as shown in Table 6.3 and Figure 6.17, where a, is again taken as C;-Cs and o, as Css.
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Table 6.3: ASF distributions of 950-106-P.

(03] o2
950-106-P Liquid 0.78 0.86
950-106-P Wax 0.78 0.91

The probably of growth for C;-Cs; matches the reference catalyst, Cat2K, where a; is 0.77. The value
of o, increases for the wax product as expected, due to the heavier components it contains. This o, of

0.91 is again very similar to the Cat2K o, of 0.89.
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Figure 6.17: ASF distribution of liquid and wax product phases for 950-106-P.
In contrast, the 1350-106-P mass fraction of C;-Cs products shown in Figure 6.18 is significantly larger
than for 950-106-P, with correspondingly low fractions of higher species. This high selectivity towards

C;-Cs is expected, given the low production rates of higher hydrocarbons shown in Figure 6.13.
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Figure 6.18: Mass fractions of product with respect to carbon number for 1350-106-P.

As expected with reduced production of the higher hydrocarbons over 1305-106-P, the value of o,
calculated from Figure 6.19, shown in Table 6.4, is lower at 0.63 than the other catalysts tested.

Table 6.4: ASF distributions of 1350-106-P.

o (V5]

1350-106-P 0.63 0.94

Unexpectedly however, the value of a, is higher than both Cat2K and 950-106-P at 0.94. This high
value, despite the low masses of hydrocarbons produced, again suggests that the low levels of
production are due to a lack of active catalytic sites rather than an alteration in the inherent catalyst

activity.
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Figure 6.19: ASF distribution for 1350-106-P.

As expected with the higher chain growth probabilities and overall production rates of 950-106-P the
conversion to hydrocarbon rates of 950-106-P are over an order of magnitude higher than 1350-106-P.
The CO conversion of 950-106-P is over twice that seen with the co-precipitated Cat2K at the same
conditions and in the top bound of the region found in literature for Fe catalysts in similar reaction
conditions, suggesting that the macropore structure created by the foaming process increases production

by reducing product transport limitations.

Table 6.5: Conversion to hydrocarbon rates, Mw and 1 values of 950-106-P and 1350-106-P.

mmolCOge'h!  mmolHage'h! My (Ha) n
950-106-P 73.3 86.0 0.368 0.95
1350-106-P 3.1 4.4 0.019 1.00

The same equipment failure that prevented measurement of the co-precipitated catalyst density
precluded densities of the foamed catalysts being taken. Work by Zheng ef al. (in press) on the foamed
particles however provided a measured porosity of 79.8% for particles calcined at 1050 °C, calculated
using bulk mass, volume and Fe;O; density. These were used to give an assumed foamed catalyst
density of 1061 kg m™. The assumed density was used to calculate My and hence 1 of each foamed
catalyst. The porosities measured using MIP in section 5.2.3 were not suitable for this calculation as

they do not account for internal pore volume.

Table 6.5 shows that both 950-106-P and 1350-106-P catalysts have low or negligible diffusion
resistances, indicated by n values approaching 1. The absence of small pores present in catalysts

calcined at 1350 °C, as shown in 5.2.3, is partially responsible for the lack of pore diffusion seen in
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1350-106-P, however the low diffusion resistances seen in 950-106-P suggests that the particle size also

a factor.

6.2.2.2.2 1000 um pellet size

The foamed catalysts were produced with the aim of improving heat transfer and activity in an industrial
bed by removing the need for a support material and instead using the catalyst as monolith pellets. For
this to be viable in an industrial environment without large pressure drops across the bed, the pellet size
must be increased, invariably introducing mass transfer limitations. In order to test the foamed catalysts

in more realistic industrial conditions the pellet size was increased to be between 1000-1250 pum.

As with the smaller catalysts discussed in section 6.2.2.2.1, a lower CO conversion is seen in Figure

6.20 for 1350-1000-P compared to 950-1000-P, but CO; conversions are similar.
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As with 950-106-P in Figure 6.10, 950-1000-P shows an initial increase in CO conversion to a
maximum of 16 % at approximately 60 hours on stream, close to the estimated intrinsic maximum of
16.5 % seen for 950-106-P. Interestingly, despite initially following a similar pattern, the level of CO
conversion is not maintained over 950-1000-P and drops from 16 % at 60 hours to 13 % at 100 hours.
This indicates that the catalyst activity is reducing over the course of the reaction. As with 950-106-P,
the CO; conversion drops throughout the experiment from 16 % to 12 %, once the catalyst has stabilised

it remains lower than the CO conversion.

Both CO and CO» conversions over 1350-1000-P drop very gradually over the entire reaction period,
as seen in Figure 6.20. CO and CO; conversions are lower than those over 950-1000-P throughout the
run. The conversion profiles imitate those seen for 1350-106-P in Figure 6.10, with CO conversion
dropping from 9 % to 5 %, and CO; conversions from 15 % to 10 %, and the CO, conversion higher
than that of CO throughout. This suggests the mass transfer limitations introduced with the larger

catalyst pellets are not the limiting factor for this catalyst.

Although the C;-Cs concentrations for 950-1000-P and 1350-1000-P shown in Figure 6.21 concur with
the indications made by the CO and CO; conversions in Figure 6.20, with 950-1000-P generating
approximately double the concentration of hydrocarbons compared to 1350-1000-P, the H,O
concentration profile does not follow the C;-C; profiles in the same way as for the smaller catalysts in
Figure 6.11. In both cases the H>O concentration remains below 300 ppm throughout, considerably
lower than the 700-900 ppm generated by both 950-106-P and Cat2K. The profile is also variable
throughout the reaction, including significant peaks that are unrelated to C;-Cs concentration changes.
This suggests that over these larger catalyst particles the generation of H,O through hydrogenation of
CO and CO is no longer the determining influence on H,O concentration. Offline GC-MS/FID analysis
of the gas produced from 950-1000-P confirmed the presence of C;-Cg hydrocarbons.

At the end of the runs 8.7 mg of wax was collected for 950-1000-P and 101.4 mg for 1350-1000-P.
Despite the slightly lower C;-Cs production levels for 1350-1000-P shown in Figure 6.21, the
distribution of solid products from Cio+ are similar for both catalysts as shown in Figure 6.22. The
Ci-Cs production rate for 950-1000-P however is significantly higher than that of 1350-1000-P, as
expected from Figure 6.21.
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Figure 6.21: Ci-Cs and H>O concentrations for (4) 950-1000-P and (B) 1350-1000-P.
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Figure 6.22: Production rates with respect to carbon number of (4) 950-1000-P and (B) 1350-1000-P.

As with all the other catalysts tested, for both 950-1000-P and 1350-1000-P, olefins are initially the

primary product, followed by paraffins and alcohols. As carbon number increases the ratio of olefins

to paraffins begins to drop. Beyond Csy the measured production rate for olefins becomes noisy, with

values for Cs, and Css notably higher than expected with the previous trend exhibited. It is suggested

these two results are due to noise between the olefin and paraffin peaks at these higher chain lengths,

causing false high readings of olefin production.
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The higher production rates of C;-C; over 950-1000-P result in a depression of mass fraction of the
higher hydrocarbons compared to 1350-1000-P, as shown in Figure 6.23. The largest product fraction

is Cs for both, for the smaller catalyst particles the main product by mass was Co.
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Figure 6.23: Mass fractions of (A) 950-1000-P and (B) 1350-1000-P.
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Figure 6.24: Olefin: Paraffin ratio for 950-1000-P and 1350-1000-P.

The similar product distribution of 950-1000-P and 1350-1000-P results in comparable olefin to paraftin
ratios between approximately 1 and 2 for chain lengths between Cio-Cso, as shown in Figure 6.24.
Longer chain length olefins are not seen for 1350-1000-P, and olefin production levels for carbon
numbers of 30+ over 950-1000-P drop significantly, as was previously seen for 1350-106-P and the
co-precipitated catalysts seen in Figure 6.15 and Figure 6.6 respectively. The noise seen for 950-1000-P

above Cs is due to the variations in olefin production rate discussed with Figure 6.22.
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Figure 6.25: Double ASF model for 950-1000-P and 1350-1000-P.

119



The probabilities of growth, a; and s, are calculated for 950-1000-P and 1350-1000-P from Figure
6.25 and shown in Table 6.6.

The short chain value, o;, of 950-1000-P is similar at 0.78 to that of both 950-106-P and the
co-precipitated catalysts at 0.77 and 0.78 respectively. The value for 1350-1000-P is higher at 0.84,
consistent with the larger mass fractions of higher hydrocarbons seen in Figure 6.23, compared to
950-1000-P. This increased probability for 1350-1000-P is not maintained for the longer chain lengths
though, with 950-1000-P having a slightly higher a, value of 0.94 to that of 1350-1000-P at 0.91.

Table 6.6: ASF distributions for 950-1000-P and 1350-1000-P.

o (V7]
950-1000-P 0.78 0.94
1350-1000-P 0.84 0.91

These variations are within the limitations of the calculation technique, particularly as Figure 6.25
shows it is uncertain whether the measurement for Cs should be included in the calculation for o or ao.
For continuity the carbon ranges for a; and o, have been kept at C;-Cs and Cs- respectively, as used for
the other catalysts tested. Allowing for the slight variations, values of o and o fr both 950-1000-P and
1350-1000-P match reasonably well with those calculated for 950-106-P and Cat2K.

Again, with the higher chain growth probabilities and overall production rates of the 950 °C catalyst,
the conversion to hydrocarbon rates of 950-1000-P are almost an order of magnitude higher than
1350-1000-P. The larger 1000-1250 pum particles of promoted foamed catalyst show a lower conversion
than their 106-300 um counterparts, suggested to be due to the introduction of mass transfer limitations

with the bigger catalyst pellets

Table 6.7: Conversion to hydrocarbon rates, Mw and 1 of 950-1000-P and 1350-1000-P.

mmolCOge,'h'  mmolHogea 'h! My (Hz) n
950-1000-P 28.9 394 5.33 0.19
1350-1000-P 5.9 7.3 0.99 0.85

The calculated values of n in Table 6.7 and Table 6.5 show that the diffusion resistances of both
950-106-P and 1350-106-P catalysts have increased significantly, with 950-1000-P experiencing strong
pore resistance. As discussed in section 6.2.2.2.1, the higher value of 1 for the foams calcined at
1350 °C is due to the absence of small pores in these particles. However, clearly the larger particle size

introduces diffusion limitations for both calcination temperatures.
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6.3 Conclusions

6.3.1 Reference Catalyst

Initial tests with the reference catalysts, PreCat and Cat2K, show that the co-precipitated catalysts both
have activity for the hydrogenation of CO and CO,. After a preliminary settling in period of
approximately 20 hours the CO conversion increases before becoming steady at approximately 60 hours
at 9.0 % and 16 % respectively, indicating that the catalyst is reaching a steady state of activity. The
CO; conversion slowly drops with time for both PreCat and Cat2K to 12 % and 7.2 % at the conclusion
of the 100 hour run. Literature values for steady state CO and CO, conversions over the reference
catalyst Cat2K at the same reactor conditions are given as 14.1 % and 8.9 %. These values are
considered to be within the scope of error calculated in section 3.10, particularly when the lower surface
area of Cat2K compared to that quoted in the reference paper is considered. The increase in CO and
CO; conversion rates with K promotions also correlates with the higher conversions recorded in

literature for a rise from 2% K to 4% K promotion.

FTIR traces for the lower hydrocarbons, Ci-Cs, and H,O confirm that the increased CO and CO;
conversion with catalyst promotion translates into increased hydrocarbon generation. For both PreCat
and Cat2K it is apparent that the pattern of production of these 4 species are closely related. This allows
the concentration of the two main products, CH4 or H>O, to be used as initial indicators of hydrocarbon

production and catalyst activity.

Offline analysis of the total product shows that promotion increases the production rate throughout the
range of hydrocarbons produced. As found in the literature results, CH4 has the largest product mass
fraction for both catalysts, and olefins are the primary product species overall. Olefin to paraffin ratios
of approximately 2.5 for both PreCat and Cat2K at Cs compare well with the reference value of
approximately 2.3 at Cs. Both experimental and reference ratios then drop as carbon number increases,

to below 1 at Cys.

A double ASF model is used to fit the product distributions for both catalysts tested, with o, taken as
Ci-Cs and a; as Cs+. Although o, increases upon promotion, from 0.68 to 0.77, o, values remain similar
at 0.90 and 0.89 respectively. These closely match the probabilities of growth in the reference of 0.63
for oy (C1-Cs), and 0.89 for o, (C7+). Conversion rates of CO and H, to hydrocarbons show that the
promoted Cat2K has a significantly higher conversion to hydrocarbons rate of 34.4 mmolCO ge.' h!
compared to 8.0 mmolCO g, ' h!.

In conclusion, promotion of the co-precipitated PreCat is shown to increase CO and CO; conversion
and hydrocarbon production rates without significantly altering the range of hydrocarbons produced.
Experiment results for the Cat2K run give similar production rates to reference data in literature for Fe

catalysts. Production patterns and probability of growth factors are deemed within experimental
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variation. The reaction rig is therefore regarded to be a suitable testing environment for further FT

catalysts.

6.3.2 Foamed Catalysts

The four unpromoted foam catalysts, 950-106-U, 950-1000-U, 1350-106-U and 1350-1000-U, show
little CO or CO; hydrogenation activity with conversion rates approaching zero. Small amounts of CH,4
were detected, with only 950-106-U reaching above 5 ppm CH4. Higher hydrocarbons were not
detected through FTIR or gaseous GC-MS/FID analysis, and no liquid or solid product was produced
for any of the unpromoted foams. It is concluded that the unpromoted foamed catalysts have little FT
catalytic activity and that the physical variations in the catalysts, e.g. pellet size and calcination

temperature, have little effect on the unpromoted catalyst behaviour.

The promoted foams, 950-106-P, 950-1000-P, 1350-106-P and 1350-1000-P, all demonstrated some
level of FT activity. CO conversion rates are higher over the catalysts calcined at 950 °C, with
maximum conversions of 16.5 % and 16 % reached for 950-106-P and 950-1000-P respectively. The
slight loss of CO conversion for 950-1000-P is attributed to the larger pellet size causing mass transfer
limitations within the catalyst particle, as shown by the reduction in effectiveness factor with increasing
particle size. CO conversions over the 1350 °C catalysts are notably lower, remaining below 10 %
throughout for both 1350-106-P and 1350-1000-P. This reduced CO conversion over the 1350 °C
foams is unsurprising considering the findings in chapter 0, where the increased calcination temperature
has resulted in the loss of the microporous structure and hence a significant reduction in surface area.
Since the CO must dissociatively adsorb onto the surface, the loss of potential active sites causes a

decrease in CO conversion.

CO; conversions remain similar for all four promoted foams, showing a steady decrease in conversion
over the experimental period. Initial CO, conversions are slightly higher for the 950 °C foams at
approximately 16 %, compared to those seen over the 1350 °C foams of approximately 14 %. This is
again attributed to the higher surface area of the 950 °C catalysts. The closing rates of CO; conversion
at the end of the experiments are all similar, in the region of 10-12 %. No discernible difference is
noted between the small and large pellet sizes, suggesting that CO; hydrogenation is not mass transfer
limited. This concurs with findings by Martinelli ef a/., who determined that CO; conversion is low in

an excess of strongly adsorbing CO'¢,

As expected from the CO and CO; conversions above, higher concentrations of C;-C3; and H,O were
measured for the 950 °C foams compared to the 1350 °C foams at both particle sizes. Increasing the
pellet size approximately halved the C;-Cs concentrations for each temperature group. Only 950-106-P
matched the C;-C; production of the reference Cat2K, which was maintained from approximately
30 hours. For the other promoted foamed catalysts, the H,O concentration measured was less than 50 %

of that generated with 950-106-P. For these a gradual drop in H>O concentration is seen in the final
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30 hours of the experiment. It is thought that this is due to residual H,O being slowly removed from

the FTIR gas chamber.

As the increased C;-Cs concentrations suggest, 950-106-P generated significantly more higher
hydrocarbons than the others. It was also the only catalyst for which a two-phase liquid/wax product
was seen. Production rates of C;-C; were higher for both the 950 °C catalysts, however Cs+ production
remained largely similar for all except 950-106-P which was 2 orders of magnitude higher. This led to
a notably larger selectivity to Cs+ products over 950-106-P compared to all the other catalysts. The
higher C;-C; production for 950-1000-P, despite generating a similar quantity of higher hydrocarbons
to 1350-1000-P, resulted in higher CH4 selectivity. The high overall activity of 950-106-P resulted in
CO and H: to hydrocarbon rates over double that of the validation catalyst, Cat2K, at
73.3 mmolCO g, h! and 86.0 mmolH, geo ' h'l. The effectiveness factor for 950-106-P was found to
be 0.95, indicating that this particle size had low diffusion resistances and gives a close to intrinsic
reaction rate. Rates were also high for 950-1000-P, matching the Cat2K values at
28.9 mmolCO g, ' h'! and 39.4 mmolH, ge. ' h'!, despite being larger particles and displaying transport
resistances as shown by a reduced effectiveness factor of 0.19, indicating strong pore diffusion. This
suggests the promoted foamed catalyst calcined at 950 °C has an inherent activity over four times that

seen in the reference Cat2K.

All catalysts generated olefins as the primary product, followed closely by paraffins and alcohols.
Olefin to paraffin ratios began to drop for chain lengths above Cas. A double ASF model was used to
fit the product distributions for all the catalysts tested, with o, taken as C;-C; and a» as Cg. as per the
reference catalysts in section 6.2. The four promoted catalysts gave similar probabilities of growth,
with a; in the range of 0.77-0.84 for all bar 1350-106-P which was low at 0.63. This lower value is
probably due to the lack of measurement points from which to generate a best fit line. Values for a»
were all in the range 0.86-0.94. These values of a are close to that measured over the reference catalyst,
where o; was 0.77 and o 0.89. The lack of change with pellet size and calcination temperature suggests
that the reaction mechanism and intrinsic catalyst activity is not drastically altered by these features.
Far more limiting is the reduction in surface sites on catalysts calcined at 1350 °C, and mass transfer

limitations introduced with larger pellet size.
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7 Modelling the Fischer-Tropsch Reaction Over a Fixed Bed

In order to design and operate a reactor optimally, knowledge of the reaction itself, and how it will
respond, is required. Mathematical models can allow predictions of reactor behaviour to be made before

finalising the design or making operational changes.

This chapter presents two reaction models for FTS over a fixed bed, allowing for contraction of the gas
phase and consequent reduction in velocity during reaction. The initial model is a simplified
pseudo-homogeneous isothermal reactor, assuming steady state. The model is then expanded to include
solid catalyst particles, temperature variations and allow the investigation of dynamic responses to

reactor conditions.

7.1 Introduction

7.1.1 Model Types
Many models of the FT reaction currently exist, covering a variety of features, reactor types and
complexities. For fixed bed reactors however, there are several basic classes of model with varying

complexity. Some types of existing FTS models are briefly reviewed below.

The simplest model is the one-dimensional pseudo-homogeneous model, in which the effects of heat
and mass transfer are assumed to be common for the reactants, products and catalyst. Temperature and
concentration differentials are only considered in the axial direction, usually with no axial diffusion
accounted for. The kinetics employed here vary from simple power laws'®, to more complicated FTS
specific rate expressions such as the Yates-Satterfield model'®'. Since these models do not account for
the catalyst phase or axial diffusion they are often used when the temperature profile of the reactor is
not important or mass transfer limitations are deemed insignificant. This allows the models to solve
quickly and means different reactor types can be compared under the same model'®!. They are useful
to validate reaction kinetics; however, they lack accuracy due to the assumption that reaction properties

are independent of temperature and reactor location.

The addition of a second, radial, dimension to the pseudo-homogeneous model increases the accuracy
of the heat and mass transfer predictions, however without considering the catalyst phase this benefit is
limited and does not always account for diffusion of heat and mass in either or both directions'®?. The

common use of simple expressions for reaction rate also limits the gain from the second dimension'®.

Next is the inclusion of separate mass and energy balances for the solid catalyst to produce a
heterogeneous model. The temperature and concentration within the particle can either be assumed to
be constant, taking account of interfacial gradients only, or integrated in the balances giving interfacial
and intraparticle gradients. Although this gives a more realistic representation of the variations in

concentration and temperature, the models are still limited by the accuracy of the reaction kinetics, such
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as the simplified power law'®*, Radial variations are not accounted for and therefore reactors designed

to validate these models must be designed so that radial flow profiles are close to ideal'®>,

Finally, the inclusion of a second dimension to the heterogeneous model gives yet more detail. The
most complex models account for axial and radial diffusion of heat and mass, as well as intraparticle
transfer limitations. The additional complexity can make the model cumbersome and unwieldy,
particularly if dynamic responses are of interest. Often to reduce the processing power and time
required the reactions kinetics are simplified, meaning these models are perhaps better suited to

evaluating thermal behaviour than for validating kinetic models.

7.1.2  Variable Density Reactions

Other considerations to account for when choosing a model are the reaction type, phase and conditions.
These affect the reaction behaviour and can result in different aspects of the model, e.g. heat transfer,
being of particular interest. In this case, the FT reaction is a polymerisation reaction, with dissociatively
adsorbed CO and H> reacting on the catalyst surface to produce chain initiators (CH3) and methylene
monomers (CH,) which insert into growing hydrocarbon chains. In order to produce a single alkene
molecule of carbon length n, 3n reactant molecules are required. Although the ratio for a mix of
hydrocarbons is slightly different, the overall result is that FTS is a contracting reaction, with fewer
moles of product generated than moles of reactant consumed. Condensation of products, as is common
in a gas-to-liquids reaction like FTS, further exacerbates this volume reduction, as the liquid specific
volume is negligible to that of the gas. The extent of the contraction is dependent on the type of product
and the chain length of the final hydrocarbon produced. In a fixed bed reactor with plug flow this

results in a reducing gas velocity down the reactor bed

Since the FT reaction is also highly exothermic, the reduced volumetric flowrate means that the heat
generated through the reaction is concentrated in a smaller section of the bed. This concentration of
heat can cause hot spots within the bed, this can both damage the catalyst but also alter the highly
temperature sensitive product distribution. In extreme cases, runaway reactions can develop as the
reactor temperature profile becomes unstable. Levenspiel described a graphical design method
accounting for variable density in gaseous systems using the expansion factor, €, and using a key

reactant to model the conversion'®!. The expansion factor can be calculated by

Vfinal ~Vinitial
&= final” Tinitial 7.1

Vinitial
Where v is the volumetric flowrate. It has been suggested that the added complexity and need for design

charts means that the density variation is often ignored in industry'¢.

In the course of an extensive
literature review only the Turek group were found to utilise an FT model accounting for contraction on
reaction. The Turek model was used to review novel reactor types and does not address dynamic reactor

behaviour or temperature excursions'®’.
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Density variations can cause changes in reaction rates, temperature and therefore product distributions
for an exothermic, temperature sensitive reaction such as FT. It was therefore decided to produce a
model that accounts for contraction and allows a dynamic assessment of the response to reaction

conditions.

7.1.3  Transient Responses and Wrong Way Behaviour
Packed bed reactors can undergo interesting transient responses to changes in conditions that can only
be investigated through dynamic analysis. Of particular interest is the inverse response of bed

temperature to a sudden change in an inlet variable, known as wrong way behaviour.

The occurrence of wrong way behaviour in packed beds has been studied since 1966 when Crider and
Foss first predicted the inverse response'®®. The shift is caused by differences in the transfer speeds of
temperature and concentration changes down the reactor due to the high thermal inertia of the bed. This
causes the mass front to propagate more quickly along the bed than the thermal front, resulting in an
isothermal pseudo-steady state at the inlet of the bed which slowly develops into the true steady state
response. Evidence of wrong way behaviour in a fixed bed was later observed experimentally by
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Sharma and Hughes for the oxidation of carbon monoxide'®” and Doesburg and De Jong in the

170

methanation of carbon monoxide and carbon dioxide' ", amongst others.

A typical example of wrong way behaviour is shown in Figure 7.1, where the dynamic response to a
drop in dimensionless inlet feed temperature from yg to yp, is modelled by the one dimensional

heterogeneous model described by Luss et al.'®

. The progression of the temperature transient along
the dimensionless axial position is clearly visible, as is the wrong way behaviour, where a drop in feed
temperature produces a temperature peak higher than that seen in the original steady state. This peak

moves along the bed axially as dimensionless time, t, increases and the new steady state is reached.

The wrong-way behaviour develops as the entry section of the bed is cooled by the lower temperature
feed, giving a reduced extent of reaction in that section of the bed. This results in a higher concentration
of reactants moving along to areas where the bed has not yet cooled, heating the unreacted feedstock
and igniting reaction. Since the reaction begins with a higher concentration of reactants than normally
seen in that area of the bed, the change in temperature due to reaction is more extreme and gives a
temperature peak in the case of exothermic reactions. This temperature peak moves along the bed with
the concentration front, the thermal front caused by the cooled feed follows at a slower velocity, moving

the bed to its new steady state.
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Figure 7.1: Dynamic wrong way response to drop in inlet feed temperature, yy, as modelled by Luss et al.
Reprinted from AIChE Journal, vol. 35, 7, Luss et al.'*?, copyright (2004), with permission _from Wiley.

Sinai and Foss later showed that the transient response of a packed bed is determined by the ratio of the

thermal wave velocity to the fluid velocity'”!

, which was expanded upon by Kulkarni and Dudukovic
to explain that a short characteristic heat transfer time relative to the characteristic reaction time allows

the reactants to heat appreciably before any significant reaction takes place'’.

The differences in the propagation speed of these fronts within the bed have implications for the
operation of fixed beds during transient periods such as start-up, shut down and feed alterations!”>. This
is particularly true for gas-solid reactions common in industry where the solid phase often has a heat

capacity three orders of magnitude higher than that of the gas phase!®*.

Luss ef al. have produced extensive work on the influences of wrong way behaviour, investigating the
benefits of heterogeneous over pseudo-homogeneous models, the effect of interphase transport'®?,
reaction type'”’, subsequent reactions and reactant/support interactions'’*. Chen and Luss also looked
at the effect of intraparticle resistances'’®, Almeida-Costa ef al. investigated intraparticle conversion'”,
whilst Dudukovic et al. looked at heterogeneous reactions taking place in both the solid and gas

phase'®,

The work done by Luss ef al. on dynamic responses of packed beds found that a one
dimensional heterogeneous model accounting for axial diffusion allowed accurate predictions of
transient behaviour even in reactions that experience multiple steady states!’®, with a second dimension
significantly increasing computational complexity without particularly altering temperature profiles.
This assumption remains valid for small diameter beds, where the radial temperature gradient is

negligible compared to the axial variations.
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Changes in several inlet variables can give rise to an inverse temperature response, including feed
temperature, concentration and flowrate!®"1%2, The following sections will focus on the more common
occurrences in industry, loss of feed heating or feed flow. These situations are encountered regularly

during start up, shut down and whilst varying conditions during normal operation.

7.1.3.1 Temperature Variation

The most common cause of wrong way behaviour documented in literature is a drop in feed temperature.
Under certain conditions this can cause a high temperature peak to travel down the bed as a plug of
unreacted feedstock gains sufficient heat from the hot bed downstream to begin reacting, before the
new steady state profile is eventually reached. Key parameters affecting the magnitude of the inverse
response to a sudden inlet temperature drop were found by Mehta et al. to be the adiabatic temperature

rise, wall temperature, activation energy, heat transfer and the magnitude of the temperature drop'”’.

7.1.3.2 Loss of Feed Flow

The majority of the literature looking into wrong way behaviour focuses primarily on changes in feed
temperature, however a well-known dangerous operating point for exothermic reactions over fixed beds
is when the reactor is shut in, for example during a reactor block-in trip or unexpected shutdown. When
this happens the feed gas is largely stationary over a still hot bed, allowing for overheating and reaction
of the stagnant feed, and can result in localised temperature excursions. To exacerbate matters, the feed
valve is often significantly upstream of the reactor, giving a dead volume of unreacted feed gas upstream
of the catalyst bed, as demonstrated in Figure 7.2. This volume of unreacted gas enters the reactor
slowly as it mixes and expands due to heating, and in the case of contracting reactions, the downstream
pressure falls. Tight shut off in large industrial scale upstream valves is also difficult to obtain and so
often a small flow of feed will leak through to the reactor. Typical leakage rates expected in industry

can range from 1-10% of design flow depending on the valve specifics.

<

Dead
Volume

xf Catalyst
Bed

Figure 7.2: Schematic of dead volume of gas available for reaction on a feed trip.
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In industry pilot plant experiments are usually performed to determine the extent of any temperature
changes'’®. The level of testing required to accurately predict reactor behaviour is expensive and time

consuming, a suitable model can reduce the number of, intensity, and hence cost, of live testing required.

Although many of the studies into wrong way behaviour reviewed above looked at heterogeneous
catalytic systems, none considered the effect of variable velocity seen in many gas phase and gas to

liquid reactions such as FT that are common over fixed beds.

This chapter aims to remedy this by examining the effect of contraction on dynamic responses to inlet
conditions over fixed beds using a dynamic model derived for the purpose. The dynamic model refers
to work done by Luss et al. and is extended to allow for temperature-dependent gas density and gas

contraction during reaction'’s.

7.2 Steady State Isothermal Pseudo-homogeneous Model

A simplified homogeneous one dimensional model of the FTS reaction was initially derived, estimating
the steady state concentration profile within the bed and modelling the effect of contraction.
Pseudo-first order kinetics were assumed, taken from work by Post et al. on fixed bed FTS limitations

which gives the rate equation below!”.

-rco = kcoCua'Ceo” 7.2

Where kco is the rate constant with respect to CO (m*.m>cat.s?) and C; the concentration of

i (mol.m™). Since the rate is independent of Cco the model only need feature Cia.

Ruthven describes a non-isothermal axially dispersed fluid, packed bed, steady state plug flow model

for species i '*°, as shown in equation 0 = — aa_z ucy) + (1;5) 7 7.3.
L9y 4 0D
0=-= uc) + T Ti 7.3

Where z is segment length (m), u interstitial fluid velocity (m.s™), € the bed voidage and r; the rate of

generation of i (mol.m>cat.s™).

Since the pressure drop down the bed is negligible compared to the inlet pressure, it is assumed that the
reaction pressure is maintained during the reaction, meaning the volumetric flow will reduce as the
gaseous reactants are converted to significantly denser liquid products. Levenspiel gives X, the extent
of reaction, as a factor of molar flowrates in and out of a segment, which can then be described using
volumetric flowrates and hence interstitial velocities'®!. Rearranging this to include the expansion
factor, g, gives C; as a function of &;:

.0
L0 (1+¢€iX;)

Ci=C

7.4
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a-=9
§

The derivative of equation 7.4 is used to modify the terms of equation 7.30 = —%(uCi) + T;

7.3 to be in terms of X.

Simplifying the resulting equation, neglecting axial diffision and defining the characteristic length, Z,
then gives the complete, dimensionless model.

_ (A+eX?Pox; L (1+&X)* (1-9)
(1+g) 8Z  wuy (1+g) &Cip 't

0= 7.5

Where the dimensionless axial length is described as follows, with L as the total bed length (m).

7 == 7.6
L
Post et al. described the rate of H» consumption in the FT reaction in terms of the usage ratio, UR, of

H,/CO, which allows the conversion between kuz and ko '7°.

(1-Xu)
TH = —URkCOCH = _URkCOCH,Oﬁ 7.7
_ _ (+enXy)® Xy (1+egXp)(1-Xy)
0= (1+ey) 0z +Da (1+ep) 7.8

Where Da is the Damkohler number, relating the reaction rate to the mass transport rate:

Da =229 yRri,, 7.9

uy §
The model can be further manipulated to portray the extent of reaction down the reactor bed at steady

state by simplifying and integrating equation 7.8 with respect to Z. The result is given in equation 7.10.

7.3 Dynamic Model

In order to give a more complete, dynamic, analysis, the pseudo-homogenous model was further

developed to produce a one dimensional, heterogenous model including axial diffusion.

Since the heat transfer within the catalyst particle is rapid compared to the interphase transfer, the
particle is considered isothermal. Concentration changes within the particle are also faster than both
concentration and temperature changes in the bulk, so the particle concentration is also assumed to be
in a pseudo-steady state with respect to temperature. An isothermal effectiveness factor is therefore

used to model the particle concentration profile, and the particles are modelled as spherical pellets'®*.

The variation in the volume of a plug of gas as it passes down the bed, and hence interstitial velocity,
u, of the plug is taken into account by including an equation describing the variation of u with respect

to both reaction and reactor temperature, assuming ideal gas behaviour and constant fluid heat capacity.

Assuming a first order, irreversible, surface-based reaction that experiences expansion, €, the following

mass and energy balances referencing the hydrogen mol fraction can be derived.
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XHZ
d(VM) __1

dt

T (ppey) = LLLATD 4 ALT

XH
k,, (_25 _
Vm

%(ppCst(l - E)) =h(T —Ty)

d(”)

xﬁu)
Vm D (1 dxH\ 1 — km3(14)
dz 3 (VM dz )dz + (tzs tz) €rpVm i
3h(1 &) 2hw
daz fd2+(T_T) +(T _T) ne
E
x
) (1= )2 = (ko 2kl e
-E
3(1—5) n n(ys)ko%e(’*_“)(_AH) 7.14
) Ms
XHys _tz 3(1-%)
= ey, (S22 - 32) 2 "

To assist with modelling purposes these equations are then non-dimensionlised to produce the mass and

energy balances used in the model, below.

1d(

Le

1dy
Ledt

% (tzs

(1-

a(w)

az

n(s)

1 d(xH2u’y—) +L(&dxH2)i+( B )M& .
- u;: dz Pey \y dz daz xHZS tz y .
1d(yu) | 1 d%y
waz Tregazz T s —y)H + O — U 7.17
25 o (5735
—xXy,) = IICE yr ¥s 7.18
1 Yr (1 1)
)d‘r (yS) = (y yS)H + B n(ys)tzse yro Vs 7.19
- Z_iMS% (xu, = Xi,s) 7.20
= @3—2(¢s60th¢s -1 7.21
S

Where the dimensionless groups are described as follows;

RT

Y=

()2

z

7 =
L

Le =1+ (1=-8)pscs

prcss
M= 3k L(1—€) H= 3hL(1-§)
Tqu Tpupprf
PRERCI) T
EVmsprcs M= p,
Pe. = Luppgcy _ 2hyL
H Aq TpURPfCF
M:ﬁ:e_l/yr u’:l
ko Lk Uy
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ﬁ, _ ﬁ& 2 _ Tz?k(YT) _ r}%uF
Vr 0 D DL

@g = (D(z)el/yS_l/Yr
A full derivation of the dynamic model is given in appendix B.

As per the dynamic modelling work of Chen and Luss, the dimensionless mass transfer, internal and
external heat transfer and reaction parameters are taken as M, H, U, and B’ respectively'®?. The

effectiveness factor, 1(ys), describes the concentration profile within the particle.

The subscripts, s, 0, F and f refer to the particle surface, initial reference, feed and fluid respectively. A
reference dimensionless temperature, y:, is chosen where k(y:) = u/L in order to simplify the particle

balances and scale the exponential term in the Arrhenius equation for computational ease.

Since the mass and energy balances refer to the mol fraction of hydrogen, xu2, the overall mass balance
in equation 7.15, which describes the dependence of gas velocity on temperature and extent of reaction,
must contain a scaling factor, S, which relates the consumption of the reference reactant to the overall
change in the number of moles. For a general reaction containing inert gases, I,
aA(g) + bB + il — cC +il, where the reaction is described with respect to component A, the scale
factor, S, is given by:

_ (c+i)—(a+b+i)
- a

S 7.22

Inclusion of non-participating components is important as although not active in the reaction, they affect
the fractional change in total mols as reaction takes place, and hence the density variation. The scaling

factor is related to the contraction through the feed mol fraction of the reference component, in this case

&
Xaf, Where § = — .
fo

The boundary conditions are derived using Danckwerts’ criteria, specifying diffusion and convection

at the inlet and a zero-slope condition at the outlet'®*. This gives the following boundary conditions:

I atz'O 1 U

Up yo =u0X0_quf at Z=0
Pey 0Z Yo Vf
u—IO%=u’y —u'ry at Z=0
Pey 0z 050 rf
6xH2 _a_y_ _
Y "= 0 at Z=1

7.3.1 Variable Feed Flow Modification
In order to replicate a reactor block-in trip, equations 7.16 to 7.20 need to be re-dimensionalised with
respect to time to access the feed velocity term. This results in the use of modified

pseudo-dimensionless parameters, M’, H’ and U’, also with feed velocity removed, giving a single
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variable, ur that can be suddenly reduced at # = 0 in the model to simulate the trip. A full derivation is

given in appendix C.

$L @ = TUr d(xH;;,yy_r) Peer (% dZZZ) d_lz + (Xpys — xHZ)M'% 7.23
LI = —y, L) F oSk O = DH + O = U’ 7.24
% (tz - tzs) =n(ys) % e(%_i) 7.25
§L(1 - Le) % =y -y)H + ﬁ’n(ys)koLtzse(_ ) 7.26
U, d(zlzy?r) = ;—fM’% (xm, — Xu,s) 7.27
n0s) = 5z ($scothes — 1) 7.28

Where the modified pseudo-dimensionless parameters are as follows;

M = 3kmL(1-8) H = 3hL(1-%) U = 2hyL
™ TPfCr ToPfCf
L 1 Leser
Pey = 5 Pe'y = i

The boundary conditions also needed updating for use with the pseudo-dimensionless parameters.

X0
WXy  urioXo _ —1 aGe) 7.29
Vr Yo Pey, dZ ’
1 1 _ -1 d(yo)
ur(ufyf —u OYO) - Pe;{ dz 7.30

7.3.2  Model Parameters

Typical FT reaction conditions of 250 °C and 30 barg over an insulated, fixed catalyst bed result in the
model parameters listed below in Table 7.1, assuming the reaction is irreversible first order as described
by Post et al. as in section 7.2. In some instances, the parameters are varied from the below values to

more clearly illustrate the dynamic behaviour being discussed.

The additional complexity of the dynamic model merited the move to modelling in gPROMS
ModelBuilder 5.1.1. A backwards finite difference method (BFDM) discretisation method of second
order with 1000 elements. Computational difficulties with the variable feed flow model meant that

lower values of contraction were used as the typical value of -% led to conversion difficulties.
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Table 7.1: Model parameters for FT reaction.

Parameter Value Source
£ 0.5 Froment et al. '8
Pr 18 kgm™ Calculated
cr 1429 Jkg'K! Calculated
Ps 5240 kgm™ ThermoFisher '8
Cs 824.7 Jkg'K! NIST webbook
Le 169 Calculated
L 12m Speight '8¢
Km 0.00043 m?s’! Nassr '¥7
Ip 0.005 m Nassr
h 287.5 Js'm’K! Nassr '¥7
M 1 Calculated
H 20 Calculated
hy 900 WmK"! Odunsi et al. %
-AH 152000 Jmol! Odunsi et al.
U 0/84 Assumed adiabatic / Calculated
R 8.314 Jmol 'K
E 92000 Jmol! Nassr
pB' 0.13 Calculated
Do 0.005 m%s™! Calculated
Pem 4800 Calculated
Iy 51.2 Wm'K"! Calculated
Pen 97582 Calculated
Vr 0.05 Chosen as similar to yr
Vw 0.04 Chosen as 170 °C
G 0.045 220 °C
ur 2 ms-l SimOHS Error! Bookmark not defined.
Ur 2 ms™! Chosen as v¢
do 7 Calculated
XH2F 0.66 For CO/CO,/H; feed
€ -2/3 Calculated for typical FT
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7.4 Results and Discussion

7.4.1  Steady State

The effect of gas contraction is first investigated using the pseudo-homogeneous model at steady state

as described in section 7.2. The results of equation 7.10 for both a gas contraction of -%3, stated by Post

et al. as typical for a H»:CO feed ratio of two with liquid hydrocarbon products

179

velocity system with no contraction are plotted in Figure 7.3.
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Figure 7.3: Steady state solution of extent of reaction against DaZ for FTS model with varying gas contraction

As seen in Figure 7.3 the reaction reaches completion in a smaller bed length when € <0 (i.e.

contraction), due to the increasing residence time as the gas contracts and the plug velocity drops.

Although this is a simple isothermal model it illustrates the general reactor behaviour. The compression

of the exothermic reaction into a smaller volume will result in higher bed temperatures in that section.

This in turn can affect the heat and mass distribution as well as the rate of reaction, potentially leading

to spikes in reaction, hot spots and possible runaway reactions.

The steady state solution of the dynamic FT model is expected to follow the same contracting trend as

the steady state pseudo-homogeneous model, although the inclusion of the energy balance will influence

the conversion. The use of combined heat and energy balances and inclusion of a solid phase in the

dynamic model means the two methods cannot be compared directly, however the extent of reaction,

X2, and change in hydrogen mol fraction, xu2, can be used to evaluate the change in reaction profile

due to contraction.
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The effect of contraction at steady state on the mol fraction of hydrogen, xu, and dimensionless
temperature, y, is therefore investigated in the dynamic model to ensure the same behaviour is exhibited

as for the steady state pseudo-homogeneous model.
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Figure 7.4: Effect of contraction on (4) mol fraction of hydrogen (xuz) and (B) gas temperature ()
for the steady state FT reaction. Parameters as given in Table 7.1.

As is clearly shown in Figure 7.4 the dynamic model at a steady state shows the same behaviour as the

pseudo-homogeneous model shown in Figure 7.3, with the FT reaction progressing further within a
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fixed bed volume when contraction is considered, with € = -0.66 being a typical value for a
stoichiometric feed and € = -0.33 the value calculated for the feed composition used in chapter 3 of this
thesis. Figure 7.4A shows higher conversions of hydrogen in the same volume of bed with increasing

contraction. Figure 7.4B confirms that temperatures increase in line with the higher extents of reaction.

Interestingly, although the temperature increase in Figure 7.4B is consistently higher for the contraction
cases, the hydrogen mol fraction, xu», at the start of the bed in Figure 7.4A reduces more slowly when
€<0. This is due to the reduction in total gaseous mols that takes place during a reaction with
contraction. Ifthere is no change in the number of mols between the reactants and products of a gaseous
reaction, i.e. € = 0, the total number of mols at any point in the reaction is taken to be equal to that of

the feed and the change in reactant mol fraction varies linearly with the extent of reaction.

However, when expansion or contraction are accounted for, there is a change in total number of mols
in the gas phase as the reaction progresses. The total number of gaseous mols will therefore vary during
the course of the reaction, influencing the relation between xu> and Xu». For contracting reactions, the
total number of gaseous mols decreases as the reaction progresses. Since the number of H, mols
decreases with extent of reaction, the mol fraction of H, is thus higher than if the total number of mols

remained constant. The opposite is true for expanding reactions.

0.7

Mol fraction, x,
(=] (=] o o (=]
v w2 O o

2
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0-0 T T T T
0.0 0.2 04 0.6 0.8 1.0

Extent of Reaction, Xy,

Figure 7.5: Effect of contraction on molar fraction of hydrogen, xu> during reaction.

Figure 7.5 illustrates this for both contracting and expanding reactions using the dynamic model. The
total number of mols in the system at time ¢ is first calculated using xn2 and ¢, this then allows the extent

of reaction at ¢ to be determined as the fraction of H, to have reacted at this point.
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mols H, reacted

2™ mols H, in feed

This non-linear variation of x> when € # 0 was not seen in the pseudo-homogeneous isothermal model
reviewed in section 7.2. This is because the isothermal equation models the change in superficial
velocity with extent of reaction of hydrogen, and hence is not affected by the overall change in mols
through reaction. The heterogenous model utilises the mol fraction of hydrogen which varies as the

reaction progresses and total number of mols changes.

The significant levels of temperature increase seen for the different contraction cases in Figure 7.4B are
also important to note. Re-dimensionalising these y values shows the substantial temperature increases
that take place once contraction is included. In this case the actual temperature increases shown in
Figure 7.4 are 322 K for ¢ =0, 549 K for € =-0.33 and 1004 K for € = -0.66, highlighting the need to
account for contraction in exothermic reactions. This matches well temperature rises modelled by Zhu
et al. for a fixed bed, constant velocity system undergoing catalyst reduction, where the catalyst
temperature increase exceeded that of the adiabatic temperature rise by a multiple of 2 or more at

approximately 340 K '3,

Although the dimensionless groups given in Table 7.1 are typical for FT over a fixed bed, they will vary
as the heat and mass transfer resistances are altered by reactor design and conditions. The effect of
fluctuating conditions is demonstrated in Figure 7.6 and Figure 7.7, giving changes in concentration
and temperature profile with varying values of dimensionless heat and mass parameters H and M. The
internal heat transfer parameter, H, was first varied between 40-150 in Figure 7.6 to represent increasing
internal heat transfer rates within the system. An artificially high fixed M value of 25 was used, chosen

to minimise mass transfer limitations from the gas to the catalyst particles.
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Figure 7.6: Varying H for M = 25 (4) dimensionless temperature, y, and (B) H2 mol fraction, xu> .
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The FT reaction modelled in Figure 7.6 is not markedly heat transfer limited. Increasing values of H
represent reduced heat transfer resistances, however varying H has little influence on the shape of the

reaction front, with all values giving very similar profiles.
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Figure 7.7: Varying M for H = 150 (A) dimensionless temperature, y, and (B) Hz> mol fraction, xn: .

The effect of mass transfer resistances were investigated in Figure 7.7. M was varied between 1 and
250 to simulate high to low mass transfer resistance. For this a fixed H value of 150 was used, to

remove any effects of heat transfer limitations. Thus, the FT reaction using the values in Table 7.1 was
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mass transfer limited, with increasing M, and hence mass transfer rates, resulting in the reaction front

within the bed spreading out over a longer bed length. Since a typical fixed bed FT value for M can

casily be less than 5, clearly the reaction can experience significant mass transfer limitations.
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Figure 7.8: Effect of varying p with M = 25, H = 150 on (4) dimensionless temperature, y, and (B) mol fraction of hydrogen,
XH2.
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If M and H are then taken as 25 and 150 respectively to remove the influence of mass and heat
resistances, the effect of varying the dimensionless reaction heat term, ’, can be investigated.
Unsurprisingly, when this term is increased without other resistances, the reactor length in which the
reaction reaches completion was reduced, as shown in Figure 7.8B. This behaviour is an exaggerated
version of that seen in Figure 7.6 and shows that the reaction front passes up the bed as [’ increases.
The dimensionless temperature doesn’t behave in the same manner as in that shown in Figure 7.6
however, where a consistent maximum y was reached for each case. In Figure 7.8A as ” was increased,

e.g. due to an increase in AH, the maximum value of y also increases.

The isothermal effectiveness factor, n(ys), was the final dimensionless parameter investigated,
representing the relationship between the reaction and diffusion rates within the catalyst particle. The
effect of n(ys) on the reaction profile is investigated by varying the reference Thiele modulus, ¢o, the
ratio of diffusion to reaction rate in the catalyst particle. As seen in Figure 7.9, as ¢ increases the initial
value of n(ys) drops and the reaction is increasingly limited by diffusion within the particle. This causes

the reaction rate to drop and take place across a wider section of bed.
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Figure 7.9: Effect of varying ¢ on the isothermal effectiveness factor, n(ys), with M = 500, H = 300 and = 0.01.
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Figure 7.10: Effect of varying ¢ with M = 500, H = 200 and S = 0.01.

Figure 7.10 confirms this diffusion limitation causing the reaction front to occupy a larger bed volume

with increasing ¢, representing increasing diffusion limitations on the reaction within the particle.
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7.4.2  Dynamic Model Response — Temperature Variations
Having demonstrated the effect of contraction on reactor profiles at steady state, the behaviour is next
investigated dynamically. The phenomenon of wrong way behaviour due to a reduction in feed

temperature or flowrate are studied using the dynamic model introduced in section 7.3.

The ability of the model to predict wrong way behaviour in response to a drop in dimensionless feed

temperature, yin, is demonstrated in Figure 7.11.
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Figure 7.11: Dynamic wrong way response to a drop in inlet feed temperature.
M =540, H= 180, yr = 0.0833, yin1 = 0.09, yinz = 0.085, p = 0.0167, ¢ = -0.66.

As seen in the work by Luss et al. in section 7.3, the drop in dimensionless inlet feed temperature
produces a transient temperature peak that travels down the dimensionless bed length, Z, before

reaching a new steady state at a lower temperature, y.

This behaviour is seen for both constant and variable velocity reactions, with contraction being expected
to exacerbate the inverse response. Figure 7.12 shows the inverse response to a drop in feed temperature
at T = 0 for an adiabatic reactor where the reaction reaches completion within a small section of the bed
for both € = 0 and ¢ = -0.66, a typical value of contraction for FTS with a stochiometric feed
composition. In order to show the scale of the temperature increase the maximum dimensionless
temperature reached, ymax, 1s shown as a fraction of the maximum profile temperature at t=0. With
€ = 0 there is a small amount of wrong way behaviour, with peak temperatures reaching approximately
0.1% above the initial steady state ymax. However, when contraction is factored in, not only are the

steady state temperatures significantly increased, as previously shown in Figure 7.4, the wrong way
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behaviour is also exaggerated with dimensionless temperature peaks reaching almost 4% above ymax

measured at T = 0.
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Figure 7.12: Wrong way behaviour due to drop in feed temperature for an adiabatic reactor with (4) ¢ = 0 and
(B) e =-0.66. Le =118000, M =300, H=135, f=0.0167, y1 = 0.098, y = 0.095.

Figure 7.12 uses modified values of model parameters to more clearly demonstrate the movement of
the temperature peak down the bed without mass transfer limitations. When the parameters in Table
7.1 are used the temperature peak is spread through the bed due to the high mass transfer resistances,
as shown in Figure 7.13. The peak temperatures achieved however, are higher than those in Figure
7.12, reaching up to 9% above ymax at T = 0 before the peak drops and spreads out through the bed until

the new steady state is reached at t = .
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Figure 7.13: Wrong way behaviour due to drop in feed temperature for an adiabatic reactor with &€ = -0.66.
Le =169, M =50, H=150, f=0.13, ys1 = 0.047, y = 0.045.

It is clear that temperature excursions can be orders of magnitude higher when contraction is included.
This additional heat must be accounted for when developing models for contracting reactions as it could

mean the difference between a manageable hot spot and a catastrophic runaway reaction.

It was found in section 7.4.1 that the dimensionless mass, heat and reaction terms, M, H, B and ¢,
affected the reaction profile to varying extents. The effect of these parameters on peak dimensionless

temperatures are investigated in Figure 7.14, Figure 7.15, Figure 7.16 and Figure 7.17.

The influence of M values between 1 and 50 on ymax achieved through wrong way behaviour is given
in Figure 7.14. A fixed value of H = 150 was used to reduce the effect of heat transfer limitations. The
reaction contraction is kept constant with € = -0.66. The drop in dimensionless feed temperature, yr-yr,

is taken between 0.001 and 0.005, as larger drops quench the reaction in the downstream bed.
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Figure 7.14: Maximum temperatures for M = 1-50 with H = 150 for ysi-yrz = 0.001-0.005, ¢ = -0.66.
At low values of M the mass transfer resistances are still limiting the extent of reaction, meaning the
effect of increasing yr-yn is small. Once mass transfer is no longer the limiting factor increasing the
magnitude of yg-yp increases the scale of wrong way behaviour and peak temperatures, as expected
from the findings in section 7.4.1. Larger values of yr-yp generally result in a higher ymax in this region
of M. Interestingly this behaviour then reverses above M = 10, with higher mass transfer coefficients
giving lower ymax values. It is believed that this is the approach to quenching, achieved at lower values
of yr-yp as mass transfer limitations are removed with higher values of M. As these values of y-yp
are reached the wrong way peak becomes very large, the reaction in the remainder of the bed is
quenched and the model displays instabilities. Beyond this yn-yp the reaction throughout the bed is

quenched and no wrong way behaviour is seen, these values are not plotted on Figure 7.14.

At close to 1, the base effectiveness factor modelled was slightly higher than that calculated for the
most active catalyst, 950-106-P, at 0.95. Indicating that, despite having a rate similar to high activity
Fe catalysts given in literature and therefore a similar steady state reaction profile to the model, the
950-106-P foamed catalyst would have slightly increased diffusional resistances and hence more

moderate temperature peaks during a dynamic response to loss of feed heating.

The effect of heat transfer resistance is shown in Figure 7.15 for H values between 40-150. A fixed
value of M = 25 is used to minimise the influence of mass transfer resistance, with feed temperature
drops, yri-yn, in the range of 0.001-0.005. As with the mass transfer resistances, at low values of H the
reaction is heat transfer limited and hence increasing yri-yr has little effect on the peak temperature
achieved. As the heat transfer resistances reduce the peak temperature increases and the effect of

increasing yr-yn, becomes larger.
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Figure 7.15: Maximum temperatures for H = 40-150 with M = 25 for ya-yz = 0.001-0.005, ¢ = -0.66.
This is in contrast with heat transfer variations during steady state, detailed in Figure 7.6, which had
minimal influence on the reaction profile, and none on the maximum temperature achieved. This
indicates that the reaction becomes heat transfer limited at the significantly higher ymax produced with

wrong way behaviour.
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Figure 7.16: Maximum temperatures for f = 0.01-0.2 with yu-yr = 0.001-0.005, M=25, H=150, ¢ = -0.66.

As expected from the results given in Figure 7.8 for varying the dimensionless reaction coefficient, 3,

at steady state, Figure 7.16 shows that as  is raised the amount of reaction taking place also increases
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and ymax becomes larger. At low values of B the scale of the temperature drop, yn-yr, does not affect

Ymax, hOwWever as  becomes larger the wrong way behaviour exaggerates and values of ymax increase.

Finally, the effect of the reference Thiele modulus, ¢o, on ymax is investigated, with the results shown in
Figure 7.17 below. As ¢o grows the reaction becomes increasingly diffusion limited, although as shown
previously in Figure 7.10, the final extent of reaction does not change. This results in higher values of
Ymax as heat production is maintained but removal via convection is reduced. As expected, larger drops
in feed temperature, yr-yp, give slightly higher peak temperatures as the wrong way behaviour is

amplified.
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Figure 7.17: Maximum temperatures for ¢o = 0.5-7 with ys-yrz = 0.001-0.005, M=25, H=150, ¢ = -0.66.
Realistically however, drops in feed temperature will not be instantaneous. Thermal inertia of large
industrial heat exchange units will mean that on a loss of heating the drop in feed temperature will be
gradual. In order to more accurately portray this the scheduling tool in gPROMS has been used to model
an assumed linear drop in feed temperature of 0.018 over a period T = 0.25. For reference this equates
to a drop in feed temperature over 127 s, with the peak taking approximately 8 minutes to pass through

the reactor at these conditions.
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Figure 7.18: 3D plot of gradual drop in dimensionless feed temperature, yy, of 0.018 linearly over t = 0.25 .
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Figure 7.19: 3D plot of instantaneous drop in dimensionless feed temperature.

As shown using a 3D surface plot in Figure 7.18 and Figure 7.19, the gradual feed temperature drop
delays the formation of the reactor hot spot and allows it to dissipate. This results in a reduced peak

dimensionless temperature, ymax, of 0.1092, or 1208 K, compared to 0.1140, or 1261 K, for an
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instantaneous drop with the same conditions. For additional clarity the reactor profiles with the

maximum y for both gradual and instantaneous drops are shown alongside each other for comparison

in Figure 7.20 below.

The additional dissipation of heat achieved with the gradual drop reduces the peak temperature from
34% to 28% above steady-state ymax. Although still a significant increase to the steady-state maximum
temperature, the reduction in ymax for large equipment with sizable thermal inertia could reduce the risk
of unsafe temperatues being achieved. However, for this to be accounted for as a mitigating factor the

system would require thorough testing and a model generated that matches the individual set-up.
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Figure 7.20: Dimensionless reactor temperature, y, against dimensionless bed length, Z, at ymax for
gradual (0.018 linearly over t = 0.25) and instantaneous yy drop.

7.4.3  Dynamic Model Response — Flow Variations

Wrong way behaviour was next investigated for the reduction in feed flowrate case. For computational
simplicity an initial feed velocity, ur, of 1 ms™! was used. The other model parameters were kept as in
section 7.4.2. A drop in feed velocity from 1 ms™ to 0.01 ms™, simulating the transport of reactants
from the upstream dead volume into the reactor for both a non-contracting and a mildly contracting

reaction, as for a non-stoichiometric FT feed, are shown below in Figure 7.21.

For both cases the temperature at the bed inlet rises immediately after the block-in trip occurs (t=0.01),
as the reaction front becomes much steeper and moves to a new location. For the non-contracting case
shown in Figure 7.21A a temperature peak then develops at 1=0.1 before moving down the reactor bed.
When contraction is included in Figure 7.21B the temperature peak becomes apparent sooner and, as
expected from the results in section 7.4.1, is significantly higher. The contracting case peak also moves
through the bed more slowly, again as expected due to the decreasing velocity as the reaction proceeds.

These effects combine to intensify the heat produced into a smaller area for an exothermic contracting
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reaction, potentially causing unwanted side reactions, carbon laydown and damage to the catalyst and

reactor.
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Figure 7.21: Dynamic response to 99% drop in uy for (4) e=0 and (B) £=-0.2.
Le=500, M'=540, H'=180, U’=0, p’=0.0167, 1/Pen=0, 1/Pen=0, y»=0.0833
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Since the reactor is assumed adiabatic and conversion is completed within the bed the final steady-state
temperature profile has the same final temperature as the pre-trip profile. In reality the reactor insulation
would not be 100% effective and some heat loss to the environment is expected, reducing the final
steady state temperature. However, the rate of cooling would be significantly slower than the rate of

reaction and therefore this is not expected to alter the value of ymax achieved in the peak.

The loss of feed flow model displays some instabilities as the temperature peak moves along the reactor
bed which manifest as oscillating y values upstream of the temperature peak. For clarity the oscillations

caused by the instability are removed from Figure 7.21, the original plot can be viewed in appendix E.

As previously discussed in section 7.4.1, the dimensionless mass, heat and reaction terms, M’, H’, B’
and ¢, influence the reaction profile and extent of wrong way behaviour. The sensitivity of the peak
dimensionless temperatures to these parameters is investigated in Figure 7.22, Figure 7.23, Figure 7.24

and Figure 7.25 below.

The influence of M’ values between 5 and 50 at H” = 150 and &€ =-0.2 on ymax achieved through wrong
way behaviour due to feed loss is given in Figure 7.22. The final dimensionless feed velocity, up, is

taken between 15% and 2.5% of the initial value, ug.
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Figure 7.22: Maximum temperatures for M’ = 5-50 with H’ = 150 for usi-up from 0.85 to 0.975, ¢ = -0.2.

In contrast to the effect seen in section 7.4.2, where increasing M’ values below M’ = 10 initially
increases the maximum temperature achieved, here the reduction of mass transfer limitations decreases
the peak temperature. Since M’ is inversely proportional to ur mass transfer resistances are expected
to lower as feed velocity drops, behaving as a system with a higher M’ value. Since the system is not

mass transfer limited at the low values of vp, increasing the value of M’ allows the heat generated to
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dissipate more effectively via convection. This effect is seen consistently across the range of velocity

drop, with higher losses in feed velocity giving larger values of ymax.

The effect of heat transfer resistance is shown in Figure 7.23 for H’ values between 40-150. A fixed
value of M’ = 25 is used to minimise the influence of mass transfer resistance. As with the mass transfer
resistances detailed above, ymax decreases as H’ increases, due to easier dissipation of the heat generated

with reduced heat transfer limitations.
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Figure 7.23: Maximum temperatures for H = 40-150 with M’ = 25 for usi-upz = 0.9-0.98, ¢ = -0.2.
As the drop in feed velocity becomes larger the wrong way behaviour and peak temperature are also

exaggerated at all values of H’, indicating the feed loss case is not heat transfer limited.

Figure 7.24 shows the effect of varying the dimensionless reaction coefficient, §’, on peak temperature,
VYmax- As seen in Figure 7.16 for a feed temperature drop, as B’ increases the amount of reaction taking
place also grows and ymax becomes larger. At low values of B’ the scale of the velocity drop does not
affect ymax, however as B’ becomes larger the wrong way behaviour exaggerates and ymax increases with

larger values of vri-vp.
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Figure 7.24: Maximum temperatures for p’ = 0.01-0.2 with va-vz = 0.85-0.975, M’=25, H’=150, ¢ = -0.2.
Unlike Figure 7.17 where increasing the Thiele modulus resulted in higher peak temperatures for wrong
way behaviour caused by feed cooling, ¢y has negligible effect on ymax for loss of feed flow. Figure
7.25 demonstrates that the increase in diffusion resistances as ¢o grows does not limit heat transfer and

hence vary ymax at the low velocities during a loss of feed.
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Figure 7.25: Maximum temperatures for ¢o = 0.5-7 with ug-up = 0.85-0.975, M'=25, H’=150, ¢ = -0.2.

As with the loss of feed heating, loss of feed flow will not be instant and the new feed rate is unlikely

to be constant. Large valves take time to completely close and combinations of safety features may
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vary rates as they are actuated. The scheduling tool in gPROMS was used to model an assumed linear
drop in feed velocity from 100% to 15% at T = 0 and a further linear drop to 10% over T = 1, emulating

the velocity changes during the seating of a large valve.
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Figure 7.26: 3D plot of dimensionless temperature, y, along dimensionless bed length, Z, during a gradual drop in feed
velocity of 100% to 15% at t = 0 and then to 10% over t =1 .
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Figure 7.27: 3D plot of dimensionless temperature, y, along dimensionless bed length, Z,
during an instantaneous drop in feed velocity to 10%.

156



Figure 7.26 and Figure 7.27 show that, like the gradual feed temperature loss in Figure 7.20, a slowed
rate of feed velocity loss delays the formation of the reactor hot spot and allows it to dissipate. This
results in a reduced peak dimensionless temperature, ymax, of 0.1360, compared to 0.1447 for an

instantaneous drop at the same conditions.

For additional clarity the reactor profiles with the maximum y for both gradual and instantaneous drops

are shown alongside each other for comparison in Figure 7.28 below.
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Figure 7.28: Peak dimensionless temperature profile along dimensionless bed length for
instant and gradual drops in feed velocity.

The additional dissipation of heat achieved with the gradual drop reduces the peak temperature from
75% to 64% above steady-state ymax. As for the wrong way behaviour due to temperature variations,
the behaviour of each individual system would need to be accounted for before taking credit in safety

assessments for this reduction in peak temperature.

7.5 Conclusions

Both the pseudo-homogeneous and dynamic models reviewed in chapter 7 clearly show that the novel
addition of contraction through reaction to fixed bed models results in a varying velocity system with
resulting effects on the extent of reaction. The isothermal pseudo-homogeneous model shows the
importance of accounting for contraction when modelling, however it is not extensive enough to show
anything more than an overall idea of the effects of contraction and does not include temperature
profiles. By extending to a non-isothermal heterogeneous model with axial diffusion, more in-depth

analysis of the individual factors and their effects on the reaction is possible.

The dynamic heterogeneous model in section 7.3 shows that for FT, a contracting, exothermic reaction,

the change in steady state reaction profile by including contraction in the model potentially produces a
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significant temperature increase in the range of 100’s of degrees C. This is high enough to cause catalyst

and equipment damage and should therefore be accounted for.

The model also demonstrates that typical FT reactions over a fixed bed are mass transfer limited.
Reducing the mass transfer resistances causes the reaction front to steepen and rapidly reach completion.
Increasing internal heat transfer rates has a more limited effect on the reaction profile. Restricting
reactant availability at the catalyst surface by varying the reaction term, B, is shown to limit the
temperature increase and vary the bed location of the reaction front, but not to alter the reaction profile
itself. Finally, increasing the ratio of diffusion and reaction rates within the particle through the Thiele
modulus, ¢, causes the isothermal effectiveness factor, 1(ys) to decrease. The drop in n(ys) results in
particle diffusion limitations, slowing the reaction in a manner similar to that seen with reducing

external mass transfer rates via M.

The intensification of temperature changes on exothermic reactions when contraction is accounted for
was also seen when inlet conditions are modified to instigate wrong way behaviour over a fixed bed,

using the dynamic model introduced in section 7.3 to simulate loss of feed heating or feed flow.

The dynamic model predicts temperature excursions for exothermic reactions on the loss of feed heating
at a variety of initial conditions. In a generic case when a contraction of € = -0.66 is accounted for the
temperature peak increases from 0.1% to almost 4% above the maximum steady state temperature. The
magnitude of the temperature peak is dependent on the level of contraction, but also on the mass and
heat transfer limitations, reaction coefficient and scale of the inlet change. The same contraction applied
to a model with typical FT parameters gives an increased wrong way behaviour peak of 9% above the

steady state maximum.

Loss of feed flow in exothermic reactions can also lead to temperature spikes that move down the bed
as stagnant gas in the dead volume upstream of the reactor is heated and begins reacting. This has been
recognised as an issue with industrial FT reactors during shut in trip situations. A modified
pseudo-dimensionless dynamic model has been produced in order to model the dynamic response to
feed velocity variations. When contraction is accounted for during a loss of feed flow case the
temperature peaks are again exaggerated, from an 8% to a 25% increase, and take longer to pass through

the bed due to the reduced volume as the reaction progresses.

As at steady state the dynamic FT model is mass transfer limited. Small increases in the mass transfer
parameter, M, result in increases in maximum temperatures increases of over 100% for the loss of feed
heating case. At this mass transfer limited stage, the magnitude of the drop in feed temperature has
little impact on the peak temperature, however as the mass transfer limitations are reduced the initial
change in feed temperature becomes more significant and values of ymax begin to decrease again. For

the loss of feed flow case the reaction is no longer solely mass transfer limited, as M is inversely
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proportional to the lowered feed velocity, ur. As a result, increasing M decreases the value of ymax
achieved. Since mass transfer resistances are no longer the only limiting factor, larger drops in ur give

more extreme wrong way behaviour across the range of M values investigated.

A similar effect is seen with varying heat transfer limitations for loss in feed heating cases, where
increased values of the heat transfer parameter, H, as well as larger feed temperature drops, result in
greater peak temperatures. At steady state it was found that the FT reaction was not significantly heat
transfer limited, however, at the higher temperatures seen during wrong way behaviour due to feed
cooling some variations in ymax With changing heat transfer limitations begin to appear. The magnitude
of the rise for loss of feed heating is not as great as for that seen with M, at only approximately 30%
increase in peak temperature, but indicates that heat transfer limitations begin to influence the reaction.
For drops in feed velocity the behaviour is reversed, with higher H values generating lower peak
temperatures. This again suggests that due to the inverse proportionality of H to ur, the reduced feed
flow cases are not significantly heat transfer limited and is corroborated by the consistent increase in

Vmax aS Uri-Up2 becomes larger across all values of H.

Increasing the reaction parameter, 3, for both loss of feed heating and feed flow increases ymax, in line
with the results seen at steady state. At higher B values the scale of the feed temperature or velocity
drop begins to have a greater effect on the extent of wrong way behaviour and ymax, with larger drops

resulting in higher peak temperatures.

Variations in the Thiele modulus, ¢, behave in the same manner for loss of feed heating cases, with
higher ¢ giving larger ymax values as heat transfer via convection is reduced. As with the other
parameters, the wrong way behaviour is amplified by increased feed temperature drops, particularly at
higher values of ¢. Unlike the reduced feed temperature cases, loss of feed flow situations show
negligible changes in peak behaviour with changing Thiele modulus. The reduction in both heat and
mass transfer resistances at these conditions means the increased diffusion resistances at higher ¢ values

has minimal effect on the dissipation of heat.

The extent of the temperature peak generated due to wrong way behaviour caused by either a loss in
feed heating or velocity can be moderated if the feed variation is taken to be gradual, as the heat
produced due to the inverse response has an opportunity to dissipate. The extent of spread of the wrong

way temperature peak is proportional to the length of time over which the inlet change takes place.

The effect of reduced velocity caused by contraction affects the FT reaction universally. The potentially
rapid conversion and large temperature peaks seen when an exothermic reaction undergoes contraction
present a significant risk to the catalyst and reactor if unexpected and unprepared for. The FT reaction
is also at risk of wrong way behaviour from both loss of feed heating and feed flow trips which can

result in peak temperatures far in excess of the steady state maximum. It is therefore suggested that the

159



benefits gained through the inclusion of variable velocity in a dynamic FT model are well worth the

small increase in complexity and processing power.

160



& Conclusions

In this thesis foamed iron (I11) oxide catalysts were tested for their suitability in the production of liquid
fuels from biomass through the BTL via FT process. A custom reactor was designed and built in order

to test the catalysts at typical industrial conditions.

This closing chapter will review and summarise the important findings of this research, before drawing

conclusions on the work as a whole.

8.1 Preparation of Catalysts

Two sets of unsupported Fe,O3 based catalysts were produced, a co-precipitated Fe-Zn reference
catalyst , and a novel foamed Fe,O; catalyst, produced via a foaming sol-gel method. The foam was
calcined at one of two temperatures, 950 °C or 1350 °C, before being crushed into pellets of two size
distributions of 106-300 pm and 1000-1250 um. A portion of all the co-precipitated and foamed

catalysts produced were then promoted with 2% K and 1% Cu and calcined again.

XRD analysis found all the catalysts to be composed of predominately hematite. Higher promotion

temperatures and longer total calcination times increased crystallinity of the a-Fe>O; catalysts.

Interstitial spaces were formed within the foamed catalysts as part of the production process. This
resulted in large pore volumes between 0.29 and 0.98 cm®g’!, but pore surface areas below 2 m?g.
Calcination at the higher temperature of 1350 °C reduced the available surface area significantly,
producing a glassy surface devoid of visible grain boundaries and the total loss of the microporous
surface seen in all the other catalysts. Secondary calcination periods following promotion resulted in

increased grain sizes being measured at the lower calcination temperatures.

8.2 Catalyst Testing

Testing of the foamed catalysts using a simulated bio-syngas containing CO, showed that the
unpromoted Fe;Os had little inherent FT activity. Promotion with Cu and K increased the conversion

of CO for all the foams to between 9-16.5 %.

Rates are higher for the foams calcined at 950 °C than those calcined at 1350 °C, due to the loss of
surface area for dissociative adsorption at the higher calcination temperature. Rates are also higher for
the 106-300 um pellets at both temperatures, with correspondingly higher effectiveness factors
measured in the smaller catalysts. Low effectiveness factors for the larger particles indicate the

1000-1250 pum pellets are mass transfer limited.

Correspondingly higher hydrocarbon production and CO/H; conversion to hydrocarbons rates were also
seen with promotion. All the catalysts generated olefins as the primary product and gave similar values

of oy and az 0f 0.77-0.84 and 0.86-0.94 in a double ASF distribution model.
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The similar ASF distribution seen for all the foams suggests that the reaction mechanism and intrinsic
catalyst activity is not drastically altered by the pellet size or calcination temperature. Far more limiting
is the reduction in surface sites on catalysts calcined at 1350 °C, and mass transfer limitations
introduced with larger pellet size. Despite these limitations the 950 °C catalyst maintained a high level
of FT activity with the same sized foam catalyst giving over twice the conversion of the co-precipitated
catalyst, showing the foams calcined at 950 °C have potential as unsupported FT catalysts for BTL via
FT in industry.

8.3 Dynamic Model Allowing for Variable Velocity

Modelling a typical exothermic, contracting, FT reaction at steady state demonstrated the need to
include variable velocity in models, with potential temperature increases of over 1000 °C compared to
322 °C when contraction is not accounted for. It showed the fixed bed FT reaction has mass transfer,
and to a lesser extent, heat transfer limitations at steady state. Low level diffusional resistances were

also apparent within the modelled catalyst particle.

The exaggerated temperatures generated with an exothermic reaction when contraction was accounted
for were also seen when investigating dynamic responses to changes in inlet conditions. The
phenomenon of wrong way behaviour after a drop in feed temperature or velocity was shown to produce
temperature peaks as the reactor moves to the new steady state. These temperature peaks are amplified

when contracting reactions are considered.

The dynamic response to decreasing feed temperatures exhibited similar sensitivities to heat and mass
transfer parameters to those seen at steady state. The reaction remained predominantly mass transfer
limited; however, the heat transfer resistances began to influence the reaction as the peak temperatures

increased due to wrong way behaviour.

The behaviour following a drop in feed velocity was slightly different however, with little heat or mass
limitation shown, since both the heat and mass parameters are inversely dependant on fluid velocity.
The low heat and mass transfer resistances meant that variation in the Thiele modulus had little effect

on the peak temperatures since diffusion is no longer a major method for the internal dissipation of heat.

8.4 Future Work

In this final section some future work is proposed. This thesis has shown that the promoted foamed
iron oxides are potential FTS catalysts, with high activities compared to the reference catalyst and show
promise for use in fixed bed FT reactors. However, more investigation is required into the catalyst
behaviour under industrial FTS conditions. The ideas below were considered outside the scope of the

work and hence are not included in this thesis, but merit further investigation.
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8.4.1 High Temperature Fischer-Tropsch Reactor Conditions

In this work the reactor temperature and pressure were maintained at typical LTFT conditions of 30 barg
and 220 °C. One of the benefits of an iron based catalyst is the flexibility in reaction conditions,
particularly increased temperatures. Higher temperatures can increase reaction rates and favour smaller
products. An additional set of experiments investigating the activity of the foamed iron oxide catalysts
at typical HTFT conditions of 300-350 °C would demonstrate how adaptable the catalyst may be for

varying fixed bed reactor conditions and desired product ranges.

8.4.2  Catalyst Promotion

The promotors for both the co-precipitated and foamed catalyst were based on those used in the
reference catalyst. This work has shown that promotion with K and Cu significantly increases the FT
activity of all the Fe based catalysts. Several studies have suggested that increased levels of K promotion
have beneficial results on the catalyst activity, an investigation into a range of promotor loadings on the

950-106-P catalyst would show the effect of varying promotion on catalyst activity and product range.

8.4.3  Catalyst Calcination Temperature

Increasing the catalyst calcination temperature form 950 °C to 1350 °C significantly reduced the
activity due to a loss of the microporous surface area. High calcination temperatures are often used to
increase the crush strength of metal oxides and can help increase catalyst life. A more suitable
calcination temperature between 950-1350 °C may exist that optimises available surface area and crush
strength. It is suggested that a batch of foamed catalyst is produced and calcined at several temperatures
between 950-1350 °C to determine the effect of calcination temperature on both catalyst surface

structure and crush strength and identify a possible optimum calcination temperature.

8.4.4  Extended Reaction Periods

Industrially FTS reactors would run continuously for many months. The run times of approximately
100 hours used in this work were chosen to try and demonstrate steady state conditions within the
constraints of the experiment, however extended run times >1000 hours need to be carried out to
determine the catalyst performance over typical industrial lifespans. The activity, product distribution

and catalyst degradation should be monitored over these longer reaction run periods.

8.4.5 Two Dimensional Dynamic Model

The model presented in chapter 7 assumes no radial concentration or temperature gradient, but for large
diameter industrial fixed beds this may not be an accurate representation. The inclusion of a second
dimension into the model may allow more accurate predictions of potential hot spots and give an

indication of optimum thermocouple location.
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A Safety Reviews

LOPA

Three of the most serious cases have been reviewed quantitively using LOPA for risk ratings. Risk for serious incidents to be reduced below 1x10° year.

Case 1: Failure of gas cylinder pressure regulator, loss of containment of toxic syngas, ignition, explosion within fume cupboard, one fatality.

Initiating Event Frequency / yr Reference
A review of Instrument Failure Data, F P Lees, 1976, Control valve fails open 0.5

Cylinder pressure regulator failure 0.01 Risks associated with the storage and use of chlorine at a water treatment
plant, SRD, 1981, Pressure reducing device release (1kg/s) 102

Mitigating Factors Probability Reference

Occupancy in lab 0.5 Assuming working during extended office hours 7am-7pm

Probability of ignition 1 Worst case

Probability that ignition results in explosion 1 Worst case

Independent Protection Layers PFD

Pressure control system 0.1 Maximum allowable credit for basic process control system

. ASOV failure from HSE failure rates 0.01

Gas detection AND ESD valve shutoff 0.01 Gas detection SIL 2 therefore 0.01

Local exhaust Ventilation 0.1 Can take credit for SIL 1 only.

Mitigated Event Likelihood / yr 5.00E-07
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Case 2: Failure of gas cylinder pressure regulator, loss of containment of toxic syngas to lab, 2-5 fatalities.

Initiating Event

Frequency /yr  Reference

A review of Instrument Failure Data, F P Lees, 1976, Control valve fails open
0.5

Cylinder pressure regulator failure 0.01 Risks associated with the storage and use of chlorine at a water treatment
plant, SRD, 1981, Pressure reducing device release (1kg/s) 10"-2

Mitigating Factors Probability

Occupancy in lab 0.5 Assuming working during extended office hours 7am-7pm

Independent Protection Layers
Pressure control system
Gas detection in fume hood and lab AND

Probability Failed on Demand
0.1 Maximum allowable credit for basic process control system
ASOV failure from HSE failure rates 0.01

ESD valve shutoff 0.01 Gas detection SIL 2 therefore 0.01
:.aobcal exhaust Ventilation, both in fume cupboard and 0.01 Can take credit for SIL 1 only, each.
Mitigated Event Likelihood / yr 5.00E-08

Case 3: Leak of fitting to FTIR/MS, loss of containment of toxic syngas to lab, 1 fatality.

Initiating Event

Frequency / yr Reference

Leak 0.01 Based on infrequent operator event.

Mitigating Factors Probability

Occupancy in lab 0.5 Assuming working during extended office hours 7am-7pm

Reduced flowrate 0.356 Max leak rate of syngas 40 ml/min in lab of >75m?3, toxic at 30ppm+

Independent Protection Layers
Gas detection at FTIR fitting
Gas detection in fume hood and lab AND

Probability Failed on Demand
0.1 Not SIL tested detection, therefore max RRF of 10.
ASOV failure from HSE failure rates 0.01

ESD valve shutoff 0.01 Gas detection SIL 2 therefore 0.01
Local exhaust Ventilation 0.1 Can take credit for SIL 1 only.
Mitigated Event Likelihood / yr 1.78E-07
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HAZOP
Node 1: Gas Mixing
Controlled flowrates of mix gases from cylinders to achieve steady total flowrate of 50mlmin, 31.6 barg of mixed gas at inlet to reactor. Tight shutoff for

unused reactants via 3-way switching valves (SV1-3). Allows for a N pilot gas and dilution take off of 2000mlmin™'.

Node 2: Heating and Reactor
Preheating of mixed gas via electrical tracing to achieve approx. 200 °C on inlet to reactor. Further controlled heating via PID controlled heater to reaction

temperature of 220 °C within reactor. Electrically traced outlet line to maintain temperature above approx. 150 °C to avoid condensing of non-vapour products.

Node 3: Cooling and Analysis
Mixed gases at 31.6 barg and 220 °C are cooled using N, dilution flow at approx. 70 °C to knock out condensables. Liquid products removed for GC analysis
once KO pot depressurised. Gaseous products maintained at 70 °C via electrical tracing and fed to continuous online FTIR and MS analysis. Pressure control

of system via BPR. Vent gases returned to fume cupboard and vented in a safe location.
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W .

KO Pot Node 3
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Node Parameter Deviation Cause Consequence Existing safeguards Prob Sev Action
1 i Flow - No N2  Cylinder empty/supply None N/A
reactor valves closed
ii Syngas cylinder empty/supply Increased t, resulting in High T shut down on 4 Review extent of exotherm possible
valves closed exotherm in reactor, furnace
damage/loss of reactor
Review design conditions for possible
exotherm.
Independent power and IA (via solanoid
valve) shutoff. Also via manual
shutdown button.
iii IA failure As ii As ii As ii
v Liquid plug downstream of Asii Asii Asii
reactor
v Flow - No As No reactor flow Loss of FTIR acuuracy N/A
dilution
Concentration of outlet CO Fume cupboard, 2*CO Calc max syngas flow through valve
increases monitor in hood. with no dilution. With minimum fume
cupboard flow calc conc.
SOP needs to say about fume cupboard.
Move one CO monitor to lab.
vi Flow Incorrect Incorrect cylinder plumbed in Oxidant in mix Unused reactants blanked 3 "No oxidants allowed' listed in SOP
off
vii Flow Reverse Failure of 3 way valve allowing Mix/release of reactants in cylinder regulators should Install check valves on all cylinders and
N2 into syngas and vic versa un-intended location minimise reverse flow. reactor inlet
viii Higher pressure in one cylinder, As vii As vii As vii
allowing reverse flow of
reactant 2 or 3 via open route
back to syngas or N2
X Loss of syngas cylinder pressure Reactants and potentially As vii

whilst reacting,

products upstream of the
reactor
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diffusion of high pressure reactor
contents

X High FIC/PV4 fail on syngas (not an As ii As il
issue with N2, others double
jeopardy)
xi cylinder failure Release of cylinder content System rated to 288barg, 1 Calc max flow through badger valve
into system PSV at 35 barg.
Calc max flow through BPR
Calc max flow through FTIR & MS
xii Low As no flow As no flow
xiii ~ Pressure High As high flow System rated to 288barg, As high flow
PSV at 35 barg.
Xiv Low As low/reverse flow As low/reverse flow
XV Negative Cylinders off, MS on and pulling Could vaporise liquid in 1 N/A
vacuum trap, more likely to pull air
through FTIR
xvi  Temperature High Via reverse flow As reverse flow As reverse flow
Xvii Low Rapid release via high flow (of Failure of polymer seals, Calc min T possible with max CO2 flow
COy) loss of flow control. and dP
xviii  Flow High/Low/No As ii Asii Asii As ii
XIX Reverse PSV lifts /fluidises bed Solid in valves from Filter on reactor inlet, considered
fluidised bed bursting disk but deemed unnecessary.
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SOP says to test PSV regularly

Balloon on end of PSV vent line to see
if lifted




XX Temperature

XX1

Xxi1

Pressure

Composition

Other

High

Low

High

Low

Negative

Air/oxidant

Mis/re-use of
reactor body

Thermocouple failure

Inner thermocouple not inserted
correctly

N/A

As i1

BRP failure

As xv

Air in bed, incomplete purge

N/A - all reactors in group made
of incaloy

Used reactors disposed of. Only
change reactor body with Paul's
permission.

Low/high reading cuts off
power via software
Watchdog shuts off power if

no signal

Power shut down if dT >20

via software

Loss of reaction

Exotherm when

oxidises
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catalyst

As ii

As ii

Visual inspection of thermocouples in
SOpP

As ii

N/A

N/A

Calc max T rise via oxidation, flash
point of possible syngas/air mixtures.
Set Labview up to not allow
pressurisation if no flow through PV4.

N/A

Mention in SOP
Reactor diameter reduced so no other
reactors of same dimension. Removal
from furnace body is destructive so
cannot be reused.




Flow

Temperature

Pressure

High

Low

High

High

Asnodes 1 & 2

As xii

As node 1

Blocked quartz
knock out

CW failure

Dry ice trap failure

FTIR valve closed

wool

liquid

Potentially entrained liquid,
damage to FTIR/MS

No trapping of liquids

Condensation in  vent,
potential flammable liquids
released

MS overpressure as all flow
diverted to MS

FTIR/MS have own

heated inlets, some
resistance  to  liquids.
BPR ok with liquids

Inherent cooling through
lines

Inherent cooling through
lines, low points before
vent

N/A

As xii

As node 1

Dry ice cooling on inlet to vent
Consider removing CW cooling for
more inherent air cooling.

SOP to state to check for liquids in vent
and FTIR

No valve on FTIR inlet - options are
only to FTIR or vent
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B Temperature Dependent Dynamic Model Full Derivation

Gas Phase Mass Balance

Mass balance in terms of mols™. All in terms of Ho.

Accumulation = convection in plug — convection out — diffusion out + diffusion in + transfer from

particle.
% (CHZEdVbed) = u|zCH2|zAbed - u|z+62CH2|z+6zAbed dCH |zAbed +D——= dCH |Z+62Abed +
ki (Cetys — Cui, ) dAs B.I
Ci=xiCr Cr=1/Vn B.2,B.3
where Cr is the total concentration and Vy, is the molar volume m>mol™, giving;
Ci=xi/Vm B4
diH2 dZHz
% (% Edvbed) = ulz % |zAbed - u|z+62 % |z+tSzAbed -D % |ZAbed +D % |z+6zAbed +
ko, (x‘f;s - %) dAg B.S

Assuming spherical particles then the surface area, A; = 47rrp2

3
Volume of the particle dV, = (1 — €)dVpeq = %nrp

3

o —nrp/
giving Vypq =3 (1-e

. A dA 4mr,? 3(1-€

Divide by dVie. —bed = 1/dz s = 3079
dVbed AVped gnrp / p
(1-¢)
YHy YHy
d (XH, ) XHp 1 XH, 1 VM 1 1 (tzs
€ —-Uu —= ——-D —+D—= — —Z —

dt( |z Vum |z dz |z+5z Vi |z+62 dz dz |z dz dz |z+5z dz Vi

tz) km3(1-¢€) B6

VM Tp
1/Vwm can be removed from Fick’s first law™**  giving:

1 D dXHZ

d (tz E) ul tz | ul xﬂl 1 D | D dtz
dt z z dz z+6z Vi z+6z dz vy dz 2 dz

|z+52 dz + (tzs

km3(1—€)
Hz) _ B.7

TpVM

Limits tending to zero, assuming D is constant along z and can therefore be removed from Fick’s second

law, however Vi, since it is dependent on T and therefore z, cannot.

172



XH XH
Ge) _ 4G
Vm) _ _ VM idtz) i _ km3(1—6)
€ at dz +D (VM dz J dz + (tzs xHZ) VM 538
Divide by €
XH XH
a(v2)  aalm) N g(idxﬂz)i ¥ (e — 2y, 22070 5o
at € dz e\Vy dz Jdz Has H erpVy )
Dimensionless time, 1, taken as per Chen and Luss paper
ust 1
=L_= B.10
€L Le
Therefore
X X x
do— do— do
Vo 9T Vi _ W 1 Wy
dt dt dt elLle dr
Dimensionless length, Z, taken as Z=z/L
Therefore
dx dZdx 1ldx
dz dzdZ LdZ
Combining gives
*Hp *Hp
ﬂid(VM) _ _id(VMu) +i(idxH2)i+ (x oy )km3(1—e) B.11
eLLe dt Le dz 2e\Vy dz /)dz Has — “H2) er,vy :
.. u
Divide by <
€L
XH XH
o) 1 G D (L)L () 00 51
Le drt us dz usL \vy dz Jaz Hos — H2 ) upr,vy '
3k L(1- Ul
Take M as M = Hmtd-9 define Pey = L
Usrp D
XH XH
o) a6 (L)L ) 513
Le dt up dz Pey \Vy dz Jdz Hys H2) vy :

However, u still varies with both T, P and reaction. Vy varies with T and therefore Z.

Dimensionless velocity, u’, is defined using ur as a reference velocity (to allow velocity step changes

u
later on). u'=—
UR
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XH XH
1) _ _un(e)
1 “\v u 7 1 1 dxg,\ 1 M
——M = R M —(— 2)_+(st_xH)_ B.14
Le dt 'LLf dzZ PEM VM dzZ dzZ 2 2 VM
. V _ RT RTg
Assuming ideal gas Vy==-=— % —
g g M=5= 5o MR = P
v T P T P
=t Vy = VMR —
VM TR P TR P
x X
a| —Fp d| —Fpur
1 \YMgTpP ) ug \"MRrTRP 1 1 dxp, |1 N (x X ) M B1s
Le dt T dz Pe TPR gz |az Hzs — “Hy TPR
f M \VMrTL P VMRTR P
Simplify and cancel through Vumr
P TR P Tgp
1 d(xHZPR T) ugp d(tzu'pR T) 1 (P Tpdxp,\ 1 P Tg
———R =R Ry (—E2) = (xpy s —xy, )M —F BIS
Le dt us dz Pey \Px T dZ /dz 2 2 pp T

With a constant pressure down the bed, assuming pressure loss due to friction is <5% of inlet pressure.

TR TR
i—d(xHZT)=—u—R—d(xH2wT) - (T_Rdtz)i+(x — xp, )M R B.17
Le dr uy az Pey \T dz J)dz Has Ha T '
UR 1 yE
R - T =2
Ur uf R
YR YR
1 dn) 1 Al L () Ly (o )M 518
Le drt u} dz Pey\y dz Jadz Hys H y :

With no reaction the 3™ and 4™ terms are zero, so no change in diffusion or reaction with temperature

as expected.

Fluid Energy Balance

Accumulation = convection in— convection out — diffusion out + diffusion in + transfer from particle +

transfer from wall. All in terms of Js™!

a ar ar
dt (prfTedVbed) = pfcfullezAbed - pfcfulz+6zT|z+62Abed - AE |zApea + AE |z+52Apea +

h(T, — T)dAs + hy(T,, — T)dA,, B19
) 3dvy o
. bed _ ads _ 'p _3U-¢€ A~
Divide by dVpea. WVioa 1/dz AVpeq  Vp o dVbea
(1-¢)
2nrdz 2

nridz r
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d 1 1 1 d 1
dat (prfTe) = pfcfullezE - pfcfulz+é‘zT|z+6zE - /1; |ZE + AE |z+6za + h(Ts —

2

3(1 9 4 h, (T, — T)- B.20

T)——

Limits tending to zero

d(Tu) 2T

dar 2hW
E(pfcfe) = —preg——+ /ld— + (Ts —T)——

—T)== B2l

3h(1 e) (

Divide by €

—prcrd(T Ad3T 3h(1- ZhW
(pf ) =—LL (u)+ +(T,—T) ( e)+( -T)=% B.22

€ dz?

Dimensionless time, T, taken as
uft 1
" €L Le

Dimensionless temperature, y, and dimensionless bed length, Z, taken as

R L
ur1dy ﬂd(yu) A d%y 3h(1 €) Zhw
ELLedT(pf f)_ dz +6L2d22+(s }’) +( y) B.23
Divide by 2L
€L
1ldy -1d(Quw) s 3hL(1-€) 2h,,L
Ledt ur dz urlpgcy dZ2 ( Vs y)r pUFPFCF + ( y) TUuFpfCr B.24
— L
Define — 3hta-e Uy = 2wl Pey = urktprer
UfTpPFCE UFTPfCr A
ldy  1doyw , 1 d% _
Ledt  uf dz ten Pey dz? + s —H+ Ow —U B.25
W=
Uy
ldy _ _urdu) 1 d’y _
Ledt  uf dz +Pe dZ2+(yS VH + O — U B.26
ldy_ _ 1douw) 1 d%y _ _
Ledt wy dzZ Pey dz2 + (ys y)H + (yw y)U B.27
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Velocity Taking Reaction and T/P into Account

A total mass balance is performed to determine the effect of reaction and conditions on velocity
Velocity in ms™. All terms in mols™. Vy is specific molar volume m*mol!.

Since the reaction is described in terms of H, and not total molar concentration, the reaction term must
allow for this. A scaling term, f, is used to scale the consumption of H» with the overall change in the

number of mols in the gas phase. Liquid phase mols are not considered as they take up negligible space

compared to the gas phase.

For areaction aA(g) + bB = cC, where the reaction is described wrt component A the scale factor is

given by:

ulzCleAbed = u|z+6zCT|Z+6zAbed + fkm(Cst - CHz)dAS

As before CT = 1/VM, Ci = Xi/Vm

U|zAped U|z+5z4bed
= + fkm

Vm

Multiply by A; , since can’t assume Vy is constant, it depends on P and T and is to be left in the
bed

derivative for now.

Vm

ulz — Ulz+52 + 1

_c—(a+D)
=—

f

(tzs _ tz) dA
Vm Vu S

Vm

Vm

Aped

flem (5,

2 ) g,

Vm Vm

Take, for spherical particles (see fluid MB).

Vm

As per fluid MB

Vm

Uz _ e

Vm

Take limits to zero.

14

dAs = =dV, =

A 31—-¢) av
Vp rp bed

u u XH XH,\ 3(1—€) dVv
£= |z+6'z+fkm( 25 _ z) ( ) bed

Vm Vm Tp  Aped
Lhed — 1 /dy
AVped
+5z + fk (tzs _ xHZ) 3(1-€) dz
M M\ Vu Vm Tp
_ fk (tzs tz) 3(1-¢)
m Vm Vm ™

176

B.28

B.29

B.30

B.31

B.32

B.33



Non-dimensionlise z, u and multiple by -1

(v;;) ty e 30—
T = flom (%— :25)—(r 2 B.34
M M P
: 3kmL(1—€
Multiple by L/urand take M = %
o
(v;;)
ugr “\vy) _ Mf _
ur dz TV (xHZ xHZS) B.35
ing i _V_RT RTg
Assuming ideal gas Vu=== ", Vats o
Ym _ I Pr T Pr
VM Tr P Vu = Vg TR P
VMRTR B ur  Mf
T4z uno TPR\XH, T X B.36
T P H H,s
az UuR VMR—TR;( 2 2 )

Cancel through Vumr , nondimensionalise T and simplify, assuming constant pressure down bed so P =

Pr.

()

_Yr YR
az EMfT (xh, = Xiys) B3

u =uur and f= g/xs

y) _ ur YR
) = 8y 28y, — ) 538

Particle Mass Balance

Accumulation in particle = transfer from fluid phase — reaction in particle.

Assume mass transfer is the limiting step and reaction takes place immediately, hence no accumulation

on particle.

Since the heat transfer within the catalyst particle is rapid compared to the interphase transfer, the
particle is considered isothermal. Concentration changes within the particle are also faster than both
concentration and temperature changes in the bulk, so the particle concentration is also assumed to be
in a pseudo-steady state with respect to temperature. An isothermal effectiveness factor is therefore

used to model the particle concentration profile, the particles are modelled as spherical.

All in terms of mols™!
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E

0= kp(Cs— C)dAs — 77(ys)koCse(R_Ts)dVbed

Particle volume dVy = (1 — €)dVpeq

-E
km(Cs - C)dAs = U(yS)koCse(ﬁ) s

(1-e)
Divide by (ff’;)
(1-e) £
km(Cs — C)dAg dVZ = U(YS)kOCse(RTS)
Ay 4?3
Vo Afamrd h

k(G = O =€) = 0 (ko Coe 7

Non-dimensionlise temperature and concentration, C; = Xi/Vi

-1
fon (2= 2) (= 2 =m0k e
As Chen and Luss, take X e(a_/_;)

Lk

Divide through and cancel ko

-1 -t
fon (22— 2) (1= 0 2 = ) el

Vm Vm us
3knL(1—
Usrp

X X X (L—L)
M (_s - —) = = e\Vr Vs

e T vn) =108

As previously; Vu =
X X X (L—i)
S —_ S

M TPR T PR =1(ys) T3P € T VS

VMRT - p VMRTR P VMRTR P

Cancel through Vmg and assume P=Pr. non-dimensioinalise T.

Xg x \ _ Xg (i—i)
M| 7 =5 | =n0s)zsevr s

YR YR YR
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B.42
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B.44
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B.46
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y L (ior
" (s~ ) = (s 2ebr ) ”

Particle Energy Balance

All in terms of Js-!, assumed isothermal particle as for particle mass balance.

Accumulation = transfer from gas phase + heat released by reaction on particle

E

d _
at (ppCst(l - E)dVbed) = h(T — Ts)dAs + n(ys)kocse(RTs) (_AH)dVbed B.49

Divide by dVbed
i( T,(1 — ))—h(T—T) Aty koCoe TS (—AH) B.50
dt ppcp N € - N dVped nWs)xols€ :
i = (1- As _ At 3 A
Particle volume AV, = (1 —€)dVpeq Vo = Fowr? 1 = Vpea(1=9
_As _ 3(1—-¢)
Vbed ™
d 3(1-€) (=)
E(pPCPTS(l - E)) = h(T - Ts) T + n(ys)kocse RTs (_AH) B.51

Non-dimensionlise temperature and concentration.

d E E 3h(1-¢€) XH,s (=
L (e En-0) =E0 -7 2D nok 2 Gy s
. . u _ (3)
As previously, divide through by o= evr
0
Prep(-€)Lko E d ) = E(y = y,) 30zko | iy gk tzse(;_;_;_i)(—AH) B.53
u R Ys) =g — Vs Totlo s, -

Cancel ko, divide by E/R and prc

Ppcp(1-€)L d. o 3h(1-€)L R XH,s (ir_is) 3
T prcpuy dt ¥s) = (v —¥s) pyr— Epfcf”(ys) ;e v (—AH) B.54
H = 3hL(1-€) ﬁ — R(—AH)
PfCrUsTy VmsEpgcy
ppcp(1-€)L d _ N
presuy  dt Ys) = (y—ys)H+,Bn(yS)tzse(yr ) B.55
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PpCp(1—€) _ugt1

Le=1+2E—— ¢ ~
prcre €L Le
14 G
(Le = 1) - (0s) = (v = y)H + Bn(ys)xp,se>r s B.56
1\ d -
(1= 1)L ) = O = 3)H + 13759 5.7

Since B contains Vms which varies with T, need to remove T variable.

Vr
p=p2
Vs
1\d Yy -
(1-2) 200 = 0= 9H + B En()x,0 5> pss
1\d Yy -
(1-2) 200 = 0= 9H + B En ()05 539

Boundary Conditions

Danckwert’s boundary conditions are used for the fluid. Assuming no accumulation at Z=0:
0 =ulsC|rAbed loCloAbed DaC Abd+DaC Abed
=Uu rClr e Ulgllo e L 9z ; e L E . e
Cancel through Abed, replace C=x/Vu, non-dimensionalise z.
P
v vy, L oz

LuR N T

Take Pey; = —,u=uru’ and V), =V, — as above
D R Tpg

Xo
Yo

, Xf , Xo -1 a
u _—=
Yr Oy0 Pey, 0Z

Energy boundary conditions

0— |T|1 |T|1 AE)T 1+661
= Prestiy fdz Prertlo %dz 0zlfdz 0zlydz
Cancel 1/dz, divide through by prcr, make z and T dimensionless
, , A 0Ty
Wrdp—wodo = prcrlug 0z
Take Pey = @ as above
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1 ! -
UrYr —Uodo Pe, 07

At Z=1 the mass and energy differentials are taken to be zero:

dx 0y
%z 9z 0
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C  Temperature Dependant Dynamic Model with Feed Flow

Adjustment

Dimensionless fluid mass balance from dynamic model, before simplification.

(ve) _ 1) a
Y1 \vm) _ _ 1 \Vm i(i xHZ)i _ km3(1-€)
eLle dr  Le dz 12e \vy dz Jdz + (tzs tz) €rpVm ¢l
Multiply through by €L.
XH XH
d(v) _ )
1\vy) . “\vy B(L dtz)i . Lk,3(1-€)
Yie ar az vy dz Jadz + (tzs tz) TVm ¢2
. 3k L(1—€ L
Take new values for M and Pey withoutuas M’ = # Pe'y = >
14
("ﬂ) d("ﬂu)
ur \vy/) _ Vi 1 (deHz) Mr
Le dtr dz Peryy \Vy dz Jadz + (tzs tz) Vi ¢3

However, u still varies with both T, P and reaction. Vy varies with T and therefore Z

u' ==
UR
tz tz
(=2 d(—=2ur
ur (VM) _ (VM ) 1 ( 1 dtz) M
Le dar YR g4z Pery \Vy dz Jadz t (tzs XH, Vi c4
. RT RT
Assuming ideal gas, constant pressure Vy, = —= o VM, = P—R
R
Vu T T y
— = Vi =Vy, — =V, —
Vmp TR M MR g MR yg
YR }’R ’
ﬂd(XH—”):—u d(XHZy )+ : (y_RdxHZ)i+(x - X )M’y—R Cs
Le dr R dz Pe'y\y dz Jdz Hys H
Dimensionless Fluid Energy Balance
ur 1 dy __ —pgcrd(yu) A d? a’y 3h(1 €) 2h
(prer) ===~ + Qs =N+ 0w - o

€L Le dt az €l? dz2

Divide by %

182



urdy  dlyuw) A d?y 3hL(1-¢€)
Ledt dz Lpscrdz? + s =) TpPfCF Ow =)
3hL(1- 2h,,L
Define H' = 3o U'=—==
ToPfCf rpfef
yrdy _ _dow) 1 d?y — W' Y
vedr = az Trenaz T Os —H + O - U
v
Ug
urdy _ dyun 1 d?y

edr = YR gz tro gz T s —WH + (=¥

Dimensionless Particle Mass Balance

.
fon (22 2) (1 = O 2 =m0k 6

VM

-1

As Chen and Luss, take ZTf = e(ﬁ)
0

Divide through and cancel ko

E XY~ 3 =iy o Gei)

m (VM Vm) (1 €) Ufty - (yS) Vs es

Take M = —Skml;(l_e)
P

M1 [ xg x\ _ Xg (i—i)

() =00 g e
As previously; Vm = Vi TL

R

Cancel through Vmg and assume P=Pr. non-dimensioinalise T.

mr [ xg 11
_<xT_%> = n(ys %e(}’r )’s)

“\3r R YR

1 1
NN A €
2 (=) = ) G
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Dimensionless Particle Energy Balance

ur 1 d E 3h(1 )
YL ey E3e(1 = ©)) = £ 0 =30 2D 4 kg 2225 (-
. . . uf (:1)
As previously, divide through by T evr
0
ppcp(1-€ko E d 3h(1-€)Lk z 1
Pl MoE L () = £y — y) 2D 1y (5, ), 282 5:750) (-
Cancel ko, divide by E/R and pgcy
ppcp(1-€) d 3 3h(1-€)L Xiys (r =)
prerele dr — ) = —ys) presTolly Epfcf (}’s) yr s/ (—AH)
7 = 3ha-9 _ _R(=AH)
PfCsTp VmsEpgcy
ppcp(1-€) d _ —
2O L (1) = (3 = 30) 2 B1 o750
Le=1+ £pp 1)

prcre
1\ d Hr 1 1
(1-2) 200 = =702+ BOn)xs, 6759

Since B contains Vms which varies with T, need to remove T variable.

Y

ﬂ:ﬁys

(1-2) 200 = -y —+ B rn(ys)xyzse(;r )

Velocity Term

a2~
Ur (VM> _ XH,  XHps)3(1-€)
L dz fkm (VM Vi ) ™ C21
Multiple by L and take M' = w
p
(i) _ wr

UR—y = Vi (xu, = Xu,s) c22

Assuming ideal gas Vi = Vi %
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C.l16

C17

C18
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Cancel through Vwmr , nondimensionalise T and simplify, assuming constant pressure down bed so P =

Pr.

d(uly—R) 1
y/ _ 1 YVR
~—az EM f;(tz - tzs) C23
f= S/Xf

d(uly—R) 1

-~ ¥/ _ 2 € YR —_

az uRMXHZf y (xh, = %1ys) c.24

Boundary Conditions

Danckwert’s boundary conditions are used for the fluid. Assuming no accumulation at Z=0:

ac ac
0= u|fC|fAbed - u|0C|0Abed - DLa_Z fAbed + DLa_Z OAbed C25

Cancel through Abed, replace C=x/Vu, non-dimensionalise z.

x b 8>0
Xy X = 2L VM
uf Vm Uo Vm L 0Z .26
Take Pe'y; = = and Vi = Vi, — as ab
ake Pe'y = 7 and Vy = Vi, - as above
a%0
-1
upL— = = o c27
yf Yo Pey’ 0Z
Make velocity dimensionless
x 1 052
b X Ko L Tyo
U'rupg 5 UoURS =507 C.28
Energy boundary conditions
1 1 aT| 1 ac| 1
0—prfullefE—prfuloTloa—ﬂ.afa EOE C.29
Cancel 1/dz, divide through by prcr, make z and T dimensionless
W rURYy — W oYy = — —— 2L C.30
FURYr oUrYo = presl 0z :
crL
Take Pe’y, = 2L Af as above
[ 1 _ 1 ayf
U fURYF — U URYo = — Pery 07 C.31

At Z=1 the mass and energy differentials are taken to be zero:

ax_ay_o
dz 0z
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D Oscillations
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Oscillations in loss of feed flow model caused by model instability, see Figure 7.21.
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