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ABSTRACT 

The principle of corresponding states is developed for the 

prediction of the thermodynamic properties of both pure substances 

and mixtures. Three parameters are used in the defining equations 

- reduced temperature and volume (modified by shape factors) and 

an acentric factor. The thermodynamic consistency of the shape 

factor correlations was checked and found satisfactory. The 

acentric factor is constant for all conditions except for 

subcritical vapour-liquid equilibrium where it is varied with 

temperature or pressure. 

• 

A mixture is modelled either as a single hypothetical 

substance, or as an. ideal mixture of hypothetical components. 

The former model is used throughout the work as tests showed that 

the latter had no great advantage over the former. Methane was 

used as the reference substance and the components of all mixtures 

were amongst light hydrocarbons to hexadecane, components of air, 

hydrogen sulphide and benzene. 

Four computer programs have been written to predict the 

following properties. 

1. Compressibility, internal energy and enthalpy at (120-623)K, 

(0-1000) atm. Agreement with experiment was good - 0.1% difference, 

with up to 5% maximum in the critical region. 

2. Adiabatic and isothermal Joule-Thomson coefficients. These 

were 10% in disagreement with recent experimental work, and up to • 

25% with pre-1940 results. 
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3. Vapour-liquid equilibria. Nineteen binary systems were 

computed as either dew or bubble lines in the range (88-500)K, 

(0-200) atm. Bubble calculations were possible to within 5g, of 

the critical point, and dew calculations up to the point of 

maximum concentration. For nine ternary mixtures, four 4- and 5-

component mixtures and eight natural gases, point values on dew 

or bubble lines were computed in the range (90-370)K, 

(0-100)atm. Results agreed well with experimental work. 

4. Isothermal flash separations. Computed phase compositions for 

twelve mixtures under various conditions agreed well with 

experimental work. 
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Nomenclature. 

a1 - a5 	
constants in Vennix's equation of state (2.7). 

A 	Helmholtz free energy. 

b1 - b5 	
constants in Vennix's equation of state (2.8). 

C 	constant in Tait equation of state (2.26). 

C 	specific heat at constant pressure. 

CA - CF 	
constants in Vennix's equation of state. 

d1 - d5 	
constants in Vennix's equation of state (2.9). 

el, e2 	constants in Vennix's equation of state (2.11). 

f corresponding states parameter. 

fl, f2 	constants in Vennix's equation of state (2.12). 

F 	a function. 

fugacity. 

G 1. a constant in Vennix equation (2.6). 

2. Gibbs free energy. 

h corresponding states parameter. 

partial molal enthalpy. 

H 1. a constant in Tait equation (2.26). 

2. configurational enthalpy. 

k 	1. a constant in Vennix's equation (2.6). 

2. Boltzmann constant (1.4). 

3. As(1-k12), Prausnitz's (12) unlike pair 

interaction constant. 

K ratio of vapour and liquid mole fractions. 

n 	number of moles. 

N 1. number of molecules (Section 1, up to equation 1.4). 

2. number of components in the mixture. 

p 	vapour pressure. 

P 	pressure. 

q mole fraction of a component in the feed to a flash. 
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1. molar flow rate of feed to a flash (Section 2.5). 

2. configurational integral (Section 1). 

✓ 1. intermolecular distance (Section 1). 

2. any molar property (Section 2.3). 

R 	gas constant. 

partial molal entropy. 

S entropy. 

to 	a constant in Vennix's equation of state (2.6). 

temperature. 

u intermolecular potential. 

U configurational internal energy. 

✓ 1. volume. 

2. ratio of vapour product to feed in a flash. 

x 	mole fraction of a component. 

X 	molar flow rate of liquid product in a flash. 

y 	mole fraction of a component. 

Y 	molar flow rate of vapour product in a flash. 

Z 	compressibility factor. 

0( 	1. a constant in Vennix's equation of state (2.10) 

2. a general component 

3. relative volatility 

1. a constant in Vennix's equation of state (2.10). 

2. a general component. 

1. differential operator (Section 2.3). 

2. finite difference. (Section 2.6). 

characteristic energy. 

4. 	chemical potential. 

adiabatic Joule—Thomson coefficient. 
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nsity. 

collision diameter. 

isothermal Joule-Thomson coefficient. 

shape factor for volume. 

shape factor for temperature. 

acentric factor. 

correction factor for interaction energy. 

Subscripts  

o 	reference compound. 

saturation state. 

A 	actual state (given). 

x 	pertaining to a hypothetical single substance. 

replacing the mixture. 

oc 	pertaining to component 0 

Superscripts  

C 	critical property. 

excess property. 

R 	reduced state. 

S 	saturation state. 

t 	total property. 

81 	 second derivative. 

e 

1. variable in Gauss quadrature method of integration 

(2.59). 

2. first derivative. 

ratio of critical properties only. 
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INTRODUCTION  

Methods for the computation of multi-component vapour-liquid 

equilibrium and other thermodynamic properties have proliferated 

during the last two decades. Many factors have brought about this 

growth. The most dominant are the great increases in the 

production of oil, natural gas and petrochemicals, and the 

phenominally rapid development of electronic computers. Supply of 

technological know-how has been able to keep pace with demand, to 

bring about growth in the science of chemical engineering which 

once relied on the slide-rule and the engineer's experience. 

A further benefit from this expansion has been that theories and 

ideas in the past put aside as impractical - that is requiring 

what was thought near infinite computation times - can now be 

developed. Advances have been made too in the understanding of 

intermolecular forces and their relationship with thermodynamic 

properties. 

The properties of real gases and liquids deviate from ideality. 

The knowledge of this deviation and how to calculate it, is thus 

of primary importance. The best methods are appropriate to both 

pure substances and mixtures. While calculations for pure 

substances usually present few computational difficulties, those 

for mixtures almost inevitably produce a mass of computations often 

beyond the limit of human endurance. This has brought about 

development of methods for calculation of thermodynamic properties 

by computer. 

Basically there are two requirements - an equation of state 

and a method of computation. Equations of state have been developed 

since van der Waais first proposed his nearly a hundred years ago. 
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There are two types of thermodynamic data: one phase properties 

which need only an equation of state - such properties as 

compressibility, enthalpy; and multiphase properties which need 

additional computations to find equilibrium, properties such as 

fugacity and composition. 

The first type - one phase properties - have been computed as 

long as the equations of state have been there to use. 

The second type - which need so much more trial and error in order 

to find the equilibrium states - have been calculated with greater 

accuracy only since the advent of computers. 

The first development of an equation of state specifically 

applicable to computer work was by Benedict Webb and Rubin in 1951 

(iii), and is usually known as the BWR equation of state. 

It was developed for use with mixtures of light hydrocarbons. 

(C1  - C7) and various alkenes - in all twelve substances. Its range 

was (1-250)atm and (200-477)K.  The thermodynamic equilibrium was 

achieved by balancing fugacities in each phase. Somewhat limited 

in application at first - it has been expanded and improved by its 

adherents, and, for many cases, still holds its own today. 

In 1961, came the work of Chao and Seeder (112), using the 

equation of state of Redlich and Kwong. Their method is also basti 

on equating the fugacities in each phase to establish equilibrium. 

The method needs a large computer for solution of the equations 

involved, and has gained very widespread use. 
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Prausnitz and his colleagues (92) have done much work on this method, 

expanding and perfecting it. The Redlich—Kwong equation of state 

is an equation of state for the vapour phase which can be applied 

to a wide range of compounds, without the use of a reference 

substance, and provided suitable constants are available. 

It has been claimed (123) that there are only two ways of 

predicting thermodynamic properties, either by the use of a 

completely empirical equation of state, or using an equation of 

state for the vapour phase and predicting the liquid phase 

deviations from ideality by empirical equations for the excess 

functions. There is another method however, developed first by 

Leland and his colleagues (6, 9, 11, 17, 121, 124), and later 

Rowlinson (1), and which uses an exact equation of state applicable 

to both vapour and liquid phases of a particular substance in conjunction 

with the principle of corresponding states. This, method avoids the 

discontinuity between phases introduced by the other two methods 

just mentioned. This disadvantage.of discontinuity between phases 

is acknowledged by Prausnitz (123). This third method of Leland's 

also has the advantage of being solidly.  based..oriftheory. 

The basic idea of the principle of corresponding states is that 

for very many substances, intermolecular forces can be defined by .a 

relationship between intermolecular distance and energy only. 

The thermodynamic properties of a substance can be found from 

those of another whose properties are known simply by the appropriate 

adjustments to the parameters of this relationship. 
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Successful application of the principle of corresponding states 

needs a very exact equation of state for the reference substance. 

In recent years many such equations have been developed - especially 

for methane, as so much accurate P-V-T data are available for it. 

In this work, the equation of state developed by Vennix (16) is 

used. In addition the two parameter (critical temperature and 

volume) principle of corresponding states is enlarged to include a 

third parameter, the acentric factor. The acentric factor is included 

in such a way that parameters are modified by shape factors. 

These shape factors were proposed and developed by Leland and 

co-workers. Shape factors eliminate the slight lack of conformation 

of a P-V-T surface to make it a perfect match with that of the 

reference substance. Where there is conformality, the shape factors 

are all 1.0. 

The application of the principle of corresponding states in 

this work is to hydrocarbons, rare and common gases, as both mixtures 

and pure substances. It is used to compute compressibility factors, 

enthalpies, Joule-Thomson coefficients, and vapour-liquid equilibria 

(both saturation and flash) in a wide range of temperature and 

pressure, (90-520)K and (0-1000)atm. Where possible, comparison 

is made both with properties experimentally determined and with 

properties computed by other methods, in order to evaluate this 

method of prediction. 

The aim of this work has been to produce programs which are 

usable as chemical engineering tools. Wherever possible the 

procedures axe general and no program contains any procedure specific 

to a system or compound. A copy of Leach's program PROPERTY (17) 

helped greatly in the development of the original program in this 

work - the one for computation of enthalpy and compressibility factors. 
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Original work has been done on the adjustment of acentric 

factors: In this work the acentric factor is allowed to vary with // 

temperature and pressure to enable exact saturation data to be / 

predicted for pure substances. The program to calculate flash 

separation uses a technique of matching chemical potential for 

equilibrium, whiCh has not been used elsewhere, as far is known. 
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Section 1  

The Principle of Corresponding States.  
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Section 1  

Configurational properties are the thermodynamic properties 

which define the equilibrium state of a system. This means that 

they arise from the forces of interaction between molecules — 

they depend on the configuration, and are independent of the 

internal properties of the molecules themselves. For a pair of 

simple molecules the energy of interaction between them is a 

function of their distance of separation, r, only (1). 

Fig 1 shows a typical variation of intermolecular 

potential with separation. 

Fig 1 

r 

Since for many substances, the variation of u with r is very 

similar, it should be possible to deduce one potential function 

from the knowledge of that for another species. 

Suppose we have species 1 and 2, then we could write the 

intermolecular potentials unlgot  and u22/tom  as functions of 

and 	021  ir2 
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Now let species 1 be at conditions V and T, and species 2 be at a 

corresponding state such that the volume is V Ca  zz /603  

and the temperature is T ( 62.2./‘tt 
 ). In this way, there will 

be corresponding configurations in each systems. From this it 

follows that the configurational integral Q of species 1 is 

related to that of species 2 by the expression 

Q i •  [V 	(au. 	Qa  [V(Cf2a./003)  TO.2.2  /6„ 

(1.1). 

(The variables of thermodynamic functions are shown enclosed, in 

square brackets.) 

The ratio of the energies e is abbreviated to f, and the 
ratio of the intermolecular distances is abbreviated to h 1/3 

Equation (1.1) can be written in the form: 

CV,T} = 11,0 Qb P/h11,0111/f11,01 	(1.2)  

where f11,o means en Coe  and h110 means ( ail 1 u.0)3  • 
In this way, the configuration integral of any substance 1,2,3 

can be related to a reference compound 0. From equation (1.2), 

we obtain for the configuration Helmholtz free energy, 

A =-kT in q 	(1.3) 

and from (1.2) and (1.3) 

flloAo 
	

171.1:) 1 

h11,0 
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Since 	A 	is equal to pressure P, 

Pi iv,T] = fil,o/h11,0 P0 [v/h11,0,Tifil,o) 
	

(1.5) 

From the definitions of f11,o and  h-il,o  , it can be deduced 

that they can also be expressed 

f11,o = T1  /To  and h11,0 = V/V-o 	(1.6) 

where T1, To and Vi' V are the temperatures and- volumes at which 

substances 1 and 0 correspond. 

Substituting (1.6) intp (1.5) we have for the compressibility 

factor Z, 

Z1  EV'  T] = Zo [171411,0, T/ fll,o) 

	
(1.7) 

Since the definitions of the parameters f and h above apply to any 

temperature or volume, they may also be written 

f
11,o = T1/To  and h11,0  = 

	(1.8) 

writing the reduced properties for species 1, 

VR  = vie ' TiR  = T/Tc  1 	1 	1 

and substituting (1.8), we have for the reference substance, 

VR  = Vie 	Vi 



and 

To 	= T/T
c  . f11,o T1  

Thus equation (1.7) can be written in the more familiar 

form of the Principle of Corresponding States  

zo 	T: 	.(1.10) 

The name "conformal" is applied to the members of a set of 

substances whose intermolecular potentials are of the form 

described above, and hence to which the principle of 

corresponding states applies, in the form defined in equation (1.10). 

However, since in reality very few substances conform exactly, 

in order to apply the principle of corresponding states to a 

wider range of substances, a third parameter has been proposed, 

(3). . 

Treatment of the concept of corresponding states by dimensional 

analysis by Reid and Sherwood (4), Hakala (5) and others (6,7) 

shows that it depends on many more than the two parameters 

(Ve, Tc) assumed here. Hakala shows further that Ve  and T°  axe 

the fundamental critical constants in the law of corresponding 

states. The contribution of parameters such as polarizability, 

molecular mass, moment of inertia etc. to the accurate 

description of the P-V-T surface is generally negligible. They are 

all neglected in the work described here. The third parameter is 

sufficient to produce conformation. 
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Pitzer called this parameter the acentric factor, 

and defined it by the empirical equation 

CO = 1°g10ljt 1.000 

P
R in equation (1.11) is the ratio of the vapour pressure (at 

TR = 0.7) to the critical pressure. 

It has also been proposed (6) that the critical 

compressibility Ze  could be used as the third parameter. This has 

the disadvantage that it makes an exact fit for corresponding 

states at the critical point, with increasing error at growing 

distance from the critical point. Furthermore Zc  can be determined 

	

only with the low accuracy of the critical volume, 	which is 

rarely better than 2%. On the other hand, CJO is defined at 

R = 0.7, which is a region of much greater practical interest. 

Any errors which will occur in the critical region are not of great 

importance. 

This extension of the principle of corresponding states, to 

non-conformal substances may be effected by the introduction of 

shape factors (2). Since these are functions of 44 (and Zc) 

they describe how the third parameter is used in practice to fit 

the lack of conformation of different substances. When a pair of 

substances are not conformal, the parameters h and f are not . 

constant but are slowly varying functions of V and T. The shape 

factors modify f and h in the following way. 

f11,0 1'T1 	' ) = (Tc/Tc) 	e 11,0 (e 
, TR) 	(1.12). o 	1 1 

h11,) 	 (1.13) (Vi,T1) = (77/Y). 	ct)11,0 	T131.  ) 
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VR  = V /I°  an TR  = T /T°  
1 1 	1 	1 1 (1.14) 

(The variables of parameters are shown enclosed in parentheses). 

So from (1.6), by substitution into (1.12) and (1.13) 

011,0 (i.3 , TR/TR 
11  o (1.15) 

011,0 	T19) 
	

(1.16) 

If substance 1 is the reference compound instead of substance o, 

then the shape factors of substance o relative to 1, i.e. d) oo,l, 

95  o6,1' are directly connected with those defined above in 

(1.15) and (1.16). 

vR To) . TR/TR 
eloo,1 ( o' 	ol  1 

and so 	000.11. d)  11,0 = 1 

and similarly for 45 . Although a seemingly simple method 

for transferring the values of shape factors for one reference 

substance to a system with another reference substance, it must 

not be forgotten that the arguments of 6)oo,1 and  e11,0 are 
different, and so care must'be taken in their evaluation. 

Empirical formulae have been developed to express 0 and 

as functions of TR  and VR  by Leach (8,9). The parameter '00 has 

been incorporated in these formulae in the form (G., -4,0  ). 

This is consistent with the definition of the third parameter; 
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when a pair of substances are completely conformal, their co and 

Zc  will be identical - and 9 and 0 reduce to 1.0. 
Leach's expressions for () and 46 are for substance i relative to 

reference substance o. 

ii ,0 ® 1 	(.0, -c00).[..0.0892 -0.8493. In i + (0.3063 - 

0.4506/r) Cv33.  - 0.5j (1.17) 

0 11 o 	o = Zc 1 + (Cdi  -coo 	[0.3903 	- 1.0177) - 0.9462 ,  
zi ( i - 0.7663). In TRill (1.18) 

The reference substance is methane; and the equations were 

developed for use with hydrocarbons. If VR  is outside the limits 

•(0.5-2.0), then it should be set at 2.0, or 0.5 according to. 

whetheritisaboveorbelowthelimitrespectively.T.,should 

lie between the limits 0.6 - 1.5. 

Differentiation of equation (1.4) with respect to volume 

gives 

Zi [V,T] = Zo  p/h11,01  T if11,o] 

terms in df/dV and dh/dV 

If the principle of corresponding states is true for conformal 

substances, then these terms on the right hand side must sum to 

zero. The arguments below show how this is so. 
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Writing equation (1.4) in a slightly different form, 

Ail:V,T1 	fil . ,o A oV~hii,o' — RT In h11.. ,o 

fzip OA.) + A./664.) Rraof ,4„) 
kavir ov v 

The parameters of A are omitted for clarity. Ao is a function 

of To and 1/ rso that 

reA jar 8 Pr iv rdl + rS V 00 ).r. ("ai 11\7)1. 

(1.20) 

(1.19) 

and 

T . 
(1.21) 

,, .1: 1 -- 	• 1114,) 
(t-11)' 	!Pt!' ,1 / 64,4. 	#40 	(1.22) 

Substituting (1.21) and (1.22) into (1.20), and then (1.20) 

into (1.19) 

(Att. 	roiot . 	(thc, . 
keV/ 	tkaToiv S T T 

	

0 	
V 

0 

	

. (th,401 	 ti„„) 
h.. 	h2:.

,0 	r 	r lsv 	/ h ,0 Isv 1. 66 	 ez 
(1.23) 
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Simplification of (1.23) is possible : 

011.)
s  

0 	 — 0 

llTov  

-_e 	LA.0•44,0)+1 • 0.14,0 (5u • EL/ -1) 
RT RT W 	k)Av t 	RT 

-Z U 	 (s_hz:.A.(..— Z —0 	(44;0 + 	 0 ,jo  RT. 	SV 	k. UV 

and so from equation (1.7) 

fL10.().14 • ,.). 
RT. xlv ♦ (zo-olkap(.slia.0) 

1V 

must be zero. This provides a useful method of testing the 

thermodynamic consistency of the expressions developed by Leach for 

e and 0 . Such a check is described in Section 4. 
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The defining equation for GO (1.11) does not exactly reproduce 

the vapour pressure curves for hydrocarbons, or other 

substances, at temperatures away from T
R = 0.7. Since accurate 

vapour pressure data are available for most substances, the idea is 

put forward that adjustment of CO using these data would make the 

prediction of properties by the principle of corresponding states 

more accurate. The ways in which this idea has been tried are 

discussed in Section 2. 
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Extension of the Principle of Corresponding  

States to Mixtures  

In order to extend the principle of corresponding states to 

mixtures of different species, the intermolecular forces between 

unlike pairs of molecules must be defined. In a mixture of species 

1 and 2, there will be interactions of the type 1-1, 2-2 and 1-2 

(which is the same as 2-1). 

Assuming that the mixture of different species is completely 

and randomly mixed, its configurational properties could be 

described as those of an equivalent hypothetical substance. 

This postulate was proposed independently by several workers - 

Prigogine, Scott, Byers Brown (2), and is usually called the random 

mixture 1-fluid model . Another suggestion (2) is that the 

mixture could be considered an ideal mixture of hypothetical 

components, whose properties are functions of the real components. , 

This is called the 2-fluid model, or nowadays is often called the 

average potential model. 

Considering the 1-fluid model first: the free energy A, of 

the mixture is equal to that of the hypothetical substance plus 

the ideal entropy of mixing. 

A 	T] 	Ax  [V,1 + RT . E mix 	 x In x) 

(1.24) 

where 

Ax 	[1.T,T) = f xpo  .Ao [V/hx,o , T/fx,o  ) 	RT In h x,o 
(1.25) 
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Here hx,o  and f
x o  are parameters for the hypothetical 

1 

substance. Many methods have been suggested for the calculation 

of hx,o  and fx o 	0 
from f.. 	and h .ii o. (From now on the subscript , 	 , 11,  

o on f and h will be omitted for simplicity). The method which 

gives the best results is that based on one originally 

developed by van der 7/aals; its advantage over other methods is 

that it deals well with combinations of molecules of very 

different sizes. For a mixture of N components. 

N 

hx =  L Z 
jc, ( xi  xj 1  h.3. (1.26) 	' 

and 	f h x x = 
La Jsal 

(x. xj, 1 f..313 h..) (1.27) 

when i = j the pair interaction parameters f and h can be 

calculated from equations (1.12) and (1.13). T?/Tc  and 

ITVITc  are referred to as fl1  and M- respectively in the I o 

following discussion. An iterative procedure is necessary to 

so lveforea and0a becausetheyarefluIctionsofT1.1 and 

which are themselves functions of ea  and alik„ — equations 

(1.15) and (1.16). 

Further assumptions are necessary to evaluate the terms in 

(1.29) and (1.30) where irlA j. The Lorentz-Berthelot rules for 

combining like-pair interactions are used. 



   

(1.28) 

f.. IF:7= 13 11 jj 
4%) 

(1.29) 

Mere Berthelot's original proposal was that 

The term 	is a factor by which agreement can be 

achieved between calculated configurational thermodynamic 

properties and experimental determinations of the same properties. 

Two studies on the determination of 	, using similar methods, 

show how it is found either from the excess enthalpy HE  (11), 

or from the excess Gibbs free energy GE  (2). Using a guess for 

and calculating G
E 
 or HE, and adjusting this guess for 

in the light of the discrepancy between G
E 
(cale) and G

E 
(expt), 

values of S have been established. Although g is determined 

from one particular property, once it is established it can be 

used for all others, and extended to multicomponent mixtures 

as well. 

Another method of finding 	has been developed by 

Prausnitz (12). Several other workers have done similar work 

(13, 14). This approach used experimental virial coefficients, 

or experimental molar excess volume to calculate 

In Prausnitz's nomenclature 	is (1 - k12). 
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The alternative postulate for the application of the 

principle of corresponding states is the 2-fluid model. Since it 

is an ideal mixture, the free energy can be written. 

mix PIT] = 	(A A [ V,TJ + RT In x) 	(1.30) 

and from (1.4) 

Ac4  CV Ti = f A0 	Tifej 	RT in hIC 	(1.31) 41.  

The parameters hot  and f now refer to the hypothetical 

component a . The van der Waals method for calculating the 

parameters h and f can be extended 

N 

k = 	h, 
peg 	4/5 

(1.32) 

1411.1. = 	%13.fel 
	 (1.33) 

The unlike-pair interaction parameters, falls ,k«0 
have definitions similar to those forfii  and hii  (cf equations 

(1.12), (1.13) ) . 

For example 

4:0010 T TT gp 

(1.34) 

C 	et h 

ot 
dr 

yap lr  . CD 1 	t 4, ;1 
j 

(1.35) 
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These parameters defined in (1.34) and (1.35) are only 

relevant in equation (1.32) and (1.33). For parameter 

would be a function of 

II • 1?",,up 	. ±.113] To So 	v: Ps#  

and similarly for 50.. Again, an iterative procedure is 
necessary to solve equations (1.34) and (1.35) for ki,

7' 
and 

5,p  . 
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Section 2  

Application of the Principle of  

Corresponding States to the Prediction  

of Thermodynamic properties.  
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SECTION 2  

It has been shown in Section 1 how the thermodynamic 

properties of one substance, or of a mixture, are related to the 

corresponding properties of another — usually referred to as the 

reference compound. This section describes how these properties 

can be calculated, using an equation of state for the reference 

compound. 

1. Compressibility factor  

One of the pair of basic equations defining the principle of 

corresponding states is 

0 	0 0 

	

[ TB, vR 	= Z. (2.1) 

 

To determine the compressibility factor Z for substance i, the 

compressibility factor is determined for the reference compound i, 

at a temperature and volume which "correspond" to those of .the 

compound i. 

Thus 	= T/Tco. fi  

Vieo. hi  

or for a mixture, TR  = Tie°. 

and 	VR  = V/Ve. h o x, 

(2.2) 

(2.3) 

(2.4) 

(2.5) 
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However, hx and fX 
are functions of the shape factors © and 

These in turn are both functions of (T/Tc0.19 /fx)and 

(VA:. 95 /hx) as described in Section 1. This means that 

calculation of functions of Viol  and TR  is rarely straightforward. 

The reference substance used in this work is methane, and 

the equation of state is that developed by Vennix (15, 16). 

Another equation of state developed by Leach (8) was used 

initially to calculate compressibility factors, but that of 

Vennix is better, and subsequently all work has bten based on 

the latter, equation. 

Vennix's equation of state for methane.  

Z = I + 	+ C . exp( c(7. - o))+ 0 	 —$ To  To 	 T0 
exp(k-CE ) 	(2.6) 

0 
where 

C
A 

= e g + a zez + 3  (c4)3  ci4(cg 	g(e)5 
 

2;7) 

Ce = bieg b2  (C4)1+ b3 W7+1 (64+17505  (2.8)  

Co 	de+ d 2  (egr d ,Rief f ci4  (e474. d5 (f (2.9) 

C ecez+e,fgvei...6,..4.[(,04,3t,efj (2.10) 

Ce 	e,+ ez  (e÷ 
	

(2.11) 

CF 
	 (2.12) 
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The constants (al, a2 	
 
f2, G, to, k, 151"  , 	' eo ') 

are listed in Appendix (A). 
	

R is the reduced density. 

CR  = 1/VR  

Although the variables of this equation (2.6) are TR  

and t 
R it is almost universal to define process conditions in 

terms of temperature and pressure. Therefore solution of (2.6) 

for Zo 
requires an iterative procedure. This means guessing a 

volume at the given temperature and pressure, using this to 

calCulate shape factors and interaction parameters. 

From these Zo 
can be calculated. By substituting into 

Z . o To IM 
(2.13) 

Ze. VR  
0 0 

and comparing this Po with the reduced pressure which defines the 

process, a measure of the error in the assumed volume (i.e. VR) 

is known. By adjusting the volume', convergence of the pressure 

can eventually be achieved. 

A method of convergence which works well for this particular 

case is the Newton -Raphson method. If VR  is the i-th estimate 

for the value of VR  which makes F (VR) = 0, then an improved 

estimate VP11 is found from 

- F (VR) 

F.  (VR) 

(2.14) 
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The function of reduced volume, T(VR), is (PAR  - PR) - that 

is when the reduced volume is correct, the calculated pressure is 

identical to the specified pressure. 

The first derivative Ft (VR) in equation (2.15) is determined 

in the following manner 

F(VR) = PA /MO 

	

(2.15) 

Ft (711) 	 svRio/),,  

R 

but from (2.13) 	P: = Zo  . T: 

Ze  • VR  
0 0 

• 1pR 	z..  . 	RQ 	( zo 	-  Z I 	. 1 . 	o 

svR) TR 	zo L 	viz TR 
(vR)2 

0 

Since Zo is a function of (R, rather than VR, ( 	R) TR T dP R 

would be a more convenient differential to evaluate. 

,v11 ). 1. ,e 	(e R )  2  

`PR = TR 

e ZC 
relic z 	ip 

R. 
z] (2.16) 

Differentiating equation (2.6) with respect to 
	R 
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(E.) (is)) 	_L recijexp(4-ce(T04-tol cgira  a cizir, T:t se  gira  r eaR t.  ()et 

e.,AKCI -CE(Tcl-t4t' C,....arR fexp(k- r ).1 
Wr4 

where 

exp(c-ff  )11g) 
T: 	a e'444 (2.17) 

(ACA  ) = a, + 2 41  cg  3$33(62+4Q4(c11)+545e4(2.18) 
eirg  

gls) = b, + 2 b2e+3b3(c9)+444(cier÷gbAgyt (2.19) 

( IC= d1+ 2c12  CIC  3d3(624-4d4k93+545(64  (2.20) 

R,d49(4-CE(Til:-e4,))= &Alp -CE(71--ton. 
ae 	 (TII-t0)./.!cE} 

kS cgirg (2.21) 

exp(k-cl). 
T: 	 T: fog s (1)1.g  (2.22) 

(EE)= e2.3(cg+Gr 
b eg g  

("1@)f: 52  

(A_C) CciZegtkik)+T  

°CR/TA 	ea(e0+eg) (e+  eor-b  

(2 . 23) 

(2.24) 

eo+af (e0+13)34Cg+eo)11 
3kg+ Cori (2.25) 
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A small approximation is introduced in the iterative cycle. 

i'o 	)iio The shape factors 	and 	are functions of VR  and 01   

TR (equations (1.20) and (1.21), but the dependence cn VR is very 

weak - only a function of VR  at all between VR  = 0.5 and VR  = 2.0. 

So, shape factor dependence on v"1  is left out of the convergence 

cycle while calculating  the compressibility factor. When a 

constant value of Vi is obtained for a particular set of 

shape factors, these are recalculated using this 

The compressibility factor is Calculated again from these. 

Three recalculations of shape factors has been found the maximum 

necessary for complete convergence on V. 

For the liquid phase, the iterative procedure to find the 

compressibility factor can be avoided almost completely. 

The Tait equation of state gives V: directly. 

Vo = 
	

ln-A +H 	1 
	(2.26) 

PS  + H) 

Empirical expressions for the saturation values of VR  and TR  

were developed by Leach (8) from experimental data for methane. 

VS = 1/(1 + exp(0.83531 + 0.4175195 In (1-TR) .+ 
0.214866.exp (50.098 (T0  - 1)))) 	(2.27) 

PR  = exP (4.77726  - 4.7.2895/T: + 0.73611 In To) (2.28) 

- 17.4897 + 15.9008/T: + exp (10.5083 T: - 11.0064) 

(2.29) 
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C = 1. exp (5.94009  - 2.105715/TR  - 0.986662/TY (2.30) 

    

PS 

From VR, equation (2.26) the compressibility factor comes 

directly 

Z
o 

= PR. VR. ZC  A o o (2.31) 

 

T
R 

 

As for the vapour phase, three iterations are necessary to 

recalculate the shape factors, to include their dependence on VR. 

Since a second equation of state (Tait) has been introduced for 

the liquid phase, it becomes necessary to decide the phase of the 

mixture, before commencing any calculations. 

An accurate expression for the vapour pressure of methane has 

been developed by Armstrong, Brickwedde and Scott (24), and slightly 

um:lifted by Vennix (16) for use with his equation of state. 

By comparing the reduced vapour pressure of methane calculated 

from this expression at T
o 
 (= T/f

x) with the reduced pressure of 

the system, the phase can be established. The reduced pressure is 

calculated 

P12 = P/ 82.0567 x Z
c 

x Tc . h o o x 
C 
V
C 	

f
x 

(2.32) 
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If the reduced vapour pressure of the reference compound is less 

than P '  then the mixture is in the liquid phase; if it is greater A 

than PA, the mixture is in the vapour phase. 

In equation (2.26) the ratio (PA  -I- H) can become negative 

or zero, and this will cause difficulty in calculating Zo. 

This condition occurs when To is very close to 1.0, but not 

actually equal to 1.0. In his program PROPERTY, Leach (17), 

prepares for this condition by using the Tait equation only up to 

T
R = 0.98. In the program developed for this work, for any value 

of To 
which causes that ratio to be less than or equal to zero, 

control is transferred so that Zo is calculated using Vennix's 

equation (2.6). 

2. Internal Energy and Enthalpy  

The Gibbs-Helmholtz relationship between A and U may be 

written. 

U 7  A - b 	T 

,e),v  

For a mixture : 

U . = mix 	bl A . ). T mix)  

( NT 

(2.33) 

Using the 1-fluid model, from equations (1.27), and (1.28) we have 

A.,s p,T)= ft  A. [vi h„ 	RM.k t RT f x. 

(2.34) 
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The parameters for Amix  and Ao will be omitted in the following 

derivation for simplicity. Differentiating equation (2.34) with 

respect to temperature : 

(!N=',‘ (re) AM%) RT 
kallv 

 

 

R%x1.4iic 	(2.35) 

Since Ao  is a function of ("Vihx, Tic) which is (17.0, To), 

0_80) = a Ao  . (el (v/1,,„)1 +0210 ) . 
UT kb voir0( • T /v  kYr./vo ( 	T 

(2.36) 

Where 

c)(V/h0)  —V 
k ST 	11% T 

and 

••• 

Substituting these into (2.36), and then (2.36) into (2.35) 

miy) = OSA.). v (L A IL) + A ($) 
rr 	t vo ro -h-zz 	bT 

(}1-0 	Sx.2 	4/11 	ti„ k r 
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Using (2.33) and the basic relationships 

(SsTA:):  - So )(1*0);  'Po U = A 4-T 0 	0 	0 So  

U 	U 	Uo .  —mile ▪ __.o 
RT IZT; RT {0-1c),J —Z„V„ (20— 

(2.37) 

From this the enthalpy follows immediately since H = U + PV 

U + Z 

RT 	RT 

so that H U 	Z. 
MIX 	MIX 	MIX 

(2.38) • 

 

RT 	RT 

  

The compressibility factor Zo  in equation_ (2.37) is evaluated 

at (VR, TR), and from equation (1.10) Zo equals Zmix . o o  

A similar expression for the internal energy and enthalpy 

for a 2-fluid model of a mixture can be developed using the 

same arguments. The corresponding expressions are 

LA 	1 xa 	T xi, .1) . U. 
—DM 
sZT RT. 	

fK kST/ RT 

lr 
k kaT/ 0(   

Mere Zo  and Uo  are functions of Villa  and T/fot  mix  comes from 

(2.38) but 

Z viExZ. nislt 	.2( 0  (2.40) 

(2.39) 
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Derivatives of fx  hx  with respect to Temperature 

The f and h parameters are defined, for the 1-fluid model: 

fx = 	k tj  

and 	hx  = 	IGL x • h . • J `4) 

cif 	. . d(hx  fx  ) 	hxfx. dlit‹)/  X  
dT 	dT 	dT 

where 	d(hxfx), s S x.x.(h.. df..  

(2.41) 

(2.42) 

dh..) 

	

dT 	dT 	dT 	(2.43).  

dhx 	1j 	lj = 	 1E x.x. dh.. 

dT 	 dT 	 (2.44) 

To evaluate df.. and dh.., and iterative procedure is necessary. 
--13 

dT 	dT 

Where i = j, 

so that (2.45) 

where Z, 	 IfTE 

   

I 
(f" 

2fc)  

  

   

ar 

 

    

T (2.46) 
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It can be seen from (2.46) that differentials for i 36 j can be 

determined from those for i = j. Similarly for the h parameter: 

where i = j, 

6

cT 	

414; CPiL 
Ma.• " 11. 	• --fa 

dT 
1 f*11 .. and h*1.. are defined by equation (1.8) 

(2.47) 

Where 	the correct  expression foris hij 

( 1 h..3.3 	(h.2. 
1/3 = . 	11 .11)3  1 	JJ 

2 

The differential of this is complicated, so a small approximation 

is introduced. For the purposes of producing a differential, 

hil  = 1/2 (hii  + 

so that Oka, + 11.11.1) 
(yr 2 aT YI" 

Next arises the problem of how to evaluate 

and 	(P/.T 	. The shape factors 

functions of T. . 	i and 	 , thus 

(2.48) 

6e/er 
and 1:1)44; axe 

fisi_31..4 =Oita.) •fri___:L4)+A eez) .04,1 (2.49) 
Vrfive 	

4. 
aT /v  kW.R/ RkAT 

V T.  

(214 =:A11:1) • 	104). kl) 
ttk al- 	J ig\aT J 

v 	0 T. 
From equations (1.17) and b(1.18) for eo and C7  we have : 

(2.50) 
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a
) (-0.8493/4 (0.4506/4)(q - 0.5)) 

(2.51) 

te) G.. 	 0.3063 - 0.4506/4.  
(0) Vitirg 

($)vg = 
	.(co.,:c.).)( 0 3903 (viil  

(2.52) 

1.0177) - 0.9462/4 

- 0.7663))3 
	

(2.53) 

(g..) 
vg/ 

 

0)(0.3903 - 0.9462 In (2.54) 

   

From equations (1.15) and (1.16) 

. icit)t f 	I (clio.) (2.55) 
ezz.  Xi' iv  T fx  kr 

v: 	- Am 
L 	/v  tix  II" j 	(2.56) 
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The iterative procedure arises out of the fact that in equations 

(2.43) and (3.44), (11..ij/3T)v 	i and (k..j/k)v  are functions of 

(Shx/3T)v  and (bfx/1T)v. So, in order to solve for (Shx/.1T)v  and 

(afx/3T)v  a small initial value is given to (34.41)v  and 

(aV1/41T)v, and equations (2.49) .And (2.50), followed by (2.45, 

2.46, 2.47, 2.48), leading to(2.42) and (2.44) are solved. 

Then beginning again with (2.55) and (2.56) convergence on 

(khx/bT)v  and (%fx/iT)v  can eventually be reached. 

Evaluation of Uo  

A basic thermodynamic relationship between U and pressure, 

volume and temperature is 

474,1, 

	
T 411)))  — P 
	

(2.57) 

The residual internal energy U* is defined 

Let.. f 102) 	? dv 
zkavi 	v /T 3 go 

But the internal energy of a perfect gas is zero, so 

We= 17SU) AV = U 
'-' 00 PV T  

Where U is the configurational part of the internal energy. 

From (2.57) 
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For the reference compound we write U = Uo. Using reduced variables 

and changing the variable of integration from volume to density. 

T:.ozo ) )dez 
0 	C: krieVeR S 

(2.58) 

When Zo is calculated from the Vennix equation of state, the 

integral in (2.58) is evaluated by the Gaussian quadrature method. 
c.„ "viz fit 

Integral = b - a 	 T g(W ) 
Ai0i 	m 

2 

Where a and b are the former limits of integration, Tm  and WM are 

tabulated constants (18), and g is a function of Wm. 

Equation (2.58) becomes 61.4 

Q E 1 ° 	- 

	

itiAr {7/2 	1 
 2.  

1 T,"
e  RTo 	 Ai 	(2.59) 

e'a ='/2"(eR4 el' WrA 

Z' is the compressibility factor calculated from equation 

(2.6) as a function of e 

/—SA — % (Cs+ x aexp(cf --csCr41:—t0))) 

c) -T" A 7: ref 

-I-  1 — -0(e)9(k-CF)) — .1) 	 (2.60) 
To  T: 

In the liquid phase, or where the Tait equation of state is 

used to calculate Zo, equation (2.58) may be calculated analytically. 

Zo = Zc.PR o o A 

R 
47  (T0  

(2.61) 
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Substituting equation (2.61) into (2.58) 

p 	re' z` 
Rio -10 ((IT 

From the Tait equation 

( 
e 	g 

ALI) 4leg4-5 2 A- t 	 L'1 122  s it  e 
(2.62) 

P 	= exp (C(14 - V0)).(4 + H) -H 

. 	 R . . (bPis.R 	514  ) = e,xpC(V—V i,z,) . 	1.- d 14  Os 	,. 
(NT .IL eg 	 I AT: at T: 

t, ( 	
1 

egg+  14).  f d C ( V- vog) + C d V:  it. AN 
.-ior—f,  

et r4 J dT 
(2.63) 

In the liquid phase, the integral in (2.58) can be divided into 

the integral from infinite volume to the volume of saturated vapour, 

and the integral from saturation to the volume of the liquid. 

The former integral we write as Uo
S  
, and this can be determined.  

from the empirical expression found by Leach (8). 

U(S)  = 1 .(f.- 0.29152279 + 1.934121/T: 

( 	

- 

RTo  VR 	(0.251244 + 0.3800509/T:) exp (15.0 (TR  - 1))) o 

(2.64) 

Since the Tait equation is in terms of VR  (instead of Q P) 

	

uo  z  U0  i- 	R  eze 
RT„ 	vg aTg 0 	s 	To vR 
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Rewriting (2.61) 

(14R7°)
) 

QZ-re  

rvg 
e,xp(c( vf- 

Jvg  
S 

Z.40  Resil  4- d 14 4- (12  + 14).0 	1. 
Lair: (AT: 	dr: 

Vg  
V 1424))CIVg— Z 	cIH dvg vs ctrog 

, Z, 	H. otvg —7"o  

+ 	C F+ H) 
$ 

This reduces to 

vR s+oreAcp(4.(vsig...4))  Vg  

—vog)exp(e.(vs —vog ))0tvg 

= L_g,a+v..(P,f-ef)(Ple+ 	 )) (P:+14) + 
laT0  IZTo  G 	 AT: ctro

g
fi To 

( • dC - G.dylezco(4-vfX H + etc 1.(14-44)- dil 
C dr! dr: 	T: cir: 	dTo 

(2.65) 

Where 

vs  
reg 

▪ (0.214866 exp (50.908(T: - 1))).(0.4175105/(T  - 1) 

▪ 10.938398 exp (50.908(T: - 1))) 

-(V)2  exp (0.83531 + 0.4175105 1n(1-T:) 

(2.66) 

- 15.9008/(T:)2  + 10.5083 exp (10.5083.T: - 11.0064) 

(2.67) 
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roz 	Ps1/4 Ri 4.72895/To + 0.73611)/TR  

	

S 	 0 

T: 
(2.68) 

cIC 	exp (5.94009-2.105715/TR  - 0.986772/(T:)2)/41. 

[(2.105715 + 1.973533/T101)/(T:)2  - 	I 

P: 
(2.69) 

3. Chemical Potential and Pugacity  

A multiphase system of one component or more is in 

equilibrium when all phases are at the same temperature and 

pressure and the chemical potential, d/Wof each component is the 

same in each phase. The chemical potential of the i-th component is 

related to the configurational Gibbs free energy of the phase by the 

definition 

02.51  c P.,Tj  ,c)) 
an;, 4 r) ci#4) 

In order to determine the right hand term, G(P,T,x) must be defined. 

As for the Helmholtz free energy, (1.27) and (1.28), we can write 

the Gibbs free energy of a mixture as the sun of Gx  (for the 

hypothetical substance replacing the mixture) and the ideal mixing 

term. 

(P,T, 7c) Ctx  P, 1.)+ Ex CT.4A4 x 

(2.70) 

And as for Ax (equation (1.24) 

s.- Go  (P„,T„) 	kx.  (2.71) 
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Theterm(bG.x/./01.),wheren.is the number of moles of mi 

component i, and 0mix  is a function of mole fractions, presents a 

difficulty. Mole fractions of the components of a mixture are not 

independent variables. However, we can treat them as independent 

variables by the following maniplaation. Brown (1) and 

Rowlinson and Watson (1, 10) introduce a differential operator : 

A i  i=0 
• 111•111,  

[ 	zg  .D z PIT 
(2.72) 

Where (D/Dx1) is a differentiation treating x as an independent 

variable. It can be shown (1) that for the molar property re(  

of,A component in a mixture — e.g. component t41  that 

= r+ A T 

Where r without a subscript is the same proper%y for the whole 

mixture. So, for component i, 

ti4 1 IL • + 	• c, *log 

k"1  
E 	 614 ,46, I  zCabc 	'tow Poi dxP  

(2.73) 

Using equations (2.73) and (2.70) the operator A can be 

transferred to G 

,) i  = (1 	IN .)G + RT in x. 	(2.74) 

From equation (2.71) and omitting the parameters for simplicity, 

AGx = 	 RT . A ti x. 	(2.75) 

kx 
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Substituting (2.75) back into (2.74) 

Jt t. = Rtto + 	+ dzSz.40+fx.. D Cja  —127-  Ajax  
(2.76) 

But Go  is a function of To, Po  (ie T/fx, Phx/fx) 

.. 	o  =/aG .Q x  -1-0Go) . ©hit. 

Differentiating (2.71) with respect to fx  and hx  

(2.77) 

(1L) 	4.3(  "ISA 4 7c 

  

(2.78) 

(Aci2L) 2: j4i1;) 	9" 
Substituting (2.77, 2.78, 2.79) into (2.76) 

(2.79) 

as's 	d k 

 

(2.80) 

From (2.78) and (2.79) 

Lio 	aKel (SGie ) = 1 ( vp—R-r) 
bfs, kx 	 14$41c  ;lc  

Substituting these into (2.80) and dividing by RT (or RTofx) 

• Imic4 	.44,4 (A° 11- Ati x (7-0 -9 
27. 	RT 	RT0 	141, 	(2.81) 

U0  and Zo  can be evaluated at To  and Vo  (Po), but the problem 

remains how to find Gx. Since To  = T/fx  and Aro  = V/hr  we can 

rewrite equation (1.28) as 

Al[V,T1 /RT + 1nVI = A0P0,To] /RTo  + lnlro  

Using (1.7) we have 

Go  rPorTo] /RT0  - ln(Po/to) = Gl i:P,T] /RT - In (P/T) 

From the definition of chemical potential, 

resid r resid 
/40 	1.PotTo] /Rilo = 	CP,T] /RT (2.82) 
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A residual property is defined as the difference between the 

configurational property of the real substance and the same 

property of the equivalent ideal substance. 

This (2.82) is one of the basic equations defining the 

principle of corresponding states; another is (2.1). 

The definition of fugacity in terms of /t. was first proposed by 

G.N. Lewis (20). 

IA, RT 1n V. r i 	+ 

For the chemical potential of a component i in a mixture, and where 

0 is some function of temperature. 

For a perfect gas 5= Pxi. 

i.e. 	w. 	÷ e 

Combining these definitions of 	have 

reih/ 	/ 	P'SA •••• A44 eg . 
...:.L. 	112  	I. ."— A:  —....—......--- 

RT 	KT 	Ptz, 
Combining equations (2.83) and (2.81) 

(2.83) 

/LC
resa  

	

:. 	lifol  Li 0 ) + 	I)  t4 g  

	

/L7' 	Orr 	f % ar; 	41,, 	(2.84) 

For a single component — a pure substance such as the 

hypothetical one denoted by subscript x 

	

Vhetet 	 .4.-- 0 

in (2.84) 
(aid ju, 	= Xln P (2.85) 

ksr Rr 
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Combining (2.84) and (2.85) 

raid read 
14  l afx,  U0 	14 x..(z0-1) 

QT 	f y.  03 iiic.  (2.86) 

But from (2.83) 
KAI of 	re-pid 

/44 	.-1P4  
IZT 

Since for equilibrium the chemical potential of each component 

must be the same in all phases, and since fugacities can be 

calculated directly from P-V-T data, it is convenient to write (2.86) 

L44. 0.0 = itvt 4-2(1)+-  &f it. . Ua + EltA,„ (.14,-1) 
P 	 k P 	ero  In x 

Joffe (22) derived a similar relationship for fugacity 

coefficients using the principle of corresponding states. 

However since 

	

rfAid 	al  = AAA- 

IZT 
and from (2.82) 

res 	 red 

	

t:d 	 sii 
x 	[Pin  	Pc, „To) 

-coR 

bArle 
0-0 	IT) 

.4%4‘1) 	itAA1C4 	AAAPMt.  1414.Lio  414x(Zo 
P 	 Irtro 	ku. (2'87)  

Equation (2.87) is used for the calculation of phase equilibria. 

Calculation of In ( f4;401P)  

The fugacity coefficient lir is defined in terms of pressure,. 

volume and temperature by 

P 
"(1) 	(v RT)  dP  

° 

(2.88) 
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Since 	Z = FV/RT 

6IP = RT + ZET 6.11. 	(2.89) 

dz v 	di 

1 has been replaced by 	, so that the final expression of 
V 
(2.88) is compatible with the integration for U0  (2.59). 

Thus, (2.88) becomes 

tA (Virqz-i z 4- re  Z-1 de 
Z 	o (' 

1,0019).: zo  - 1 - 1nZ 	AC 0 	---- 
0 

(2.90) 

The integral in (2.90) is evaluated by an 8-point Gauss 

quadrature method, and which has been described previously in the 

section 2.2 for Uo.  

For a liquid phase, the integration in (2.90) can be divided, 

to account for the change of phase; equation (2.88) becomes, 

with subscript S for saturation 

AAA ('a/P)—to (7/r)s  =f(r-RT) 4P 

f's  

• Aoti 	:-.14ANI-zo-z, 	4- 
eZ 

-- I di! 

ki)14, 	Vis 	e  
Splitting the integral in (2.91) still further 

• • 
(2.91) 

in which 

(2.92) 



eg g 

Z leg  (P g ) dtig  

(2.93) 
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Finally, substituting Z = Z. -" DAR Vo' o 	- 1/( (P R)2.de/T and dVR = 

into the remaining integral, we have 

From the Tait equation, 

PA = (P'SR  H) exp [C(Vis  - V:)i- H 

and changing the limits of integration to PS and PR  equation ,93) 

becomes 

  

-zc  [1.(4 H). (PR  - 	1 - C (VS - 111 

TR 	(Pi; + H) C 

Substituting (2.94) and (2.92) into (2.81) 

en (//P)0  = In (1/13)3  - (z0  - Zs) - in PR  

PR  

(2.94) 

+ ZC 

r : 	c 	

PR) +C 	- 

T 

 

(2.95) 

  

Leach (8) has developed an empirical equation for methane for 

the calculation of In ( 11/P)s  

2s (4/P)s  = - exp (3.5197242 - 4.4195532/T: - 
1.2808837.1n T:) 
	

(2.96) 

Calculation of Amlix  and Apifr  

Equation (2.72) gives the definition of the A function. 

For the parameters f and h, 

(5614  
A ct  li x  = Silz  ' 4i Xo. oNI4 x  

fi x. 	olc, e, 
.42, — imxo  f„ 
b Ice, 	 :i  

Act  5.1‘.  

(2.97) 

(2.98) 



and since 

4)0tp)ti•L vg (2.101) 

(2.102) 

4°'e" 

of TR and 

AotTg 
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Taking (2.97) we can transfer the operator A to the shape 

factor 4): 
2.k 	_ 	+ z 	xi, 	A.,(1::Por .99)  A, tix  = 

where 
14 14 = E p ti 
	 (2.100) 

and (2h 
	

2hx) is what would be A 
X• 

if 	could be 

considered constant. 

Since 	4)03.  is a function 

A, it=  00 op). 
a T 

T ^T 

T 
= 

and 

kVA 	v:{(1 ACP — J. — 	oce 

143 	hx (2.103) 

Expanding (2.88) for A K X )  
Acitjx,  = 1.1144 fet hgc 	1,14  + 

kx. f2Lkx 14 % 

I 	x0  144g Aoc et/ + 
x. 

E. x4 .75 IN; hi,,Lei' s(±4—  k {x)  
ti, (2.104) 
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Where the first term is what would be citi
X 

if IL were a constant, 

and 

fot tlot  = 1 xi, 
	 (2.105) 

and since 	is a function of 
v 

 and TR  et. 

Acot  (Pots  rfiz4fiJz  640(T44- (Op  ) 4.(VR  

The partial derivatives in (2.106) are given in equations (2.51) 

- (2.54). 

An iterative procedure must be followed to evaluate A 
ar. 

and 4,4x. First 1144.  and Pfd  - (2.100) and (2.105) respectively 

and se 	 Then olidarg  etc (2.51 - 2.54) are calculated. 	As4  

and Agi.  Ix  are assumed equal to 2 (h d  - hx) and 2f
x (fit lig / 

respectively, A e and iS
Qt. 
 0 both equal to 0., and all these O. of 	c(43 

are substituted into (2.102) and (2.103). Next equations (2.101) 

and (2.106) are solved, followed by (2.99) and (2.104) for 410.1471.  

and Agic  • These are compared with the values assumed in 

equation (2.102) and (2.103), and whether or not they are 

satisfactorily close, so the iterations continue. 

4. Calculation of Vapour-Liquid Equilibria  

In a multicomponent system of N components, and two phases, 

there will be 2N variables, made up of (2N-1) mole fracti.:ns, 

temperature and pressure. The phase rule states : 

2 

Degrees of 	no. of 	no. of 
freedom 	phases 	compts. 

(2.106) 
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Substituting C = N and P = 2, we have F = N. Thus by fixing, say 

pressure and the composition of one phase, the composition of the 

other and the temperature may be calculated. 	Other combinations 

of the variables are possible : 

Fixed (de&. of freedom) 	Calculated 

xN-1 

YN-1 

xN-1 

YN-1 

P,  Yl,  Y2' 	YN -1 

P, xl, x2, 	 xN-1 

T, Yl, Y2, 	 YN-1 

T. x1, x2, 	 xN-1 

T, xl, X2 	 

T, Y1, Y2 	 

P, xl, x2 	 

13' Yl,  Y2 

In the case of a flash, there is one independent phase : 

thus there will be (N+l) degrees of freedom - i.e. temperature, 

pressure and the composition of that phase. The composition of 

the phases that result from the flash can be calculated from 

those data. 

A flash is the separation of a single phase into two phases 

by a sudden change in temperature or pressure. For a 2 component 

system, shown in Fig 2, at a flash pressure PF, and a fixed 

temperature, the mixture containing mole fraction qA  of component 

A will "flash" into two phases containing xA  in the liquid phase 

and yA  in the vapour phase. Point F cannot be outside the region 

bounded by the dew and bubble point lines, if a flash is to occur 

- as study of equation (2.109) in Section 2.5 will show. 



Fixed temperature 
63 

bubble line 

PP  

xA 	qA 0.0 3rA 1.0 

Pressure 

Mole fraction of component A 
Fig 2. Flash seperation of a two component system. 

Calculation of Saturation Equilibrium 

The chemical potential is calculated, at the fixed 

temperature (or pressure) and composition y say, using a guess 

for the pressure (or temperature) respectively. Using a set of 

guessed mole fractions for the other phase x say, one can calculate 

for each component : 

--)64 pd) .— Lk, . 
P 	fOre 1; t. 	J(2.107) 

and this should equal in xi  (2187). By comparing these xi  with 

the set of 	assumed to calculate (2.107) above, an iterative xi 	 • 

procedure can be used to converge on a set of x. The additional 

requirement for equilibrium is that /54 must equal 1.0. 

Ifflg, is not 1.0, then the assumed temperature (or pressure) 

is not correct, and a further iterative loop of calculations is 

necessary. 
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By adjusting temperature or pressure until ,ZX is both constant 

on successive iterations and equal to 1.0, the saturation 

points in the phase diagram can be determined. The secant method 

has been found to be a satisfactory method to adjust temperature 

or pressure. 

The Secant Method  

Fig. 3 shows an arbitrary function, F(T) plotted against 

temperature T. Two points, 1 and 2, are determined by 

calculation and the line joining them is extrapolated to point 3 

where it cuts the abscissa. 

Fig 3.-The secant method of convergence. 

The temperature at 3,..T can be calculated from 

Slope of line 1 - 2 = slope of line 2 - 3 

which is 

F(T1) - F(T2) = F(T2) - 0 

T1 -T2 
	T2 - T3 
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Rearranging 

T3 = T2 - F(T2)(T1  - T2) 

F(T1) 	F(T2) 

or in more general terms 

Tn  = 	- F(Tn_i)(Tn-2  - Tn_i) 

F(Tn_2) F(Tn_i) 

Hence F(T
3
), F(T4) 	 can be calculated successively until 

F(T
n) is close enough to zero 	 In this case F(T) could be 

(E74-1 ) or 	)• 

Adjustment of the Acentric Factor  

Although the vapour pressure curves of hydrocarbon and various 

other compounds are very similar, the expression (1.11) for 	Oa" 

is only exactly true at a reduced temperature of 0.7. The use of Go 

as defined by Pitzer therefore introduces slight inconsistencies 

into the calculation of vapour-liquid equilibrium. So, adjustment 

of 4.) using accurate vapour preszure data has been tried. 

(a) Using Pitzer's own Method 

In their paper Pitzer and Curl (3) give tabulated values 

of log PR  and (d log PR/rico) in the expression 

Ch, = log PR  - log Po 
(2.126) 

   

(:e log PR  

aw 
Vapour pressure data is used to calculate 0 This method 

gives better results for vapour liquid equilibrium calculations 

than those using co defined at 0.7, but since it is based on 

generalised vapour pressure curves, it does not exactly reproduce 

the real vapour pressures. 



Pressure 

C4 

Fig 4. Variation of ca with temperature or ressure. 

emperature 

N 
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(b) Extrapolation method  

The bubble point or bubble pressure is calculated 

twice for a set of mixtures which each contain, inturn 95% and 

then 97.5% of a particular component. The first time 4) is the 

value given by Pitzer, and then for the second time, GO is 

increased by 10%. 

It is assumed that mole fractions vary linearly with 

temperature or pressure at concentrations close to unity. 

So, by extrapolation, pressure or temperature at a mole fraction 

of 1.0 can be found. Fig. 4 shows how La varies with pressure 

or temperature. This too, is assumed to be a straight line 

relationship. By extrapolation to the vapour pressure or 

temperature, an acentric factor which will exactly reproduce this 

saturation data can be determined. 

(1) calculations using Pitzer's CA, 

(2) calculations using Pitzer's CO increased by 10%. 
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5. Flash separation  

For a flash separation, the calculation of equilibrium 

follows a similar procedure to that for the saturation points. 

Consider the mass balance o,,er the flash system shown in 

Fig. 5 below. 

 

qi 

  

r- 

  

yi 
	VAPOUR 
Y 

x. 1 
>LIQUID 

X 

 

      

       

FEED -) 	 

  

FLASH 
VESSEL 

  

   

Pig 5.  

        

        

        

Q, X, Y are total molar flows; q, x, y are mole fractions. 

Writing the mass balances: 

for component i 	qiQ = yiY + xiX 

for total flows 	Q + Y + X 

Let yi/xi  = Ki  and Y/Q = V 

then X. = qi (2.108) 

    

K.V+ (1 — 3) 

or 	V = qi  

y. — x. 1 1 

(2.109) 

This last equation (2.109) is a useful test for the 

consistency of flash results, since it must apply equally to 

all components. 
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By guessing the composition of one phase and calculating the 

composition of the other, at a particular vapour fraction V, 

constant K-values can b-' found. However the sum of the calculated 

mole fractions must equal 1.0, and this will only be true when V 

is ,3orrect - i.e. 

Z=1=1/C. 	or Ex. -;9  =0 	(2.110) 

An iterative procedure enveloping the one to determine the K 

values is necessary to converge on a solution for V satisfying 

(2.110). In this work the convergence procedure described by 

Rohl and Sudall (19) is used, known as the Richmond method. 

The Richmond method  

Searching for the value of V which makes F(V)=0, at the 

(n + 1)th iteration, 

Vnia  = Vn - 2F(Vn). FT(Vn) 	(2.111) 

2(F'(Vn))2  - F(Vn).F"(Vn) 

If the ratio V is correct, equation (2.110) will be true. 

The Richmond method of convergence has been shown to be faster than 

the Newton -Raphson method, despite the extra computation involved 

(19). Taking equation (2.110) and substituting (2.108) into it, 

K.V + (1-V) 	K.V + (1J 
 = 0 

Combining these, 

C' 	(Ki  - 1)qi  ) = 0 

v + (i-v) 
(2.112) 
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Equation (2.112) is now the function of Vil  (F(V11)) in (2.111) and 

Fl(VII) = — f (Ki  — 1)2qi 	(2.113) 

((K1  — 1)V + 1)2  

and 

F"(V11) = 2 	(K1  — 1)3q1  (2.114) 

((K1  — 1)V + 1)3  

 

Estimation of Initial Values for K and V 

Many workers (21, 23, 29) developing computed programs for 

flashseparationsuseminitialvalueof1.0forallicaM 0.5 

for V. This procedure was followed at first in this work, but 

subsequently refinements were introduced. 

Raoult's law can be written. 

P  = Plxl P2x2 

where pl, p2 	 are vapour pressures of components 1, 2 	 

Dalton's law states : y1P = P1, y2P = P2  etc. 

where P1, P2 ".• are partial pressures. Combining these two 

laws we have 

yi  = Pixi , y2  = P2x2  etc. 

P 	 P 

Since K, = yi/xl, an initial set of K can be based on the 

ratio of the vapour pressure, at the fixed flash temperature, and 

the fixed total pressure. 

When the flash conditions are supercritical. for any particular 

component a further expedient is necessary. The vapour pressure 

curve is extrapolated and a pseudo—vapour pressure is used. 



-instead. 

Temperature 

dew 

0.0 V 
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An initial value for V is based on the fact that a plot of 

V vs temperature for any mixture has approximately the shape shown 

in Fig 6. This can be expressed as 

( V 	T )r.25 
Dew r 	T  

Bubble Dew 

In some cases this method is not so useful and V = 0.5 is used 

Fig 6., Approximate shape of a flash curve 
from dew to bubble point. 

6. Partial Molal Enthalpies  

The partial molal enthalpy of a component i in a mixture 

is defined by 

P,T)1 1 P2T))9 	(2.115) 

n- 
10 	

41 Pi Pi; 	z) 
The relationships between partial properties are the same as those 

between total properties, so that where, 

G = H — TS 	(2.116) 
for component i 

f  = hi  — Tsi 
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Also 	..2.)A9= si 
( Yr.  poc.  

so that substituting (2.117) into (2.116) we have 

For a perfect gas, it4

1  = hi  + T( 2.2.7z) p
oc, 

AA" gg z 	Tpit.t."1 
7-  /ro. 

and from the definition of chemical potential, for a perfect gas 
A9- 

/-v 
= RT1n(Fic) + 6? 

9 here is a function of temperature. 

• (2th7= Rln(Px) +4/0 

and hence 

For a real gas 

and 
	

RT  Ltti 	-t- RA44 V z#  + de 
4)1- 	 civr 

so that by substituting into (2.118) 

i i = TiPg - RT2(e 14.• z,) 
rr 
	 (2.119) 

Residual partial molal enthalpies can be computed from (2.119). 

Analytical differentiation of (2.87) for ( 4) 1nV/101) involves very 
complicated terms for the operator 4 , and so differentiation by 

finite differences was used instead. The interval was 1.0 K. 

It is only possible to calculate residual partial molal enthalpies 

becauseh.Pg  is unknown; althoughLchPg  = RT. Consistenc: of the 

computation of enthalpy can be tested by comparing the residual 

configurational enthalpy, (Hmix  - 1)RT from equation (2.38) and 

/7.x(-RT2a4440) from equation (2.119). They should be the same 

for each phase of the flash separation. Results are shown in 

Section 4. 

• • 

Yr 	AT 
TR0  =e-de 

ctr 
itA,z7  Fein 	e 
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Retrograde behaviour of YUlticomponent mixtures 

Temperature 

Fig 7. RetroriTade behaviour of a multi-:omponent system. 
The phenomenon of retrograde behaviour imposes limits on the 

xtent of the calculations. Fig 7 shows the phase diagram for a 

two-component mixture. In the figure the vapour pressure curves 

of A and B are shown, ending at their critical points CA, CB 

respectively, and the line joining these points, through Ci  and 

C2 is the critical locus. Cl 
is the critical point for mixture 1 

and C2 
is the critical point of mixture 2. P1 and P2 are the 

points of maximum pressure for Hi  and H2. The right hand side of 

each loop, up to the critical point is the bubble point curve 

and the left hand side is th' dew point curve. On line MI, the 

part P1  X shows the phenomenon of retrograde condensation - increasing 

temperature with decreasing pressure. 
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Similarly on line N2, the part P2C2  shows retrograde behaviour on 

the bubble point line. Apart from the disadvantages this phenomenon 

brings to industrial processes, it means the reduced temperatures 

(or pressures)are greater than 1.0. This imposes difficulties on 

the liquid phase integrations dur to the nature of equation (2.64). 

Apart from this, if the initial guesses for composition are sufficiently 

good, and the reduced temperature or pressure are not too close to 

1.0, the calculations will proceed. 

7; Joule-Thomson coefficients  

Suppose a gas at a temperature and pressure P1, T1  is allowed 

to move through a porous plug to a region of lower pressure P2; 

this region will have a temperature of T2. The temperature T2  

might be greater or less than T1. This change of state is called 

the Joule-Thomson effect. In an industrial context, this is known 

as throttling, and the porous plug is actually a valve or pressure 

reducer. The conditions of throttling are such that pressure and 

volume changes are small and the whole process is kept at adis.batic 

conditions. 

Thus we can say that the Joule-Thomson process occurs at 

constant enthalpy. 

Since Ht is a function uf temperature and pressure, 

dHt  = 	dT + 	Ht  3 . dP.  
IMMI•11 

T ::p 	4bP )_T 

and since the enthalpy is constant, i.e. .61-1 = 0 

= 	a 	. d P 
(?IT p 	 SP 
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Using the Yamwell relationship 

- (eHt). t 	 (hT) 
(413  T 	P 	SP)H 

we have 

dT 

dP 

- 	Ht/ p) 	)T 
Ht/ aT)p  

(2.120 

which is the definition of the adiabatic Joule-Thomson coefficient. 

Computation of  

In equation (2.120),
t is the total enthalpy. This may be 

separated into two parts; the configurational enthalpy and the 

molecular enthalpy. 

Ht H  gnol 	(2.121) 

Taking reasonably small increments for temperature and pressure 

we may write (2.120)as 

- Olt  r 	- At  [Pill') )/11 P 	(2.121) 

(lit[131,T2) - Ht  [P1,T3.] VAT 

and the partial differentials in (2.120) can be evaluated 

directly. Taking the numerator of (2.122), at temperature T1  

(II [P21 - H [Pl3 HMOl f p21 11701b01] )(2.123)  

AP 

 

where 	1 P = P2 - P1 

Molecular properties are a function of temperature only, so 

_ that Hm°311)2  1= Hmolrr 	Therefore equation (2.123) reduces to 

(H  [P21 H  CP11  )/ AP 
	

(2.124) 
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The denominator of (2.122) at pressure P1  can be written 

(H T2  - H T1  + Hm°1  T 
	Hmol T1  )filir (2.125) 

wbere 

Now 

AT = T2 - T1 

40414"--/1444°). AT 
T / 9 

a  et)) ra  

eT 

From the division of total free energy into configurational and 

molecular parts, we have 

C = C 	Cmol  
P p P 

For a perfect gas H = RT and therefore C = R and Cmol = C 	R 

(2.126) 

Substituting (2.126) into (2.125) we now have 

cr2) - H [Tij 	(C71  R). a T)/ 6  T 	(2.127) 

can now be calculated from equations (2.123)and (2.127). 

Isothermal Joule-Thomson coefficient qP  

The term (1 	P)T  is the definition of the isothermal 

Joule-Thomson coefficient q'. From (2.120) 

19 

	I-1 
a T ip 	 (2.128) 

or 	Ce 

Equation (2.128) can be transformed, using the basic relationship 

dirt = TdSt + Vdp 

into 	= - RT 2  (41 z) 	 (2.129) 

P 	(a T)p 

and 

P 
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Equation (2.129) could be used as a measure of the deviation 

of a gas from the ideal gas behaviour. 

Computation of Ce  

To evaluate CIO , the same approach as for 

 

is used. 

 

 

SH) =AS 

biD T  A P 

   

(H (31,T) H [P2'T1]  ) 

 

(2.130) 

 

A P 

   

has been eliminated because this is a constant temperature 

process. 
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Section 3  

Description of Programs  

developed in this work.  
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Section 3  

Program Descriptions  

Four main programs have been developed. 

1. Calculation of compressibility factors and enthalpies. 

2. Calculation of vapour-liquid equilibria. 

3. Calculation of isothermal flash separation. 

4. Calculation of adiabatic and isothermal Joule-Thomson 

coefficients. 

It will be seen from the description of the theory in Section 2 

that these programs will have much in common. All four programs 

calculate Zo and Uo in the same way, and the following 

subroutines are common to all. 

1. Subroutine THEPHI to calculate 04 hx  )kgfIg. 
2. Subroutine DD TER to calculate the differentials of fx 

and hx with respect to temperature. 

3. Subroutine LIQ to calculate Zo  and U0  for the 

liquid phase. 

4. Subroutine ZEDU to calculate Zo and Uo for the 

vapour phase. 

and in common for programs 3 and 4 above, subroutine DELTA, to 

calculate iaf and A k 

The original program to calculate Zo  and U0  and enthalpy was 

one based on the program PROPERTY written by Leach (8), and which 

was modified to use the f and h convention for the corresponding 

states parameters by Watson (10). 
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1. Program to calculate compressibility factors, internal  

energies and enthalpies.  

This program will calculate these properties either for a 

mixture or for a pure substance, using either the 1-fluid or a 

2-fluid model to describe the mixture. However, the 2-fluid model 

cannot be used for a pure substance - for obvious reasons. 

The data which must be supplied for the calculation of Z, II 

and H are : 

1. The pressure and temperature, and the volume if known. 

The units of pressure and volume are identified by using the 

following code. 

Volume 	Pressure  

1 	g/cm3 	1 	psia 

2 	mol/1 	2 	atm 

3 	amagat density 	3 	bars 

4 	cm
3
/g 	4 	Kg/cm

L2 

5 	V amagat 	5 	P amagat 

6 	m01/0m3  

7 	cu ft/lb 

0 	volume not in the data 

2. 	Critical constants for each component: 

critical volume in cc/mol 

critical temperature 	K 

acentric factor 

critical compressibility 
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3. A set of 5 for unlike pair interactions. 

The factors are listed in various sources (2, 11, 12), 

or obtained in the course of this work. 

4. A set of mole fractions for the composition 

of the mixture. 

All volume and pressure data are converted to atmospheres 

and cm3/mol and the set of 	are rearranged to an array 

containing 1.0 for all g4:4 	f*,i  and h*.. 11  (1.8) axe calculated 

using the critical constants, and hx, hxfx  are determined from 

these. The titles are printed out and calculation for Z begins. 

An initial value for the reduced volume is calculated from 

VR  RT o 

and arrays of T. and VR are set up for the calculation of shape 

factors (1.17) and (1.18). The logical variable DONE remains 

FALSE until .the three outer iterations on reduced volume are 

complete, and then it is changed to TRUE. The shape factors and 

hx 
and h f are calculated in subroutine THEPHI. The counter 

x x 

NUMBER counts the outer iterations on reduced volume and the 

counter NCONV counts the iterations on 	using the Newton-Raphson 

technique (which ignores shape factor dependence on reduced volume). 

In the first iteration, if the reduced temperature is less 

than 1.0 the phase is established by calculation of the vapour 

pressure at To and comparing it (as PR) with the actual reduced 

pressure PR. 
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This decides whether the compressibility factor shall be 

calculated using subroutine LIQ (Tait equation of state) or with 

subroutine ZEDU (Vennix equation of state). In the case of the 

2-fluid model it is also necessary to check that all components 

are in the same phase. In the first iteration, the variable 

PHASE is set .FALSE. for vapour and .TIWi. for a liquid, and 

another variable REGION is set 2 or 1 respectively. Then the 

vapour pressure of methane is calculated at T/fa  for each 

component and compared with PA. Variable PHASE is not altered 

after the first iteration, but REGION is, showing which phase 

has been detected. At the first iteration the combinations are : 

vapour: PHASE = .FALSE. and REGION = 2 

liquid: PHASE = .TRUE. and REGION = 1 

In following iterations any change in these combinations is 

detected and the run is abandoned. 

When Z
o is calculated with the Vennix equation of state, the 

Newton-Raphson convellance procedure follows to improve the 

estimate of VR. Not more than 5000 (UCONV) iterations are 

allowed, and the error between assumed VII and calculated VR  is : o 

ERROR = talc 	1 x 100 (3.2) 

PA 

For the calculation of internal energies and enthalpies to 

proceed this error must not be greater than 0.001. 
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Where Zo is calculated using the Tait equation of state, 

the arguments TR  and VR  transferred from the main program to 

subroutine LIQ have to be adjusted slightly because the critical 

constants for methane used in the main program are different to 

those used in the development of the Tait equation. The fac.cors 

are : 

PR  
Tait = P

RA  x 0.99848 

TR  Tait = T
R x 0.99691 

When Zo has bean calculated, the volume follows : 

n: 
Vol = 	z .R.T ) X n 	n 

n: 1 	P 

(3.3) 

Where N isAfor a 1-fluid model and is equal to the number of 

components for 2-fluid model, Xh  is 1.0 for a 1-fluid model and 

equal to the mole fractions of the components for a 2-fluid 

model. T1R and VR  are recalculated with the best values of e 

and 0 (from the final iteration on VR) and these are used to 

calculate the derivations of fx and hx with respect to temperature. 

The internal energy and enthalpy follow, (2.37) and (2.30 

respectively. The results can now be printed and the program 

is ready for the next set of P=V-T data. 
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2. Program to calculate Joule-Thomson coefficients  

To calculate the adiabatic coefficient y) (2.123, 2.127) 

or the isothermal coefficient Cf (2.130) the configurational 

enthalpy H is calculated at three (or two) sets of conditions. 

These are (T, P), (T +AT, P), (T, P + AP) for II 

and (T, P) and (T, P + AP) for qp . The enthalpies are 

calculated in the manner described in the preceding program. 

The data required are as follows. 

1. A list of the component identification numbers (see 

Appendix B) and the mole fraction of each. 

2. The temperature and pressure and molar specific heat 

(for 9 ) of the mixture. The molecular specific heat 

is calculated from 

(cmol)mixture 17 mol x.0 P 	1 P. 1 

3. A set of the unlike pair interaction parameters t 

The logical variable ADIAB set to .TRUE. for 9 
and .FALSE. for ip 

The adiabatic coefficients are calculated and printed in the 

units K/atm. The results are converted to an alternative set of 

units, F/psia and are printed alongside those in K/atm. 
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Similarly for 	; calculated in Cal/mol, they are converted 

to J/mol as well, and both are printed. 

3. Program to calculate two-phase vapour-liquid  

equilibrium with adjustment to the acentric factor.  

This program calculates the phase composition and 

temperature (or pressure) of either the liquid or the gas phase, 

given the composition of the other phase and pressure or 

temperature respectively. To distinguish within the program 

between the different types of calculation, an identifyiag number 

is assigned; this number is the logical variable WHICH. 

WHICH 	Calculation type  

1 	 T, y from P, x 

2 	 PI  y from T, x 

3 	T, x from P, y 

4 	 P, x from T, y 

Vapour pressure data is required, so that the acentric factor 

CO can be adjusted. If WHICH is 1 or 3, the vapour temperature 

TEU (I) at fixed pressure must be given, or if WHICH is 2 or 4, 

the vapour pressure VP(I) at fixed temperature must be given. 

If the fixed temperature or pressure is super-critical, no 

saturation data can be supplied and the acentric factor 

will be unchanged throughout the calculation. This means it has 

the value calculated by Pitzer (3). 
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The counter NCONV is set to zero at the beginning of the 

calculation. NCONV counts the number of iterations on temperature 

or pressure. If it goes above fifty, the results computed so 

far are printed including a warning that this is not a complete 

calculation, and after that the program proceeds to the next set 

of data. 

The pressure data are corrected to atms, according to the 

unit identifier PDIM. 

PDIM = 1 means pres3ure data is psia 

2 	 atm 

3 
	

bars 

4 
	 2 

5 
	 mm Hg 

The first part of the equilibrium calculation is to reset the 

acentric factor. The fixed parameter (i.e. pressure or temperature) 

is checked for supercriticality against the critical data at 

the beginning of the program for each component. If it is 

supercritical, the logical variable SUPER (I) is set .TRUE., 

otherwise it stays .FALSE. Also, if 60 is zero (Pitzer value) 

for any component, then SUPER (I) also becomes 'TRUE. 

At the beginning of the CO adjustment calculation, the 

logical variable Si V is set .FALSE. This means 4.1 is not set 

completely yett.and so there is no adjustment made to 

temperature or pressure in the program. 
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Equilibrium calculations are done at two concentrations, 

for two values of GO for each component. The results are 

extrapolated back to a mole fraction of 1.0 for each W to 

obtain a temperature (or pressure) in each case. A further 

extrapolation of W against temperature or pressure gives 

an acentric factor at the fixed vapour temperature (TEM (I)) 

or pressure (VP (I)). The concentrations are xi  = 0.975, 

where 	= (1-x.)/N, and the first value of 0,  is that in 

DATAW (3), and the second value is (Wfirst  x 1.1). 

After the acentric factor has been calculated - now called 

WNEW - the parameters in the program for calculation of vapour-

liquid are set up. bhEW becomes .TRUE., and GUESS and WHICH are 

reset to the values given in the input data. 

The internal energy IThIIX and enthalpy HMIX are calculated for 

the fixed phase at fixed temperature (or pressure) and the guess 

for pressure (or temperature). Note that if WHICH is 1 or 2 the 

fixed phase is liquid and Zo  and Uo  are calculated using 

subroutine LIQ (Tait equation of state); if WHICH is 3 oz 4 

the fixed phase is vapour and the Zo  and U0  are calculated in 

subroutine ZEDU (Vennix equation of state). The terms A hx 

and Atifx  are calculated in.. subroutine DELTA, and thusdp../TIT is 

calculated - equation (2.87). This establishes the fixed phase 

completely. Now using a guess for the composition of the other 

phase, and using equation (2.107), an improved estimate for the 

composition of this phase is obtained. 
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This set of compositions is used in a fresh calculation of 

equation (2.107), until the sum of the mole fractions is 

constant. When this is so, it is compared with 1.0 and if not 

within 0.0001, this means the temperature (or pressure) is not 

correct. It is adjusted by the secant method described in 

Section 2. The procedure now restarts and recalculates the fixed 

phase chemical potential at the new temperature (or pressure). 

This is continued until the sum of the mole fractions in the 

guessed phase is 1.0, and then results are printed. 

Another program has been written which calculates vapour,. 

liquid equilibrium, but without adjustment to the acentric factor. 

It is similar to the program described above, but for the 

calculations for GO adjustment. 

4. Program to calculate a flash separation  

This program is very similar to the foregoing program above 

for vapour-liquid equilibria. 

The dewpoint and bubble point of the feed is calculated and 

a check is made that the feed temperature is within the range of - 

the dew and bubble points. An initial value for the K ratio 

is computed using vapour pressures and the vapour-liquid ratio 

V is given an initial value. 

Now using (2.87) for the liquid phase composition, the 

chemical potential for the liquid phase is calculated. 
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From this, the vapour phase composition is calculated (2.107) 

and this is compared with the K-value assumed - in the 

following way. 

)xass 
( y calc 

x ass 

(3.4) 

or 	Kass 	K talc 

ERROR = JE (AK? 	 (3.5) 
N 

If this ERROR is greater than 0.001, the K ratio's are reset, 

and the chemical potentials are recalculated. If the error is 

less than 0.001, the vapour ratio V is adjusted by the Richmond 

method (2.111). When V is constant, the molar flow rates and 

enthalpies are calculated, and the results of the flash are . 

printed. 

The FORTRAN statement for these programs are to be found 

at the back of this thesis. 
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Flow diagram for the Computation of Zo Umix, Hmix.  
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Flow diagram for the Flash Program 
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Flow diagram for subroutine ZEDU  
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Flow diagram for subroutine THEPHI  
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Flow diagram for subroutine  

1-fluid model  
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Section 4 

Results 
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Section 4  

Results  

1. Compressibility factors  

The compressibility factors for both gas and liquid phases 

were computed for eleven pure substances and four mixtures. 

It is hoped that these substances cover the range of 

applicability of the principle of corresponding states using the 

Vennix equation of state for methane as a reference substance. 

1. Ethane  

The compressibility factor Z was computed for ten isotherms 

from (298-548)K for a pressure range of (0-350)atm. This range 

of pressure and temperature is covered by the experimental work 

of Beattie et al (55, 53) and Reamer, Olds, Sage and Lacey (54). 

Together they give results at 18 temperatures. The first (55) 

covers (298-523)K and (1l-192)atm, the next (53) covers (323-548) 

and (60-350)atm and the last (;4) covers (310-511) and (13-408)atm. 

Fig 17 shows a plot of Z against pressure, with selected experimental 

results. The results of Beattie (53) and Reamer are consistently 

above computed results and those of Beattie et al (55) are 

consistently below. 

Beattie and co-workers (53) state that this work is more 

reliable than their earlier work (55), especially where the 

isotherms meet - i.e. at a density of 5 moles/litre. 

Reamer et al, also claim their work to be an improvement on the 

early work of Beattie et al (55) and also on previous work by 

Sage, Webster and Lacey (114). This latter work disagreed with 

both Beattie's results by as much as 2%. 
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Fig 17. Ethane,comRressibility factor. 
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Computed results agreed well with the experimental work 

except at very low Z. The maximum error is about 0.7% at high 

temperatures. At lower temperatures the error is 0.4 - 0.5%. 

The critical constants for ethane used in these computations 

are listed in Appendix C. 

2. Propane  

The compressibility factor of propane has been measured 

by two groups of co-workers - Beattie, Kay and Kaminsky (44) 

and Reamer, Sage and Lacey (45). The former covered the range 

(23-305)atm and (370-548)K and the latter (2-136)atm and 

(311-344)K. Beattie et al claim that their experimental work 

is more accurate than that of Reamer et al - whose propane was 

none too pure. Compressibility factors for propane were computed 

in this work at twelve different temperatures, four of which 

are plotted in Pig 18. Experimental results axe shown and 

there is considerable divergence at high pressures. The sets 

of experimental work are fairly consistent amongst themselves. 

This divergence is rather an unexpected result, unless the 

experimental work is not accurate. Beattie et al (44) also give 

computed compressibility factors which they obtain from the 

Beattie-Bridgeman equation of state. There is increasing 

deviation between calculated and experimental values of Z, with 

increasing pressure. They do not give computed values of Z past 

the point at which experiment begins to deviate considerably from 

the computed values of Z in this work - approximately 120 atm. 

Maybe Beattie et al found this increasing divergence too. 
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Fig 18. Propane,compressibility factor. 
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3. Propylene  

Marabman, Prengle and Motard (52) give experimental results 

for the compressibility factor of propylene in the range 

(0-215)atm and (348-523)K. Compressibility factors were 

calculated at six of the temperatures used by Marchman et al 

and computed and experimental results are plotted in Fig 19. 

There is very close agreement between the two; the greatest 

deviation is at low Z at 398 and 373K - about 1%. Elsewhere 

in the range studied it is less than 0.5%. 

4. Butane 

The compressibility factor of butane has been experimentally 

determined by Beattie et al (50), and by Sage et al (51). 

Beattie et al worked in the range (423-573)K and covered a 

pressure range of (14.7 - 117)atm, and (37-357)atm. 

Sage et al worked at (311-393)K. The compressibility factor 

was computed at six temperatures, four of which are shown in 

Fig 20 with the corresponding experimental work of Beattie et al. 

There is extremely close agreement with experiment over a wide 

range of temperature and pressure. Maximum error - about 5% 

occurred at low Z near the critical point, but elsewhere the 

error was about 0.3%. 

Liquid phase was detected by the program at 423K and the 

compressibilities were calculated with the Tait equation of state. 



Marchman et al (52) 
C
o
m
p r
e
s
s i
b
i
l
i
t
y
, Z
 

0 

P
r
o
py
l
en

e
,
 

co
m
p
r
e
s
s
i
bi
l
i
ty
 
fa
c
to
r
.
 



102 

Fig 20. Butane, compressibility factor. 
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5.. :Pentane 

The experimental work of Sage and Lacey (47), covers a very 

wide range of temperature and pressure - (311-511)K and (20-340)atm. 

This range is mostly liquid phase, and this is correctly 

established by the program. Compressibility factors were 

calculated at seven temperatures for the pressure range used by 

Sage and Lacey. Five of the isotherms are shown in Fig 21, 

with experimental results of Sage and Lacey. There is close 

agreement throughout - about 0.2% error, except at low Z and 

477.6K where it is 5.0%. however 477.6K is very close to the 

critical point of 'pentane (469K), and, as in the case of 

butane, results cannot be expected to be as good as at conditions 

not close to the critical point. 

Sage and Lacey also give tabulated enthalpies - calculated 

from their experimental P-V-T data. Their results were converted 

to dimensionless configurational enthalpies for direct comparison 

with computed results in this work. 

Some examples : 

T K P atm H/RT(47) H/RT(this work) 

311.0 119.0 - 8.80 - 8.72 

344.3 54.4 - 7.45 - 7.42 

444.3 20.4 - 0.23 - 0.17 

34.0 - 4.06 - 4.08 

511.0 20.4 + 0.25 + 0.403 

27.0 + 0.05 + 0.148 
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Fig 21. Pentane,compressibility factor. 
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These results agree fairly well, there being least agreement 

near the critical region. This is not unexpected as calculation 

of enthalpy involves partial differentials of (equation 2.58)) 

and this always magnifies small discrepancies. The critical 

region is where there is greatest slope in the isotherm, and 

this will mean greater errors in any properties dependent on 

derivatives. 

6. Hexane  

Kelso and Felsing (48) and Watson and Dodge (46) have both 

determined experimental compressibility factors for hexane. 

These two sets of experimental work are in good agreement. 

Watson and Dodge report three isotherms in the range (523-573)K 

for pressures (15-100)atm, and Kelso and Felsing give Z for 

(373-573)K for a pressure range (2.5 - 300)atm. In this range 

of pressure, compressibility factors were computed at nine 

different temperatures. Four of these isotherms are shown in 

Fig 22 with experimental results of Kelso and Felsing, and 

Watson and Dodge. 

Stewart, Sage and Lacey (49) have experimentally determined 

the compressibility factors for liquid hexane for temperatures 

(311-511)K and pressures (6.8 - 680)atm. The temperatures at 

which they worked do not coincide with those of the other 

experimental results (48, 46), but in Fig 22, Z at 377.6K 

from (49) is shown on the isotherm at 373K. This is only a 1% 

error in temperature, and,in view of the closeness of the 

isotherms,is a negligible error in these circumstances. As with 

previous hydrocarbons discussed the greatest error in computed Z for 

hexane is where Z is very low and where the isotherms have greatest 

slope. Fig 23 shows a single isotherm computed at 448K including 

the experimental results at 444K (49). 



•

slo
q.o

.e
j  

X
lm

qT
ss

ea
dw

oo
'a

uv
xa

ll  

Co
mp

re
ss

ib
il

it
y,

Z 

+ Watson et al (46) 
0 Kelso et al (48) 
a Stewart et al (49) at 377 K 

ZOO SOO 



Pressure atm 

C
o
m
p
r
es
si
b
i
l
i
t
y
lZ
 IJ
I
T
q
T
s
s
e
a
  

• 

CO 

0,0 II 
Zs. Stewart et al (49) 

0 Kelso et al (48) 

0 100 200 300 

I 	I 	I 1;1 

_ 
:;.: .;., 

1-fIT 	 ITU '1 . 1:11.1! 

1.0 . 

HHrL 

as 

r- 7' 
!!L! 



108 

This shows more clearly the accuracy of prediction away from the 

region of minimum Z, and the consistency between different 

experimental work. 

7. Heptane  

Smith, Beattie and Kay (56) determined experimental 

compressibility factor for heptane at (303-623)K and (0-350)atm. 

Computed compressibility factors at four of the same temperatures 

as those used by Smith et al, are shown in Fig 24. In all, Z 

was computed at nine temperatures in the range (303-623)K. 

Agreement between computation and experiment is very close - at 

low temperatures about 0.1 - 1.0% error, with increasing 

pressure, and at high temperature 0.1 - 0.4% error with increasing 

pressure. Smith et al state that the estima+ed experimental 

error in density, in the liquid phase is less than 0.3% for 

densities up to 2.5 moles/litre and 0.6% for higher densities. 

In the gas phase, the error in temperature is (0.01-0.02)degrees, 

in pressure less than 0.03% and in volume 0.1%. Thus the 

deviation of computed results from experimental work is within 

experimental error. An additional calculation using the Vennix 

equation was done for the liquid phase compressibility factors - 

and this gave results as satisfactory as those the Tait equation 

gave. 

8. Toluene  

Experimental compressibility factors for toluene were 

determined by Watson and Dodge (46), at three temperatures (523, 

548, 573)K for (10-32)atm. The compressibility factor was 

computed at these same three temperatures and the results are 

shown in Fig 25. Agreement is poor, but not unexpected, and no 

reflection on the validity of the experimental work. 
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Pig 25. Toluene compressibility factor. 
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It is straining the principle of corresponding states somewhat 

to use an equation of state for methane to predict the properties 

of such a substance as toluene. 

9. Oxygen  

Extensive experimental P-V-T data for oxygen is available 

throughout the published literature. Two sources used in this 

work for comparison with computed compressibility factors are 

Wasserman et al (37), and Michels et al (57). The former covers 

the range (0.25 - 1000)bar and (80 - 1300)K, and the latter 

(22 - 130)atm and (273 - 323)K. Computed results are shown in 

Fig 26 with the experimental work of Wasserman et al. Also in 

Fig 26 are the experimental results of Michels et al at 298K, 

shown on the isotherm at 300K. At this temperature (about 300K), 

there appears to be less error between computed Z and Michele 

experimental work than between computed Z and Wasserman's work - 

respectively 0.25% and 0.31%. However, comparing computed Z with 

Wasserman's work only, there is greater deviation at lower 

temperatures and high pressures than elsewhere. The deviation 

rises to as much as 2.2%. AL.  low pressures, the deviation drops 

to 0.05%. 

An earlier program was developed using an equation of state 

for methane given by Leach (8). The same isotherms as in Fig 26 

were also computed using this earlier program, but results showed 

insignificant differences from those computed with the Vennix 

equation of state. The compressibility factors were consistently 

better at low pressures using the Leach equation, but at 200 bars 

and above, the Vennix equation gave better results - in both cases 

by only a very small percentage. 
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However, the Vennix equation is easier to handle and so that was 

the equation of state finally selected for computation work. 

10. Argon  

Michels and co-workers have worked extensively on the 

determination of experimental P-V-T data (34, 35, 36) for argon. 

Wasserman et al (37) have published tables of smoothed 

experimental data in the range (0.25 - 1.000 bars) and (85-1300)K. 

Michels work covers (118-423)K and (0-1050)atm. Fig 27 shows 

a few selected isotherms of computed compressibility fao:-ors and 

corresponding experimental values of Z. Agreement between 

computations and experiment is good for 153K to 423K and all 

experimental work appears extremely consistent. Although not 

shown in Fig 27, some compressibility factors were computed at 

pressures up to 1000 atm. Such a pressure is far beyond the 

stated limit of application of the Vennix equation of state (15,16), 

but even so, calculated Z was only 0.5 - i% in disagreement with 

experimental work (37). 

Crain and Sonntag (33) report P-V-T data on argon and 

nitrogen and mixtures of the two. They also compare many 

published values of compressibility factor for pure argon and 

nitrogen with their own experimental values, at temperatures 

used in these computations. Computed Z agrees with these 

values extremely well - 0.02 - 0.5g error. 

Fig 28 shows H/RT plotted against temperature for various 

isobars. At 50 and 200 atm, some of Michels' data have been 

converted to H/RT, where H is configurational enthalpy, and are 

also shown in Fig 28. 
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Michels' enthalpies (34, 35) are calculated from his own P-V-T 

data. Agreement with computed H/RT is good, but could be 

expected from the excellent agreement between his compressibility 

factors and those computed here. The British Oxygen Company (115) 

have published tables of P-V-T data for oxygen, nitrogen, argon 

and air. Their data also agree well with these computations. 

For example : 

P atm T K H/RT(115) HJRT*(this work) 

50 200 + .46 + 0.48 

200 200 - .92 - 0.90 

300 260 - .082 - 0.055 

* by interpolation on Fig 28. 

11. Nitrogen  

Wasserman et al (37) have published a table of smoothed 

P-V-T data for nitrogen (0.25 - .000 bar) and (70 - 1300)K, and 

Lunbeck et al (43) have determined experimental P=V-T data for 

the range (148 - 423)K and (0 6000)atm. The compressibility 

factor was computed at nine temperatures and these are shown in 

Fig 29. The temperatures used correspond to those in the 

experimental work (37, 43). In Fig 29 results from both sources 

have been included - the slight variation in temperature () 1. %) 

is not considered significant. 

Ref (43) 	Ref (37) 

Temperatures for which 
experimental points  
are shown in Fig 27.  

120 K 

148 	150 

198 	200 
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The computed results are those corresponding to the temperatures 

for (43). At 1 bar, the experimental values are all less than 

the computed Z, but above 1 bar, they are greater than computed Z. 

All Lunbeck's experimental Z are greater than computed Z. 

These saw data were used in the program mentioned in the 

section for oxygen which uses Leach's equation of state. The 

differences in computed Z were minimal - sometimes a fraction of a 

percent higher, sometimes lower. Perhaps this was due to rounding 

error in the data (both (43) and (37) are smoothed data) and in 

the program. Lunbeck et al also endorse the validity of their 

experimental work by comparing their own work with that of 

Keesom (116). Crain and Sonntag (33) list many experimentally 

determined compressibility factors and compare these with their 

own experimentally determined Z. Computed Z in this work compares 

well - to within 0.2%, but up to 10 error at high pressures. 

12. Air 

Smoothed P-V-T data for air, are given by Wasserman et al 

(37) for the range (0.25 - 7000) bars and (75 - 1300)K. 

Michels et al (58) give smoothed P-V-T data, and calculated 

thermodynamic properties for the range (203 - 348)K and up to 

1200 atm. The data published by B.O.C. (115) is that of Wasserman 

et al. In Fig 30 a few of the computed isotherms are shown with 

experimental results of Wasserman et al. In all Z was computed 

at seventeen temperatures in the range (160 - 320)K. 
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Fig 30. Air,compressibility factor (1—fluid model). 
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There is less error in computed results at higher temperatures 

and pressures - most error is at low temperature and pressure, 

being about 0.5%. It is interesting to note that all computed 

values of Z lie below experimental Z (37) whereas for oxygen 

all computed Z lie above experimental Z (37). 

The pair interaction parameters were taken from the work by 

Leland et al (11) and the composition of air was taken as : 

Component Mole fraction 

N2  0.78 

02 0.21 

Ar 0.01 

Species pair  
112 

N2 - 02 	. 0.995 

N2 - Ar 	0.995 

02 - Ar 	0.988 .  

These data (Fig 30) were also used in computations for Z using a 

two-fluid model, and in the program which uses Leach's equation 

of state, again using both 1- and 2-fluid models. The 2-fluid 

model using Leach's equation of state is marginally the best at low 

pressure and temperature, with nothing to choose between the other 

three. At high pressures, the 1-fluid model with the Vennix 

equation of state gives rather poor results. The disadvantages of 

the 2-fluid model are that only fractionally better results are 

achieved by considerably more complicated programming, and at low 

temperatures near the phase boundary, a mixture can appear to be 

in two phases - as explained in Section (3.1). 
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Fig 31. Air,dimensionless  configurational enthalpy,VRT. 

N canveaadwaI 



122 

In Fig 31 a plot of H/RT against temperature shows computed 

results and some enthalpies from Michels work (58). 

The experimental work was converted here to configurational 

properties. Below are tabulated some of the points shown in 

Fig 31. 

T K P atm H/RT(58) H/RT(this work) 

148 10 + 0.790 + 0.798 

50 - 0.445 - 0.443 

100 - 1.853 - 1.829 

200 - 2.093 - 2.085 

188 10 + 0.896 + 0.896 

50  + 0.446 + 0.449 

100 - 0.131 - 0.121  

200 - 0.743 - 0.718 

273 10 + 0.965 + 0.964  

50 + 0.829 + 0.827 

.100 + 0.675 + 0.674 

200 + 0.447 + 0.448  

Agreement with Michels' work is close. 

13. Hydrogen Sulphide-Methane  

Kate, Robinson and Chao (38) investigated partial volume at 

infinite dilution in order to find an interaction constant for 

the B-W-R equation of state, for mixtures of hydrogen sulphide and 

methane. To test the constant they found, they used the experimental 

results of Reamer, Sage and Lacey (39) and plotted compressibility 

factor against mole fractions of methane. 



ti 

0.0 0.5 1.0 	0.0 	0.5 	1.0 
Eole fraction methane 

0.0 	as 	1.0 

A Kate et al ( 38) 
C
o
m
p
r
e
s
s
i
b
i
l
it
y
  
Z
 

=1.00 
— =0.95 

/136 arm 

311 K 

	40.8 

I 	: 

4toi 1.0 

136) 

1.0 
340*  

444-3 K 

 

-1 

377.6 K 

	// 	 
• • 	• 

1 	• 

M
e
t
h
a
n
e
—
h
y
d
r
o
g
e
n
 su
l
p
h
i
d
e
 sy
s
t
e
m
,
 

c
o
m
p
r
e
s
s
i
b
i
li
ty
 
f
a
c
t
o
r
.
 

.0 

	LCY 	 
68 



124 

The work of Reamer et al agrees very well with the experimental 

work of Kohn and Kurata (40). Agreement of predicted Z (38) from.  

BUR equation with the results of Reamer et al was quite good, 

best at low concentrations of either component and worst at 

equimolar concentrations. Fig 32 shows computed Z in this work 

plotted in the same way as in the paper of Kate et al, to make 

comparison easy. Calculations were made using !12 = 1 and  

12 = 0.95 (12). 

For !12 = 1, at low temperature and low pressure, agreement 

with experiment is good with very slight increase in error as 

pressure and temperature increase. These computed Z are closer 

to the experimental results than the predictions using MR 

equation are, except at very low concentrations of either component. 

For !12 = 0.95, the computed values of Z agree extremely well 

with the experimental work for almost all temperatures and pressures, 

but it is least good at low hydrogen sulphide concentrations at low 

pressures. 

14. Carbon dioxide-Methane  

Compressibility factors of mixtures of carbon dioxide and 

methane at seven temperatures (311 - 511)K for a pressure range 

up to 680 atm have been experimentally determined by Reamer et al 

They used four concentrations of methane in carbon dioxide. 

Compressibility factors were calculated over the entire range in 

given in (42) for all concentrations. In Fig 33, four isotherms, 

using12 =  1, for the mixture 0.4055 methane, are shown. Also  

shown are the computed results using 	12 = 0.95 (12).  

(42). 
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Fig 33. Methane—carbon dioxiee eystem,comoressibility factor.Pole 
fraction of methcme,0.4055. 
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Using  12 = 0.95 gives excellent results at high temperatures, 

but at lower temperatures (e.g. 311 K) §12 = .96 might be a 

better value. 

Work on excess enthalpies - described further on in this 

Section for carbon dioxide-methane mixtures shows that g12 = '96  

is probably a better value for !012  than 0.95,• and from Fig 33 

this would seem to be borne out - especially at low temperatures. 

For the other compositions - i.e. 0.2035, 0.6050, 0.8469 

methane, only12 = 
Ir 	

1.0 was used in computing Z. As might be  

expected, results were better at lower concentrations of carbon 

dioxide, about o.lro error, and up to 0.16% at high carbon dfoxide 

concentrations for low temperature and pre6sure. The same error 

occurs at high temperature and pressure. At low temperature and 

high pressure, the error was 0.8% for'low carbon dioxide 

concentration up to 1.1% for high concentrations; and at high 

temperature and low pressure the error was 0.08% to 0.16% for 

increasing carbon dioxide concentration. 

15. Toluene-Hexane  

Watson and Dodge (46) give Z for three concentrations of 

hexane in toluene (0.7, 0.505, 0.336), for temperatures (498 - 573)K 

and pressures (13 - 95)atm. There appears to be a misprint in their 

tables of results and in Fig 34, corrected experimental values 

(Ire shown as well as the literal values from (46). 
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Agreement between computed results at these temperatures and 

pressures with experiment is not too good, worse at high toluene 

concentrations. The data were rerun with g12 
= 0.99 (12), and 

had the effect of increasing Z throughput, but with least effect 

at'loy pressure and high temperature and with most effect at high 

temperature and low pressure. A similar phenomenon occurred in 

the prediction of Z for carbon dioxide-methane mixtures. 

Agreement for pure hexane does not at first appear good, but 

referring to Fig 22, these pressures are where the isotherms for 

hexane have greatest slope, and where the least accuracy can be 

expected in predicted compressibility factors. 
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Enthalpy  

Enthalpies for an equimolar mixture of methane and propane 

were computed at a selection of temperatures and pressures, in 

order to compare with experimentally determined enthalpies - and to 

assess the accuracy of the predi;:ted enthalpies. Five temperatures 

(144-394) K and pressures (136-34)atm were used. The experimental 

work was that of Yesavage (Ph.D thesis, Rice Univ., 1966) and was 

taken here as quoted in a paper by Fisher and Leland (125). 

They compare their own computed enthalpies with those of Yesavage. 

In the computations in this work an unlike pair interaction 

parameter of 0.98 was used initially, and predicted enthalpies were 

extremely close to experimental results. The enthalpies quoted by 

Fisher and Leland are residual enthalpies, so in order to compare 

with these computations they were converted to H/RT. The table 

below shows all three results expressed as H/RT. 

Equimolar concentration is the best test for the accuracy of 

prediction since errors due-to the mixing rules are greatest at 

this concentration. 

Another set of computed enthalpies were made with 	= 0.99. 

This value of 
f 
 was found by Teja (109) to be the best value 

for the prediction of the critical locus of methane-propane 

mixtures. 

However, the enthalpies were not nearly so close to the 

experimental values as those computed as 	= 0.98. Sole 

exceptions were at high temperature and pressure (394K,  136 and 

103 atm), where there was a slight improvement. 
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T K P atm 
(This -work) 

H/RT 
(Expt, Yesavage) Fisher (125) 

144.0 136.1 - 10.72 - 10.79 - 10.85 
102.0 - 10.82 - 10.89 - 10.95 

34.0 - 11.04 - 11.09 - 11.12 
17.0 - 11.09 - 11.12 - 11.21 

200.0 136.1 - 	6.48 6.55 6.37 
102.0 6.55 6.58 - 	6.44 

68.0 - 	6.61 6.63 

34.0 6.67 - 	6.69 
6.55
6.57
2.35

- 

311.0 136.1 2.34 2.34 
102.0 2.16 2.15 - 	2.17 

27.2 0.42  0.33 0.41 

338.0 136.1 1.56 - 	1.58 - 	1.56 
102.0 - 	1.17 - 	1.22 - 	1.19 

68.0 0.34 - 	0.44 0.36 
51.0 0.095 0.0 

34.0 0.45 0.38 0:403 

17.0 0.74 0.71 0.74 
394.0 136.1 0.41  - 	0.47 - 	0.43 

102.0 - 	0.08 - 	1.41 0.10 
68.0 0.29 0.24 

0.370  51.0 0.48  0.38 

0.28 

34.0 0.66 0.64 0.66 
17.0 0.84 0.82 0.83 

Dimensionless configurational enthalpies for an equimolar  

mixture of methane and propane.  
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Excess Enthalpies  

A reliable method of computing accurate enthalpies can be 

used further to find excess enthalpies (or heats of mixing) for 

mixtures. An excess enthalpiy is the difference between the total 

enthalpy of the real mixture and that of the ideal mixture. 

The magnitude of excess enthalpies increase and therefore become 

more significant near the critical region and especially in the 

dense fluid region. 

The excess enthalpies are defined : 

i = N 

HE 	H
mitx 	

x.H. 

= 1 

t 
where H

mix 
 in these calculations is H configurational. 

(4.5) 

The configurational enthalpies Hmix  and Hi  are computed by 

the programs developed in this work, and then processed further 

in equation (4.5). Lee and Mather (104) have measured excess 

enthalpies for mixtures of nitrogen and carbon dioxide in a flow 

calorimeter at 313.2K for the range (4-131)atm. They compare their 

experimental results with those of others, and there is good 

agreement. They have also calculated HE  at equimolar concentration 

using several different theories. Agreement between their 

computations and their own experiments is good at low pressures but 

divergence occurs with the rapid increase of HE  with pressure at 

60 atm. Above 120 atm there is approximately 100% difference. 

between the highest and lowest predicted 21  (1600 and 3300 J/mol 

respectively). 
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On Fig 67, HE  is plotted against pressure showing computed 

values for this work and smoothed experimental points of Lee and 

Mather. Agreement between the two is good. Several values of g 

were tried to obtain a good match of computation and experiment; 

0.94 was the best value obtained here. 

To make comparisons with experiment, the published enthalpies 

had to be converted from residual or total enthalpies to 

dimensionless configurational enthalpies (i.e. HAT). 

The computations on the carbon dioxide - nitrogen system have shown 

that the values of H/RT for components and the mixture are good 

enough to obtain agreement of computed HE  with experimental HE. 

Excess enthalpies are a stiff test of enthalpy predictions as their 

(HE) calculation involves many rounding errors. 
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3. Joule-Thomson Coefficients  

Experimental measurements of adiabatic and isothermal 

Joule-Thomson coefficients are not as plentiful as other types of 

thermodynamic data - such as compressibility factors and two-phase 

equilibrium data. In recent years it has been shown that sot& 

Joule-Thomson measurements are quite inaccurate and inconsistent. 

It is interesting to note that in the past, when P-V-T data at low 

pressures and temperatures (below 373K and 10 atm) were difficult 

to determine experimentally Joule-Thomson coefficients were 

considered a good source of information to fill these gaps. 

Now that the P-V-T data is more easily available it can be used to 

calculate Joule-Thomson coefficients. It is in this way that the 

inconsistencies in older published experimental work have been 

shown up. 

1. Carbon Dioxide  

Both adiabatic and isotherm coefficients were computed in 

this work. The adiabatic coefficients of carbon dioxide have been 

determined by many workers, and those determined by Roebuck (23) 

are taken to be the best available. Johnson and White (36) 

reviewed Joule-Thomson data available at the time (1948), and they 

came to the conclusion that the work of Roebuck and co-workers 

was the most accurate and reliable. The adiabatic coefficients 

published by Roebuck are calculated from very careful mea;urements 

of pressure and temperature changes and constant enthalpy. 
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Fig 16. Carbon dioxide,adiabatic Joule—Thomson coefficients. 
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Charnley and co-workers (24) measured experimental isothermal 

Joule-Thomson coefficients of carbon dioxide in a study of the 

coefficients of mixtures of carbon dioxide and ethylene. 

They give their results expressed as the coefficients at zero 

pressure cp.  . Seo  is obtained by extrapolation to P = 0 

for measurements of 92 at pressures in the range (4-10)atm. 
• 

Adiabatic coefficients were computed in the pressure range 

(1 -200)atm, on nine isotherms. The temperatures were the same 

as those used by Roebuck. Fig 16 shows three of the isot%erms 

for 	and some of Roebuck's experimental measurements. 

Agreement with experiment is to within 5% except at low pressure. 

Different values of A P and liT (equations (2.123) and (2.127)) 

were tried in the computations, but the difference in computed 

results for 	were negligible. 

Computed isothermal coefficients at 1, 5, 10 att are shown 

in Fig 9, extrapolated to zero pressure. In Fig 10, -Cep  

is plotted against temperature for computed Cg and the 

experimental results of Roebuck and Charnley. The adiabatic 

coefficients of Roebuck have been extrapolated to zero pressure 

and multiplied by the appropriate value of the ideal specific 

heat - to give isothermal coefficients at zero pressure. 

( 	Ceo P 	.cf. ). This plot shows the consistency of the 

two sets of experimental data - despite the scatter in the 

measurements of Charnley et al (see Fig 8). The ideal specific 

heats were taken from the National Bureau of Standards Hand Book 

(25). 
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Fig 8. Carbon dioxide—ethylene system,isothermal Joule—Thomson 

coefficient at zero pressure. 
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Fig 9. Carbon dioxide—ethylene system, extrapolations of computed 

isothermal Joule—Thomson coefficients to zero pressure. 

Pressure atm 
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2. Carbon dioxide - Ethylene  

Charnley et al (24)give isotherms for 41,9 at 273, 298, 

318K for four or five different compositions of carbon dioxide 

and ethylene, for isothermal Joule-Thomson coefficients. 

ql was computed at these temperatures for 1,5,10 atm, and 9% 
found by extrapolation to zero pressure. The results are shown 

in Fig 8. Agreement is not too good, even considering the 

scatter of the experimental work. The unlike pair interaction 

parameter was 0.94 (12). 

3. Propane  

Adiabatic Joule-Thomson coefficients were determined 

experimentally by Sage et al (28) for a wide range of temperatures 

- up to 377K and pressures - up to 38 atm. Both adiabatic and 

isothermal coeffioients for propane were measured by Yesavage 

et al (29). They give (O forthe range (266-393)K and 

(0-136)atm, and the adiabatic coefficients for the same pressure 

range at approximately 268K. 

Computed adiabatic coefficients are shown in Fig 11 with some 

of the experimental results of Sage (28). Agreement between 

computation and experiment is only good at 377.4K. This result 

is borne out by a study made by Manning and Canjar (26). In this 

study, they compare experimental adiabatic coefficients at zero 

pressure, - i.e. 1, , with their own computed values of 9..  

They compute n /* from the relation 

i (Cp0.9 ) = T2  cl (B/T) 

AT 

Where B is the second virial coefficient. 

(4.2) 
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Equation (4.2) is only exact at zero pressure, and Manning and 

Canjar used the virial coefficients accurately determined by 

McGlashan and Potter (30). They plot pi against temperature 
-Jo 

and their computed 9 
only agrees with experimental  ./0  

(23), at a temperature approximately equal to 377K. 

4. Butane  

Kennedy et al (27) determined adiabatic coefficients 

calorimetrially for temperatures (284-377)K and pressures (1-15) 

atm. Computations of 9  were made at some of the temperatures 

used by Kennedy et al. Fig 12 shows three isotherms at 294.3, 

310.0, 327.6K. Agreement with experiment is poor; but the 

computed 9. of Nanning and Canjar (26) for butane agrees 
well with 90  in this work. 90  here is obtained by 

extrapolation in Fig 12. 

Examples of 90  at two temperatures: 

T K 	Expt'l 9. (28) 	Calc'd le (26) 	9.9(this work) 

327.6 1.4 1.88 1.90 

294.3 1.8 2.53 3.05 

90  in K/atm. 
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Fig 12. Butane, adiabatic Joule—Thomson coefficients. 

Pressure atm 
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5. Pentane  

Brown and Pattee (31) measured the adiabatic Joule-Thomson 

coefficient at 1 atm using a throttling calorimeter. Their 

temperature range was (390-730)K. Kennedy et al (27) also did 

experimental work on 9 for pentane. They covered the range 

(327-377) and (1-6)atm. In this work, Y1 was computed at 

327.6, 344.3 and 361K. Fig 13 shows these isotherms with some 

experimental work from Brown (31) and Kennedy (27). 

The experimental work shows great disparity at 361 K, and neither 

agree with computed 7  . Manning and Canjar also note this 

divergence at zero pressure for 	. Their computed 11 agrees 

with a value of JC n obtained from computed 9 in this work. 

For example: 

Computed coefficients 	Expt'l coefficients  

9.(this work) 9*(26) 	9'1(31) 	9.(27) 

	

361.0 
	

1.8 
	1.71 	2.44 	1.3 

	

344.3 
	

2.18 
	

2.28 
	

3.43 	1.47 

P.). in K/atm. 

Sage and Lacey (47) have calculated isothermal coefficients 

for pentane from P-V-T measurements for a wide range of temperature 

and pressure - (311-509)K and up to 680 atm. Taking a few of their 
• 

values at 344.3K, and comparing with computed values of 

multiplied by the specific heat, we have 

P atm Computed tfrp•Cp] this work Expt'l y9 	(47) 

2.6 352.0 342.0 

1.3 324.0 259.0* 

0.0 311.0 182.0* 

yo in j/mol atm. 

T K 



327.6 K 	 
Yesavage et al (29) 

+ Brown and. Pattee (31) 

2.5. 
3601 + 

a -P 

C.% 
2.0 

3.0 	 

Pressure atm 



a constant x 	Z) 
• 

T 
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* These values are reasonably consistent with values of q) 

(actually 	x C ) measured by Kennedy et al (27) - 276, 192 

J/mol, atm respectively. However this does not mean that the 

computed results are wrong, as it has already been shown that 

eAperimental work for both gPand 9 shows great scatter. 

6. Air 

Michels et al (32) calculated adiabatic Joule-Thomson 

coefficients for air from their own experimental PVT data. 

It is believed that they calculated 	from 

Cp  

1 

(4.3) 

     

   

T 

Six of the isotherms computed in this work are shown in 

Fig 14. The temperatures range from 138K to 323K. 

Agreement with Michels' work is very close. Where there is • 

disagreement, the differences are consistent with those between 

computed compressibility factors for air and Michels' experimental 

Z for air. A plot of Z against temperature should show similar 

trends for divergence as those in Fig 14 since from equation 

(4.3) at constant T, 



147 

Fig 14. Air,adiabatic Joule—Thomson coefficients. 
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-Fig 15 shows Z plotted against temperature - and error trends 

are consistent. 

7. 	Methane-Ethane-Nitro con  

Alkasab et al (117) compare their experimental work on 

isothermal Joule-Thomson coefficients with computed 90 using 

the BUR equation of state. There is quite good agreement between 

experiment and computation. Alkasab et al have used analytical 

differentials of the equation of state (BWR) for equation 

ce 	v tle(s P) M p 
OT4,1 

 

(4.4) 

 

In this work, finite differences were considered satisfactory 

for equation (2.130). Isothermal coefficients were computed at 

two temperatures - 255.5K and 274.7K, using two of the mixtures 

which Alkasab et al investigated. The compositions were : 

Mixture  1 

 

Mixture  3* 

   

Cl  0.7373 0.2286 

0.2624 0.7675 

C4 
IMP 0.0006 

N2 0.0003 0.0033 

* The numbers correspond to those in Alkasab's paper. 

The table below shows a comparison between computations in 

this work and the work of Alkasab. 
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Mixture 1 T = 255.5 

q9expt (117) 

cOin J/mol atm 

ipcomputed (iii) (this work) P atm 

24.16 - 	9.76 /MN 9.31 8.73 

34.70  10.22 10.37 INV 9.79 

44.23 11.14 11.44 11.02 

54.78 13.43 13.12 01•• 12.75 

Mixture 3 T = 274.7 K 

5.44 - 	15.24 - 	15.23 13.02 

12.25 - 	16.98 - 	16.79 14.68 

20.41 - 	19.49 - 	19.61 17.62 

31.30 - 	27.37 - 	28.03 25.67 

There appears to be a misprint in the text of Alkasab's paper 

- the units given for 	are BTU/mol psi. Checking their results 

against 99 for a similar mixture investigated by Budenholtzer 
et al, (118), and assuming consistency between the two sets of 

experimental results, the units must almost certainly be BTU/lb psi. 

The results of Budenholtzer and Alkasab are in quite good agreement 

although the concentrations in the former's work is 0.25 ethane 

and 0.75 methane. 

Agreement between 	computed in this work and 0 

experimentally determined by Alkasab is good, but not as close as 

the predictions using the BWR equation of state. Wenzel (119) 

also compared computed and experimental Joule-Thomson coefficients 

for mixtures of methane, ethane and nitrogen. He found that 

predictions using the BWR equation of state for an equation such 

as (4.4) were within 1.7% of experiment, and were closer than 

other methods he tried. 
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Several combinations of 	12 were used in an attempt to get 

better agreement, but they made negligible difference to the 

computed q? . Results given here are those calculated with 

12  from Prausnitz's table of values (12). 
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4. Vapour Liquid Equilibrium  

Binary Systems  

Nineteen binary systems were studied, They were chosen 

partly because they showed typical vapour liquid phase equilibrium 

phenomena and partly because experimental data was available in 

the published literature. The phase conditions studied include 

those where both components are subcritical, where only one is 

super-critical and where both are super-critical. 

Calculations have been done with and without adjustment to the 

acentric factor, and using 	12  equal to one, and otherwise. 

1. Methane-Ethane  

A bubble pressure line at 171.4K was computed for a range of 

compositions of methane-ethane. Experimental work at this 

temperature on vapour liquid equilibrium has been done by Chang and 

Lu (61), at 171.4K, Price and Kobayashi (63) at 172K and 

Ruhemann (62) at 173K. Experimental and computed results are 

shown in Fig 35. The experimental work is in good agreement, 

except Ruhemann's results in the liquid phase. However these 

points are smoothed interpolations of experimental results at 

other temperatures, and referring to Ruhemaan's P-x diagrams of 

his original results, their scatter makes debatable the best 

position for the isotherm. 

The computed results used adjusted acentric factors, for 

which the vapour pressures were taken from(82) and (80). 

The unlike pair interaction parameter was 0.99. 
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Zudkevitch and Joffe (64) have developed a method of 

predicting vapour liquid equilibrium using the Redlich-Kwong 

equation of state. They compare some of their computed equilibria 

with experiment - for example this system, methane-ethane. The 

experimental results they quote are those of Price and Kobayashi, 

and they use K values (K = y/x) for comparisons of computation and 

experiment. For example : 

at 171 K 

P atm Component x 
given 

y 
calc'd 

K(this work) K(64) 
predict'd 

K(63) 
expt'. 

6.8 C1  0.235 0.935 3.900 3.820 3.710 

c2 0.765 0.065 0.085 0.087 0.088 

13.4 C1 0.555 0.9725 1.750 1.760 1.780 

C2 0.445 0.0275 0.062 0.062 0.068 

Slight differences in compositions - and hence IC - are 

inevitable because Zudkevitch and Joffe's method uses a flash 

procedure. This way both pressure and temperature are held 

constant and the vapour fraction is converged to 1.0 or 0.0 

for a bubble or dew calculation respectively. 

2. Methane-Nitrogen  

Two isotherms were calculated for methane nitrogen Axtures. 

At 122K both components are subcritical and at 171K only methane is 

subcritical. Three sets of experimental work are available at these 

temperatures; Bloomer and Parent (59) investigated dew and bubble • 

pressures at a wide range of temperatures for many compositions. 
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Cines et al (60) also worked at a wide range of temperatures 

100K to 171K and they give eight smoothed isotherms in this range. 

Chang and Lu (61) studied the mixture at 120K and 171K only. 

Isotherms at these two temperatures were computed by dew 

pressure calculation and are shown in Fig 36 along with experimental 

results. The unlike pair interaction parameter was taken as 0.97 

and the vapour pressures for acentric factor adjustment were taken 

from (25) for nitrogen and (16) for methane. 

At 122K, the predicted vapour phase is closer to experiment 

than the predicted liquid phase, and at 171K agreement for both 

phases is not so good. The three sets of experimental work agree 

well at this temperature except for the vapour phase at high 

pressures. However the critical point for this mixture at 171K 

calculated by Teja (109) is shown in Fig 36 and the apparently 

diverging vapour line of Cines et al seems consistent with this 

critical point. The computations of dew pressure at 171K broke 

down at a nitrogen mole fraction of 0.31 in the vapour. This is 

the point of maximum concentration and is the pressure at which 

171K is a maximum temperature. Rather discussion on the breakdown 

of dew calculations is in Section 5. 

Where a component is supercritical, no adjustment to the 

acentric factor 60 is possible, and it is kept at the accepted value 

given by Pitzer et al (3). Some results below axe for methane-

nitrogen equilibrium, computed with no CO adjustment (regardless 

of whether the temperature is supercritical or not). 
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Dew Pressure at 152.8K  

y 	x(calc'd) 	x*(expt) P(calc)atm P*(expt) 

(given) 	= 1 	l= 0.97 	1. 1 g. 0.97  
CH
4 

0.4912 0.7798 0.7997 0.8 

Ne. 0.5088 0.2202 0.2003 0.2 

24.3 	25.4 	25.5 

Bubble point at 15.48 atm  

x 	y(calc'd) 	y*(expt) 	T K 	T*(expt) 

(given) 	g = 1 s . 0.97 	g = 1 f. 0.97  
CH
4 

0.9705 	0.89 	0.87 	0.86 156.4 155.7 	156.0 

	

N2 0.0295 0.11 0.13 	0.14 

* These results were obtained by interpolation from P-T-x 

curves from (59). 

A value of 0.97 for S12  seems satisfactory at 122K and 

for the two points above but at 171K maybe a lower value would 

be better. 

3. Methane-Carbon Dioxide  

Donnelly and Katz (65) have done experimental work on the 

phase equilibria of methane carbon dioxide mixtures at seven 

temperatures between 271K and 200K. Dew and bubble pressures 

were computed at five of these temperatures and are shown in 

Figs 37,38. The dew calculations broke down at the maximum 

concentration (about 0.8 methane at 223K and 0.5 methane at 

259.7K) and the bubble calculations broke down at a pressure a 

small percentage from the critical point. The liquid and vapour 

lines were successfully extended at 223K by bubble calculation to 

within a fraction of the critical point. This result is shown 

in Fig 37 as a dotted line. 



0 

vin 

0 
cs3 

; 	t ; 

0 

0 

: ! ; 

N.11011411•••••••••1 

Dc
  

158 

Fig 37. Methane—carbon dioxide systemIdew pressure calculation at 223 K 
and bubble pressure calculations at 212 K and 241 K. 
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Fig•38. Methane—carbon dioxide system,bubble pressure calculation 
at 271 K and dew pressure calculation at 259.7 K. 
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For all temperatures, the liquid lines are in poor agreement 

with experiment. It is difficult to predict accurately phase 

equilibria for mixtures containing carbon dioxide, especially 

for the liquid phase, because its behaviour is so dissimilar 

to methane (the reference substance) in the liquid phase. 

The lower the temperature the greater the inaccuracy - a similar 

observation was made for the prediction of single phase 

compressibility factors for this mixture. 

12 was taken as 0.95• 

4. Methane-Butane  

Vapour liquid equilibrium for methane-butane mixtures has 

been measured experimentally by Roberts et al (68) at five 

temperatures in the range (411-210)K and by Sage et al (67) in 

the range (311-359)K. The latter also give the critical locus 

and the maximum temperature and pressure lines for various 

concentrations of methane. Hsi and Lu (69) calculated vapour 

liquid equilibria of methane with various hydrocarbons, including 

butane, using the Redlich-Kwong equation of state. They 

particularly chose conditions where one component was supercritical. 

They give an isotherm for the mixture at 294K and compare 

with the experimental results of Sage et al (67). There is good 

agreement between the two and their calculation breaks down at 

about 95% of the critical pressure of the mixture.. 

In this work, a bubble pressure line was computed at 277.6K 

using 1!12 = 0.96. Hsi and Lu also use a parameter to correct 

the interaction term in the mixture critical temperature 

calculated by the mixing rule (equation 1.29), and their value 

is 0.9602. 
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Fig 39. Methane-butane system,bubble pressure calculation at 277.6 K. 
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However their value found by fitting computed vapour-liquid 

equilibrium to experimental work (67). Agreement between the 

isotherm computed here at 277.6K and the experimental work of 

Roberts et al was extremely good and is shown in Fig 39. 

The calculation broke down at 125 atm which is about 5% less 

than the critical point. 

Attempts to calculate isotherms at 411, 244 and 211K (all 

experimentally determined by Roberts et al) were not so 

successful. These failures can be explained in several ways. 

At 211K, the reduced temperature is less than 0.5, and this is 

below the lower limf.t of the Vennix equation of state. At 411K, 

the experimental work (67, 68) do not agree so well. From Sage's 

maximum temperature and pressure curves, the critical pressure 

.is at a mole fraction of methane of 0.1 and from Robert's work it 

is 0.2 methane. In addition, 411K is within 3% of the critical 

point of pure butane, and possibly too close for the computation 

to proceed normally. The experimental bubble pressure lines are 

almost vertical, so that if an initial guess were slightly 

unsuitable, then intermediate calculations searching for a 

solution could easily become super-critical, and the computations 

cease. This is probably the case at 244K, as well as the fact that 

the reduced temperature might well be under 0.5 in some iterations, 

causing further inaccuracies to build up. 

5. Methane-Isobutane  

The mixture methane-isobutane was studied because the data 

given by Olds et al (70) were given in weight fractions, and 

data were required to test a program written to process data given 

as weight fractions. Olds et al give three experimental isotherms 

of smoothed vapour-liquid equilibria, at 311.0, 344.3, 377.6K. 
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Fig 40. Methane-iscbutane oystem,bubble pressure calculation at 311 K. 
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Fig 41. Methane-isobutane szstem dew pressure calculations at 377.6 K 

and 3A4.3 K. 
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One bubble pressure line and two dew pressure lines were computed 

at these temperatures respectively. Figs 40,41 show these 

computed isotherms and the experimental points. The bubble 

pressure calculation breaks down near the critical point - not 

ac.imally shown in Fig 40, and the dew calculations broke down 

at the points of maximum concentration. Vapour pressure data was 

taken from (120) and g 12  was 0.96. 

Agreement of computed equilibria and experiment is good, with 

slightly greater divergence on the vapour lines at higher pressures. 

6. Methane-Isopentane  

The phase equilibria of methane-isopentane was studied in 

detail by Amick et al (71). They measured compressibility factors 

in the superheated regidn of several different mixtures of the two 

components, and in the two-phase region, they measured phase 

composition for temperatures (344-450)K  at pressures between.27 and 

68 atm. They compare K values for their experimental compositions 

with those predicted from generalised correlations. However the 

correlations they use do not take into consideration the effect of 

composition. They do acknowledge that this assumption of an ideal 

solution is not really valid for such a mixture as methane and 

isopentane. 

Attempts to compute coexisting vapour and liquid compositions 

as bubble point lines met with difficulties. At 27 and 37 atm 

a measure of success was had but only for 12 = 1.0 and no 

adjustment to the acentric factor. 
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Fig 42. Methane-isopentane system,bubble point calculations at 27.0 
atm and 34.0 atm. 
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Modification to either of these caused failure. The reason 

possibly is that these conditions are too close to the 

critical point of isopentane - 32.9 atm, 461K. Modification of 

the acentric factor at a temperature within about 2% of the critical 

temperature has been found to fail for various systems on several 

occasions. 

In spite of this, the agreement between experiment and 

computation is quite good - they are shown in Fig 42. 

7. Methane-Decane  

Vapour-liquid equilibrium of methane-decane mixtures has been 

measured by Reamer et al (72). They give tables of smoothed data 

for seven isotherms (311-511)K, expressed in weight fractions. 

Although the tables extend to the critical point of each 

composition, actual experimental work was not done near the 

critical region. Computations of the phase equilibria mere 

produced in weight fractions to enable easy comparison between 

computation and experiment. The data are converted into mole 

fractions within the program and back again to weight fractions in 

the printed results. Weight fractions make the vapour-liquid 

equilibria of such mixtures as methane-decane (molecules of widely 

differing size and properties) easier to plot in a graph since 

weight fractions are numerically less than mole fractions. 

For example 0.7 weight fraction of methane is 0.95 mole fraction, 

0.8 is 0.97, 0.9 is 0.987 and so on. 
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Fig 43. Methane—decane system dew  point calculation at 477.6 K and 

bubble point calculation at 411 K. 
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Fig 43 shows two isotherms at 477.6K and 411.0K, dew and bubble 

pressures respectively. The dew pressure computations broke down 

at the point of maximum concentration - 0.625 weight fraction of 

methane, and the bubble pressures continue up towards the critical 

point. In fact the program cominued to calculate bubble pressures 

which were greater than the experimental critical point, and broke 

down at 580 atm. In this work, 12  was 0.84, and except for very 

high pressures, results were in good agreement with experiment. 

Teja (109) found that for mixtures of very different sized 

molecules, a volume correction factor (similar to 
	

) was 

necessary. The factor 
I) 

is defined by Teja as 

3.3 	ij 	
[ (1'11/.3  + 1111.3.) jj h.. = 

This factor has been assrimPd 1.0 in all the computations in this 

thesis, but Teja found that a value of 0.94 gave a locus closer 

to the experimental one. Even so the predictions for vapour-liquid 

equilibrium were not as close to experiment as for other binarY 

mixtures. 

8. Methane-Argon  

Three isotherms for vapour-liquid equilibrium of methane-argon 

were measured experimentally by Duncan and laza (74). Work at 

very similar temperatures was done by Gravelle and Lu (73), 

115.2, 123.4 and 137.1K, and they also predict vapour-liquid 

equilibria at these temperatures using the Redlich-Kwong 

equation of state. They use an interaction parameter 12' 

which they determine by fitting their computations to their 

experimental results, and minimising deviations from vapour 

composition. They found that this parameter varies with temperature 

although it is generally assumed independent of volume and 

temperature (10,12). 
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Fig 44. Methane—argon system,bubble pressure calculations at 123.7 K 
and 115.75 K. 
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Leland et al (121) have calculated g
12 

 for methane-argon and 

found it to be 0.979 using excess Gibbs free energy, and 

0.989 using virial coefficients. 

The interaction parameter for the computations was taka,1 first 

as 0.98, and then as 0.979. The results at 0.979 showed very slight 

differences from those at 0.98, but it is impossible to show them 

in Fig 44 as significantly different. Gravelle and Lu found 

the following values of 

T K g 12 

1152. 0.979 

123.4 0.977 

137.1 0.974 

Computations were made in this work of bubble pressure lines at 

123.7, 119.73 and 115.75K. The first and last are shown in ' 

Fig 44. The solid line is a copy (as close as possible) of 

the coexistence curves given by (74) on a small plot of pressure 

against composition. The broken lines are the computed results. 

There is good agreement with experiment, greatest deviation being 

at equimolar concentrations. 

Argon vapour pressures were taken from an Antoine formula given 

by National Bureau of Standards (25), and for methane from 

Vennix (16). 
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9. Nitrogen—Argon  

Watson and Rowlinson (10) have published a comprehensive 

set of figures comparing computed vapour liquid equilibria with 

experimental work. They worked on binary systems in the N2  — Ar 

02 mixture, as well as the ternary system. The program they used 

was similar to that developed here, but as well as minor 

differences, they did not adjust the acentric factor. 

In this work, a calculation of bubble temperatures at 1 atm 

(using 1—fluid model) was made to compare with the work of Watson 

and Rowlinson. The experimental work used was that of Wilson, 

Silverberg and Zellner (75). In Fig 45 are shown the two sets of 

computed equilibria and the experimental points. The adjustment 

to the acentric factor obviously improves the prediction of the 

bubble point line, and agreement of computations in this work and 

experiment is very good. The acentric factor of argon is O. and 

this was unchanged even though the pressure was subcritical g 12 
was 0.995 (10). 

10. Nitrogen Oxygen  

A bubble pressure line at 88.88K was computed for a nitrogen 

oxygen mixture. Experimental results to compare with this line 

were taken from the work of Wilson et al (75). Their work is given 

as compositions at constant pressures, so compositions and pressures 

at 88.88K (exactly 160 R) were obtained by interpolation. Fig 46 

shows several sets of computed results with these interpolated 

experimental results. The bubble pressures were computed with and 

without acentric factor adjustment, both with § 12  equal to 0.995 

(10); then with ! = 1 and adjustment to the acentric factor. 
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It can be seen what a difference adjustment to 4, makes - for 

oxygen the correct vapour pressure is predicted. For nitrogen, 

88.88K is 0.7 of the critical temperature, and so adjustment of the 

acentric factor is really unnecessary - which is why both lines 

coincide at 1 °nitrogen. Using 
	

1 shows a slight loviering 

of bubble pressures, especially on the liquid line. 

11. Krypton-Oxygen  

A bubble point line at 6 atm was computed for krypton-oxygen 

mixture. The interaction parameterIi12  was 1.0 and no 

adjustment was made to the acentric factor because, at the time, 

the vapour pressure data for krypton was not available. Fig 47 

shows the computed bubble point line and some other computed points 

using the BWR equation of state (106). The bubble points agree 

,well, but the liquid compositions are lower than those computed 

by the BWR equation. The vapour temperature of pure oxygen is 

predicted fairly accurately by both methods (this work and by BWR) 

- it should be 111.64 K. This is probably due to the fact that 

this temperature is approximately 0.7 of the critical temperature. 

Some other computations of bubble pressures were made for 

various temperatures and compositions in the range (114-145)K 

and a mole fraction of krypton (0.001-0.95) respectively. 

The bubble pressures were in the range (7.28-6.6)atm and the 

vapour mole fraction of krypton was (0.0001-0.798) respectively. 

It has not been possible to compare these figures with 

computations using other methods, or with experimental work. 
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Fig 47. Krypton—oxygen s:jstern, bubble point calculation  at 6.0 atm;  
no (0) adjustment. 
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12. Propane-Carbon dioxide  

Vapour-liquid equilibrium of propane carbon dioxide mixtures 

has been measured by Poettmann and Katz (76), and by Reamer et al 

(78). Poettmann and Katz measured the bubble and dew points 

of six different mixtures for a range of temperatures. They 

smoothed their results, giving four isotherms (355-233)K on a 

pressure against composition plot, and four pressures (34-54.5)atm 

on a temperature against composition plot. These ranges cover those 

investigated by Reamer et al. They give tables of compositions for 

smoothed temperatures and pressures in the range (277-344)K  and 

(5-65)atm. Agreement between these two experimental measurements, 

away from the critical region is not too good, and Reamer et al 

state that they think there is a systematic error in the 

compositions of Poettmann and Katz. 

Computations at three temperatures (277.6, 311.0 and 344.3K) 

were made in this work. The first and last temperatures were bubble 

pressure lines and the other was a dew pressure line. 

At 277.6K,both components were subcritical and the vapour 

pressures were taken from the extrapolations to the pure components 

in Reamer's tables of vapour-liquid equilibrium (78). Fig 48 

shows the computations at this temperature and experimental points 

from both Reamer and Poettmann. The computed results follow, but 

do not coincide withthe work of Reamer et al, although agreement 

is best at high concentration of propame. 	12  was taken as 

0.89 (12). 



-p x
oc

p  
u

oq
.r
eo

  
•8

i  
2

-ca
  

0 

to 

ro 

V

^^, 

it
z 	

uo
-cl

'e
tn

o
iv

o  
ea

 11
 :3

  
a 

Pr
e s

su
r e

  a
tm

  

0 0,0 	 0,25 0,7.5 
Mole fraction propane 

Poettmann et al (76) 	=0.89 

Reamer et al (78) L 

50 



179 

Fig 49. Carbon dioxide—propane system,bubble pressure calculations 
at 277.6 K and 344.3 K. 
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At 311K, the dew pressure line computation break down at the 

point of maximum temperature given by Poettmann, a mole fraction of 

propane 0.215. Reamer et al gives 0.2 at the same temperature as 

the maximum concentration. The computations agree better with the 

exoerimental work of Poettmann in both phases. 

At 344.3K, the computations broke down at about 50 atm. 

Although unusual for bubble pressure computations to break down at 

the point of maximum concentration (i.e. maximum temperature), 

this temperature (344.3K) is only 6% from the critical point of 

propane, and in addition the change of critical pressure with critical 

temperature is almost vertical. Closeness to the pure component 

critical temperature is often the cause of breakdown in the 

computation of vapour liquid equilibrium. The reduced temperature 

of the liquid phase at the point of breakdown in this case was 

greater than 1.0 - the initial guess of liquid composition being 

based on the experiment values of Reamer et al (78). 

Zudkevitch and Joffe (64) have developed prediction methods 

for vapour-liquid equilibrium using the Redlich-Kwong equation of 

state and they use the experimental work of Reamer et al as a 

comparison with their computations. They give their results 

expressed as K values. 	A few examples below compare their work with 

this work. 

T K 	P atm 	K expt(78) 	K calc(64) 	K(this work) 

277.6 13.6 0.472 0.464 0.500 

30.6 0.399* 0.395 0.365 

311.0 20.4 0.715 0.710 0.722 

47.6 0.567 0.557 0.510 

344.3 34.0  0.881 0.858 0.887 

54.4 0.828 0.821 

* rather uncertain (78). 
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Although the figures above are not in complete agreement, K 

values do mask considerable deviations in bubble calculations - 

being relatively insensitive to variation in pressure. 

In addition, Zudkevitch and Joffe calculate their vapour liquid 

equilibria by flash procedure, which will make both their phase 

compositions different to experiment. The K values given for this 

work in the table above were taken from the computations shown 

in Figs 48, 49. 

13. Butane-Carbon Dioxide  

The phase equilibria of butane and carbon dioxide mixtures has 

been experimentally measured by Olds et al (79), and the results 

were smoothed and presented at four temperatures (311-411)K 

for a range of pressures. At all these pressures, carbon dioxide 

is supercritical. Poettmann and Katz (76) also studied this 

mixture, and they give dew and bubble points at six temperatures. 

In this work, bubble pressures were computed at 311.0 and 377.6K, and 

dew pressures at 344.3K. The bubble pressures are shown on Fig 50, 

with experimental results from both Olds et al and Poettman and 

Katz. At 311.0K, agreement is good, but computations break down 

at a pressure close to the critical point. 

At 377.6K, agreement is not so good, particularly in the vapour 

phase. Computations break down at the pressure corresponding to a 

maximum temperature - 64 atm. This breakdown for a bubble 

calculation might be due to an unfortunate choice of concentration 

- corresponding exactly to the maximum temperaWre which caused 

iterations to produce reduced temperatures well over 1.0. 
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The dew pressure computations at 344.3K are shown in Fig 51, 

with experimental results of Olds et al. The computations broke down 

at the maximum concentration of 0.21 carbon dioxide, where the 

pressure is 50 atm. 

14. Ethane-Propylene  

McKay et al (80) made experimental measurements of the 

volumetric and phase behaviour of ethane-propylene mixtures. 

They measured the properties of the co-existing phases at three 

compositions and present their results as interpolations for 

regular pressure intervals for four temperatures (261-344)K. 

Computations were made at these four temperatures - two dew 

pressure lines at 277.6 and 344.3K and two bubble pressure lines at 

261.0 and 311.0K. 

At 261.0K, two values of ji were used, 1.0 and 0.99. -The 

latter gave a far better agreement with experiment, as shown in 

Fig 52. Similarly, there was good agreement using 	= 0.99 

for the dew pressure computation at 277.6K - also shown in Fig 52. 

At 344.3 and 311.0K the ethane is supercritical. The bubble 

pressure computations using § = 1 at 311.0K broke down at 

45 atm — which is approximately 5 from the critical point which 

would have been predicted had the program been able to continue. 

The reduced temperature also became greater than 1.0 for the 

liquid phase - not surprising since 311.0K is so close to the 

critical point of ethane. The computations are shown in Fig 53. 
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Fig 52. Ethane—psapylene systerl,bubble resnure calculation at 261.0 K 

and dew pressure calculation at 277.6 K. 
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Fig 53. Ethane—propylene systemIdew pressure calculation at 344.3 K and 
bubble pressure calculation at 311 K. 
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The dew pressure computations at 344.3K (also shown in Fig 53) 

break down near point of maximum concentration, 0.35 mole fraction 

of ethane. Agreement with experiment is not so good as for the 

lower temperatures, and this suggests that lower value of• g 

would improve agreement. Decrease of 	with increasing 

temperature is consistent with the findings of Gravelle and Lu (73). 

It is interesting to note that computations were able to 

proceed further using 	g= 0.99 than 	g = 1.0. However, the 

actual experimental measurements of McKay et al ceased at 40.7 atm 

at 344.3K and 44 atm at 311.0K. Their tabulated results are 

extrapolations. If these extrapolations are in error, then use of 

these as a basis for guesses in the data for the computation 

of vapour-liquid equilibrium could lead to failures. This might be 

.the case in dew pressure computations at 344.3K in this work. 

McKay et al compare their experimental results with the much 

earlier work of Lu, Newitt & Ruhemann (81), using K values. 

Two examples below compare these two experimental determinations 

with the computations in this work. The computed K values are not 

so close to the earlier work nor is the work of McKay. Although 

use of K values can be a misleading basis for comparison of co-

existing phase compositions, the results below suggest that Lu's 

work might be incorrect. 

T K P atm K expt(81) K expt(80) K(this work) 

311.0 40.8 0.8 1.60 1.10( 	= 1.0) 

344.3 40.8 1.375 1.54 1.31( 	g= 0.99) . 
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15. Ethane-Benzene  

The system ethane-benzene was considered an interesting mixture 

for the prediction of vapour liquid equilibrium because benzene is 

an aromatic compound, and somewhat dissimilar to methane, and because 

experimental data were available for conditions where both components 

were supercritical. Kay and Nevens (82) worked on this system and 

they give their temperature measurements at regular pressure 

intervals for six different compositions. They also give tables 

of temperatures at various pressures for smoothed compositions at 

regular intervals, and they give the loci of the maximum 

temperature and pressure lines. 

Bubble point lines were computed at 20.4, 34.02 and 68.04 atm. 

At the first two, both components are subcritical and at the last, 

both are supercritical. In Fig 54, the subcritical computations 

are shown with the experimental points. Three different values 

of ! were tried at 20.4 atm - 0.95, 0.97, 0.98. The best 

agreement at 20.4 atm is with 0.95 for the liquid line - results 

for all three values of g were indistinguishable in the vapour 

phase. At 34.02 atm 	= 0.97 gives agreement with experiment 

which could hardly te bettered. 

At 68.04 atm, there are interesting results shown in Fig 55. 

Two values of 	(0.95, 0,97) were tried. They give very different 

values for the liquid line, but the vapour lines are indistinguishable. 

0.97 gives the better agreement with experiment. Near the upper 

critical point, 530K, computations began at a mole fraction of 

ethane 0.25. 
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Fig 54. ELE2121Ltnz212lystemi. bubble point calculations at 20.4 

atm and 14.02 atm. 
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This is fortuitously just below the point of maximum concentration; 

even so, the reduced temperature did go above 1.0 during intermediate 

calculations. At the lower end of the phase diagram, computations 

continued right up to the point of maximum concentration -.0.94 

mole fraction of ethane, at 350K. At this point reduced 

temperatures went above 1.0 and computations broke down. 

16. Propane-Pentane  

Of the pressures chosen for computation of bubble 

temperatures of propane-pentane mixtures, only that one where both 

components are subcritical was successful. This was 27.23 atm. 

The results are shown in Fig 56, with the experimental points 

of Kay (83). In this paper, Kay gives a wide range of two-phase 

equilibria at regular composition intervals for pressures 

(20.4 - 44)atm. 

At 27-23 atm agreement of computed bubble temperatures with 

experiment is good - g 12  was 0.99. However isobars at 40 and 

44 atm were impossible to calculate. Studying the temperature 

composition plot given by Kay, the maximum pressure locus is very 

nearly coincident with the dewpoint lines at both 40 and 44 atm. 

This means that anywhere along the dewpoint line would almost be a 

"maximum pressure" point. Thus computations are almost bound to 

fail due to iterations wandering into the one phase regic,Is. 

17. Propane-Propylene  

The vapour-liquid phase equilibria of the system propane-

propylene has been investigated in detail by several workers - 

Reamer and Sage (84), Hanson et al (86), Hirata et al (85), Hirata 

and co-workers worked in the range (228-233)K. 
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Fig 57. Propane—propylene system,bubble pressure calculation at 239.4 K 

and 233.5 K. 
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They chose this region because hydrocarbons with similar properties 

are difficult to separate. However relative volatilities increase 

with decreasing temperatures and experimental work at low 

temperature is not as abundant as at room temperature or higher. 

The similarity of the properties of propane and propylene makes 

the prediction of their two-phase equilibrium a more difficult 

proposition too. 

Hirata et al give compositions for four isotherms - and at 

these four temperatures, bubble pressures were computed. Two of 

these are shown in Fig 57, with Hirata's experimental results - 

at 233.5 and 239.4K. At 239.4K, computations were made with 	= 1.0 

and 0.99, and with adjustment to the acentric factor in both cases. 

With no adjustment to the acentric factor, 	was taken as 1.0. 

The change in predicted pressures (from g= 1 to ! = 0.99) is 

considerable. Agreement with experiment is good especially at high 

propane concentrations but it falls off towards higher propylene 

concentration. 

18. Butane-Heptane  

Butane-heptne vapour-liquid equilibria has been measured 

experimentally by Kay (87). He measured pressures and 

temperatures for six compositions and tabulated interpolations for 

dew and bubble points for seven pressures (6.8 - 39)atm at 

regular composition intervals. 

At three of these pressures, the computation of bubble points 

were attempted. At 6.8 atm a bubble point line for the complete 

composition range was successful - shown in Fig 58;12  was 1.0. 

The vapour pressures for adjustment to the acentric factors were 

taken from the extrapolation in Kay's paper. 
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Fig 59. Butane-heptane system,dew and bubble point calculations at 20.4 
atm. 
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Agreement of the computations with experiment is good. 

At 20.4 atm computation of dew points were more difficult, 

possibly due to the value assigned to the initial guesses. In 

Fig 59 the four successfully computed dew points are shown and the 

experimental points of Kay. A bubble point at 0.4 butane was 

computed without difficulty, and is also shown in Fig 59. 

19. Butane Decane  

Shelton (88) has developed a computer program for the 

prediction of vapour liquid equilibrium. He uses the RedJich- 

Kwong equation of state and a flash procedure for dew and bubble 

points. For comparison of computations with experiment he gives 

bubble pressures for butane-decane mictures at four temperatures. 

The experimental work is that of Reamer et al (89). This 

experimental work is in good agreement with muct later work of 

Reamer and Sage (in 1964) on the same system. Agreement of Shelton's 

computations with experiment is good except at higher pressures 

and higher mole fractions of butane. 

Bubble pressures were computed in this work at the same four 

temperatures. Figs 60, 61 show the results with both sets of 

experimental work. The values of 	used at 311.0 and 344.3K  were 

both 0.94 and 0.97. The latter gave much better agreement, although 

the bubble pressures were still not as close to experiment as those 

predicted by Shelton. However, at high mole fractions of butane 

at 377.6 and 411.0K, bubble pressures computed in this work were 

much closer to experiment than those of Shelton. 
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Fig 61. Butane-decane systeml bubble pressure calculation at 377.6 K 
and 411.0 r.''30 co adjustment at 411.0 K. 
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Multi-component Mixtures  

Published experimental work on multi-component mixtures under 

two phase conditions is not so widespread as work on binary 

mixtures; generally the more the components, the less the 

published work. As the number of components increases, genernlly 

only the thermodynamic properties very much bound up in industrial 

practice are of interest. 

The theory developed in this thesis shows that multi-component 

phase behaviour can be treated in terms of binary interactions. 

To test this, the phase compositions and temperature or pressure 

have been computed for three, four and five component mixtures 

and various natural gases. 

A binary system is the limit for showing easily on a graph 

two-phase behaviour as a function of composition. Hence higher 

component mixtures suffer the disadvantage that comparison of 

computations with experiment is limited to tables of figures, 

or else pressure-temperature graphs which eliminate composition 

variation. 

Three Component Mixtures  

In their book, Prausnitz et al (92) describe in detail 

their method for predicting vapour-liquid equilibrium. T.,ay give 

facsimiles of their computer output, for several three component 

mixtures of hydrocarbons. These mixtures were used in computations 

here to compare Prausnitz's method with this one. He uses equality 

of fugacities in each phase as the criterion of equilibrium. 
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The vapour fugacity is expressed in terms of the fugacity coefficient, 

vapour mole fraction and total pressure, and the liquid fugacity 

in terms of activity coefficient, liquid mole fraction and standard 

state fugacity. He uses a virial equation of state and various 

mixing rules for the interaction terms of the mixture critical_ 

volume, compressibility and temperature. 

Prausnitz (91) has also published computed results for the 

vapour-liquid equilibrium of ternary systems, using the Redlich-

Kwong equation of state, and compares them with the experimental work 

of several workers (63, 93, 94, 95, 96). The method of Zudkevitch 

and Joffe (64) for vapour liquid equilibrium prediction is very 

similar to that of Prausnitz, differing only by the former's flash 

procedure for saturation conditions and the latter's method similar 

to that used in the work here. Zudkevitch and Joffe compare 

computations for a ternary system with experimental work (97). 

Chang and Lu (61) have made measurements in the subcritical 

region of dew and bubble points for the system nitrogen-methane 

ethane. A computation was made, for this system, of each type 

of saturation condition. 

The tables given following give the results of computation 

in this work, with corresponding experimental work or comatations 

by other methods. Values for 	used on these computations are 

given at the end of the tables. 
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Bubble Pressure 

Ref T K 
P expt 

(atm) 
P calc 

* 

Comp- 

onent 

x(expt) 

or 

given 

y(calc) 

g all 

1.0 

y(expt) y(calc) 

g* 
1.0 

1 91 311.0 40.8 42.2 112S 0.810 0.594 0.660 0.533 
52.3 CO2 0.170 0.254 0,220 0.325 
51.7a  CH4 0.020 0.152 0.116 0.142 

2 91 311.0 8.16 73.56 H2s 0.843 0.470 0.470 0.438 
90.31 002  0.042 0.044 0.095 0.060 
86.66b CH4 0.115 0.486 0.435 0.501 

3 61 122.0 5.62 6.05 N2 0.095 0.812 0.845 0.864 
9.6 CH4  0.341 0.187 0.152 0.135 

C2H6 0.564 0.001 0.003 0.001 

344.3 66:7 55.69 112 0.012 0.115 0.116 
CH4  0.223 0.883 0.881 

010 0.765 0.002 0.003 

5 91, 227.6 68.0 68.63 03118 0.145 0.030 0.047 0.035 
63 71.0 C2H6 0.089 0.043 0.050 0.041 

CH4 0.766 0.932 0.903 0.924 

6 91 	• 311.0 34.o  31.69 05E12  0.678 0.042 0.049 0.037 
42.26 03118 

 0.170 0.080 0.085. 0.071 
0114 0.152 0.878 0.866.  0.892 

7 91  3443 102.0 100.5 C5H12  0.501 0.078 0.206 0.085 
123.7 03118 

0.125 0.064 0.099 0.065 
0114 0.374 0.858 0.695 0.85o 

8 92 344.3  2r.(-8 24.94 CH4  0.104 0.867 0.8**  
49 

celo  0.358 0.131 0.149 
010 0.538 0.002 0.002 

91, 235.0 13.6 11.95 02112 0.187 0.152 0.202 0.216 
95 13.45 C2H6 0.330 0.249 0.260 0.239 

C2114 
0.483 0.599 0.538 0.545 

10 91, 255.4 21.8 20.81 C2H2 0.025 0.022 0.034 
00 95 21.20 02116 0.437 0.350 0.347 0.347  

02114 0.538 0.628 0.619 0.619 

* Upper figure is pressure at g= 1 and loner figure is 	# 1.0 

** From (92) not experimental. 



203 

Bubble Temperature 

Ref P 
atm 

T K 
expt 

T* 
calc 

Comp- 
onent 

x(expt) 
or given 

y calc 
all 

y(expt) y cal 

1.0 1.0 

11 61 13.81 122.0 128.4 CH
4 

0.487 0.155 0.111 0.117 

123.0 N2 0.307 0.844 0.888 0.882 

02116 0.206 0.001 0.001 0.001 

12 92 68.0 339.0 412.0 112 
0.015 0.120 0.147 

011
4  

0.216 0.868 0.850 

0
10 0.769 0.012 0.003 

13 91 34.0 344.3 347.0 C5H12 
0.533 0.081 0.091 0.042 

218.0 0311
8 0.355 0.272 0.297 0.193 

CH
4  

0.112 0.647 0.612 0.765 

14 91 34.0 377.6 378.9 05H12 0.384 0.392 0.153 0.393 

376.6 0311
8 

0.577 0.571 0.680 0.570 

CH
4  

0.039 0.037 0.167 0.037 

15 91 102.0 311.0 300.0 C B_ 
5 12 0.213 0.021 0.046 0.015 

379.0 C3H
8 

0.320 0.118 0.160 0,090 

011
4  

0.467 0.861 0.794 0.895 

16 91 102.0 3776 348.0 0_H_ 
12 

0.501 0.085 0.206 

03118 
0.125 0.067 0.099 

CH
4 

 0.374 0.848 0.695 

17 92 27.2 311.0 378.0 CH
4 

c H_ 
4 10 

0.109 

0.178 

0.894 

0.100 

0.960 

0.039 

010 0.713 0.006 0.001 

Dew Pressure 

Ref T K P expt P* Comp- y(expt) x calc x(expt) x cal 
atm calc onent or given 

18 61 171.5 13.6 12.4 112 
0.624 0.045 0.049 0.029 

12.8 011
4 

 0.333 0.150 0.187 '0.139 

02116 
0.043 0.805 0.764 0.832 

19 92 344.3 
CH4 

0.827 

C
4
H
10 

0.172 no convergence 

010 
0.001 



Dew Temperature  

Ref 
atm 

T K 
ex t 

T* 
cabs 

Comp- 
onent 

y(expt) 
or 	iven 

x calc 	x 
all 1.0 	ex t 

x calc 
_1.0 

20 61 27.26 171.4 172.2 N2 0.380 0.097 	0.075 0.079 

171.2.  CH
4 

0.603 0.616 	0.632 0.624 

C2H6 0.017 0.287 	0.293 0.297 

21 92 68.0 321.0 N2 0.632 

CH
4  0.367 no convergence 

C10 0.001 

5 
Values of 	used in the above computations 

 

Methane - H25 ; 0.95 CO2 - H2S : 0.92 

CO2 : 0.95 C2H6- C3H8  : 1.0 

C2H6 : 0.99 C2H6- N2  : 0.95 

C3H8 : 0.98 C3H8-05H12  : 0.99 

N2 : 0.97 

c5H12  : 0.94 

a. Also computed with slight changes in g (H2S CO2: 0.92, 

H2S - CH • 0.96, CO2 - H4 : 0.96) but this have negligible changes 

in vapour compositions: 0.537, 0.328, 0.135. 

b. As for 'a' above, the vapour composition was 0.445, 0.062, 0.493. 

c. Possibly an error in (91), see discussion further on. 

The' computations on the iitrogen-methane-ethane system are 

in good agreement with experiment, except the bubble pressure (No 3). 

This is a strange result. Comparing with the Set No.11, the 

experimental vapour compositions are very similar and the 

temperatures are the same. This suggests that the liquid composition 

and the pressure might also be very similar. 
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LIaybe there is a misprint in the results published by Chang and Lu. 

Comparison of results using g all equal to 1.0 and 	equal 

to more appropriate values, shows quite marked differences. 

The effect of adjustment to g in the computation of equilibrium 

of binary mixtures is not nearly so great, and using the possible 

values of g obtained from work on binary systems in computations 
on multi-component mixtures does not seem to produce a comparable 

improvement in accuracy. This suggests that these parameters 

cannot completely reflect binary interactions in multi-component 

mixtures. In sets 1 and 2, a third computation was made using 

modified f ; an improvement in predicted pressure was obtained 

and very slight improvement in vapour composition. 

Particularly poor results occurred in mixtures containing 

pentane (Nos. 6, 7, 13-16). Prausnitz gives g for methane-

pentane as 0.94 and this value was used here, but Teja (109) 

gives 0.90 as a best value. However a recalculation of No.16 using 

this latter Value of 	gives quite unacceptable values for the 

temperature and vapour composition. A discrepancy comes to light 

by comparing Nos.7 and 16. By mistake, No.7 was given a fixed 

temperature of 344.3K instead of 377.6K, and this is why the vapour 

compositions (experiment and computation) differ. A bubble point 

computation at the same pres%ure (102 atm) on the same liquid 

gave a temperature of 348K and a very similar vapour composition. 

This suggests that there is a misprint in Prausnitz's paper (91). 
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Successful use of 	# 1.0 for the system acetylene-ethane 

where excellent agreement for both bubble pressures and vapour 

compositions have been obtained. 

For dew computations for methane-butane-decane no results could 

be obtained at all. Prausnitz (93) could not achieve any convergence 

for a dew pressure calculation either. There are some conditions for 

which there is no solution for a dew calculation at which Ex = 1.0 

This usually occurs when the mixture consists of components having 

widely separated volatilitios. 

For two other ternary systems, more detailed computations were 

made. They were oxygen-nitrogen-argon and nitrogen-argon-methane. 

Oxygen-Nitrogen-Argon  

Watson and Rowlinson (10) compare experimental compositions for 

this mixture at 6 and 18 atm with their own computed results. They 

use both one - and two fluid models. Computations were made in this 

work at the same conditions, using adjustment of the acentric factor. 

At 6 atm the difference between the two computed sets of bubble points 

was negligible. This is probably due to the fact that the component 

vapour pressures are close together and approximately equal to a 

reduced temperature of 0.7. At 18 atm this work was an improvement 

on that of Watson and Rowlinson. The tables of bubble temperatures 

below show the two sets of computed results and experimental points. 

Compositions computed in this work did not agree as closely with 

experiment as those of Watson did. All the computations in this work 

at 18 atm were made using the Vennix equation for both phases, because 

the reduced temperature was close to 1.0. 
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Bubble temperatures at 6 atm and 18 atm in K 

Expt'l 
bub.pt. 

6 atm 

this 
work 

Expt'l 
bub.pt. 

18 atm 

this 
work 

Watson & 
Rowlinson 

Watson 
& Rowlinson 

97.1 97.0 96.9 114.8 114.5 114.8 

97.6 97.5 97.5 115.4 115.0 115.3 

97.6 97.4 97.4 116.5 116.1 116.3 

98.7 99.5 99.5 116.5 115.9 116.2 

99.8 99.6 99.6 119.3 118.6 118.8 

99.8 99.5 99.5 119.3 118.6 118.8 

101.5 101.2 101.2 122.1 121.7 121.3 

101.5 101.1 101.0 124.8 123.7 123.9 

103.7 103.2 103.2 124.8 123.7 123.9 

103.7 103.1 103.1 127.6 126.8 127.1 

105.9 105.4 105.3 127.6 126.5 126.9 

105.9 105.3 105.2 129.8 129.2 129.6 

108.2 107.6 107.7 

110.4 110.1 110.1 

Latimer (98) has experimentally determined bubble temperatures 

for many different mixtures of oxygen-nitrogen-argon, at 1.316 atm 

(1000mm Hg). The average deviation of bubble temperatures computed 

in this work - using Latimer's liquid compositions as fixed 

conditions - is 0.3g, whereas his own computations deviate by 0.25g. 

He computates bubble temperatures using a method developed by 

Weishaupt (122) as well as his own method. 
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That of Weishaupt is not actually given as equations, and Latimer's 

method is based on Raoult's Law and uses relative volatilities. 

He gives a special chart by which one can determine two constants 

for use in an Antoine-type equation for vapour temperatures. 

He compares his own predictions with Weishaupt's by using relstive 

volatilities. In the table below, a sample of various mixtures 

is given with relative volatilities for both these two authors' 

computations and for this work. 	was taken from Watson and 

Rowlinson (10). 

Relative Volatilities at 1.316 atm for the system 

Oxygen-argon-nitrogen 

Run No. Comp- oLexpt °Coale .talc 0( 

(98) onents (98) (122) (98) this work 

10 N2-02 3.25 3.57 3.61 3.31 

15 Ar-02 1.39 1.34 1.37 1.23 

18 N2-Ar 2.57 2.62 2.66 2.90 

21 N2-02 3.46 3.65 3.69 3.60 

23 Ar-02 1.43 1.44 1.42 1.24 

26 N2-Ar 2.34 2.60 2.39 2.62 

30 N2-02 3.75 3.72 3.77 3.46 

34 Ar-02 1.56* 1.19 1.22 1.23 

42 N2-Ar 1.75* 2.56 .2.53 2.56 

* not actually quoted as 44 in (98). 

There seems to be no significant difference between Latimer's 

relative volatilities and those computed here. 
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Nitrogen-Argon-Methane  

Interest in the system nitrogen-argon-methane grew from a 

communication (106) from the British Oxygen Company (BOC), who were 

developing a computer program using BWR equation of state, and 

wished to compare their results kith those from other well 

established procedures. Sprow and Prausnitz (99) have measured 

bubble pressures at 90.67K (the triple point of methane) for this 

system. Their temperatures were accurate to within + .06K. 

Bubble points at each experimental pressure were computed by both 

methods(BWR and this work). In the table below are the results 

from this work, and experimental work of Sprow and Prausnitz. 

Average percent deviation of the fifteen bubble points from 

90.67K computed by BOC was 0.08% and in this work was 0.14%. 

These deviations are almost within experimental error. 

Also computed in this work were the bubble pressures at 90.67K. 

There was excellent agreement with experimental measurements. 

The trend of the disagreements between computed bubble 

temperature and 90.67K and between computed bubble pressure and 

the experimental pressures showed that the values of 
If 

were 

probably a little high. At constant composition, where the bubble 

pressure was too high, the bubble temperature was too low, and 

vice versa. Use of g rai.,!as the vapour pressure. 



Bubble temperatures 
	

from (121 ) 

P expt 	T calc 	Liquid composition (99) 	Vapour composition (99) 	Calc'd vapour composition  

atm 	K 	N
2 	

Ar 	CH4 	N
2 	

Ar 	CH
4 	

N
2 	

Ar CH
4  

1.488 	90.57 	0.049 	0.904 	0.047 	0.139 	0.855 	0.006 	0.138 	0.856 	0.0006 

0.782 	91.26 	0.081 	0.108 	0.811 	0.631 	0.240 	0.129 	0.606 	0.242 	0.151 

1.361 90.61 0.093 0.628 0.279 0.304 0.669 0.027 0.300 0.668 0.032 

1.015 	91.03 	0.108 	0.203 	0.689 	0.587 	0.330 	0.083 	0.570 	0.332 	0.098 

1.529 	90.76 	0.204 	0.350 	0.446 	0.610 	0.350 	0.040 	0.607 	0.349 	0.044 

1.937 	90.54 	0.236 	0.677 	0.087 	0.488 	0.504 	0.008 	0.487 	0.505 	0.008 

1.911 	90.57 	0.313 	0.367 	0.320 	0.685 	0.287 	0.028 	0.689 	0.286 	0.025 

0 
r--1 	 1.773 	90.89 	0.328 	0.101 	0.571 	0.865 	0.090 	0.045 	0.859 	0.091 	0.050 
cv 

1.989 	90.63 	0.382 	0.174 	0.444 	0.830 	0.135 	0.035 	0.832 	0.135 	0.033 

2.461 	90.59 	0.459 	0.453 	0.088 	0.717 	0.275 	0.008 	0.712 	0.281 	0.007 

2.903 	90.67 	0.685 	0.186 	0.129 	0.888 	0.101 	0.011 	0.886 	0.104 	0.010 

3.139 	90.64 	0.732 	0.248 	0.020 	0.869 	0.127 	0.004 	0.865 	0.133 	0.002 

3.263 	90.69 	0.823 	0.101 	0.076 	0.942 	0.050 	0.008 	0.941 	0.053 	0.006 

3.591 90.71 0.952 0.004 0.044 0.995 0.002 0.003 0.995 0.002 0.003 
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Four and Five Component Mixtures  

The published results of experimental work on mixtures with 

greater numbers of components tend to be work on natural gases and 

mixtures of industrial significance. For example, the four component 

mixture for which Solomons (100) measured vapour liquid equili.brium 

was light hydrocarbons in several types of absorbing oil. The 

results using hexadecane are of interest here, and were used for 

comparison with computations. Solomons gives six sets of eouilibria, 

two at 311.0K, and four at 377.6K. An unusual feature of these phase 

equilibria is that there is no absorber oil (hexadecane) in the 

vapour phase. For this reason the dew computations were unsuccessful 

- as explained in the previous section on ternary mixtures. 

Tabulated below are 

Bubble Pressure 

the three bubble computations. All 1.0 

T K P(expt) P talc Comp- x y y 
onent (given) talc (expt) 

311.0 34.0 27.5 CH
4 

0.0495 0.3885 0.3225 

C
2
H
4 

0.3065 0.5365 0.6170 

i-C4 0.2320 0.0750 0.0600 

C16 0.4120 0.0 0.0 

377.6 34.0 21.7 CH
4. 

0.0950 0.7930 0.7590 

C
2
H
4 0.0745 0.1907 0.2310 

i-C4 0.0190 0.0162 0.0009 

016 0.8115 0.0001 0.0 

Bubble Temperature 

P atm T K(expt) T(calc) 

68.04 377.6 396.0 CH4 0.1320 0.5699 0.5235 

0
2
H
4 

0.2125 0.3408 0.4000 

i-C4 0.1525 0.0889 0.0765 

016 0.5030 0.0004 0.0 
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Agreement with experiment is not too bad - the compositions 

are good, with no hexadecane in the vapour phase. But the computed 

pressures are low and temperatures are high. Introduction of 

1.0 should have made an improvement to the temperature 

or pressure in the right direction, but no success was had. 

The reduced temperatures became too high and liquid phase 

computations broke down. Various different starting conditions 

were tried for temperature in the bubble point computations but to 

no avail. Neither 370K nor 390K as a guess for temperature would 

produce a complete bubble point computation. 

The bubble point for a four component mixture essentially 

of ethylene and ethane was computed to compare with the computed 

bubble point from a program developed by British Petroleum (BP) 

(105). Below are the phase compositions. 

Bubble temperature  

P qtm 	T K 	T(105) 	Comp- 	x 	y calc  
(this work) 	onent 	given 	(this work)  

22.52 , 	254.0

_Ii 	

.0002 	.0008 

.81::1 4 

253.0 	
CH4 

C 
z 4 	.7753 

i-C4 	.2220 

C3H6 	.0025 	.0007 

The BP method uses the Redlich Kwong equation of state, and 

balances fugacities as a criterion for equilibrium. The BP method 

yielded a bubble point of 253K, and this work gave 254K. 
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Fig 62. Krypton,mothane,xenon,oxycen system. Bubble point calculations 

at 1.07 1.5 and 2.0 arn. for rix compositicrs. 
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Another four component mixture of industrial interest was a 

mixture of rare gases containing traces of light hydrocarbons. 

These traces of hydrocarbons become detectable - and hence significant 

- after extensive distillation of air. A series of bubble temperatures 

were computed for this mixture. For six different compositions at 

three pressures (1.0, 1.5, 2.0 atm). The compositions of the liquid 

phases are given below. 

Component 1 2 

Mixture Number 

5 6 3 4 

Kr 0.0010 0.0100 0.0300 0.1000 0.3000 0.6000 

CH4  0.0001 0.0002 0.0004 0.0008 0.0020 0.0040 

Xe 0.0001 0.0008 0.0020 0.0080 0.0200 0.0400 

02 0.9988 0.9890 0.9676 0.8912 0.6780 0.3560 

The results of the computations are shown in Fig 62 - bubble 

temperature plotted against pressure. The interaction parameters 

were taken as follows : 

Kr - 4 	
0.995 	CH

4 
- Xe 	0.99 

Xe : 1.0 	02 	0.99 

- 02 	0.99 	Xe 	02 	0.99 

The results could be a little in error as some of the bubble 

temperatures are below the triple points of methane (90.67K), 

Krypton (116.0K) and Xenon (161.3K), and thus some solid material 

would be present. These liquid compositions were supplied by 

BOC (106). 
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The computed vapour compositions for all six mixtures show oxygen 

as the dominant component - but with the mole fraction dropping 

with temperature. 

Prausnitz (91) compares his own computed bubble pressures with 

some experimental data (101) for some five component mixtures. 

The same conditions were used as data for three bubble pressure 

computations in this work. The results are tabulated below. 

Bubble Pressures  

T K 	P expt(atm) P talc .g = 1 P calcf#1 P talc (91) 

1 311.0 19.65 18.65 22.88 19.65.  

2 311.0 6.52 5.18 6.51 5.78  

3 366.7 53.2o 53.69 60.26 52.50 

Compositions computed for vapour phases in the bubble pressure 

computations above : 

Component 	x given 	y talc 	y calc 	y expt 

	

1 . 1 	I 0 1  
1 c

5  0.488 0.042 0.037 0.033 

04  0.213 0.052 0.044 0.044 
03  0.120 0.085 0.075 0.091 
c2 0.115 0.224 0.209 0.233 

01 0.064 0.597 0.635 0.599 

2 05  0.802 0.184 0.149 0.129 

C4  0.114 0.078 0.062 0.068 

03  0.045 0.093 0.083 0.089 

02 0.023 0.137 0.130 0.144 

C1 0.016 0.508 0.576 0.570 

305  0.356 0.085 0.084 0.068 
04  0.222 0.097 0.092 0.097 
C3  0.160 0.129 0.124 0.130 

02 0.126 0.186 0.181 0.194 

01 0.136 0.503 0.519 0.511 
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The vapour compositions are closer to experiment than those 

predicted by Prausnitz, although the pressures are not. Once again 

gthe effect of using 	461.0 seems to overdo the correction for 

bubble pressure, except at the low pressure (No.2 above). Examining 

the' tables of results for ternary mixtures, the same effect occurs OMR 

at low pressures use of 	gives better predictions than with 

all 1.0 whereas at high pressures results are definitely 

worse. The general effect of decreasing 	(i.e. from 1.0) 

is to decrease the concentration of the least volatile component 

and increase that of the most volatile component in the vapour 

phase and just such an effect is obtained in the computations 

here for the five component mixtures. The change n distribution 

of intermediate components cannot be surmised so easily. 
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Natural Gases  

The growth in the transmission of liquefied natural gases by 

pipeline has lead to an increasing interest in their behaviour 

under various conditions of pressure and temperature. The dew and 

bubble points of several types of natural gases have been computed 

here, and in the following section the phase compositions after 

flashing have been also computed. Some of the gas compositions and 

working conditions have been obtained from industry, and others from 

published experimental work on real and synthetic natural gases. 

Yarborough and Vogel (102) composed their own gas mixture, 

containing six hydrocarbons, nitrogen and carbon dioxide. 

At 366.7K they measured many equilibrium compositions and pressures. 

In the tables of results following, two sets of Yarborough and 

Vogel's experimental work are compared with computations at the 

same conditions - a bubble point and a bubble pressure. Both 

computations were made with g = 1.0 and the bubble pressure was 

repeated using 	 * 1.0. In this last case, the resulting pressure 

increased in the right direction but by a little too much. The 

vapour compositions show small changes - the most volatile, nitrogen, 

does increase its mole fraction, but methane mole fraction is virtually 

unchanged. 

The bubble point computed at 7.48 atm with all g equal to 

1.0 gave a temperature which was too high. Use of §*1.0 would 

have reduced this, but it is uncertain how far. 
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Gonzalez and Lee (103) measured dew and bubble points for a 

series of natural gas mixtures. Two of these were selected as 

suitable data for computing dew and bubble points. The first had 

four components and the second had six. Their compositions are 

given below. 

Natural gas compositions (103) 

No.5 No.6* 

N2 
0.0330 0.0310 

CH
4 

0.9098 0.8144 

C2 0.0560 0.1110 

C
3 

0.0012 0.0180 

C
4 

0.0026 

06 0.0230 

* these numbers correspond to those in Gonzalez's paper. 

Fig 63 shows bubble and dew temperatures plotted against pressure 

for mixture 5. The bubble calculations broke down at 45 atm and 

approximately 191K, and the reduced temperature was 1.0. The 

conditions are not surprising in a mixture nearly all methane. 

Rough calculations show that the critical point of mixture 5 is 

195K, 47.6 atm. The dew pressure calculations broke down at the 

maximum temperature point. At the lower end of the diagram, no 

calculations could be persuaded to work below 5 atm, 162K. 

All the foregoing computations on mixture 5 were made with no 

adjustment to the acentric factor. Several points were repeated 

making an adjustment. 
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The results were almost indistinguishable from those with no adjustment 

to the acentric factor. The table below shows three such points. 

Bubble Point for mixture 5  

P atm 

15.89 

10.37 

 

T K (no adjustment to 

191.10 

157.32 

) T K ( 60  adjusted) 

191.12 

157.38 

  

Dew Point  

14.69 	184.54 	184.34 

With mixture 6 computations were not very successful — only two 

bubble points were obtained. These are shown in Fig 64. 

Dew and bubble points at many different conditions, with and without 

adjustment to thc acentric factor, with 	1r all 1.0 and g 96 1.0 

would not work. The reason for this is not clear, but the reduced 

temperatures were very close to 1.0; possibly the phase boundary is 

very close to the dew line. 

The British Oxygen Company (BOC)(106) suggested some interesting 

natural gases as data for dew and bubble point computations. In the 

table of results are four bubble pressures for some eight component 

mixtures computed in this work and for comparison, the results computed 

by BOC using their BWR based method. Both methods give very similar 

results, except in No.4. Here the nitrogen vapour mole fraction is 

higher in this work, while other compositions are only changed very 

slightly. The bubble pressure for No.4 is higher than the BOC pressure 

too. The computed bubble point for a six—component mixture given by 

BOC (No.7) was in good agreement with their bubble temperature, but the 

vapour compositions did not agree so well. 
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One dew point computation was made to compare with the BOC method, 

at 36.49 atm. The temperatures agreed well although the compositions 

were a little different - but not significantly so. The results 

are in the table following this section. 

A natural gas with thirteen components was suggested by BOC 

for a bubble point computation. This had to be tailored into a ten 

component mixture as the program developed in this work will only 

accommodate up to ten components. The bubble point was computed twice 

- with 	all 1.0 and 	go  1.0. The results were good - 
omitting heavy components in a bubble point computation makes little 

difference to the answer (both composition and temperature). A similar 

alteration for a dew point calculation would have a drastic effect on 

both temperature and liquid composition, 

Two dew pressures were computed for a natural gas (108) 

containing no heavy hydrocarbons. Unfortunately there are no. 

comparable experimental two phase equilibria to include here for 

comparison. This is because this gas is a synthetic natural gas and 

was made for a study on gas compressibility. It was necessary to know 

approximately the dew points at various pressures to enable minimum 

working conditions to be established for determinations of 

compressibilities on a Burnett apparatus. These two sets of results 

are in the tables following. 

A bubble pressure line was computed for yet another gas, again 

twice, with and without f all equal to 1.0. The effect of this 

change in 	was again insignificant. An interesting point is that 

while computations with 	all 1.0 continued to (42 atm, 200K), a 

point close to where the critical point of the mixture must be, 

computations with I.§ 1.0 broke down at 25 atm, 180K. 
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Fig 65. Natural gas, (107), calculate bubble point line. 

rove eaussead 
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These results are shown in Fig 65. This could be due to the 

increased reduced temperature (due to using 	1.0) going 

prematurely above 1.0. Alternative starting conditions (guesses) 

might well overcome this difficulty, but unfortunately not• tried in 

this work. A sample is given below of results showing the effect of 

changing 
	

from all 1.0 to 	g* 1.0 on bubble temperature 
and vapour composition. 

Bubble temperatures at 17.01 atm 

Temperatures : 	all 

Liouid Comnosition 

= 1.0 	167.92K, 

Va•our 	all 	= 

#1.0 	168.13K 

1.0 	1.0 

N2 0.001 0.00535 0.00668 

C11
4 

0.810 0.98653 0.98393 

C2 0.130 0.00787 0.00899 

C3 0.040 0.00024 0.00035 

i —C4 0.003 0.00001 0.00002 

C4 0.010 0.00001 0.0000? 

i--C 0.002 0.00000 0.00001 

Introduction of 	110. 1.0 does not have the same effect on bubble 

temperature as in binary mixtures - probably due to a more complex_ 

P-V-T surface, where the vapour pressure of the mixture is not 

directly dependent on its methane content. 
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Tables of results for computed dew and bubble  
conditions for natural gases.  

Table of compositions of various liquefied natural uses 

 

Comp- 	No 1 No 2 No 3 No 4 No 5 No 6 No 7 No 8 
onent 	(102) (102) (106) (106) (106) (106) (106) (106)' 

N2 	0.0003 0.00005 0.0019 0.0022 0.0020 0.0019 0.0128 0.00018 

CO2 	
0.0003 0.00005 

Cl 
	0.1349 0.0251 0.6136 0.5850 0.4669 0.4398 0.1049 0.26906 

C2 	0.0290 0.0065 0.1442 0.1317 0.1454 0.1278 0.21911 

C3 
	

0.0312 0.0082 0.1976 0.2205 0.2642 0.1357 0.1207 0.22119 

c
4 

0.0120 0.0168 0.0386 0.0583 0.1769 0.08819 

iC4  0.0165 0.0217 0.0333 0.0317 0.0974 0.07202 

c
5 	0.1714 0.0690 0.0114 0.0176 0.0416 0.1240 0.05636 

C
6 

0.02310 

C7 	0.2783 0.2275 0.02241 

0.3546 010 0.6635 

benzene 0.0028 0.0045 0.0080 0.0808 0.02778 

ethylene 0.4873 

Computed results  

Bubble Pressure (data from (102) )  Bubble Temperature  

Liquid composition: 1 

Fixed temperature : 366.7K 

Expt'l pressure 	: 37.55atm 

Pressure calc. 	: 36.17 

1 

366.7K 

37.55 

39.41  

2 

Fixed pressure: 

Expt. temp. 	: 

Temp. calc. 	: 

7.48atm 

366K 

403.8K 

(4 all 1.0) ( 1+1.0) 

Vapour compositions  

this work expt. this work expt. this work expt. 

N2 0.0043 0.0051 0.0076 as for 0.0030 0.0050 

CO2 0.0003 0.0020 0.0010 all 0.00025 0.0015 

1.0 

C1  0.8690 0.8495 0.8659 0.7120 0.8261 

C2  0.0515 0.0619 0.0465 0.0564 0.0598 

c
3 

0.0271 0.0302 0.0271 0.0378 0.0302 

C
5 

0.0334 0.0355 0.0337 0.08385 0.0432 

C
7 

0.0126 0.0137 0.0160 0.0755 0.0275 

010 0.0018 0.0021 0.0022 0.0312 0.0067 
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Bubble Pressures (data from 106) 

Liquid composition: 3 4 5 

Fixed temperature 	200.4K 209.4K 221K 

P calc (106) 	34.4 atm 40.0 40.0 

P calc (this work) 	34.49 40.6 41.3 

Vapovr compositions  

this work (106)calc this work (106)calc this work 106(calc) 

N2 0.0099 0.0105 0.0109 0.0103 0.0124 0.0103 

Cl  0.9618 0.9587 0.9537 0.9507 0.9371 0.0327 

C2 0.0224 0.0244 0.02565 0.0281 0.0350 0.0387 

C
3 

0.0057 0.0065 0.00928 0.0106 0.01434 0.0161 

C
4 

0.00006 <0.0001 0.00015 0.0001 0.00045 0.0005 

iC
4 

0.00013 0.0001 0.00029 0.0003 0.00059 0.0007 

C
5 

0.00001 .0 0.00003 4:0.0001 0.00011 0.0001 

Ben-
zene 0.00000 4 ppm 0.00000 8  ppm 0.00001 1.7 x 10-6 

Bubble Pressure (data (106) ) 	Bubble Point (data (106) ) 

Liquid composition 	: 6 Liquid composition : 7 

Fixed temperature : 220.8K Fixed pressure : 32.12 atm 

Pressure calc(106) : 40 atm Temperature calc(106) : 260K 

Pressure(this work) : 45.67 Temperature(this work) : 259.9K 

Vapour composition 

N2 
C1 
C2 
C
3 
c
4 
10
4  

'5 
Benz-
ene 

this work 106 calc 

N2 
Cl  
c
3 
C4 
iC
4 

ethy-
lene 

this work 106 calc 

0.0137 

0.9482 
0.02956 

0.00707 

0.00064 

0.00051 

0.00029 

0.00005 

0.0100 

0.9473 

0.030 
0.0076 

0.0007 

0.0006 

0.0005 

0.00005 

0.1256 

0.3904 

0.0214 

0.00856 

0.00674 

04473 

0.1159 

0.3673 

0.0237 

0.0107 

0.0084 

0.4736 
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Bubble Temperature (data (106) ) 

8 

26 atm 

248K 

247.5 

( 	1.0) 

Liquid composition 	: 8 

Fixed pressure 	: 26 atm 

Temperature calc (106) : 248K 

Temperature (this work): 245K 

( 15 	all 1.0) 

Vapour compositions 

this work (106) calc this work (106) calc 

N2 
0.00773 0.00581 0.00845 as for 

1 
0.87225 0.85119 0.76618 all 1.0 

C2 0.09154 0.10744 0.17116 

03  0.02315 0.02783 0.04178 

C
4 

0.00217 0.00294 0.00468 

104 
 

0.00274 0.00365 0.00656 

C5  0.00034 0.00114 0.00083 

C6 0.00003) 0.00008 

07+ 0.00001)  10 ppm 0.00005 

Benzene 0.00005) 0.00022 

' Dew Pressure (data (108) Dew temperature (data (106)  

 

Fixed temperature 

Pressure(this work) 

: 180K 

: 10.51 atm 

200K 

33.72 

Fixed pressure 

Temperature (106) 

Temperature(this work) 

: 36.49 atm 

: 190K 

: 190K 

Vap.comp'n Liquid Composition Van.comp'n Liquid Composition 

180K 200K (106) 	(this work) 

N2 0.1508 0.0062 0.0252 0.0327 0.0081 0.0056 

C1  0.7697 0.2315 0.4927 0.9570 0.8562 0.8340 

C2 0.0743 0.7425 0.4739 0.0188 0.1026 0.1000 

0
3 

0.0002 0.0176 0.0054 0.0015 0.0331 0.0288 

CO2 0.0001 0.0006 0.0003 

ethy- 
lene 

oxy- 
gen 

0.0002 

0.0047 

0.0009 

0.0007 

0.0008 

0.0017 



Consistency of computed residual enthalpies  

Mixture number 
	Z resid (Hinix-1)RT 
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Flash separations  

Twelve isothermal flash separations were computed in this work. 

The feed mixtures contained from three to six components, and flash 

conditions ranged between (153 - 298)K and (5 - 71)atm. In some 

cases experimentally determined phase compositions were not available 

(123, 128), but for all mixtures the ratio V was available (as a 

computed quantity). The methods used by the various workers were 

forms of either the B7R method (127) or the Redlich Kwong equation 

of state method (126, 123, 128, 127). 

The table following shows the computed ratios V for this work, 

and those from the various other sources. 

Partial molal enthalpies were available for two mixtures (128) 

and it was possible to compare the phase enthalpies computed by this 

method and those computed by the Redlich Kwong equation of state. 

It was also possible to show the consistency of enthalpies 

calculated in this program by comparing the residual enthalpy of the 
qr - 	/ phase calculated from equation (2.87) and the sum A-xhresid   2.119), 

where Uesid  = (11.-Pg). Below are shown the enthalpy comparisons. 3. 
It was not possible to ascertain the value for the total enthalpy 

for a perfect gas used in (128) so the comparison of total phase 

enthalpies was made by using the difference between the phase 

enthalpies - which is independent of the perfect gas enthalpy. 

* 
Mixture number 	Difference between liquid and vapour enthalpies 

Shelton (128) 	This work 

7 	3936.9 	4339.05 
8 	3415.1 	3843.00  

* in cals/mol 

7 

8 

liquid 

vapour 

liquid 

vapour 

- 4550.0 
- 	201.7 

- 4130.0 

- 	278.8 

- 4540.8 
- 	201.75 

- 4121.7 
- 	278.7 



Results of Computed Flash Separation  

Flash 
Conditions 

N
2

CH
4 

C
2
H
6 

) 

03H8  

1 

i0e510  V(this work) V calc 
(ref) 

V(expt) 
(ref) 

1 172.0K Feed m.f. 0.26347 0.71358 0.02295 0.796 0.807a  
33.2 atm K products 2.804 0.848 0.105 (123) 

2 161.1K Feed m.f. 0.26347 0.71358 0.02295 0.182 0.258a  
33.2 atm K products 2.260 0.677 0.079 (123) 

3 177.61K Feed m.f. 0.0394 0.9074 0.0384 0.0111 0.0037 0.568 0.846a  0.632 
27.4 atm K products 3.901 1.066 0.115 0.022 0.007 (126) 

4 179.37K Feed m.f. 0.0393 0.9072 0.0386 0.0112 0.0037 0.688 0.861a  0.731 
27.6 atm K products 4.226 1.111 0.114 0.021 0.007 (126) 

5 181.33K Feed m.f. 0.0381 0.9056 0.0405 0.0121 0.0037 0.745 0.863a  0.756 
28.1 atm K products 4.511 1.156 0.114 0.021 0.007 (126) 

6 153.0K Feed m.f. 0.101 0.716 0.151 0.032 0.415 0.585a  0.530 
. 	. 

10.9 atm K products 1.162 0.025 0.001 10.245 0.406
b  

0-27) 

7 243.0K Feed m.f. 0.092 0.550 0.197 0.161 0.439 0.416a  0.438 
71.2 atm K products 1.609 0.390 0.147 3.980 0.356

b 
(127) 

8 244.0K Feed m.f. 0.128 0.646 0.132 0.094 no 0.877a  0.848  
40.9 atm K products convergence b 

0.891 
. 	. 
0_27) 

9 153.0K Feec m.f. 0.061 0.769 0.143 0.027 0.167 0.506a  
,b 

0.320 
. 	. 

12.2 atm K products 1.008 0.028 0.002 7.659 0.170 0.27) 

a: calculated using the Redlich-Kwong method. 	b: calculated using the BWR method. 



Results of Computed F2-1f3h Separations)  continued.  

Flash 
Conditions 

CH 
4 

C H 
26 

C3H8 
iC
4
H
10 

C
4H 10 

c H 
512 V(this uork) V calca  

(128) 

11 288.7K Feed m.f. 0.00537 0.15580 0.44522 0.20074 0.17379 0.01909 0.637 0.562 
5.035 atm K products 30.625 4.569 1.310 0.615 0.425 0.181 

4 

12 298.7K Feed m.f. 0.00537 0.15580 0.44522 0.20074 0.17379 0.08.909 0.055 0.054 
10.207 atm K products 15.492 2.806 0.906 0.437 0.319 0.141 
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Section 5 

Discussion of results 
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Discussion of Results  

In the presentation of results, comments have been made on 

the individual characteristics of each system. Some general trends 

have emerged from the computed work as a whole and these are 

discussed here. It was also felt advisable to check some aspects 

of the Vennix equation of state as a preliminary to the main work. 

1. Vennix equation of state  

A small program was written to compute solutions to 

equation (2.6) at a reduced temperature of 1.0 for a range of 

reduced volume (0.82 — 1.10). The results are tabulated below. 

The reduced pressure was computed from 

PR = Z.TR/Zo/
e  /711  

Z is from equation (2.6) and Zco  is 0.28793. 

Computed reduced pressures at TR  = 1.0  

vu PR  

0.82 1.00436 

0.86 1.00061 

0.90 0.99948 

0.94 0.99950 

0.98 0.99993 

1.00 1.00017 

1.02 1.00039 

1.06 1.00069 

1.10 1.00073 
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This curve does show a slight minimum and maximum in the critical 

region which, if equation (2.6) were completely accurate it would 

not do. This means that it is slightly unreliable for use in 

conditions where the reduced volume is between 0.86 and 1.0 when 

the reduced temperature is 1.0. However this very slight 

disadvantage does not affect the work here. 

2. Vapour pressure of methane 

Several equations are available for the vapour pressure of 

methane. Some are in terms of temperature and others in terms of 

reduced temperature. Leach -(8) gives the following : 

pa = exp(4.77726 -4.782895/TR  + (1nTR). 0.73611) 

(5.1) 

Vennix (16) gives another correlation for the vapour pressure of 

methane (5.2) which is based on a correlation developed by 

Armstrong, Brickwedde and Scott (113). 

SV P = exp(18.0288-1264.51/T - 0.550663T + 0.196832.10-73'i2  

- 0.223451. 10T3  

(5.2) 
SV where P is in psi. 

The correlation of Armstrong et al is : 

log 	PSA=(10.68631-595.546/T-0.0348066.T + 0.13338.10-3  .T 2 10 

- 1.7869.10 7.T3  

(5.3) 

SA is where P 	in mm Hg. 
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Leach also gives a correlation for the reduced saturated 

volume of methane as a function of reduced temperature only - 

equation (5.4) below. 

1711L  = 1.0/(1.0 	exp(0.83531 	0.4175105.(1n(1.-TR)) 

0.214866.exp(50.908(TR  - 1.0))) 

(5.4) 

In order to compare volumes computed from equation (5.4), 

saturated volumes for methane were calculated from Vennix's 

equation of state - using the version which expresses pressure as a 

function of volume and temperature - equation (5.5). 

v 	e(A i t. A2t+ A;e2"-f- A4.  e-1-• A5 e4)+T.c 
76%1754- 	132c24 (33 cs+ B4  (41- 8ce2-1- 
e(CtCo).((e+Co)3-  (04-4-e0)3).(CI34 co) 

(c4  con •e)"`P CG -(Ei+E2(efec•Acr—tch +c 2-P, 
+ P2c -r,D3  C2'4-  PA.C3  1-  Ds C4). e)1(k 	F.2 <)/r) 

(5.5) 

The constants (A1 	F2) are listed in Appendix A. 
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In the table below, the following computed results are 

compared : 

(i) saturation pressures from equations (5.3) and (5.2) 

(ii) pressure from (5.3) reduced by a critical pressure of 

671.0 psi and reduced pressure from equation (5.1) 

(iii) the reduced volumes from (5.4) and the solution to 

(5.5) are compared at temperatures from 100K to 190K. 

In computing a reduced saturated volume from ;5.5) a 

critical density of 0.1625 gm/cc for methane was 

assumed. 

T K Vapour Pressures psi Reduced Pressures Reduced Volumes 

PSA(5.-\  J.) 
SVI5.2 . 
P 	k 	) PSA/671.0 Pa(5.1) vR(5.5)  vRL(5.4)  

1004.917 5.063 0.00733 0.00805 - 0.3716 

120 27.857 27.980 0.04152 0.04210 - 0.3962 

140 93.286 92.949 0.13903 0.13975 0.4294 0.4298 

160 231.268 230.131 0.34466 0.34822 0.4809 0.4816 

180 476.803 376.277 0.71059 0.71563 0.5865 0.5872 

190 652.231 654.500 0.97239 0.97240 0.8078 0.7844 

The vapour pressure equation of Vennix (PSV  ) gives critical 

points used in this work - 190.77K and 671.0psi, so naturally this 

was the correlation adopted for the prediction of vapour pressures. 

The correlation of Leach(PRL  ) was also used in program, for 

computing saturation pressures for use with the Tait equation. 
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Fig 66. Reduced volume and pressure for reduced temperatures app—
roaching 1.0,for methane,using Vennix equation of state.,  

Tait °emotion of state and the vapour pressure equation. 
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He used slightly different critical constants (191.06K and 

671.2psi) for his correlations for the constants in the Tait 

equation and hence P
RL 
 must be used to be consistent with the rest 

of the Tait correlations. Reduced saturated volumes from Leach's 

correlation 	are very close to those obtained from Vennix's 

pressure equation of state (5.5) - the slight differences are due 

to the two sets of critical constants. 

3. Reduced temperatures close to 1.0  

Vhere the phase conditions are such that the reduced temperature 

is very close to 1.0, there are some computation difficul'des. 

It has been found that there are limiting values for the reduced 

temperature below 1.0, beyond which the Tait equation (2.26) has no 

solution. In the vapour-liquid equilibrium programs developed in 

this work, the Vennix equation (2.6) has been used to take over the 

computation of liquid phase compressibility when the Tait equation 

becomes unusable. This procedure is satisfactory up to a reduced 

temperature of 1.0. 

In Fig 66 are shown a few of the isotherms computed using 

both the Vennix and Tait equations, and the saturated vapour pressure 

curve for methane using equation (5.2). Too much significance 

should not be attached to the value of VR  where the isothermal 

calculation by Tait equation breaks down. The apparent irregularity 

of these points is due to the incremental approach used to find the 

value of PR  at which the term (Pi: + H)/(Pg + H) becomes negative. 

H is a function of reduced temperature (2.29), correlated by Leach 

/ R for the Tait equation. Reduced pressure (PA)  was decreased at 

intervals of 0.05, and the points shown 0 in Fig 62 are the last 

possible computation of the reduced volume using the Tait equation, 

at that particular TR. 

(8) 
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The isotherms computed by both equations coincide at the vapour 

pressure curve calculated from (5.2), showing the very reasonable 

consistency of the three equations used to describe phase 

equilibrium in this work. 

4. Consistency check  

Some tests were made to check the thermodynamic consistency of 

the shape factor correlations derived by Leach (8). 

The tests showed that these correlations (1.17 and 1.18) were 

satisfactorily consistent within the principle of corresponding 

states. That is, the right-hand side and left-hand side of 

equation (5.6) are equal (or very nearly so). 

11.0.(Sfii  0 ) . 1 = -(z - 1). 21hii 0) 

RTo a+V 	
T f. li,o 	

h lip° SV h 
(5.6) 

The derivatives of f and h with respect to volume can be 

computed in the same way as the derivations of f and h with 

respect to temperature. Equation (5.6) was derived in Section 1. 

However it is not necessary to compute these derivatives if the 

following simplifications are made. 

1 . 	can be transformed to 	• 

fii,o v 	 e. V. 
4 

and 1

1 	

h.. 	to I 	A 0„ .e 11 o) 
h. .1,o 	V 	T 	CP, 

	0 
V.g 

using the definition 

of 	andhii3O  in equations (1.12, 13 and 1.14, 15) 
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Fig 68. 	Application of Consistency Test 



240 

From the defining equations of 9 and 0 (1.17 and 1.18) we have 

ki)= 	-400) (0.3063 - 0.4506/i! 

—72".  g a y. 71 (5.7) 

(S Oei,t) = (01  -at) 
Te  

Zo (0.3903 - 0.9462 In 

Z. 1 (5.8) 

Actually 1111  and V. are functions of e and 4) (1.15, 
1.16) and i and although this means (4::,./3Vif )4.  and 

(heao  /44 	) 4 are dependent on e and 4) , this inter- 
dependency is ignored as 	and 	are very close to unity for 

therangeof i and T1  examined here. They are assumed equal to 

unity. Substituting equations (5.7) and (5.8) into (5.6) the test 

equation for consistency is 

(z0-1).e0. (0.3903-0.9463 141) = - U0  (0.3603-0.4506/4) 

Z. 	 RTo 

(5.7) 

Oxygen, nitrogen, argon data were used for the calculations. 

Fig 68 shows either side of equation (5.7) plotted ugainst 

reduced temperature for several reduced pressures. Two specific 

cases below show both sides of (5.7), and how errors in prediction 

of thermodynamic properties cannot be deduced from the small 

inequalities of the sides of (5.7). A full discussion of this 

consistency test is described by Canfield and Gunning in (110). 
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Nitrogen  

140K, 98.7atm 

LHS of (5.7) = 0.15207 

RHS of (5.7) = 0.24264 

calculated H/RT = 2.008 

experimental (37) H/RT = 2.030 

calculated Z = 0.4732 

experimental Z = 0.4797  

Argon  

203K, 200atm 

0.03273 

0.04505 

- 0.8368 

- 0.8320 (35) 

0.7006 

0.7024 

5. Compressibility factors  

The computed compressibility factors agreed, as a whole, 

very well with experimental work. Errors are almost all a fraction 

of a percentage, no matter whether temperature or pressure are high 

or low. There is a slight tendency for higher errors to be at low 

temperature and high pressure, and the greatest errors are in the 

critical region - up to about 5%. For mixtures most errors occur 

at equimolar mixtures, or with increasing concentration of the 

component with lesser similarity to methane. Equimolar mixtures 

will be least accurate in their predictions because the mixing 

rules are least adequate at this concentration. 

Good results for predicted compressibility factors are not 

entirely unexpected since compressibility is one of the two 

dimensionless configurational properties used in the pair of 

equations (2.1, 2.82) defining the principle of corresponding states. 
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The excellent correlations for shape factors, e and 4) , have 

helped to make these very accurate predictions of Z. If it were 

  

and 4) , and they were taken as not possible to evaluate ora 

 

1.0, the principle of corresponding states would revert to its 

simpler form Zi  = F(T/T7, V/V7). This latter definition is used 

in the well-known "compressibility charts", where Z is plotted as 

a function of TR  and VR. 

The work on computed Z for mixtures was used to evaluate 

the worth of using the 2-fluid model for mixtures. The results for 

air showed that it is not really worth the effort. Watson and 

Rowlinson (10) found that their 2-fluid model bubble point 

computations gave better results for vapour-liquid equilibrium 

for oxygen-nitrogen-argon mixture. Their work was at 6 and 18atm, 

and temperatures up to 129K (i.e. comparatively low), and they 

used the Leach equation of state. Their results bear out what was 

noted in the discussion on Z in this work for air - that Leach's 

equation of state incorporated with the 2-fluid model is best at 

low temperatures and pressures. 

The reason for the 2-fluid model being only the best at low 

pressures may be due to the fact that it is based on the concept of 

an ideal mixture of hypothetical components. As pressure drops 

in the gas phase ideality is approached, and this model therefore 

becomes appropriate at low pressures. In addition, at higher 

temperatures and pressures, the mixing rules will contribute 

increasing inaccuracies which must accumulate more quickly in the 

2-fluid model. 
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The computation of Z for natural gases has been made very 

successfully by Roe (108). His results are in the approximate 

range (294-218)K and (3-100)atm. He uses the extended principle 

of corresponding states (as described in this work) and the Vennix 

equation of state in his computer program. The three natural 

gases which he uses as data are of two types - two with fifteen 

components and very high methane content, and the third with four 

components and only 74% methane -with 15% nitrogen. He estimates 

a maximum error of 0.1% in the experimental compressibility factors, 

and his computed Z are generally within experimental error, 

6. Joule-Thomson coefficients  

Computations of Joule-Thomson coefficients, both isothermal and 

adiabatic, were less accurate than for compressibility factors or 

enthalpies. Comparison of computed adiabatic coefficients with 

older experimental work shows very great differences - particularly 

for hydrocarbons, There is good reason to believe - as described 

earlier - that these early data are unreliable. Various methods 

of predicting Joule-Thomson coefficients all give similar answers 

for !I and V . Comparison of computed 99 (both this work 

and others) for mixtures (for example nitrogen, methane and ethane) 

with recent experimental work shows very much better agreement. 

A source of error in predicted coefficients in this work is 

probably due to the use of finite differences in equations (2.123, 

2.130), instead of using analytical expressions for the derivatives 

of enthalpy with respect to pressure. 
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AT and Q P were varied in computations of 9 for 
hydrocarbons and the results for 9  showed very little change. 

Computed and experimental 1 were so different in this case that 

it is difficult to say whether or not smaller finite differences 

brought computed 9  nearer the true 9  . In the case of 

for the three component mixture (N2,CH4,C2H6) mentioned above, 

it is more likely that smaller a T and a P would improve 

predictions for (c) . The use of analytical derivatives of 

enthalpy could be avoided by using an alternative definition 

for 
	cr  • 

99 c Yt -r (a P/a -r), 	Pia ‘/:)r  

or 	a eir'' , if 12.) 
P 	k a) Tip 

These give a more accurate method, but much more time-consuming. 

However it does oeem that it might be worthwhile since there is 

evidence (117) that it gives better answers. 

7. Vapour-liquid equilibrium  

The computed results described for the vapour-liquid 

equilibrium are generally very close to experiment. A wide range 

of representative mixtures and components have shown the adequacy 

as well as the limitations of the method described here. K values 

have only been used sparingly as a means for comparison with 

experiment, since they mask actual compositions computed. 

The great drawback of using a pure substance for the reference 

component for mixtures, is that pure substances do not exhibit 

retrograde behaviour. 
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Thus, vapour-liquid equilibrium at conditions where the reduced 

properties are greater than 1.0 cannot be computed. This is because 

configurational interal energy, U is defined : 

U 

RT 

se 

o 

T 

e: 
(azo) ?de 

)7-:/egi 
(2.53) 

and in the liquid phase the limits of this integral are VR  and VSR  

(plus the saturation value of Uo
/RT). Since the limit of e5  is 

at T
R 

= 1, for T
R 

greater +Ilan 1.0, P is inaccessible. 

Usually retrograde behaviour is associated with the dew line, 

thus it should be possible to calculate vapour-liquid equilibria 

by bubble calculations to very near the critical point. 

'This is exactly borne out by the work here; for almost all 

computations the bubble temperatures or pressures proceed to -within 

about Vo of the critical point. Dew calculations in this work 

aiways fail at the point of maximum concentration - which is the 

point of maximum temperature for fixed temperature calculations and 

the point of maximum pressure for fixed pressure calculations. 

For dew pressure calculations there are conditions where the 

equations of state will not yield any solution for which the vapour 

phase is at the dew point - that is the sum of the liquid mole 

fractions cannot be converged to 1.0 for any value of pressure. 

Vapour-liquid equilibrium calculations are relatively more sensitive 

to temperature than pressure, so it is possible that the chemical 

potential for the vapour phase of a dew pressure computed at pressures 

above the maximum temperature point is not very different to that 

calculated for a similar composition below the maximum temperature 

point. 
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The program is able to find a solution for the lower dew pressure 

but not another higher one at the same composition. 

The maximum pressure line rarely departs far from the critical 

locus, so this means that dew trilperature calculations should 

proceed to near the critical point, in theory. Unfortunately the 

dew lines at constant pressure are often almost coincident with 

the critical locus and this makes computations difficult - for 

example butane-heptane at 20.4atm. It is possible to calculate 

these saturation lines by bubble calculation where a dew 

calculation has failed. Two specific examples of this are : 

the system methane-carbon dioxide at 223K - Fig 37 and the system 

butane heptane at 20.4atm - Fig 59. 

Closer investigation shows that this phenomenon is due to the 

generation of intermediate conditions (in the dew calculations) 

which are single phase. These the liquid phase computations. 

cannot deal with - for reasons given above. 	The actual 

figures for butane heptane at 20.4atm show how this happens. 

Bubble point  

Liquid composition 	Vapour composition calc'd  

	

C4  0.400 	0.704 

	

C7  0.600 	0.296 

Calculated temperature 455.2K. 

Dew point  

Vapour composition 	Liquid composition calc'd  

C4  0.700 	not found 

7 
0.300 

Guess for temperature 452K. 
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For the bubble point calculation the vapour mole fractions 

began at C
4 
0.681 and C

7 
0.289, and these gradually progressed to 

the answer without oscillation. It may be noted in passing that 

the bubble point computed without adjustment to G4 was 454.5K, 

although the vapour composition was unchanged. 

For the dew point, the reduced temperature went immediately 

very close to 1.0 and the mole fractions were first C4  0.411 and 

C7  0.624. The sum of these oscillated wildly about 1.0 without 

converging to a constant value, after the temperature had been 

adjusted to 467K. 

Another attempt at calculating the dew point was made with the 

guess for temperature at 445K. This resulted in a complete 

Calculation. The final result was : 

Dew point 455.7K 

	

Liquid composition : C4 	0.397 

	

C7 	0.603 

Exactly what happens can now be seen. In the first calculation 

for dew point, Tg  (the guessed temperature) equal to 455.0K was 

below the correct dew point (because 2: x was greater than 1.0), 
but the temperature adjustment gave far too high a temperature for 

the next iteration. This meant the liquid phase could not cope 

with the high reduced temperature. In the second calculation with 

a lower Tg  (445K), although even further from the dew point to 

begin with ( 1: x was even greater than 1.0) the correction to 
temperature brings it towards the dew point without going into the 

one phase region. 
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However, in conditions where some components are supercritical, 

raising or lowering the starting temperature, Tg  does not 

facilitate dew computations, once the point of maximum concentration 

has been passed. 

It has been concluded from experience in this work of systems 

such as the butane-heptane one above, that conditions specified as 

guesses for computations of vapour-liquid equilibrium influence the 

path of the iterations to quite a large extent. Misleading 

compositions can cause havoc. A reasonably successful method 

(if experimental work is not available) is to use vapour pressure 

curves and Raoult's law. It has also been found advisable to have 

the guess for temperature or pressure within the two phase region. 

This generally ensures critical points less +han 1.0 for the fixed 

phase. 

8. Unlike Pair interaction parameter !!  

Introduction of the unlike pair interaction parameter g 

makes a considerable difference to the accuracy of the prediction 

of vapour-liquid equilibria for binary mixtures. Prausnitz (12) 

gives a long list of values for g (he calls it (1-K12)) for 

common hydrocarbons and gases. Rowlinson et al (11) give values 

for rare gases and a few other compounds. Prausnitz determined 

his values for excess volumes, and Rowlinson et al from excess 

Gibbs free energies. Where they have a binary pair in common, the 

values of ! and (1-K12) agree. Generally it is assumed that 1r 

is independent of temperature and pressure, and in this work is 

always treated as such, However some workers - Gravelle and Lu (73) 

found some variation of g with temperature. 
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Variation between the experimental work of different workers is 

not considered here to be small enough to justify attempts to 

correlatef  with temperature, or to assign values to 	with 

more than two significant figures. It is thought that improvement 

to predictions should come from better equations of state and 

mixing rules, and not from empirical "constants". 

In some cases the value of t given by Prausnitz is disputed. 

Work on critical points by Teja (109) has shown some of Prausnitz's 

values to be unsuitable for the accurate prediction of critical 

points using the principle of corresponding states. The best 

possible values found by Teja were tried for vapour-liquid 

equilibrium computations, and found - only in some cases - to give 

an improved prediction. In others the predictions were very much 

worse. This finding seems to bear out the supposition that g 
does vary with temperature. 

Use of these parameters in multicomponent mixtures does not 

seem to reflect the same accuracy of prediction as they do for 

binary mixtures - for example in work on the four-component mixtures 

of Solomon (100), and natural gases. Just as pure component 

behaviour is modified by the interaction of unlike pairs in a 

binary mixture, so these binary interactions could well be modified 

by the presence of a third, fourth etc species. The mixing rule 

for unlike pairs using 	modifies each f12, but when there are 

more than two components, the simple geometric mean seems to be an 

increasingly more suitable description. 
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9. The acentric factor  

The acentric factor is defined by Pitzer at a reduced 

temperature of 0.7. Hence in vapour-liquid equilibrium calculations 

at mole fractions of 1.0, the predicted pressure or temperature 

will not be exactly equal to the experimental saturation values 

except at T
R 
= 0.7. Thus, modification to the acentric factor was 

thought necessary. The method developed here has produced excellent 

results. The only drawback is that if vapour pressure data are 

unknown, then adjustment to CO is not possible. This is very 

unlikely - if the vapour pressure data are unknown, then application 

of the principle of corresponding states using methane as the 

reference compound will hardly be valid. 

The method here of reproducing correct saturation data breaks 

down almost invariably at about 10K from the critical point. 

Due to the method of adjusting GO and the fact that it increases 

with temperature, supercritical conditions can easily be reached 

when the saturation temperature is close to the critical point. 

The acentric factor varies inversely with vapour pressure (see Fig 4) 

so that this fault is less likely to occur at pressures close to the 

critical point. Such conditions have not actually been used in this 

work. 

Although the effect of adjusting 40  is noticeable for binary 

mixtures, adjustment in a natural gas (103) with four components 

produced a negligible effect on the bubble temperature. This may 

be due to the fact that the effect of adjustment to the acentric 

factor is only really marked (and most important) at high mole fractions 

of a particular component - i.e. near the vapour pressure line. 
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It was originally found that CA) varied with the starting 

value of the temperature or pressure for the adjustment 

calculations. This value was originally the guessed parameter 

for the vapour-liquid equilibrium calculations - no other number 

being available at the time. The variation was small but consistent, 

probably due to round-off errors. This was eliminated by setting 

the starting value of temperature or pressure for adjustment 

computations equal to the saturation data supplied. 

10. Isothermal Flash Separations  

The relatively low number of computed flash separations is due 

to the fact that for each mixture, three or four different methods 

for making an initial guess for V were tried, two different methods 

for the starting guess for the K values and two different methods 

for converging the K values were tried. The nett result of all 

these combinations of methods was that the answers were virtually 

identical. Nhat the variety of methods did show was how they affect 

the number of iterations needed to converge on the answer. 

The four methods used for guessing V were : 

1. V = 0.5 or some other similar number. 

2. V = ((T - Tdew)/(Tbubble-  Tdewli
))0.25 

 

3. V = (T - T,ew)/( a  'Tbubble Tdew)  

4. V = 1 — Z(cii./(1 + K1)) 

Method 3 was very poor, but also for some cases (No. 12 for 

example) method 1 produced a false answerZethod 4 was only tested for 

two mixtures (No 8 and a mixture quoted by Banks and Haseldin (126)). 

For neither of these could any- convergence be obtained and all four 

methods of initialising V were tried-in vain. Elsewhere (130) method 4 

has been quite successful. 
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However choice of initial V is not the only factor involved - 

control of V between 0.0 and 1.0 during the iterative procedure 

also affects the final answer. 

The methods for obtaining initial values for K were either 

all K equal to 1.0, or K = pi/P. The vapour pressure pi  was determined 

by generating Antoine constants from the critical data and a 

vapour temperature at the flash pressure . This method was also 

developed independently by Liddle (129). In this work, this method 

of finding a rough value of the vapour pressure was used to 

calculate an estimate of the bubble point. This is necessary 

since, as it will be remembered, calculation of saturation data 

requires an initial guess of the unknown phase composition. 

The flash feed composition and temperature are not good enough. 

A similar procedure was used for the dew point. However it was 

found that accurate dew point calculations did not always go to 

conclusion, and since this held up the flash calculations, dew 

calcvlations were dropped from the program and the estimate 

used instead. The estimate is only 5-10 degrees from the real 

dew point so it was felt to be adequate for the check on the feed 

temperature. 

This second method of initialising K values was favoured 

partly because it was necessary anyway for dew and bubble pint 

calculations, and partly because it seemed to slightly reduce the 

number of iterations. 
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Two methods were tried for adjusting K—values between 

consecutive iterations — direct substitution and replacing each K 

with the square root of the product of the K assumed for the 

calculations and the K resulting from them. It was found that the 

former method was very much faster. For example for No. 11, 15 

iterations compared with 45, and both had four iterations on V. 

Another example, for No. 12, 19 iterations compared with 31, 

but this time with 6 and 4 iterations on V respectively. It is 

appreciated though, that for control of oscillating K values, 

the souare root method is the ;lore suitable one. 

Of the twelve computations of V, some were close to experimental 

V, (No. 5, 7) and others were further away. Computed V by other 

methods are no closer although in several cases, V computed here 

was less inaccurate — for example (No. 3, 4). There seems to be no 

definite trend to the deviations, but from only twelve results no 

significant conclusions can be drawn. 

The consistency of the enthalpy calculations is good. The 

differences between the phase enthalpy differences in this work and 

Shelton (128) could be due to the slight differences in the final V 

ratios and hence phase compositions. Shelton calculates his total 

enthalpies from his partial enthalpies using the phase compositions. 
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Conclusions and recommendations  

The results obtained here in this work for the prediction of 

thermodynamic properties show that the principle of corresponding 

states is a most suitable method, provided that the components 

of the mixtures are not too different from the reference substance 

- methane in this case. The mixing rules used are adequate, even 

for mixtures containing molecules of very different sizes, but they 

are not perfect and further work on these rules should be worthwhile. 

The temperature and pressure ranges of the predictions is very wide 

but the limits of the ranged have not been established. In the 

ranges studied, the computed properties are all close to experimental 

data. These data were determined during approximately an 40-year 

period, and there are no significant differences between deviations 

of computations from recent and early data. Nor does there seem to 

be any fall off in the accuracy of the predictions towards the limits 

of the temperature and pressure ranges except in the case of 

compressibility factors in the critical region. 

Work has shown that the 2-fluid model has no great advantages 

over the 1-fluid model, except perhaps at very low temperatures. 

In vapour-liquid equilibrium computations, the dew point 

calculations at super critical conditions were not possible beyond 

the point of maximum concentration. This difficulty coul.! be further 

investigated. It has also been shown that successful computation 

of equilibrium does depend to some extent on the starting values 

for the compositions of the unknown phase. 
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This is a slight disadvantage of this method. Flash separations 

are successful as far as could be tested but again the initial 

value for the molar vapour-feed ratio V affects the convergence 

path quite considerably. How to choose an initial value for V is a 

point which needs closer investigation, and even more important, 

how to control the oscillating values of V between the limits 

0.0 and 1.0, during the convergence iterations. 
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APPENDIX A.  

Constants for Vennix Equations of State (2.6) and (5.5)  

T
o 

= 190.77K 

Cc = 0.1625 g/cc 

Compressibility equation  

al  - 1.9079137 

a2 0.1859404 

a3  0.6206085 

a4 
- 0.6050965 

a
5  

0.1390605 

b
1  0.7986446 

b
2 0.1947895 

b
3 

- 0.4916982 

b
4  

0.4110596 

b
5 

- 0.0650830 

d1  - 0.8398430 

d
2 

- 0.5167966 

d
3  

2.4138572 

d
4  

- 1.6793539 

d
5  

0.3022386 

e1  8.7758015 

e2 0.1733543 

f
1  7.2275164 

f
2 - 1.1449913 

G 8.423558 

t
o 

- 0.774286 

k 1.394830 

0.868917 

/3 
2.226390 

0.697342 

To  = 190.77K 

C= 0.1625 g/cc 

Pressure equation 

- 168379.37 

100983.52 

2074154.8 

- 12444994.0  

17600314.0 

369.46526 

554.53908 

- 8614.1411 

44316.430 

- 43179.188 

174.18776 

2806.7029 

80674.262 

345392.00 

382530.92 

0.046002000 

0.21177000 

1378.7933 

- 1344.1Ci6 

34.348141 

147.71055 

6.00000 

0.141199 

0.361788 

0.113318 



APPENDIX B  

1. Methane 

2. Nitrogen 

3. Carbon dioxide 

4. Hydrogen sulphide 

5. Ethane 

6. Propane 

7. iso-Butane 

8. n-Butane 

9. iso-Pentane 

10. n-Pentane 

11. Hexane 

12. Heptane 

13. Octane 

14. Nonane 

15. Decane 

16. Undecane 

17. Dodecane 

18. C13H28 

19. C14H30 

20. C15H32 

21. C16H34 

22, Argon 

23. Ethylene 

24. Oxygen 

25.  

26. Propylene 

27. Benzene 

28. Krypton 

29. Acetylene 

30. Xenon 

264 
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Appendix C  

Critical constants used in computations in this work. 

Component 
number (see 
Appendix B) 

c K T Vc 
cc/gmol 

Zc (.45 Pc 
atm 

1 190.77 98.72 0.28793 0.0050 45.80 

2 126.20 90.10 0.29100 0.0400 33.54 

3 304.20 94.00 0.27500 0.2250 72.80 

4 373.60 98.00 0.28400 0.1000 88.90 

5 305.50 141.72 0.27418 0.1000 48.20 

6 	• 370.00 195.70 0.27137 0.1519 42.01 

7 407.94 255.80 0.28000 0.1780 36.00 

8 425.13 251.62 0.26864 0.2010 37.47 

9 460.90 308.31 0.26800 0.2080 32.86 

10 469.78 310.65 0.26846 0.2524 33.308 

11 507.90 368.0 0.26420 0.3033 29.90 

12 540.16 426.0 0.25950 0.3499  27.00 

13 569.40 486.0 0.2560o 0.3945  24.60 

14 595.00 543.0  0.25000 0.4398 22.52 

15 619.0 602.0 0.24600 0.4801 20.14 

16 640.0 660.0 0.24200 0.5208 19.18 

17 659.0 718.0 0.23700 0.5390 17.89 

18 677.0 780.0 0.23000 0.5280 17.01 

19 695.0 830.0 0.23000 0.6160 15.65 

20 710.0 890.0 0.23000 0.6792 14.97 

21 725.0 950.0 0.22000 0.7000 13.60 

22 150.86 74.57 0.2910o 0.0000 48.00 

23 283.10 124.00 0.27000 0.0730 50.50 

24 154.77 75.00  0.30792 0.0210 50.14 



266 

Component 
number (see 
Appendix B) 

c X T 0 V 
cc/gmol 

Zc 4O Pc  
atm 

26 365.10 181.00 0.26837 0.1451 45.38 

27 562.00 260.10 0.27412 0.2110 • 48.60 

28 209.20 92.20 0.29110 0.0 54.20 

29 308.50 112.90 0.27498 0.1900 61.66 

30 289.75 119.50 0.28971 0.0020 57.64 



• PRO4RAM VENN IX NP UT 'OUTPUT TAPES=INPUT TAPE 6= OUTNT ) 
DIMENSION TECI(4104VE(10,10),W(101a1t10,11504Pf50),V(50),TS(I0 

Xt101 gFI PIM) GE t 10,10 A,CHUO en ETAI (10#14)4EFILI 
1011CRITT(ID)RITV4104,ETA(45),THAF(01,10)iPHMf(10,10),DHA410V0DF 
IALIO4PARTLY('1D),ALMOST(10),H1(10),DUID)4MF(10.110),TH(IGi10)1PHII 
10k10 
INTEGER REGTON,POIM'IVOIM 
REAL M  
LOGLCAL - ZONLY,UANDZOONE,MODELlIPHASE 
COMMON XtWallErlIACHITE'VE#DXV IHXVI WRaC COMP MI TC IRLOODELI,IS 

1,HLIF OL. 
READ (5,16) 

16 fORMAT(13!: 
00.23 NNN=4,NUM$ET 
READ (5430 410IMINDIMI AMW /NOATA NCOMP MODELliZONLY .  
fORMATA2I3fF10,5,214,2L5) 
'MODEL1=.NOTADOEL1 
IFtsNOTMODELL.ANO.(NCOMP.EQ.1)IGO TO 474 
REA0f5p50)(4(1)tP(1),V(1)1 1=1,NDATA) 

50' 	FORMAT C3F15,63 
REA0(5,51)(GRITT(I),CRITVtI),WM I ZIAI),I=1,NCOMP) 

51 FORMAT (4F15.6) 
O0 205 I=1,NDATA 
IF((POIM.E0.5)-.010.(VDIM.EQ.5))G0 TO 24 
IF((OOIM.EQ*5)*ANO.(VOIM.NE.3)1G0 TO 25: 
IFIPDIK.EQ.1VPII)=0(1)/14.696 
fF(PDIM.EQ.3)P(I)=PIII/1.01325 
IOPOIM.EQ.41P(I)=P(I)*0.967841 

65 IFIPDIM.EQ.5VPIII=PtI)*V(1) 
TFAVDMEQ.03GO.T0- 205 
If(VOIM.E0.1)V(1)=AMW/1/(1) 
IFtVOIM4EQ.2)V(1)=1000./V(1) 
IF(VDIM.EQ.3)V(I)=10000OS(V(1)*4.4647) 
IF(VDIM.EQ.4)Vii)=Y(1)*AMW 



• I Fl VD M..EQ.i):V ( )=100009 V(1)../(4.4647* 
IF( 	 )V( 

( ypk,p4.. 	 )-*4.2.42 AP414- 
GO. TO 76 4,  

24 WRITE (614TV.  
67 F:ORMAT:;t48kf.: UNITS OF PRESSURE. . AND ,VOLUME ARE ...BOTH PV 

• • 	 ." 
..25-. 	 '11'100000./ AM04.4647) 

( 11=V( 1),AMW*4.4647/100000. 
1F(VDTK.EQ.24V(1)04(T)*100000./4.4647*1000 

VDTM.E4.6)V(1)-=Vt D*100000./4.4647 
VD I M=3 
GO :T0 65 

t yr:p( i7:slot(4 )4,  .(82..4q5674ii t) 
CONTINUE 
uF4Nccoip.Z4•10-GO TO .8 
NC = 	 )*NCOMP /2 
READI5j21741ETAt I), 	 ) 

• 2.17 FORMAT(. n0..161 • 
196 Ftg,Ant.$,•ior 

',mire( 4110 
10. FORMAT( 80H"' 

`1. 
DO 498 -1=1 NCOMP 
AgApt.52144 xti) 

498r  'T-CONTTNOE• 
PC=45.8 

VC=98.72, 
TC=19D.77' 

Wg.pq.005 
8 D09 I=1,NCOMP 

t 	)=CRITT( I.)/TC 
9 Ge('`ttI)=ckiTvtiiivc 



AFtNCOMP'..EIZ.IINC=0 
00420 X=1,.NCOMP 

7ETA1()(41()=1. , '_ 
AF(I*GT.iNI,C)GO TO 196 
K1=K+1'-, 
00.420,J=K14NCOMP 
ETA1Ix444=ETA(f) 
ETA11404=ETA11K4n 
T=1+1 

zqo CONTINUE 
144.4ox=o 

HX=0. 
,A)0 520 I=4NCOMP 

DO 520: 4=14NCOMP' 
UFII 141-71. 
ACHONE=4Ga(1,1)A*0.3333+GE(J,J)**0.3333“2. 
ACHtI tA)=ACHONE!ApIONE*ACHONE 
EFltii.),=ETA1II,J4*-tEF(ItI)+EF(JiJ)141..,0.5 
TF4.1403.M0DELIAGO TO 520 
Hx=HX+X(I)*x(J)41 ACHlt,J1 
Ok=0X+N(1)1!X(J)'*ACH(.Ii4)*EF1II,..11 

520 CONTINUE  
IF(m0041)G0 TO 12 
CALL EVWCOF,ACHINCOMP,HLY 
CALL EQFIAX,EFliACH,NCOMPOL) 

12 WRITE(6,1761).  
1761 FORMAT 4119H.TEmPERATURE,K 	P ESSURE,ATAS 	voLuME4CC/Gm.MOLE 	990 

I 	VOLUMEICALC40 	Z EXPT 	Z CALL 	REGION 	UNIX 	HMIX) 
WRITE(6119) 

19 FORMAT (18H 1=LIQUI0,-2=VAPOUR) 
1003 CONTINUE - 	- 

DO 1763 I=1,NDATA 
VR=82.0567*TIII/IP(I)*VC) 
NuMBER=0' 
IF(.NOT,MODEL1)GO_TO 13 



TRL=T(.1 )11.fiX/4 TC*DX ) 
13 DO 826 K=.1,NCOMP.: 

.NOT.MODEL1)GOT. 	1 
TE (1(00=M 
VE (1(00--=2.! 
IFIVR4J.24.0VE(KrK)*NR 
I F Afft.tT 	YE( K 	7.0 
qo-170::4126 

1 75-60=Ttl I /IC*HLA K) /DL( K ) 
DO: 2 J=1INCOMP 
TEtj,K)=TS(K) 
VE(J,K)=2. 
1F1VR.LT.2. IVECji KI=VR 
If IVR.LT.0.51VE(-JIK)=0.5 

2 CONTINUE 
826; CONTINUE 

DONg=.FALSE. 
UANDZ=.FALSE. 

-6 CALL THERHI TH1  PHI HMT PHMF 
NUMBER=NUMBER+1 
NN=NCOMP 
LF (MODEL' )NN=1 

73 2=0. 
ENTH=O. 
VOL=0. - 
DO 17 N=1 ,NN 
I I MODEL 11 GO TO 21 
HXV=HL UN ) 
DXV=DIAN) 

21 TR=T( I t*HXViDXV/TC 
PCP=82,0567*ZC/VC*DXV/HXV*TC/HXV 
IF( NUMBER. EQ.1) VR=82.*T( I)M /(P( I )*vc,10,10 
PRA=P( I )/PCP 
NO=1 



827 IFUTR.LT.1.1.AND.(VR.LT 1.)1G0 TO 22 
5 IF(N.EQ:11PHASE=.FALSE. 

- REGION=2  
28 TF(PHASE.AND.(REGION.EQ.1)1G0 TO 29 

iFt.NOT.PHASE.AND.(REGION.EQ.2)1G0 TO 31  
,W4ITE(6 1 33) 

33:FORMAT (41H MULTIFLUID MIXTURE CONTAINS' IXED PHASES) 
GO TO 1763 

311CALL, 2EDU(,UANDZ s TR I PRAIU yR tulpaINE COMPOZR) 
38 IF(DONE)G0 TO 27 

2154 PR=COMP*TR/M*VRI 
DPR=TR*(DZR/VR+COMP)/2C 
ERR=(PR/PRA-1.)*100. . 
ERR=ABS(ERR) 
IF(NO.GT.500.0160 TO. 34 
JF(ERR.GT.0;00t)G0 TO :.1784 
Po T0. 1764 

1784-:DELR=CPRA,PR)/DPR 
• VR=1./(1./VR+DELR) 

VR=ASS(VR) 
NO=N0+1 
Go TO 827 

22 TEMP=T(I)*HXV/DXV 
PRE=18.0288-1264.51/TEMP-0.0550663*TEMP+0.196832E-3 TEMP*TEMP-0.22 
13451E-6*TEMP*TEMP*TEMP 
PRS=EXO(pRE)/PC/14.696 
IFCPRA,LT*PRS)G0 TO 5 
IF(N.EQ.1)PHASE=.TRUE. 
REGION=1 
GO TO 28 

29:PRA=PRA*0.99691 
TR=TR*0.99848 
CALL LIQ(TR IPRA,COMPIUI ZC VR) 
IF(DONE).G0 TO 27- 

1764 VRE=VR 



IF ((VR.LT.2.I.AND.(VR GT.0.5))0 TO 26 
IF(VR.LT..0'.5)VRE=0.5 
IFIMR.GT.2.1VRE=2. 

26 IF(MODEtliGa-TO14 
Vf(N,N1=VRE 
GO TO 

14 D0'321_:=1,NCOMP 
32 VE(L,L)=VRE 
27 EXTRA=1. 

IF(-MODEL1)G0 TO'18 
IF(.NOT.DONE)G0 TO 66 

69 ENTH=ENTH+X(N)*U 
PARTLY(N)=X1N)*V/Dl(..N)*HL(N) 
ALMOSTINI=X(N)*(COMP-71.)1HL(N) 

66 EXTRA=XIN) 
2=24,1(N4*COMP 

18 VOL=VOL+COMP*82.0567*T(I)/P(I)*EXTRA 
-17 CONTINUE 

OtDONEIGO TO 68 
IF:INUMBER.LE3)G0 TO 6 
I0(20NLY)G0 TO 72 
VAND2=.TRUE. 

72 DONE=.TRUE. 
GO TO 73 

68 IF(.NOT.MODEL1)COMP=Z 
1039 IF(ZONLY1G0 TO 39 

TITC=T(I)/TC 
V1VC=VOL/VC 
IFC.NOT.MODELI)G0 TO. 7 
CONSTI=HXV/DXV*TITC 
CONST2=VIVC/HXV 

7 DO 35 K=I*NCOMPJ. 
IF(.NOT.ODEL1)G0 TO '3 
TETKIK)=CONST1*TH(K,K) 
VEI(0()=CONST2*PH(K,K) 



GP:To 35  
3 CONST3=HL(K)/Dt(10 41 TITC 

CONST4=VIVC/HL(KV 
DO -4  J=.1,NCOMO 
TE(K I J)=CONST3*TMMF('K,J) 
4E(KIJI=CONST4*PHMF(K/J) 

4'CONTINUE ' 
35 .CONTINUE 

CALI. DIFFER (TH,PHIDFX,DHX,THMF IPHMF DHA IDFA 
IF(MODELI)G0 TO 20 
SUM=O. 
TOT=0. 
DO 11 N=1,NCOMP 
SUM=PARTLY(N)*DFA(N)+SUM 

11 TOT=T0T+ALMOST(N)*DHA(N) 
UMIX=ENTH7T(I)*(SUM+TOT) 
GO:TO 15 

20 UMIX=U*(1.T(1)*DFX/DXV*UXV)-(COMP-1.)*T(1) DHX/HXV 
WRfTE(6,3000) -UcT(I)OFX,DXV,HXVICOMP,VOL 

3000 FORMAT (7F10.5) 
15 HMIX=OMIXtCOMO 
39 CONTINUE 

If(VDIM.EQ.0)2PT(I)=0. 
174 WRITE16,1760tT(1)0(1),V(I)I VOLI ZPT(1),COMPIREGIONIUMIX,H IX 

'1760 FORMAT (2F16.6,6X4F15.612X015.613X,F8.612X,F8.614X01,3X12F10.5) 
1763 CONTINUE 

23 CONTINUE 
34 STOP 

474 WRITE(6,40 ) 
.40 FORMAT(56H ERROR IN DATA-CANT BE MULT FLUID FOR ONE COMPONENT ONLY 	40 

1) 
GO TO 34 
END 



PROORAM.EQUOM(1NPOT OUTPUItTAPE5=INPUTITAPE6=QUTPUT) 
DIMENSION IDENT(I0),Z(10)14(10iiETA(ID)1TC(30)pVC(30)4 U(3.0).01(30) 

10(4101iFSIAR(IO140)tHSTAR(I0t1D),ETA1(10410),TE(10,10),VE(10i10),T, 
iHt10,04PM(10410)IMUZILD17MUO(i0),DELF(10)1DELM(10),PARTIMI Y(10 
1)tPC(10)10MEGA(10),VP(10) 
DIMENSION TEM(10): 
DIMENSION X1(104 .10)0(2(10,10)pANSWER(100),ODATA(ID),SURERII0) 
DATA TC/190.77;126.2430k.2073-.0005.51370.-,4074-94,425,13,460.94,46 

19‘78-r50T.9,540•161469.4,595.- 0519. 1640. 1659.,677. 1695.1710oiTZ5.p15 
10486#2E3.10.54477133.441365,1002.01209.2,308,;5 1289.15/ 
DATA VC/9$.124.9061p94,0S41141.7g1 195.7i255.8,251.62,308..31,310 .,65 

. 113,4.84426 ,;i486543.4602.0560.,718 ..- #780. .030.090.1 950.,74.57#12 
105,64.5i101,260.1,92.2,112.91119..51: 

DATA./C/O.28793,.291p4,27.51.284,.274181 .27137,,28,.261164,.268p.2684 . , 
16 -i-,26422595,4564.251.2464.242237 / 4231.23,.23-1 .24231,4,27i. .30 
1791610.3055710v268370.24712,0.29110.27498# 0.28971/ 

DATA W/0.005:0-.644 - ,ani.114.11.1519p.17aps201,.208 -1 .2524# .3033,.3499 
At.39.45,- ,4,98p.4801,4o5208/.539.1 .528,.6161 .6792 g .70.,0731 .021,0.4 
10,..14512,114040,..191.0.002/ 

DATA . PCJ45.8,33454172.8168.9p48.2,42.01,36.007.47i32,86,33.308029 
10127.0,24.6422.521,20:.14,19.18,17.89,17.01p15..6514.97,11.60,48,0, 
150i5,5D.14112.999 45.38,48,61 54.2,61.66,57.64/ 

LDOICAI, LIQUIDiSUPER 
LOGICAL-SETW 
LDOICAL FIRST/DONEg UANDI 
INTEGER: WHSTOR 
INTEGER. WMTcHODIM 
REAL MUZ,MUQ 
COMMON/TAIT/LIQUIDI VRO 
CORM0N/PHITHE/TEIVE,XIMSTAR4FSTAR,T :4NCOMP HX,HXFX,THIPH 
COMMON/DATE/TCIVCIZCODENTOC 
COMMON,REFS/TCREFIVCREF tWREFOCREF 
CDMMON/UZ/ H 	UANDLIDDNEORA,VR 
COMMON/REFTEM/TR,ZCREF 



C.1 
C ETHANE 
C -49. ISO PENTANE 
_C13 OCTANE 
Cu7 - DUODECANE. 
C21 Cl6H34 
C25 HYDROGEN 
C29ACETYLENE 

COMMON/OM/OMEGA,VP 
rETHANE 	2 NITROGEN 

6-PROPANE 
10 N PENTANE 
14 NONANE 
18 C13H28 
22 ARGON. 
26 PROPYLENE 
30 XENON 

READ (5,2) NSAT 
2 FORMAT (I3)` 
N$ET=1 

54 READ (5,1)' 
1 FORMAT (80H- 
1 	 ) 

READ(5,3)NCOMP,SET,GUESS,WHI 
3 FORMAT(13,2F15.4,2151 
READ(514)1IDENT(1),Z(I),ODATA(I),I=1 

4 FORMAT(I2,.10X,F7.-5,8X1F7.5) 
IF(NCOMP.Eg.1)GO TO 21 
NC=(NCOM0-1)*NCOMPt2 
READ(54) (ETA(I),I=IINC) 

8 FORMAT (F8.4)  
IFI(WHICH.E1).11.0R.(WHICH.EQ.3))READ(51 30)(TEM(N),N=1,NCOMP) 
LMWHICH.ECT.2).OR (WHICH.M.4))READ15,30)(VP(N),N=1,NCOMP) 

30 FORMAT(F10.5) 
21,NCONV=0 

NT=0_ 
T=SET 
P=GUESS 
1F1(WHICH.EQ.2).OR.(WHtCH.EQ.4))G0 TO 5 
P.=SET 
TGUESS=GUES$ 

5 IF(PDIM.t114'2)GO TO 6' 
iF(.PDIM.EQ.1)P=P/14.696 

CH 

3 CARBON DIOXIDE 
7 ISO .BUTANE 

11 HEXANE 
15 DECANE 
19 C14H30 
25 'ETHYLENE 
27 BENZENE 

NCOMP) 

4 HyDR3GEN SULPHIDE 
8 N BUTANE 
12 HEPTAME 
16 UNDECANE 
20 C15432 
24 OXYGEN 
28KRYPTON 



IFIPDIM.E0.3)P=P/I.01325 
IF(TDIM(1.4)P=P*0,967741 
IF(PDIMiiE4.5)P=P/760. 

6 P-GUESSP ,  
pvtF=5.s 
TcRgf4fttli 
vcREFvc(11 
ZCW=Z-.C441-. 
WREF=W(1) ' 
WMSTOR=WHICH 
N1. 
IFA,NcompEQ.1)sic.p 
DO 11 K=IiNCOMP 
ETA1(K4K).=1. 
IFtM.GT.'NO}GO TO 10 ,  
K1=K+1 
DO .  11 J=KI'lNCOMP 
ETA1lKir.0-=ETAIM) 
ETAI(JLK)=ETAI(K44). 
M=M+1 
CONTINUE 

10 DO 9 I=14Ncomp 
N=Joe07.111 
SUPtR(I)=,FALSE:: 
IFt(tWHICM.EQ.11.0R.(WHICH.E0.3)1.AND.(P.GT.PC(N)))SUPER(I)..TRUE'._ 
IF(l(WHICH.EQ.2).0R.(WH1CH.EQ.4)).AND.(T.GT.TCINMSUPER(I)=-TRUE. 
OMEGA(1)=W(N)  
IF(OMEGA(1)..EQ.00SUPERM=.TRUg. 
FSTAR11,14=TC(N)/TCREF 

9 HSTAR(IiI)*VC(N)/VCREF 
00-12.I=IiNCOMP 
DO 12 J=1,44COMP 
IF(140J.JIGO TO 12 
H=(HSTAR(I,1)0.333334-HSTAR(.11 J)**0i33333)/2. 
HSTAR(I0)=H*H*M 



FSTAR11,j4=ETA1(4J) (FSTAR(I )*FSTAR1.11,4)) *0.5 
12 CONTINUE 

- SETM.FAL5E. 
A=0.95. 
.0=0.05/FtOAT(NCOMP-1) 
C=P-975.' 
0=1W. 
00 00'N.71,NCOMP' 
DO zoCrm=1,Ncomp 
)(1,(-4i,M)=.1:1 
u(isLEQ.m)xl(Ntm).-c 
*201/41=11 
IFIN.-EQ.M1X2(N,0)=A 

200 CONTINUE 
IftWHICH.E4.1)WHICH=1 
If.(WHICK.EQ.4)WMICH=2 
J=1 ' 	• 

2p6T00 202 I=1,NCOMP • 
IF(SUPfRAII)G0 TO:202 
IF(WHICH.EQ.1)G0 TO 100 
JFtWMICH.EO.2)P=VP(I) 
GUES5=P 
GO TO 101 

100 T=TEM(I) 
GUESS=T 

101 CONTINUE 
DIT'201 N=1,NCOMP 
IF((J.EQ.1).OR.I.J.EQ.3))X(N)=X1(I IN) 
IFI(J.EQ.4).0R.(J.EQ.2))X(N)=X2(1,N) 
Q(N)=X(N) 

201 CONTINUE 
GO TO T 

99 DO 43- K=1,NCOMP- 
43 X(K)=ZIK) 

TOTALS=1. 



FIRST=.TRUE. 
.CALL HF 

55- TR=T/TCREF*HX/HXFX 
IFITRAT.1.)G0 To -13_ 
1Ft4WHICH:B).3).0R.(WHICH.EQ.4))G0• TAI 33 
If1WHiCH.-E9.2).G0 TO 27 

27* WRITE (6,28) 
28 FORMAT (78H BUBBLE PRESSURE.TE PERATURE IS TOO HIGH FOR LIQUID.PLE 

LASE ADJUST AND RESUBMIT) 
STOP 

13 A=T*HX/HXFX 
PRE=18.0288 1264.51/A-0.0550663*A+0.196832E-3*A*A-0.223451E-6*A A* 

IA 
PRS=EXp(PRE)/PCREF/14.696 
PCP*.82.04*ZCREF/VCREF*HXFX/HX*TCREFIMic 
PRAttP/PCP 
IFAWHICH.E().1)G0 TO 66 
IF(WHICH.EQ.2)G0 TO 67 
IFf-WHICH.E4.3)G0 TO 68 
IF(PRA.LT.PRS)G0 TO 33 
PRA=PR$,— 
P=PRA*PtP 
GUESS=P 

-.:WRITE (6,60) GUESS 
60 FORMAT172H DEW PRESSURE.INITIAL GUESS FOR PRESSURE TOO HIGH.IT HAS 

1BEEN ADJUSTED TO,F10.516H ATMS.) 
GO TO 14 

66 IFJPRA.'GE.PR4)GO TO 17 
7=T-10. 
GO TO .;13 

17 IF(T.ECI.GUESS)GO*TO 33 
GUESS=T 
WRITE(6,61)GUESS 



61 FORMAT(16H BUBBLE POINT IOITIAL GUESS FOR TEMPERATURE TOO HIGH.IT 
1HAS BEEN ADJUSTED TO,F104576H DEG.K) 
GEFTO 14 

7 IF(PRAGE:PRS)GO TO 9) 
PRA=PAS 
P=PRA*PCP 
aitss=f) 
WRIT 46,62) GUESS _  

62 FORMAT(75H BUBBLE PRESSURE.INITIAL GUESS FOR PRESSURES TOO LOW.IT H 
LAS' BEEN ADJUSTED TO,F10,..5#6H ATMS.) 
. GO Tp 14 

68 IF(PRA.LT.PRS)GO TO 20,- 
T=T+10. 
GO-TO 13 

20 IF(T.EQ.GUESS)GO TO 33 
GUESS=T 
WRITE(6,63)GUtSS 

63 FORMATt72H DEW- PoINT.TNITIAL GUESS FOR TEMPERATURE TOO LOW.IT HAS 
1BEEN'ADJUSTED . TO,F1051 6H,DEG.K) 

33 CONTINUE 
GO TO 14 

7 FIRST=.TRUE. . 
IF(NCONV.E‘).1)TOTAL1=TOTAL 
PO 	L=1,NCOMP 
XAL)=Z(L) 
IF(I.NOT.SETW).AND I(JIE4).1).0R.(J.EQ.3)))X(L)=X1(I lL) 
IF(t.NOT.SETW).AND.I(J.EQ.2).0R.(J.EQ.4)))X(L)=X2(I,L) 

64 CONTINUE 
16 CALL HF 
.14 VR=82.054*T/P/VCREF 

TR=T *HX/ITCREF*HXFX) 
NUMBER=6.  
DO 15 K=1,NCOMP 
TE(K,K)=TR 
VE(K,K)=2. 



4Ft4R.LT.2.IVE(K,K)=PR 
IFAVR.LT.0.5)VE(KIK)=0.5 

15 CONTINUE 
OONE=.FALSE. 
UANDZ=.FALSE.' 

18 CALL THEPHT 
NUMBER=NUM8ER+1 

36 TR=T*HX/NOWTCREF 
IF(t.NOT.SETW).AND.((TR.GT.1.).OR.ITR.LT.0,:6)))G0 TO 130 
PCP=02.054.411CREF/VCREF*HXFX/HX*-TCREF/HX 
PRA=P/PCP 
NO=1 
IFI(VINICH.K.1).0R.(WHICH.EQ.2)/G0 TO 29 
IF(.NOT.FIRST)G0 TO 65 

_261NUID*.fALSE. •, 
69 CALL ZEDU(UrCOMPOUR,TCOEFF) 

..IF(OONF)G0 10 23 
74:FO=COMP*TR/t/CAtF*VR) 

. ' .: lipR=TR*tOZR/VktCOMP)/ZCREF 
.ERR=IPR/PRA-1.if100., 
7,ERR=A8S(ERR)  

F(NO.GT.5000)G0 TO '24 
IF(ERR.LT404:001)G0 TO 25 
OELR=(PRA-PR)/DPR 
VR=1./41./VRtDELRY 
VR=ASSUYRI 
NO=N0+1-.  
If(NEXIT.E0.1)G0 TO 69 
d0 ,.TO ?6  

25 YRE=VR 
IFi(VR.LT.2).ANO.(VR GT.0.5) GO TO 57 
IF(VR.LT.0.5).VRE=.0.5 
IFJVR.GT.2./VRt=2. 

5T00'34 . L=1:NCOMP 
34 VEtL:LIVRE 



VOL,I=COMP*82,054*T/P 
1;:F(DONE) 0 TO 35 
IFINUMBER.LEGO TO 18-  
UANDZ-7...TRUE. 
UONE.i.TRUE.i 

TO 36 
35.CONST1=T/TtRfF*kX/HXFX 

VVP(r. 	- 
CONT2=V/VCREFfidX 
DO 37 K=1 7NCOMP 
TE(K,K)=CONST1*TH(X IK) 

7 VE(KIK)=CONST2*PH(K IK) 
CALL DIFFERtDFX,DHX) 
UMIX=U*A1.-T4DFX/10(FX*HX)-(COMP-14.1*T*DHX/HX 
NMIX,TiUMIOCOMP 
VR=VOL/VOEF/HX 
IF(.014'FIRST)GT-TO 19 
CALL DELTACDELHOELF,VR) 
PI,NKY=U4DUHXFX 
PERKY=ICOMP-1.64MX. 
.Pa 38 K=liNCOMP 
MUZ(K)=FCOEFF+PINKY*DELF(K)+PERKY*DELH(K)tALOG(X(K)) 
X(15,)=Q(K) 
MUQ(K)=MUZ(K) 

38. CONTINUE 
FIRST=.FALSE. 
GO 10 16 

29 IF(.NOT.FIRST)G0 TO 26 
.65 PROPRA*0.99691 

NEXIT40 
TR=TR*Q.99848 
CALL LIWCOMP1U,FCOEFFINEXIT) 
IT(NEW.EQ.1)G0 TO .74 
IF.IDONE)GO:TO 23 
GO TO 25 



9 CALL DEI.TA(40.1-,DELF,VR), 
OLdB=11-: 04)VHXF.x 
4‘1P=(COM ,1:)/HK 
TOTAL=0. 

K=1,NCOMP 
PART(K)=KOEFF.05106*DELF(K)+PIP*DELH(.K) 
YIKI=EXP(MUQ(K)",PART(K)) 
IFteNOT.SETW)DO TO 40 

40 TOTAL=TOTAL+Y(K) 
FRROR=ABS(TOTAt—TOTALS). 
IF(ERROR.LT.0.0001)G0 Tip 32 
DO 39. K71,NCOMP 
Q(K)=Y(K) 

39 X(K)=Q(K) 
TOTALS=TOTAL 
GO TO 16. 

32 IF(ABS(TDIAL—I.).LT,0.0001)GO TO 41 
NCONV=NCONV+1 
IF(NCONT.E.Q.1)G0 TO 22 
IF(NCOW.GT.50Y60 TO 44 
TOTDIF=TOTALl—TOTAL' 
IF(NCCINV.GT.2)G0 TO 31 
IF(TOTDIF.17.04.0001)TOTDIF=TOTDIF*100. 

31, Ifl(WHICH.EQ.1).0R.(WHICH.EQ.3))G0 TO 42 
01=P—(GUESS—P)*(TOTAL-1.1/TOTDIF 
IF(P1.L.T.0.)P1=P*0.5  
TOTAL1=TOTAL 
GUESS=P 
P=P1 
GO TO .7 

42 T1=7—(GUESS—T)*(TOTAL-1.)/TOTDIF 
IF(T1.LT.0.)T1=T720. 
TOTAL1=TOTAL 
GUESS=T 
T=T1 



;63 TO 7 
130 StiPERtI)=.TRUE. 

N=IDENT(11 
OMEGA(It=4,(N) 
NCONV=0 
GO TO 202 
V(SETW)G0 TO 8Q 
1.ft4HICH.EQ.1)ANSWER(I,J)=T 
IF(WHICM.E11.2)ANSWER(14,1)=P 
NCONV=z0 

202 CONTJNUE 
J=J+1 
4f(J.LE 2)00 TO 206 
IFO.EQ 4)G0.-10_206 
IF(J.EQ.5)t0 TO 200 
DO 203 K=1,NCOMP 
JEASUPEW)IGO TO 203 
0MtGAA16=0MEWK)*1...1 

203 .CONTINUE 
GO TO'-206 

208 DO 209' N=1,NCOMP 
IF(SUPER(N))G0 TO 209 
ANSWER(N,5)=2. *ANSWER(N,1)-ANSWER(N,2) 
ANSWEg$N,6)=2.'.*ANSWER(N,3)-ANSWERIN,4) 
IF((MH/CH.M.1).OR:EWHICH.EQ.3).)VPORT=TEM(N) 
Ift(WHIrH.EQ.2).0R.(WHICH.EQ.4))VPORT=VP(N) 
WINIfW=IVPORT-ANSWER(N,6))*OMEGA(N)/11./(ANSWER(N,6)-ANSWER(N7 5))+OM 
EGA(N) 

.0MEGA(N)=WNEW 
'209 - CONTINUE 

DO-207 I=1,NCOMP 
207,0(1)=QOATA(I). 

lf(WHICH.EQ.4)00 TO 81' 
PPG(455.  
GUESS=P 



SE7W=-;TRUE. 
WHICH=WHSTOR 
GO 1)70'!V: 

81 TI=TWESS 
Gug.”-74 
SETW*JAUE. 
•WHICH*WHSTOR 
4a TO:41. T 
WRITEU6ill 
GO TO:t46,47i48,491WHICH 

46:WRITE16445INSETIPiT t MENT(1101(1)1Y(1),I=4NCOMP1 
45 FORMAT(15H MIXTURE NUMBER,I3i/20X t 120BUBBLE POINT//17H PR ESSURE GI 

1VEN =iF110.41 6HATMS.//25H TEMPERATURE CALCULATED =1 F10.4i6H DEG.K/ 
1/10X03H COMPONENtNUMBER 	LIQUID COMPOSITION GIVEN 	- VAPG 

JOR COMPOSITION CALCUtATED//118X112,25X4F7.5124X,F7.5,a) 
GITTO:53. 

47 WRITE(6,50)NSETIT IPpIrDENTW I Z(l)tYli/iINCOMP/ 
50- FORMAT(15H MIXTURE NUMBER 113,/20X,I5HBUBBLE PRESSURE//20H TEMPERAV. 

1UREGIVEN =IF10.4,6H DEG.K/122H PRESSURE CALCULATED =,F10.4,6H ATM 
1S.//10X03H COMPONENT NUMBER 	LIQUID COMPOSITION GIVEN 	V 
1APOUR COMPOSITION CALCULATED//(18)(“2125X4F7.51 24X,F7.5,1)) 
GO TO.53 

48.WRITE(6,51)NSET,P,Tp(IDENT(I),Z(I),Y1I10=1iNCOMP/ 
51 FORMAT(15H MIXTURE'NUMBER .031 /20X 1 I0H DEW POINT//17H PRESSURE GIVE 

1N =,F10:41 6H ATMS.//25H TEMPERATURE CALCULATED =,F10".41 6H DEG.K//1 
10X,83H COMPONENT NUMBER • :VAPOUR COMPOSITION GIVEN 	LIQUID 
'COMPOSITION CALCULATED//(18X 1 12,25X,F7.5424X,F7.51 /)) 
GO T(153 

49WRITE(4152)NSETtI1P4(IDENT(I) IZII),Y(I),I=11 NCOMP) 	• 
52 FORMAT(15H MIXTURE NUMBER4 13,/20X113H DEW PRESSURE//20H TEMPERATUR 

1E GIVEN =,F10.41 6H DEG.(//22H_PRSSURE CALCULATED =1F10.41 6HATMS.. 
1//10X,83H COMPONENT NUMBER 	VAPOUR COMPOSITION GIVEN : 	LIQ 
1UID ampostticm CALCULATED//(18X4I21 25X1f7.524X,F7.57 /)) 

53 NSAT=NSAT-1. 
NSET=NSET+1 



-1.-POSAT GT 0)G0 TO 54 
56 STOP 
24 WRITE(64.58),PRORA 
5-8 FORMAT(41H MORE THAN 5000.1TERATIONS TO CONVERGE PK I 2F10 5) 

GO -TO:56 
44 WRITE(6459) 
59,FORMAT(63H MORE THAN 150 ITERATIONS TO CONVERGE T OR P,RESULTS Sc 
lfWAREI, 
-'GO -TO-41 

22 MABS(1.—TOTALL.LT.0.05IGO TO 76' 
1FtWHICH.EQ.1)GO'TO 77 
IO(WHICH.EQ.2)G0 TO 78 
I0tWHICW.EQ.3)60 TO 72 

-TO 120 
UtTOTAL•GE.1017=11-0'.1-. 
IF(TOTAL.CT.1.)P=P+0.1 
GO 10,7 

120AFKTOTAL.GE.1.iP=P*0.95 
IF(TOTALAT.1.)-P=P*1.05 
GO TO 7 

77 IF(TOTAL:4GE.1.)T=T-0.5 
IF(TOTAL.I.J.10T=T+0.5 
GO TO 7 

78 IF(PAT.10G0 TO 121 
IF(TOTAL.GE.1.)P=P+0.1 
IF(TOTAL.LT.1.)P7P-0.1 
GO:TO 7 ' 

121 IF(TOTAL.GE.10P=P*1.05 
IMOTAL.LT.1.1P=P40.95 
GO TO 7 ' 

79 IfiTOTAL.GE.1.1T=T+0.5 
IF(TOTAL.LT.1.1T=T-0.5 
GO TO 7 

76 IF(WHICH.EQ4,1)T=T/TOTAL 
1FCWHICH.EQ43)T=T*TOTAL 



,,IFIWHICH,EQ.2)P=P-11. TOTAL 
101WHICH.EQ.4)PP/TOTAL 
GO TO 7 
ENO 

SUBROUTINE RICHMO(RATID,KCALCICOMP,VNEW OKOCOMPI 
DIMENSION KCALC(10)1pCOMP(10) 
REAL KCALC 
LOGICAL `OK 

FDASH=O. 
FDDASHk). 
OK=.FALSE. 
DO 1,N=IINC0MP 
TERM*KCALCIN)-1. 
X=TERM/(TERM*RATIO+1;A 
FVF04;117COMPUNY 
FDA4H=T DA SWIIK* X*COMP N 
fODASH=DDASH+X*X*X*COMP 64) 

1 CONTINUE 
:FDASH=-FDASH 
VNEW=RATIO-FV*FDASH/(FDASH*FDASH-FV*FDDASH) 
IFIVNEW.LT.O.WNEW=ABSIVNEW+RATIO)/2, 
fFIVNEW.GT.1.)VNEW47-(1.+RATIO)/2. 
IFIABS(1.-..-VNEW/RATIO).;LT.0.001)0K= TRUE. 
RATIO=VNEW 
RETURN 
END 



PROGRAM EQFL (TNPLITOUTPUT ITAPE5r4NPUT,TAPE6=-'0UTPUT) 
DIMENSION-M10)0(CALC(10),XX(10),YASS(10) 
DIMENSION PARTNL(10),PARTNV(10) 
DIMENSION LM110WfM(10)tVT(10) 
DIMENSION TREF(10),PREF(10),PC(30) 
DIMENSION IDENT(10),Z(10),Q(10,ETA(1. 0),TC(3D),V0301/ZC(30):-4W(30) 

1,X(101',FSTAR(10,10),RSTAR(10410),ETA1(10110)1TE(lat10),Vatat10)4T 
IH(100:0),PH(10,10),M0Z(10),MUQ110),DELF(10),DELH(10),PART(ID).1Y(12 
1)tOMP(10),VAPMOL(10),LIQMOL(10) 
DIMENSION A (10)# B(10) 
DATA TC/190.77,126.2004.2,373.0005,5012,4401.94. 1- 425.13t460o9:i46  

19i.7t rSD7 540.10,569.4',5:95.0519.440.1659..p677.1.695.,710,725.115 
10.11028344154477,33.44065.11562.01209f2/300.5i289.75/ 
DATA VC/96.72,90.1194.198.1 141.72J.95.7,255.8,251.62,308.01010,6 

14368.426.,4116.043.4602.,660.17184,7130.0830.04D.4950.04.571.124i, 	 co 
1,73,i64454181.0-1 260.1192.2,112.9,119.5) 
DATA ICf0.28793,4291/.2754484,.274113",•271371.28,a68640..2681.026134  

1.64.4,2642.2.595,.2561.;.251.246'1.242,,2371.231'.23234-#22,-.2914.27,.30  
1791010.305570.2t837i0.2741210.29110.2749110.289711. 
DATA W/0.0.051.04,.2254.11.15191.1781.201,.2082524,.3033,.3499 

1,.39459'.4398 1.4804.5208,.53§1.5281.6161.67921.710,1.0731.0210.1 
10.1.4510.211,0.10,.19,0.002/  
DATA PC/45.8,33.54,72.008.9,48.2142.01,36.137.47,32.86,33.308,29 

1.91 27.12446/ 22.52,20.14t 19.18,17.89,17.01,15.0,14.970.3.6440..1504 
1500:1`4“2.09,45.38,48,06,54.2,61.66,57.64/;. 
LOGICALLIQUIDIFLASHIOK 
LOGICAL FIRSTOONEgUANOZ 
LOGICAL MBAR' 
INTEGER WHICH,POIM 
REAL K IKCALC IM4,MUQ*LM,LIQFLOTLIQMPL 
REAL LIQEN 

CDMMON/TAIT/LIQUIDO/R0 
COMMON/PHITHE/TEIVE,X,HSTAR,FSTAR,T 	NCOMP HX,HXFXI TH,PH 
COMMON/DATE/TCO/CTZCIDENT 



COMMON/REFS/TCREFOICREF,MREFOCREE 
COMMON/UZ/ 	UANDZ,DONE,PRA,VR 
COMMONIREFTEM/TR,ZCRIF 
COMMON/ABlAit 	• 

Cl METHANE 	2..NITROGEN 3 
C-5 ETHANE' 	6 PROPANE 7 
C 9 ISO PENTANE 10 WPENTANE 11 
C13 OCTANE,  14 NONANE 15 
C17 DOOPECANE.  18 Cl3H28 -19 
C21 Cl6H34 22 ARGON 23 
C25 HYDROGEN 26 PROPYLENE 27 
C2 9 ACETYLENE 30 

READ(5,2) NFLASH 
2 FORMATAI3) . 

NSET=1' 
54 READ (5i1):' 

1 FORMAT 00H 
1 
11EAD(5,31 NCOMPIT,P,POIW 

3,:  FORMAT tI342F15.4,15) 
'READ(5;i4) (IDENTII4COMPW 	P) 

4 FORMAT ,(I2,10X,F7.5) 
READ(5,51) RATE 

51 FORMAT(F11.3) 
REA(14500.1 

88 foftmia(f1045) 
IFiNCOMP.,gQ.11G0 TO 21 
NC=INCOMP-1)*NCOMP/2 
REAQ(50-1- 

8 FORMAT,CF0.4) 
21 NCONV=0 

HBAR#-.FALSE. 
LCOUNT=0' 
TSTGRE=T 

4 HYDROGEN, SULPHIDE, 
8 N BUTANE 
12 HEPTANE 
16 UNDECANE 
20 C15H32 
24 OXYGEN 
28KRYPTON 

CARBON DIOXIDE , 
isp BUTANE' 
HEXANE 
OECANE 
C14.H30 
ETHYLENE 
BENZENE - 



IF(PDIM.EQ..2)GO TO 6 
A. 01- PDTM•E:0)P=Pi1,i.696 

If1P01M.E(1.3VP=P114.01325 
IFIPIDIM*Mii4)p*P*0.967741 
IFIPOMEQ.;5YP=P/760.; 

6 ,pCREFI=.45 
P-STORE#p 
TCREP=TC41) - 
NtREF=Vti1). 
iCREF=1Ctli 
WREF=Wil) 
M=1 
I- F(NCOM4Eg.1)NC=0 
DO-'11 I=1,NCOMP 
ETA1(LI I)=1 	• 	 N 
IF(M.GT.NC)GO TO 10 	 co . 
K1=I+1 
00, 11 J=K1,NCOMP 

ETA1tJ,I1=ETAlfI,J) 
M=M+1 

11. CONTINUE 
10 DO 9 - I=1,NCOMp 

N.-FIDENTTI) 
TR0(1)=TC(N) 
PAfF(1)=PCIN) 
FSTAR(I,I)=TC(N)/TCREF 

9 HSTAR(10)=VMWVCREF 
Do 12 1=1,NCOMP 
0Q 12 J=IINcomp- 
u(.liEQ.4)Go TO 12 
H=MSTAR(I II)**0.33333+HSTARIJIJI*,*0.33333)/2. 
HSTAR(I,J)=H*H*H 
FSTO(I,J)=ETA1(14J)*(FSTAR(I,I)*FSTAR(J,J))**0.5' 

12 CONTINUE 



90 WHICH7=1 
-F-LASH=.FALSE. 

53'DO- 43 I=14NCOMP 
Q411=COMP(1) 

43 X(I)=COMP(I) 
CALL FIXIT(T,WHICHINCOMF Q VT,TREF, PREF0) 
1F(WHICR.EQ.3)G0 TO 41 

80 NCONV=.O 
IF(.NOT4FLAS‘H)G0 TO 75 
DO 73 14,-41,NCOMP 

'XX(N)=COMP1N)/(I4—RATIO+K(N)*RATIO) 
YASSIN)*XX(N)*KIN) 
X(NI=XX(N) 
Q(N)=YASSINI 
IFIWHICR.EQ.1)G0 TO 85 

.X(N)=YASSTN4 
..Q(N.V=XXIN1 
GO T0_73_ 

85 CONTINUE 
73 CONTINUE: 
75 TOTALS=14 
,7 FIRST=4TRUE. 

IF(NCONV.EQ.1)TOTALI=TOTAL 
If(:FLASH)G0 TO 16 

160 DO 64 I-1-4,NCOMP 
64 X(I)=COMRII) 
16 CALL HF-, . 
14 VR=82454*T/P/VCREF 

TR=T*IIX/(TCREF*HXFX) 
NUMOER=0_ 
DO 15 W=LiNCOMP 
TE(M,M)=TR 
VE(M,M)=2. 

.IF(VR.L.T2.)VEtmomy=vR 
IF(VRAT.0:5)VEIM,M)=0.5 



15 CONTINUE 
DONE=4FALSE,; 
LIANDZ=FALSE. 

18 CALL THEPNI . 
NUMBER=NUMOER+1 

36 TR=T*HX/HXFX/TCREF 
PCP=824.054*ICREF/VCREF*HXFX/Mc*TCREF/HX 

:PRAP/PCP 

91AF(WHICH4Q.1)GO TO 29. 
4Ff.NOT.FI*ST/G0 TO 65 

26 LIQUID=.,TAtSE4 
69 CALL ZEOVIPIZCOMOZR,ECOEFF) 

IFtDONEIGO .  TO 23 
74 Pg"-TZCOM*Til/(2CREF*VR).  

DPR=TR*10ZR/VR+ZCOMUZCREF. 
ERFtIPR/PRA-1.410.100. 
ERR=A8SIERR) 
IFINO.GT50004GO TO 24 
IF(ERRAT.0.001)G0 TO 25 
DELRI--(PRA—PR)/OPR 
VR=1./(1./VR+OELR) 
VR=ABS(VR ) 
NO=N0+1 
IftNEXIT.E41.1160 TO 69 
GO TO 26: 

25 yft-F=vR. 
IFI(VR.LT.2).ANO.(VR.GT.0451/G0 TO 57 
IFIVR-4LT.O,,5AVRE=Oi5 
IFIVR-1.0T42'.)VRE=2. 

57 DO 34:.1:=1,NCOMP 
34 VEtLA/=VRE 
23 VOL=ZCOM*82.054*T/P 

jf..MONEIGO TO 35 
1FINUMBER.LE.3IG0. TO 18 



AJANO4..:.TRUE. 
DONE-4TRUE 
SO TO 36"!: 

35 CONSTImT/TCRgF*HX/HXFX 
V=VOL 	• . 
.dONT21=WyClitEF/HX 

TE(MO)=CONST1*THIMIMI 
37 VE(.110.1)=CONT2*PH(M,A) 

CALL DIFFER(OFiiDHX) 
UMIX=U*(1415FX/HXFX*HX)-(ZCOM-1.)*T*DHX HX 
HMII=UMIX+1COM 

92 VR=NOL/VCRfF/NX 
IFI(.NOT.FIASTI.ANDNOT4H8AR))GO TO .19 
CALL DELTA(DELKOELFI VR) 
PINXY7U*HX/HXFX 
pERKY=t/CONI/H.X. 
LIQEN=IHMIX-10.!1.9867*T 
IF1.NOT.HBARISTORLN=LIQEN 
00 38 1=1,,NCOMO 
MUZ(I)=FCOEFFA-PINKY*DEtF(I)+PERKY*DELH(I)tALOG(X(I)) 
IF(.NOT.H8AR)GO- TO. 121 
IF(LCOUNT.EQ.2)GO TO 122. 
PARTNL(I)7+1.9867*(T-1.0)*(T-1.4)/I.0*{MUQ(1)-HUZ(I)) 
XIII=VII1 
GO TO 38 

122.PARTNV(I)=+1.9067*(T-1.01 JT-1.0)/140*(MUQ(I)-MUZ1I 
. 'GO TO 38 

121 XIII=Q(1) 
NUQ(I)=MUZII) 

38 CONTINUE 
IF(LCOUNT.B1.2)GO TO 123 . 
IfIH8ARILCOUNT=2 
FIRST=.FALSE. 
GO TO 16 



. .29 IflOOT.FIRST100 TO 26- 
. 65 ORA=PRA*0.4969t

1ytrXIT=O .. 
 

TOTR*0.99848- 
CALL tIQIZON*U,'FCOEFF NEXIT) 
IENEXIT.EQ.IrGO TO 74 
iFiDDNEt00 TO 23 
GO TO.Z5.  

19CALLDELTAIDELHOELFIVR) 
405=U 41-WHXFX 
OIP=CZCOM-1.)/AX 
VAPEN=IHMIX-1.)*I.9867*T 
TOTAL=O. 

I=1!NCOMP 
PARTII)=F0EfF+B108*DELF(I)+PIP*DELHII) 
Y(I)=EXPIMUQUIPARTIII) 

40 TOTAL=TOTAL+Y(I) 
EgflOkA155(TOTAL-TOTALS) 
IFIER*OR.LT.0.000I1G0 TO 32 
00 .39 I=1,NCONP 
QII)=YII) 

39 XII)=Q(I) 
TOTAL5=TOTAL' 
GO IO 16 . 

32 1FfFLASH)G0 TO 5 
IF(A65ITOTAL-1.).LT.0.0001)G0 TO 41 
NCONV=NCONV+1 
IFINCONV.EQ.1)00 TO 22 
IFINCONV.GT.150)GO TO 44 
TOTDIF=TOTALl-TOTAL 
IFENCONV',GT.000 TO 31 
IF(TOTDIF4T.0,0001)TOTDIF=TOTDIF*100. 

31 TI=T-(GUESS-T)*(TOTAL-1.)/TOTDIF 
IF(ThLT.0.)T1=T-720. 
TOTAL1=TOTAL- 



.GUESS=T 
T=T1 
GO TO 7 
I.F(WHICM.EQ4)TBUB=T 
I F(WHICH.EQ.3)TDEW=T 
ITtWHICHEQ:3)G0 TO 30 
WHICH=3 
GO. TO 53 

30 IFI(TSTORE.GE.TBUB).AND.(TSTORE.LE.TDEW).)G0 TO 70 
WRITE(6,71) .tBUB,TDEW 

71 FORMAT( 43H TEMPERATURE IS OUT OF RANGE. .BUBBLE POINT=,F10.6,18H.D 
lEG KOEW:POINT =,F10.(029H 'DEG K I TEMPERATUTE IN DATA ISF10.6 1 6H D 
lEGAC): 

STOP 
70 DO 72 N=1.NCOMO 
72 K(N)*EXP(AAN)+B(N)/TSTOREVPSTORE 

RATIO=0.5 
FLASH7.TRUE. 
WHICH =1 
T=TSTORE 
P=PSTORE 
GO TO 80 

5  T0T=0 
00 81 N-71000MP.  
KCALC(N)=Y(N)/XX(N) 
/F(WHICH.EQ.3) KCALC(N)=YASS(N)/Y(N) 
DIFF=ABS(KCALC(N)-K(N)) 

81 TOT=TDT+DIFF*DIFF 
TOTSQRT4TOT/NCOMP) 
IFITOT.LT.0.001)G0 TO 82 
DO 01 N=1,NCOMR 

83 A(N)=SQRTIKCALC(N)*K(N)) 
Gib' TO 80 

82 CALL RICHMDIRATIO,KCALC,COMP,VNEWOK INCOMP) 
IF(OK)GO TO 84 



GO TO 80 
84 WRITE(6‘1) 

FIRST=4TRUE. 
MBARTRUE. 

.T=T+140 
LcopNT=1 

120POIINCOMP 
120 X(N)=XXINY' 

GO. t(i:16 
123 VAPfLO=RATIO*RATE 

LIQFLO=RATE-VAPFLO 
DO 52N=1 INCOMP 
IF(WHJCH.EQ...1)G0 TO 86'. 
LM(N)-(N) .  
Vt4(N)=YASS(N) 
GO TO 87 

86 LM(N)=XXIN1 
VM(N)=Y(N) 

87 LICMOL(N).=LM ( N)*LIQFLO 
VAPMOL(Ni=VM(N)*VAPFLO 

52 CONTINUE 
LIQEN=STORLN 
ENTH=RATIO*(VAPEN-LUEN)+LIQEN 
WRITE(6,46) (IDENTW I COMP(I)II=1 I NCOMP) 
WRITE(6i93)TSTORE IPSTORE4RATE,ENTH,RATIO,LIQFLC4LIQEMrVAPFL3,VAPEN 

1 1(IDENT(I),XX(IilY(I),LIQMOLOII VAPMOL(I),KMOARTNL(Il f PARTNV(T) 
41=1,NCOMP) 

46 FORMAT(21H SUMMARY OF FEED DATA//t6A441HCOMPONENT IDENTIFICATION 
1 MOLE FRACTION/(17Xi12,194F7.5/)) 

93 FORMAT(19H FEED TEMPERATURE =IF10.44.811 	DEGK/19H FEED PRESSURE. 
1 =4f1.0..4,911 	ATMS./19H FEED RATE 	 =iF11.3,10H 	MOLS/HR/1 
19H FEED ENTHALPY 	=,F11.3,13H 	CALS/GMOLE///14H FLASH. RESULTS/3 
11$ FRACTION OF VAPOUR VAPOURISED I F7,4/g 13H LIQUID FLOW=IF10.31 5H. 
IMOLS/18H LIQUID ENTHALPY '-1=2F11.3,11H CALS/GMOLE/13H VAPOUR FLOW=IF 
110:1.315H MOLS/18H VAPOUR ENTHALPY =IF11.3,11H CALS/GMOLE/101i 	COMP 



1PONENT 	LIQUID MOLE 	VAPOUR MOLE .LIQUID MOLES: VAPOUR MOLES 
JKVALUES . PARTIAL MOLAL -ENTHS/40H -IDENTIfIER 	FRACTION . 	F 
IRACTION,45Xi15HLIQUI0 NAPOUR/(7X,I2,11X,F7.517X,F7.5p3XiF9.41 5Xf 
1F-9.4,5X,f8.5,F10.31F13.3)4 
NSAti.NSAT1 
NSET=NStT41 
If(NfLASH GT.0)G0 TO 54 

5.6,:  STOP 
24 WRITE(6f 58) 
58 FORMAT141H. MORE THAN 5000 ITERATIONS TO CONVERGE' PR) 

GO TO 56 
44 WRITE(6,59) 
59 FORMAT(63H MORE THAN 150 ITERATIONS TO CONVERGE . T OR P RESULTS SO 

I.FAR ARE) 
GO. TO 41 

22 IF(ABSi1.-170TAL)4LTO 05)GO TO 76 	 va 
GUES=T. 
IF(WHICH.EQ.1)G0 TO 77 
IF(TOTALI.GE.1)T=T+0.5 
If(TOTAL.LT.1.)T=T70.5 
GO, TOrj. 

77 IF(TOTAL.GE.1.)T=T-0.5 
IF(TOTAL.LT.1.)T=T.+0.5 
GO TO 7 

76 IFtWKICHEQ.1)T=T/TOTAL 
IF1WHICH*EQ.3)T=T*TOTAL 
GO T0-'7 
ENO 



IVR.(114)1  
F.H'SPH( )=FHSPHI 	 J )4,11(1,-.))*F.( ,J) 

:11,spk( I )=HSPH( )+ 	XCJI*H-(11‘.1). 
T.g(I,',J1=TRAFTH(.11 J) 
Vt ( ,J)=Afft*PH1.1,J) 
DELT.H1 I, J1=0* • 
DeLpilti,o=o. 

2 ','CONTINUE 
D.IELF11 I )=2 ...*HXP)VHX*(FHSPHf LIHXFX-HSPH( )/HX )  
DELHI ( )=2.:.*HX*UHSP,H( )114X-1.1 
DELE.(1)=DELF1( ), 

ELM I )=OELH11 I ) 
.lcONT I NUE 

DO 4 - K=1, NCOMP.  

SUBROVIIi4E DELTA( DELI, 	VR ) 
COMMON/DEt /DT HOVR DTHDTR DPHDTR DPI-10Vtt H. _ 	. 	, 
COMMON/PRITSE/TE,VEIX,HSTARi*STARj 	NCOMP,10, HXFX,TH PH 
COMMOVREEtt,MiTR,Z.CREF  
D1MEN$+ON 'FHSPH(10)111SPH( 10),PH(10, 10) ITH(10,10):,H(n),10)',H.STAR(10 

1;10),0ThDTRC10,1044DTHDVR(10,10)1DPHDTA(1091,0)4DPHDVR410,1.0),X(10) 
1,Fil.0,10,1,TE,(1-0,10),VE(403 IG),DELTHOD,10),DtEPH(10410),DELFUTO) • 
1DeLH1(101,DELF(10),DEla(14) ,DtLfR(10,10)- ,DELVR(10,10) ,FSTAR( 10,10) 

DO - 1 1=I,.NCOMP 
,.FHSP174(1)=0".. 
HSPHU)=00-
DO 24=1,NcOMP 
PH(1,J)=81 I,JIMSLTAR(I.,J) ,  
THI 1,4);t7S-40111111111).-*TH(J9 ,1))  
THI4=0.5/TH( 
0THDTRtitj)L-11414*(111(J,J)fOrticaR(=ivi)+TH(.1,1)*DTHoTRtJ01) 

lisTuctirt(I ) +TH (I t  )IDTHOVR 	) 
PPHDTRaist)=0.5/HSTAR( I, .1)4F1 HSTAR(J,J )*DPHDIRL1.1,1)0STAR(1 ) DPHD 

1.417 11 )  
OPHOVR( lj )=0.5/HSTAR1 	tHSTAR(,1,J )*DPHDVR4 J,J.14HSTAR( I, )*DPHD 



BEFORE=Ds: 
5 - SUMI=0*. 
..S.)M2=0. 

TERP11.7.1-WHXfk*OELF(K) 
'. TE1012=OELfIM/HX 
15031,NCOMP 
DO 3 .1401qomp 
tvELTR(t,J)=TE(I,J)*(DE40414,1)/THJI,J4-rami) 
DELvR“/J1=yE(I,J)*(pg0)14tI,J),PH(r,..1)-TERm2) 
OELTHUI,J)=DTHOTR(1 1 J)*OATR(T,J)+DTHDVR(I,J) PELVR('I,J), 
DEL111(44)=OPHDTR(ItJ)*DELTR(T;J)+OPHDVRII Iii*DEI,VR(I1 3) 
SUMI*SUM1+X(11*X(J)*DELTH4I4J)*FSTAR(I4J)*H(I,J) 
SUM2M2+X(1)i)c(J)*DELPH(I1J)*H$TAR(41,1)*(F(liJ).-'11XFX/HX) 
SUM3=SUM3+X(I)*XIJI*kSTAR(I t 4)0ELPHII,J1 

3 CONTINUE .  
TOTAL..'41SUM14--SUMg)/HX 
DELF(K)=DELFLIKI+TOTAL 
DELH(K)=DELHIIK)+SUM3 
IFIABSIBEFORE—TOTALLLT.0.0001)GG TO 4 
6EFORE=TOTAL 
GO TO 5  

4 CONTINUE 
"RETURN 
END' 



-SUBROUTtNE DIFFER(OFX4DHX) 
COMMON/DEL/DIMDVRIDTHDTR,DPHDTROPHDVRIFI H 
COMMON/PHITHE/TE'VE,XOSTAR,FSTAR IT. .iNCOMP HX,HiFX,THOW 
COMMON/REFfeM/TR I ZCREF 
COMMON/OM/WtVR: 
COMMON/OATE/TW/C,ZCODENT 
COMMON/11EFS/TCREF;VCW'WREFOCREF 

"DIMENSION W(10),TCt_3010C(30)a,C(30),IDENT(10),TE(.10,10)iVE(10f10) 
1,X(10)pHSTAR(10,10)IFSTAR(IOLID),TH(10/10)0H(40 / 10),DTHDIR(10,I) -
11DTHDTR(10,10) ORHDTR(10,1040PHDYRO(3p10)pF(10,10)0410,10),G(10) 
11DVRDTA(10).pDTRDTA(10),DTHDT11014DOHDT(10),DH(10,10) 1DF(10t10),DTR. 
1DTCt1011DVRDTC(141,VP(10) 
DO 1 III NCOMP, 
F(III)=FSTAR(14.1)4TH1111) 	 ro 
Hu,I)=HSTAR(Ip1)*PH11,1) 	 4.4D 

VD 
01)=H(II I)**0.33333 
VRED=VE( 1p1 
IF(VREU.GT:4,2.)VRED=2. 
IF(VRED.LT.6,5)VRED=0.5 
TREO=TE(`I,I) 
II=1DENt(I) 
21=1C(II) 

. 14I=W(1) 
DTHDTR(III)=(14I-WREF)*(-0.8493/TRED+0.4506/(TRED*TRED)*(VRED-0•5)) 
DPHDTR( 1 / I )=2CREF/ZI*( W I-WREF)*( D.3903* ( VRED-1.0177) -0.9462* ( VRED- 
10.7603)/TRED) 
IF((VE(,I/I).LT.0.5).0R.(VE(I,I).GT.2.))G0 TO 12 
DTHOMI,I1=(0.3063-0.4506/TRED)*(WI-WREF) 
OPHOVR(IpI)=2CREF/Z1*(WI-WREF)*(0.3903-0.9462*ALOG(TRED)) 

13 OVRDIA(1)=0.1. 
DIRDTA(I)=0.1 
CONTINUE 
NCOUNT=1 

8 DO 2 I=1INCOMP 



OTHOTtt)=OTHOTIkthIj*DTROTAM+DTHOVR( I, I)*DVRDTAI I) 
DPHDT II/FETHOTR(rO)*OTROTA(T)+OPHOVR(I I I)*OVROTA(1). 
DHII,11STAR4E,4)*OPHDT(I)> 
,OF(Ii1)=F$TAAIIiIiikOTHOT(I) 

2 CONTINUE  
OF)C4O4 
OH)(0.. 
00 3. I=1,NCOMP 
DO-4 J=I,NCOMP 
1f1I.E(;)*JIGO TO 5 
DH(11 J1=i3.5*(DH(I,I).+DH(J,J)) 
'0IJ=0.5*(GlIl+G(J)) 
F(I,J)=FSTAR(I,J)*SQRT(TH(I,I)*TH(Jt4)) 
H(1,J)=GIj*WJ*GI4- 
OFUI,J)=-.FSTAR(liJ)*O451SIATITH(1 14).*TH(J,J))*ITH(I )*OTHDT(J)+TH( 

1444)*OTHDTVM 
5 Of)(Dt)(4-X(4)!XAJ)*IH(II J)*OF(I 3)+OH(I J)*F1I J1) 

OHX=DHX4)(4I10((J)*DH(t4J) 
A CONTINUE 
3-CONTINUE . 

OF)=OFX/HX-HXFX/HX*DHX/HX 
TOT=O. 
00 - 6 I=1,NCOMP 
OTROTC(.1)=TE(I 1 1)*(DTHOT(I)/TH(I,I)+1./T-,HX/HXFX*DFXY 
OVROTC(I17-VE(I,1)*(OPHOT(1)/PH(1,1)-DHX/HX) 
DIFF=DTROTC(I),-OTROTA(I) 
40T=TOT,FOIFFiWIfF 

6 CONTINUE 
COMPN=NCOMP 
ERAOR=WRTITOTI/COMPN  
IF(ERROR.LE.4.00001)G0 TO 7 
DD 9 I=I4NCOMP 
OTROTA(I)=DTROTC(4) 
OVROTAtilri.OVROTC(l) 

9 CONTINUE 



IF(NCOUNT.GT.401G0 TO 10' 
NCOUNT=NCOUNT+1 
GO TO A) 

12 DTHDVR(II II=0. 
DPHDVR(I,I)=0. 
GO TO 13' 

10 WRITE(64111 
11 FORMATI43H MORE THAN 40 ITERATIONS TO CONVERGE DTR/TR) 
'f RETURN 

END 

SUBROUTINE tIQ(COMP,U,FCOEFFINEXIT) 
COMMON/LIZ/ 	UANDZIDONEORA,VR 
COMMON/TAIT/LIWID T VRO 
COMMON/REFTEM/TR,ZCREF 
LOGICAL UANDLI DONEILIQUID 
H=-17.4897+15.9000/TRtEXP(10.5003*1R711.0064); 
C2=EXP(5.94009-2.105715/TR-0.986772/(TR*TR)) 
PRO=EXP(4.77726-4.782895/TR+0.73611*ALOG(TR)) 
LIQUID=.TRUE. 
C=C2/PRO 
C3=EXP(50.908*(TR-1.)) 
IF(TR.GT.1.)GO TO 3 
XT4=EXPI0.835314004175105*ALOG(1.74R)+0.2 4866*C3) 
VRO=1./(I.+XT4) 
ZC=ZCREF 



TERM=(ORA+H)/(PRO+H) 
I F(TERM)3i344 

4 VR2NRO-ALOG(TERM)/C 
COMP=ZCREF*PRA/TROR 
IF(.NOT.DONE)GO TO 1 
DPRO=PRO*(4.782895/TR+.73611)/TR 
0c=C2.44(2.105715+1.973544/TO/ITA 
(4,VRO*VRO*XT4 
P9R0=-X4 *(0.4175105/1TR-/.)+10.93839B*C3) . 
1141=*15.9008/(TR*TR)+10.5083fEXP(10.5083*TR7-110064) 

5 U0=(-0.29152279+1.934121/TR-(0.2531244-0.3&00509/TR)*EXP(15. (1.00 
1238!TR-1.)))/VRO*(-1.) 

FM=-EXP ( 3.5197242-4.4195532/ TR'7 .2808837*ALOG ( TR ) ) 
ZM=ZCREFORO*VRO/TR 
IF(NEXIT.EQ.1) GO TO 6 
01.7U044C*((VR-VRO)*(H/TR7DH+(PRA+H)/C DC1+(PRA-FRO)/C*(1./TR-(DPRO+ 
1DH)/(PRO-41)-C*DVRO+DC/CY) 
FCOEFF=FM+COMP-ZM-ALOG(PRA/PRO)+ZCREF*6VR-,VRO)*H+(PRA-PRO)/C)/TR 

1 RETURN 
3 NEXIT=1 

RRA=PRA/0.99691 
TR=TR/0.99848 
CALL ZEDU(U/ COMP IDZR,FCOEFF) 
WRITE(61 75)TRI VRORA 

75 FORMAT (76H HAD TO CALCULATE LIQUID PHASE WITH VENNIX EQUATION AS 
1TAIT WAS UNUSABLE TR=tF10.4,4H VR=if10.41 4H PR=iF10.4) 
IF(.NOT.DONE)RETURN. 
TR=TR*0.99848 
PRA=PRA*0.99691 
GO TO 5 

6 U=U+UO 
FCOEFF=FCOEFF+FM-ZMtALOG(ZM)-1. 
RETURN 
END 



SUBROUTINE ZEDU(U4COMPtD4RpECOEFF) 
DIMENSION AI5)tB(5)0(5),S(0),F(2)/E(2)0.1518) 
LOGICAL UANDZOONEI LIQUID 
AEAL K  

:tCOMMONITAIT/LIQUID,Vk0 	::,- 
0044ON/UZi 	m AJANDZI DONEglikA4VR 
COMM0N/REfTEM/TRp2CREF 
DATAU5/0491717321 -0491.71732,0.2627662,70.26276620.39833324,-0.3 

19833324,0-.48014493,-,0.48014493/, .2 	• 	- 
.1Si0.181341B94040134189;.0.15685333r0.1.56853331 0.111190521 0.4111905 
12.4.05061427. 0.05061427/  

• DATA Al-71.907913140.185940410.620608517-06050965',0.1390605/ 
DATA $/-0•798644610.19478959-04916982.03.41105961.70. .0650830/ 
DATA D/-'0.8398430,70.51679661 2.4138572,;7467935390.3022386/ 
DATA Et$477580150.1733543/1 F/7.- 2275164 9--1.1449913/tGATO,K,ALPHA,B 

1ETAO1HO /844235581-0.774286,143948301 0.868917*24226390,0..697342/ 
F. COEFF= 
U=:0. 
RBET3=(BETA4AHO)**3.  
RALF3=tALPHA+RHO)**3 
IF(.NOT.UANOZ)G0 TO 26 
DO 271=118 
R*(U5(I)+0•5)/VR 
IF(LIQUID)R=0.5*(1./VR0+1./VR)+U5(I)*(1./VR-I./VRO) 

26 IF(..NOT.UAND2)R=1./VR 

R3=R2*R 
R4=R3*R 
R5=R4*R 
CB=B(1)*R+B(2)*R2+8(3)*A3+8(4)*R4+B(5)*R5 
CA=A(1)*R+A(214-R24-A(3)*R3+A(4)*R4tAJ5)*R5.: 
RPLUSR=RHO+R 
RSQ=RPLUSR*RKOR 
RCUBE=RSQ*RFLUSR 



CC=11-1 RSQ*(RCUSERALF3) (RBET3!-RCUBE). 
COL1)41)*RtD(2)*R24N31!R34 0(4)lkR4+0.(5)*R5 
CE4EI11-4-E(2)*RCUBE  
CF=F(1)+F(2)*R .  
TT*1../TR 
EXPi=EXPIG-CE*(TR-T0)1 
EXFITIEXP(K7CF*TT) 
°:)CC*041.1 
QQ#CO*EXP2 
IM7C8-4CA*TT+(cl 0())*TT 
IF(UANOZ)G0 TO 3A 
IF(OONE) G0 TO 1  
DCA#Ai1)t2*A(2)fR+3.*AJ3)*R2+4.*R3*A(4)+5.:*A(5)f-114 
.005FS(1)+2.*B(2)10k0- 13.(3)*R24744*B(4)?R34.54!B(5..)*R4 
DCO7O(1)42.*O(21*R+3 41.1)(3)*R34-4.*0(4)11.R3+5.*D(5411R4 
OiR=DCB+TT*PCAA-9*TT4(1,./R+2./RPLUSR4-3.*RSQ*(1./(RCUBE7-RALF3)-1./1R. 

IBET3RCUSE)-7E(2)*(TR*TO)))+EXP2*IDCD-CD*f(2)*TT/IFTT 	• 
IF(.NOT.UANDZ)GO'TO 37 

36 aTT=ITT*ICA*TT-Org*(CE+TT)+QQ*TT*(1.-TT*CF)))/R 
U=S(I)*DIT41 
FCOEFF=FC0EfF+S(I)*ZWR 

27 CONTINUE 
IFII.IQUICOFVRO=FCOEFf/VRO 
IFI.NOLA-IQUIDIfVRO=Pe 
IF(LIQUIDOO-TO 
U=U*TR/VR.Ittl.) 

3 CONTINUE 
UANDZ=.FALSE. 
GO TO 

1 KOEFF=ZM=AlOGUM41-0+FCOEFF R 
rCOEFF=FCOEFF4TVRO: 

37 COMP=,04+1. 
IFOONE1UANDZ=.TRUE* 
RETURN 

2 U=V4TR*(1./VRO=14-/VR) 



GO TO 3 
END 

SUBROUTINE FIXIT(T1WHICHINCOMPO4VTITCIPC,P) 
THIS IS' THE-FOURTH VERSION OF FIXIT 

DIMENSMN:TC(10)-,TC(10) 
DIMENSION Q416tiVT(10)07(10) 
DIMENSION -A “010(10) 
INTEGER WHICH 
COMMON/AB/A,B. 
IF(WHICH.EQ.3)GO-TO 5 
TOLD=20.0. 
eSTORE=V 
DCY9'_,M=1,I NCOMP 
IF(PSTORE.GT.PC(N))1)=0.9*PC4N) 

• A(M)ALOG(PCIN))--VT(N)/(TC(M)-VT(N)V4ALOG(O/PC(N)) 
BiNir-'ALOG(P/PC(N))*Tt(N)liVTINUITC(4)-VT(N)1 
P=F0STORE,7: 

9 CONTINUE 
TFUNC=G. 

OERIV=0.• 
DiltftraINCOMP 
VAPEXPIA(N)+B(N)/TOLD).  
FUNC7-FPNC4Q(N)*VAP 
DERTV=DERIV+Q(N)*VAP*B(N)/TOLD/TOLD 

1 CONTINUE y 	, 
TNEW=TOLD-IP-FUNCt/DERIV. 



IflABSITNEW-TOLD).LT.1.5160 TO 3 
TOLO=TNEW 
GO TO-  7 

3 T=TNEW. 
D0'2 *=1/ NCOMP 
VAP=EXPIA(NI4B(N)/T1 
9INV=Q(N)*VAP/P .  

g.:CONTINUE 
RETURN 

HFUNC=0. 
DER-I =0. 
DO 10 N=1,Ncw 
YAP=E0(A(N)+SCN)/TOLO) 
.FUNC=FUNC+WNWVAP 
DERIV=0(NI/TOLD/TOL6/VA0 Q(N)+DERIV 

10 CnkTOWE 
TNEW=TOLD-iP*FUNC-1.)/P/DERIV 
IFIABSITNEW-TOLDI.LT.1.5)G0 TO 4 
101D=TNEW 
GO TO 5' 

4 T=TNEW 
DO 6 N=1 / NCOMP 
VAP=EXPIA(N)4-8(N)/4 

12 Q(N)=Q(N)*P/VAP 
.6 CONTINUE 

P=PSTORE, 
RETURN 
END. 



SUBROUTINE THEPHI 
DIMENSION JE(I0,10)1VE(101 10)1 K(10),HSTAR(10/ 10)',FSTAR(101 1 )014(1 
10,10),TH(10110)0(10.110)tf110110I1G(10)1VP(10),W(10) 
COMMON/PHITHE/TEI VE.XOSTARtFSTAR I T 	INCOMPOIX tRKFX THOH 
tOMMON/DATE/TC(3.0)tVC(30)4ZC130)4IDENT(10) 
COMMONIOM/W1 VP 

-:-.COMMON/REFS/TCREFt VCREFIWREFOCREF 
COMMON/REFTEM/TR1 ZCREF 

7 DO 1 1=1NCOMP 
TEI=TE(It I) 
VEI=VE(ItI) 
TH(III)=1.+(W(I)-WREF)*(0.0892-'0 8493*ALOG(TEU 41. 0.3063-0.4506/TE 

N=IDENT(I) 
PH(1,1)=ZCREFIZC(N)*(1.+(W( )-WREF)*(0.39D3*(VEI-I.0177)70..9462*(V 

1EI-.047663)*ALOG(TEI))) 
TE(14 I)=TR*TH(II I) 
F(II I)=FSTAR(I f Il*TH(I I I) 
H(ItI)=HSTAR(IrIf*PH(ItI) 

I G(I)=H(II I)**0.33333 
KOUNT=1 
HX=0. 
HXFX=0. 
DO 2 I=1,NCOMP 
DO 3,1=1 INCOMP 
IFII.EQ.J)GO.J0 4 
GIJ=0.5*(G(I)+G(J)) 
H(It j)=GIJ*GIA*GIJ 
f(11J. )=FSTAR(I1 J)*(TH(I I I) TH(J,j))**0.5 

4 HX=i1X+X(J)*XiIi*H(I1J) 
HXfX=HXFX-4-X(I)*X(J)*H(I 1 J) F(I,J) 

3 CONTINUE 
2 CONTINUE 

TR2=T/TCREF*HX/HKEK 



IF(ABS(TR2—TR)*GT.0.0001)GO TO 5 
:TR=TR2 
RETURN 

5 IF(KOUNioGT10)GO TO 6 
KOUNT=KOUNT+1 
TR=TR2 
GO TO 7 

6 WRITE(69 81 
8 FORMAT(39H MORE THAN 10 ITERATIONS TO CONVERGE TR) 

STOP 
END 

SUBROUTINE HF 
COMMONIPHITHE/TE / VEIX#HSTARIFSTAR,TINCOMP,HX,HXFX,THIPH 
DIMENSION TE(10,10),VE(10,10)1X(10),HSTAR(10,10)IFSTAR(10,10)1 THil 
10,1010H(10,10) 
HX-;=0. 
HIFX=04 
001 I=1,NCOMP 
DO1 J=1,NCOMP 
HX=H>(+X(J)*X(J)*HSTAR(I1 J) 
HXFX=HXFX+X(I)*X(J)*HSTAR(1 1 J)*FSTAR(I,J) 

1 CONTINUE 
RETURN 
END: 
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