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ABSTRACT

The principle of corresponding sfates is developed for the
prediction of the thermodynamic properties of both pure substances
and mixtures. Three parameters are used in the defining equations
- reduced temperature and volume (modified by shape factors) and
an acentric factor. The thermodynamic consistency of the shape )
factor correlations was checked and found éatisfactory. The
acentric factor is constant for all conditions except for
subcritical vapou¥-liquid equilibrium where it is varied with
temperature or pressure.

A mixture is modelled either as a single hypéthetical
substaﬁce,.or as an. ideal mixture of hypothetical components,
The former model is used throughout the work as tests showed that
the latter had no great advantage over the fgrmer. Methane was
used as the reference substance and the components of all mixtures
were amongst light hydrocarbons to hexadecane, components of air,

hydrogen sulphide and benzene,

Four computer programs have been written to predict the

following propexties.

1. Compressibility, internal energy and enthalpy at (120-623)K,
(0-1000) atm. Agreement with experiment was good - 0,1% difference,

with up to 5% maximum in the critical region.

2., Adiabatic and isothermal Joule-Thomson coefficients. These
were 10% in disagreement with recent experimental work, and up to

25% with pre=1940 results. .
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3. Vapour-liquid equilibria, Nineteen binary systems were
computed as either dew or bubble lines in the range (88-500)K,
(0-200) atm. Bubble calculations were possible to within 5% of
the critical point, and dew calculations up to the point of
maximum concentration. For nine ternary mixtures, four 4~ and 5-
component mixtures and eight natural gases, poipt values on dew
or bubble lines were computed in the range (907370)K,

(0-100)atm. Results agreed well with experimental work.

4, Isothermal flash separations. Computed phase compositions for

twelve mixtures under various conditions agreed well with

experimental work.
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Nomenclature.
8y = a5 constants in Vennix's equation ;f state (2'7)f
A Helmholtz free energy.
b, - b5 constants in Vennix's equation of state (2.8).
c ] constant in Tait equation of state (2.26).
Cp‘ specific heat at constant pressure. |
CA - CF constants in Vénnix's equation of-state;
d; - d5 constants in Vemnix's equation of state (2.9).
él’ e, constants in Vennix's equation of state (2.11).
f . _ corresponding states parameter.
£, 1, constants in Vennix's equafion of state (2,12).
F a function.

fugacity.
G 1. a constant in Vennix equation (2.6).

2, Gibbs free energy.
h corresponding states parameter.

partial molal enthalyy.

oy ]

H 1. a constant in Tait equation (2;26}.
- 2. configurational enthalpy.
k 1. a constant in Vennix's equation (2.6).
2. Boltzmann constant (1.4).
3. As(l—R12), Prausnitz's (12) unlike pair

interaction constant.,

K ‘ ratio of vapour and liquid mole fractions.,
n number of moles,
N 1. number of molecules (Section 1, up to equation 1.4).

2, number of components in the mixture.
P vapour pressure.
P pressure.

q ‘ mole fraction of a component in.the feed to a flash.
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1. molar flow rate of feed to a flash (Section 2.5).
2, configurational integral (Section 1).

1. intermolecular distance (Section 1).

2. any molar property (Section 2.3).

gas constant. .

partial molal entropy.

entropy.

a constant in Vennix's equation of state (2.6).
temperature. |
intermolecular potential.

configurational internal energy.

1., volume.

2. ratio of vapour product to feed in a flash.
mole fraction of a componenﬁ.

molar flow rate of liquid product in a flash,

mole fraction of a component,

molar flow rate of vapouxr product in a flash,
compressibility factor.

1. a constant in Vennix's equation of state (2.10)
2+ & general component

3. relative volatiiity

1. a constant in Vennix's equation of state (2.10), -
2. a general component.,

1. differential operator {Section 2.3).

2, finite difference. (Section 2.6).
characteristic energ&; |

>chemica1 potential,

adiasbatic Joule-~Thomson coefficient.



density.

collision diametex.

isothermal qulefThomson coefficient.
shape facfor for volume.

shape factor for temperature,.

acentric factor.

omn € @6 Q| A

correction factor for interaction energy.

Subscripts

0 reference compound.

] saturation state.

A actual state (given).

X ‘ pertaining to a hypothetical single substance.

replacing the mixture.

«® pertaining to component &

Superscripts .
C critical property.

B excess property.

R reduced state.

S saturation state.

t total property.

" second derivative.

1. variable in Gauss quadrature method of integration
(2.59).
2. first derivative.

* ratio of critical properties only.
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INTRODUCTION

Methods for the computation of multi-component vapour-liquid
equilibrium and other thermodynamic properties have proliferated
during the last two decades. Many factors have brought about this
growth. The most doﬁinant are the great increases in the
production of o0il, natural gas and petrochemicals, and the
phenominally rapid development of electronic computers. Suppl& of
technological know-how has been able to keep pace with demand, to
bring about growth in the science of chemical engineexring which
once relied on the slide-rule and the enéineer's experience.

A further benefit from this expansion has been that theories and
ideas in the past put aside as impractical - that is requiring
what was thought near infinite computation times - can now be
developed. Advances have been made too in the understanding of
intermolecular forces and their relationship with thermodynamic.

properties.

Thé properties of real gases and liquids deviate from ideality.
The knowledge of this ‘deviation and how to calculate it, is thus
of primary importance. The best methods are appropriate to both
pure substances and mixtures. While calculations for pure
substances usually‘preseﬁt few computational difficulties, those
for mixtures almost inevitably produce a mass of computations often
beyond the limit of human endurance. This has brought about
develoﬁment of methods for calculation of thermodynamic properties

by computer.

Bagically there are two requirements = an equation of state

and a method of computation. Equations of state have been developed

1

since van der Waals first proposed his nearly a hundred years ago.
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There are two types of thermodynamic data: one phase properties
which need only an equation of state - such properties as
compressibility, enthalpy; and multiphase properties which need
additional computations to find equilibrium, properties such as

fugacity and composition.

The first type - one phase properties — have been computed as
long as the equations of state have been there to use,
The second type - which need so much more trial and error in order
to find'the'equilibrium states - have been calculated with greater

acouracy only since the advent of computers.

The first development of an equation of state specifically
applicable to computer work was by Benedict Webb and Rubin in 19Bi
(111), and is usually known as the BWR equation of state.

It was developed fbr use with mixtures of light hydrocarbons.

(Cl - 07) andvvarious alkenes - in- all twelve substances. Its range
was (1~250)atm and (200-477)K. The thermodynamic equilibriuﬁ was
achieved by balancing fugacities in each phase. So_mewhat limited |
in application at first - it has been eipénded and improved by its
adherents, and, for many cases, still holds its own today.

In 1961-, came the work of Chao and Seader (112), ﬁsmg the
equation of state of Redlich and Kwong. Their method is also based
on equating_the fugacities in each phase to establish equilibrium.
The method needs a‘large computer for solution of the.equations

-

involved, and has gained very widespread use.
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Prausnitz and his colleagues (92) have done much'work on this méthod,
expanding and perfecting it. The Redlich-Kwong equation of state

is an equation of state for the vapour phase which can be applied

fo a wide range of compounds, ﬁithout the use of a reference

substance, and provided suitable constants are available.

It has been claimed (123) that there ére only two ways of
predicting thermodynamic properties, either by the use of a
completely empirical equation of state, or using amr equation of
state for the vapour phase and predicting the ligquid phase
deviations from ideaiity by empirical equations for the excess
fundtions. There is another method however, developed first by
Lelend and his colleagues (6, 9, 11, 17, 121, 124), and later
Rowlinson (1), and which uses an exact equation of state applicable
t0 both vapour and liquid phases of g particular substance in conjunction
with the principle of corresponding states, This method avoids the
d%scontinuity between phases introduced by the other two methods
just mentioned. This disadvantage of discontinuity between phases
is acknowledged by Prausnitz (123). This third method of Leland's

also has the advantage of being solidly' based on: theory.

The basic idea of the prihciple of corresponding states is that
for very many substances, intermolecular forces can be defined by:a |
relationship between intermolecular distance and energy only.

The thermodynamic properties of é substanée can be found from
those of another Whose propexrties are known simply by the appropriate

adjustments to the parameters of this relationship.
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Successful application of the principle of corresponding states

needs a very exact equation of state for the reference substance.

In recent years many such equations have been developed - especially
for methane, as so much a'nccuraté P-V~T data are available for it.

In this work, the equation of state developed by Vennix (16) is
used. In addition the two parameter (eritical temperature and
volume) principle ‘of corresponding states is enlarged to include a
third parameter, the acentric factor. The acentric factor is included
in such a way that parameters are modified by shape factors.

These shape factors were proposed and developed by Leland and
co-workers. Shape factors eliminate the slight lack of conformation'
of a P-V-T surface to make it a perfect match with that of the

reference substance. Where there is conformality, the shape factors

are all 1,0,

The application of the principle of corresponding states in
this work is to hydrocarbons, rare and common gases, as both mixtures
and pure substances. It is used to computg compressibility factors,
enthalpies, Joule-Thomson coefficients, and vapour-liquid equilibria
(both saturation and flash) in a wide range of temperature and
pressure, (90-520)K and (0-1000)atm. Where possible, comparison.
is made both with properties experimentally determined and with
properties computed by other methods, in order to evaluate this

method of prediction. y

The aim of this work has been to ﬁroduce programs which are
usable as chemical engineering tools. Wherever possible thé
procedures are general and no program contains any procedure specific
to a system or compound. A copy of Leach's program PROPERTY (17)

helped greatly in the development of the original program in this

work - the one for computation of enthalpy and compressibility factors,
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i

Original work has been done on the adjustment of acentric /
factors: In this woxk the acentric‘factqr is allowed to vaxry with ///
temperature and pressure to enable exact saturation data to be ///
predicted for pure substances. The program to calculafe flash///

separétion uses a technique of matching chemical potential for

equilibrium, which has not been used elsewhere, as far is known.



19

Section 1

The Principle of Corresponding States.
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Configurational properties are the thermodynamic properties
which define the equilibrium state of a system. This means that
they arise from the forces of interaction between molecules =
they depend on the configuration, and are independent of the
intermnal properties of the molecules themseives. For a pair of |
simple molecules the energy of interaction between them is a

function of their distance of separation, r, only (1).

Fig 1 shows a typical variation of intermolecular

potential with separation.,

CFiz 1

Since for many substances, the variation of u with r is very
similar, it should be possible to deduce one potential function

from the knowledge of that for another species,

Suppose weihave species 1 and 2, then we could write the
intermolecular potentials ull/‘" and uzz/kz‘ as functions of -

gfn = 8,r -
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Now let species 1 be at conditions V and T, and species 2 be at a
corresponding state such that the volume is V(J:'Z/J“)3

and the temperature is T ( ézz/‘“ ). In this way, there will
be corresponding configurations .in each systems. From this it
follows that the configurational integral Q_of species 1 is

related to that of species 2 by the expression

Q,[vT]= (0,0 f5,) " @, [V(Bna o), Tlesa feu]

(1.1).
(The variables of thermodynamic functions are shown enclosed.in

square brackets.)

The ratio of the energies € is abbreviated to f, and the
'
ratio of the intermolecular distances is gbbreviated to h /3 .

Equation (1.1) can be written in the form: -

Q[V'T] = hli\Lrl,o % [V/hn o'T/fn o] (1.2)

o, eans 6“/6“ and hll,o means ( / ) ‘

In this way, the configuration integral of any substance 1,2,3

where f11

can be related to a reference compound O, From equation (1.2),

we obtain for the configuration Helmholtz free energy,

A ==kT 1n Q (1.3)

and from (1.2) and (1.3)

A1[V T] f11,0% [v/hn 0!t 11,] NeT 1n hyy
(1.4)
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Since "(SA/av)f is‘ equal to pressure P’
AL RIS [y g/t o] (@25)

From the definitions of fll

’o‘and hll,o’ it can be deduced

that they can also be expressed

(1.6)

11,0 = /T, and hyy o=V

where-Tl, To and Vi, V are the temperatures and’ volumes at which

substances 1 and O correspond.

Substituting (1.6) into (1.5) we have for the compressibility

factor Z,

Zy [V’T] = 2, [V/hu,o, 'I;/fll,o] 1.7

Since the definitions of the parameters £ and h above apply to any

temperature or volume, they may also be writien

B = WAL mimy o= AL

11,0 11,

writing the reduced properties for species 1,

&,

and substifuting (1.8), we have for the reference substance,

vy = v/vz;hll,o - v

o 1
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and
R c R
TO = T/Too fll,o = Tl

Thus equation (1.7) can be written in the more familiar

form of the Principle of Corresponding States

o[ - 5[ 2] o

The name "conformal" is applied to the members of a set of
substances whose intermolecular potentials are of the form
described above, and hence to which the prineciple of

corresponding states applies, in the form defined in equation (1.10).

However, since in reality very few substances conform exactly,
in order to apply the principle of 6orre9ponding states to a

wider range of substances, a third parameter has been proposed,

(3).

Treatment of the céncept of corresponding states by dimensional
analysis by Reid and Sherwood (4), Hakala (5) and others (6,7)
shows that it depends on many more than the two parameters
(v®, T°) assumed here, Hakala shows further that V° and T° are
the fundamental critical constants in the law of corresponding
states. The contribution of parameters such as polarizability,
molecular mass, moment of inertia etc. to the accurate
description of the P-V-T surface is generally negligible, Thgy are
all neglected in the work described here, The third parameter is

sufficient to produce conformation.
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Pitzer called this parameter the acentric factor, ¢v

and defined it by the empirical equation

W = log P -1.000 (1.11)

P in equation (1.11) is the ratio of the vapour pressure (at
o = O.7)rto the critical pressure.

' Tt has also been proposed (6) that the critical
compressibility 7% could be used as the third parameter, This has
- the disadvantage that it makes an exact fit for corresponding
states at the critical poinﬁ, with increasing error at growing
distance from the: critical point. . Furthermore 7% can be . determined
only with the low accuracy of the critical volume, Vc which is
rarely better than 2%. On the other hand, & is defined at

TR = 0.7, which is a region of much greatér practical interest.

Any errors which will occur in the critical region are not of great

importance.

This extension of the principle of corrésponding states, to
non-conformal substances may be effected by the introduction of
shape factors (2); Since these are functions of & (and 2°%)
they describe how the third parameter is used in practice to fit
the lack of conformation of different substances. When a pair of
substances are not conformal, the parameters h and f are not
constant but are slowly varying functions of V and'T. The shape

factors modify £ and h in the following way.

g0 ) = .03, Oupo (B0

hyy,y (FpTy)

@), Puo o) a3
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where

LA AL P R A W (1.14)

(The variables of parameters are shown enclosed in parentheses).

So from (1.6), by substitution into (1.12) and (1.13)

it

O11,0 (vi‘, Tlf) Tl;/'r]; (1.15)

U

. . N R :
P10 @,y - A (1.16)
If substance 1 is the reference compound instead of substance o,
then the shape factors of substance o relative to 1, i.e. e 00,1
t At}

¢ 05.1? 8re directly connected with those defined above in
’ .

(1.15) and (1.16).

@oo,l (VE’ Tz) = Ti/’I‘?

and so @00,1. ® 11,0 = 1

and similarly for ¢ » Although a seemingly simple method
for transferring the values of shape factors for one reference
substance to a system with another reference substance, it must

not be forgotten that the arguments of @oo,l and @11’0 are

different, and so care must be taken in their evaluation.

Fmpirical formulae have been developed to express @ and ¢
as functions of T and V& by Leach (8,9). The parameter ‘@ has
been incorporated in these formulae in the form (w-wo ).

This is consistent with the definition of the third parameter;
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when a pair of substances are completely conformal, their ¢ and
z° will be identical -~ and @ and ¢ reduce to 1.0.
Leach's expressions for ® ang Qb are for substance i relative to

reference substance o.

eii,o =1+ (‘"i -wo).[0.0892-0.8493. 1in T? + (0,3063-
0.4506/T%) (Vi - 0.5)] (1.17)

1+ (“’i““’o)' [0.3903 (\r§t - 1,0177) - 0.9462
(vli‘ - 0,7663). in T?_]} (1.18) -

qpll,o -

-

] o3
H OO0 Q

The refergnce substance is methanej and the equations were
develﬁped for use with hydrocarbons., If V? is outside the limits
(0.5-2.0), then it should be set at 2.0, or 0.5 according to
whether it is above or below the limit respectively. T?, should

lie between the limits 0.6 - 1,5,

Differentiation of equation (1.4) with respect to volume

gives

Zi [V’T] - Zo [V/hll,o’ T/fll,o] -

terms in df/aV and dh/av
If the principle of coriesponding states is true for conformal
substances, then these terms on the right hand side must sum to

zero. The arguments below show how this is so.



27

Writing equation (1.4) in a slightly different form,
[v T] = £y oy [v/hi o /:t‘11 o] - RT 1n by,

RS A e

The parameters of A are omitted for clarity. Ao is a function .

of To and Vo,so that

249 %) (25) "3, 6V),

(1.20)
and .
A E I
3 T 5«.:’-,0 AV. T e
(1) =L -y (222
2
bVT hs:,o I‘\,-,;,, 3V T (1.22)

Substituting (1.21) and (1.22) into (1.20), and then {1.20)

into (1.19)

oV, }ﬁ,o T ‘To
(_g_ - V. (g_h ‘9)} -er(é;[..‘),- RT.(bh ,‘o)
” |
hd,o hu,a Vv T v T ho'&,o Vv T
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Simplification of (1.23) is possible :

(é__&o)z-so (AA ) ="'P°
)T°v | 3V

o',
o (-

R'r RT (av ,,)+hi ( M) ({‘” RT’l) ]

T T

-Z . u .}_ (_34) + t(%), (%-o- -z,

and so from equation (1.7)

(B8 4, b))

must be zero. This provides a usefﬁl method of testing the
thermodynamic consistency of the expressions developed by Leach for

@ and ¢ + Such a check is described in Section 4.
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The defining equation for € (1.11) does not exactly reproduce
the vapour pressure curves for hydrocarbons, or other '
substances, at temperatures away from TR = 0,7, Since accurate
vapour pressure data are available for most substances, the idea is
put forward that adjustment of & using these data would make the
prediction of properties by the principle of corresponding states

more accurate., The ways in which this idea has been tried are

discussed in Section 2.
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Txtengion of the Principle of Corresponding

States to Mixtures

In order to0 extend the principle of corresponding states to
nixtures of different species, the intermolecular forces beiween
unlike pairs of molecules must be defined. Inla mixture of species
1 and 2, there will be interactions of the type 1-1, 2-2 and 1-2

(which is the same as 2-1).

Assumiﬁg that the mixture of different species is completely
~and randomly mixed, its configurational properties could be

described as those of an equivalent hypothetical substance.

fhis postulate was proposed independently by several workers -
Prigogine, Scott, Byers Brown-(z),‘and is usually called the random
mixture 1-fluid model . Another suggestion (2) is that the
mixture could be considered an ideal mixture of hypotheticsal .
components, whose properties are functions of fhe real components,
This is called the 2-fluid model, or nowadays is often called the

average potential model.

Considering the 1-fluid model first: the free enexgy A, of
the mixture is equal to that of the hypothetical substance plus

the ideal entropy of mixing.

| Amix[V’T] = A [V,T] + R‘l‘.z (x1n x)
(1.24)
where
)

A, [V,T] = L ook [V/hx’o, T/i‘x,o] - BT 1n h

(1.25)
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Here h and f are parameters for the hypothetical
x,0 X,0

substance. Many methods have been suggested for'the calculation

of h_ (From now on the subscript

and from f.. and h
, X,0 ii

,0 1i,0"
o on £ and h will be omitted for simplicity). The method which
gives the best results is that based on one originally

developed by van der Vaals; its advantage over other methods is

that it deals well with combinations of molecules of very

different sizes. For a mixture of N components,

N N '
h, = Z Z ( X; X hij | - (1.,26)
¢t gl ’
N N , ,
and fj'chx = Z Z (xi x5 £y hij) - (1.27)
tel Je!

when 1 = j the pair interaction parameters f and h can be
calculated from equations (1.12) and (1.13). Tg/Tg and

Vg/Vz are referred to as f?i and h?i respectively in the
following discussion. AnAiterative procedure is necessary to
solve for éqx ané .; because they are functions of T? and
V? which are themselves functions of é%z and qhi - equations

(1.15) }md (1.16).

Further assumptions are necessary to evaluate the terms in
(1.29) and (1.30) where i j. The Lorentz-Berthelot rules for

combining like-pair interactions are used.
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3
h,. =((h?‘? + 0 (1.28)
1J 1. 10
2
£13 =§. STREST O (.29)

&

Where Berthelot's original proposal was that g ij =1.

The texrm §‘d is a factor by which agreement cap be
achieved between calculated configurational thermodynamic
properties‘ and experimental determinations of the same properties.
'i‘wo studies on the determination of g s using similar meéthods,
. show how it is found eithexr from the excess enthalpy T (11),
or from the excess Gibbs free energy GE (2). Using a guess for
and calculating GE or HE, and adjusting this guess for
in the light of the discrepancy between GE (calg) and GE (expt),
value's of S have been established. Although‘ g is determined
from one particular property, once ‘it is established it can be
used for all othérs, and extended to multicomponent mixtures

as well.

| Another method of finding § has been- developed by
Prausnitez (12). Several other workers have done similar woik
(13, 14). This approach used experimental virial coefficients,
or experimental molar excess volume to calculate g .

In Prausnitz's nomenclature g is (1 - k12)'
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The alternative postulate for the application of the
principle of corresponding states is the 2-fluid model. Since it

is an ideal mixture, the free energy can be written.

[V T] Zx“ (A‘ [V T] + RD 1n x) 4(1.30)
and ;‘rom (1.4)

A, [v,r] - £, 4 [V/h“ , 7/£,] - B Inn, (1.31)

m:Lx

The parameters h“ and f“ now refer to the hyp'othetical
component o . The van der Waals method for calculating the

parampeters h and f can be extended

Z x_ h; (1.32)

d' pst B “p

}‘1 = p" P "'P "P (1.33)

The unlike~pair interaction parameteré, f“p ’ h"P

have definitions similar to those for fii and hii (ef equations

(1.12), (1.13) ).

For example
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These parameters defined in (1.34) and (1.35) are only
relevant in equation (1.32) and (1.33). For parameter hﬁ ,

ho‘ would be a function of

T. @ l,gﬁp
TG j:p Vo hg

and similarly for Jﬁ « Again, an iterative procedure is

necessary to solve equations (\1.34‘) and (1.35) for h"P and

Jcn([5
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Section 2

Application of the Principle of

Corresponding States to the Prediction

of Thermodynamic¢ properties. '
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SECTION 2

It has been shown in Sectionll how the thermodynamic
properties of one substance, oxr of a mixture, are related to the
corresponding propérties of another - usually referred to as the
reference compound. This section describes how these properties
can be calculated, using an equation of state for the reference

compound .

l. Compressibility factoxr

One of the pair of basic equations defining the principle of

corresponding states is

w [28]-5 [22] . en

To determine the compressibility factor Z for substance 1, the
compressibility factor is determined for the reference compound i,
at a temperature and volume which "correspond" to those of .the

compound i.

R c
Thus T = T/To. £ | (2.2)
Vo= A% n (2.3)
"o o 1 *
or for a mixture, T% = T/1°. f (2.4)
' o o' "x. . *

and

,diﬂ

VAL hx  ’ (2.5)
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Hovever, hx and f . are functions of the shape factors @ and ¢ .
These in turn are both functions of (T/Tg.éa /£ )and
(v/vz. 95 /n_) as described in Section 1. This means that
calculation of functions of V§ and T§ is rarely straightforward.
;

The reference substqnce used in this work is methane, and
the equation of state is that developed by Vennix (15, 16).
Another equation of state developed by Leach (8) was used
initially to calculate compressibility factors, but that of
Vennix is better, and subsequently all work has been based on

the latter.equation.

Vennix's equation of state for methane.

Z =1+C +C, +C,.exp(G-C ff-to +Cyp.
o’ + L +-7if? *':75% ‘”‘Ff( £( )) ‘f%% E

o o

k~C  (2.6)
e"f’( ?Ef) 2!

o

where

Cy = 0,6+ a (e +a, € r e+ a5 (¢ @
Cq = bt + B8]+ b, (<*)3+ by (6% b () .o
Cy = A+ oy (& +ly(¢4dy (€' d (e’ (2
C. = (el [(eor ¢ J-eref 1 By e €°F] (2.10) |

3
Ce=e+ ez(CR"’Qo) . (2.11)

(2.12)

CF' - ._f' -}-fz. CR
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The constants (al, 32 s0esve f2’ G‘, toy k, & ’ P ] eo ,)

R

are listed in Appendix (4). is the reduced density.

¢ -

Although the variables of this equation (2.6) are R
and e R, it is almost universal to define process conditions in
terms of temperature and pressure. Therefore solution of (2.6)
for Z0 requires an iterative procedﬁre. This means guessing a
volume at the given temperatﬁre and pressure, using this to |
calculate shape factors and interaction parametems.

From these Zo can be calculated. By substituting into

(2.13)

and comparing this PE with the reduced pressure which defines the
process, a measure of the error in the assumed volume (i.e. VE)
is known. By adjusting the volume, convergence of the pressure

can eventually be achieved.

A method of convergence which works well for this particular
case is the Newton~-Raphson method.j If V? is the i-th estimate
for the value of V" which makes F (VR) = 0, then an improved

estimate Vgé_]; is found from

AR S SO (2.14)
F (7
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The function of reduced volume, F(VR), is (Pﬁ - P§) - that
is when the reduced volume is coxrect, the calculated pressure is

identical to the specified pressure.

The first derivative F! (VR) in equation (2.15) is determined

in the following manner

) - - (2.15)

S N IR A

R R

but from (2.13) P, o= Z . T
2 . T

o [¢]

Since Z_ is a function of (R,'f rather than V", (32 / A(R)TR

would be a more convenient differential to evaluate.

(-i_g) = -?lé—% 2 | :

(_b_lf_R =_T_If (R-<_31%+ Z, (2,16)
beR ; ZS BC R.

Differentiating equation (2.6) with respect to QR



)l e

(bc) exp(G - CE(T“-t))f-C 3 fexp(k c,,)}

0

+ exp (k- Ce )3C
P Te)(bf ) (2.17)

where T R

()C) a +2azf + 3a3(e‘) +4a,(¢°F+5ag (%) 2.19)
d¢f

(AC) = b,+2b, ,C +3b3((’z) +4b ((“) +5b (e“)4 (2.19)
3( .r(.z

TR

( A_C_p) = d,+2d, ¢*+3d,(e?) +4d, (¢*f+5dg(e* (2-20)
3 ee R

Py ‘pr(c-cs(rf-t.»z = —exp (G -G (TRt)). -
de _ (T8-t))./5¢
)(Xésg)rﬁ (2.21)

3 e TS LA .Tf 3¢he
(—A—-E = €,-3(¢"+e,) (222
beg R
39 r:) _ (2.24)
(3 (gfn ch
(_Aﬁc) = C, kg-f-gg@re.[ [ ! - !/ ]'
0¢%n Lelese®) Lief-tep® (erpP-(ee,)

3(€ + f,)zz (2.25)
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A small approximation is introduced in the iterative cycle,
The shape factors C) i'o and qi)iﬂo are functions of V? and
T? (equations (1.20) and (1.21), but the dependence sn V? is very
weak -~ only a function of VR at all between VR = O.S'and VR = 2.0,
So, shape factor dependence on V? is left out of the convergence
cycle while caglculating the compressibility factor. VWhen a
constant value of V? is obtained for g particular set of
shape factors, these are recalculated using this VE.
The compressibility factor is calculated again from these.
Three recalculations of shape factors has been found the maximum

necessary for complete convergence on V?.

For the liquid phase, the iterative procedure to find the
compressibility factor can be aveided almost completely.

The Tait equation of state gives VE directly.

A
Pg + H)

R EPR +H§ ) (2.26)
C

Empirical expressions for the saturation values of VR and TR

were developed by Leach (8) from experimental data for methane.

v 1/(1 + exp(0.83531 + 0.4175105 1n (1—TR),+

S 0.214866.exp (50,098 (T: - 1)))) ° (2.27)
Pg = exp (4.77726 - 4.732895/T§ + 0.73611 1n Tg) (2.28)
H = - 17.4897 + 15.9008/T§ + exp (10.5083 Tg ~ 11.0064)

(2.29)
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c exp (5.94009 - 2.105715/T0R_ - O.986662/T§).2 (2.30)

=1a
P
From VR, equation (2,26) the compressibility factor comes

directly

R c
2o = Far vﬁ Z, (2.31)
R

As for the vapour phase, three iterations are necessary to

recalculate the shape factors, to include their dependence on VR.

Since a second equation of state (Tait) has been introduced for
the liquid phase, it becomes necessary to decide the phase of the

mixture, before commencing any calculations.

An accurate expression for the vapcur pressure of methane has
been developed by Armstrong, Brickwedde and Scott (24), and slightly
mcdified by Vennix (16) for use with his equation of state.

By comparing the reduced vapour pressure of methane calculated

from this expression at T, ( = T/fx) with the reduced pressure of
the system, the phase can be established. The reduced pressure is .
calculated

p. =7/ (82057 x 20 x T . (2.32)

vC
o
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If the reduced vapour pressure of the reference compound is less

than Pi, then the mixture is in the liquid phase; 1if it is greatex
than PE, the mixture is in the wvapour phase.

In equation (2.26) the ratic (PE + H) can become negative
or zero, and this will cause difficulty in calculating Zo'
This condition occurs when TE is very close to 1.0, but not
actually equal to 1.0. In his program PROPERTY, Leach (175,
prepares for this condition by using the Tait équation only up to
Tg = 0,98, In the program developed foxr this work,‘for any value
of TE which causes that ratio to be less than or equal to zero,

control is transferred so that Zo is calculated using Vennix's

equation (2.6).

2., Internal Energy and Enthalpy

The Gibbs~Helmholtz relationship between A and U may be

written.

For a mixture :

). T (2.33)

Using the 1-fluid model, from equations (1.27), and‘(i.28) wé have
Am,.x CV ,T] = ft Ao (\//h1l ’T/fx]' KT(,\L‘{,. RTSxlnx

(2.34)
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The parameters for Amix and Ao will be omitted in the following
derivation for simplicity. Differentiating equation (2.34) with

respect to temperature :
(Mmi\) "’f;(-é-éc) + A é‘.Ex) - RT(M)
3T/, 'ATV 3T A, 3T/,
~Rinh + RZx rx (2.35)
Since A  is a function of (V/hx, T/fx) which is (vo, To),
(37~ (45 G5 ) (457
o) \av ) L aT /N, T

(2.36)

Where

(464) - = (3%),

(25 4 ()

3T 5;‘ j;:' aT Vv

Substituting these into (2.36), and then (2.36) into (2.35)

()3 ) ),
w2 ()8

+RZxmx

and
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Using (2.33) and the basic relationships

(’bla‘,) o fi’ )(}if32)== _.P; ! Lj°'= /\o*'1:r$b

3T, W,

oy,

(2.37)

From this the enthalpy follows immediately since H = U + PV

. H = U + Z
RT RT
so that oo = Ui * Zoix | (2.38)
RT RT

The compressibility factor Zo in equation‘(2.37) is evaluated

at (Vir Tﬁ), and from equation (1.10) 7, equals 7 ;. .

A similar expression for the internal energy =and enthalpy
for a 2-fluid model of a mixture can be developed using the

same arguments. The corresponding expressions are

U, =Zx U —sz,.e_frs), a, -

RTw KL f BT\ RT
T o) (21
k“ T y (2.39)

Vhere Z, and U_ are functions of V/h“ and T/ﬁ‘ H . comes from

’ (2.38) but

Z,,>ZxZ, (2.40)

-
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Derivatives of fx, hX with respect to Temperature

The f and h parameters are defined, for the 1-fluid model:

= ZZ=x *.J(..hn " (2.41)
[ "_".[ “'J

and h, Z Z 'X-.-_ ‘X-j h&d

£, =(1x. a(n, £) - hf . ihz_)/ }52:

ar aT aT (2.42)
where d(h T ) = Z Z X3, (h ,j + fi,j dhij)
ar ar ar (2.43)
-2 X%y dhyy
ar ar (2.44)

To evaluate df.j and dh 3? and iterative procedure is necessary.
4aT dT

Where i = j,
jbb o @6'6
so that | .‘L» 59  (2.45)
bT

where (] §i; = f.,d'/;f__f:

T (2.46)
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It can be seen from (2.46) that differentials for i .# j can be
determined from those for i = j. Similarly for the h parameter:

where 1 = j,
»*
l“éa - L‘cw'qbe&

| dh. y _hat- Ad’ (2.47)
T 3T

f£* . and h*,, are defined by equation (1.8)

Where 1 ¢ j, the correct expression for h‘j is

_( 1 ( }/3 . 1/3))

JJ

The differential of this is complicated, so a small approximation
is introduced. For the purposes of producing a differential,

h,, =1/2 (b, + h,,
2 /2 (b hsa)

so that bh a | (M\éb + )hjj_)
6T 3T T  (2.48)

Next arises the problem of how to evaluate b@/AT'

and b@/éT « The shape factors @‘;g and .+ are

(77

functions of T? and VI;, thus

.‘l@a) (_a;@) -(a_t-f‘ +(§_@a) .(a_\c-f (2.49)
R
0T/, \T/e3T 4, SR/ &\T /,

.
[ 3

39 - 19 () he). o)

oT 3TR) AT/, W VE

From equatlons (1.17) and (1 18) for @ and ¢ we have :
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2 (3, =W, )-(-0-8493/5 + (0:4506/T1) (7] - 0.5)

." /4 | (2.51)
v/ ‘
(é_?o) 0.3063 - 0.4506/T; (2..52)
IVEla
(b 2. {(w. 303)(0.3903(Vy - 1.0177) - 0.9462/T]
g
an vi Z; (v - 0.7663))3 (2.53)
( ) Z5 (o, - ,)(0.3903 ~ 0.9462 1n T, » (2.54)
,.a

From equations (1.15) and (1.16)

(79 a ee ]
(L) -V [568) 1 A=]
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. The iterative procedure arises out of the fact that in equations

(2.43) and (3.44), (bhij/zfr) . and (zfij/)fr)v are functions of
(th/)T)V and (Qf&/ﬁT)v. So, in order to solve for thx/éT)v and

(£ /3T)_ a small initial value is given to (ATL/31) and

(bv?/am)v, and equations (2.49) -nd (2.50), followed by (2.45,

2,46, 2.47, 2.48), leading to(2.42) and (2.44) are solved.

Then beginning again with (2.55) and (2.56) convergence on

(lhx/)T)v and (Xfx/ST)v can eventually be reached.

Evaluation of Uo

A basic thermodynamic relationship between U and pressure,

volume and temperature is

%bug = 7 gapg - P (2.57)
3V) 37T) ’

The residual internal energy U* is defined

v A K B
u- 1169 -G) 1

But the internal energy of a perfect gas is zero, so0

u”:J(_g_%)TAv = u

Vhere U is the configurational part of the internal energy.

u aJV{T@__rf)—PdV

Fron (2.,57)
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For the reference compound we write U = UO. Using reduced variables

and changing the variable of integration from volume to density,

H_n_--".fe“ -rf,(az,,) de*

o

When Zo is calculated from the Vennix equation of state, the

1ntegral in (2.58) is evaluated by the Caussian quadrature method.
mz=¥

Integral = b - & Z T (W )
mz=l n-m

5
Where a and b are the former limits of integration, Tm and Wﬁ are

tabulated constants (18), and g is a function of Wh.

Equation (2.58) becomes 428

U, - -T R ﬂ Z‘[ e(bz')]ﬂu _
RTo | € 712 (2.59)

R
= l/z;(:e' + c w )
Z' is the compres31b111ty factor calculated from equatlon

(2.6) as a function of C"

oZ) -l [G-¢ (et 1 Xexp(6-Co(TE-4)
3T 7ot T TZ T
+1"nc (s- - Xexplk- CF)) (2.60)

In the liquid phase, or where the Tait equatlon of state is

used to calculate Zo’ equaticn (2.58) may be calculated analytically,
_ 5C
7 = 25.P3
R R
o

(o.T

C (AT = ZE.(TE( PRY. I (2.61)
( °) I ( S?A“)eﬂ )(Tf)z
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Substituting equation (2.61) into (2.58)

R

E-? - e“ Zc ‘(bP:) Ae , c.pﬂ a‘eg

RT, <% ((ﬂ)z dTR ? ((‘)z T
(2.62)

From the Tait eguation

Py = exp (C(Vg - V3)).(Pg + H)-H
(a_P:) _ exfgcwf-vﬁ)z.gawf § A H

3T ot ATY  dATF
+(P‘+H)[d‘3 (V'Q £)+C Avs 1) - du
arg ATR)f 41t
® 77 (2.63)

In the liquid phase, the integral in (2.58) can be divided into
the integral from infinite volume to the volume of saturated vapour,
and the integral from saturation to the volume of the liquid.

The former integral we write as UCS) s, and this can be determined

from the empirical expression found by Leach (8).
S R
( Uo}= 1.[- 0.29152279 + 1.934121/To -

Ivg  (0.251244 + 0.3800509/1%) exp (15.0 (T - 1)))
| (2.64)

RT

Since the Tait equation is 1n terms of V' (instead of ¢ L
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Rewriting (2.61)
(u) (u5)+z‘ [dp“+dn +(P“+H)C av“].
RT,

RT, AT% 7% ATk
rexp(c(v‘-v“))dv‘ Zj “dH . dvR
V;z 611-0

R : R |
+ Z5 [V H.dvR = Z8 (PR W) "exp(c(vR-VERY) dVR
Tf R vR
. s
vR
+ 75 (PgHH) AC f (vE VP exp(e(vi-vEdve
ATR

This reduces to :

U, = U +Z5.CPL- P“)[(dﬁ + AH )/(P‘“-u—H)H
RT, KT, ¢ {;41':

+1.dC -C.dvf]-:,zﬁ(v -VEXH+dC . i (P +H)-dH )
R

C AT ATk TR dTf ¢ dT;
(2.65)
Where .
dV: -(vR) exp (0.83531 + 0.4175105 ln(l-T )
:j(o 214866 exp (50. 908(TR - 1))).(o. 4175105/('.1'R - 1)
+10.938398 exp (50.908(Ty - 1))) - (2.66)

dH - - 15.9008/(T§)2 + 10,5083 exp (10.5083.T§ - 11,0064)
ATR | (2.67)
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d Pf s P5(4.72895/T% + 0,73611)/T | (2.68)
TR

AT,

AC = exp (5.94009-2.105715/T% - 0.986772/(1)%) /P,

AT [(2205m15 + 1.973533/00) /()% - 4@E 4 ]
ATé P2
(2.69)

3. Chemical Potential and Fugacity

A multiphase system of one ;omponent or more is in
equilibrium when all phases are at the same temperature and
pressuxe and the chemical potential,/}A,of each component is the
same in each phase., The chemicsal potential of the i-th component is
related to the configurational Gibbs free energy of the phase by the
definition

M (e,T, x) = EE (P,T,x)

o TeN; (3-"-‘)

In order to determine the right hand term, G(P,T,x) must be defined.
As for the Helmholtz free energy, (1.27) and (1.28), we can write
the Gibbs free energy of a mixture as the sun of Gx (for the -
hypothetical substance replacing the mixture) and the ideal mixing
term. , - : |
Conix (1715 = Gy (7, TN Ex RT e x

(2.70)

And as for A_ (equation (1.24)

(2.71)
G, (e,T) =j$.qo (P,,To) ~RTLnh,
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The term (meiX/)n-), whereni is the number of moles of

component i, and Gmi is a function of mole fractions, presents a

X
difficulty. Mole fractions of the components of a mixture are not
independent variables. However, we can treat them as independent

variables by the following manip-lation. Brown (1) and

Rowlinson and Watson (1, 10) introduce a differential operator :

Z‘l = [j‘lz - :E 2&1.12 : )
2.72) .
. D'x.‘ .Dxd AT
There (D/Dxl) is a differentiation treating x as an independent
variable. It can be shown (1) that for the molar property Ta

of . a component in a mixture - e.g. component &, that

r,om Tt z#kr

Where r without a subscript is the same properiy for the whole

mixture. So, for component i,

/“C =GMI’\<+ A;lc'“"‘

: y=N
Bt = Ane = FZ,' %p s (2.73)
dz; Ax, T

Using equations (2.73) and (2.70) the operator & can be

transferred to G*

My = (1 + Ai)c,x + BT 1n x; (2.74)
From equation (2.71) and omitting the parameters for simplicity,

AG = Af, .G+ §.06,-RT o, 7
' h

x
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Substituting (2.75) back into (2.74)

. = RTonx, +G, +08.8,.G,+£,.0.G,- %‘[. Ah, e
2.76

i
But G is a function of T, P (ie T/fx, Ph x/fx)

S DG, = _gg_o). af, + gg_i,){;zsh,‘

e/, dhy (2.77)
Differentiating (2.71) with respect to £ and h
3G ,‘) =(;q,). .t Go
éfx'“n Af’“t . (2.78)
= - RT
(?_ch) Fo250) - RT (2.79)
Substituting (2.77, 2.78, 2.79) into (2.76)
M= RTux, +G + Aj:x‘.‘.g} + Ak, 3G,
é:fx dh ~ (2.80)

From (2.78) and (2.79)
(_é_q_ﬁ) =U,  aud (_a_g,_,) = 1 (vP-RT)
AJ—,‘ hy a"‘x -fx kl‘
Substituting these into (2.80) and dividing by RT (or RTofx)
M . i, +Gy + B4, U, +Ah, (Zo-l)
RT RT . Rl h, (2.51)

U, end Z_ can be evaluated at T and V, (Po), but the problem

remains how to find G . Since T = T/fx and V_ = V/hX we can .
rewrite equation (1.28) as

s [v,r] /er + 1wy = & [v 2] /Re_+ 10V,
Using (1.7) we have

G, PO,TO] /RT, - 1n(P /T ) = ¢ [P,T] /RT = In (P/i')

From the definition of chemical potential,

resid

P,,0.] /R0 = /.L:CeSid (e,7] /& (2.82)
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A residual property is defined as the difference beiween the
configurational property of the real substance and the same

property of the equivalent ideal substance.

This (2.82) is one of the basic equations defining the
principle of corresponding states; another is (2.1).
The definition of fugacitiy in terms of /u- was first proposed by

G.N. Lewis (20).
o, =R my, +©
i i
For the chemical potentisl of a component i in a mixture, and where

© is some function of temperature.

For a perfect gas '3= Pxi.

i.e. /u.;’"s'e. RT e Px, +©

Combining these definitions of }Jv we have

;ra:d‘ : - .p.g.) = A ra‘;

RT RT Pr, (%)

Combining equations (2.83) and (2.81)

r-esed Cy + A—f-’_( )4— (zo"'lA‘"“ ~nP
'21- RT {x RT, h (2.84)

x
For a single component - a pure substance such as the

hypothetical one denoted by subscript x
. =0
bim A,
x >\
'+ in (2.84)

£;W= G, -InP | (2.85)
RT RT
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Combining (2.84) and (2.85)

I g B o+ By (2-)

&

" RT 4. RT, h, (2.86)

But from (2.83)
S u o B - e
RT Px, P

Since for equilibrium the chemical potential of each component
must be the same in all phases, and since fugacities can be
calculated directly from P-V-T data, it is convenient to write (2.86)

L (_;L,) - xmcﬁ/uw('%&)»f _E%. g:_o + A!r:\ ()

Joffe (22) derived a similar relationship for fugacity

coefficients using the principle of corresponding states.
However since
veacd
ZEE'& = A ?x

and from (2,82)

i AE P [PO)TO].
RT 2T,

‘ngéfoh‘ = ‘1A4<r?;o:)
RT, P
,(M(i} Jax; -Hw( )«_@L‘u +Ah A, (Zo-1)

4

f:«- ; he (2.87)

Equation (2.87) is used for the calculation of phase equi’ibria,

Calculation of 1n ( HQLP)

The fugacity coefficient ?ﬁ/?*is defined in terms of pressure, .

volume and temperature by y

\w(g) -_-f,(v - ? (2.88)



Since Z = PV/RT
dP = RT + ZRT _(;_!i (2.89)
dz v dZ

% has been replaced by c » So that the final expression of

(2.88) is compatible with the integration for Uo (2.59).

Thus, (2.88) becomes

bx(?/f):F_Z_-_l_) - JQEE-_'_ de

o

Ln(g/?)o: Z, ~1-1nZ +J‘€-z-éi de (2.90)»
0

The integral in (2.90) is evaluated by an 8-point Gauss
quadrature methol, and which has been described previously in the

section 2.2 for Uo'

For a liquid phase, the integration in (2.90) can be divided,
to account for the change of phasa2; equation (2.88) becomes,

with subscript S for saturation

?
n (3/p)-n (3/7), = J -z d
‘;

g R e e

Splitting the :'Lntegral in (2.91) still further S

Nde=(%24 ¢ 4
A A

—";‘ é de : ’M(é) (2.92)

in which
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R
Finally, substituting 2 = Z . P, vf/tr and dVp = - 1/( ¢ R)z.d €
into the remaining integral, we have
R SR R
-Z, (¢ (PF) av
TX e? (2.93)
$
From the Tait equation,

Pi: (P};+H) exp [C(V‘?-V‘E)]—H

and changing the limits of integration to Pg and I{'Requation (2..93)

becomes

2 [+ m. @ - )10 (7 - vi})] (2.94)
TR (PR+H) c

T
o

Substituting (2.94) and (2.92) into (2.81)

tn (3/8) = (4/9)g - (3, - 2) - ln(PR)
K

c

[@;;r@ o (- vb] (2.9

+
ool

Leach (8) ’has developed an empirical equation for methane for

the calculation of 1n ( g/P)s s

A (3[P), = - exp (3.5097242 - 4.4295532/7™ -
1.2808837.1n T) - (2.96)

Calculation of A l'! and A

Equation (2.72) gives the definition of the A function.

For the parameters f and h,
A, = Z %, (2.97)
dx,
é X, 6

A:fx-_i% %“ b‘fx

p=1 3 xp (2.98)
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Taking (2.97) we can transfer the operator A to the shape

factor ¢:
Ah, =2k, ~2h +ZZx % h“A*(P

2.99)
where ( )
— 2.100
and (2h & " 2h_) is what would be A“kx if %, could be
considered constant.
Since (P"'P is a function of Ti and V‘R
R
A byp= a¢¢) AT o(acbg )A —_—
a‘r“ dVE [ g .-
and since TR T' @ Rg
c ’ V& l&-g%p
T, fx v, "‘x.( |
2,102
R R _
ATk = T8 [L 4,8, .‘_'Aocfx]
and @oﬁﬁ Jx

ﬂ_vﬂ |
A, ve = LDA(&F 1.4

Expanding (2.88) for A‘fx _
)

Oy~ o[ Juhe ] ¥

fﬂ-l‘x ha

;‘ZZx v %p “Lﬁ o "-?

x
*
A 22 X %p l"otp Ad-‘kup(]ckp' ‘:&f&) (2.104)
x

hy
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Where the first term is what would be A" fx if xo‘were a constant,

fho-Trhgly oo

and since @ is a function of VR and T

P

8,8, (3@ AT (;L@ ) ANVR (2.06)
aT* vk »
The partial derivatives in (2.106) are glven in equations (2.51)

and

- (2.54).

An iterative procedure must be followed to evaluate A [.‘

and A‘f First h‘ and h&f& - (2.100) and (2.105) respectlvely

and A&, /AT ete (2.51 - 2.54) are caloulated. Then Al
and A“}n are assumed equal to 2 (h“ - hx) and 2f_ ({“h‘/“x

J?espectively, A and A%(R‘-p both equal to 0,, and all these

o #p
are substituted into (2.102) and (2.103). Next equations (2.,101)

and (2.106) are solved, followed by (2.99) and (2.104) for A“lf\x'

and A‘Lf" .. These are compared with the values assumed in
equation (2.,102) and (2.103), and whether or not they are

satisfactorily close, so the iterations continue,

4., Calculation of Vapour-Liquid Equilibria

In a multicomponent system of N components, and two phases,
there will be 2N variables, made up of (2N—1) mole fracti-ns,

temperature and pressure., The phase rule states :

P + P = Cc + 2

Degrees of no, of no, of -
freedom phases compts.,

x- "\x/“x)
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Substituting C = N and P = 2, we have F = N. Thus by fixing, say
pressure and the composition of one pﬁase, the composition of the
other and the temperature may be calculated, Other combinations

of the variables are possible :

Fixed (deg. of freedqg) Calculated

P, Vs Ypreeeees -1 T, X1 x2'...... -1
P, x,, Xpgeeesss -1 T, Yyr Yo eeeces Yy
T, Yy Yoreeeoes ¥y 1 P, Xy9 x2’...... XN-l
T, X1s Xpseesess Xy g ; P, Jyr Yo eeeeee Yy1

In the case of a flash, thexre is one independent phase :
thus there will be (N+1) degrees of freedom - i.e. femperature,
pressure and the composition of that phase. The composition of
the phases that result from the flash can be calculated from

those data,

A flash is the separation of a single phase into two phases
by a sudden change in temperature or pressure. .For a 2 component
system, shown in Fig 2, at a flash pressure P,, and a fixed
temperature, the mixture containing mole fraction qy of component
A will "flash" into two phases containing Xy in the liquid phase
and Ya in the vapour phase. Point F cannot be outside the region
bounded by the dew and bubble point lines, if a flash is *o occur

- as study of equation (2.109) in Section 2.5 will show.
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Fixed temperature

Pressure

bubble line

0.0 "Xy a, YA 1,0
Mole fraction of component A

Fig 2, Flash severation of a two component systenm,

Calculation of Saturstion Eouilibrium

The chemical potential is calculated, at the fixed
temperature (or pressure) and composition y say, using a guess
for the pressure (or temperature) regpectively. Using a set of
guessed mole fractions for the other phase x say, one can caloula;e
for each component :
iM('c‘ ) -m(? )- U,. 8% -Zo-) Ak,
P P/ RT, 'S‘K- h, (2.107)

and this should equal ln x, (2187). By comparing these x; with

the set of x; assumed to calculate (2.107) above, an iterative
procedure can be used to converge on a set of x. The addltlonal
requirement for equilibrium is that EEK must equal 1,0,

Ifzfx,ls not 1. O then the assumed temperature (or pressure)

is not correct, and a further 1terat1ve loop of calculatlons is

necessary.
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By adjusting temperature ox pressure until Zﬁc is both constant
on successive iterations and equal to 1.0, the saturation
points in the phase diagram can be determined. The secant method

has been found to be a satisfactory method to adjust temperature

or pressure.

The Secant Method

Fig. 3 shows an arbitrary function, F(T) plotted against
temperature T. Two points, 1 and 2, are determined by
calculatioh and the line joining them is extrapolated to point 3

where it cuts the abscissa,.
. P

L f(Tl)

X f(ﬁ*z)

”4,,/’/// /;%éiwé T1

Fig 3. -The secant method of convergence.

The temperéture at 3,.T3, can be calculated from
Slope.of line 1 - 2 = slope of line 2 = 3

which is
F(Tl) - F(Tz) = F(TZ) -0

T, =T

1”2 3
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Rearranging
Ty =T, - F(Tz)(Tl - T2)

F(Tl) - F(Tz)

or in more general terms

T =T

n n-1 " F(Tn-l)(Tn—Z - Tn—l)

ACNEV I CNEY

Hence F(T3), F(T4) sseees Can be calculated successively until

F(Tn) is close enough to zero. In this case F(T) could be

(Zx-1) or (Zy~1).

Adjustment of the Acentric Factor

Although the vapour pressure curves of hydrocarbon and various
other compounds are very similar, the expression (1.11) for ¢
is only exactly true at a reduced temperature of 0.7. The use of ¢
as defined by Pitzer therefore introduces slight inconsistencies
into the calculation of vapour-liquid equilibrium. So, adjustment

of & using accurate vapour prescure data has been tried.

(a) Using Pitzer's own Method
In their paper Pitzer and Curl (3) give tabulated values _

of log Pg and (d log Pg/dao) in the expression

@ = log Py - log PE (2.126)

(blog Pff

dw

Vapour pressure data is used to calculate P? This method
gives better results for vapour liquid equilibrium calculations
than those using ¢ defined at 0.7, but since it is based on

generaligsed vapour pressure curves, it does not exactly reproduce

the real vapour pressures.
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(b) Extrapolation method

The bubbie point or bubble pressure is calculated
twice for a set of mixtures which each contain, in'turn 95% and
then 97.5% of a particular component. The first time € is the
value given by Pitzer, and then for the seéonﬁ time, &V is

increased by 10%.

It is assumed that mole fractions vary linearly with

. temperature or pressure at concentrations close to unity.

So, by extrapolation, pressure or temperature at a mole fraction
of 1.0 can be found. Fig. 4 shows how (I varies with pressure

or temperature. This too, is assumed to be a straight line
relationship. By extrapolation to the vapour pressure or
temperature, an acentric factor which‘will exactly reproduce this

saturation data can be determined.

Temperature Pressure

() ) o)

Fig 4. Variation of @ with temperature or pressure.

(1) calculations using Pitzer's ¢d

(2) calculations using Pitzer's & increased by 10%.
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5. Flash separation

For a flash separation, the calculation of equilibrium

follows a similar procedure to that for the saturation points.

Consider the mass balance ovexr the flash system shown in

Fig, 5 below,

I3
% r >V APOUR
FEED ->- %éggL !
Q x, g 5.
1
' SLIQUID
X

Qy X, Y are total molar flows; q, X, y are mole fractions.

Writing the mass balances:

for component i qu = in + xiX
for total flows Q+Y+X

Let y;/x; = ¥, and Y/Q=V

then ‘ X5 = 4 (2.108)
KV + 1-v) '
or V=gq. -x, .
r (2.109)
i = %5 ‘

This last equation (2.109) is a useful test for the
consisfency of flash results, since it must apply equally to

all components.
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By guessing the composition of one phase and calculating the
composition of the othexr, at a particular vapouxr fraction V,
constant K-values can be found. However the sum of the calculated
mole fractions must equal 1.0, and this will only be true when V

is orrect - i.e.

23=I=Zx or ZX%X -Zg =0 (2.110)

An iterative procedure enveloping the one to determine the K
values is necessary to converge on a solution for V satisfying
(2,110). In this work the convergence procedure describeld by

Rohl and Sudall (19) is used, known as the Richmond method.

The Richmond method

Searching for the value of V which makes F(V)=0, at the
(n + 1)th iteration, |
=V - v '
N v, ,2F(Vn). F (vn) (2.111)

nt+l
2(71(V))? - P(V ). (V)

If the ratio V is correct, equation (2,110) will be true,
The Richmond method of convergence has been shown to be faster than
the Newton-Raphson method, despite the extra computation involved

(19). Taking equation (2.110) and substituting (2,108) into it,

zi k%qi -25 93 z

Kiv + (1-V) EV + (1-V)

h
o

Combining these,

S & -Vy) =0 (2.112)
KV o+ (1-)




€9
Equation (2.112) is now the function of v (F(Vn)) in (2.111) and

Fl(vn) = - 2[ (Ki - 1)2qi (2.113)
LG, - v+ 1)2

anrd

F"(Vn) =2, Z( (Ki - 1)3‘11 , (2.114)

((&; - LV + 1)

Estimation of Initial Values for K and V

Many workers (21, 23, 29) developing computed programs for
flash separations use an initial value of 1.0 for all Ki and 0,5
for V. This procedure was followed at first in this work, but

subsequently refinements were introduced.

Raoult's law can be written.

P = plxl + p2x2 + s0eese
where Pys Py eess.. aTYe vapour pressures of components 1,_2 esssee

Dalton's law states : ylP = Pl' sz = P2 etc,

where Pl’ P2 esss are partial pressures, bombining these two
laws we have
Y, = Plxl 'y ¥ = PoX, ete,
P P
Since Ky = y;/%;, an initial set of K can be based on the
ratio of the vapour pressure, at the fixed flash temperature, and

the fixed total pressure.

When the flash conditions are supercriticalifor any particular
component a further expedient is necessary. The vapour pressure

curve is extrapolated and a pseudo-vapour pressure is used.
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An initial value for V is based on the fact that a plot of
V vs temperature for any mixture has approximately the shape shown

in Fig 6. This can be expressed as

v ( T- ?Dew

\TBubble" Tpw

0.25

In some cases this method is not so useful and V = 0,5 is used

* .instead.

Temperature

Tbubble 7

0.0 v 1.0

Fig 6, Approximate shape of a flash curve

from dew to bubble-point.r

6, Partial Molal Enthalpies

The partial molal énthalpy of a component i in a mixture

is defined by |
JH (P,Tx)) =i, (0,7,x) (2.115)

an.
v T,Pn;(G#c)
The relationships between partial_properties are the same as those

between total propertiés, so that where,

G=H-TS (2.116)
for component i : -

M= by - T8
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Also ( (2.117)

so that substltutlng (2 117) into (2.116) we have

- h + T(_.,A‘.‘.,) | (2.118)

? RPE . T(A &:'3)
3T Py

and from the definiticn of chemical potential, for a perfect gas

)L.M; RMIn(Px) + ©

v

For a perfect gas,

e here is a function of temperature.

(_a#" - Hn(Px) +d6

and hence ’T 78 _ e_dgr
' ar

For a real gas /.L Rl‘lng + ©

and = RT .Y, +UM§ +de
AT AT

so that by substltutmg into (2.118)

B, - hP€ - m? awa;) (2.119)
T

Residual partial molal enthalpies can be computed from (2.119),
Analytical differentiation of (2.87) for (J1nF/dT) involves very
complicated terms for the operztor A , and so differentiation by
finite differences was used instead. The interval was 1.0 K.

It is only possible to calculate residual partial molal enthalpies
because hi)g is unknown; although thpg = RT., Consistenc,- of the
computation of enthalpy can be tested by comparing 1_;he residual

configurational enthalpy, (Hm. ~ 1)RT from equation (2,38) and

ix
Zx(—RT23M3/3T) from equation (2.119). They should be the same

 for each phase of the flash separation. Results are shown in

Section 4.
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Retrograde behaviour of Multicomponent'ﬁfktures
* . o

Pressure

Temperature i

Fig 7. Retrograde behaviour of a multi-ommonent system.
The phenomenon of retrograde behaviour imposes limits on the

extent of the calculations. Fig 7 shows the bhése diagranm f;r ;m
two-component mixture. In the figure the vapour pressﬁre cufyes
of A and B are shown, ending at their critical points CA’ CB
respectiVely,‘and the line Joining these points, through C1 and
C2 is the critical locus. Cl is the pritical point for mixture 1
and C, is the critical point of mixture 2. P, and P, are the
points of maximum pressure for Hl and H2‘ The right hand side of
each loop, up to the critical point is the bubble point cuxrve

and the left hand side is the dew point curve. On line I, the

part PiX shows the phenomenon of retrograde condensation = increasing

temperature with decreasing pressure.
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Similarly on line M2’ the part P202 shows retrograde behaviour on
the bubble point line. Apart from the disadvantages this phenomenon
brings to industrial processes, it means the reduced temperatures
(or pressures)are greater than 1,0, This imposes difficulties on
the liquid phase integrations due to the nature of eguation (2.64).
Apart from this, if the initial guesses for composition are sufficiently
good, and the reduced temperature or pressure are not too close to

1.0, the calculations will proceed.

T. Joule-Thomson coefficients

Suppose a gas at a temperature and pressure Pl’ Tl is allowed
to move through a porous plug to a region of lower pressure P2;
this region will have a temperature of T2. The temperature T2
might be greater or less than Tl. This change of state is callgd
the Joule-Thomson effect. In an industrial context, this is known
as throttling, and the porous plug is actually a valve or pressure
reducer., The conditions of throttling are such that pressure and
volume changes are small and the whole process is kept at adisbatice

conditions.

Thus we can say ihat the Joule-Thomson process occurs at

constant enthalpy.

Since Ht is a function of temperature and pressure,

3T )p (3P )y

au® = é)ﬂti. ar + (Ju'). ap’

and since the enthalpy is constant, i.e. MH=0

éb Ht§ .aT = g 3 1{"% .aP
(3T )p 3P )y
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Using the Maxwell relationship

- (2%, é.a_fg - (3
(3P p (8P

p (3T
we have
ar = gzmg - - "aHt/aPT= " (2.120
ap (3E), Ea H'/ 31),,

which is the definition of the adiabatic Joule~Thomson coefficient,

Computation of ¥)
7

In equation (2.120), Ht is the total enthalpy. This may be

separated into two parts; the configurational enthalpy and the

molecular enthalpy.

gt = m o+ g™t (2.121)

Taking reasonably small increments for temperature and pressure

we may write (2.120)as

= - @ [7,2] -8 [2,n])/48® (2.121)

@ [?,0,) -8 [p,m])/AT

and the partial differentials in (2.120) can be evaluated
directly, Taking the numerator of (2.122), at temperature T,

@fe]-u[r] + & [>]- gnol [Pl_]_)

AP _ (2.123)

where AP = P2 - Pl

Molecular properties are a function of temperature only, so

that Hm°1[P2]= Hm°1[Pl]. Therefore egquation (2.123) reduces to

(mfr,]-ulr]) ar (2.124)
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The denominator of (2.122) at pressure Pl can be written

@7, -5 1, +8° o, —# o )/AT (2.125)
where AT =T, - Ty
Now AHMO'-'-'-( ) HM"‘ AT
T 0
and N Hmol) - C:\ol
0T P

From the division of total free energy into configurational and

molecular parts, we have

¢t =c_ 4™t
p~"p T %
Por a perfect gas H = RT and herefore C_ = R and c§°1 =c_ - R
(2.126)

Substituting (2.126) into (2.125) we now have

_((H [Tzl - d [TJ ) + (CI;OI -R).4T)/AT (2.127)

9 can now be calculated from equations (2.123)and (2.127).

Isothermal Joule-Thomson coefficient @

The term (O H/Y P)T is the definition of the isothermal
Joule-Thomson coefficient q(). From (2,120)

P = - 9 YH®
3T
€t

o @ =1-Cp

Equation (2.128) can be transformed, using the basic relationship

p ‘ (2.128)

an® = 7as® + vap
into = - 8%, (d2) (2.129)

P (3D,
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Equation (2.129) could be used as a measure of the deviation

of a gas from the ideal gas behaviour.

Conputation of C"

To evaluate (P , the same approach as for 9 is used.

C . @Pe [EL,TI] - H [Pz,Tl] ) (2.130)
AP

Hmol has been eliminated because this is a constant temperature

process.
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Section 3

Description of Programs

developed in this work.
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Section 3

Program Descriptions

Four main programs have been developed.

1. Calculation of compressibility factors and enthalpies.
2. Calculation of vapour-ligquid equilibria.

3. Calculation of isothermal flash separation.

4. Calculation of adigbatic and isothermal Joule-Thomson

coefficients.

It will be seen from the description of the theory in Section 2
that these programs will have much in common. All four programs
calculate Zo and Uo in the same way, and the following

subroutines are common to all,

1. Subroutine THEPHI to calculate @ )(P ’ ‘1’_ ) h,‘f,., .
2, Subroutine DIFFER to calculate the differentials of fx
and hx with respect to temperature.
3. Subroutine LIQ to calculate Zo and Uo for the
liquid phase.
4. Subroutine ZEDU to calculate Zo and Uo for the o

vapour phase.

and in common for programs 3 and 4 above, subroutine DELTA, to

calculate Afx and & hx .

The original program to calculate Zo and Uo and enthalpy was
one based on the program PROPERTY written by Leach (8), and which
was modified to use the f and h convention foxr the corresponding

states parameters by Watson (10).
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1. Program to calculate compressibility factors, intermal

energies and enthalpies.,

This program will calculate these properties either for a
mixture or for a pure substance, using either the 1-fluid oxr a
2-fluid model to describe the mixture, However, the 2-fluid model

cannot be used for a pure substance - for obvious reasons.

The data which must be supplied for the calculation ¢f Z, U

and H are :

1, The pressure and temperature, and the volume if known.
The units of pressure and volume are identified by using the

following code.

Yolume Pressure
1 g/cm3 , 1 psia N
2 mol/1 2 atm
3 amagat density 3 bars
4 en’/g 4  Kefen®
5 V amagat - 5 P amagat
6 mol/cm3
7 cu ft/1b
0 volume not in the data
2, Critical constants for each component: )

critical volume in cc/hol
critical temperature X
acentric factor

critical compressibility
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3. A set of S for unlike pair interactions.
The factors are listed in various sources (2, 11, 12),

or obtained in the course of this work.

4., A set of mole fractions for the composition

of the mixture.

All volume and pressure data are converted to atmospheres
and cm3/mol and the set of g are rearranged to an array
containing 1.0 for all g&a o £*,. and h*, . (1.8) are calculated
using the critical constants, and hx’ hxfx are determined from
these. The titles are printed out and calculation for Z begins.

An initial value for the reduced volume is calculated from

A o (3.1)
and arrays of T? and V? are set up for the calculation of shape
factors (1.17) and (1.18). The logical variable DONE remains
FALSE until .the three outer iterations on reduced volume are
complete, and then it is changed to TRUE. The shape factors and
hx and hxfx are calculated in subroutine THEFHI. The counter
NULMBER counts the outer iterations on reduced volume and the
counter NCONV counfs the iterations on V? using tﬁe Newton~Raphson

technique (which ignores shape factor dependence on reduced volume).

In the first iteration, if the reduced temperature is less
than 1,0 the phase is established by calculation of the vapour
pressure at T and comparing it (as P&) with the actual reduced

pressure Pi.
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This decides whether the compressibility factor shall be
calculated using subroutine LIQ (Tait equation of state) or with
subroutine ZEDU (Vennix equation of state). In the case of the
2-fluid model it is also necessary to check that all components
are in the same phase. In the first iteration, the variable
PHASE is set .FALSE. for vapour and .TRUE. for a liquid, and
another variable REGION is set 2 or 1 respectively. Then the
vapour pressure of methane is calculated at T/f“ for each
component and compared with Pi. Variable PHASE is not altered
after the first iteration, but REGION is, showing which vhase

has been detected., At the first iteration the combinations are 3

"
N

vapour: PHASE = ,FALSE. and REGION

]
4

liquids PHASE = ,TRUE. and REGION

In following iterations any change in these combinations is

detected and the run is abandoned.

When Zo is calculated with the Vennix equation of state, the
Newton-Raphson convergance procedure follows to improve the
estimate of V2. Not more than 5000 (NCONV) iterations are

allowed, and the error between assumed V§ and calculated VE is

ERROR

o'k

ale -1]) x 100 (3.2)

=y

For the calculation of internal energies and enthalpies to

proceed this error must not be greater tham 0,001,
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Yhere ZO is calculated using the Tait equation of state,
the arguments TR and V§ transferred from the main program to
subroutine LIQ have to be adjusted slightly because the critical
constants for methane used in the main program afe diffexent to
those used in the development of the Tait equation. The faccors

are

= PR x 0,99848

Tait A
™ . = ™ x 0.99691
Tait 0 ¢

When Zo has bean calculated, the volume follows :

EN (3.3
VOl = Z'D..R’T Xn 303
nzl ( P )

wnere N is, for a 1-fluid model and is equal to the number of
components for 2-fluid model, X is 1.0 for a 1-fluid model and
equal to the mole fractiﬁns of the components for a 2-fluid

model. T and vli‘ are recalculated with the best values of @ .
and qb (from the final iteration on V?) and these are used to
calculate the derivations of fx and hx with respect to temperature.
The internal energy and enthalpy follow, (2.37) and (2.33)

respectively., The results can now be printed and the program

is ready for the next set of P-V-T data.
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2, Program to calculate Joule-Thomson coefficients

To calculate the adiabatic coefficient r] (2,123, 2.127) -
or the isothermal coefficient ‘P (2.130) the configurational
enthalpy H is calculated at three (or two) sets of conditionms.
These are (T, P), (T +AT, P), (T, P+ AP) for n
and (T, P) and (T, P+ AP) for (p . The enthalpies are

calculated in the manner described in the preceding program.
The data required are as follows,

1. A list of the component identification numbers (see

Appendix B) and the mole fraction of each.

2. The temperature and pressure and molar specific heat
(for n ) of the mixture. The molecular specific heat
is calculated from

(Cmol)mixture - Z < cmo
i

P P,
i

3. A set of the unlike pair interaction parameters § »

4. The logical variable ADIAB set to .TRUE. for 9

and .FALSE. for ? .

The adiabatic coefficients are calculated and printed in the
units K/atm. The results are converted to an altemative set of

units, F/psia and are printed alongside those in K/atm.
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Similarly for ¢ ; calculated in Cal/mol, they are converted

to J/mol as well, and both are printed.

3, DProgram to calculate two-phase vapour-liquid

equilibrium with adjustment to the acentric factor.

This program calculates the phase composition and
temperature {or pressure) of either the liquid or the gas phase,
given the composition of the other phase and pressure or
temperature respectively., To distinguish within the program
between the different types of calculation, an identifying number

is assigned; +this number is the logical variagble WHICH.

WHICH ' Calculation type
1 T,y from P, x
2 P,y from T, x
3 T, x from P, y
4 ‘ P,x from T, y

Vapour pressure data is required, so that the acentricrfactor
¢V can be adjusted. If WHICH is 1 or 3, the vapour temperature
TEM (I) at fixed pressure must be given, or if WHICH is 2 or 4, —
the vapour pressure VP(I) at fixed temperature must be given.

If the fixed temperature or pressure is super-critical, no
saturation data can be supplied and the acentric factor

will be unchanged throughout the calculation. This means it has

the value calculated by Pitzer (3).
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‘The counter NCONV is set to zero at the beginning of the
calculation. NCONV counts the number of iterations on temperature
or pressure., If it goes above fifty, the results computed so
far are printed including a warning that this is not a complete
calculation, and after that the program proceeds to the next set

of data.

The pressure data are corrected to atms, according to the

unit identifier PDIM.

POIM = 1 means pressure data is psia

2 atm
3 bars

2
4 Kg/cn”
5 mn Hg

The first part of the equilibrium calculation is to reset the
acentric factor. The fixed parameter (i.e. pressure or température) _
is checked for supercriticality against the critical data at
the beginning of the program for each component. If it is
supercritical, the logical variable SUFER (I) is set .TRUE.,
otherwise it stays .FALSE. Also, if ¢o is zero (Pitzer value)

for any component, then SUPER (I) also becomes .TRUE.

At the beginning of the & adjustment calculation, the
logical variable SETW is set JFALSE. This means & is not set
completely yet, and so there is no adjustment made to

temperature or pressure in the program.
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Equilibrium calculations are done at two concentrations,
for two values of €W for each component. The results are
extrapolated back to a mole fraction of 1.0 for each & to
obtain a temperature (or pressure) in each case. A further
extrapolation of & against temperzture or pressure gives
an acentric factor at the fixed vapour temperature (TENM (I))
or pressure (VP (I)). The concentrations are x; = 0.975, |
where X 4 = (l-xi)/N, and the first value of & is that in

DATAW (3), and the second value is (&, x 1.1).

irst
After the acentric factor has been calculated - now called

VNEW - the parameters in the program for calculation of vapour-

ligquid are set up. SETW becomes ,TRUE., and GUESS and WHICH are

reset to the values given in the input data.

The internal energy UMIX and enthalpy HMIX are calculated fox
the fixed phase at fixed temperature (or pressure) and the guess
for pressure (or temperature). Note that if WHICH is 1 or 2 the
fixed phase is liquid and Z0 and U0 are calculated using
subroutine LIQ (Tait equation of state); if WHICH is 3 ox 4
the fixed phase is vapour and the Zo and Uo are calculated in
subroutine ZEDU (Vennix equation of state). The terms A h,
and A f_ are calculated i subroutine DELTA, and thus pb /RD is
calculated ~ equation (2.87). This establishes the fixed phase
conpletely. Now using a guess for the compositioﬂ of the other
phase, and using equation (2,107), an improved estimate for the

composition of this phase is obtained.
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This set of compositions is used in a fresh calculation of
equation (2.107), until the sum of the mole fractions is
constant. When this is so, it is compared with 1.0 and if not
within 0,0001, this means the temperature (or pressure) is not
correct. It is adjusted by the secant method described in
Section 2., The procedure now restarts and recalculates the fixed
phase chemical potential at the new temperature (ox pressure).
This is continued until the sum of the mole fractions in the

guessed phase is 1.0, and then results are printed.

Another program has been written which calculates vapour-
liquid equilibrium, but without adjustment to the acentric factor.
It is similar to the program described above, but for the

calculations for & adjustment.

4. Program to calculate a flash sepafation

This program is very similar to the foregoing program above

for vapour-liquid equilibria,.

The dewpoint and bubble point of the feed is calculated and

a check is made that the feed temperature is within the range of .

the dew and bubble points. An initial value for the X ratio
is computed using vapour pressures and the vapour-liquid ratio

V is given an initial value.

Now using (2.87) for the liquid phase composition, the

chemical potential for the liquid phase is calculated.
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From this, the vapour phase composition is calculated (2.107)

and this is compared with the K-value assumed -~ in the

following way.

*

( y calc) (3.4)
X ass

KX cale

(=)

ass

1]

(o) X
r ass

ERROR = JE (AK)? (3.5)
N

If this ERROR is greater than 0,001, the K ratio's are reset,
and the chemical potentials are recalculated. If the error is
less than 0,001, the vapour ratio V is adjusted by the Richmond
method (2.111), When V is constant, the molar flow rates and
enthalpies are calculated, and the results of the flash are .

printed .

The FORTRAN statements for these programs are to be found

at the back of this thesis, , oy
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Flow diagram for the Computation of Zo’ Umix’ Hmi .
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Flow diagram for dew and bubble calculations
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Flow diagram for the Flash Program
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Flow diagram for subroutine ZEDU
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Flow diagram for subroutine THEPHI
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Flow diagram for subroutine DIFFER
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Section 4

Results
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Section 4

Results

1. Compressibility factors

The compressibility factoxs fox both gas and liquid phases
were computed foxr eleven pure substances and four mixtures.
It is hoped that these substances covexr the range of
applicability of the principle of corresponding states using the

Vennix equation of state for methane as a reference substance.

1. Ethane
The compressibility factor Z was computed fcr ten isotherms

from (298-548)K for a pressure range of (0~350)atm. This range

of pressure and temperature is covered by the experimental work

of Beattie et al (55, 53) and Reamer, Olds, Sage and Lacey (54).

Together they give results at 18 temperatures. The first (55)

covers (298~523)K and (11-192)atm, the next (53) covexrs (323-548)

and (60-350)atm and the last (54) covers (310-511) and (13~408)atm.

Fig 17 shows a plot of Z against pressure, with selected experimental

results. The results of Beattie (53) and Reamexr are consistently

sbove computed results and those of Beattie et al (55) are

consistently below.

Beattie and co~workers (53) state that this work is more
reliable than their earliexr work (55), especially where the
isotherms meet - i.e. at a density of 5 moles/litre.

Reamexr et al, also claim their work to be an improvement on the
early work of Beattie et al (55) and also on previous work by
Sage, Webster and Lacey (114). This latter work disagreed with

both Beattie's results by as much as 2%.
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Fig 17. Bthane,compressibility factor.
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Computed results agreed well with the experimental work
except at very low Z. The maximum error is about 0.7% at high
temperatures. At lower temperatures the error is 0.4 - 0.5%.
The critical constants for ethane used in these computations

are listed in Appendix C.

2, Propane

The compressibility factor of propane has been measured
by two groups of co-workers - Beattie, Kay and Kaminsky (44)
and Reamer, Sage and Lacey (45). The former covered the range
(23-305)atm and (370-548)K and the lattexr (2-136)atm and
(311-344)K. Beattie et al claim that their experimental work
is more accurate than that of Reamer et gl - whose propane was
none too pure. Compressibility factors for propane were computed
in this work at twelve different temperatures, four of which
are plotted in Fig 18, Experimental results are showvn and
there is considerable divergence at high pressures. The sets
of experimental work are fairly consistent amongst themselveu.
This diverge‘nce is rather an unexpected result, unless the
experimental work is not accurate. Beattie et al (44) also give
computed compressibiiity factors which they obtain from the
Beattie-Bridgeman.equation of state. There is increasing
deviation between calculated and experimental values of Z, with
increasing pressure. They Jo not give computed values of Z past
the point at which experiment begins to deviate considerably from
the conputed values of Z in this work -~ approximately 120 atm.

Maybe Beattie et al found this increasing divergence too,
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Fig 18. Propane,compressibility factor.
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3. Propylene

Marchman, Prengle and Motard (52) give e#perimental results
for the compressibility factor of propylene in the range
(0=-215)atm and (348-~523)K. Compressibility factors were
calculated ;t six of the temperatures used by lMarchman et al
and computed and experimental results are plotted in Fig 19.
There is very close agreement between the two; the greatest
deviation is at low 2 at 398 and 373K ~ about 1%. Elsevhere

in the range studied it is less than 0.5%.

4. Bubane
The compressibility factor of butane has been experimentélly

determined by Beattie et al (50), and by Sage et al (51).

Beattie et al worked in the range (423-573)K and covered a

pressure range of (14,7 - 117)atm, and (37-357)atn.

Sage et al worked at (311-393)K. The compressibility factor

was computed at six femperatures, four of which are shown in

Fig 20 with the corresponding experimental work of Beattie et al.

There is extremely close agreement with experiment over a wide

range of temperature and pressure., Maximum error - about 5% -

occurred at low Z near the critical point, but elsewhere the

error was about 0,3%,

Liquid phase was detected by the program at 423K and the

compressibilities were calculated with the Tait equation of state.

—
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Fig 19. Propylene,compressibility factor.
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Fig 20. Butane, compressibility factor.
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5.- .Pentane

The experimental work of Sage and Lacey (47), covers a very
wide range of temperature and pressure - (311-511)K and (20-340)atm,
This range is mostly liquid phase, and this is correctlyl
established by the program. Compressibility factors were
calculated at seven temperatures for the pressure range used by
Sage and Lacey. Five of the isothemms are shown in Fig 21,>
with experimental resulis of Sage and Lacey. There is close
agreement throughout -« abeut 0.2% error, except at low Z and
477.6K where it is 5.0%. llowever 477.6K is very close to the
critical point of ‘pentane (469K), and, as in the case of
butane, results cannot be expected to be as good as at conditions

not close to the critical point.

Sage and Lacey also give tabulated enthalpies - calculated
from their experimental P-V-T data. Their results were converted
to dimensionless configurational enthalpies for direct compafison

with computed results in this work.

Some examples :

T K P atm H/RT(47) H/RT(this work)
311.0  119.0 - 8.80 - 8.72
344.3 54.4 ~ T+45 - T.42
444.3 20.4 - 0,23 - 0.17
34.0 - 4,06 - 4.08
511,0 20.4 + 0425 + 0,403

27.0 + 0,05 + 0,148
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Fig 21, Pentane,compressibility factor.
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These results agree fairly well, there being least agreement
near the critical region, This is not unexpected as calculation
of enthalpy involves partial differentials of (equation 2.58))
and this always magnifies small discrepancieg. The critical
region is where there is greatest slope in the isotherm, ana
this will mean greater errors in any properties dependent on

derivatives.,

6. Hexane

Kelso and Felsing (4€) and Watson and Dodge (46) have both
determined experimental compressibility factors for hexane.
These two sets of experimental work are in good agreement.
Watson and Dodge report three isotherms in the range (523-573)K
for pressures (15-100)atm, and Kelso and Felsing give Z for
" (373-573)K for a pressure range (2.5 - 300)atm. In this range
of pressure, compressibility factors were computed at nine
different temperatures. Four of these isotherms are shown in
Fig 22 with experimental results of Kelso and Felsing, and

Watson and Dodge.

Stewart, Sage and Lacey (49) have experimentally determined
the compressibility factors for liquid hexane for temperatures
(311-511)K and pressures (6.8 - 680)atm. The temperatures at
which they worked do not coincidé with those of the other
experinental results (48,.46), but in Fig 22, Z at 377.6K
from (49) is shown on the isotherm at 373K. This is only a 1%
error in temperature, and,in view of the closeness éf the
isotherms,is a negligible error in these circumstances. As with
previous hydrocarbons discussed the greatest error in computed Z for
hexane is where Z is very low and where the isotherms have greatest

slope. Fig 23 shows a single isotherm computed at 448K including
the experimental results at 444K (49).
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Fig 22, Hexane, compressibility factor.
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23, Hexane,compressibility factor at 444 X and 448 X,
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This shows more clearly the accuracy of prediction away from the
region of minimum Z, and the consistency between different

experimental woxk,

7. Heptane
Smith, Beattie and Kay (56) determined experimental

compressibility factor for heptane at (303-623)K and (0-350)atm.
Computed compressibility factors at four of the same tempeiatures
as those used by Smith et al, are shown in Fig 24. In_all, A

was computed at nine temperatures in the range (303-623)K.
Agreement between computation and experiment is very close - at
low temperatures about 0.1 = 1.0% error, with increasing

pressure, and at high temperature 0.1 - 0.4% error with increasing
pressure, Smith et al state that the estimated experimental
error in density, in the liquid phase is less than 0,3% for
densities up to 2.5 moles/litre and 0.6% for higher densities.

In the gas phase, the error in temperature is (0.01-0.02)degrees,
in pressure less than 0.03% and in volume 0.1%. Thus the
deviation of computed results from experimental work is within
experimental error. An additional calculation using the Vennix
equétion was done for the liquid phase compressibility factors -
and this gave results as satisfactory as those the Tait equation

gave.

8. Toluene

Experimental compressibility factors for toluene wexe
determined by Watson and Dodge (46), at three temperatu?es (523,
548, 573)K for (10-32)atm. The compressibility factor was
computed at these same three temperatures and the results are
shown in Fig 25, Agreement is poor, but not unexpected, and no

reflection on the validity of the experimental work.
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Fig 24, Heptane,compressibility factor,
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Fig 25, Téluene,compressibility factor.
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It is straining the principle of corresponding states somewhat
to use an equation of state for methane to predict the properties

of such a substance as toluene.

90 O.J_cygen

Extensive experimental P-V-T data for oxygen is available
throughout the published literature. Two sources used in thié
work for comparison with conputed compressibility factors are
Wasserman et al (37), and Michels et al (57). The former covers
the range (0.25 - 1000)bar and (80 - 1300)K, and the latter
(22 - 130)atm and (273 -~ 323)K. Computed results are shown in
Fig 26 with the experimental work of Wasserman et al. Also in
Fig 26 are the experimental results of lichels et al at 298K,
shown on the isotherm at 300K. At this temperature (about 300K),
there appears to be less error between computed Z and Michelsd
experimental work than between computed Z and Wasserman's work -
respectively 0.25% and 0.31%. However, comparing computed Z with
Wasserman's work only, there is greater deviation at lower
temperatures and high pressures than elsewhere., The deviation
rises to as much as 2.2%., AS low pressures, the deviation drops

to 000%0

An earlier program was developed using an equation of state
for methane given by Leach (8). The same isotherms as in Fig 26
were also computed using this earlier program, but results showed
insignificant differen;es from those computed with the Vennix
equation of state. The compressibility factors were consistently
better at low pressures using the Leach equation, but at 200 bars
and above, the Vennix equation gave better results - in both cases

by only a very small percentage.
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Pig 26, Oxygen, compressibility factor.
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However, the Vennix equation is easier to handle and so that was

the equation of state finally selected for computation work.

10. Argon

Michels and co-workers have worked extensively on the
determination of experimental P-V-T data (34, 35, 36) for argon.
Wasserman et al (37) have published tables of smoothed
experimental data in the range (0.25 - 1.000 bars) and (85~1300)K.
Michels work covers (118-423)K and (0-1050)atm. Fig 27 shows
a few selected isotherms of computed compressibility faclors and
corresponding experimental values of Z. Agreement between
computations and experiment is good for 153K %o 423K and all
experimental work appears extremely consistent. Although not
shown in Fig 27. some compressibility factors were computed at
pressures up to 1000 atm. Such a pressure is far beyond the
stated limit of application of the Vennix equation of state (15,16),
but even so, calculated Z was only 0.5 - 1% in disagreement with

experimental work (37).

Crain and Somntag (33) weport P-V-T data on argon and
nitrogen and mixtures of the two. They also compare many -
published values of compressibility factor for pure argon and
nitrogen with their own experimental values, at temperatures
used in these computations. Computed Z agrees with these

values extremely well -~ 0,02 - 0,5% error,

Fig 28 shows H/RT plotted against temperature for various
isobars. At 50 and 200 atm, some of Michels' data have been
converted to H/RT, where H is configurational enthalpy, and are

also shown in Fig 28,
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Fig 27. Arpon,comprecsibility factor.
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Fig 28, Argon,dimensionless configurational enthalpy,H/RT.
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Michels®' enthalpies (34, 35) are calculated from his own P-V-T
data., Agreement with computed H/RT is good, but could be

expected from the excellent agreement between his compressibility
factors and those computed here. The British Oxygen Company (115)
have published tables of P-V-T data for oxygen, nitrogen, argon
and air. Their data also agree well with these computations.

For example :

P atm T K H/RD(115) H/RT*(this work)
50 200 + .46 + 0.48

200 200 - .92 - 0.9

300 260 . .082 -  0.055

* by interpolation on Fig 28.

11. Nitrogen
Wasserman et al (37) have published a table of smoothed

P-V-T data for nitrogen (0.25 = .000 bar) and (70 - 1300)K, and
Lunbeck et al (43) have determined experimental P-V-T data for
the range (148 - 423)K and (0 - 6000)atm. The compressibility
factor was computed at nine temperatures and these are shown in
Fig 29. The temperatures used correspond to those in the
expefimental work (37, 43). In Fig 29 results from both sources
have been .included - the slight variation in temperature (¥ 1. %)

is not considered significant.

Ref (43) Ref (37)
Temperatures for which - 120 K
experimental points 148 150
are shown in Fig 27.
: 198 200
248 250

323 320
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Fig 29, Nitrogen,compressibility factor,
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The computed results are those corresponding to the temperatures
for (43). At 1 bar, the experimental values are all less than
the computed Z, but above 1 bar, they are greater than computed 2.

All Lunbeck's experimental Z are greater than computed Z.

These same data were used in the program mentioned in the
section for oxygen which uses Leach's equation of state. The
differences in computed 2 were minimal ~ sometimes a fraction of a
percent higher, sometimes lower. Pefhaps this was due to rounding
error in the data (both (43) and (37) are smoothed data) and in
the program. Lunbeck et al also endorse the validity of their
experimental work by comparing their own work with that of
Keesom (116). Crain and Somntag (33) list many experimentally
determined compressibility factors and compare these with theix
oﬁn experimentally determined Z. Computed Z in this work compares

well - to within 0,2%, but up to 1 error at high pressures.,

12, Air

Smoothed P=V-T data for air, are given by Wasserman et al
(37) for the range (0.25 - 7000) bars and (75 - 1300)K.
Michels et al (58) give smoothed P-V-T data, and calculated
thermodynamic properties for the range (203 -~ 348)K and up to
1200 atm. The data published by B.0.C. (115) is that of Wasserman
et al., In Fig 30 a few of the compﬁted isotherms are showu with
experimental results of Wasserman et al. In all Z was computed

at seventeen temperatures in the range (160 - 320)K,
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O Wasserman et al (37)
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There is less error in computed results at higher temperatures
and pressures - most error is at low temperature and pressure,
being about 0.5%. It is interesting to note that all computed
values of Z lie below experimental 2 (37) whereas fbr oxygen

all computed 2 lie above experimental Z (37).

The pair interaction parameters were taken from the work by

Leland et al (11) and the composition of air was taken as :

Component Mole fraction
N2 0.78
02 0.21
Ar 0.01
Species pair g.z
N, - 0, , 0.995
N2 - Arx 0.995

These data (Fig 30) were also used in computations for Z using a
two~fluid model, and in the program which uses Leacli's equation

of state, again using both 1- and 2-fluid models. The 2-fluid

- model using Leach's equation of state is marginally the best at low
pressure and.temperature, with nothing to choose between tihe other
three. At high pressures, the l-fluid model with the Vennix
equation of étate glves rather poor resulis. The disadvantages of
the 2-fluid model are that only fractionally better results are
achieved by considerably more complicated programming, and at low
temperatures near the phase boundary, a mixture can appear to be

in two phases - as explained in Section (3.1).
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Fig 31, Air,dimensionless configurational enthalpy,H/RT.
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In Fig 31 a plot of H/RT against temperature shows computed
results and some enthalpies from Michels work (58).
The experimental work was converted here to configurational

properties. Below are tabulated some of the points shown in

Fig 31,
T K P atm H/RT(58) H/RT(this work)
148 10 + 0,790 + 0,798

50 - 0.445 - 0.443

100 . - 1.853 - 1.829

200 - 2,093 - 2,085

188 10 +0.896  +0.896
50 + 0,446 + 0449

100 - 0.131 - 0.121

200 - 0.743 - 0.718

273 10 + 0,965 + 0,964
50 + 0.829 + 0,827

100 + 0.675 + 0.674

206 + 0,447 + 0,448

Agreement with Michels' work is close.

13. Hydrogen Sulphide-liethane

Kate, Robinson and Chao (38) investigated.partial volume at
infinite dilution in order to find an interaction constant for
the B-W-R equation of state, for mixtures of hydrogeﬁ sulphide and
methane, To test the constant they found, they used the experimental
results of Reamer, Sage and Lacey (39) and plotted'compressibility

factor against mole fractions of methane.
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Fig 32, Methane~hydrogen sulphide system, compressibility factor.
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The work of Reamer et al agrees very well with the experimental
work of Kohn and Kurata (40). Agreement of predicted Z (38) from
BWR equation with the results of Reamei et al was quite good,
best at low concentrations of either component and ﬁorst at
equimolar concentrations. Fig 32 shows computed Z in this work
plotted in the same way as in the paper of Kate et al, to make

comparison easy. Calculations were made using §12 =1 and

§ 1p = 0:95 (12).

For §12 = 1, at low teomperature and low pressure, agreement
with experiment is good with very slight increase in error as
pressure and temperature increase. These computed Z are closer
to the experimental results than the predictions using BWR

equation are, except at very low concentrations of either component.

For §12 = 0,95, the computed values of Z agree extremely well
with the experimental work for almost all temperatures and pressures,
but‘ it is least good at low hydrogen sulphide concentrations at low

pressures.

14, Carbon dioxide-Methane ‘ -

Compressibility factors of mixtures of carbon dioxide and.

" methane at seven temperatures (311 - 511)K.i‘or a pressure range

up to 680 atm have been experimentally determined by Reamer et al (42).
They used four concentrations of methane in carbon dioxide.
Compressibility factors were calculated over the entire range in

given in (42) for all concentrations, In Fig 33, four isotherms,
using §12 = 1, for the mixture 0.,4055 methane, are shown. Also

‘shown are the computed results using §12 = 0.95 (12).
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Fig 33. Methane—carbon dioxicde svstem,compressibility factor,lMole

fraction of methene, O, 4.0‘35.

wie oINsSSexg

vlo} ] o5 o/

00¢

S R N B R |
Shn ik Pl s60=3
- , B oo.HuM (2f) T1e 3o Jeuwmsy
B N R S R e e e

V-
N

|

i

|

i

|

j
:
LA

|
!
!
|
»

SR RN A
I.M,r

m |
—
T
B IR LA

oy i

ol
S

Z‘£1TTTq I8seaduoy



126
Using §12 = 0,95 gives excellent results at high temperatures,
but at lower temperatures (e.g. 311 K) 5512 = ,96 might be a

better value.

Work on excess enthalpies - described further on in this
Section for carbon dioxide-methane mixtures shows that §]£Z= .96
is probably a better value for §12 than 0.95, and from Fig 33

this would seen to be borne out - especially at low temperatures.

For the other compositions -~ i.e. 0.2035, 0.6050, 0.8469
methane, only 5512 = 1.0 was used in computing Z. As might be
expected, results were better at lower concentrations of carbon
dioxide, about 0.1% error, and up to 0.16% at high carbon dZoxide
concentrations for low temperature and pressure. The same error
occurs a£ high temperature and pressure. At low temperature and
high pressure, the error was 0.8% for low éarbon dioxide
concentration up to 1.1% for high concentrations; and at high
temperature and low pressure the error was 0.08% to 0.16% for

increasing carbon dioxide concentration.

15. Toluene-Hexane

Watson and Dodge_(46) give Z for three concentrations of
hexane in toluene (0.7, 0.505, 0.336), for temperatures (498 - 573)K
and pressures (13 - 95)atm. There appears to be a misprint in their
tables of results and in Fig 34, corrected experimental values

sre shown as well as the literal values from (46).
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Fig 34. Toluene-hexane systiem,compressibility factor,
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Agreement between computed results at these temperatures and
pressures with experiment is not too good, worse at high toluene
concentrations. The data were rerun with §12 = 0,99 (12), and
had the effect of increasing Z throughout, but with least effect
at ‘low pressure and high temperature and with most effect at nLigh
tenperature and low pressuré. A similar phenomenon occurred in |
the prediction of Z for carbon dioxide-methane mixtures,
Agreement for pure hexane does not at first appear good, but
referring to Fig 22, thesé pressures are where the isotherms for
hexane have greatest slope, and where the least accuracy can be

expected in predicted compressibility factors.
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Enthalpy |

Enthalpies for an equimolar mixture of methane and propane
were computed at a selection of temperatures and pressures, in
order to compare with experimentally determined enthalpies - and to
assess the accuracy of the predicted enthalpies. Five temperatures
(144~394)X and pressures (136-34)atm were used. The experimental
work was that of Yesavage (Ph.D thesis, Rice Univ., 1966) and was
taken here as quoted in a paper by Fisher and Leland (125).

They compare their own computed enthalpies with those of Yesavage.

In the computations in this work an unlike ﬁair interaction
parameter of 0.98 was used initially, and predicted enthalpies were
extremely close to experimental results. The enthalpies quoted by
Fisher and Leland are residual enthalpies, so in order to compare
with these computations they were converted to H/RT. The table

below shows all three results expressed as H/RT,

Equimolar concentration is the best test for the accuracy of
prediction since errors due. to the mixing rules are greatest at

this concentration.

Another set of computed enthalpies were made with g = 0,99,
Phis value of jE was found by Teja (109) to be the best value
for the prediction of the critical locus of methane-propane

mixtures.

However, the enthalpies wexre not nearly so close to the
experimental values as those computed as !E = 0,98, Sole
exceptions were at high temperature and pressure (394K, 136 and

103 atm), where there was a slight improvement,
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TK P atm H/RT .
(This work) (Expt, Yesavage) Fisher (125)

144.0  136.1 - 10,72 - 10.79 - 10.85

102,0 - 10,82 - 10.89 - 10.95

34.0 - 11.04 - 11.09 - 11.12

17.0 - 11.09 - 11.12 - 11.21

200.0  136.1 - 6.48 - 6.55 C— 6,37

102.0 - 6.55 - 6.58 - 6.44

68.0 - 6.61 - 6.63 - 6.55

34.0 . - 6.67 = 6.69 - 6.57

311.0  136.1 - 2.34 - 2,34 - 2.35

102.0 - 2.16 - 2,15 - 2,17

27.2 0.42 0.33 | 0.41

338.0  136.1 - 1.56 - 1.58 - 1.56

102.0 - 1.17 - 1.22 - 119

68.0 - 0.34 - 0.44 - 0.36

51.0 0.095 0.0 0.07

34.0 0.45 0.38 0.43

17.0 0.74 . 0.T1 0.74

394.0  136.1 - 0.41 - 0.7 - 0.43
102.0 - 0.08 - 1.41 - 010

68.0 0.29 0.24 | 0.28

51,0 0.48 0.38 0.37

34.0 0.56 0.64 0.66

17.0 0.84 0.82 0.83

Dimensionless configurational enthalpies for an equimolar

mixbture of methane and propane.
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Excess Enthalpies

A religble method of computing accurate enthalpies can be
used further to find excess enthalpies (or heats of mixing) for
mixtures. 4n excess enthalpiy is the difference between the total
enthalpy of the real mixture and that of the ideal mixture.

The magnitude of excess enthalpies increase and therefore become
more significant near the critical region and especially in the

dense fluid region.

The excess enthalpies are defined :

i=N
t +
B - Hax ~ Z x;Hy : (4.5)
i=1

where H;ix in these calculations is H configurational.

The configurational enthalpies Hmi and Hi are computed by

X
the programs developed in this work, and then processed further
in equation (4.5). Lee and Mather (104) have measured excess

enthalpies for mixtures of nitrogen and carbon dioxide in a flow

calorimeter at 313.2K for the range (4-~131)atm. They compaxe their

experimental results with those of others, and there is good
agreement. They have also calculated HE at equimolarAconcentration
using several different theories. Agreement between their
computations and their own experiments is good at low pressures but
divergence occurs with the rapid increase of EE witﬁ pressure at

60 atm, Above 120 atm there is approximately 100% difference.
between the highest and lowest predicted ' (1600 and 3300 J/mol

respectively).
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Fig 67 Carbon dioxide-nitrogen syetem,excess enthalpy at equi-

molar composition at 313.2 K,

" ALee et al (104)

Pressire atm
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On Fig 67, HE is plotted against pressure showing computed
values for this work and smoothed experimental points of Lee and
Mather., Agreement betwezn the two is good. BSeveral values of EE
were tried to obtain a good match of computation and experiment;

0.94 was the best value obtained here.

To make comparisons wiéh experiment, the published enthalpies
had to be converted from residual or total enthalpies to
dimensionless configurational enthalpies (i.e. H/RT).

The computations on the carbon dioxide -~ nitrogen system have shown
that the values of H/RT for components and the mixture are good
enough to obtain agreement of computed HE with experimental Hﬁ.
Excess enthalpies awre a stiff test of enthalpy predictions as their

(HE) calculation involves many rounding errors.
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3. Joule~Thomson Coefficients

Experimental measurements of adizbatic and isothermal
Joule-Thomson coefficients are not as plentiful as other types of
thermodynamic data - such as compressibility factors and two-phase
equilibrium data. In recent years it has been shown that some
Joule-Thomson measurements are gquite inaccurate and inconsistent.
It is interesting to note that in the past, when P-V-T data at low
pressures and temperatures (below 373K and 10 atm) were difficult
to determine experimentally Joule-Thomson coefficients were
considered a good source of information to fill these gaps.

Now that the P-V-T data is wore easily available it can be used to
calculate Joule-Thomson coefficients. It is in this way that the
inconsistencies in older published experimental work have been

shown up.

l. Carbon Dioxide

Both adiabatic and isotherm coefficients were computed in
this work. The adiabatic coefficients of carbon dioxide have-been
determined by many workers, and those determined by Roebuck (23)
are taken to be the best available. Johnson and Vhite (36)
reviewed Joule~Thomson data available at the time {1948), and theyrl
came to the conclusion that the work of Roebuck and co-workers |
was the most accurate and reliable. The adiabatic coefficients
published by Roebuck are calculated from very careful mea.surements

of pressure and temperature changes and constant enthalpy.
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Fig 16, Carbon dioxide,adiabatic Joule-Thomson coefficients,
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Fig 10, Carbon dioxide,variation of computed isothermal Joule-—

Thomson coefficient at zero pressure with temperature,
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Charmley and co-workers (24) megsured experimental isothexmal
Joule-Thomson coefficients of carbon dioxide in a study of the
coefficients of mixtures of carbon dioxide and ethylene.

They give their results expressed as the coefficients at zero
Tessure . is obtained by extrapolation to P = 0
P A y extrap

for measurements of ¢ at pressures in the range (4-10)atm.
¢

Adiabatic coefficients were computed in the pressure range
(1-200)atm, on nine isotherms. The temperatures were the same
as those used by Roebuck. Fig 16 shows three of the isotlherms
for 9 and some of Roebuck's experimental measurements.
Agreement with experiment is to within 5% except at low pressure.
Different values of A P and AT (equations (2.123) and (2.127))
were tried in the computations, but the difference in computed

results for 9 were negligible.

Computed isothermal coefficients at 1, 5, 10 afm are shown
in Fig 9, extrapolated to zero pressure., In Fig 10, -Cfo
is plotted -against temperature for computed CP, and the
experimental results of Roebuck and Charnley. The adiabatié
coefficients of Roebuck have been extrapolated to zero pressure
and multiplied by the appropriste value of the ideal specific
heat -~ to give isothermal coefficients at zero pressure.
(= ¢o = 7 ,Cf‘ ). This plot shows the consistency of the
two sets of experimental data - despite the scatter in the
measurenents of Charnley et al (see Fig 8). The ideal specifiec

héats were taken from the National Bureau of Standards Hand Book

(25).
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Fig 8, Carbon dioxide—ethylene system,isothermal Joule~Thomson

coefficient at zero pressure,

A Charnley e
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Fig 9. Carbon dioxide-ethylene system,extrapolations of computed

isothermal Joule-Thomson coefficients to zero pressure,
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2, Carbon dioxide - Ethylene

Charnley et al (24) give isotherms for % at 273, 298,
318K for four or five different compositions qf carbon dioxide
and ethylene, for isothermal Joule-Thomson coefficients.

¢) was computed at these temperatures for 1,5,10 atm, and %
found by extrapolation to zero pressure. The results are shown
in Fig 8. Agreement is not too good, even considering the
scatter of the experimental work. The unlike pair interaction

parameter was 0.94 (12).

3. Propane

Adiabatic Joule-Thomson coefficients were determined
experimentally by Sage et al (28) for a wide range of temperatures
- up to 377K and pressures - up to 38 atm. Both adiabatic and
isothermal coefficients for propane were measured by Yesavage
et al (29). They give QQfor the renge (266-393)K and
(0-136)atm, and the adiaratic coefficients for the same pressure

range at approximately 268K.

Computed adiabatic coefficients are shown in Fig 11 with some '
of the experimental results of Sage (28). Agreement between
computation and experiment is only good at 377.4K. This result
is borne out by a study made by Manning and Canjar (26). In this
study, the'y compare experimental adiabatic coefficients at zero
pressure, - i.e. 9’, with their own computed valueé of 90.

They compute 90 from the relation
2
(Cppe 1y ) = T__d (B/T) (4.2)
d1 |

there B is the second virial coefficient.,
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Pig 11, Propane,adiabatic Joule-Thomson coefficient.

4 Kennedy et al (27)

Pressure atm
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Equation (4.2) is only exact at zero pressure, and Manning and

Canjar used the virial coefficients accurately determined by

McGlashan and Potter (30). They plot 9 against temperature
o

and their computed 90 only agrees with experimental 9 o

(23), at a temperature approximately equal to 377K.

4. Butane

Kennedy et al (27) determined adiabatic coefficients

calorimetrially for temperatures (284-~377)XK and pressures (1-15)

atm. Computations of l) were made at some of the temperatures

used by Kennedy et al, TFig 12 shows three isotherms at 294.3,

310,0, 327.6K. Agreement with experiment is poor;

but the

computed 9, of Manning and Canjar (26) for butane agrees

well with Y), in this work. ), here is obtained by

extrapolation in Fig 12,

Examples of 90 at two temperatures:

TEK | Expt 'l Ne (28) Calc'd Ne (26) _Q,(this work)
327.6 1.4 1.88 1.9
294.3 1.8 2.53 3.05

Do in K/atm.
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Fig 12, Butane,adiabatic Joule-Thomson coefficients,

Pressure atm
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5. Pentane

Brown and Pattee (31) measured the adiabatic Joule-Thomson
coefficient at 1 atm using a throttling calorimeter. Their
| temperature range was (390-730)K. Kemnedy et al (27) also did
experimental work on 9 for pentane. They covered the range
(327-377) and (1~6)atm. In this work, l9 was computed at
327.6, 344.3 and 361K. TFig 13 shows these isotherms with some
experimental work from Brown (31) and Kennedy (27).
The experimental work shows great disparity at 361 K, and neither
agree with computed 7 . - Manming and Canjar also note this
divergence at zero pressure for 9 « Their computed 90 agrees
with a value of 90 obtained from computed 9 in this work.

For example:

TK Conputed coefficients Expt'l coefficients
Ny (this work) 3L(26) 9,@31) ‘ g,gzz)
361.0 1.8 1.71 2.44 1.3
344.3 2,18 2.28 3.43 1.47
90 in K/atm.

Sage and Lacey (47) have calculated isothermal coefficients
for pentane from P-V-T measurements for a wide range of temperatgre
and pressure -~ (311-509)K and up to 680 atm. Taking a few of their
values at 344.3K, and comparing with computed values of 9

multiplied by the specific heat, we have

P atm Conputed 99[ .G this work Expt'l @ (47)
2.6 352,0 342.0
1.3 324.0 259,0%
0,0 311.0 | 182.0%

? in J/mol atm.
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Fig 13, Pentane,adiabatic Joule~Thomson coefficients,

A Yesavage et al (29)

Pressure atm
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* These values are reasonably consistent with values of ¢
(actually‘ 9 x Cp) measured by Kennedy et al (27) - 276, 192
J/mol, atm respectively., However this does not mean that the
computed results are wrong, as it has already been shown that

experimental work for both qu.nd 9 shows great scatter.

6. Air
Michels et al (32) calculated adiabatic Joule-Thomson
coefficients for air from their own experimental PVT data.

It is believed that they calculated 9 from

-m2. [dz\ 1
7 —(—— . = (4.3)
P dr/ ¢

b P

Six of the isotherms computed in this work are shown in
Fig 14, The temperatures range from 138K to 323K.
Agreement with Michels' work is very close. Where there is -
disagreement, the differences zre consistent with those between
computed compressibility factors for air and Michels' experimental
7 for air. A plot of Z against temperature should  show similar
trends for divergence as those in Fig 14 since from equation

(4.3) at constant T,

? = g constant x ()_.’i)

pr
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Fig 15, Air,compressibility factor against iemperature,
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Pig 15 shows Z plotted against temperature - and error trends

are consistent.

7. Methane~-Ethane-Nitrogen

Alkasab et al (117) compare their experimental work on
isothermal Joule-Thomson coefficients with computed 99 using
the BWR equation of state. There is quitg good agreement between
experiment and computation. Alkasab et al have used analytical

differentials of the equation of state (BWR) for equation

@ =Vve+T (éP/AP) _
BTV oV : (4.4)

In this work, finite differences were considered satisfactory

for equation (2.130). Isothermal coefficients were computed at
two temperatures - 255.5K and 274.7K, using two of the mixtures

which Alkasab et al investigated. The compositions were :

Mixture 1 Hixture 3%
C1 0.7373 0.2286
02 0.2624 0.7675 —
N2 0.,0003 0.0033

* The numbers correspond to those in Alkasab's paper.

The table below shows a comparison between computations in

this work and the work of Alkasab.
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Mixture 1 T = 255.5 K pm J/mol atm

P atm @ expt (117) @ computed (117) @P(this woxk)
24,16 - 9.76 - 9.3 - 8.73
34.70 - 10,22 - 10.37 = 9.79
44423 - 11.14 - 11.44 - 11,02
54.78 - 13.43 - 13.12 - 12.75
Mixture 3 T = 274.7 K

5.44 - 15,24 - 15,23 - 13,02
12.25 - 16.98 - 16.79 - 14.68
20.41 - 19.49 - 19.61 - 17.62
31.30 - 27.37 - 28.03 - 25,67

There appears to be a misprint in the text of Alkasab's papexr
'~ the units given for 90 are BTU/mol psi, Checking their results
against ¢ for a similar mixture investigated by Budenholtzer
et al, (118), and assuming consistency between the two sets of
expérimental results, the units must almost certainly be BTU/1b psi.
The results of Budenholtzer and Alkasab are in quite good agreement
although the concentrations in the former's work is 0,25 ethane

and 0.75 methane.

Agreement between ? computed in this work and (p
experimentally determined by Alkasab is good, but not as close as
the predictions using the BWR equation of state. Wenzel (119)
also compared computed znd experimental Joule-Thomson coefficients
for mixtures of methane, ethane and nitrogen. He found that
predictions using the BWR equation of state for an equation éuch
as (4;4) were within 1.7% of experiment, and were closer than

other methods he tried.
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Several combinations of § 1o Vere used in an attempt to get
better agreement, but they made negligible difference to the
computed ? o Results given here are those calculated with

g 1o from Prausnitz's table of values (12).
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4. Vapour Liquid Egquilibrium

Binary Systems

Nineteen binary systems were studied, They were chosen
partly because they showed typical wvapour liquid phase equilibrium
phenomena and partly because experimental data was available in
the published literature. The phase conditions studied include
those where both components are suberitical, where only one is
super~-critical and where both are super-critical.

Calculations have been done with and without adjustment to the

acentric factor, and using equal to one, and otherwise.
12

1. Methane-Ethane

A bubble pressure line at 171.4K was computed for a range of
compositions of methane-ethane. Experimental work at this
"temperature on vapour liquid equilibrium has been done by Chang and
Lu (61), at 171.4K, Price and Kobayashi (63) at 172K and
Ruhemann (62) at 173K. Experimental and computed results are
shown in Fig 35. The experimental wozrk is in good agreement,
except Ruhemann's results in the liguid phase., However these
points are smoothed interpolations of experimental results at
other temperatures, and referiing to Ruhemann's P-x diagrams of
his original results, their scatter makes debatable the best

position for the isotherm.

The computed results used adjusted acentric factors, for
which the vapour pressures were taken from(82) and (80).

The unlike pair interaction parameter was 0.99.
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Fig 35, Methane—ethane system,bubble pressure calculation at approx-

imately 172 X,

B I RECCITIERY PR STURIN SRS SOy e

i
|
O.?
ole fraction methane

15t

o j ;
: N w i ﬁ :
N e s (S5 RS S SCEE S
Pl 3 m M N
’ o : : i .
8 i : ;
: N -
oM :
: 4
- - a
“ * N
[ = B
D~ O O
B e B . .
: - ™M :
e e
— 8 -t
\O - e -
A H :
. o « o !
~i \O ' !
B+ B~ :
o] : ;
T 5 g : 5
b @ :
LaT4] m amv I ,
O NN oM - - S P seane - — , = R
o q + o o I e el
[ B . R a1 : ; . R \w _[ .”.!M.W..|llqll.l,.ll‘lk'O'

20

wuje eInsSsodd

N



154

Zudkevitch and Joffe (64) have developed a method of
predicting vapour liquid equilibrium using the Redlich-Kwong
equation of state. They compare some of their computed equilibria
with experiment - for example this system, methane-ethane. The

experimental results they quote are those of Price and Kobayashi,

and they use K values (X = y/x) for comparisons of computation and

experiment. For example

at 171 K
P atm Component x v K(this work) X(64) K(63)
given calec'd predict'd expt.

6.8 ¢ 0.235 0,935 3.900 3.820 3.710
c, 0.765  0.065 0.085 0,087 0,088

13.4 cy 0.555  0.9725 1.750 1.760 1.780
C, 0.445  0,0275 0.062 0.062 0,068

Slight differences in compositions - and hence X - are
inevitable because Zudkevitch and Joffe's method uses a flash
procedure., This way both pressure and temperature are held '
constantAand the vapour fraction'is converged to 1.0 or 0.0

for a bubble or dew calculation respectively.

2. Methane~Nitrogen

Two isotherms were calculated for methane nitrogen ixtures.
At 122K both components are subcritical and at 171K only methane is
suﬁcritical. Three sets of experimental work are available at these
temperatures; Bloomer and Parent (59) investigated dew and bubble -

pressures at a wide range of temperatures for many compositions.
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Fig 36. Nitrogen-methane system,dew pressure calculation at 122 X

and 171 K,
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Cines et al (60) also worked at a wide range of temperatures -
100K to 171K and they give eight smoothed isotherms in this range.

Chang and Iu (61) studied the mixture at 120K and 171K only.

Isothexrms at these two temperatures were computed by dew
pressure calculation and are shown in Fig 36 along with experimental
results. The unlike pair interaction parameter was taken as 0.97
and the vapour pressures for acentric factor adjustment were taken

from (25) for nitrogen and (16) for methane.

At 122K, the predicted vapour phase is closer to experiment
than the predicted liquid phase, and at 171K agreement foxr both
phases is not so good. The three sets of experimental work agree
well at this temperature except for the vapour phase at high
pressures, However the critical point for this mixture at 171K.
calculated by Teja (109) is shown in Fig 36 and the apparently
diverging vapour line of Cines et al seems consistent with this
critical poipt. The computations of dew pressure at 171K broke
down at a nitrogen mole fraction of 0.31 in the vapour. This is
the point of maximum concentration and is the pressure at which
171K is a maximum temperature. Further discussion on the breakdown

of dew calculations is in Section 5.

Where a component is supercritical, no adjustment to the
acentric factor € is possible, and it is kept at the accepted value
given by Pitzer et al (3). Some results below are for methane-
nitrogen equilibrium, computed with no adjustment'(regardless

of whether the temperature is supercritical or not).
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Dew Pressure at 152,8K

y x(calec'd) x*(expt) P(calc)atm P*(expt)
(given) €-1 % o097 §-1 §- 0.91
CH, 0.4912 0.7798  0.7997 0.8  24.3  25.4 25,5
N, 0.5088 0.2202  0.2003 0.2

Bubble point at 15.48 atm

X y(calc'd) y*(expt) T K | ™*(expt)
(given)  §-1  §-0.97 §-15 09
- CH, 0.9705 0.89 0.87 0.86 156.4 155.7 156.0
N, 0.0295 0.11 0.13 0.14

* These results were obtained by interpolation from’P—T-x

curves from (59).
A value of 0.97 for §12 seems satisfactory at 122K and
for the two points above but at 171K maybe a lower value would

be better.

3. Methane-Carbon Dioxide

Donnelly and Katz (65) nave done experimental work §n the
phase equilibria of methane carbon dioxide mixtures at seven
temperatures between 27iK and 200K. Dew and bubble pressures
were’comfuted at five of these temperatures and are shown in
Figs 37,38. The dew calculations broke down at th? maximum
concentration (about 0.8 methane at 223K and 0,5 methane at
259.7K) and the bubble calculations broke down at a pressure a
small percentage from the critical point. The liquid and vapour
lines were successfully extended at 223K by bubble calculation to

within a fraction of the critical point. This result is shown

in Fig 37 as a dotted line.
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Fig 37, Methane-carbon dioxide system,dew pressure calculation at 223 X
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Fig 38, Methane—carbon dioxide svstem,bubBle pressure calculation

on st 259,7 K,
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For all temperatures, the liquid lines are in poor agreement

with experiment. It is difficult to predict accurately phase
equilibria for mixtures containing carbon dioxide, especially
for the liquid phase, because its behaviour is so dissimilar

to methane (the reference substance) in the liquid phase.’

The lower the temperature the greater the inaccuracy -~ a similar
observation was made for the prediction of single phase

compressibility factors for this mixture,
g 10 Was taken as 0,95.

4., Methane-Butane

Vapour liquid equilibrium for methane-butane mixtures has
been measured experimentally by Roberts et al (68) at five
temperatures in the range (411~210)K and by Sage et al (67) in
the range (311-359)K. The latter also give the critical locus
and the maximum temperature and pressure lines for various
concentrations of methane. Hsi and Iu (69) calculated vapour
liquid equilibria of methane with various hydrocarbons, including
butane, using the Redlicherong equation of state. They
particularly chose conditions where one component was supercriticgl,.
They give an isotherm for the.mixture at 294K and compare
with the experimental results of Sage et al (67). There is good
agreement between the two and their calculation breaks down at

about 95% of the critical pressure of the mixture,

In this work, a bubble pressure line was computed at 277.6K
using .§12 = 0,96, Hsi and Lu also use a parameter to correct
the interaction term in the mixture critical temperature

calculated by the mixing rule (equation 1.29), and their value

is 0.9602,
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Fig 39, Methane-butane system,bubble pressure calculation at 277.6 K.
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However their value found by fitting computed vapour-liguid
equilibrium to experimental work (67). Agreement between the
isotherm computed here at 277.6K and the experimental work of
Roberts et al was extremely good and is shown in Fig 39.
The calculation broke down at 125 atm which is about 5% less

than the critical point.

Attempts to calculate isotherms at 411, 244 and 211K (all
experimentally determined by Roberts et al) were not so
successful. These failures can be explained in several ways.
At 211K, the reduced temperature is less than 0.5, and this is
below the lower limit of the Vennix equation of state. At 411K,
the experimental work (67, 68) do not agree so well, From Sage's
maximum temperature and pressure curves, the critical pressure
is at a mole fraction of methane of 0.1 and from Robert's work it
is 0,2 methane. In addition, 411K is within 3% of the critical
point of pure butane, and possibly too close for the computation
to proceed normally. The experimental bubble pressure lines are
almost vertical, so that if an initial guess were slightly
unsuitable, then intermediate calculations searching for a
solution could easily become super-critical, and the computations)y
cease. This is probably the case at 244K, as well &s the fact that
the reduced temperature might well be under 0.5 in some iterations,

causing further inaceuracies to build up.

5. Methane-Isobutane

The mixture methane-isobutane was studied because the data
given by Olds et al (70) were given in weight fractions, and
data were required to test a program written to process data given

as weight fractions. Olds et al give three experimental isotherms

of smoothed vapour-liquid equilibria, at 311.0, 344.3, 377 .6K.
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Fig 41. Methane-isobutane system,dew pressure calculations at 377.6 K

and 344,3 K,
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One bubble pressure line and two dew pressure lines were computed
at these temperatures respectively. TFigs 40,41 show these
computed isotherms and the experimental points. The bubble
pressure calculation breaks down near the critical point - not
acvually shown in Fig 40, and the dew calculations broke down

at the points of maximum concentration. Vapour pressure data was

taken from (120) and §12 was 0.96,

Agreement of computed equilibria and experiment is good, with

slightly greater divergence on the vapour lines at higher pressures.

6. Methane-Isopentane

The phase equilibria of methane-isopentane was studied in
detail by Amick et al (71). They measured compressibility factors
in the superheate@ region of several Qifferent mixtures of the two
components, and in the two-phase region, they measured phase
composition for temperatures (344-450)K at pressures between 27 and
68 atm. They compare K values for their experimental compositions
with those predicted ffom generalised correlations. However the
correlations they use do not take into consideration the effect of
composition. They do acknowledge that this assumption of an ideal.
solution is nof really valid for such a mixture as methane and

isopentane.

Attempts to compute coexisting vapour and liquid compositions
as bubble point lines met with difficulties. At 27 and 37 atm
a measure of success was had but only for glz = 1.0 and no

ad justment to the acentric factor,
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fodification to eitﬁer of these caused failure. The rezson
possibly is that these conditions are too close to the
critical point of isopentane -~ 32.9 atm, 461K. Modification of
the acentric factor at a temperature within about 2% of the critical
tenperature has been found to fail for various systems on several

N

occasions.

In spite of this, the agreement between experiment and

computation is quite good ~ they are shown In Fig 42,

7. Methane-Decane

Vapour-liquid equilibrium of methane-decane rwixtures has been
measured by Reamer et al (72). They give tables of smoothed data
for seven isotherms (311-511)K, expressed in weight fiactions.
Although the tables extend to the critical point of each
composition, actual experimental work was not done near the
critical region. Computations of the phase equilibria were
produced in weight fractions to enable easy comparison between
computation and experiment., The data are converted into mole
fractions within the program and back again to weight fractions in
the printed results, Weight fractions make the vapour—liQuid
equilibria of such mixtures as methane-decane (molecules of widely
differing size and properties) easier to plot in a graph since
weight fractions are numerically less than mole fractions.

For example 0,7 weight fraction of methane is 0.35 mole fraction,

0.8 is 0.97, 0.9 is 0,987 and soO on.-
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Fig 43, Methane—decane system,dew point calculation at 477.6 K and

bubble point calculction at 411 K,
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Fig 43 shows two isotherms at 477.6K and 411.0K, dew and bubble
pressures respectively. The dew pressure computations broke down
at the point of maximum concentration - 0,625 weight fraction of
methane, and the bubble pressures continue up towards the critical
point. In fact the program convinued to calculate bubble pressures
which were greater than the experimental critical point, and broke
down at 580 atm. In this‘work, g 1o Was 0.84, and except for very
high pressures, results were in good agreement with experiment.
Teja (109) found that for mixtures of very different sized
molecules, a volume correction factor (similar to g ) was
necessary, The factor 9 is defined by Teja as
) !
hiy = Dy (hi/g + ha{?j) ’
2
This factor has been assumed 1.0 in all the computations in this
thesis, but Teja found that a value of 0.94 gave a locus closexr
to the experimental one. Even so the predictions for vapour-liquid
equilibrium were not as close to experiment. as for other binary

nixtures.

8., Methane-Argon

Three isotherms for vapour-liquid equilibrium of methane-argon
were measured experimentally by Duncan ané Biza (74). Work at
very similar temperatures was done by Gravelle and Lu (73),
115.2, 123.4 and 137.1X, and they also predict vapour-liquid
equilibria at these temperatures using the Redlich;Kwong
equation of state. They use an interaction parameter g 197
which they determine by fitting their computations to their
experimental results, and minimising deviations from vapour
composition., They found that this parameter varies with temperature
aithough it is generally assumed independent of volume and

temperature (10,12).
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FPig 44, Methane-argon system,bubble pressure calculations at 123,7 K
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Leland et al (121) have calculated g 1p for methane-argon and
found it to be 0.979 using excess Gibbs free energy, and

0.989 using virial coefficients.

The interaction parameter for the computations was tzakeu first
as 0,98, and then as 0.979. The results at 0.979 showed very slight
differences from those at 0;98, but it is impossible to show them
in Fig 44 as significantly different. Gravelle and Lu found

the following values of g .

TK £ .
1152. 0,979
123.4 0.977
137.1 0.974

Computations were made in this work of bubble pressure lines at
123.7, 119.73 and 115,75K. The first and last are shown in

Fig 44, The solid line is a copy (as close as possible)»of

the coexistence curves given by (74) on a small plot of pressure
against composition. The broken lines are the computed results.
There is good agreement with experiment, greatest deviation being

at equimolar concentrations.

Argon vapour pressures were taken from an Antoine formumla given
by National Bureau of Standards (25), and for methéne from

Vennix (16).
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Nitrogen-argon system,bubble point calculation at 1 atm.
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9, Nitrogen-Argon

Watson and Rowlinson (10) have published a comprehensive
set of figures comparing computed vapourAliquid equilibriag with
experimental work. They worked on binéry systems in the Né - Ar -
02 mixture, as well as the ternary system. The program they used
was similar to that developed here, but as well as minor

differences, they did not adjust the acentric factor.

In this work, a calculation of bubble temperatures at 1 atm
(using 1-fluid model) was made to compare with the work of Watson
and Rowlinson. The experimental work used was that of Wilson,
Silverberg and Zellner (75). In Fig 45 are shown the two sets of
computed equilibria and the exﬁerimental points. The adjustment
to the acentric factor obviously improves the predicticn of the
bubble point line, and agreement of computations in this work and
experiment is very good. The acentric factor of argon is 0. and
this was unchanged even though the pressure was subcritical g 1o

was 0.995 (10).

10, HNitrogen Oxygen

A bubble-pressure line at 88,.88K was computed for a nitrogen .-
oxygen mixture. Experimental results to compare with this line
were taken from the work of Wilson et al (75). Their woxrk is giveﬁ
as compositions at constant pressures, so compositions and pressureé
at 88.88K (exactly 160 R) were obtained by interpolation., Fig 46
shows several sets of computed results with these interpolated
experimental results. The bubble pressures were computed with and |
without acentric factor adjustment, both with §12 equal to 0.995

(10); then with § = 1 and adjustment to the acentric factox.
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Pig 46. Nitrogen—oxygen system,bubble pressure calculation 2t 88,38 K.
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It can be seen what a difference adjustment to & makes - for
oxygen the correct vapour pressure is predicted. For nitrogen,
88,88K is 0.7 of the critical temperature, and so adjustment of the
acentric factor is really unnecessary - which is ﬁhy both lines
coincide at 100% nitrogen. Using g = 1 shows a slight lovwering

of bubble pressures, especially on the liquid line.

11. XKrypton-Oxygen

A bubble point line at 6 atm was computed for krypton-oxygen
mixture. The interaction parametexr §12 was 1.0 and no
adjustment was made to the acentric factor because, at the time,
the vapour pressure data for krypton was notiavailable. Fig 47
shows the computed Bubble poiqt line and some other computed points )
using the BWR equation of state (106). The bubble points agree
.well, but the liquid compositions are lower than thosé computed
by the BWR equation. The vapour temperature of pure oxygen is
predicted fairly accurately by both methods (this work and by BWR)

- it should be 111.64 X. This is probably due to the fact that

this temperature is approximately 0.7 of the critical temperature.

Some other computations of bubble pressures were made for
various temperatures and compositions in the range (114~145)K

and a mole fraction of krypton (0.001-0.95) respectively.

The bubble pressures were in the range (7.28-6.6)atm and the
vapour mole fraction of krypton was (0.0001-0.798) respectively.
It has not been possible to compare these figures with

computations using other methods, or with experimental work.
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Fig 47. Krypton—oxygen system,bubble point calculation at 6.0 atm;
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12. Propane-Carbon dioxide

Vapour-liquid equilibrium of propane carbon dioxide mixtures
has been measured by Poettmann and Katz (76), and by Reamer et al
(78). Poettmann and Katz measured the bubble and dew points
of six different mixtures for g range of temperatures., They
smoothed their results, giving four isotherms (355-233)X on a
pressure against composition plot, and four pressures (34~54.5)atm
on a temperature against composition plot. These ranges cover those
investigated by Reamer et al. They give tables of compositions for
smoothed temperatures and pressures in the range (277~344)K and

'
(5-65)atm. Agreement between these two experimental measurements,
away from the critical region is not too good, and Reamer et al

state that they think there is a systematic error in the

compositions of Poettmamand Katz.

Computations at three temperatures (277.6, 311.0 and 344.3K)
were made in this work. The first and last temperatures were bubble

pressure lines and the other was a dew pressure line,

At 277.6K,both components were subcritical‘and the vapour -
pressurés ﬁere taken from the extrapolations to the pure components
in Reamer's tables of vapour-liquid equilibrium (78). Fig 48
shows the computations at this temperature and experimental points
from boéh Reamer and Poettmarnn., The computed results follow, but
do not coincide with,the work of Reamer et al, although agreement
is best at high concentration of propame. g 1o Was taken as

0.89 (12).
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Fig 48. Carbon dioxide~propane system,dew pressure calculation at 311 K,
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At 311K, the dew pressure line computation break down af the
point of maximum temperature given by Poettmann, a mole fraction of
propane 0.215. Reamexr et al gives 0.2 at the same temperature as
the maximum concentration. The computations agree better with the

exderimental work of Poettmann in both phases.

At 344.3K, the computations broke down at about 50 atm.
Although unusual for bubble pressure computations to break down at
the point of maximum concentration (i.e. maximum temperature),
this temperature (344.3K) is only 6% from the critical point of
probane, and in addition the change of critical pressure with critical
temperature is almost vertical. Closeness to the pure component
critical temperaturé is often the cause of breakdown in the
conputation of vapour liquid equilibrium. The reduced temperature
of the liguid pnase at the point of breakdown in this case was
greater than 1.0 - the initial guess of liquid composition being

based on the experiment values of Reamer et al (78).

Zudkevitch and Joffe (64) have developed prediction methods
for vapour-liguid equilibrium using the Rédlich—Kwong equation of
state and they use the experimental work of Reamer et al as a
comparison with their computations. They give their results
expresse@ as K values. A few examples below compare their work with

this work.

T K Patm K expt(78) K calc(64) K(this work)

277.6 13.6 0.472 0.464 0,500
30.6 0.399% 0.395 0.365

311.0 20.4 0.715 0.710 0.722
47.6 / 0,567 0.557 0.510

344.3' 34.0 0.881 0.858 0.887
54.4 0.828 0.821 -

* rather uncertain (78).



181

Although the figures above are not in complete agreement, K
values do mask considerable deviations in bubble calculations -
being relatively insensitive to variation in pressuzre.

In addition, Zudkevitch and Joffe calculate their wvapour liquid
equilibria by flash procedure, which will make both their phase
compositions different to'experiment. - The X values given for this
work in the table above were taken from the computations shown

in Figs 48, 49.

13, Butane=Carbon Dioxide

The phase equilibria of butane and carbon dioxide mixtures has
been experimentally measured by Olds et al (79), and the results
were smoothed and presented at four temperatures (311-411)K
for a range of pressures. At all these pressures, carboﬁ dioxide
is supercritical., Poettmann and Katz (76) also studied this
mixture, and they give dew and bubble points at six temperatures.

In this work, bubble pressures were computed at 311.0 and 377.6K, and
dew pressures at 344.3K. The bubble pressures are shown on Iig 50,
with experimental resuits from both 0lds et al and Poettman and

Katz. At 311.0K, agreement ié good, bubt computations break down

at a pressure close to the critical point.

At 377.6K, agreement is not so good, particularly in the vapour
phase., Computations break down at the pressure corresponding to a
maximum temperature - 64 atm. This breakdown for a bubble
calculation might be due to an unfortunate choice of concentration
- corresponding exactly to the maximum temperature which caused

iterations to produce reduced temperatures well over 1.0.
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Fig 50, Carbon dioxide— butane system,bubble pressure calculations ai

311 .K and 377.6 K.
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Fig 51, Carbon dioxide~butane system,dew pressure calculation at
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The dew pressure compubtations at 344.3K are shown in Fig 51,
with experimental results of Olds et al. The computations broke down
at the maximum concentration of 0.21 carbon dioxide, whexe the

pressure is 50 atm.

14. Ethane-Propylene

McKay et al (80) made experimental measurements of the
volumetric and phase behaviour of ethane-propylene mixtures.
They measured the propertieé of the co-existing phases at three
compositions and present their results as interpolations for

regular pressure intervals for four temperatures (261~344)K.

Computations were made at these four temperatures - two dew
pressure lines at 277.6 and 344.3K and two bubble pressure lines at

261.0 and 311.0K,

At 261.,0K, two values of g were used, 1.0 and 0.99. -The
latter gave a far better agreement with experiment, as shown in
Fig 52. Similarly, there was good agreement using g = 0.99
for the dew pressure computation at 277.6K - also shown in Fig 52.
At 344.3 and 31i.OK the ethane is supercritical., The bubble
pressure computations using g = 1 at 311.0K broke down at
45 atm - which is approximately 57 from the critical point which
would have been predicted had the program been able to continue,
The reduéed temperature also became greater than 1.0 for the

liquid phase - not surprising since 311.0K is so close to the

critical point of ethane. The computations are shown in Fig 53.
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Fig 52, BEthane~propylene system,bubble pressure calculation at 261.0 ¥
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The dew pressure computations at 344.3K (also shown in Fig 53)
break down near point of maximum concentration, 0.35 mole fraction
of ethane. Agreement with experiment is not so good as for the
lower temperatures, and this suggests that lower &alue °f"§
would improve agreement. Decrease of g with increasing

temperature is consistent with the findings of Gravelle and Lu (73).

It is interesting to note that computations were able to
proceed further using §= 0.99 than §= 1.0. However, the
actual experimental measurements of HcKay et al ceased at 40.7 atm
at 344.3K and 44 atm at 311.0K., Their tabulated results are
extrapolations. If these extrapolations are in error, then use of
these as a basis for guesses in the data for the computation
of vapour-liguid equilibrium could lead to failures. This might be

the case in dew pressure computations at 344.3K in this work.

McKay et al cﬁmpare their e#perimental results with the much
earlier work of Lu, Newitt & Ruhemann (81), using X values.
Two examples below compare these two experimental determinations
with the computations in this work. The computed K values are not
so close to the earlier work nor is the work of McKay., Although
use of K values can be a misleading basis for comparison of cé-
existing phase compositions, the results below suggest that Lu's
work might be incorrect.

T K P atnm K expt(81) K expt(80) K(this work)

1.0)

0.99)

311.0  40.8 0.8 1,60 1.10( §

344.3  40.8 1.375 1.54 1.31( §

]
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15. Ethane-~Benzene

The system ethane-beﬁzene was considered an interesting mixture
for the prediction of vapour ligquid equilibrium because benzene is
an aromatic compound, and somewhat dissimilar to methane, and because
experimental data were available for conditions where both components
were supercritical. Kay and Nevens (82) worked on this system and
they give their temperature measurements at regular pressure
intepvals for six different compositions. They also give taﬁles
of temperatures at various pressures for smoothed compositions at
regular intervals, and they give the loci of the maximum |

temperature and pressure lines.

Bubble point lines were computed at 20.4, 34.02 and 68.04 atm.
At the first two, both components are subcritical and at the last,
both are supercritical. In Fig 54, the subcritical computations
are shown with the experimental points. Three different x}alues
of § were tried at 20,4 atm - 0,95, 0.97, 0.98. ‘The best_
agreement at 20,4 atm is with 0.95 for the liquid line -~ resuvlts
for all three values of § were indistinguishable in the vapour
phase. At 34,02 atm § = 0,97 gives agreement with experiment

which could hardly ie bettered.

At 68.04 atm, there are interesting results shown in Fig 55.
Two values of g (0.95, ¢,97) were tried. They give very different
values for the liquid line, but the vapour lines are indistinguishable.
0.97 gives the better agreement with experiment. Near the upper
critical point, 530K, computations began at a mole fraction of

ethane 0.25.
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Fig 54. Bthane-benzene system, bubble point calculations at 20,4

atm and 24.02 atm.
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thane-benzene system,budbble point calculation at 68,04 atm,
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This is fortuitously just below the point of maximum concentration;
even so, the_reduced temperature did go above 1.0 during intermediate
calculations. At the lower end of the phase diagram, computations
continued right up to the point of maximum concentration - 0,94

mole fraction of ethane, at 350K. At this point reduced

temperatures went above 1.0 and computations broke down.

16. Propane-Pentane

0f the pressures chosen for computation of bubble
temperatures of propane-pentane mixtures, only that one where both
components are subcritical was successful. This was 27.23 atm.
The results are shown in Fig 56, with the experimental points
of Kay (83). In this paper, Xay gives a wide range of two-phase

equilibria at regular composition intervals for pressures

(20.4 - 44)atm.

At 27-23 atﬁ agreement of computed bubble temperatures with
exneriment is good - §12 was 0.99. However isobars at 40 and
44 atm were impossible to calculate. Studying the temperature
composition plot given by Kay, the maximum pressure locus is very
negrly coincident with the dewpoint lines at both 40 and 44 atm.
This means that anywhere along the dewpoint line would almost be a
"maximum pressure” point., Thus computations are almost bound to

fail due to iterations wandering into the one phase regic.:s..

17. Pxopane-Propylene

The vapour-liquid phase equilibria of the system propane-
propylene has been investigated in detail by several workers -
Reamer and Sage (84), Hanson et al (86), Hirata et al (85), Hirata

and co-workers worked in the range (228-233)K.
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Fig 56. Propane—-pentane system,bubble voint calculation at 27.23 atm
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Fig 57. Propane-propylene system,bubble pressure calculation at 239,4 K
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They chose this region because hydrocarbons with similar properties
are difficult to separate. However relative volatilities increase
with decreasing temperatures and experimental work ait low
temperature is not as abundant as at room temperature or higher.
The similarity of the properties of pfopane and propylene makes
the prediction of their two-phase equilibrium a more difficulf

proposition too.

Hirata et al givé compositions for four isotherms - and at
these four temperatures, bubble pressures were computed. Two of
these are shown in Fig 57, with Hirata's experimental results -
at 233.5 and 239.4K. At 239.4K, computations were made with f _ 1.0
and 0,99, and with adjustment to the acentric factor in both cases.
With no adjustment to the acentric factor, g was taken as 1.0,
The change in predicted pressures (from g = 1 to g = 0.99) is
consideréble. Agreement with experiment is good especially at high
propane concentrations but it falls off tswards higher propylene

concentration. .

18, Butane-Heptane

Butane-heptane vspour-liquid equilibria has been measured
experimentally by Kay (87). He measured pressures and
temperatures for six compositions and tabulated interpolations for
dew and bubble points for seven pressures (6.8 ~ 39)atm at

regular composition intervals.,

At three of these pressures, the computation of bubble points
were attempted., At 6.8 atm a bubble point line for the complete
composition range was successful - shown in Fig 58; g 1o Vas 1.0.
The vapour pressures for adjustment to the acentric factors were

taken from the extrapolation in Kay's paper.
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Fig 58, Butane-haptane system, bubble point calculation at 6,8 atm,
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Fig 59, Butane-heptane system,dew and bubble point calculations at 20,4
atm,
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Agreement of the computations with experiment is good.

At 20.4 atm computation of dew points were more difficult,
possibly due to the value assigned to the initial guesses. In
Fig 59 the four successfully computed‘dew points are shown and the
experimental points of Kay. A bubble point at 0.4 butane was

computed without difficulty, and is also shown in Fig 59.

19, 3Butane Decane

Shelton (88) has deveioped a computer program for the
prediction of vapour liquid equilibrium. He uses the Redlich~
Kwong equation of state and a flash procedure for dew and bubble
points. For comparison of compﬁtations with experiment he gives
bubble pressures for butane-decane mictures at four temperatures.
The experimental work is that of Reamer et al (89). This
experimental work ié in good agreement with muct later work of
Reamer and Sage (in 1964) on the same systém. Agreement of Shelton's
computations with experiment 1s good except at higher pressurés

and higher mole fractions of butane,

Bubble pressures wére computed in this work at the same four
temperatures. Figs 60, 61 show the results with both sets of
experimental work., The values of § used at 311.0 and 344.3K were
both 0.94’and 0.97. The latter gave much better agreement, although
the bubble pressures were still not as close to experiment as those
predicted by Shelton. However, at high mole fractiéns of butane
at 377.6 and 411.0K, bubble pressures computed in this work were

much closer to experiment than those of Shelton.
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Fig 60, Butane—decane system,bubble pressure calculations at 244.3 K
and 311,0 K,
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Pig 61, Butane—decane system, bubble pressure calculation at 277.6 K

Jo 6o adjustment at 411,0 K,

and 411,0 K,I

?

SUBLNG UOTLO0BIF STOY

(88) wo3Teyg i

[4i

Wl® 8INssaxy



200

Mfulti-component Mixtures

Published experimental work on multi-component mixtures under
two phase conditions is not so widespread as work on binaxry
mixtures; generally the more the components, the less the
published work., As the number of oomponents increases, generslly
only the thermodynamic properties vexry much bound.up in industrial

practice are of interest.

The theory developed in this thesis shows that multi-component
phase behaviour can be treated in terms of binary interactions.
To test this, the phase oompositions and temperature or pressure
have been computed for three, four and five component mixtures

and various naturzl gases. ;

A binary system is the limit for showing easily on a graph
two~phase behaviour as a function of composition. Hence higher
component mixtures suffer the disadVantago that comparison of'
cemputations with experiment is limited to tables of figures,
or else pressure-temperature graphs which eliminate composition

variation.

Three Component Mixtures

In their book, Prausnitz et al (92) describe in detail
their method for predicting vapour-liquid equilibrium. T.ay give
facsimiles of their computer output, for seﬁeral three component
mixtures of hydrocarbons. These mixtures were used in computations
here to compare Prausnitz's method with this one. He uses equality -

of fugacities in each phase as the criterion of equilibrium,
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The vapour fugacity is expressed in terms of the fugacity coefficient,
vapour mole fraction and total pressure, and the liquid fugacity
in terms of activity coefficient, liguid mole fraction and standard
state fugacity. He uses a virial equation of staté and various
mixing rules for the interaction termé of the mixﬁure critical

volume, compressibility and temperature.

Prausnitz (91) has also published computed results for the
vapour-liguid equilibrium of ternary systems, using the Redlich-
Kwong equation of state, and compares them with the experimental work
of several workers (63, 93, 94, 95, 96). The method of Zudkevitch
and Joffe (64) for vapour liquid equilibrium prediction is very
similaxr to that of Prausnitz, diffexring only by the former's flash
procedure for saturation conditions and the latter's method similar
to that used in the woxrk here. Zudkevitch and Joffe compare

computations for a ternary system with experimental woxrk (97).

Chang and Lu (61) have made measurements in the subcritical
region of dew and bubble points for the system nitrogen-methane
ethane. A computation was made, for this system, of each type

of saturation condition.

The tables given following give the xesults of computation
in this work, with corresponding éxperimental work or comzutations
by other methods. Values for 5% used on these computations are

given at the end of the tables.
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P expt P calc Comp- x(expt) y(cale) y(expt) y(calc)
Ref T K (atm) *  onemt  or § all g;f-
given 1.0 1.0
1 91 311.0 40.8 42,2 HyS 0.810 0.594 0.660  0.533
52.3 €O, 0.170 0.254 0.220  0.325
51,72 CH, 0,020 0.152 0.116  0.142
2 91 311.0 8,16 73.56 H,S  0.843 0.470 0.470  0.438
90.31 €O,  0.042 0.044 0,095  0.060
86.66° CH, 0.115 0.485 0.435 0,501
3 61 122.0 5.62 6.05 N, 0.095 0.812 0.845  0.864
9.6 CH, 0.341 0.187 0.152  0.135
C,H, 0.564 0.001 0,003  0.001
4 92 3443 687 55.69 m, o0.012 o0.15 o0.116
CH, - 0.223 0.883 0.881
C;p 0.765 0,002 0,003
5 91, 227.6 68.0 68.63 CyHy 0.145 0,030 0.047  0.035
63 7.0 C,H, 0,089 0.043 0,050  0.041
CH, 0.766 0.932 0.903  0.924
6 91 311.0 34.0 31.69 CgH, 0.678 0.042 0.049  0.037
42,26 CjHg 0.170 0.060  0.085 . 0.071
CH, 0.152 0.878 0.866°  0.892
7 91 34473 102.0 100.5 CgH, 0.501 0.078 0.206 0,085
123.7 CjHg 0.125 0.064 0.099  0.065
CH, 0.374 0.858 0.695  0.8%0
8 92 344.3 26.8 24.94 CH, 0.104 0.867 0+849
Gy 0.358 0.131  0.149
C;y  0.538 0.002 0,002
9 91, '235.0 13.6 11.95 GC,H, 0.187 0.152 0.202  0.216
95 13.45 C,H, 0.330 0.249 ©.260  0.239
CjH, 0.483 0.599 0.538  0.545
10 91, 255.4 21.8 20.81 CyH, 0,025 0.022 0.034  0.034
95 21.20 CoH, 0.437 0.350 0.347  0.347
C,E, 0.538 0.628 0.619  0.619

¥ Upper figure is pressure at §== 1 and lower figure is

** From (92) not experimental.

§,7e 1.0
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Ref P T K T Comp~  x(expt) y cale y(expt)
atm expt calc onent or given g all
1.0
11 61 13.81 122.0 128.4 _ CH4 0.487 0.155 0.111
123.0 N2 0,307 0.844 0.888
02H6 0.206 0,001 0,001
12 92 68.0 339.0 412.0 N, 0,015 0,120 0,147
CH4 0.216 0.868 0.850
C10 0.769 0.012 0.003
13 91 34.0 344.3 347.0 C5H12 0.533 0,081 0.091
' 218.0  CyHg 0,355 0.272 0,297
CH4 0,112 0.647 0,612
14 91 34.0 377.6 378.9 C5H12 0.384 0.392 0.153
376.6 C3H8 0.577 0.571 0.680
CH4 0.039 0.037 0,167
15 91 102.0 311.0 300.0 C5H12 0.213 0.021 0.046
' 379.0 C3H8 0.320 0.118 0.160
CH, 0.467 0.861  0.794
16 91  102.0 37756 348.0 Co,  0.501 0.085 0,206
C3H8 0.125 0,067  0.099
Cit, 0.374 0.848 0,695
17 92 27.2 311.0 378.0 CH4 0,109 0.894 0,960
C4H10 0.178 0.;00 0.039
C10 0,713 0,006 0,001
Dew Pressure
Ref TK P expt P* Comp~ y(expt)  =x cale x(expt)
' atm cale onent . or given
18 61 171.5 13.6 12.4 N, 0.624 0.045 0,049
12,8 CH4 0.333 0.150 0.187
C, Hg 0.043 0,805  0.764
19 92 344.3 CH4 0.827 .
C4H10 0.,172 no convergence
C 0.001

y cal

5#

1.0
0.117
0.882
0,001

x cal

0,029
0,139
0.832




Dew Temperature

Ref P T X

T*

atm ex t cale

20 61  27.26 171.4 172.2

171.2

21 92 68.0  321.0

Comp- y{expt) x cale x X cale
onent or iven all 1.0 ex t - 1.0
N2 0.380 0.097 0.075% 0,079
CH4 0.603 0.616 0.632 0.624
02H6 0.0177

N2 0.632
CH4 0.367
ClO 0.001

0.287 0.293 0.297

no convergence

Values of € used in the above computations

o

Methane - HZS s

002 :
C2H6 :
C3H8 :
N2 :

Cg&zz

0.95
0.95
0.99
0.98
0.97
0.94

002 - HQS

CoHlg- CiHg
Collg= N,

C3H8-CSH12

s 0.92

H 0095

a. Also computed with slight changes in g (HQS - Co,: 0.92,

HpS -~ CH,

: 0.96, co, - H

4

in vapour compositions: 0,537, 0.328, 0,135.

: 0.96) but this have negligible changes

b. As for 'a' above, the vapour composition was 0.445, 0.062, 0.493.

¢« Possibly an error in (91), see discussion further on.

The  computations on the nitrogen-methane-ethane system are

in good agreement with experiment, except the bubble pressure (No 3).

This is a strange result,

Comparing with the Set No.1ll, the

experimental vapour compositions are very similar and the

temperatures are the sanme.

and the pressure might also be very similar.

This suggests that the liquid composition
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Maybe there is a misprint in the resulis published by Chang and Lu.

Comparison of results using g all equal to 1.0 and § equal
to more appropriate values, shows gquite marked differences,
The effect of adjustment to g in the computation of equilibrium
of binary mixtures is not nearly so great, and using the possible
values of g obtained from work on binary systems in computations
on multi—componént mixtures does not seem to produce a comparable
improvement in accdracy. This suggests that these parameters
canhot completely reflect binary interactions in muliti-component
mixtures. In sets 1 and 2, a third computation was made using
modified g 3 an improvement in predicted pressure was obtained

and very slight improvement in vapour composition.

Particularly poor resulls occurred in miztures containing
pentane (Nos. 6, 7, 13-16). Prausnitz gives g for methane-
pentane as 0.94 and this value was used here, but Teja (109)
gives 0,90 as a best value. However a recalculation of No.l6- using
this latter value of g gives quite unacceptable values for the
temperature and vapour composition. A discrepancy comes to light
by comparing Nos.7 and 16, - By mistake, No.7 was given a fixed
temperature of 344.3K instead of 377.6K, and this is why the vapour
compositions (experiment and computation) differ. A bubble point
computation at the same pressure (102 atm) on the same liquid
gave a temperature of 348K and a very similar vapour éomposition.

This suggests that there is a misprint in Prausnitz's paper (91).
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Successful use of g# 1.0 for the system acetylene~ethane
where excellent agreement for both bubble pressures and vapour ‘

compositions have been obtained,

For dew compubations for methane-butane~decane no resulis could
be obtained at all. Prausnitz (93) could not achieve any convergence
for a dew pressure calculation either. There are some conditions for
which there is no solution for a dew calculation at which :E:x = 1,0
This usually occurs when the mixture consists of components having

widely separated volatilitics.

For two other ternary systems, more detailed computations were

made. They were oxXygen-nitrogen-argon and nitrogen-argon-methane.

bxyg@n—Nitrogen—Argon

" Watson and Rowlinson (10) compare experimental compositions for
this m?xture at 6 and 18 atm with their own computed results,. They |
use both one - and two fluid models. Computations were'made in this
work at the same conditions, using adjustment of the acentric factor.
At 6 atm the difference between the two computed sgts of bubble points
was negligible. This is probably due to the fact that the component
vapour pressures are close together and approximately equal to a
reduced temperature of 0.7. At 18 atnm this work was an improvement
on that of Watson and Rowlinson. The tables of bubble temperatures
below show the two sets of computed results and experimental points.
Compositions computed in this work did not agree as closely with
experiment as those of Watson did. All the computations in this work
at 18 atm were made using the Vennix equgtion for both phases, because

- the reduced temperature was close to 1.0,
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Bubble temperatures at 6 atm and 18 atm in K

6 atn 18 atm
Expt'l Wetson & this Expt'l Watson this
bub.pt. Rowlinson WOTK bub.pt. & Rowlinson work
97.1 97.0 96.9 114.8 114.5 114.8
97.6 97.5 97.5 115.4 115.0 115.3
97.6 97.4 97.4 116.5 116,1 116.3
98,7 99.5 99.5 116.5 115.9 116,2
99.8 99.6 99.6 119.3 118.6 118.8
99.8 99.5 99.5 119.3 118,6 118.8
101.5 101.2 101.2 122.1 121.7 121.3
101.5 101.1 101.0  124.8 123.7 123.9
103.7 103.2 103.2 124.8 123.7 123.9
103.7 103.1 103.1 127.6 126.8 127.1
105.9 105.4 105.3 127.6 126.5 - 126.9
105.9 105.3 105.2 129.8 129.2 129.6
108,2 107.6 107.7 |
110.4 110.1 110,1

Latimer (98) has experimentally determined bubble temperatures
for many different mixtures orf oxygen-niﬁrogen—argon, at 1,316 atm
(1000mm Hg). The average deviation of bubble temperatures computed
in this work - using Latimer's liguid compositions as fixed
conditions - is 0.3%, whereas his own computations deviate by 0.25%.
He computates bubble temperatures using a method developed by

Weishaupt (122) as well as his own method.
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That of Weishaupt is not actually given as equations, and Latimer's
method is based on Raoult's Law and uses relative volatilities.

He gives a special chart by which one can determine two constants
for use in an Antoine-type equation for vapour temberatures.

He compares his own predictions with Weishaupt's by using relative
volatilities. In the table below, a sample of various mixtures

is given with relative volatilities for both these two authors!
computations and for this work. i{ was taken from Watson and

Rowlinson (10).

Relative Volatilities at 1.316 atm for the system

Oxygen—argon-nitrogen

Run No. Comp~ ol expt ol cale ok calc' A
(98) onents (98) (122) (98) this work
. 10 N,-0, 3.25 3.57 3.6 3.31
15 Ar-0, 1.39 1.34 1.37 1.23
18 Ny-Ar 2,57 2,62 2.66 2,90
21 N,~0, 3.46 3.65 3.69 . 3.60 ‘
23 Ar-0,, 1.43 1.44 1.42 1.24 |
26 N,-Ar 2.34 2.60 2.39 2.62
30 N,=0, 3.75 3.72 377 3.46
34 -Ar—02 1.56%  1.19 1.22 1.23
42 NAT 1.75% 2,56 2.53 2.56

#* not actually quoted as o in (98).

There seems to be no significant difference between Latimex's

relative volatilities and those computed here.
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Nitrogen—Argon-M?thane

Interest in the system nitrogen-argon-methane grew from a
communication (106) from the British Oxygen Company (BOC), who were
developing a computer program using BWR equation of state, and
wished to compare their results with those from other well
established procedures. Sprow and Prausnitz (99) have measured
bubble pressures at 90.67K (the tripie point of methane) for this
system, Their temperatures were accurate to within + .06K.
Bubble points at each experimental pressure were computed by both
methods (BWR and this work)., In the table below are the results

from this work, and experimental work of Sprow and Prausnitaz.

Average percent deviation of the fifteen bubble points from
90.67K computed by BOC wés 0.08% and in this work was 0.14%.
These deviations are almost within experimental errox.,

- Also computed in this work were the bubble pressv.lres. at 90,67K.

There was excellent agreement with experimental measurements.

The trena of the disagreements between computed bubble
temperature and 90.67K and between computed‘bubble pressure and
the experimental 'pressures showed that the values of f were
probably a little high. At constant composition, where the bubble
pressure was too high, the bubble temperature was too low, and

vice versa. Use of g rais2s the vapour pressure.
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Bubble temperatures ( € from (12)4)
re)

Pexpt T cale Liquid composition (99) Vapour composition (99) Cale'd vapour composition
atm X N2 Ar CH4 N2 Ar CH4 N2 Ar CH4
1.488 90.57 0.049 0.904 0.047 0.139 0.855 0.006 0.138 0.856 0,0006
0,782 91.26 Q.081  - 0.108 0.811 0,631 0.240 0.129 0.606 0.242 0.,151
1,361 _ 90,61 0.093 0.628 0.279 0.304 0.669 0.027 0.300 0.668 0,032
1.015 . 91.03 a 0.108 0.203 0.689 .0.587 0.330 0,083 0.570 0.332 0.098
1.529 90.76 0.204 0.350 0.446 0,610 0.350 -0.040 0.607 0.349 0.044
1.937 90.54 0.236 0,677 0.087 0.488 0.504 0.008 0.487 0,505 0.008
1.911 90.57 0.313 0.367 0.320 0,685 0.287 0.028 0.689 0.286 0.025
1.773 90.89 - 0.328 0,101 0.571 0.865 0.090 0.045 0.859 0.091 0.050
1,989 90.63 0,382 0.174 0.444 0.830 0.135 0.035 0.832 0.135 0.033
2,461 90.59 0.459 0.453 0,088 0.717 0.275 0.008 0.712 0.281 0.007
2.903 90.67 0.685 0.186 0.129 . 0.888 0.101 0.011 . 0.886 0.104 0.010
3.139 90.64 0.732 0.248 0,020 0.869 0.127 0.004 0.865 0.133 0.002
3.263 90.69 0.823 0.101 0.076 ‘ 0.942 0.050 0.008 0.941 0.053 0.006

3.591 90.71 0.952 0.004 0.044 0.995 ‘0.002 0.003 0.995 0,002 0.003
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Four and Five Component Mixtures

The published results of experimental work on mixtures with
greater numbers of components tend to be work on natural gases and
mixtures of industrial significance. For example,rthe four component
mixture for which Solomons (100) measured vapour liquid equilibrium
was light hydrocarbons in several types 6f absorbing oil. The
results using hexadecane are of interest here, and were used for
comparison with computations. Solomons gives six sets of eguilibria,
two at 311.0K, and four at 377.6K. An unusual feature of these phase

equilibria is that there is no absorber oil (hexadecane) in the

vapour phase. For this reason the dew computations were unsuccessful '

- as explained in the previous section on ternmary mixtures,
Tabulated below are the three bubble computations. All §= 1.0

Bubble Pressure

T K P(expt) P calc Comp~ x v

onent (given) cale (eipt)
311.0 34.0 27.5 CH4 0.0495 0.,3885 0,3225
02H4 0,3065 0,5365 0.6170
i-C, 0.,2320 0.0750 0.0600
Cig 0.4120 0.0 0.0
377.6 34.0 21.7 CH4 0,095  0.,7930 0.7590
CH 4 0.0745 0.1907 0.2310
i-C4 0,0190 0.0162 0.0009
Cl6 0.8115 0,0001 0.0
Bubble Temperature _
P atm T K(expt) T(cale)
68.04 377.6 396.0 CH4 0.1320 0.5699 0,5235
02H4 0.2125 0.3408 0.4000
1-04 0.1525 0.,0889 0,0765

Cl6 0,5030 0,0004 0.0
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Agreemént with experiment is not too bad - the cémpositions

are good, with no hexadecane in the vapour phase. But the computed
pressures are low and temperatures are high., Introduction of

g # 1.0 should have made an improvement to the temperature
or pressure in the right direction, but no success was had.
The reduced temperatures became too high and liquid phase
‘computations broke down. Various different starting conditions
were tried for temperature in the bubble point computations but to
no avail. Neither 370K nor 390K as a guess for temperature would

produce a complete bubble point computation.

The bubble point for a four component mixture essentially
of ethylene and ethane was computed to compare with the computed
bubble point from a program developed by British Petroleum (BP)

(105)., Below are the phase compositions.

Bubble temperature

P atm TK 7(105) Comp~ x y cale
(this work) onent given (this work)

22,52 | 254.0 253,0 CH4 .0002 .0008

CoH, L7753 .8321

i~C . .2220 ,1664

C4H, .0025 .000T

The BP method uses the Redlich Kwong equation of state, and
balances fugacities as a criterion for equilibrium. The BP method

yielded a bubble point of 253K, and this work gave 254K.
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Fig 62, Kryﬁtoq,méthanq,xenon,oxyﬁen system, Bubble point calculations

at 1-0, loﬁ and 2,0 atm.for six compositicns,

Temperature K

U}y eInssoly
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Another four component mixture of industrial interest was a
mixture of rare gases containing traces of light hydrocarbons.
These traces of hydrocarbons become detectable - and hence significant
~ after extensive distillation of zir, A series of bubble temperatures
were computed for this mixture. For six different compositions at
three pressures (1.0, 1.5, 2.0 atm). The compositions of the liquid
phases are given below.

Mixture Number

Component 1 2 3 4 5 6
Kr 0.0010 0,000  0.0300  0,1000  0.3000  0,6000
cH, 0.0001  0.0002  0.0004 0,0008  0.,0020  0.0040
Xe 0.0001  0.0008  0.0020  0,0080  0,0200  0,0400
0, 0.9988  0.9890  0.9676  0.8912  0.6780  0.3560

The resulis of the computations are shown in Fig 62 - bubble
temperature plotted against pressure, The interaction parameters EE

were taken as follows @

Kr - cﬁ4 : 0.995 cH, - Xe i 0.99
- Xe H 1.0 - 02 : 0099
- 0, ‘& 0.99  Xe - 0, 'z 0.99

The results could be a little in error as some of the bubble
temperatures are below the t:ipie points of methane (90.67K),
Krypton (116.0K) and Xenon (161.3K), and thus some solid material
would be present. These liquid compositions were supplied by

BOC (106).
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The computed vapour compositions for all six mixtures show oxygen
as the dominant component -~ but with the mole fraction dropping

with temperature.

Prausnitz (91) compares his ovn computed bubble pressures with
some experimental data (101) for some five component mixtures.
The same conditions were used as data for three bubble pressure

computations in this work. The results are tabulated below.

Bubble Pressures

TK P expt(atm) P cale § =1 P ecalc %*1 P cale (91)

1 311.,0 19.65 18,65 22,88 19.65.
2 311.0 6.52 5.18 6.51 5.78
3 366.7 53.20 53.69 60.26 52,50

Compositions computed for vapour phases in the bubble pressure

computations above :

Component x given y cale y cale y expt
£-1 §£1

1 CS 0,488 0:042 0,037 0.033
C4 0,213 0,052 0,044 0.044

C3 0.120 0.085 0,075 0.091

02 0.115 0.224 0.209 0.233

Cy 0,064 0.597 0.635 0.599

2 C5 0.802 0.184 0.149 0.129
C4 0.114 0.078 0.062 0.068

03 0,045 0.093 0.083 0.089

02 0.023 0,137 0.130 . 0.144

C1 0.016 0.508 0.576 0.570

3 C5 0.356 0,085 0,084 | 0.068
C4 0,222 0.097 0,092 0.097

03 0,160 0.129 0.124 0,130

02 0,126 0.186 0.181 0,194

C 0.136 0,503 0.519 0.511

l—J
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The vapour compositions are closer to experiment than those
predicted by Prausnitz, although the pressures are not. Once again
the effect of using g# 1.0 seems to overdo the correction for
bubble pressure, exceﬁt at the low pressure (No.2 above). Examining
the tables of results for ternary mixtures, the same effect occuxrs -
at low pressures use of ig gives better predictions than with

'g all 1.0 whereas at high pressures results are definitely
worse. The general effect of decreasing ‘E (i.e. from 1.0)
is to decrease the concentration of the least volatile component
and increase that of the most volatile component in the vapour
phase and just such an effect is obtained in the computations
here for the five component mixtures. The change in distribution

of intermediate components cannot be surmised so eésily.
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Natural Gases

The growth in the transmission of liquefied natural gases by
pipeline has lead to an increasing interest in their behaviour
under varlous conditions of pressure and temperature., The dew and
bubble points of several types ol natural gases have been computed
here, and in the following section the phase compositions after
flashing have been also computed. Some of the gas compositions and
working conditions have been obtained from industry, and others from

published experimental work on real and synthetic natural gases.

Yarborough and Vogel (102) composed their own gas mixture,
conbaining six hydrocarbons, nitrogen and carbon dioxide.
At 366,.7K they measured many equilibrium compositions and pressures.
in the tables of results following, two sets of Yarborough and
Vogel's experimental work are compared with computatioﬁs at the
same conditions - g bubble point and a bubble pressure. Both
computations were made with § = 1,0 and thé bubble pressure was
repeated using §¢ 1.0, In this last case, the resulting }c;ressure
increased in the right direction but by a little too much. The
vapour compositions show small changes - the most volatile, nitrogen,
does increase its mole fraction, but methane mole fracfion is virtually

unchanged.

The bubble point computcd at 7.48 atm with all SE equal to
1.0 gave a temperature which was too high. Use of _§¢1.0 would

have reduced this, but it is uncertain how far.
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Fig 63.%atural gas,calculated dew znd bubble voints,

=3

60, AGonzalez et al (103),mixture 5
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Gonzalez and Lee (103) measured dew and bubble points for a
series of natural gas mixtures. Two of these were selected as
suitable data for computing dew and bubble points. The first had
four components and the second had six. Their.compositions are

given below.

Natural gas compositions (103)

N, 0.0330 0.0310
cH, 0.9098 . 0.8144
, 0.0560 0.1110
cy 0.0012 0.0180
c, - | 0.0026
Cg - 0.,0230

* these numbers correspond to those in Gonzalez's paper.

Fig 63 shows bubble and dew temperatures plotted against pressure
for mixture 5, The bubble calculations brokg down at 45 atm and
approximately 191K, and the reduced temperature was 1.0, The
conditions are not surprising in a mixture nearly all methane.
Rough calculations show that the critical point of mixture 5 is
195K, 47.6 atm.. The dew pressure calculations broke down at the
maximum temperature point. At the lower end of the diagram, no

calculations could be persuaded to work below 5 atm, 162K.

All the foregoing computations on mixture 5 were made with no
adjustment to the acentric factor. Several points were repeated

making an adjustment.
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The results were almost indistinguishable from those with no adjustment

to the acentric factor. The table below shows three such points.

Bubble Point for mixture 5

P atm T K {(no adjustment to o ) P K ( & adjusted)
15.89 191.10 191,12
10,37 157.32 157.38

Dew Point

14.69 184.54 184.34

With mixture 6 computations were not very successful - only two
bubble points were obtained. These are shown in Fig 64.
Dew and bubble points at many different conditions, with and without
adjustment to the acentric factor, with f all 1.0 and E# 1.0
would not work. The reason for this is not clear, but the reduced
temperatures were very close to 1.0; possibly the phase boundary is

very close to the dew line.

The British Oxygen Company (BOC)(106) suggested some interesting
natural gases as data for dew and bubble point computations. In the
table of results are four bubble pressures for some eight component
mixtures computed in this work and for comparison, the results computed
by BOC using their BWR based method. Both methods give very similar
results, except in No.4. Here the nitrogen vapour mole fraction is
higher in this work, while other compositions are ohly changed very
slightly. The bubble pressure for No.4 is higher than the BOC pressure
too. The computed bubble point for a2 six~component mixture given by
BQC (No.7) was in good agreement with their bubble temperature, but-the

"~ vapour compositions did not agree so well.
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One dew point computation was made to compare with the BOC method,
at 36.49 atm. The temperatures agreed well although the compositions
were a little different - but not significantly so. The results

are in the table following this section.

A natural gas with thirteen components was suggested by BOC
for a bubble point computation. This had to be tailored into a ten»
component mixture as the program developed in this work will only
accommodate up to ten components. The bubble point was computed twice
- with g all 1.0 and g# 1.0. The results were good -
omitting heavy components in a bubble point computation makes litfle
difference to the answer (both composition and temperature). A similar

alteration for a dew point calculation would have a drastic effect on

both temperature and liquid composition,

Two dew pressures were computed forxr a natﬁral gas (108)
containing no heavy hydrocarbons. Unfortunately there are no.
comparable experimenﬁal two phase equilibria to include here fof
comparison. This is because this gas is a synthetic natural gas and
was made for a study on gas compressibility. It was necessary to know
approximately the dew points at various pressures to enable minimum
working conditions to be established for determinations of
compressibilities on a Burnett apparatus. These two sets of results

are in the tables following.

A bubble pressure line was computed for yet another gas, again
twice, with and without § all equal to 1.0. The effect of this
change in f was again insignificant. An interesting point is that
while computations with § all 1.0 continued to (42 atm, 200K), a
point close to where the critical point of the mixture must be,

computations with § 1.0 broke dowvm at 25 atm, 180K,
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Fig 65. Natural gas, (107), calculate@ tubble point line,
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These results are shown in Fig 65. This could be due to the
increased reduced temperature (due to using g;‘-— 1.0) going
prematurely above 1.0. Alternative starting conditions (guesses)
might well overcome this difficulty, bdbut unfortunafely not tried in
this work. A sample is given below of results showing the effect of
changing § from all 1.0 to §¢ 1.0 on bubble temperature

and vapour composition.

Bubble temperatures at 17.01 atm

Temperatures :  all g = 1.0 167.9%, g;.l.o 168.13K
Ligquid Composition Vapour, all §= 1.0 § % 1.0

N, 0.001 0.00535 0.00668

CH, 0.810 | 0.98653 0,98393

c, 0.130 0.00787 0,00899

Cy 0,040 0,00024 0.00035

i-C4  0.003 0.00001 0.00002

C, 0.010 0,00001 0,00002

1-C5 0,002 0,00000 0,00001

Introduction of g# 1.0 does not have the same effect on bubble
tenperature as in binary mixtures =~ probably due tc a more complex
P-V-T surface, where the vapour pressure of the mixture is not

directly dependent on its methane content.
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Tables of results for computed dew and bubble
conditions for natural gases.

Table of compositions of various liquefied natural gases

Comp~ No 1 No 2 No 3 No 4 No 5 No 6 No 7 No 8
onent (102) (102)  (106) (106) (306) (106) (106)  (106):
N2 0.0003 0,00005 0,0019 0,0022 0,0020 0,0019 0,0128 0,00018
002 0.0003 0,00005
C1 0,1349 0,0251 0.6136 0,5850 00,4669 0.4398 0.1049 0.26906
c, 0,0290 0.0065 0,1442 0,1317 0.1454 0.1278 0.21911
03 0,0312 0,0082 0,1976 0.2205 0.2642 0,1357 0.1207 0.22119
C4 o 0,0120 0,0168 0.,0386 0,0583 0.1769 0,08819
iC4 0,0165 0,0217 0.0333 0.0317 0.0974 0,07202
C5 0.1714 0.0690 0,0114 0.0176 0.0416 0.1240 0.05636
C6 0.02310
C7 0.2783 0.2275 0.02241
ClO 0.3546 0.6635
benzene 0.0028 0,0045 0,0080 0,0808 0.02778
ethylene 0,4873
Computed results
Bubble Pressure (data from (102) ) Bubble Temperature
Liquid composition: 1 1 2
Fixed temperature : 366.7K 366,.TK Fixed pressure: 7.48atm
Expt'l pressure : 37.55atm 37.55 Expt. temp. : 366K
Pressure calc. s 36.17 39.41 Temp. calc. ¢ 403.8K
(€211 1.0) ( $#41.0)
Vapour compositions
this work expt. this work expt. this work expt.
N2 0.0043 0,0051 0,0076 as for 0,0030 0.,0050
002 0.0003 00,0020 0,0010 g all 0,00025 0.,0015
‘ 1.0
C1 0.8690 0.8495 0.8659 0.7120 0.8261
C2 0.0515 0.0619 0,0465 0.0564 0,0598
03 0.0271 0.0302 0.,0271 0.0378 0.,0302
05 0.0334 0.0355 0,0337 0.08385 0.0432
C7 0,0126 0.0137 0.0160 0.0755 0.0275
ClO 0,0018 0.0021 0,0022 0.0312 0.0067
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Bubble Pressures (data from 106)

Liquid composition: 3 4 5

Fixed temperature 200.4K 209.4K 221K
P cale (106) 34.4 atm 40,0 40,0
P calc (this work) 34.49 40.6 41,3

Vapovr compositions

this work (106)calc this work  (106)calc this work 106(cale)

Q Q Q Q =

> 0.0099 0.0105 0.0109 0.0103 0.0124 0.0103
1 0.9618 0.9587 0.9537 0.9507 0.9371 0,0327
> 0.0224 0.0244 0.02565 0.0281 0,0350 0.0387
3 0.0057 0.0065 0,00928 0.C106 0.01434 0.0161
4 0,00006 <0.0001 0.00015 0.0001 0.00045 0.0005
iC4 0.00013 0.0001 0,00029 0.0003 0.G2059 0.0007
C5 0.00001 .0 0,00003 <0,0001 0.00011 '0.0éOl
" 0,00000 4 ppm 0.00000 8 ppm 0,00001 1.7 x 10-6
Bubble Pressure (data (106) ) Bubble Point (data (106) )
Liguid composition : 6 Liquid composition : 7
Fixed temperature s 220,.8K Fixed pressure : 32.12 atm
Pressure cale(106) : 40 atm Temperature cale(106) : 260K
Pressure(this work) : 45.67 Temperature(this work) : 259.9K
Vapour composition
this work 106 calc this work 106 cale
N2 0.0137 0.0100 N2 0.1256 00,1159
Cl 0.,9482 - 0.9473 Cl 0.,3904 0.3673
c, 0.02956 0.0330 C;  0.0214 0.0237
C3 0.,00707 0.0076 Cy 0.00856 0.0107
c, 0.00064 0,0007 iCy 0,00674 0.0084
iC 0,000 0.0006 -
1 o UV 0.4473.  0.4736
?5 0,00029 0.0005
Benz= 4 00005 0.00005
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Bubble Temperature (data (106) )

Liquid composition : 8 8
Fixed pressure : 26 atn 26 atm
Temperature cale (106) : 248K 248K
Temperature (this work): 245K 247.5

(€ 211 1.0) (§ # 1.0
> S

Vapour compositions

this work  (106) cale this work  (106) cale
N, 0.00773 0.00581 0.00845 as for
o, 0.87225 0.85119 0.76618 §§ all 1.0
02 0.09154 0.10744 0.17116
C3 0.02315 0.02783 0.04178
Cy 0.00217 0.,00294 0.00468
iC4 0.00274 0,00365 0.00656
C5 0.00034 0.00114 0.00083
Cg 0.00003) 0.00008
C7+ 0.0000l% 10 ppm 0.,00005
Bengzene 0,00005 0,00022
Dew Pressure (data (108) Dew temperature (data (106)
Fixed temperature : 180K 200K Fixed pressure : 36.49 atm
Pressure(this work) : 10,51 atm 33.72 Temperature (106) o 190K

Temperature(this work) : 190K

Vap,comp'n  Liguid Composition Vav.comp'n ~ Liquid Composition
180K 200K (106)  (this work)

N,  0,1508 0.0062 0,0252 0.0327 0.0081 0.0056
Cy 0.7697 0.2315 0.4927 0.9570 0.8562 0.8340
C, 0.0743 0.7425 0.4739 0.0188 0.1026 -  0.1000
Cy 0.0002 0.0176 0.0054 0.0015 0.0331 0.0288
co,  0.0001 0,0006 0,0003
ethy- 0.0002 0.0009 0.0008
lene
oxy-  0.0047 0.0007 0.0017
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Flash separations

Twelve isothermal flash separations were computed in this work.
The feed mixtures contained from three to six components, and flash
conditions ranged between (153 - 298)K and (5 - 71)atm. In some
cases experimentally determined phase compositions were not available
(123, 128), but for all mixtures the ratio V was available (as a
computed quantity). The methods used by the various workers were
forms of either the BWR method (127) or the Redlich Kwong equation
of state method (126, 123, 128, 127).

The table following shows the computed ratios V for this woxk,

and those from the various othexr sources.

Partial molal enthalpies were available for two mixtures (128)
and it was possible to compare the phase enthalpies computed by this
method and those computed by the Redlich Kwong equation of state.

It was also possible to show the consisfency of enthalpies
calculated in this program by comparing the residual enthalpy of the
phase calculated from equation (2.87) and the sum Zpresid (2.119),
vhere ﬁieSid = (Ei—ﬁgg). Below are shown the enthalpy comparisons.
It was not possible to ascertain the value for the total enthalpy
for a perfect gas used in (128) so the comparison of total phase
enthalpies was made by using the difference between the phase

enthalpies ~ which is independant of the perfect gas enthalpy.

Mixture number Difference* between liquid and vapour enthalpies
Shelton (128) This work
7 . 3936.9 4339.05
8 3415.1 3843.00

* in cals/mol

Consistency of computed residual enthalpies

Mixture number Z xnresid (H_. -1)RT
i mix
7 {liquid ~ 4550.0 - 4540.8
vapoux - 201.7 - 201.75
8 liquid ~ 4130.0 - 4121.7
vapour - 278.8 - 278.7



Results of Computed Flash Separation

622

Flash N CH C.H C.H ic V(this woxk) V calc Vgexpt)
Conditions 2 4 276 38 4EiO (ref) ref)ﬁ
1 | 172.0K Feed m.f. | 0.26347] 0.71358| 0.02295 0,796 0.8072
33.2 atm K products| 2.804 0.848 0.105 ' (123)
2 | 161.1K Feed m.f. | 0.26347] 0.71358| 0.02295 0.182 0,2582
33,2 atm | X products| 2.260 0.677 0,079 (123)
3 |177.61X Feed m.f. 0.0394 | 0.9074 0.0384 | 0,0111 | 0.0037 | 0.568 0.846% | 0,632
27.4 atm K products| 3.901 1.066 0.115 0,022 0.007 (126)
4 | 179.37K Feed m.f. 0.0393 0.9072 0.0386 | 0.0112 | 0.0057 | 0.688 0.861% | 0,731
27.6 atm | K products | 4.226 1.111 0.114 0.021 0.007 (126)
5 | 181.33K Feed m.f, 0.0381 0.9056 0.0405 | 0.,0121 | 0.0037 | 0.745 0.863% | 0.756
28.1 atm | X products | 4.511 1.156 0.114 0,021 0.007 (126)
6 | 153.0K Feed m.f. 0.101 0.716 0.151 0.032 0.415 o.585§ 0.530
10.9 atm | X products | 1.162 0.025 0.001 10.245 0.406 (127)
7 | 243.0K Feed m.f, | 0.092 0.550 0.197 0.161 0.439 0.4162 0,438
71.2 atm K products | 1.609 0.390 0,147 3.980 0.358 (127)
8 | 244.0K Feed m.f. 0.128 0.646 0.132 0.094 no 0.877§ 0.848
40.9 atm | X products convergence 0.891 (127)
9 | 153.0K Feea m.f, 0,061 0.769 0.143 0.027 0.167 0.5062-1 0.320
12,2 atm |} K products | 1.008 0.028 0.002 7.659 0.176 (127)

a: calculated using the Redlich-Kwong method. b: caleculated using the BWR method.



Results of Computed F!..sh Separations, continued.

Flash CH C.H C.H iC H C,H C.H V(this work) { V cale®
Conditions 4 276 38 4710 4710 512 (128)
11 288,7K Feed m.f. 0.00537 0.15580 0.4452210,200741 0.17379} 0.01909 0.637 0,562
5.035 atm K products 30'625, 44569 1.310 0.615 0.425 0,181
12 298.7TK Feed m.f. 0.00537 0.15580 0.4452210.20074| 0.173791 Q.0L909 0.055 0.054
10,207 atn | K products| 15.492 2.806 0,906 {0.437 0.319 0.141

0ee
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Section 5

Discussion of results



232

Discussion of Results

In the presentation of results, comments have been made on
the individual characteristics of each system. Some general trends
have emerged from the computed work as a whole and these are
discussed here. It was also felt advisable to check some aspects

of the Vennix equation of state gs a preliminary to the main work.

1. Vennix equation of state

A small program was written to compute solutions to
equation (2.6) at a reduced temperature of 1.0 for a range of
reduced volume (0.82 ~ 1.10). The results are tabulated below.

The reduced pressure was computed from

Pt - z.TR/zﬁ/vR
Z is from equation (2.6) and 3y is 0.28793.

Computed reduced pressures at TR = 1.0

e A

0.82 1.00436
0.86 1.00061
0.90 | 0.99948
0.94 0.99950
0.98 ; 0.99993
1.00 1,00017
1.02 1.00039
1.06 1.00069

1.10 1.00073
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This curve does show a slight minimum and maximum In the critical
region which, if equation (2.6) were completely accurate it would
not do. This means that it is slightly unreliable for use in
conditions where the reduced volume is between 0.86 and 1.0 when
the reduced temperature is 1.0. However this very slight

disadvantage does not affect the work here.

2. Vapour pressure of methane

Several equations are available for the vapour pressure of
methane. Some are in terms of temperature and others in terms of

reduced temperature. Leach (8) gives the following :

P = exp(4.77726-2.782695/7% + (1nT™). 0.73611)
(5.1)
Vennix (16) gives another correlation for the vapour pressure of
methane (5.2) which is based on a correlaticn developed by
Armstrong, Brickwedde and Scott (113).

#3 ,1;2

P - exp(16.0288-1264,51/T - 0.550663T + 0.196832.10-
- 0.223451. 107803
(5.2)

SV oL . .
where P~ is in psi.

The correlation of Armstrong et al is

10810PSA=(10.68631—595-545/T—O.0348066.T + 0,13338.1072.7°

- 1.7869.10—7.T3

(5.3)

where PSA is in mm Hg.
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Leach also gives a correlgtion for the reduced saturated .
volume of methane as a function of reduced temperature only -

equation (5.4) below.

v o 1.0/(1.0 + exp(0.83531 + 0.4175105.(1n(1.—TR)) +
0.214866.exp(50.908(TR - 1.0)))
(5.4)
In order to compare volumes computed from equation (5.4),
saturated volumes for methane were calculated from Vennix's
equation of state ~ using the version which expresses pressure as a

function of volume and temperature - equation (5.5).

v

- (A, +A At A, 0 Ase)+ Te (

75175+ 8,¢ + By Byet+ By ¢ +Bsg’)F

(04 6) (e €)'~ (*¥€2)")((BHEY -

(€+6)?)-exp (GEAEL (¢ 1€))(T-t)) +< (P,

+ Derd, ¢+ B + Ds o). exp (kL Fa-€)fT)
(5.5)

The constants (Al"""""FQ) are listed in Appendix A,
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In the table below, the following computed results are

(1) saturation pressures from equations (5.3) and (5.2)
(ii) pressure from (5.3) reduced by a critical pressure of
671.0 psi and reduced pressure from equation (5.1)
(iii) the reduced volumes from (5.4) and the solution to
(5.5) are compared at temperatures from 100K o 190K.
In computing a reduced saturated volume from .5.5) a _
critical densit& of 0,1625 gn/cc for methane was
assuned.
T K Vapour Pqessurés psi  Reduced Pressures Reduced Volumes
PPA(5.3)  PV(s.2)  PPRemio PP(5)  vR(s.s)  vRR(5.40)
100 4.917 5.063 0.00733 0.00805 - 0.3716
120 27.857 27.980 0.04152 0.04210 - 0.3962
140 93.286 92.949 0.13903 - 0.13975 0.4294 0.,4298
160 231.268 230.131 0.34466 0.34822 0.4809 0.4816
180 476,803 376.277 0,71059 0.71563 0.5865 0.5872
190 652,231 654.500 0,97239 0.97240 0.8078 0.7844

The vapour pressure equation of Vennix (PSV) gives critical

points used in this work - 190.77K and 671.0psi, so naturally this

was the correlation adopted for the prediction of vapour pressures.

The correlation of Leach(PRL) was also used in program, for

computing saturation pressures for use with the Tait equation.
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roaching L.0,for methene,using Vennix equation of state,

Fig 66, Reduced volume and nressuvre for reduced temperatures app-

soure ecquation,

nd the wvapour dpre

o

Tait equation of state

(92°2) uotrieubs 3tef
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He used slightly different critical constants (191.06K and
671.2psi) for his correlations for the constants in the Tait
equation and hence PRL must be used to be consistent with the rest
of the Tait correlations. Reduced saturzted volumes from Leach's
correlation VRL are very close to those obtained from Vennix's
pressure equation of state (5.5) - the slight differences are due

to the two sets of critical constants.

3. Reduced temperatures close to 1.0

Where the phase conditions are such that the reduced temperature

is very close to 1.0, there are some computation difficul*ies.

It has been found that there are limiting values for the reduced |
temperature below 1.0, beyond which the Tait equation (2.26) has no
solution. In the vapour-liquid equilibrium programs developed in
this work, the Vennix equation (2.6) has been used to take over the
computation of liquid phase compressibility when the Tait equation
becomes unusable. This procedure is satisfactory up to a reduced

temperature of 1.0,

In Fig 66 are shown a few of the isotherms computed using
both the Vennix and Tait equations, and the saturated vapour pressure
curve for methane using equation (5.2). Too much significance
should not be attached to the value of Vﬁ where the isothermal
calculation by Tait equation breaks down. The apparent irreguiarity
of these points is due to the incremental approach used to find the
value of Pp at which the term (P§ + H)/(Pg + H) becomes negative.
H is a function of reduced temperature (2.29), correlated by Leach (8)
for the Tait equation. Reduced pressure (Pﬁ) was decreased at
intervals of 0.05, and the points shown © in Fig 62 are the last

~ possible computation of the reduced volume using the Tait equation,

at that particular TR.
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The isotherms computed by both equations coincide at the vapour
pressure curve calculated from (5.2), showing the very reasonable

consistency of the three equations used to describe phase

equilibrium in this woxk.

4. Consistency check

Some tests were made to check the thermedynamic consistency of
the shape factor correlations derived by Leach (8).
The tests showed that these correlations (1.17 and 1.18) were
satisfactorily consistent within the principle of corresponding
states. That is, the right-hand side and left-hand side of

equation (5.6) are equal (or very nearly so).

Uo.(b £33 o) .1 = (g - 1).(3}11.1 o\
— ] ee——— — XY
RNV [ £y &V lr

h,.
o o) ii,o

(5.6)

The derivatives of f and h with respect to volume can be
computed in the same way as the derivations of f and h with
respect to temperature. Equation (5.6) was derived in Section 1.

However it is not necessary to compute these derivatives if the

following simplifications are made.

1., A f.. can be transformed to I . é 65’,.
ii,o
- R
f.. v ' .
11,01 9 T 6.':,., V;
and 1 [ hijy oy Po t . d d)“.. o using the definition

his o \3Y /o ¢.;;, 3\,&‘

of £,. and h,, _ in equations (1.12, 13 and 1.14, 15)
?



RHS or LHS of Equation 57
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From the defining equations of &P and ¢ (1.17 and 1.18) we have

( 3@6‘. 9= (cai - ) (0.3063 - 0.4506/TI.;‘)_

R
bv& ## (5.7)
3¢ W, -w) 25 (0 :

i) = Wy —@) 7 .3903 -~ 0,9462 1n Ti)

R c
AR T# % (5.8)

Actually T? and V'E are functions of @ and ¢ (1.15,
1.16) and i and although this means (a%,/w: )TY and

(69",;'.

dependency is ignored as @ and (P are very close to unity for

/J V% ) 'I‘}].-_t are dépendent on ® ana ¢ , this inter.

the range of VI; and T? examined here. They are assumed equal to
unity. Substituting equations (5.7) and (5.8) into (5.6) the test
equation for consistency is

(3,-1).22. (0.3903-0.9463 1nT}) = - U_ (0.3603-0.4506/T%)

c RT

Zi ,‘ o

(5.7)

Oxygen, nitrogen, argon data were used for the calculations.

Fig 68 shows either side of equation (5.7) plotted =zgainst

reduced temperature for several reduced pressures. Two specific
cases below show both sides of (5.7), and how errors in prediction
of thermodynamic propertieé cannot be deduced from the smsll
inequalities of the sides of (5;7). A full discussion of this

consistency test is described by Canfield and Gunning in (110).
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Nitrogen Argon

140K, 98.7atm 203K, 200atm
LHS of (5.7) = 0,15207 0.03273

RHS of (5.7) = 0.24264 0.04505
calculated H/RT = 2,008 ~ 0.8368
experimental (37) H/RT = 2.030 - 0.8320 (35)
calculated 2 = 0.4732 - 0.7006
experimental Z = 0.4797 \ 0.7024

5. Compressibility factors

The computed compressibility factors agreed, as a whole,
very well with experimental work. Errors are almost all a fraction
of a percentage, no matter whether temperature ox piessure are high
or low. There is a slight tendency for higher erxors to be at low
ﬁemperature and high pressure, and the greatest errors are in the
critical region - up to about 5%. For mixtures most errors occur
at equimolar mixtures, or with increasing concentration of the
component with lesser similarity to methane. Equimolar mixtures
will be least accurate in their predictions because the mixing

rules are least adequate at this concentration.

Good results for predicted compressibility factors are not
entirely unexpected since compressibility is one of the two
dimensionless configurational properties used in the pair of

equations (2.1, 2.82) defining the principle of corresponding states.
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The excellent correlations for shape factors, @ and d) , have
helped to make these very accurate predictions of 7, If it were
not possible to evaluate @ and ¢ s and they were taken as
1.0, the principle of corresponding states would revexrt to its
sinpler form 7, = F(T/Tg, V/V;). This latter definition is used
in the well-known "compressibility charts", where Z is plotted as

a function of TR and VR.

The work on computed Z for mixbtures was used to evaluate
the worth of using the 2-fluid model for mixtures. The results for
air showed that it is not really woxrth the effort. Watson and
Rowlinson (10) found that their 2-fluid model bubble point
computations gave better results for vapour-liguid equilibrium
for oxygen-nitrogen-argon mixture. Their work was at 6 and 18atm,
and temperatures up to 129X (i.e. comparatively low), and they
used the Leach equation of state. Their results bear out what was
noted in the discussion on Z in this work for air -~ that Leach's
equation of statevincorporated with the 2-fluid model is best at

low temperatures and pressures.

The reason for the 2-fluid model being only the best at low -
pressures may be due to the fact that it is based on the concept of
an ideal mixture of hypothetical components. As pressure drops
in the gas phase ideality is approached, and this model thexrefore
becomes appiopriate at low pressures. In addition, at higher
temperatures and pressures, the mixing rules will contribute
increasing inaccuracies which must accumulate more quickly in the

2-fluid model.
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The computation of Z for natural gases has been made very
successfully by Roe (108). His results are in the approximate
range (294-218)K and (3-100)atm. He uses the extended principle
of corresponding states (as described in this work) and the Vemnnix
equation of state in his computer program. The three natural
gases which he uses as data are of two types - two with fifteen
conponents and very high methane content, and the third with four
components and only 74% meth;ne with 15% nitrogen. He estimates
a maximum error of O.l% in the experimental compressibility factors,

and his computed Z are generally within experimental error,

6., Joule-Thomson coefficients

Computations of Joule-Thomson coefficients, both isothermal and
adiabatic, were less accurate than for compressibility factors or
enthalpies. Comparison of computed adigbatic coefficients with
older experimental work shows very great differences - particularly
for hydrocarbons, There is good reason to believe - as described
earlier - that these'early data cre unreliable. Various methods
of predicting Joule-Thomson coefficients all give similar answers
for 9 and (,0 + Comparison of computed ;0 (both this work
and others) for mixtures (for example nitrogen, methane and ethane)

with recent experimental work shows very much better agreement.

A source of error in predicted coefficients in this work is
probably due to the use of finite differences in equations (2,123,

2,130), instead of using analytical expressions for the derivatives

of enthalpy with respect to pressure.
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[ﬁ T and A P were varied in computations of r) for

hydrocarbons and the results for !) showed very little change.
Computed and experimental 57 were so different in this case that
it is difficult to say whether or not smaller finite differences
breught computed 9 nearer the true 9 « In the case of

for the three component mixture (N2,0H4,02H6) mentioned above,

it is more likely that smaller & T and A P would improve
predictions for ﬁF’ +» The use of analytical derivatives of
enthalpy could be avoided by using an alternative definition

for :

P e veT (3P/3T), [(IP/3V),

or‘ = '._E_Iz' é_.,_z_
¥ P (,H'P

These give a more accurate method, but much more time-consuming.
However it does sieem that it might be worthwhile since there is

evidence (117) that it gives better answers.

Te Vapour-liquid equilibrium

The computed results described for the vapour-liquid
equilibrium are generally very close to experiment. A wide range
of representative mixtures and components have shown the adequacy
as well as the limitations of the method described here. K values
have only been used sparingly as a means for comparison with

experiment, since they mask actual compositions computed.

The great drawback of using a pure substance for the reference
conmponent for miitures, is that pure substances do not exhibit

retrograde behaviour,
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Thus, vapour-liquid equilibrium at conditions where the reduced
properties are greater than 1.0 cannot be computed. This is because

configurational interal energy, U is defined :

R
2 ‘-'-jc Ief(ﬁ__z_.o deg
RT ef )T: 0*

(2.53)
and in the liquid phase the limits of this integral are VR and Vg
(plus the saturation value of UO/RT). Since the limit of eS is

at TR = 1, for TR greater +than 1.0, CS is inaccessible,

Usually retrograde behaviour is associated with the dew line,
thus it should be possible to calculate vapour-liquid equilibria
by bubble calculations to very near the critical point.

‘This is exactly borne out by the work here; for almost all
computations the bubble temperatures or pressures proceed to within
.abOut 5% of the critical point. Dew calculations in this work
aiways fail at the point of maximum concentration - which is the
point of maximum temperature for fixed temperature calculations and

the point of maximum pressure for fixed pressure calculations.

For dew pressure calculations there are conditions where the
equations of state will not yield any solution for which the vapour
phase is at the dew point - that is the sum of the liquid mole
fractions cannot be converged to 1.0 for any value of pressure.
Vapour-liquid eguilibrium calculations are relatively more sensitive
to temperature than pressure, so it is possible that the chemical
pobtential for the vapour phase of a dew pressure computed at pressures
above the maximum temperature point is not very different to that

calculated for a similar composition below the maximum temperature

point.
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The program is able to find a solution for the lower dew pressure

but not another higher one at the same composition.

The maximum pressure line rarely departs far from the critical
locus, so this means that dew temperature calculations should
proceed to near the critical point, in theory. Unfortunately the
dew lines at constant pressure are often almost coincident with
the critical locus and this makes computations difficult - forx
example butane~heptane at 20.4atm. It is possible to calculate
these saturation lines by bubble calculation where a dew
calculation has failed. Two specific examples of this are :
the system methane-carbon dioxide at 223K - Fig 37 and the system

butane heptane at 20.4atm - Fig 59.

Closer investigation shows that this phenomenon is due to the
generation of intermediate conditions (in the dew calculations)
which are single phase. These the liquid phase computations .
cannot deal with - for reasons given above. .~ . . The actual

figures for butane heptane at 20.4atm show how this happens.

Bubble point

Liquid composition Vapour composition calc'd
C4 0.400 0,704
C7 0,600 0.296

Calculated temperature 455.2K.

Dew point

Vapour composition Liquid composition cale'd
C4 0.700 not found
C 0.300
a4 3

Guess for temperature 452K,
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For the bubble point calculation the vapour mole fractions
began at C4 0.681 and C7 0.289, and these gradually progressed to
the answer without oscillation. It may be noted in passing that
the bubble point computed without adjustment to ¢;> was 454.5K,

although the vapour composition was unchanged.

For the dew point, the reduced temperature went immediately
very close to 1.0 and the mole fractions were first C4 0.411 and
C7 0.624. The sum of these oscillated wildly about 1.0 without

converging to a constant value, after the temperature had been

adjusted to 467K.
Another attempt at calculating the dew point was made with the
guess for temperature at 445K. This resulted in a complete

calculation. The final result was @

Dew point 455.7K

Liquid composition : C4 0.397

¢ 0,603

1
Exactly what happens can now be seen. In the first calculation
for dew point, ‘I‘g (the guessed temperature) equal to 455.0K wag
below the correct dew point (because & x was greate® than 1.0),
but the temperature adjustment gave far too high a temperature for
the next iteration. This meant the liquid phase could not cope
with the high reduced temperature. In the second calculation with
a lower Tg (445K), although even furfher from the dew point to
begin with ( 2 x vas even greater than 1.0) the correction to
- temperature brings it towards the dew point without going into the

one phase region,
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However, in conditions where some components are supercritical,
raising or lowering the starting temperature, Tg does not
facilitate dew computations, once the point of maximum concentration

has been passed.

It has been concluded from experience in this work of systems
such as the butane-heptane one above, that conditions specified as
guesses for computations of vapour-liquid equilibrium influence the
path of the iterations to quite a large extent. MMisleading
compositions can cause havoc. A reasonably successful method
(if experimental work is not available) is to use vapour pressure
curves and Raoult's law. It has also been found advisable to have
the guess for temperature or pressure within the two ﬁhase region.
This generally ensures criticél points less than 1.0 for the fixed

phase.,

8. Unlike Pair interaction parameter i;
=4

Introduction of the unlike pair interaction parameter §
makes a considerable difference to the accuracy of the prediction
of vapour-liquid equilibria for binary mixtures. Prausnitz (12)
gives a long list of values for g (he calls it (1-K12)) for
common hydrocarbons and gases. Rowlinson et al (11) give values
for rare gases and a few other compounds. Prausnitz determined
his values for excess volumes, and Rowlinson et al from excess
Gibbs free energies. Whexe they have a binary pair in common, the
values of § and (1-K12) agree, Generally it is assumed that §
is independant of temperature and pressure, and in this work is
always treated as such, However some workers - Gravelle and Iu (73)

found some variation of § with temperature.



249

Variation between the experimental work of different workers is
not considered here to be smnall enough to Justify attempts to
correlate § with temperature, or to assign values to g with
more than two significant figures. It is thought that improvement
to predictions should come from better equations of state and

mixing rules, and not from empirical "constants".

In some cases the value of i given by Prausnitz is disputed.
Work on critical points by Teja (109) has shown some of Prausnitz's
values to be unsuitable for the accurate prediction of critical
points using the principle of corresponding states. The best
possible values found by Teja were tried for vapour-liguid
equilibrium computations, and found - only in some cases - to give
an improved prediction. In others the predictions were very much
worse. This finding seems to bear out the supposition that g

does vary with temperature.

Use of these parameters in multicomponent mixtures does not
seem to reflect the same accuracy of prediction as they do for
binary mixtures - for example in work on the four-component mixtures
of Solomon (100}, and natural gases. Just as pure component |
behaviour is modified by the interaction of unlike pairs in a
binary mixture, so these binary interactions could well be modified
by the presence of a third, fourth etc species., The mixing rule
for unlike pairs using § modifies each f12, but vﬁhen there are
more than two components, the simpie gecmetric mean seems to be an

increasingly more suitable description.
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9. The acentric factor

The acentric factor is defined by Pitzer at a reduced
temperature of 0.7, Hence in vapour-liquid equilibrium calculations
at mole fractions of 1.0, the predicted pressure or temperature
will not be exactly equal to the experimentzl saturation values
except at TR = 0,7. Thus, modification to the acentric factor was
thought necessary. The method developed here has produced excellent
results. The only—drawbaok is that if vapour pressure data are
unknown, then adjustment to € is not possible. This is very
unlikely - if the vapour pressare data are unknown, then application
of the principle of corresponding states using methane as the

reference compound will hardly be valigd.

The method here of reproducing correct saturation data breaks
’dowﬁ almost invariably at about 10K from the critical point.
Due to the method of adjusting < and the fact that it increases
with temperature, supercritical conditicns can easily be reached:
when the saturation temperature is close to the critical point.
The acentric factor varies inversely with vapour pressure (see Fig 4)
so that this fault is less likely to occur at pressures close to the

critical point. Such conditions have not actually been used in this

work,

Although the effect of esdjusting @ is noticeable for binary
nmixtures, adjustment in a natural gas (103) with four components
prodﬁced a negligible effect on the bubble temperature. This may
be due to the fact thét the effect of adjustment to the acentric
factor is only really marked (and most important) at high mole fractions

of a particular component - i.e. near the vapour pressure line.
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It was originally found that €& wvaried with the starting
value of the temperature or pressure for the adjustment
calculations. This value was originally the guessed parameter
for the vapour-liquid equilibrium calculations - no other number
being available at the time. The variation was small but consistent,
probably due to round-off errors. This was eliminated by setting
the starting value of tempersture or pressure for adjustment

computations equal to the saturation data supplied.

10, Isothermal Flash Separations

The relatively low number of computed flash separations is due
to the fact that for each mixture, three or four different methods
for making an initial guess for V were tried, two different methods
for the starting guess for the X values and two diffexrent methods
for converging the K values were tried. The nett result of all
these combinations of methods was that the answers were virtually
identical. What the variety of methods did show was how they affect

the number of iterations needed to converge on the answer.

The four methods used for gvessing V were :

le V=0.5 or some other similar number,

2. V= ((T- Tdew)/(Tbuﬁble— Tdew))o‘25
3o V= (= T/ (Tonpbre = Taew)
4 V=1- (/0 + X))

Method 3 was very poox, but also for some cases (No. 12 for
example) method 1 produced a false answerdJdiethod 4 was only tested for
two mixtures (No 8 and # mixture quoted by Banks and Haseldin (126)).
For neither of these could any convergence be obtained and all four
methods of initialising V were tried-in vain. Elsewhere (130) method 4

has been quite successful,
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However choice of initial V is not the only factor involved -

control of V between 0.0 and 1.0 during the iterative procedure

also affects the final answer.

The methods for obtaining initial wvalues for K were either
all X equal to 1.0, or X = pi/P. The wvapour pressure p; was determined
by generating Antoine constants from the critical data and a
vapour temperature at the flash pressure ., This method was sglso
developed indeperdently by Liddle (129). In this work, this method
of finding a rough value of the vapour pressure was used %o
calculate an estimate of the bubble point. This is necessary
since, as it will be remembered, calculation of saturation data
requires an initial guess of the unknowvm phase composition.
The flash feed composition and temperature are not good enough.
A similar procedure was used for the dew point. However it was
"found that accurate dew point calculations did not always go to
conclusion, and since this held up the flash calculations, dew
calcuvlations were dropped from the program and the estimate
used instead. The estimate is only 5-10 degrees from the real
dew point so it was felt to be adequate for the check on the feed

temperature.

This second method of initialising K values was favoured
pertly because it was necessary anyway for dew and bubble puint
calculations, and partly because it seemed to slightly reduce the

number of iterations.
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Two methods were tried for adjusting K-values between
consecutive iterations - direct substitution and replacing each K
with the square root of the product of the X assumed for the
calculations and the K resulting from them. It was found that the
former method was vexry much faster. For example for No. 11, 15
iterations compared with 45, and both had four iterations on V.
Another example, for No. 12, 19 iterations compared with 31,
but this time with 6 and 4 iterations on V respectively. It is
appreciated though, that for control of oscillating K values,

the square root method is the .tore suitable one.

Of the twelve computations of V, some ﬁere close to experimental
v, (No. 5, 7) and others were further away. Computed V by other
methods are no closer although in several cases, V computed here
'waslless inaccurate - for exsmple (No. 3, 4). There seems to be no
definite trend to the deviations, but from only twelve results no

significant conclusions can be drawn.

The consistency of the énthalpy calculations is good. The
differences between the phase enthalpy differences in this work and
Shelton (128) could be due to the slight differences in the final V
ratios and hence phase compositions. Shelton calculates his total

énthalpies from his partial enthalpies using the phase compositions.
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Conclusions and recommendations

The results obtained here in this work for the prediction of
thermodynamic properties show that the principle of corresponding
states is a most suitable method, provided that the components
of the mixtures are not too different from the reference substance
- methane in this case. The mixing rules used are adequate, even
for mixtures containing molecules of very different sizes, but they
are not perfect and further work on these rules should be worthwhile,
The temperature and pressure ranges of the predictions is very wide
but the limite of the ranges have not been established, In the
raﬁges studied, the computed properties are all close to experimental
data. These data were determined during approximately an 40-year
period, and there are no significant differences between deviztions
of computations from recent and early data. Nor does there seem to
be any fall off in the accuracy of the predictions towards the limits
' of the temperature and pressure ranges except in the case of

compressibility factors in the critical region.

Work has shown that the 2-fluid model has no great advantages

over the 1-fluid model, except perhaps at very low temperatures,

In vapour-liquid equilibrium computations, the dew point
calculations at super critical conditions were not possible beyond
the point of maximum concentration. This difficulty coulis be further
investigated. It has also been shown that successful computation
of equilibrium does depend to some extent on the starting values

for the compositions of the unknown phase.
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This is a slight disadvantage of this method. TFlash separations
are successful as far as could be tested but again the initial
value for the molar vapour-feed ratio V affects the convergence
path quite considerably. How to choose an initial value for V is a
point which needs closer investigation, and even more important,
how to control the oscillating values of V between the limits

0.0 and 1.0, during the convergence iterations.
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APPENDIX A.

Constants for Vennix Eguations of State (2.6) and (5.5)

C

190.77K A 7 = 190.77K
ec = 0,1625 g/ce

T
(C 0.1625 gfecc

Compressibility equation Pressure equation

a; - 1.9079137 - 168379.37

a, 0.1859404 100983, 52

a4 0.6206085 2074154.8

a, - 0.6050965 - 12444994.0

a5 0.1390605 17600314.,0

by 0.7986446 369.46526

b, 0,1947895 - 55453908

by = 0.4916982 - 8614.1411

b, 0.4110596 44316.430

bg = 0.0650830 | - 43179.188

a; - 0.8398430 - 174.18776

4, - 0.5167966 - 2806,7029

a5 2.,4138572 80674.262

1, - 1.6793539 - 345392.00

a5 0.3022386 382530,92

e 8.7758015 0.046002000

e, 0,1733543 0.21177000
£ 7.2275164 . 1378.7933

£, - 1.1449913 - - 1344.1€46

G 8.423558 134.348141

t, - 0.774286 - 147.71055

k 1.394830 6.00000

o 0.868917 0.141199

P 2.226390 0.361788

0.697342 0.113318
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APPENDIX B
1, DMethane
2. Nitrogen
3+ Carbon dioxide
4. Hydrogen sulphide
5. Ethane
6. Propane
7. iso-Butane
8, n-Butane
9. iso~-Pentane
10, n-Pentane
11l. Hexane
12, Heptane
13, Octane
14, Nonene
15, Decane
16, Undecane
17. Dodecane
18, C13H28
19. C14H3O
20, 015H32
2l. C16H34
22, Argon
23. TEthylene
24. Oxygen
25,
26. Propylene
27. Benzene
28, Krypton
29. Acetylene
30. Xenon
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Critical constants used in computations in this work,

Component ™ x \'Ad 7 O P
number (see ce/gnol atm
Appendix B)
1 190,77 98,72 0.28793 | 0.0050 | 45.80
2 126,20 90,10 0.29100 | 0,0400| 33.54
3 304.20 94.00 0,27500 | 0,2250{ 72.80
4 373.60 98.00 0.28400 | 0,1000| 88,90
5 305.50 141,72 0.27418 | 0,1000 | 48,20
6 370,00 195.70 0.27137| 0.1519| 42.01
7 407.94 255,80 0.28000 | 0.1780 | 36.00
425,13 251.62 0.26864 | 0,2010 | 37.47
9 460.90 308.31 0.26800 | 0.2080 | 32.86
10 469.78 310.65 0.26846 | 0.2524 | 33.308
11 507.90 368.0 0.26420 ] 0,3033 | 29.90
12 540,16 426.0 0.25950 | 0.3499 | 27.00
13 569.40 |  486.0 0.25600 | 0.3945 | 24.60
14 595,00 543.0 0.25000 | 0.4398 | 22,52
15 619.0 602,0 0.24600 | 0.4801 | 20,14
16 640.0 660,0 0.24200 | 0,5208 | 19.18
17 659.0 718.0 0,23700 | 0.53%0 | 17.89-
18 677.0 780.0 0,23000 | 0.5280 | 17.01
19 695.0 830.0 0,23000 | 0,6160 | 15.65
20 710.0 890.0 0.23000 | 0.6792 | 14.97
21 725.0 950.0 0.22000 6.7000 13.60
22 150.86 T4.57 0.29100 | 0,0000 | 48.00
23 283.10 | 124.00 0.27000 §0,0730 | 50.50
24 154.77 75.00 0.30792 | 0,0210 | 50.14
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Component ™ X ve 78 w P°
number (see cc/gmol atm
Appendix B)
26 365,10 181,00 0.26837 |0.1451 45,38
27 562,00 260.10 0.27412 \0.2110 { 48.60
28 209,20 92.20 0,.,29110 0,0 54,20
29 308,50 112.90 0.27498 10,1900 61.66
30 289.75 119.50 0.28971 0,0020 57.64




PRQGRAN~VENNIX (INPUT,OUTPUT:TAPE5=INPUT TAPEG=OUTPYUT)
DIMENSION TE(10510),VE(10,10),H(10)sZ1€107sT(501,PL50),V{50),TS(10
1Y ZPT(50),X{10)EFLL0,10),GE(10,10),ACH(10,10),ETAL(10,10);EFL(10,
L1079, CRITT(1D),CRITVL10),ETA(45) , THMF(10,10) 4PHMF(10,10) ,DHA{10);DF
LA(10),PARTLY(T0), ALHOST(IO),HL(IO) DL(lOl,UF(lO,IO) THUL04101),PHIL
~1u.10; A ‘
INTEGER REG:GN.PDIR,VDIM
"REAL M -~ . | |
LOGICAL ZGNLY:UANDZ DONE, MODEL1,PHASE -
 COMMON: X4 W, 21,EFL, ACH, TE, VE, DXV, HXV, WR,2C, NCUHP M.TC,TRL.MUDELI TS
LyHL,DL | g , |
;’_,READ (5,160 NUMSET
16 FORMAT(I3) . -
.00 23 NNN=1,NUMSET . ‘
' 'READ (5,30) PDIM,VDIM,AMN,NDATA, NCDMP MUDELl ZDNLYf
30 FORMAT (213,F10,5, 214,205) q
.. ‘MODEL1=.NOT.MODEL1 | o
. ¥F{.NOT.MODEL1.AND.(NCOMP.EQ.11)G0 TO 474
. READ(5,50)(T(I),P{I),V(I),I=1,NDATA)
50° FORMAT(3F15,6)
e READ(S.BI)(CRITT(II.CRITV(I).H(I) Z1(1),1=1, NCDMP)
51 FDRMAT (4F15.6)
DD 205 I=1,NDATA = |
. IFU(PDIMEQ.5), AND. (VDIM.EQ.5))GO TO 24
-~ IF((PDIM.EQ+5) < AND.(¥DIM.NE.3))G0 TO.25
- IF(PDIM.EQ.1YP(1)=P(1)/14.696 -
TF(PDIM.EQ.3)P{19=P(1)/1.01325
. _IF{PDIM.EQ.4)P(1)=P(1)*0.967841
65 TF(PDIM.EQ.SYPLI}=P(I)*V(])
"~ IF(VDIM.EQ.0)GOD TO- 205
CIF(VDIMJEQ.1IV{T)=AMW/V(I)
* IF(YDIMsEQ.2IV(1)=E000./V(I) |
- IF(VDIMJEQ.3)V{I1)=100000,/(V(I)*4. 4647)
IF(VDIM. EQ. 4)V(11~V(11~Auw

192



. IF{VDIM.EQ.

196 |
.fHRITEIb,IO!

. B 10

GO 7O 76+
WRITE (6467

*ﬂ_FDRHAT(%BH UNIF fﬂF PRESSURE AND VBLUHE ARE BOTH PV AMAGAT)
L GBETOBG.
.25 -
o fIF(VDlM.EQ.é)V!I’ =V({ [)nAMW»4, 4647/100000.“:=w,
'iIF(VBIH.EQgZ)V(ll‘V(f)'lOOOOO./#.@é@?!IOOO.
“IF(VDIH EQ. 6)V(l) Vl!)'lOOﬁOO./#.#ék? -

VDIM=3 -
GO TO 6%

7ZPT(I) P(I?*Y(I)/(BZ QSb?lT(I)}
.CONT!NUE s

FORMAT (" F10 6!
READ(S:lO! o

FDRMAT(&DH

" DO 498 -I=1,NCOMP

;QREA0(5g217) Xt1)
'1CGNTINUEH

. PC=45.8

VC=98.72

TC=190.77

2C=.288382

“ WR=0.005 -

D09 I=1, NCOWP -
EFLI,1)1=CRITT(I)/TC
‘GE(i,IJ caxrvtx)/vc
=1 |

_V(Ii IOOOOO.GV(131(4.4647*P£I)3
IF(VDIMLEQ:BIV(L)=1/7V(1Y & S
"IF(VDiM. Eﬁ.TthIL“Y(I)SéZ 42*AHH

IF(VDIM, EQ i)V(I]*V(I?*lOOOOG /(AHH*4.46471

£F (NCOMP . Ed;llsa ws
NC=ENCOMP—1)*NCOMP 72
READ(5,217) (ETACT), I=1\NC)

82



IF (NCOMP.EQ. 1INC=0

ﬂ_oo¢zo;;=1,~coup

TETALIK K)=1, ¢

IR (Te sr.wcxca'ro 196

KVQZD

- Kl=K+1l- :
' DO- 420 J Kl NCOMP
" “ETAL(KsJVSETALI)
ETAL{J:K)= ETAI(K:J)
I=1+1 E
CONTINUE

196"

:DX=0.

k., HX=0a

7.Dp0 520  I=1,NCOMP

DO 520 J=1,NCOMP

L UFUTdd=1.

'ACHONE={GE(1 +1)#%0.33334GE(J,J)##0. 3333) /2.

- ACH{1,4)=ACHONE*ACHONE*ACHONE

520

12
1761

1 VOLUME, CALC,D z EXPT Z CALC  REGION '

19
1003

EF1{I,J)= ETAI(I,J}*{EF(IaI}*EF{J;J’)**U 5
TF(NOT.MODEL1)GO TO ‘520
HX=HX+X( )X (J)Y*ACH(I,J)

'_ox-ox+x(11&x(J)-Acntl.J)*EFl(I 3

CONTINUE.

IF(MODEL1)60 TO 12 ‘

CALL EQFL{X,UF,ACH,NCOMP,HL)

CALL EQFL(X,EF1,ACH,NCOMP,DL)

WRITE(641761) :

FORMAT {119H TEMPERATURE, K PRESSURE,ATMS

WRITE{(6,19)

FORMAT (18H 1= LIQUID,Z VAPOUR!
CONTINUE

DB 1763 I= I,NDATA o
VR=82. 0567*T(I)/(PII'*VC)

 NUMBER=0

IF(. NDT,MODELI)GO T0 13

VOLUME, CC/GMJ.MOLE

UMIX:

HMIX)

990
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“TRL=T(I)#HX/(TC*DX)

DO 826 K=1,NCOMP.. '
IFt.NOT. HODELl)GOTTG 1;

TE(KK)=TRL

VE(KeK)=2.

IF{VR.LT.2.0)VE(K, K)=VR
IF{VR.LT.0.5)VE(K,K)=0.5
GO-TO 826

'TS(KI*T‘I)/TC’HL(K)/DL(K}
‘DO:2 J=1,NCOMP
-TE(J,K} TS{K)

VE(J,K)=2.

C IF(VR.LT. 2. )VE(J:K) vn
 IF{YR.LT.0.5)VELS,KI=0.5

CONT INUE
CONTINUE

CoM=T(I)
' DONE=.FALSE.
"UANDZ=.FALSE.

CALL THEPHI(TH,FH.THMF PHMEY .
NUMBER=NUMBER+1 ~ = ‘

- NN=NCOMP

73

21

-IF(MODELI)NN~1
2300

ENTH-O -

vOoL=0. .

DO 17 N=1,NN
IF(MODEL1)GO TO. 21
HXV=HL{N)}

DXV=DL (N}

‘TRzT(I)*HXV/DXV/TC

PCP=82.0567#ZC/VC*DXV/HXV#TC /HXV:

ILF (NUMBER.EQ. l)VR=82-*T(I)/(P(I)*VC*HXV)
PRA=P(1)/PCP :

NO=1

ez



827 IF((TR. LTe1.7.AND. (VR. LTele !)GO T0 22

5 IF(N.EQ.11PHASE=.FALSE. |

~ REGION=2 . | S

28 IF (PHASE.AND. (REGION.EQ. 1))@0 To 29

* IF{.NOT.PHASE.AND. (REGION.EQ.2)160 TO 31

©UNRITE(6,33)

33 FORMAT (41lH MULTIFLUID MIXTURE. CONTAINS MIXED PHASES)
-~ 60 TO 1763

31 CALL ZEDULUANDZ, TR, PRA,U,VR, 2C, DUNE,CDMP,DZR)

38 IF(DONEYGO TO 27 .

ef:ﬁ.3;54.pg COMP#TR/ (ZC#VRY

DPR=TR#(DZR/VR+COMP)/ZC
- ERR={PR/PRA-1.)%100.
-~ -ERR=ABS{ERR) - - :
- IF(NO.GT.5000)G0 TO 34 .
- L IF{ERR.GT. 0 001)60 TO: 1784
60 TO1764°
1784 :DELR= (PRA-PR ) /DPR
.- "VR=I./{1l./VR+DELR)
s 'VR=ABS{VR)
.- NO=NO+1
- G0 TO 827
- ZZ'TEMP-T(I)*HXV/DXV

PRE=18.0288-1264. 51/TEMP 0.0550663%«TEMP+0. 196832E 3*TEMP*TEHP-0 22

13451E ~6*TEMP*TEMP #TEMP
" PRS= EXP{PRE)/PC/14.696
. IF{PRA.LT.PRS)IG0 TO 5
7 IF{Ne EQ-I)PHASE-,TRUE-.
- REGIDON=1 .
: .60 TO 28
29 -PRA=PRA*0.99691
© TR=TR#0.99848 =
CALL LIQ(TR, PRA,COMP,U,ZC VR}
IF { DONE ) GO TO 27
1764 VRE=VR '

‘e



'ﬂIF ((VR.LT 2 ) AND.(VR. GT 0 5))60 TO 26
IF(VR.LT.D. 5)VRE=0.5 - -
. IF(VR.GT. 2. )VR£=2.
' . 26 IF(MODEL1%GO- -JO 14
©'VE{NyN)=VRE o
- 60 TO 27- . :
. 14 DO 32 L=1,NCOMP.
32 VE{L,L)=VRE
27 EXTRA=1l.
i IF(MUDELI)GU 10-18
. IF(.NOT.DONE)GO TO 66
69"ENTH—ENTH+X(N)*U
PARTLY(N)= XUN)#U/DL IN)#HL (N}
C . ALMOST(N)=X(N)#*{(COMP-1. )J7HLIN)
' 7.¥f 66 EXTRA=X{N) =
‘ c ZEZEX{N)HCOMP
18;VOL*VUL+CDMP*82 0567*T(I)IP(I)*EXTRA
‘17 CONTINUE ..
. . EFtDONE)GO TO 68
IF {NUMBER.LE.3)GD TD 6
IF(ZDNLY)GO TO T2
72 DDNE=.TRUE.‘
‘ GO 70 73 ‘
68 IF(.NOT.MODEL1)COMP= Z
1039 IF{ZONLY)GO TO 39
TITC=T(I}/TC ~
VIVC=vOoL/VC
IF(.NOT.MODEL1)GO TO 7
CONST1=HXV/DXV*TITC
- CONST2=VIVC/HXV
.7 DO 35 K=1,NCOMP . L
IF(.NOT.MODEL13GD TO -3
TE(K,K)=CONST1#TH(K,K)
© VE{KyK)=CONST2#PH(K,K)
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‘:zo

© 3000
Qﬁ _ v 15
L 39

174
1760
1763

23
34
474
.40

1)

GO.:T0 35 RENPL DIt E i
CDNST3-HL(K)IDL(K)'TITC _

. CONST4=VIVC/HLIKY - . : S
DO 4 J=1,NCOMP . - ‘ | o e
CTEAK, J)=CONSTB*THMF(K 3 ‘ S
VE{Ky J)=CDNST4*PHMF(K,J)
'CONTINUE - , o
_CONTINUE ~ C '
~ GALL DIFFER. (TH PH.DFX,DHX;THHF PHMF, DHA, DFA)
4:IF(HDDEL1)GG TO 20
" SUM=0. - ,
- TOT=0. =

DO 11 N=1,NCOMP ﬂi"? >
SUMSPARTLY{N ) *DFA(N) +SUM
TOT=TOT+ALMGST{N}=DHA(N)

UMIX= ENTH—T(I)'(SUM+TOT)
60: 7O 15 -

UMIX= Ut(1.~T(I’*DFXIDXV*HXV) {CoMP-1. )*T(l!*DHX/HXV

WRITE( 653000 Uy TUT),DFX,DXV,HXV,COMP,VOL

FORMAT (7F10.5) :

HMIX=UMIX+COMP

CONTINUE

IF(VDIM.EQ.0)ZPT(1)= 0. ' ‘
WRITEL6,1760)T(1),P(1),V{I),VOL, ZPT(1),COMP,REGION;UMIX ,HMIX

FORMAT (2F16 6:6X F15 642X, FlS 6,3X,F8. 6 2XyFBe6y4Xy11, 3X 2F10.5)
CONTINUE - - , _

CONT INUE , -

stop S s

WRITE(6,40 ) ' |

FORMAY(SbH ERROR IN DATA-CANT BE MULTIFLUID FUR ONE conPoNevr ONLY

GO TO 34
END -

40

€le  7



PROGRAH EQUDM(INPUT,OUTPUT TAPE5 INPUT TAPEb =QUTPUT) ~

 DIMENSION IDENT(10),Z(10),Q(10),ETAt10)},TC(30),VC(30), ZC(30) H(BOI.

1e¢X{10),FSTAR(10,10),HSTAR(10,10Y,ETAL(10y10),TE(10,10),VE(10,10),T

1HEL0410),PH( 105103, MUZ(10), HUQ(10),DELF(10)yDELH(10) PART(IQ),Y(lO'

'I)sPCIBD!.DMEGA(IO%,VP(IO)

- DIMENSION TEM(10) : '
DIﬂENSION Xl(lO;lO),XZ(IO.IO) ANSWER({ 10, 6) QDATA(IO!,SJPER(IO)
DATA TC/190.77,12642730%442¢37326,305.5,370.,407+594,425.13,460. 9446

19.78,507.9, 540.16 569.4, 595..619.,640.,659..677..695.,710.,725.,15’

10. 865283.19154.TT433.4%4365.1,562. ,0,209.2,308.5,289.75/ -

: DATA VC/98.723906199%47968.,141.72,195.74255.8,251.62,308. 31,310 65
:51,368;.426.,486.,543.,602.,660.,718.,780.,830..890..950.,74 57, 124.

1y75.76425,181.426001492.2,112.9,119.5/"

DATA .2C/0. 28793,.291,.275,.284,.27418,.27137,.28,.26864,.268,.2684(“

F161.2642,.2595,.256,.25,.246,.242..237..23,.23,.23,.22..291,.27..30
1791640.30557,0426837,0.24712,0.2911,0.27498,0.28971/

DATA W/0. 005,.04,.225,.1,.1,.1519..178,.201;.208,.2524,.3033..3499;

'“1..3945..4398,.4801,.5208..539..528,.616,.6792..7 Ouy+0739.021,0.,
10.1451,:211,0.40.19,0.002/. ~

DATA PC/45.8,33.54,72.8,88.9,48.2,42.01436.0,37.47332.86,33.308,29
129927.072446922.52,20414,19.18,17.89,17.01,15.65,14.97,13.60,48.0,
150.5+50014512.99745.38, 48465 5402,61.66,572647

LOGICAL LIQUID, SUPER

LOGICAL ‘SETW |

LOGICAL FIRST,DONE,UANDZ

INTEGER WHSTOR -

INTEGER WHICH,PDIM

REAL MUZ,MUQ - o

COMMON/TAIT/LIQUID,VRO : .
COMMON/PHITHE/TE VE, X sHSTAR, FSTAR,T . ,NCOMP,HX HXFX,TH,PH
COMMON/DATE/TC,VC,ZCoIDENT,PC . "
COMMON/REFS/TCREF , VCREF , WREF , PCREF

COMMON/UZ/ . UANDZ,DONE,PRA, VR

COMMON/REFTEM/TRyZCREF

Lz

.....



- CDMMON/OM/OMEGA vp . . B
"METHANE - 2 NITROGEN ° 3 CARBON DIOXIDE = 4 HYDRIGEN SULPHIDE

Gl la
O - '

5 ETHANE ~ & -PROPANE 7 1SD BUTANE B N BUTANE
"ISO PENTANE = .10 N PENTANE 11 HEXANE 12 HEPTANE
- €13 OCTANE .. 14 NDNANE 15 DECANE 16 UNDECANE
C17 ‘OUDDECANE > 18 Cl13H28 =~ 19 C14H30 20 C15H32
C21 C16H34 © | 22 ARGON " 23 'ETHYLENE 24 DXYGEN
C25 HYDROGEN = 26 PROPYLENE 27 BENZENE -~ 2BKRYPTON
C29ACETYLENE . 30 XENON |

- READ (5,2) NSAT
2 FORMAT (13)
_ NSET=1 o
" .54 READ (5,1)
1 FORMAT (80H . .
1 )
READ(5,3)INCOMP, SET GUESS.HHICH PDIM
- 3 FORMAT(I3,2F15.4,215)
'READ(5.4)(IDENT(IlaZ(I),QDATA(I) I=1,NCOMP)
4 FORMAT(I12,10X,F7.5,8X,FT.5)
IF{NCOMPLEQ.1)GO TO 21 ‘
NC=(NCOMP—-1)*NCOMP/2
READ{S5,8) (ETA(I), I= 1 NC)
8 FORMAT (F8.4)
IF({WHICH.EQ.1)sORs {WHICH.EQ.3))READ(5,30) (TEM(N),N=1,NCOMP)
IF({WHICH.EQ.2). DR.(HHICH EQ.4))READ(5,30) (VP(N),N=1,NCOMP)
30 FORMAT(F10.5) = v ,
21 .NCONV=0
NT=0.
T=SET
P=GUESS -
IF((WHICH.EQ. 2).0R.(HHICH.EQ 4))60 TO S
P=SET
TGUESS=GUESS .
5 IF(PDIM.EQ.2)GD TD &
IF(PDIM.EQ.1)P=P/14.696

,vgaz‘. f_ ” 



IF{PDIM.EQ.3)P=P/1.01325
IF(PDIMLEQ.4)P=P#0.967741
IF(PDIMSEQ.5)P=P/760.
6 PGUESS=p . -
"PCREF=45.8
TCREF=TL(1)
. "VCREF=VC(1l) -
. ZCREF= ZC(I’
. WREF=W(1) -
'WHSTOR ﬂHICH
M=1 - :
IF(NCONPuEQ 1INC= O
DO 11 K“lgNCOHP
ETAL{K3;K)=1. . R
TF{M.GT.NC)GOD T0 10 .
KI-K"']. _‘ SR R
DO 11 J= KI:NCUMP
ETAL{KyJd )= ETA(H),
‘vETAI(J|&,$ETAl(K J’
' - M=M+l | s
© 11 CONTINUE
10 DO 9 I=1,NCOMP
N=IDENTLI).
SUPER(I)=.FALSE. , ' '
IF({{WHICH.EQa1) sOR{WHICH.EQ.3) ) AND.(P.GT. PC(N)))SUPER(I)—.TRUE.
IF{({WHICH. EQ.Z’.DR.(HHICH EQ. 4)) AND  {T.GT.TC(N)))ISUPER{I)=.TRUE.
OMEGA({ 11 =W(N)
IF(OMEGA({I).EQ.0. )SUPER(I)’.TRUE.'
- FSTAR(I,I¥=TC(N)Y/TCREF
9 HSTARUI,I)=sVC(N)/VCREF
DO -12 I=1,NCOMP
DO 12 J=1, ﬂCUMP
IF(I.EQ.JIG0 TO 12
- H=(HSTAR(I,I}=%0, 33333+HSTAR(J:J)**0 33333)/2.
HSTAR‘I J)-H*H*H

9le '_



ey FSTAR(I,J}‘ETAI(I,J)*(FSTAR(I I)*FSTAR(J,J))**O-
X2 CONTINUE . o
R "'SETH=‘FALSEo
et : "A=0.95
B B8=0. OSIFLDAT(NCOHP*li
- C=0.975
vD=BIZ.
‘D0 200 N= loNCOMP
s 8 200 M= IQNCOMP
:XI(N}H) =D ‘
IF(N<EQ.M)X1(N, M) c
XZ(N.Hl 8
. IF{N.EQ. M,XZ(N M) =A
+-200 CONTINUE
L lFiNHICH EQ. 3)WHICH-1
jIF(WHICH EQ.4)WHICH 2
o ) le L
. 206 D0 202 1= l:NCOMP
Y  IF{SUPER(I})GO 10 202
‘TF(WHICH.EQ.1160 TO 100
L ~IFAWHICH.EQ. 2¥P VP(I)
et GUESS=P
. o GO TO 101 -
100 T= TEM(I) '
© GUESS=T
101 CONTINUE . :
DO 201 N= IQNCOMP _
IF({J.EQe1).OR.(J.EQ. 3))X(N) Xl!IaN)
IF((J.EQ.4).0R. (J EQ 2))X(N)‘X2(I N)
QINI=X(N) '
201 CONTINUE
-~ 60 TO. 7 ) :
- 99 DO 43  K=1,NCOMP
43 X(K)=Z(K) '
TOTALS=1.




- FIRST=.TRUE, .
- CALL HF: -
55‘IR’T/TCREF!HX/HXFX
O IFTRAT.L.)GD TO 13 o
IFtAWHICH.EQ.3)<0R. (ﬂHICH EQ 4))60 TD 33
'IF(NH]CH,EQoZ)GO TU 27 i
' T’T—lO. L
6010 55 |
2T WRITE (6,28) . - | oo ‘ “
28 ‘FORMAT (78H BUBBLE PRESSURE TEMPERATURE IS TOO HIGH FOR LIQUID PLE
- 1ASE ADJUST AND RESUBMIT)
=13 AwT*HX/HXFX ' . o
' PRE 18. 0288‘1264 51/A-0 0550663'A+0 196832E 3*A*A-0 223451E 6*A*A*
IA i :
- PRS*EX?(PRE’/PCREF/I# 696 . T B
PCP=32.054*ZCREF/VCREF'HXFX/HX*TCREF/HX
‘PRA=P/PCP
IFIWHICH.EQ.1)GD TD 66
TF(WHICH.EQ.2)60 TO 67
IF(WHICH.EQ. 3160 TO 68
IF(PRA.LT PRS)GO TO 33
PRA=PRS .. :
pP= PRA*PCP
‘”GUESS P
fﬂRlTE(6,60) GUESS .
60 FORMAT(72H DEW PRESSURE.INITIAL GUESS FUR PRESSURE TOO HIGH.IT HAS
: "1BEEN ADJUSTED TO FIO 5,6H ATMS.)
GO TO 14
66 IF(PRA.GE PR$)GD 10 17

-gle

: GG ro 13 '
17 IF(T. Eq.suessrso T0 33
GUESS=T
‘ NRlTE(e 61)GUESS N



'~,;‘67 IF (PRAJGE, PRS}GB rn 33

e 61 FGRMAT(?GH BUBBLE POINT.;NITIAL GUESS FOR TEHPERATURE TOD HIGH.IT
© . 1HAS BEEN ADJUSTEB TD Fl0,5 6H DEG K}. ‘

GOTG 14

PRA=PRS -
P=PRA*PCP e
GUESS=P - |

. WRITE(6,62) GUESS

62 FORMAT(75H BUBBLE PREﬁSURE INITIAL GUESS FOR PRESSURE T0O LDH ITH

" 1AS BEEN ADJUSTED TO FlO 5,6H ATHS )
- GO -TQ 14 -~

68 IF(PRALLT. PRS)GU 0 20,

S T= T+10.
GO TO 13

20 IF(T.EQs GUESS)GO TO 33

GUESS=T" .
NRITE16,63)GUESS o ‘ ' '

63 FORMAT(72H DEW. PQTNT.INITIAL GUESS FOR TEMPERATURE TOD LOW.IT HAS
1BEEN: ADJUSTED" To.Flo 51 6H DEG.K) - B

’ -33 CONT INUE

. GO 'TO 14
. T FIRST=.TRUE. .
"IF(NCONV, EQ.I)TUTALI TDTAL
DO .64 L= I,NCOMP
SX{L)=ZALY
IF{{.NOT.SETW). AND.((J EQe1)oDR4{J.EQ.3) 1 IX(L)I=X1(I,L)
IFt{.NOT, SETH). AND.((J EQ 2).0R. (J.EQ 4)))X(L) X2(1,L)
64 CONTINUE -
16 CALL HF - - '
14 VR=82. 054*T/PIVCREF
" TR= T*HXI(TCREF*HXFX)
NUMBER=0.
~. b0 15 K= lgNCOMP
" TE(K,K)=TR

e VE;K,K)=2.;'

6L2



T IFLVRGLT 24 VE(K,K)=VR
. IFLYR.LT.0. 5)VE(K,K)=0.5
15 CONTINUE . -
.. DONE=«FALSE,
o U UANDZ=JFALSEL
18 CALL THEPHI ,
- NUMBER=NUMBER+1"
36° FR=T®HX/HXFX/TCREF o C
o TF(U.NOT.SETW).AND. ({TR.GT. 1.1.0Rs (TRLLT. 0. 6))150 T0 130
L PEP=82, 054'ZCREF/VCREF*HXFX/HX!TCREF/HX .
PRA=P/PCP = S , -
- NO=1 ‘ '
- fIF((waCH.Eq.lr OR. (WHICH. EQ. 2))GD T0 29
-~ IF(.NOT,FIRST)IGO TO 65
 LIQUID=,FALSE. . '
CALL lEDU(UrCOMP,DZR,FCGEFF)
_~IF(DONEV1GO TO 23
F4. PR=COMP*TR/ ( ZCREF*VR )
2L S IDPR=TR# (DZR/VR4+COMP )/ ZLREF
-;.yg.ERR=(Pa/PRA-1 )-100.~
- .~ ERR=ABS(ERR) S
-~ IFANO.GT, 5000)60 ro 24
T IBCERR.LT40.,001)60 TO 25
i DELR=(PRA-PR)/DPR ..
CVR=1./{1. /VR+DELR)
VR=ABS(¥R)
- NO=NO+1" o
-y TFINEXIT.EQ.1)GO ro 69
Yo 60LTO 26 .
25 VRE=VR .
© IF({VR. LT. 2).A~0.(VR GT.0. 5))69 T0 57

 + IFIVR4LT.0D.5)VRE=0.5 :
EUIFIVRGGT W24 )VRE=2,
57 DO 34 L=1,NCOMP*
34 VEtL,L) =VRE .

0ge



23 VQL COMP=82. 0549719_-5
IF{DONE)GD TO 35 -~ .
 IF(NUMBER.LE.3)G0 TD 18-
 UANDZ=_TRUE.:" = - . -
DONE=.TRUE. . -
S 60 T0 36 ., o
- 35. CONST1= T/TCREF!HX/HXFX
CovevgL T
T EONST2= V/VCREF/HX - e s
DO 37 K=1;NCOMP . } o
TE(K,K)=CONST1#TH(K,K)

-ja@;f37~ve(x KJ=CONST2#PH(K,K)

- CALL DIFEER{DFX,DHX) . B :
%_UM1x=U*t1.-r*anIHXFXaHX) (cunp 1 )*TlDHXIHX
THMIX=UMIX#COMP -
" MR=VOL/VCREF/HX © . -
"TF(NDT-FIRST)}GO:.TO 19
CALL DELTA(DELH,DELF:VR)
- PINKY=U*#HX/HXEX SR
" PERKY={(COMP-1.3/HX =
- .DO. 38-K=1,NCOMP = - A
- MUZK)= FCGEFF+PINKY*DELF(K)+PERKY*DELH(K)+ALDG(X(K))
L XUKY=Q(K) S ‘
T MUQEKY=MUZ(K)
38 CONTINUE.
FIRST=,FALSE.
~'_.GDT016 o
.29 IF(.NOT. FIRST)GD T0 26
65 PRA=PRA*0.99691
" NEXIT=0
TR=TR*0.99848
CALL . LIQ(CDMP.U,FCOEFF,NEXIT)
TF(NEXIT.EQ.1)G0 TO 74 & - :
-~ IF{DONE)GO: TO 23
GG TO 25 »

82



'f;‘CALL DELTA(DELH,DELF va)
" BLOB=U . *HX/HXFX
“PIP=({COMP=1.) ZHX

. TOTAL=0. :

. D0.40 K=1,NCOMP
. PARTAK)= FCOEFF+BLDB*DELF4K}+PIP*DELH(Kl
. Y(K)I=EXP(MUQ{K)-PARTIKY)

: - IFLNOT.SETW)GD TO 40

40

TOTAL=TOTAL+Y(K)

“ﬂYERROR-ABS(TDTAL-TOTALS)

IF(ERROR.LT.0.0001)60 TQ 32

.. DO 39.K=1,NCOMP -
QUK=Y (K) |

;; 39"

X(K)= QEKY
'~TUTALS=TOTAL

. 0 Y60 TO 16+

32

IF(ABS(TOTAL —le)e LT 0.0DOI)GD T0 41

' “NCDNV'NCBNV+1

IF{NCONV.EQ.1)60 TO 22
IF(NCONV.GT.50)60 TO 44
TOTDIF=TOTALI-TOTAL =

. IF(NCDNV.GT.2)GO TO 31

31

IF(TOTDIF.LT.0.0001)TOTDIF= TDTDIF*IOO.
TF{{WHICH.EQ.1).0R.(WHICH.EQ.3))GD TO 42

~ P1=P-(GUESS-P)*(TOTAL-1.}/TOTDIF
“IF({P1oLT.0.)P1=P#0.5
. TOTAL1=TOTAL -

42

GUESS=P
P=P1
GO TO 7

Tl=T-{GUESS~- T)*(TDTAL 1.)/TOTDIF

IF(T1.LT.0.)T1=T=~20.
TOTAL1=TOTAL
GUESS=T

T=T1

282



s v G0 TOT
' ”-5;130‘SUPERTI)=;TRUE;'
- ON=IDENT(I} . -
-j.:DMEGA(IltﬂtN)
~. 'NCONvV=0 “
~ -+ 60 FO 202"
:  41»IF(SETH)GD TO 80
27 LF(WHICH.EQ. 1) ANSWER(I, J!=T
- IE(WHICH.EQ.2) ANSWER(1,J)=P
‘..o NCONV=0
-+, 202 CONFINUE
o _sz"‘l : :
- IF{J.LE.2)GO TO 206
- IF(J.EQ.%)60.-70.206
© IF{J.EQ.5)G0 TO 208
. DO.203 K=1,NCOMP - -
“,IF(SUPER(K))GO T0 203
+ o, . OMEGAIK)=DMEGA(K)#1%1
. "203 CONTINUE ’
.. G0 TO:206 .
. 208 DO 209 N=1,NCOMP
"+ 'IF{SUPER(N)Y)GD TO 209
'ANSWER(Ns5)=2. *ANSWER(Ny1)-ANSHER (N,2)
. ANSWER{N,6)=2, #ANSWER(N,3)~ANSWER(N,4)
- TFU(WHICH.EQ+1)<ORs (WHICH.EQ.3).)VPORT=TEM(N)
~.IF((NH1CH EQ+2).0R. (WHICH.EQ.4) ) VPORT=VP (N)
- WNEW= (VPORTwANSHER(N,ﬁ))*OMEGA(N)/ll /UANSWER (N, 6)~ANSWER (N, 5) ) +OM
lEGA(N) )
; OMEGA(N)=WNEW
209 CONTINUE
= . D0.207 I=1,NCOMP
.. 207 QU1)=QDATA(I). :
© 7. LE(WHICH.EQ: 1)60 T0 81
P=PGUESS
 GUESS=P
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SETW=JTRUE.
WHICH=WHSTOR
Y g £5] 99;' :
81 T=TGUESS -
: -Guess-t‘,.

SETW=TRUE.

WHICH=WHSTOR

- 60 TQ. 99

80 WRITEL6,1)
, GO TO (46,47, 43.49:wnxcu o
. 46 WRITE(&;45INSET,P,yT, (lDENT(Ii'Z(I) Y{I),I lfNCDMP)

. 45 FORMAT(LSH MIXTURE NUMBER,I3,/20X,12HBUBBLE POINT//17H PRESSURE GI |
IVEN =yF10.4,6H ATMS.//25H TEMPERATURE CALCULATED =,F10.4;6H DEG.K/
'1710X,83H COMPONENT ‘NUMBER LIQUID COMPOSITION GIVEN VAP

‘JUR COMPOSITION CALCULATED//(IGX.IZ;ZSX FTe5, 24X F1.5,7))
GO TO .53

47 HRITE(b:EO)NSET TyPy(IDENT(I) Z(I)’Y(I).I 1, NCOMP)

s S0 FORMAT(15H MIXTURE NUMBER,13,/20X,15HBUBBLE PRESSURE//20H TEMPERAT  ~

1URE-.GIVEN =yF10.446H DEG.K//22H PRESSURE CALCULATED =,F10.4,6H ATM

18, //10Xy83H COMPONENT NUMBER LIQUID CDHPDSITIDN GIVEN v

-LAPOUR COMPOSITION CALCULATED/I(IBX:IZ;ZSX FTe5924X,FT.5,/7))

"~ 60 TO.53

48 WRITE(6,51)NSET, PnTa(IDENT(I’ Z(Ing(I) I=1, NCDMP)

51 FORMAT(15H MIXTURE NUMBER,I13,/20X,10H DEW POINT//17H PRESSURE GIVE

1N =,Fl0.4,6H ATMS,//25H TEMPERATURE CALCULATED =,Fl0u%,6H DEG.K//1
'10X583H COMPONENT: NUMBER - VAPOUR COMPOSITION GIVEN LIQUID
1COMPOSITION CALCULATED//(IBX;IZ:ZSX:F? 5;24X F7.5,/))
60 T0O:53

- 49 HRITE{&.ﬁZ)NSET:T:P (IDENT(I) Z(l)sY(I) I= 1,NCDMP) :

* 52 FORMAT{(15H MIXTURE. NUHBER,IB,/ZOX.IBH DEW PRESSURE//204 TEMPERATUR

1E. GIVEN =,F10.4,6H DEG<K//22H. PRESSURE CALCULATED =,F10.4,6H ATMS.

17/10X,83H COMPONENT NUMBER VAPGUR COMPOS.ITION GIVEN LIQ
1uIlD CDHPOSLTIGN CALCULATEDII(ISX I2, 25X,F7 5, 24X FT.5+/)) '

"53 NSAT=NSAT-1

. NSET=NSET+1

¥8z



o .IF£NSAT GT o:eo ro 54

56 §TOP.. . _
24 WRITE(6,58) . PR,PRA e : b
58 FORMAT(41H MORE THAN 5000 ITERATIDNS TO-: cunv&nss PR 2F10+5)

- 60-TO'56 o . - ,

44 WRITE(6459) - ' o
59 FoaMArtsan MORE THAN 150 ITERATIDNS 10 CUNVERGE T OR P,RESULTS SO
~ 1FAR ARE} , -

60 T0-41 ¢ '
22 :F(Aasxl.-TorAL) LT.0. 05)80 10 76
. FF{WHICH.EQ.1)60 TO 77

. IF(WHICH.EQ.2)G0 TO 78 -
IFINHICH.EQ.3)60..TO 79
- IF(P.LT.1.)G0 -¥O 120° -
JF({TOTAL.GE.1.)P=P-0.1
IF¢TOTAL, LT.l 1P=P+0.1
- 60 T0T _

120" IF(TOTAL.GE. 1. )P=P*0.95

- 1F(TOTAL.LT.1.)P=P#1.05

6D TO 7T
7 IF(TOTAL.GE l.)7=T~ 0.5
. IF{TOTAL.LT .1.)T=T+0.5
- 60 TOT -
78 IF(P.LT.1.)GO TD 121
: "IF(TOTAL.GE:1.)P=P+0.1
IF(TOTAL.LT.1. )P P- -0.1
o G TOT
121 IF(TOTAL.GE.1.)P=P#1.05
s IF(TDTAL LT. 1.1P=pP=0. 95
79 IF{TOTAL.GE. 1.)T T+o 5
o LIF(TOTALWET.1.)T= T~O 5
“ G0 TO 7 :
76 IF{WHICH. EQ.I)T T/TUTAL.
' ;’IF(NHICH EQ.B)T T*TOTAL”
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IFiHHICH £Q.2)P=P*TOTAL
~ FFIWHICH.EQ.4)P=P/TOTAL
80 TO.7

~ END

SUBRDUTINE RICHMD(RATIO.KCALC COMP,VNEHgDK NCOMP)
DIMENSION KCALC(IO).CUHP(IO) e
- REAL KCALC
' LOGICAL -0K
SFV=0s
:'. FDASH‘QF
S FDDASH=0.
OK=.FALSE. . =
. DO 1 N=1,NCOMP .-
TERR=KCALC(N) 1e
" X=TERM/ (TERM*RATIO+1. ) a
-FV=FV+X*COMP (NY
FDASﬂ‘FDASH+X*X*CGMP(N)
FDDASH=FBDASH+X*X*X'COMP(N)
<1 CONTINGE = -
."FDASH=—FDASH B '
‘ VNEH RATIU-FV*FDASHI(FDASH*FDASH FV*FDDASH):
- IF(VNEW.LT. 0.)VNEH-ABS(VNEH+RATID)/2. : *
. FF{VNEW.GT.1.)VNEW=(1.+RATID}/2.
IF(ABS(1.~VNEW/RATIO): LT 0.001)0K=, TRUE.,“
RATIG’VNEH o .
"RETURN ©
END
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-~ PROGRAM EQFL (INPUT,OUTPUT,TAPES=INPUT,TAPE6=0UTPUT)
- DIMENSION. K(IO)gKCALCKIO)gXX(lO?rYASS(IO) o
"DIMENSION PARTNL(10),PARTAV(10) '
DIMENSION LM(10%,VM{10),VT(10)}
‘DIMENSION TREF{10),PREF(10),PC(30) : '
DIMENSION IDENT(10),2Z(10),Q(10),ETA(10), TC(30)aVC(BO);ZC(30);H(30)

1,X({10)Y,FSTAR{10,10),HSTAR(10410),ETAL(10,10)},TE{10,10), VE{1D,10),T

1H(10,10),PH(10,10),MUZ(10),MUQ(10),DELF(10), DELH(IO);PART(IO) Y{19
livCOMP(IO).VAPMDL(10):LIQHUL(10)
DIMENSION A (10),8(10)

DATA IC/190 T17,126.2, 304. 2, 3?3 6 305.5, 370.,407 94 425 13,460.9,46

19.78,507493;540.16,569. 4.595.,619..640.'659.;677.,695.,710.,725.;15
10.864283419154.77,33.44,365.1,562. 0,209.2,308.5,289.75/
BATA NVC/9B8.7219041994¢99845141.723195.7,255.8,251.624308,.31, 310. 65

11368Q.4260 '486.'543I’602. 36600;718.,780. ’830.'8909’9500 17#.5? 12"‘. B

1, 754564e59181.0926061492.2,112.9,119.5/

"DATA 2L7/0. 28793,.291,.275..284,.27418..27137,.28..26864,.268.‘2684
’16,.2642..2595,.256..25,.2#6,.242..237..23,.23,.23,.22..291..27,.30
17916,0.30557,0.26837,0.27412,0.2911,0.27498,0,28971/ .

DATA W/0. 005;.04,.225,.1..1,.1519,.178..201,.208,.2524p.3033,.3499

1..3945,.4393..4801,.5208..539..523..616..6792..7,0.,.073..021.0..
10.1451,0.211,0.,0.19,0.002/

DATA PL/45.8+33054,7228,88.9,48.2,42.017364,37.47,32.86,33.308,29
1.9+27.,2446,22.52,20.14,19.18,17.89,17. 01,15 65,14.97,13. 6,48..50.
15,507 412499565438 4846, 54. 2,61.66,57.64/

LOGICAL-LIQUID,FLASH, 0K . -

.~ LOGICAL FIRST,DONE, UANDZ

. LOGICAL HBAR

INTEGER WHICH,PDIM

REAL KyKCALC,MUZ, MUQsLM,LIQFLO, LIQMDL
“'REAL LIQEN
COMMON/TAIT/LIQUID,VRO : N - S
COMMON/PHITHE/TE,VE,X,HSTAR,FSTAR, T | yNCOMP,HX.HXFX,TH,PH -
COMMON/DATE/TC,VC ZC, W, IDENT SR | :
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L

COMMDN/REFS/TCREF VCREF HREF PCREF
COMMON7UZ/ = . UANDZ, DONE PRA, VR
CGMMON/REFTEM/TR ZCREF
COMMON/AB/A,B

| METHANE. - 2 NITROGEN - . -3 CARBON DIOXIDE _ -

ETHANE " 6 PROPANE - 7 1SD BUTANE
150 PENTANE = 10 N PENTANE . 11 HEXANE =
OCTANE ... © . 14 NONANE .+ 15 DECANE
DUUDECANE 18 C13H28 ~ -.19 Cl4H30
1 Cl6H34 -~ - 22 ARGDN " 23 ETHYLENE
'HYDROGEN . 26 PROPYLENE ~ . 27 BENZENE .
ACETYLENE - 30 : e '
READ(542) NFLASH
2 FORMAT 413y
© NSET=1"
54 READ (551) -
FORMAT (aOH
1 )
'»wR£AD(5 3& NCOMP , ToPPDIM .
3. FORMAT (I3,2F15.4,15)
- READ(5y4) (IDENT(I’.CGMP(I) I 1.Nc0aP)
‘4 FORMAT .(12,10X,F7.5)
. READ({5,51) RATE
51 FORMAT(F11l.3)
. READ{5,887 (VT(I),I= l,NCOMP)
88 FORMAT{F10.5) ..
. LF(NCOMP,EQ.1)G0 TO 21
NC=(NCOMP—1)#NCOMP/2
READ{5,8) (ETA(I),l 1,NC)
'8 FORMAT .(F8.4)
21 NCONV=0 - .
C NT=0. - _
HBAR=.FALSE.
LCOUNT=0

TSTORE=T .

12 HEPTANE
16 UNDECANE
20 C15H32
24 OXYGEN .
28KRYPTON

4 HYDRJGEN SULPHIDE:
8 N BUTANE
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CTF{PDIM.EQ.1)P=P/14.696
IF(PDIM.EQ.3)P=P/1.01325
: IF(PBIM.EQ<4)P P#0,967T41
IF(PDIM.EQ. SiP P/760.

IF(PDIM EQ.Z)GU TU 6

PCREF=45.8
PSTORE=P -

~rcner=rcxl)'

 VCREF=VC{1l)

ZCREF=ZC(1)

" WREF=W(1)
M=l

IF (NCOMP.« EQ. 1INC=0
DD 11 I=1,NCOMP

-ETAl(I 1)=1..
IF({M.GT. NCIGO TO 10
Kl=I+1 :

DO 11 9=K1,NCOMP
ETAL{I,J)=ETA(M)

1

10

12

ETAL(J, I}=ETAL(I,J)
M=M+1

CONTINUE’

DO 9 I=1,NCOMP
N=IDENT(I)
TREF(I)=TC(N)
PREF{I)=PC(N)

FSTAR(I, I)=TC(N)/TCREF
HSTAR(1,1)=VC(N)/VCREF

DO 12 I=1,NCOMP

PO 12 J=1,NCOMP-

IF(I.EQ.J1GO TO 12

"H=(HSTAR(I,I1)%%0.33333+HSTAR(J,J)*=0., 33333)/2.

HSTAR(I,J)=H#H#H

FSTARII,J)= ETAL(IZJ)=(FSTAR(I, I)*FSTAR(J.J))**D 5

CDNTINUE

682"



90

- 53

WHICH=1

 ELASH=.FALSE.
‘DO 43 [=1,NCOMP

- QUI)=COMP(I)

43

80

. 85
13
15

160
64
16
14

 XEN)=YASSIND
QINY=XX{N)

X{1)Y=COMP(I)"

CALL FIXIT(T,WHICH,NCOMP,QsVT,TREF, PREF,P) :

 IF(WHICH.EQ. 3)GD TD 41

NCONV=0 -

" IF(<NOT. FLASH)GD T0 75

DO 73 N=1,NCOMP

'XX(N)-CDHP(N)/(1.-RATIO+K(N)*RATIO)

YASS(N)=XX (N)#K{N)
X (NI=XX(N)
QINI=YASS{N) :
IF(WHICH.EQ.1)60 TO 85

062

GO TO 73 .
CONTINUE

CONT ENUE -
TOTALS=1.
FIRST=4TRUE.
IF(NCONV.EQ.1)TOTAL1=TOTAL
IF{FLASH)GO TO 16
D0 64 I=1,NCOMP
X{1)=COMPLI)

CALL HF .
VR=82.054*T/P/VCREF

TR=T#HX/ { TCREF#HXFX)
NUMBER=0 _

DO 15 M=1,NCOMP
TE(M,M)=TR ‘
VE(M,M)=2,

IF(VR.LTL2.)VE(M, M)=VR

IF{VR.LT.0J5)VE(M,M)=0.5



s

'CONTINUE

" - DONE=<FALSE.

18

36

UANDZ=.FALSE.

CALL THEPHI"

. NUMBER=NUMBER+1

TR=T#HX/HXFX/TCREF :
PCEP= 82.054*ZCREF/VCREF*HXFX/HX*TCREF/HX

. PRA=P/PCP

91

NO=1. .
IF{WHICH.EQ. 1)60 T0 29

-IF{.NOT.FIRSTIGO TO 65 -

26

69

74

LIQUID=.FALSE.
CALL ZEDU{U, ZCOM,DZR, FCGEFF)
IF(DONE1GQ TO 23
PR=ZCOM# TR/ ( ZCREF#VR)

”DPR~TR*(DZR/VR+ZCOM)/ZCREF

ERR={PR/PRA-1.¥*100.
ERR=ABS({ERR)
TF{N0.GT<5000)60 TO 24

IF(ERR.LT.0.001)G0 TO 25

DELR=(PRA-PR)/DPR
VR=1./(1./VR+DELR)
VR=ABS{VR) -

NO=NO+1

25

57
.34

23

IF(NEXIT.EQ. IYGO T0 69

60 TO 26

VRE=VR
IF{{VR.LT.2). AND. (VR.GT. O.S)IGO T0 57

IF(VR.LT.0,5)VRE=0.5
CIF(VR.GT <2, )VRE=2.

DO 34 L=1, NCOMP
VEIL:L,—VRE

VOL=2COM#82.054%T/P

 ~3JF(DONE)IGO TO 35

IF(NUMBER LE 3)60 TO 18
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‘35

=UANDEF;TRUE.f:i
DDNE‘GTRUEQ '
GO TO 36°

CUNSleTITCREFlHX/HXFX’

S V=VOL -
- CONST2= VIVCREF/HX

.00 37 “M=1,NCOMP

Y

92

‘TE(MyM)= CONSTI*TH(H.M)“

VE(M,M)=CONST22PH(M,M)

" CALL. DIFFER (DFX,DHX)

UMIX-U*(1.*T*DFX/HXFX*HX) -(ZCOM-1. )*TlDHX/HX
HMIX=UMIX+ZCOM ‘ :
VR=VDL/VCREF/HX

IF{{NOT.FIRST).AND.{ .NOT. HBAR))GD TO 19

CALL DELTA(DELH, DELF, VR) ‘

PINKY= U'HX/HXFX

PERKY-(ZCBM—I-)/HX

LIQEN=(HMIX-1.)%1.9867*T

~ IF({.NOT.HBAR)STORLN= LIQEN

122

121

38

DO 38 I=1,NCOMP

HUZ(I)=FCOEFF+PINKY¥DELF(I)+PERKY*DELH(I)+ALOG(X(I))
IF{.NOT.HBAR)GD TD 121
IF(LCOUNT.EQ.2)G0 TO 122

PARTNL{I)=+1. 9867*(7—1.0)*(T l. 0)/1 o= {MUQ(I)- MUZ(I)Y
X{L)=Y(1}

" 60 YO 38 ' ’

PARTNV(1)=+1. 9867*(T-1 0)*(T 1. 0)/1 0*(MUQ(I) MUZ(I))-
‘G0 TO 38

XT(I)=Q{(I)

MUQUI)=MUZ(I)

CONTINUE

IF(LCOUNT.EQ.2)60 TO 123

IF(HBAR)LCOUNT=2

" FIRST=.FALSE.

GO TO 16

‘.
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.65

.IF{ NDT FIRST!GB T0 26

"PRA-PRA*O 99691 -

- NEXIT=0

TR=TR#0.99848

CALL 'LIQ(ZCOMU, FCOEFF,NEXIT)

“IF(NEXIT.EQ.11G0 TO 74

- IF{DONE}GO TO. 23
60 1D 25 .

.- BLOB=U - *HX7HXFX
PIP=(2COM-1.)/HX

CALL. DELTA(DELH DELF VR)

VAPEN'(HHIX—I )*l 9867!T
TOTAL=0. "

DO, 40 I=1,NCOMP - |
. PART(I)= FCBEFF*BLDB*DELF(I)+PIP*DELH(!)_

© Y(I)=EXP(MUQ(TI¥-PART(I))

40

TOTAL=TOTAL+Y(1)

 ERROR=ABS{TOTAL~-TOTALS)
| IF(ERROR.LT.0.0001160 TO 32
D039 1=1,NCOMP .

39

32

T T

X{1)=Q(I} -

TOTALS= rarAL
.60 TO 16
IF(FLASH)GO TD 5

~ TF{ABS{TOTAL-14).LT.0.0001)G0 TO 41
- 'NCONV=NCONV+1

31

TF{NCONV.EQ.1)G0 TO 22

IF{NCONV.GT.150)GD TO 44
TOTDIF=TOTALL- TBTAL

IF(NCDNV 6T.5)60 710 31
IF{TOTDIF.LT, 0.0C01)TOTDIF= TOTDIF*IOO.
Tl*T‘(GUESS‘T’*(TQTAL ~-1. ’/TQTDIF
IF(TI.LT.O )T1=T~20. -

TDTAL1=TOTAL
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. GuEss=T
T=T1
GO TO ¥

41

30

"71

70
72

IF(HHICH EQ. I!IBUB’

v i;IF(ﬁﬂICH EQ-B)TDEH'
- IF(WHICHL.EQ, B)GO YO 30 ~

WHICH=3 | |

GO. TO 53 © . “ ' ' ' '

_IF((TSTORE GE TBUB). AND-(TSTDRE LE TDEH%)GO 10 70
”HRITE(é T1) . TBUB,TDEW - :

FORHAT( 43H. . TEHPERATURE IS OUT OF RANGE «BUBBLE POINT-,FIO 6b18H D
1EG K, DEH PUINT -,FlO.ngQH ‘DEG K, TEMPERATUTE IN DATA IS,F10. 6 6H D
1EG K) E )

STOP -

DO 72 N=1, NCOHP -

K{N}= EXP(A(N)*B(N)/TSTORE)/PSTURE oo

RATIQ‘QQ

= FLASH—.TRUE,.;

- 81

83

 WHICH =1

- T=TSTORE

P=PSTORE -

.GD TD 80

,DO 81 N= I.NCOMP
KCALC(N)= Y{N)IZXX{N)
IF{WHICH.EQ.3) KCALC(N)= YASS(N)/Y(N)
DIFF=ABS(KCALCIN)I=K(N))
TOT=TOT+DIFF*DIFF -
TOT2SQRT{TOT/NCOMP)
IFLFOT.LT.O. OOI)GO TO 82
DO 83 N=1,NCOMP -
;K(N)“SQRT(KCALC(N)*K(N))

- 6D TD 80

82

CALL. RICHMD(RAT!O,KCALC’COMP VNEW, 0K, NCDMP!

- IF(0K)GO TO 84
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. GO TO 80
84 WRITE(6,1) .
 FIRST=.TRUE.
 HBAR=.TRUE.
T=T+l.0
 LCOUNT=1
DO 120 N=1,NCOMP

120 X{N)=XX{N)'

60 7016
123 VAPFLO=RATIO#RATE
" LIQFLO=RATE-VAPFLO
DO 52N=1,NCOMP B
IF(WHICH.EQ.1)GO TO 86
LM{NI=Y(N) -
VMINI=YASS(N) .
; GO TO 87
86 LMINI=XX(N)
C OVMINY=YINY |
87 LIQMOL (N)=LM(N)*LIQFLO
2, ‘VAPMOL(N)-VM(N)*VAPFLO
' 52 CONTINUE
LIQEN=STORLN -
ENTH=RAT 10 ( VAPEN-L IQEN) +LIQEN
WRITE(6,46) (IDENT(I),COMP(1),I=1,NCOMP)
WRITE(6;93) TSTORE, PSTORE,RATE , ENTH,RATID,LIQFLO,LIQEN, VAPFLO,VAPEN
1, (IDENT(I).XX(I),Y(Il,LIQMDL{I},VAPMOL(l),K(I!gPARTNL(I) PARTNV(I)
Yy I=1,NCOMP) :
46 FORMAT(21H SUMMARY OF FEED DATA// +6Xs 41HCOMPONENT IDENTIFICATIGN
1  MOLE FRACTION/(17X;12,19X,F7.5/1)
93 FORMAT(19H FEED TEMPERATURE =,F10.4,8H  DEGK/19H FEED PRESSURE .

1 =,F10.4,9H  ATMS./19H FEED RATE =4F11.3,10H MOLS/HR/1

. 19H -FEED ENTHALPY =yF11.3,134  CALS/GMOLE///14H FLASH RESULTS/3
11H FRACTION OF VAPOUR VAPDURISED=,F7.4/,13H LIQUID FLOW=,F10.3,5H
1MOLS/18H LIQUID ENTHALPY =,F11.3,11H CALS/GMOLE/13H VAPDUR FLOW=,F

110 3,5H MOLS/IBH VAPOUR ENTHALPY -,Fll 3,11H CALS/GMOLE/IOld Comp o
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LPONENT - LIQUID MOLE  VAPOUR MOLE _LIQUID MOLES VAPDUR MDLES

© 1KVALUES . PARTIAL MOLAL ENTHS/40H  IDENTIFIER FRACTION F

'lRACTION,45X,15HLIQUID VAPDUR/(7X, 12, 11x F? ByTXsFTa5,43X, FIeb, 5Xy .

56
24
>8

44
59

22

1F9.4,5X,F8,5,F10.3,F13,.3))

NSAT=NSAT-1

NSET=NSET+1 |
'IF(NFLASﬁ‘GT 0160 TO 54

sTOP,

wRITE(b,sab |
FORMAT{41H MORE THAN 5000 ITERATIDNS o CONVERGE’ PRY
GO TO 56 .
WRITE(6,59) | ’
FORMAT (63H MORE ‘THAN 150 ITERATIONS ro CONVERGE T OR P RESULTS SO
LFAR ARE)

GO 7O &1 .

IF(ABS{1.-TOTAL).LT. 0.05160 0 76

T GUESS=T.

17

16

IF(WHICH.EQ.1)60 TO 77
IF({TOTAL.GE.1)T=T40.5
IF(TOTAL.LT.1.)T=T-0.5

- 60 107

IF{TOTAL.GE.1.)T=T-0.5
IF(TOTAL.LT.1.)T=T+0.5
G0 T0 7 -

IF (WHICH.EQ.1)T=T/TOTAL
TF(WHICH.EQ.3)T=T#TOTAL
G0 TO'T .

END
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wisuanugrzue DELTAEDELH,DELF;VR) S

. 'COMMON/DEL/DTHDVR  DTHDTR, DPHDTR:DPHDVRrF: :
COMMON/PHT THE/FE, VE, x,usrAR;FSTAR,r . ;NCOHP)HX HXFX TH,PH .
- COMMON/REFTEM/TR,ZCREF |

”:1.101aarﬂarat10.;a) DTHDVR{10+ 107}, DPHDTR(IO,iQ) npnovax1c,xo),x(1o)

DO-1 T=I,NCOMP
QFHSPH£I$ =04y, Sh
CHSPHUIN =04 ﬁw.‘f':
‘DO 2J=1yNCOMP - S
&1 PH{I4Jd)=HET, JilHSIAR(I,J) G
. ~3TH(1.J)--QRT(!H(1,I)»TH(J.J)) S

- THIJ=0.5/TH{I3JY. : '
CBTHDTR(I;J)= THIJ*(TH(J.J)*DTHETR!I I)+TH(I I)*DTHDTR(J J)l
';DTHovatI.sazrﬂlantwata,a}waIHDVR(I I1)+TH(1, I)lDTHDVR(J:J)I

LFREI, 1))

T UIVR(IL,IN o
R iEHSPH(I’ FHSPH!I)*:‘f X(J‘*H(IaJ"F(I:Jl
= {ﬁSPH(I, HSPH(I,+_:, XQJ’*H(I:J)

YL TECL 9 JYI=TRE®THET, JY - o7

T UVE(Is9)=VR*PHLI, ) .-
L DELTHUIsd)=0a - - 5 -

‘LU DELPHIT,41=0. 7

" 2 CONTINUE - ‘ -

Y  ‘DELF1(I) Zo*HXFX/HX*(FHSPH(I)IHXFX HSPH(I)/HX)
,DELHI(I'=Z.§HX*(HS&H(I,/HX 1. ) ;
CDELF(1)=DELEL(I)" -

EL LA e:pELutr)=oELH1tls

B uiVTL'700 4 K= lvNCUMP

DIMENS $ON. FHSPH(!O! HSPH(lO!;PH(lD.lO) TH(IG 10).H(10913) HSTAR(lO'

ST -1, F(104183,TE(10,10), VE(10;10)'DELIHIIG,10).BELPH(IO,IO) DELFI(ID!.':f‘ 
- ',leELHl(lﬂi,DELF(10)'DELH(IG).DELTR(10;16),DELVR(10 10), FSTARllO,lDI»,

79PHDT§(I:J)=015IHSIARKI J)*(HSTAR(J J)*DPHBTR(J J}*HSTAR(I I)'DPHD

DPHDVR(1,)=0. SIHSTAR(I J)!(HSTAR(J,J)*DPHDVR(J,J)4HSTAR(I.i)*DPHD ,
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"3*pTERM2-BELH(K)/HX

I
SUSyML=bs. o T
L iSUM2=0. .- : f‘f'@

o SUMB=0.

'frrERn1~Hxihxéx*DELngl

D0 3.

. DO 3 J*IQNQUMP S

CDELTRUE,J)=TE(I, J)*(DEQ._(i,J)/TH(I J)—TERHII

" DELVR(I,J9=VE(T1,J)*(DELPH{I,J)/PH({T,J)-TERM2) , '
DELTH(T;J)=DTHDTRI( I, J)*ﬂEiTR(I;J)+DTHDVRtI J)*DELVR!X J)

T DELPHTIL = =DPHDTR(1,J)*DELTR{ I, d)+DPHDVRII, J}*DELVR(I e

gjsum1=sua1+xtI1»x:a)*DELTH(I;J)*FSTAR(I,J)*H(I,J) o
SUM2=SUM2+X (T *X{ J) *DELPH( I+ J) #HSTARL(T, J)*(F!I.J)*HXFX/HX)
. SUM3= sun3+X(I)nx1J)*HSTAR(I,JI*DELPH(I,J) ' . .
. 3 'CONTINUE. - |
_‘-TOTAL“tSUM1+SUM2)/HX :
" DELF{K)=DELF1(KY+TOTAL _ )
" DELH(K)}=DELHL{K)#SUM3 T g
E IF(ABS(BEFDRE—TDTAL).LT 0. OGOI!GB TO 4
“ BEFDRE=TOTAL-
GO TO 5

% CONTINUE

QRETURN e
END “

@z



,susnourlue DIFEERIDFX,0HX) = - n
* . 'COMMON/DEL/OTHDVR , DTHDTR , DPHDTR ; DPHDVR , Fy H .
¥ COMMON/PHITHE/TE, VE,X,HSTAR, Fsr»R.r - sNCOMP y HX » Hxe,rH,PH
'COMMON/REFTEM/TR,2CREF ,
COMMON/OM/W, VP "
chMoN/DATE/rc.vc,zc,IDENT |
_COMMON/REFS/TCREF,VCREF,HREF,PCREF S S
DIMENSEON W(10),TC{30),VC(30),2C(30), IDENT(IO).TE(ID 10).ve11o,1o:
1,X(10),HSTAR(10,10),FSTAR (10,101, TH{10,10),PH{E0,10)sDTHOVR(10,10)

1,0FTHDTR(10,10), DPHDTR(IO,103,0PHDVR(10;10! F(10410)4,H€10, 10).6(10) -

’I,DVRDTAtlc) DTRDTA(IDJ,BTHDT!10).DPHDT{10!,DH(IO 103.DF(10.10}.DTR
- 1DTC(10|1BVRDTC(IQ).VP(IO) S
- D@ 1 I=1,NCOMP,
ORI, )= FSTARtx TY*TH(I, I
CHEL  I)=HSTAR (T, I )#PH(1,I
CGlT)=H{1,1)#s»0, 33333
' VRED-VE(I n° :
- IF(VRED, GT 2. )VRED 2.
IF(VRED.LT. 0.5)VRED 0. 5
.!TRED-TE(I.I)
II_IDENT(I%
ZI=2CLII) - _
TWI=W(I)
DTHDTRI(I, I)—(HI HREF)*{ 0.8493/TRED+0 4506/(TRED!TRED)*(VRED 0.5))
DPHDTR{I,I)= ZCREF/ZI*(HI—HREF)*(0.3903'(VRED l. 0177)—0 9462* {VRED~
‘10, 7603)/TRED) IR
'IF((VE(I 1)elTe0.5)e0R(VE(I;1).6T.2.))G0 TO 12
‘DTHDVR{1,1)1=(0.3063-0.4506/TRED)*{WI-WREF) '
 DPHDVR(I,I)=ZCREF/ZI*(WI- HREF)*(0.3903 -0, 9462*ALDG(TRED))

)
)

. 13 DVROTA(I}=0.1.

. DTRDTA(I)=0.1
"‘I‘CONTINUE '

’ NCOUNT=1

8 DO 2 I= 1 NCDMP
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iDTHDT(I) DTHDTR(I.I)*DTRDTA(I)+DTHDVR(I,I)*DVRDTA(I)
- DPHDT {I)=DPHDTR(I, I)*DTRDTA(I)+DPHDVR(I I)*DVRDTA(I)‘

CDH{I,1)=HSTAR(I, I)*DPHDT(I) 4

DF(I,I)= FST#R(I I)’DTHDT(I) .
" CONTINUE *

DFX=0. -

DHX=0. ‘ ” B

‘DO 3. I=1,NCOMP

DO- 4 J=1,NCOMP

IF(1. EQ.J)Gﬂ TO0 5

DH(I,J)=0. 5*(DH(I'I)*DH(J'J3)

C61J=0.5#(GLIV+G(J) )

F(I,J)=FSTAR(I, J)*SQRT(TH(I;I)*TH(J d))

CUHUI3d)=GIJI*GII*GLY.

.5

4

DF(14,J)=FSTAR(I, J)*O SISQRT(TH(I I)*TH(J,J))'iTH(I:I)*DTHDT(J)+TH(
1344)#DTHDT¢1)) a

DFX=DFX+X {1} #X(J)=(H(I, J)*DF{I:J)+DH(I JIeFLl, J))

- DHX= DHX+X([)*X(J)*DH(! Jy .

CONTINUE: :

CONTINUE . |

DFEX=DFX/HX- HXFX/HX*DHX/HX

TOT=0. .

DO 6 I=1,NCOMP- ' :

DTRDTC(I}=TE(1,1)# (DTHDT (1) /TH(T,1)41. /T~ Hx/Hxe-oFx)
DVRDTC(I)—VE(I,I)*(DPHDT(!3/PH(I I')-DHX/HX)
DIFF=DTRDTC(I)~DTRDTA{I)

" TOT= TOT+DIFF*DIFF

CONTINUE *

~ COMPN=NCOMP

ERROR= SQRT(TDT)/COMPN
IF{ERROR.LE.0.00001)G0 TO 7T
DD 9 I=1,NCOMP : :
DTRDTA!I) DTRDTC(T)
DVRDTA{I)=DVRDTC{I)
CONTINUE S :

'oog .



IF (NCOUNT.GT.400G0 TO 10° . -

‘. NCOUNT=NCOUNT+1

12

10

i1

GO T0'8

DTHDVR(I,1)=0.
DPHDVR(1,1}=0.
GO TO 13
WRITE(6,11)

.FDRMAT(43H ﬁDRE THAN. 40 ITERATIDNS TD CDNVERGE DTRITR)
- RETURN
END

' SUBROUTINE LIQ{COMP,UyFCOEFF,NEXIT)
COMMON/UZ/ . UANDZ,DONE,PRA,VR

- XT4=EXP(0. 8353140, 4175105*ALDG(1.°TR)+0 214866*C3)

"COMMON/TAIT/LIQUID,VRO

COMMON/REFTEM/ TR, ZCREF
LOGICAL UANDZ,DONE,LIQUID

=~17.4897+15, 9008/TR+EXP(10;5083*TR—11 0064 ).
,C2 EXP{5.94009-2.105715/TR-0.986772/(TR*TR))

PRO=EXP{4.77726-4,782895/TR+0. 73611!ALOG(TR))
LIQUID=.TRUE.

C=C2/PRO '

C3=EXP{50., 908*!TR 1.))

IF(TR.6T.1.)G0 TO 3

VRO=1./({1.+XT4)
ZC=2CREF

WOE



TERH-(PRA+H)I(PRD+H?
TF(TERM)3,3,4 .

4 VR:VRO-ALOG(TERH)/C _ SeoLtenocl T
COMP=2ZCREF#PRA/TR#VR R . ,}”“ B
IF{<NOT.DONEIGD TO 1 B
DPRO=PRO®*(4,782895/TR+. 736113/TR o
BC G2#((2. 105715+1. 973544/TR)/(TR*TR) DPRO/PRU)YPRD

U X&EVROSVRO#XTS: -
'=TDVRG”-X4 *(0.4175105/!TR~1 )+10.938398*C3’ E
DH=<15,9008/ (TR*TR)+10.5083%#EXP(10. 5083*TR‘11¢DO&4]

5 U0={-0.29152279+1. 934121/TR—(0.2531244—0 3800509!TR)*EXP(15.*(1 00

1238%TR-1.)))/VRO#{~1.)

FM=—=EXP(325197242-4. 4195532/TR~1«2808837*AL08(TR))
ZM=ZCREF#PRO*VRO/TR. T T

IFINEXIT.EQ.1) GD .TO 6 e T

UsUO+ZC*( (VR- VRO’*(H/TR*DH+(PRA¥H’/C*DC)+(PRA-PRO)/C*!1 /TR-(DPRU*

~ 1DH)/(PRO+H)-C*DVRO+DC/C))
. FCOEFF=FM+COMP- ZM-ALOG(PRA/PRD)*ZCREF*((VR VRU)*H*(PRA PQD)/C)/TR
1 RETURN ; _ _
'3 NEXIT=1 :
PRA=PRA/0.99691
- TR=TR/0.99848
CALL ZEDU(U,COMP,DZR, FCDEFF) ‘
WRITE(6,75)TR,VR,PRA : :

75 FORMAT (76H HAD TO CALCULATE LIQUID PHASE WITH VENNIX EQUATIUN AS -

ITAIT WAS UNUSABLE TR=,F10.4,4H VR=;F10.4,4H PR=;F10.4)
.IF(.NOT .DONE )RETURN , SRV R
~ TR=TR20.99848
'PRA=PRA%0.99691
60 TO 5
6 U=U+U0
FCOEFF= FCDEFF+FM—ZM+ALOG(ZM) 1.
RETURN A
END
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SUBROUTINE ZEDU(U comp, DZR FCDEFF) .
DIMENSION A{5),B(5), D(S) S(&):F(Z):E(Z))US(B)

LOGICAL- UANDZ:DDNE LIQUID

REAL K

ecounnN/TAirlulquxo.vao

COMMON/UZ/ . UANDZ,DONE»PRA, VR

- COMMON/REFTEM/TR,ZCREF
'DATAU5/0.09171732,-0.09171732,0. 2627662,-0. 2627662,0 39833324,-0 3

 19833324,0.48014493,-0.48014493/,
. 15/0.18134189,0.18134189,0.15685333,0. 15685333,0411119052,0.1111905

12,0.05061427,0.05061427/

DATA A/=1.9079137,0.1859404,0.6206085,~046050965,0.1390605/

DATA B/0.7986446,0.1947895,-0.4916982,0.4110596,-0.0650830/

DATA D/=0.8398430,-0.5167966,2.4138572,~1.6793539,0.3022386/

DATA E/8.7758015,0.1733543/, F/7. 22751645-1.1449913/,G4T0,K, ALPHA, B

1ETA,RHO /8. 423558.-0 774286 1. 394830,0 868917 2. 226390 0. 697342/ -

_FCOEFF=0. -
U-Oa - »

» .. RBET3= (BETA+RHO)**3
*  RALF3={ALPHA+RHO) #+3.

" IF(.NOT.UANDZ)GO TO 26
D0 .27 'I=1,8 . ,
v R‘(US{I)+0 5)1/7VR

26

JF(LTIQUIDIR=0.5%(1./VRO+1. /VR)+US(I)*(1 /VR 1. /VRO)
IF(<NOT. UANDZ)R-I JVR
R2=R#R . : .
3=R2§R
. R4=R3+R
- R5=R4#R : ‘ o
cB= B(1)*R+B(2)*R2+B(3)*R3+B(4)*R4+B(5)*R5
~CA-A(1)*R+A(2)¢R2+A(3)*R3+A(4)*R4+A(5)*R5
RPLUSR=RHO+R :
"RSQ=RPLUSR=RPLUSR’
RCUBE= RSQ*RPLUSR

€0€



- cc R*RSQ*(RCUBE—RALFa)*(RBETS-RCUBE)
. CD= D(1)*R+D(2)*&2+D(31-R3+D(4)*R4+D(5)*R5
CEZE{1)+E(2)*RCUBE"
© CF=F(1)+F(2)*R
C L TTELL/TR s
EXPi=EXP (G-CE#*(TR-T0))
EXP2=EXP(K~CF*TT)
Q=CC#EXP1 .
- Q@=CD#EXP2 .
IM=CB+CA*TT+(Q+QQ)TT
- IFTUANDZ)YGO TO 36 :
IF(DONEYGO TO 1 . '
DCA—A(I)+2.*A(2)*R+3.*Al3)*R2+4 -aaaAt4)+5 *A(S)*RQ
DCB=B(1)42.#B(2)#R+3,#B8(3)¥R2+4,%B(4)#R3+5,2B(5)*R%
DCD—D(1)+2'*D(2)*R+3~*D(3)*R3+4.~D(4)*R3+S.*D(5)*R# .
. DIR=DCB+TT#DCA+QwTT*(1,/R+2./RPLUSR+3.#RSQ*(1./(RCUBE-RALF3)-1. /(R
- 1BET3=RCUBE)—E(2)# (TR~ TO)))*EXPZ*(DCD—CD*F(Z)&TT)*TT
" IF{.NOT.UANDZ)GO TO 37 _
36 DZT=(- TT*{CA*TT+Q*(CE+TT)+QQ*TT!(1.—TT*CF)))/R-’"
U=S(IeD2T+y = ° o
FCDEFF—FCUEFF+S(I)*ZH/R -
27 CONTINUE
 IF{LIQUID)FVRO= FCOEFF/VRO
IF(.NOT. LIQUID)FVRU 0.
IF(LIQUID)GO - TO 2
U=UsTR/VR#({=1.)
3 CONTINUE - .
UANDZ=.FALSE.
G010 26 =« ' AT
1 FCOEFF=IM- ALOG(ZM+1 )+FCOEFF*R .
~ _FCOEFF= FCDEFF+FVRD -
"37 COMP=ZM+1l.,
: IF(DUNE)UANDZ—.TRUE.
RETURN ~ . o
2-U=Us*TR#(1./VRO=1./VR)

yot



6o T0 3
“END -

SUBROUTINE FIXIT(T:HHICH:NCDHP Q,VT,TC PC,P)

€. THIS IS THE. FOURTH VERSION OF FIXIT

DIMENSION PC{10),TC(10) C
DIMENSION Q(lG):VT(lO);PT(lO)

DIMENSION A (10}, 8(10)

" 'INTEGER WHICH |
'COMMON/AB/A,B. k

IF{WHICH.EQ. 3)60 T0 5
TOLD=200." -

PSTORE=P .

DO 9 N=1,NCOMP

IF(PSTORE.GT. PCE{N)IP=0.9%PCIN)

- A{N)=ALOG{PCIN))~ VTIN)Z(TC(N)- VT(N))*ALGG(P/PC!N))

B(N)= ALUG(P/PC(N))*TC(N)*VT(N)/(TC(N) VTIN))
P=PSTORE- ‘ B
CONTINUE

* FUNC=0.

DERIV=0." '

DO IN=1,NCOMP
VAP—EXP(A(N)+B(N)/TOLD)
FUNC=FUNC+Q(N)=aVAP
DERIV= DERIV+Q(N)'VAP*B(N)/TOLD/TGLD
CONTINUE

TNEH TGLD-(P FUNC’/DERIV

Cog



i,
LSty

j'tFiAssgrnew-roLD) LT.1. 5)60 ro 3
- TOED=TNEW .

60 TQ- 7

T=TNEW - Lo e
DD 2 N=1,NCOMP R

VAP=EXP(A(NY+B(N}/T)
QINI=QINI®VAP/P: .

- CONTINUE
“RETURN
BERIV=0.

DO 10 N=1,NCOMP -

vVAP-EXP(AlN)+B(N}/TDLD)H 

10

FUNC=FUNC+Q{N)}/VAP-

‘DERIV-B(N)ITOLDITDLE)VAP*Q(N)+DERIvv

CONTINUE =~ -
TNEW=TOLD-{P*#FUNC~-1 .!/P/DERIV

) IF(ABS(TNE“—TDLD).LT 1 SJGD TD 4

“TOLD=TNEW

GO To 5°
T=TNEW

DO 6 N=1, NCDHP

VAP= EXP(A(N)+B(N)/TI
Q{NI=Q(N)=*P/VAP

CONTINUE:
"P=PSTORE.

RETURN

 END . ¢
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- SUBROUTINE THEPHI v -
DIMENSION TE(10,10),VE(10,10),X(10), HSTAR(lO,lO),FSTAR(lO,lOi PHI(1
10,10),TH{10,10),H(10,10),F{10,10),G(10),VP(10),W(10)
COMMON/PHITHE/FE,VE, X, HSTAR,FSTAR, T ,NCDMP,HX,HXFX TH, PH .
‘CGMMDN/DATE/TC(30):VC(BO) ZCI30§,IDENT(10)
COMMON/OM/ W, VP )
. COMMON/REFS/TCREF, VCREF, WREF PCREF
COMMONIREFTEM/TR ZCREF
7 DO 1 I=1,NCOMP
TEI=TE(I,I)
VEI=VE(I, 1)

THUI,T)=1.+(W(I)- WREF)'(O 0892 -0 B493'ALDG‘TEI) +{0.3063-0% 4506/TE7

" 11)#(VEI-0.5))
- N=IDENT(I)

PH(I,I)= ZCREF/ZC(N)*(I +(H(I)—NREF)*(D 3903*(VEI 1.0177)-0. 9462*(V’

1EI-0.7663)#ALOG{TEI)))

TE(L, 1)=TR*TH(I,1)
F(I,I)=FSTAR(I,I)}*TH(I,I)

HOI, I)=HSTAR(I, [¥#PH(I, 1)
GII)=H(I,1)=%0, 33333

"KOUNT=1

HX=0.
. HXFX=0.

DO 2 1=1, NCDNP

DO 3 J=1,NCOMP

IF(I.EQ.J4)G0 TO 4
GIJ=0.5#(G(I)+G(J))
CH{1,3)=GIJ*GIJ*GIY
C FUI,J)=FSTAR(I,JI#{TH(I,T1)%TH(J,J))*%0.5
HX=HX+X (3 )X (1) RHIT 4 J)
C HXFX=HXFX4+X( 1) #X(J)*#H(1,J)#F(1,J)
'CONTINUE

CONTINUE |

TR2=T/TCREF*HX/HXFX

Lot



- IF(ABS(TRZ TRY. GT O. OOOl)GD TO 5
. TR=TR2

" RETURN

5 IF(KOUNT.GT.10)GD TO 6
KOUNT= KOUNT+1
_TR=TR2
GO TO0 7
WRITE(6,8) o ’ :
~ FORMAT{39H MORE THAN 10 ITERATIONS TO CONVERGE TR)
sToP e '
END’

‘SUBRDUTINE HF
COMMON/ PHITHE/TE ,VE, Xy HSTAR, FSTAR, T, NCOMP, HX , HXF X, TH, PH

DIMENSION TE(10,10)5VE(10,10)+X(10)sHSTAR(10,410),FSTAR(10,10), TH(l
10,10),PH({10,10)

HX=0.

HXFX=0.

DO1 I=1,NCOMP

D01 J=1,NCOMP

HX=HX#X (1) #X(J)*HSTAR{I,J)

HXFX=HXFX+X (1) #X{J)*HSTAR(I,J)#FSTAR(I,J)

CONTINUE i

RETURN

END’
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