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Abstract

Biomass-derived oil (bio-oil) is regarded as a key hydrocarbon source capable of diminishing
reliance on fossil fuels for chemicals. However, to prepare bio-oil for value-added chemical
production, it must be upgraded by removing heteroatoms, mainly oxygen, through hy-
drodeoxygenation hydrodeoxygenation (HDO). Catalytic HDO of guaiacol, a bio-oil model
compound, using in-situ produced hydrogen by alkane (ethane) dehydrogenation (DeH) is
investigated to evaluate the use of an alternative to expensive molecular hydrogen (produced
ex-situ). Coupling simultaneous ethane DeH with bio-oil upgrading could be a potentially
attractive process in terms of the economic outlook by co-producing ethylene, a high-value-
added chemical, alongside aromatics and phenols. In this work, these tandem reactions
are investigated using different configurations of hydroprocessing and/or alkane DeH cat-
alytic systems and thermodynamic favourable operating conditions for HDO of guaiacol and
ethane DeH to achieve valuable products. Alkane DeH demonstrated its potential as a hydro-
gen source by leading to an improvement in HDO product distribution with the production
of species with no or lower oxygen content, benzene and phenol, besides the production
of ethylene. However, the extent of HDO declines with time due to catalyst deactivation
caused by oxygenated hydrocarbon condensate, which limits ethane from reaching active
sites for hydrogen formation. Yet, ethylene was co-produced in experiments that showed a
better extent of HDO measured by O-to-aromatic ratio in comparison with the use of an ex-
cess of externally supplied hydrogen. The findings underscore the importance of ensuring
stable hydrogen formation through DeH and maintaining selective HDO active sites within
the catalyst bed to enhance the DeH-HDO coupling process’s efficacy. From an economic
perspective, the coupling demonstrates significant potential in replacing hydrogen with on-
purpose alkane DeH, as evidenced by experimental results. A set of reaction and process
requirements are established, based on the experimental results and literature findings, to
further enhance the coupling’s feasibility.
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“If the soul is impartial in receiving information, it devotes to that information the
share of critical investigation the information deserves, and its truth or untruth
thus becomes clear. However, if the soul is infected with partisanship for a par-
ticular opinion or sect, it accepts without a moment’s hesitation the information
that is agreeable to it. Prejudice and partisanship obscure the critical faculty
and preclude critical investigation. The results is that falsehoods are accepted

and transmitted”

The Muqgaddimah of Ibn Khaldun



Abbreviations: Experimental

BET Brunauer-Emmett-Teller

DDM direct demethoxylation

DeH dehydrogenation

DeH-HDO dehydrogenation-assisted hydrodeoxygenation
DeHA dehydroaromatisation

DeHD dehydration

DFT density functional theory

DME demethylation

DOAr double oxygen per aromatic ring
EDS dispersive x-ray spectroscopy
EOR end of run

FCC fluid catalytic cracking

FID flame ionisation detector

FT Fischer-Tropsch
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GDP gross domestic product

HDC hydrocracking

HDO hydrodeoxygenation

HDR hydrogenolysis

HOHC heavy oxygenated hydrocarbon compounds
HYD hydrogenation

LPG liquefied petroleum gas

MOR middle of run

MS mass spectroscopy

MTH methylation

NGL natural gas liquefied

NODeH non-oxidative dehydrogenation
O:A oxygen per aromatic ring
ODeH oxidative dehydrogenation

OTC oil-to-chemicals

PAH polycyclic aromatic

PID proportional-integral-derivative
RWGS reverse water gas-shift

SC steam cracking

SEM scanning electron microscopy
SOAr single oxygen per aromatic ring
SOR start of run

SR steam reforming

TCD thermal conductivity detector
TGA thermogravimetric analysis
TOS time-on-stream

XRD X-Ray diffraction

XRF x-ray fluorescence



Abbreviations: Chemicals

ANS  Anisole

BTX  benzene-toluene-xylenes
CAT  catechol

CRSL cresol

GUA  guaiacol

PHL  phenol

TOL  toluene

Abbreviations: Economic potential

APEA  aspen process economic analyser
BFD block flow diagram
CapEx capital expenditure

EP economic potential

GHG green house gas

kta kilo-tonnes per annum

LCA life cycle assessment

NPV net present value

OpEx operational expenditure

PFD process flow diagram

TEA techno-economic assessment

tpd tons per day
TRL technological readiness level



Contents

Abstract

1 Introduction
1.1 Research objective . . . . . .. .. ... ... .. .. e

1.2 Thesis structure . . . . . . . . . . . e e e e e e e

2 Literature Review
2.1 Biomass valorisation to fuels and chemicals . . .. .. ... .. ........
2.1.1 Biorefinery v.s. cruderefinery . ... ... .. ... ... ......
2.1.2 Biomass-based stream as energy source . . . . . . . . . .. ... .. ..
2.1.3 Biomass-based building-block chemicals . . . . . . ... .. ... .. ..
2.2 Lignin valorisation to bio-oil . . . . ... .. ... . 0 000000
2.2.1 Lignin nature, types and processing . . . . . . . . . .. ... ... ..
2.2.2 Lignintobio-oil . . . . . . .. . ... L
2.2.3 Bio-oil characterisation . . . . .. ... ... ... ... 0 L0000,
2.2.4 Bio-oil upgrading processes . . . . . . ... ..o e e e
2.3 Bio-oil upgrading via hydrodeoxygenation (HDO) . . . ... .. ... ... ...
2.3.1 Conventional HDO . . . . . . . .. ... .. .. ...
2.3.2 Atmospheric pressure HDO for continuous flow systems . . . . . . . ..
2.3.3 Hydrogen productionroutes . . . . .. ... .. ... ... ... ...
2.4 H-donor for bio-oil hydrodeoxygenation . . . . . . .. .. ... .. ........
2.4.1 H-donor approach for upgrading low-value hydrocarbon streams . . . .
2.4.2 Bio-oil HDO via in-situ Hy generated through carbon rejection . . . . .
2.4.3 Alcohols as hydrogen source for bio-oil HDO . . . . . .. ... ... ...
2.4.4 Supercritical water as hydrogen source for HDO . . ... ... ... ..
2.4.5 Heavy hydrocarbons as hydrogen source from bio-oil HDO . . ... ..

2.4.6 Light hydrocarbons as hydrogen source from bio-oil HDO . . . . . . ..

viii

ii

10
11
13
16
16
17



2.5 Catalytic system for coupled reactions (dehydrogenation-assisted hydrodeoxy-
genation (DeH-HDO)) . . . . . . . . . .. e
2.5.1 Unsupported Mo-based catalysts . . . ... ... ... ... .......
2.5.2 Supported NiMo-based catalysts . . . . . .. .. ... ... ... ... ..

Methodology

3.1 Experimental Methodology . . . . . . . . . . ... ... ... . L.
3.1.1 Experimental approach . . . . ... ... .. ... ... 0.,
3.1.2 Experimental procedure . . . . . . . . .. ... Lo
3.1.3 Materials . . . . . .. . . e

3.2 Experimental testing rig . . . . . . . . .. . L L oo
3.2.1 Experimental testing rig description. . . . . .. .. ... .. ... ...
3.2.2 Feeding section . . . . . . . . . . . ... e

3.3 Reactormodelling . . . . . . . . . .. ... e
3.3.1 Involved physics in COMSOL model . . . . . .. .. ... .. .......
3.3.2 Model observations . . . . .. ... L. L0 L oo

3.4 Mass balance and product analysis . . . . . . ... ... ... 0L,
3.4.1 Gaseous product: GC-TCD . . . . .. . ... ... ...
3.4.2 Liquid product: GC-FID . . . . . . . . . . .. i
3.4.3 Solid deposition: thermogravimetric analysis (TGA) . . . . . ... .. ..
3.4.4 Data Reliability and Repeatability . . . . . ... ... ... ... .....

3.5 Solid catalyst characterisation techniques . . . . . . ... ... ... ......
3.5.1 X-ray diffraction XRD) . . .. .. ... . ... e
3.5.2 X-ray fluorescence (XRF) . . . .. ... .. ... . .. ...
3.5.3 Brunauer-Emmett-Teller (BET) . . . . . . . . . . . .. . .. .. .. ....
3.5.4 Scanning Electron Microscopy — Energy Dispersion X-Ray (SEM-EDS) .

3.6 Operating conditions . . . . . . . . . .. . L e

The Potential of HDO of Bio-oil Derivatives via In-situ Hydrogen Generation

4.1 Introduction . . . . . .. .. ... e
4.1.1 Chapterstructure . . . . ... . ... ...
4.1.2 Understanding the coupling potential . . . . . . . ... ... .. .....

4.2 Catalyst preparation and characterisation . . . . . .. ... ... .. ......

4.3 Conventional HDO at elevated pressures using NiMo/~v-Al,O3 (NiMoAl)

52
52
52
53
55
55
55
55
58
60
62
66
67
67
69
70
70
70
70
70
70
71

73
73
74
75
78
80



4.4 Ethane dehydrogenation (DeH) . . . . . . ... ... ... ... ... ....... 83
4.4.1 ThermalethaneDeH . . .. ... .. ... ... .. ... .. ... ..... 83
4.4.2 Catalytic ethane DeH using NiMo/~-Al,O3 catalysts . . . .. ... ... 84

4.5 The effect of "in-situ" hydrogen generationon HDO . . . . . . .. .. ... ... 87
4.5.1 Thermal coupling of DeH-HDO . . .. ... .. ... .. ......... 87
4.5.2 Catalytic coupling of DeH-HDO using P-NiMo/~Al,Os . . . . . .. ... 88

4.6 Eliminating the effects of Ni and acidic support using unsupported MoOs . . 94

4.7 DeH-HDO based on alkane DeH catalyst CroO3/A1b03 . . . . . . . . ... ... 96
4.7.1 CatalyticethaneDeH . ... ... .. ... ... ... ... ..... 96
4.7.2 Catalyst characterisation . . . . ... .. ... ... ... ... ... . 96
4.7.3 CatalyticethaneDeH . . ... .. ... ... ... .. ... ... 97
4.7.4 Catalytic DeH-HDO on alkane DeH catalyst . . . .. .. ... ...... 98
4.7.5 Optimising the processing parameters to maximise BTX yield . . . . . . 99

4.8 Conclusions. . . . . . . . .. L e e e e 101

Optimising DeH-HDO with Synergistic Dual Catalyst System 103

5.1 Introduction . . . .. .. .. . . e 103
5.1.1 Background . . . . . . . . ... L 104
5.1.2 The utilisation of dual catalytic system for DeH-HDO . . . . . . .. . .. 104
5.1.3 The potential role of dual active sites for DeH-HDO . . . . . .. ... .. 105
5.1.4 Chapter structure . . . . .. ... .. ... . e 107

5.2 MoOs-Crcatalyticsystem . . . . . . . .. ... . L e 107
5.2.1 The effect of replacing molecular hydrogen to ethane DeH . . . . . . .. 108
5.2.2 Particlesizeeffects. . . . . . . ... oL 111
5.2.3 Space velocity effect . . . . . . .. ... oL 111
5.2.4 Molarratioeffect . . . . . ... .. ... L L oL 112

5.3 DeH-HDO in PNiMo-Cr catalytic system . . . .. ... .. .. ... ....... 114
5.3.1 Thermal and HDO catalytic effects . . . . ... ... ... ... ..... 114
5.3.2 DeH-HDO improvement via reducing partial pressure? . . . . . . .. .. 116

5.4 Coke formation investigation under scanning electron microscopy (SEM) . . . 119
5.4.1 Coke formation on CryO3/Al,03 . . . . . . . . . . . . 119
5.4.2 Coke formation on catalytic system: 1:1 weight ratio P-NiMoAl,O3; and

CraO3/A103 . . . o o o e e 121

5.5 Discussion on the production of BTX and its limitations . . . . . ... ... .. 124



5.6 Proposed reaction pathway for DeH-HDO . . .. ... ... ... ........ 126

5.7 Experimental results from an industrial perspective . . . . .. .. ... .. .. 127
5.8 Conclusions. . . . . . . . .. L e e e 130
Tailored Catalyst Synthesis for Enhanced DeH-HDO Coupling 132
6.1 Introduction . . . . . . . .. L 132
6.1.1 Chapter structure . . . ... . .. .. . ... .. 133
6.1.2 Why zeolite for DeH-HDO? . . . . . ... .. ... ... .. ........ 133
6.2 Alumina support . . . . . . . . L. e e e e e e e e e e 135
6.2.1 Catalyst synthesis and bed preparation. . . . . ... ... ... ..... 135
6.2.2 Ethane DeH on Cr and Mo in Al,O3 supported catalysts . . . . . .. .. 136

6.2.3 Reactivity test performance: Guaiacol and ethane DeH-HDO on Cr and

Mo in Al,O3 supported catalysts . . . . .. . ... .. .. ... ... .. 139

6.3 Zeolite support . . . . . . . e e e e e e e e 146
6.3.1 Catalystsynthesis . . .. ... ... ... ... . o . 146
6.3.2 Catalyst preparation and characterisation . . . ... ... ... ... .. 146
6.3.3 Cr and Mo in zeolite supported catalysts for ethane DeH . ... .. .. 148

6.3.4 Cr and Mo in zeolite supported catalysts for ethane and guaiacol DeH-

6.4 ConcCluSIiONS . . . . . . o v i e e e e e e e e e e, 153

Techno-Economic Feasibility for Integrating Alkane DeH with Bio-Oil HDO

Processes 154
7.1 Introduction . . . . . . . .. . e 154
7.1.1 Chapter structure . . . . . . . .. . . ... ... e 154
7.1.2 The industrial implication of coupling DeH-HDO . . ... ... ... .. 155
7.2 Techno-economic (TEA) based on experimental findings . . . . .. ... .. .. 156
7.2.1 Economic Potential . . . . . . ... ... ... ... .00 o000, 156
7.3 DeH-HDO process synthesis for TEA . . . . . .. ... ... ... ........ 159
7.3.1 Process boundary limits. . . . .. .. ... ... ... ... 0 ... 159
7.3.2 HDO conversion section . . . . . . . . .. .. ... e 161
7.3.3 HDO liquid separation section . . . . . ... ... ... ... ....... 161
7.3.4 Economic evaluation. . . . . ... ... ... . L0 000, 162
7.3.5 Monte-Carlo and economic sensitivity analysis . . . . ... .. ... .. 164



7.3.6 Sensitivity analysis: Improved ethaneDeH . . . . . . .. ... ... ... 166

7.3.7 DeH-HDO Integration to the chemical Industry . . . .. .. ... .. .. 168
7.4 DeH-HDO implementation in HDO-FCC process integration . .. ... .. .. 176

7.4.1 The economic potential of replacing HDO by DeH-HDO in HDO-FCC

integration . . . . . . ... Lo Lo e e 176

7.4.2 Economic incentive of integrating DeH-HDO to FCC . . . .. ... ... 180

7.5 Conclusion: HDO Industrial scalability and process integration . . .. .. .. 184

8 Conclusions 188
9 Future Prospects 191
9.1 Processing parameters . . . . . . .. ... L0 oo o s 191
9.2 Catalyticsystem . . . . . . . . . . . . e e e e e 193
9.3 Reactor configuration . . . . . .. .. ..o Lo 193
9.4 Processintegration . .. . . ... ... .0 0oL oo 194

A Experimental 222
B Analytical Instrument 227
C Process development and techno-economic supplementary information 235



List of Figures

1.1
1.2
1.3
1.4
1.5
1.6

2.1
2.2
2.3
2.4
2.5
2.6
2.7
2.8
2.9
2.10
2.11

2.12
2.13
2.14
2.15

2.16

Power capacity allocation by source . . ... ... ... .. .......... 2
Bio-energy source allocation for net zero emission scenario . .. ... ... 2
Market share for plastics by feedstock source in 2019 and 2030 forecast . . 3
Current and five-year projections of global capacity for bio-plastics . . . . . 3
Possible crude oil and biomass integrated chemical value chain . . . . . . . 4
Proposed integration of bio-oil hydrodeoxygenation with ethane steam crack-

ING . . .o e e e 5
Lignocellulosic biomass conversion routes to bio-fuels and chemicals . . . 9
Conventional and biomass refinery integration . . . . . ... ... ... ... 11
Simplified biomass routes to bio-based energy, fuels and chemicals. . . . . 12
Representative lignin structure . . . . . . .. ... ... . L0000 L. 16
Chemical structure of the building block of lignin: monolignols . . . . . . . 17
H/C and O/C of different types of petroleum and bio-oil feeds . . . . . . . . 19

Summarised Bio-oil upgrading technologies: advantages and catalyst types 21

Number of published articles on HDO and alkane DeH . . . . .. ... ... 24
Development in HDO of bio-derived oil and associated challenges . . . . . . 25
Proposed pathways for guaiacol HDO and hydrogenation . . . . . .. .. .. 26

Proposed mechanisms for atmospheric HDO of guaiacol in continuous flow
TeacCtorS . . . . . . . . e e e e e e 28
Temperature and pressure range for refinery processes . . . . .. ... ... 30
Hydrogen production map from different sources,processes and energy sources 32
External hydrogen sources for HDO as molecular hydrogen alternatives . . 33
Comparison of HHC upgrading technologies in term of HHC conversion,
severity and CapEx requirement (the scale in the figure represents HHC
CONVEISION . . . . . . v v v vttt e s e e e e e e s e e e 36
Proposed mechanism of guaiacol HDO via in-situ hydrogen produced from

isopropanol pyrolysis . . . . . .. ... oL Lo e 37

xiii



2.17

2.18

2.19
2.20

3.1

3.2

3.3

3.4

3.5

3.6

3.7

3.8

3.9

4.1

4.2

4.3

4.4

4.5

4.6

Proposed mechanism for in-situ HDO using alkane DeH as hydrogen source 40

Schematic representation of hydrogen transfer from hexane DeH for cresol
HDO . . . e e 42

Desired changes of H/C and O/C in catalytic upgrading of lignin to benzene 44

Reported hypothesis in using bifunctional active sites for HDO . . . . . .. 47
Designed experimental framework for investigated catalytic systems . ... 53
Stages of a DeH-HDO experimentrun . . . . ... .. ... .. ........ 54

In-house built hydroprocessing rig to evaluate atmospheric hydrodeoxygena-

tion of guaiacol using molecular hydrogen or in-situ generated hydrogen . 56
Modified gas feed-line system to accommodate two mass flow control (MFC)

for safety, calibration and mixed feed experiments. . . ... ... ... ... 57
Temperature profile for ethane DeH experiment at different locations at NiMo/Al,O3
catalyticbed . . . . . . .. ... L L 59
Temperature profile for DeH-HDO experiment at different locations at NiMo/Al,O3
catalyticbed . . . . . . . . . L 60
Schematic of reactor modelling depicting electrical potential distribution in
voltage . . . . . .o e 61
The temperature profile at various locations within the NiMo/Al,O3 catalytic

bed, as generated by COMSOL. . . . . . . . ... ... . ... ... 64
Reaction product extracts collection, preparation and quantification tech-

NIQUES . . v v v vttt e e e e e e e e e e e e e e 66

A schematic of the combined reaction of in-situ HDO via alkane DeH of ethane 74
Thermodynamic analysis of ethane DeH, and phenol hydrogenation and hy-
drogenolysis at different operating temperatures and pressures using Aspen
Plus® . . . . e 76
The effects of operating DeH-HDO in a single reactor bed using first order
reaction for each reaction independently using COMSOL Multiphysics . . . 77
Outlet temperature of coupled DeH-HDO in a single catalytic bed using at
different phenol/ethane molar ratio calculated by COMSOL Multiphysics . 77
XRD for investigated catalysts in this chapter: MoO3;, NiMo/Al,O3 (NiMoAl),
Cr/Al;,O3 (CrAl) and P-NiMo/Al;,O3 (PNiMoAl) . . . . . . . . . . . ... ... 78

High pressure (up to 25 bar) guaiacol HDO using NiMo/~v-Al;O03 . . . . . . . 82



4.7
4.8

4.9

4.10

4.11

4.12

4.13

4.14

4.15

4.16

4.17
4.18

4.19

4.20

5.1

5.2
5.3

5.4

5.5

5.6

Atmospheric pressure ethane DeH in a SiC bed at different temperatures . 83

Temperature programmed ethane DeH at atmospheric pressure using NiMo/Al;O3

inaSiCbed ... ... .. .. ... e 84
Atmospheric ethane DeH using NiMo-based catalysts . . . . . .. ... ... 86
Atmospheric ethane DeH using NiMo/Al,O3 at different temperatures . .. 86
Atmospheric pressure thermal coupling of DeH-HDO in a SiC bed . . . . . 87

Atmospheric pressure in-situ hydrogen generated and ex-situ HDO P-NiMo/~
-Al,O3 catalyst and thermal deoxygenation . . . . .. ... .. ........ 88
Atmospheric HDO of guaiacol via in-situ hydrogen generation from ethane
DeH using P-NiMo/AlxO3 . . . . . . .« . o e 90
Proposed reaction network for guaiacol HDO using hydrogen produced from
ethane DeH . . . . .. .. . .. . . . 91
HDO of guaiacol via in-situ hydrogen generation from ethane DeH using
P-NiMo/Al;O3 at atmospheric pressure, 550°C . . . . .. .. ... ... .. 92
Composition of gas product stream of DeH-HDO integration for guaiacol and
ethane on P-NiMo/~v -Al;O3 catalyst at 550 °C, an atmospheric pressure . . 93
Catalytic atmospheric HDO of guaiacol using MoO3 . . . . . ... ... ... 95
Atmospheric HDO of guaiacol via in-situ hydrogen generation from ethane
DeH using MoOs . . . . . . . . . 0 e e e e 96
Catalytic ethane DeH of ethane using Cr,03/Al,03 at different space velocity
and activation procedure . . . . . . . .. ..o L0 L Lo 97

Atmospheric HDO of phenol via ethane as hydrogen source using Cr,O3/Al,03100

Targeted synergistic effects of mixing HDO and alkane DeH catalysts in a
single catalyticbed . . . . . . . ... ... o oL oL 106
Atmospheric pressure HDO of guaiacol using MoO3-Cr . . . . .. ... ... 110
Ethylene-to-ethane ratio of DeH and DeH-HDO using MoOs3-Cr at atmo-
spheric pressure . . . . . . . ... e e e e e 112
Atmospheric HDO of guaiacol via in-situ hydrogen generation from ethane
DeH at 600 °C . . . . . . . . . e e e e e 115
Atmospheric HDO of guaiacol using ethane DeH as a hydrogen donor reac-
tion at 600 °C . . . . . . e 116
Gas product of atmospheric HDO of guaiacol using ethane DeH as a hydro-

gen donor reaction using PNiMo-Cr catalytic system . . . . . .. ... .. .. 118



5.7

5.8

5.9

5.10

5.11

5.12

5.13

6.1
6.2
6.3

6.4

6.5

6.6

6.7

6.8
6.9
6.10

Atmospheric pressure HDO of guaiacol via in-situ hydrogen generation from
ethane DeH using catalytic system of 1:1 weight ratio of P-NiMo/Al,O3 and
Co03/Al03 . . . . o e 119
SEM Images of spent catalyst Cr,03/Al,O3 for atmospheric pressure ethane
DeH . . . . . e 120
SEM Images of spent catalysts of Cr20O3/Al,03 DeH-HDO under atmospheric
pressure using ethane and guaiacol . . . . .. ... ... ... ... .... 121
SEM Images of spent catalyst of atmospheric DeH-HDO using 1:1 weight
ratio P-NiMo/Al;O3 and Cr:03/Al;,O3 catalytic system . . . . . .. ... ... 123
Atmospheric pressure HDO of guaiacol via ex-situ using MoOs-Cr catalytic
system at 600 °C . . . . ... e 125
Proposed reaction network for guaiacol HDO using hydrogen produced from
ethane DeH . . . . . . . . . . . . e 127
Integration of catalytic systems to improve BTX formation based on experi-

mental results . . . . . . . .. e e e 128

Particle size effects on atmospheric ethane DeH using Cr-based catalysts . 136
X-Ray diffraction (XRD) patterns for investigated catalysts . . ... ... .. 139
Ethylene formation with the presence and absence of guaiacol for atmo-
spheric HDO via ethane DeH as a hydrogen donor reaction at different syn-
thesised alumina supported catalysts . . . . . ... .. ... .. ....... 140
Ethylene formation from atmospheric HDO of guaiacol via ethane DeH as
a hydrogen donor reaction using different synthesised alumina supported
catalysts . . . . . . L e 141
Liquid fraction of atmospheric HDO of guaiacol via ethane DeH as a hydro-
gen donor reaction using different synthesised alumina supported catalysts 143
The progress of heavy oxygenated hydrocarbon compounds (HOHC) and
benzene-toluene-xylenes (BTX) formation for atmospheric DeH-HDO using
Cr-Mo/AlsO3 . . . . o o e e e e e e e e e e e e e 145

Nitrogen physisorption isotherms for ZSM-5 catalysts with Cr and Mo active

Sites . . . L L 147
Ethane DeH using Mo and Cr zeolite catalysts . . . . . .. .. ... ..... 148
Ethane DeH using Mo and Cr zeolite catalysts . . . . . .. .. ... ... .. 150
DeH-HDO using Mo and Cr zeolite catalysts . . . . . ... .. ... ..... 151



6.11

7.1

7.2

7.3

7.4

7.5
7.6

7.7

7.8

7.9

7.10
7.11

7.12

7.13

7.14

9.1

9.2

Al
A2
A3

A4

Hydrogen transfer in DeH-HDO using Mo and Cr zeolite catalysts . . . . . . 152

Economic potential for using alkane DeH for HDO of bio-oil at different feed-

stock and product prices. . . . . . . . ... Lo o e 158
The product distribution in the economic potential of DeH-HDO approach 159

Block flow diagram (BFD) of conventional HDO using external (ex-situ) hy-

drogen source definedas HDO . . . . . ... ... ... ... ......... 160

BFD of HDO using ethane DeH (in-situ) as hydrogen source defined as DeH-
HDO . . e e 160

Proposed separation sequence based on experimental findings [205] . . . . 163

Monte Carlo analysis for DeH-HDO’s net present value (NPV) for 20 years
with 30% tax and 5% discountrate . ... .. ... .. ............ 165

NPV sensitivity analysis based on feedstock,product and utilities value vari-

ation by stander deviation . . . . . .. ... .. L0 Lo Lo 166
Block Flow Diagram (BFD) of conventional HDO . . . . .. ... ... .. .. 169

Simplified process flow diagram (PFD) of the integration of DeH-HDO with

steam cracking. . . . . . .. L. 171
Saved energy from steam cracking (cracker) by integrating DeH-HDO . . . . 175
Block flow diagram of biomass processing to chemicals. . . ... ... ... 178

Investigating required alkane DeH conversion and selectivity to perform Vis-

pute et al. HDO-FCC integration at range of ethane-to-aromatic ratio . .. 178

Probability of hydrogen availability via alkane DeH performance at different

aromatic content in bio-oil as well as ethane-to-aromatic ratio (R) . . . . . . 180
Product distribution from the integration of in-situ hydrogenation via H-

donor reactions . . . . . . ... e e e e e e e e e e e 184

Conceptual membrane reactor for DeH-HDO . . ... .. ... ........ 195

BFD of lignocellulosic biomass (non-food biomass) maximum utilisation for

bio-based building block chemical production for the chemical industry. . 196
Picture of hydrocracker setup for parts inside the cabinet . . .. ... ... 222
Hydrocracker reaction zone . . . . . . ... .. ... ... ... 0. 223
Gas flow sparger positioned inside the reactor below the catalyst bed . . . . 223
Hydrocracker control box and LabVIEW interface . . .. ... ... ... .. 224

xvii



B.1
B.2
B.3
B.4
B.5

B.6
B.7
B.8
B.9
B.10
B.11

C.1
C.2
C.3
C.4

C.5

C.6

Picture of used Gas chromatography (GC) with a TCD detector for gas analysi®28

An example of GC-TCD chromatogram . . . . . . . ... ... .. ....... 229
Picture of used GC with a FID detector for liquid analysis . . .. .. .. .. 230
An example of GC-FID chromatogram . . . ... ... ... .......... 230

Picture of used GC with MS and FID detectors for liquid compound identifi-

Cation . . . . . . .. e e e e e 231
An example of TGAresults. . . . . . . . ... .. L L o oo 231
Picture of used for spent catalystanalysis . . . . . .. ... .. ... ..... 232

Picture of used Brunauer-Emmett-Teller (BET) for catalyst surface analysis 232
Picture of used x-ray fluorescence (XRF) for catalyst composition analysis . 233
Gas analysis of thermally decomposed coke deposition on catalyst’s surface 233

Weight loss during catalyst calcination for zeolite-supported catalysts . . . 234

Aspen developed flowsheet for DeH-HDO based on experimental findings . 236
PFD for HDO separation section (Adopted from [205]) . ... ... .. ... 236
Continued PFD for HDO separation section (Adopted from [205]) . . . . .. 237
Aspen developed flowsheet for improved DeH-HDO with improved process
performance based on published findings for HDO . .. ... ... ... .. 239
Aspen developed flowsheet for improved DeH-HDO with improved process
performance based on published findings for HDO . . ... ... ... ... 240
Aspen developed flowsheet for improved DeH-HDO with improved process

performance based on published findings for HDO . . ... .. ... .. .. 242

Xviii



List of Tables

2.1
2.2
2.3

2.4
2.5
2.6
2.7
2.8

3.1

3.2

3.3

4.1
4.2

4.3

4.4

4.5
4.6

5.1

5.2

Composition of lignocellulosic biomass derivatives based on their origin . . 9
Oil conversion cost for different applications . . . .. ... .. ... ... .. 13
Conversion of biomass intermediates from upgrading processes into value-

added chemicals . . .. ... ... ... o e 15
Element composition of oils originated from different sources . . .. . . .. 20

Selected literature findings for atmospheric HDO in continuous flow reactor 30

Bond dissociation energy (BDE) of oxygenated functional groups . .. . .. 43
Published works on catalytic HDO at atmospheric pressure. . . . . . . . .. 50
Published works on catalytic HDO at atmospheric pressure. . . . . . . . .. 51

The impact of power supply and response on temperature distribution for
30-min run after achieving a steady state in a reaction zone containing
NiMo/AlxO3 . . . . o e e e e e e 63

The impact of SiC addition on temperature distribution for 30-min run after

achieving a steady state in a reaction zone containing NiMo/Al,O3 . . . . . 65
List of varied parameters for HDO and DeH experiments . . . . . .. .. .. 72
Physicochemical properties of investigated catalysts in Chapter4 . . . . . . 79

Guaiacol HDO under elevated pressures with Hy/GUA molar ratio of 5.0 a

using NiMo/~-AlsO3 for TOS of 120 min . . . . . . . . . .. . ... ... ... 80
Elemental analysis of catalysts used in this chapter using XRF . . . . . .. 85
Overall atmospheric pressure HDO performance at using P-NiMo/~ -Al,O3 93
Overall atmospheric pressure HDO performance using MoO3 . . . . . . .. 95
Atmospheric pressure HDO of guaiacol using hydrogen or ethane in a CroO3/Al2O3

catalyticbed . . . . . . . .. L e 99

Guaiacol conversion and liquid product selectivity of DeH-HDO using cat-
alytic system of 1:1 weight ratio of MoO3 and Cr03/A1,O03 . . . . .. .. .. 108

Atmospheric DeH-HDO of guaiacol and ethane at different catalytic systems 114



5.3

5.4

5.5

5.6

5.7

6.1

6.2

6.3

6.4

6.5
6.6

6.7

7.1

7.2

7.3

7.4

7.5

The effectiveness of operating alkane DeH at reduced ethane partial pres-

sure for a catalytic system of 1:1 weight ratio of P-NiMo/Al;O3 and Cr,03/Al;,03

in nitrogen environment . . . . . ... L L0 o oo e 117
EDS Elemental composition on a DeH-HDO spent catalyst using Cry03/Al,03122
Quantification of coke and condensate deposition of DeH-HDO on P-NiMo/Al;O3
and Cry03/Al,05 catalyticsystem . . . . .. ... .. ... ... ... ... 124
BTX, double aromatic (Heavy) products in term of selectivity and coke pro-
duction at different catalytic systems . . .. ... .. ... ... ..., 126
Mass balance for integration of catalytic systems for BTX and HDO improve-

ment based on experimental findings . . ... ... ... ........... 129

Elemental analysis of catalysts used in this chapter using XRF . . .. . .. 136
Atmospheric ethane DeH results for alumina-supported catalysts for Cr and
Mo active SiteS . . . . . . . . . o e e e e e e 138
Physicochemical properties of synthesised alumina supported Cr and Mo
catalysts . . . . . . L e e e e 138
Atmospheric DeH-HDO results for alumina-supported catalysts with Mo
and Cractive sites . . . . . . . . .. L L e 142
Elemental analysis of all the catalysts used in this work using XRF. . . .. 147
Physicochemical properties of synthesised zeolite supported Cr and Mo cat-
alysts . . . oL e e 148
Atmospheric pressure DeH-HDO coupling using zeolite-supported Cr and

Mo oxXides . . . . . . . e e e e e e e e 152

Material balance of guaiacol processing via conventional HDO and DeH-
HDO based on experimental findings. Scaled-up to a guaiacol processing
capacity of 99.1ton-hr=' . . . . ... 157
Chemical prices used for economic potential (EP) calculation based on his-
torical data. . . . . . . . . .. e 157
Used conversion of developed reaction network based on experimental find-
INGS. . . o e e e e e e e e e 162
Net production mass balance from the Aspen flowsheet for the production
of 200 kilo-tonnes per annum (kta) phenol. . . . . . . . ... ... ...... 163

Total capital investment breakdown. . . . . . .. ... ... ... ....... 164



7.6

7.7

7.8
7.9

7.10

7.11

7.12

7.13

7.14

A.l

A2

A3

A4

B.1

B.2
B.3

C.1
C.2

Monte-Carlo statistical analysis for a thousand-simulation run for DeH-
HDO improvement via boosting alkane DeH performance. . ... .. .. .. 167
Production rate based on DeH-HDO process using Aspen Plus flowsheet . . 172
Global market capacity for DeH-HDO product streams as of 2022. . . . . . 173
DeH-HDO with ethane steam cracking integration flowsheet summary and
economic evaluation at different ethane cut from steam cracking feed using
the experimental results in Table 7.1. . . . . . ... .. .. ... ....... 173
DeH-HDO with ethane steam cracking integration flowsheet summary and
economic evaluation at different ethane cut from steam cracking feed using
the experimental results in Table 7.1. . . . . . . ... ... ... ....... 174
DeH-HDO economic evaluation at different ethane cut from steam cracking
feed using the experimental results in Table 7.1. . . . . . .. .. ... .. .. 175
Alkane conversion reactions for the production of hydrogen, alkenes and
aromatics, and parameters requirement to achieve sufficient hydrogen for
DeH-HDO integration with fluid catalytic cracking (FCC). . ... ... ... 181
Aspen Plus process results for the integration of DeH-HDO with FCC of pro-
cessing 3,300 tons perday (tpd) . . . ... . . ... 183
Summary of current advantages and disadvantages for the process integra-

tion, as well as future potential and technical challenges. . .. ... .. .. 187

Properties of all chemicals observed in gas phase at standard operating con-
dition . . . . . . L e 224
Properties of the main non-aromatic chemicals and solvent observed in liq-
uid phase at standard operating condition . . ... .. ... ... ...... 224
Properties of the main chemicals observed in liquid phase at standard op-
erating condition . . . . . . ... L Lo L o e 225

Parameters used for defining the catalytic bed parameters in COMSOL . . 226

TCD calibration mixtures used in this work to develop TCD calibration curves

for target gases. . . . . . . .. L e e e 228
TCD calibration factors used to quantify the gas composition. . . . . . . .. 228
TCD calibration factors used to quantify the gas composition. . . . . . . .. 229

Main nit operation list of DeH-HDO integrated with steam cracking (SC) . . 238
Main unit operation list of DeH-HDO integrated with FCC . . . . .. .. .. 241



Chapter 1

Introduction

Global demand for both fuel and chemicals is on the rise, driven primarily by factors such
as population growth and the emergence of new markets [1]. This growing demand gener-
ates a necessity for increased production capacities, particularly in the chemical industry.
Hence, immediate investments for additional capacities are imperative, particularly with an
estimated three-fold increase in chemical demand growth compared to fuels [1]-[3]. For
instance, in 2016, propylene and gasoline have compounded annual growth rate of 6.0%
and 2.0%, respectively [2]. Furthermore, this demand is projected to exceed gross domestic
product (GDP) growth [1], [3]. The challenge lies in the fact that only a small portion, ap-
proximately 14%, of crude oil is currently allocated for chemical production [3]. To address
this challenge, various research and development initiatives have been launched in the field
of oil-to-chemical oil-to-chemicals (OTC) programs. These programs aim to maximise the
yield of chemical products from each barrel of oil, with a target of reaching 40-60% crude
to chemical conversion [4]. This is even higher for some companies, for example Aramco
aims to reach a conversion of 70-80%, where one of the OTC projects is estimated for 70%
conversion [4]. While the transportation industry is rapidly transitioning towards electrifi-
cation and alternative fuel sources as shown in Figure 1.1, the chemical industry remains

reliant on hydrocarbons derived from fossil fuels to meet the global demand.

In response to increasing global regulations and commitments to address climate change,
there has been a significant push to develop suitable alternatives to fossil fuels, includ-
ing for the chemical industry. One notable renewable hydrocarbon source is biomass,
which has garnered attention for its potential. Biomass can be converted into fuel and
has seen successful commercial applications, including aviation fuels. Moreover, biomass
valorization presents substantial opportunities as feedstock for chemical production due
to its richness of natural hydrocarbons that can reduce the reliance on fossil-fuel-based

hydrocarbons. For instance, commercially, first-generation biomass, edible biomass, is
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converted to alcohols and biodiesel. However, first-generation biomass has endured con-
siderable resistance and regulation as it has social and environmental impacts. There-
fore, second-generation biomass, derived from non-food sources, woody and agricultural
residues, and industrial and municipal wastes, has received increased attention. The im-
portance of second-generation biomass is reflected on the effort to increase its allocation

for net zero scenarios as estimated by the International Energy Agency (IEA) in Figure 1.2.

In particular, extracted lignin from lignocellulosic biomass (woody residue) has gained sub-
stantial interest due to its high aromatic structure. With adequate extraction and pyrolysis
processes, lignin is converted to a pyrolysis oil that can be transformed into a wide range
of products. Thus, there has been a growing focus on exploring biomass-to-chemical pro-

cesses, which can be seen as an analogous approach to the oil-to-chemicals concept.

The thermal treatment of lignin through rapid pyrolysis generates an oil composed of a
mixture of mostly oxygenated species. The presence of oxygen hinders its potential, both as
source of fuel and chemicals, as the pyrolysis oil requires complex extraction to lead to a
pure chemical cut. In a way analogous to crude oil hydroprocessing, bio-oil is subjected to
upgrading treatments to remove impurities, mainly oxygen functionalities. HDO is a criti-
cal reaction that can convert low-value biomass streams into sustainable source for energy
and chemicals. In response to the increasing demand for chemicals, HDO has been utilised
to convert bio-oil into valuable building block chemicals, including alcohols, alkanes, and

aromatics [7]-[9]. These products serve as precursors for a diverse array of applications,

2



CHAPTER 1. INTRODUCTION

including plastics production. This approach aims to address the anticipated five-fold in-
crease in the production of biomass-derived plastics by 2030, as projected by KPMG [10].
The projection from KPMG aligns with the forecast by European Bio-Plastics (EUBP), which
anticipates a four-fold increase in global capabilities bio-plastics by 2028 compared to 2022
[11], as illustrated in Figures 1.3 and 1.4. This growth increase can be realised through the

integration of biomass derivatives into the chemical value chain, as depicted in Figure 1.5.

Currerg;); 2019 Forcast - 2030 :
° 2% 15%
55% f
31% 3
85% g
‘- Petroluem-derived M Recycled M Bio-derived ‘ C .
0

2022 2025 2028
Il Non-biodegradable [l Biodegradable

Figure 1.3: Market share for plastics by  Figure 1.4: Current and five-year pro-

feedstock source in 2019 and 2030 forecast  jections of global capacity for bio-plastics,

(adapted from KPMG [10]) classified as biodegradable and non-
biodegradable (adapted from EUBP [11])

oo

]

=

w

w

S

Global capacities for bioplastics [million tonnes]
E

Conventional HDO uses expensive molecular hydrogen to upgrade low-value bio-based streams,
which may hinder the potential biorefinery’s economy. Furthermore, steam reforming the
main process for hydrogen production has a negative environmental impact caused by the
intensity of fossil-fuel-based energy requirements. As a result, researchers have investigated
the possibility of upgrading biomass and conventional crude oil streams through alternative
hydrogen sources. Published works have included hydrogen-rich organic solvents such as
alcohols [12], [13]. Furthermore, the investigation includes solvents operating at near- and

supercritical temperatures [14]-[16].

This PhD proposes integrating an alternative hydrogen source into HDO to create economic
incentives. By incorporating an on-purpose hydrogen-generating reaction, the aim is to en-
rich the outlet stream with lignin-derived BTX through HDO, alongside alkenes from alkane
dehydrogenation (DeH). Moreover, it enables rapid integration of biomass into the chemi-
cal value chain, as depicted in Figure 1.5. To understand the reaction coupling potential,
this PhD investigates guaiacol HDO via in-situ hydrogen generation from ethane DeH to

ethylene.
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Figure 1.5: Integrated chemical chain from crude oil and biomass as carbon sources for
the chemical industry [17], [18]

Coupling two reactions in a single catalytic bed has the potential to improve overall pro-
duction by having mutually positive impacts on each other. Theoretically, the continu-
ous removal of hydrogen produced by alkane DeH via "in-situ" HDO would improve alkene
(ethylene) production by shifting the equilibrium conversion of Reaction 1 to the right. En-
hancements in catalytic alkane DeH via hydrogen removal, using membrane reactors, or
consumption by another reaction are reported in the literature [19]-[21]. Moreover, the in-
situ generated hydrogen is expected to have higher reactivity in atomic form absorbed on
the catalytic surface than stable molecular hydrogen. This leads to an improvement in the
degree of HDO presented by Reaction 2. Furthermore, the coupling may compensate for the

endothermic nature of alkane dehydrogenation by the overall exothermic nature of HDO.

m CpHaopyo < m Hy +m C, Hay (R1)

CxHy O CxHy + m Ha = CxHy ) + OmHim 1) Cx (R2)

Integrating biorefineries with crude oil refineries or petrochemical production plants can
greatly improve efficiency and economic sustainability [22]. One approach is to couple
reactions for efficient material exchange and improved heat management. From a reaction
coupling perspective, H-transfer and direct contact of endothermic-exothermic reactions
are addressed. This benefit can be scaled to the process level. An illustrative example of

assisted-integration by DeH-HDO coupling is combining biorefineries with olefin (alkene)
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plants, as depicted in Figure 1.6. Processing a fraction of the alkene plants feed, alkanes,
as H-donor for bio-oil HDO, where the DeH-HDO product gas stream can be processed in
existing alkene plants. Furthermore, the generation of biogas, primarily bio-methane from
HDO bio-oil, offers an additional energy source for use in energy-intensive alkene plants,
thereby facilitating further integration. Utilising biogas in steam crackers within alkene
plants can reduce the external energy required per product, consequently lowering carbon
emissions. Additionally, biomass materials such as lignin and pyrolysis oil can yield a

bio-based alkane mixture, potentially increasing alkene production within the DeH-HDO

process.
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Figure 1.6: Proposed integration of bio-oil hydrodeoxygenation with ethane steam cracking

While standalone DeH-HDO coupling may encounter challenges in economic feasibility,
mainly for handling an alkane/alkene mixture due to capital-intensive cryogenic distillation
or the utilisation of valuable mixture as an energy source. Thus, integration with existing
plants may enhance the economic viability of both processes. Overall, the integration of
DeH-HDO presents a promising pathway for advancing efficiency and sustainability in the

biorefinery and petrochemical sectors.

While these incentives offer promising opportunities for the petrochemical industry, par-
ticularly in alignment with emission reduction initiatives such as electrification, they are
not without challenges. A key challenge in the proposed coupling is the differing thermo-

dynamic preferences regarding pressure and temperature conditions. Conventional HDO
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of bio-oil aromatic-based model compounds are improved under high hydrogen pressure
(above 40 bar) and relatively low temperatures (200-300 °C) [23]. Conversely, alkane DeH
requires higher temperatures and operates under atmospheric partial pressure. However,
there is a growing interest in exploring atmospheric-pressure HDO as a more intensified
approach to mitigate undesirable excessive hydrogenation of the aromatic ring [21], [24]-

[27].

Another significant challenge lies in the differing activation mechanisms and active sites
required for the coupled reactions. Additionally, bio-oil HDO typically operates with low
residence time, while alkane DeH is a rapid reaction conducted continuously. Hence, de-
veloping a single, efficient catalytic system is crucial for the success of the coupling. Never-
theless, recent literature has demonstrated several advancements in bio-oil HDO operating
within a flow system with catalytic systems reported to have a potential for alkane DeH.

These recent strides provide a promising foundation for the proposed reaction coupling.

In conclusion, the proposed coupled reaction system in this PhD thesis, which involves si-
multaneously transferring hydrogen from catalytic alkane dehydrogenation to hydrodeoxy-

genation of pyrolysis oil in a single catalytic bed, is based on the following hypotheses:

* Hypothesis 1: Consistent consumption of hydrogen produced from alkane dehydro-
genation could enhance the conversion of alkanes using Cr-based catalysts.

* Hypothesis 2: "In-situ" hydrogenation has the potential for greater hydrogen reactivity
compared to externally-supplied molecular hydrogen on MoO3 active sites.

¢ Hypothesis 3: The integration of catalytic alkane dehydrogenation and hydrodeoxy-
genation of biomass in a single catalytic bed enhances the economic viability and ac-
celerates their commercialisation.

1.1 Research objective

This study explores the viability and feasibility of substituting molecular hydrogen with
in-situ dehydrogenation of H-donor for the HDO of bio-oil. The H-donor in this work is
on-purpose ethane DeH reaction, which aims to produce valuable ethylene and enhanced
bio-oil. Thus, in order to comprehend the viability, feasibility, and combined impacts of both

reactions, several research questions are established:
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* Is "in-situ" ethane DeH a suitable H-donor for bio-oil upgrading compared to molecular
hydrogen?

Does HDO upgrading improve ethane DeH to produce relatively more ethylene?

Does the overall integration of both reactions have economic feasibility and technical
viability?

What is the target operating window for the integration to positively impact the existing
ethane and BTX plants?

1.2 Thesis structure

The stated hypotheses and the concept’s potential are derived from the literature studies
presented in Chapter 2. To validate these hypotheses, Chapter 3 defines a methodology
that elucidates and rationalises the experimental approaches employed in the subsequent
chapters. The research questions emerge to evaluate the DeH-HDO coupling hypotheses
stated in this chapter. In order to address these questions, there are four chapters detail-
ing the results. Chapter 4 serves as a proof of concept by experimentally validating the
hypotheses in a single catalytic bed; studying the use of commercial catalysts that are com-
monly employed in hydroprocessing and alkane DeH. Furthermore, the study focuses on
guaiacol HDO using molecular hydrogen and ethane, along with the examination of various
operating conditions. In Chapter 5, the catalytic bed is improved through the development
of a mixed catalytic system that comprises of catalysts studied in Chapter 4. The catalytic
system consists of HDO and alkane DeH catalysts within a unified catalytic bed. Chapter
6 focuses on advancing the improvement with the development of bifunctional catalysts.
The bifunctional catalysts contain active sites that facilitate both DeH and HDO reactions,
and are located in close vicinity to enhance hydrogen transfer. Chapter 7 explores the
techno-economic evaluation of combining DeH-HDO based on experimental findings and
its possible incorporation into current processes. As this concept is still in its early stages
of technological development, Chapter 9 summarises future work proposals stemming from

this PhD, spanning from material selection to process development.




Chapter 2

Literature Review

This chapter highlights key knowledge and recent advancements in the hydroprocessing
of biomass-derived renewable feedstocks. In order to establish a comprehensive founda-
tion for this thesis, this chapter commences in Section 2.1 by defining biomass-produced
hydrocarbons and demonstrating their potential as a feedstock for the chemical industry.
Subsequently, it briefly summarises extensively studied processes for biomass conversion,
highlighting their current state and constraints in Section 2.2. As this thesis focuses ex-
plicitly on catalytic HDO as the core technology, the present progress regarding catalytic
systems and operating conditions is explored in Section 2.3. In addition, this chapter moves
on from the conventional HDO process and focuses on novel approaches that underline the
current advancements in operating at low pressure using low- or value-added hydrogen
sources in Section 2.4. Moreover, this section explores the prospect of utilising alkanes
DeH as a source of hydrogen. The chapter finishes by discussing the catalytic system used
for HDO and other comparable catalytic systems described for alkane DeH in Section 2.5.
This demonstrates the possibilities of incorporating both processes into a single catalytic

system.

2.1 Biomass valorisation to fuels and chemicals

Biomass has emerged as a promising renewable energy and hydrocarbon source, offering
a potential solution to mitigate reliance on fossil fuels. Currently, biomass is commercially
employed as a fuel source via the production of first-generation biofuels derived from food
crops, such as sugar and starch. However, the reliance on these crops and competition with
food production for their utilisation pose sustainability issues, prompting the exploration of
alternative sources like lignocellulosic biomass (2"¢ generation) and algae (3"¢ generation)

for sustainable biofuel development [28].

Lignocellulosic biomass has garnered increased interest due to its derivation from eco-
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nomically less valuable sources, including agricultural wastes, hardwoods, municipal solid
refuse, and energy crops [29]. Therefore, due to its anticipated affordability and reduced
dependency on edible resources, lignocellulosic biomass will emerge as the foremost source
of biomass [30]. Furthermore, lignocellulosic biomass holds potential for the production of

valuable bio-based chemicals in addition to biofuels derived from its rich-aromatic content.

Table 2.1: Composition of lignocellulosic biomass derivatives based on their origin [29]

Lignocellulosic biomass Cellulose (%) Hemicellulose Lignin (%) others (%)
(%)

Agricultural residues 38 32 17 13

Hardwoods 50 23 22 5.0

Municipal solid waste 45 9.0 10 36

Energy crops 45 30 15 10

Cellulose and hemicellulose, the primary constituents of lignocellulosic biomass, play a
significant role in bio-fuel production through polysaccharide fermentation [31], [32]. Table
2.1 outlines the composition of lignocellulosic biomass based on its origin. Additionally,
the rich-aromatic structure of lignin presents opportunities for the synthesis of a range of

bio-based chemicals, primarily phenols and BTX as showing in Figure 2.1 [31]-[33].

i Catalytic Hydrodeoxygenation (HDO)
Cellulose | | % Bio-fuel

Fermentation
Fractionation )
Hemicellulose ;

i —_— Phenol
Biomass reeeeeeeeeees - Chemical coversion — Oxygenated o poh o
— | — Chemicals Acids
lgnin Depolymerizat HDO
| epoymenzalon Owygenated ey Hydrocarbon building
" Mono-Aromatics Blocks (BTX, Olefins)
Gasification I

Hy-rich syngas

Figure 2.1: Lignocellulosic biomass conversion routes to bio-fuels and chemicals (Adapted
from [32])

Realising the potential of lignocellulosic biomass requires comprehensive separation and
conversion processes integrated into various biorefinery configurations [30]. These pro-
cesses are designed based on factors such as the type of feedstock, targeted products, and
involved processes. While biorefineries are predominantly categorised by the feedstock they
utilise, the focus in biomass valorisation often centres on fuels derived from advanced,
second-generation biomass, particularly lignocellulosic biomass. Despite the promising

potential, the complexity of separating its components remains a challenge, requiring up-
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SECTION 2.1. Biomass valorisation to fuels and chemicals

grading routes to maximise high-value stream yield while minimising low-value streams.

2.1.1 Biorefinery v.s. crude refinery

The term "biorefinery" refers to the process of converting bio-based natural resources into
high-value fuels and chemicals, mirroring the analogous transformation of crude oil into a
range of fuels and chemicals within a conventional refinery. The development of biorefineries
serves to complement conventional refineries, addressing market demands while advancing
sustainable alternatives to fossil fuel-derived crude. Analogous to crude oil refineries, the
primary aim of biorefineries is to convert heavy bio-based hydrocarbon streams into high-
value hydrocarbon streams that are convertible as fuel sources or intermediate chemical
streams. Despite the similarities in the primary aim of both refineries, their processing
mechanisms differ depending on the nature of the feed. Despite the differences in the
processing mechanisms of both refineries, hydroprocessing is a common treatment step that
involves adjusting the hydrogen-to-carbon ratio to produce smaller, high-value chemicals
and removing impurities [34]-[36]. The primary impurity in bio-based hydrocarbons is the

excessive presence of oxygen, which impedes its potential as a fuel source [37].

However, in certain applications, the presence of oxygen can be beneficial, as it can shorten
the conversion process to produce high-value oxygenated hydrocarbons such as phenol. In
the conventional petrochemical value chain, phenol is typically produced through a multi-
step conversion process involving expensive building block chemicals, namely propylene and
benzene, with the inclusion of oxygen in what is known as the cumene route (Hock process)
[38]. It is worth noting that propylene and benzene are primarily produced through the
energy-intensive steam cracking of naphtha, while oxygen is separated through another
energy-intensive process known as air separation. Nevertheless, phenol can also be ex-
tracted from pyrolysis oil produced via the rapid pyrolysis of lignocellulosic biomass, thereby
transforming a low-value stream into a high-value intermediate for the chemical industry.
However, the production of aromatics, particularly benzene, from a biorefinery poses a sig-

nificant challenge and involves multiple processes that are still under development.

Another issue in biorefinery is the presence of oxygenated hydrocarbon compounds, which
require multiple processes, unlike fossil fuel routes. Direct fractionation might not be feasi-
ble for producing high-value chemical streams. Therefore, various configurations have been

explored in the literature to combine the benefits of both refineries. One approach is the
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mixing of streams from both refineries for further co-processing, mainly for fuel production
[39], [40]. Figure 2.2 illustrates several processes for integrating bio and crude refineries to
produce building block chemicals, liquefied petroleum gas (LPG) and olefins, and important
fuel streams such as jet fuel and gasoline [22]. Yet, these co-processings are based on the

current limited full biomass conversion.

Biomass-
Derived

Petrochemica
Refinery

Petroleum-
Derived

Catalytic
Cracker

Vacuum-Gas Oil h Bio-oils

Aqueous Sugar
Hydrotreating Streams

Light Cycle Qil

Diesel Fuel < Vegetable Oils

Hydrocracking Glycerol

Olefins  Gasoline Diesel Jet Fuel

Figure 2.2: Conventional and biomass refinery integration (Adopted from [22])

Another approach involves the intentional full conversion of bio-based streams into hydro-
carbons for integration into the chemical industry. The produced stream can be combined
with corresponding fossil-derived streams, such as benzene with bio-benzene, for use in
the chemicals industry. Despite some building block chemicals being used for producing
pre-existing chemicals, the second approach offers flexibility for different applications. The
preference for one integration over the other, including other factors, may depend on the tar-
geted process’s boundary limits. In conclusion, while crude refining is a well-developed pro-
cess with understood limitations associated with environmental aspects, biorefining offers
a potential solution, despite its underdeveloped processes. Therefore, the focus nowadays

shifts to biorefinery products.

2.1.2 Biomass-based stream as energy source

Bio-based energy, referred to as bioenergy, plays a significant role among renewable energy
sources, alongside solar, wind, and hydro energy, offering a promising avenue to reduce
reliance on fossil-fuel-based energy. Figure 2.3 illustrates various pathways for biomass
utilisation, originating from both food and non-food sources, ultimately leading to the pro-
duction of biofuels and electricity. The added value of biofuels as a renewable energy source
lies in their potential to address challenges related to decarbonising sectors such as heavy

transportation and aviation [41]. The energy efficiency (9energy) in converting biomass feed-
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SECTION 2.1. Biomass valorisation to fuels and chemicals

stock to bio-fuel can be calculated by Equation 1.

Where the variables myiofucts Nfeed» aNd Nprocess Symbolise the energy content associated with
the biofuel product, feedstock, and energy consumption during the production process [34].
Thus, epitomising the efficiency of biomass-to-fuel conversion relies on managing both the
volume and quality of the produced output. In addition energy efficiency emerges as a

critical factor in the selection of an appropriate conversion process.

Nenergy = _ [liofuel (Equation 1)

Nfeed — Tlprocess

Furthermore, there has been notable progress in the development of biofuels, with ad-
vancements now extending to include algae as a third-generation biomass, aimed at meet-
ing the growing global energy demand and reducing dependence on fossil fuel-based energy
sources. However, while biomass conversion to biofuels represents significant progress, it
does not entirely eliminate the dependence on fossil fuel-derived hydrocarbons as a source of
chemicals. Consequently, there is growing interest in direct biomass conversion into chem-
icals, such as lignin to chemicals and bio-ethanol conversion to a wide range of building

block chemicals, holding promise for the chemical industry.

Second-generation biomass First-generation biomass

Lignocellulosic, wood residucj Starch, wheat, corn, potatoes
energy crops P Sugar, cane and beets

Source

g
£

=
3
=
2

Figure 2.3: Simplified biomass routes to bio-based energy, fuels and chemicals (adapted
from [33], [42])

The global capacity of bio-ethanol is estimated at 80,800 kta, with limited production of bio-
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based ethylene, the main building block for the chemical industry, at 200 kta [33]. Despite
this, there are well-known approaches for converting ethanol to ethylene via dehydration
to balance bio-based fuels and chemical outputs [33]. Furthermore, biomass conversion
to biofuels is well understood, leading to a relatively small gap in the cost of production in
comparison to petroleum oil, as demonstrated in Table 2.2 [30]. On the other hand, the cost
gap in chemical production highlights the importance of increasing the focus on biomass

conversion to chemicals.

Table 2.2: Oil conversion cost for different applications [30]

Fossil fuel-based feed Biomass-based feed
(€-GJd™ Y (€-GJd™H
Heat 3.0 4.0
Power 6.0 22
Transportation fuel 8.0 10
Average bulk chemicals 30 75

Heat and power are based on coal, fuel and chemicals are based on oil.

Therefore, some of the biofuels may be redirected to chemical conversion processes due to
the higher market growth for end-chemicals, such as polymers with 8.8% in comparison
with alcohols with 4.4% [43]. Additionally, direct conversion of biomass to chemicals, such

BTX, represents another avenue for leveraging bio-based resources in the chemical industry.

2.1.3 Biomass-based building-block chemicals

Chemical conversion of extracted streams from biorefineries serves as an integration zone
between both biorefinery and crude refinery, as these processes are either already in com-
mercial use or currently under investigation. Table 2.3 demonstrates several valuable streams
from biorefinery that are known or are targeted by the petrochemical industry for utilisation
for commodity chemicals. For instance, the petrochemical industry has implemented CO,
conversion initiatives to reduce the need to store excessive amounts of CO;. The primary
pathways for CO; utilisation are hydrogenation to methanol, direct urea synthesis, and dry
reforming since they produce important intermediate chemicals. Rafiee et al. review possi-
ble pathways for CO, utilisation [44]. Hence, the integration of biorefineries with methanol
and urea synthesis processes or dry reforming is regarded as a crucial move towards achiev-
ing a sustainable shift to bio-based hydrocarbons. Other valuable streams such as syngas,
biogas, lignin, and pyrolysis oil can be re-directed from combustion for energy purposes
to further chemical conversion processing to improve the overall economic value and meet

rising chemical demands.
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SECTION 2.1. Biomass valorisation to fuels and chemicals

Biogas is another significant gas derived from biomass, which can be produced through ther-
mochemical conversion or anaerobic digestion, as illustrated in Figure 2.3. While biogas is
often utilised as a reliable source of electricity and heat via combustion, its value can be sig-
nificantly enhanced by extracting biomethane and following conventional methane valoriza-
tion pathways for chemical production. The primary route involves converting biomethane
into syngas through steam reforming [45], directly integrating biogas into the traditional
petrochemical value chain. For instance, syngas can be fed into well-established commer-
cial processes for the production of key intermediates such as hydrogen, methanol, and
ammonia, as shown in Table 2.3, which are essential commodities in the chemical indus-

try.

Another valued platform for bio-based chemicals is sugar, which can be obtained from
both first- and second-generation biomass primarily through hydrolysis and acid-catalysed
steam explosion, yielding glucose and xylose, as shown in Figure 2.3. Beyond traditional
sugar fermentation into alcohols (e.g., ethanol), these sugars can be further processed into
various valuable chemicals. For example, dehydration can convert them into critical com-
pounds such as lactic acid, succinic acid, furfural, and levulinic acid, all serving as critical
intermediates in producing bioplastics, solvents, and fuels [46], [47]. In addition, chemi-
cal conversion methods such as oxidation, reduction, and esterification further expand the
range of bio-based chemicals that can be synthesised from sugars, offering diverse applica-
tions in green chemistry [48]. Glucose, in particular, has attracted attention as a potential
renewable alternative to benzene for bio-phenol production, providing a sustainable path-
way to replace fossil-based phenol. The production of bio-phenol from glucose strengthens
the economic viability of sugar-based platforms. It supports the shift toward more sustain-
able chemical processes, making sugar an essential intermediate in the bio-refinery value

chain.
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Table 2.3: Conversion of biomass intermediates from upgrading processes into value-added chemicals as illustrated in Figure 2.3

Platform Process Product Technological Incentive
Hydrogenat'lon [49! Methanol commercialised [50] Reducing CO, emission by using CO,
Dry reforming (+ biogas) Hydrogen underdevelopment :
. . . . as an oxidant or feedstock for the
COq Direct synthesis (+ammonia) [51] Urea commercialised . . -
N . generation of commodity of specialised
Co polymerisation (+epoxides) [52] Polycarbonate underdevelopment .
. chemicals
microalgea underdevelopment
Hydrogen extraction H, commercialised Produce green hydrogen that can be
Syngas Methanol synthesis Methanol commercialised utilised in further upgrading
Ammonia synthesis Ammonia commercialised
Direct integration to
. . DR: underdevelopment -
Biogas Dry/steam reforming [45] syngas SR: commercialised petrochemical processes
Sugar Acid hydrolysis ‘[53] . ‘ Glucose Underdeve}opment limited Complete utilisation of lignocellu-
concentrated, diluted, solid acids  xylose by capital investment .
losic biomass
Lignin Direct fast pyrolysis Phenols, BTX underdevelopment Avoid intermediate processing to
generate valuable BTX
Pyrolysis oil Catalytic hydrodeoxygenation Phenols, BTX underdevelopment Production of building block chem-

ical for various applications

MAINTY HINIVIALIT "¢ ddIdVHOD



SECTION 2.2. Lignin valorisation to bio-oil

Commercially, lignocellulose conversion undergoes various processes, such as steam ex-
plosion and enzymatic hydrolysis, primarily to produce bio-ethanol [54]. However, these
methods have not fully exploited the potential of lignocellulosic biomass. In 2004, the US
Department of Energy identified several high-potential carbohydrates that could be derived
from cellulose and hemicellulose on a large scale [55]. Nevertheless, the economic value of
lignocellulose remains unrealised without comprehensive exploration of lignin conversion
[56], which constitutes a large fraction of lignocellulosic biomass. Although lignin is cur-
rently utilised in commercial processes for fuel generation, such as steam and electricity
production, its utilisation is not maximised [54]. This focus on fuel underutilised the rich
lignin structure, as fuels could be replaced by less valuable streams. Therefore, the value
pyramid of the chemical industry and biorefineries emphasises the necessity of complete
conversion of lignocellulosic biomass fractions, particularly with a shift from fuel to chem-
ical production [54]. To achieve that, one approach is to investigate the lignin fraction for

chemical production.

2.2 Lignin valorisation to bio-oil

2.2.1 Lignin nature, types and processing

Lignin is an abundant natural polymer found in biomass, serving as a significant renew-
able carbon source. It is primarily composed of aromatic and cyclic hydrocarbons, which
are associated with various oxygenated functional groups such as carboxyl, carbonyl, hy-
droxyl, and methoxy. Its amorphous structure consists of a complex network of oxygenated
aromatics that varies depending on its source. Figure 2.4 shows a representative lignin

structure.
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Figure 2.4: Representative lignin structure (left) and various types of linkages (right).
Adapted from [57], [58]

16



CHAPTER 2. LITERATURE REVIEW

The primary building blocks of lignin are methoxylated phenyl propanols known as mono-
lignols: sinapyl, coniferyl, and p-coumaric alcohols, as illustrated in Figure 2.5 [59], [60].
These monolignols are linked by two main types of bonds: ether linkages and condensed
linkages [59], [60]. Ether linkages, particularly 5-O-4 bonds, are the most occurring and
can be relatively easily broken during lignin depolymerization, making them significant for
biomass conversion technologies. Ether linkages include diphenyl ether, S-aryl ether, and
a-aryl ether, as shown in Figure 2.4. In contrast, condensed linkages, such as C-C bonds,
are more resistant to cleavage. They contribute to lignin’s structural stability while posing
challenges for chemical processing. Understanding the distribution and nature of these

linkages is crucial for developing effective lignin upgrading strategies.

HO HO HO

O

Coumaryl alcohol Coniferyl alcohol Sinapyl alcohol
Figure 2.5: Chemical structure of the building block of lignin: monolignols [60]

Overall, lignin’s rich carbon structure characterizes it as a highly promising renewable hy-
drocarbon stream (HHC). Its potential for upgrading stems from its presence in low-value
processing and waste streams from agricultural by-products, forestry residues, and crop
waste [60]. Consequently, lignin upgrading presents significant opportunities for the chem-

ical industry, providing a sustainable feedstock through the biorefinery approach.

2.2.2 Lignin to bio-oil

To address the presence of oxygen in lignin, initial treatment involves depolymerisation
into smaller heteroatom-containing compounds via processes such as pyrolysis or liquefac-
tion, resulting in the formation of bio-oils. This depolymerisation process yields a mixture
of smaller hydrocarbons, known as bio-oil, through cleavage of both carbon-oxygen (C-O)
and carbon-carbon (C-C) bonds, leading to the formation of oxygen-containing compounds,
commonly referred to as lignin derivatives. However, the presence of oxygen in these com-
pounds limits their suitability for fuel applications due to their instability and propensity

for polymerisation. Consequently, HDO emerges as a critical step [37], [61].

To address this challenge, lignin conversion to bio-oil primarily occurs via two main pro-

cesses: pyrolysis and liquefaction, each with distinct mechanisms for breaking down the
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SECTION 2.2. Lignin valorisation to bio-oil

complex lignin structure, with a preference for producing single aromatic compounds. Py-
rolysis is a thermal process conducted in the absence of oxygen, using high temperatures
of up to 600 °C under low or atmospheric pressures to break the lignin linkages [62]-[64].
The residence time plays a critical role in determining product distribution; longer residence
times (as in slow pyrolysis) lead to excessive gas and coke formation [62], [64]. Consequently,
fast pyrolysis is favoured for lignin conversion due to its higher bio-oil yield and fewer by-
products. Recent advancements have also explored catalytic fast pyrolysis, where lignin
depolymerization and bio-oil upgrading are integrated into a single step using zeolite-based
catalysts [62], [65]. Despite these developments, fast pyrolysis remains the leading process

for lignin-to-bio-oil conversion.

Liquefaction, another primary process for lignin conversion, involves breaking down lignin
in a liquid medium at elevated pressures and temperatures ranging from 200 °C to 350 °C
[63], [66]. Hydrothermal liquefaction (HTL) utilises water as both a solvent and a reactant,
enabling lignin depolymerization without the need for biomass drying. HTL operates under
subcritical and supercritical water conditions to achieve optimal depolymerization efficiency
[66]. Alternatively, solvothermal liquefaction employs organic solvents such as alcohol, ace-
tone, ethylene glycol, and alcohol-water mixtures [63]. While both HTL and solvothermal
processes occur in liquid media, HTL holds a notable advantage due to water’s role, which
eliminates the need for solvent recovery and biomass drying. Furthermore, HTL-derived
bio-oil contains fewer oxygenates, reducing the level of upgrading required in downstream
fuel and chemical production processes [67]. Advances in both HTL and solvothermal tech-
niques have incorporated catalytic systems to improve bio-oil yield [63]. Additionally, efforts
to develop continuous HTL processes are underway to make the technology more viable for

industrial implementation [67].

In contrast, gasification is a high-temperature (up to 1000°C) process carried out in the
presence of oxygen [63]. Unlike pyrolysis and liquefaction, gasification does not produce
bio-oil but rather syngas, a mixture of hydrogen, carbon monoxide, and other gases. Syngas

can be further processed to create valuable chemicals and fuels.

While the processes of pyrolysis and liquefaction are essential for converting lignin into bio-
oil, the subsequent upgrading of these derivatives is equally critical for fuel and chemical

production. The removal of oxygen is crucial for upgrading renewable lignin derivatives,
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making the O/C molar ratio a key indicator of the upgrading process’s effectiveness. The
previously mentioned processes aim to break down the complex lignin network, which may
involve a slight reduction in the O/C ratio. As illustrated in Figure 2.6, while pyrolysis oil
may exhibit a lower O/C ratio, it still requires further upgrading to match crude oil qual-
ity. Consequently, the bio-oil produced from lignin depolymerization necessitates additional
processing to eliminate oxygen from the lignin derivatives. Typically, these derivatives con-
sist of single aromatic or cyclic hydrocarbons with branched oxygenated functional groups.
Various oxygenated lignin derivatives resulting from depolymerization processes have been

documented in the literature [37], [61].
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Figure 2.6: H/C and O/C of different types of petroleum and bio-oil feeds (Adopted from
[68])

To investigate the HDO of lignin derivatives on a fundamental level, researchers utilise model
compounds that mimic the functional groups present in these derivatives. Guaiacol is
among the extensively studied model compounds for HDO, owing to its composition of two
distinct functional groups (hydroxy and methoxy) attached to an aromatic ring [69]-[71].
Ultimately, the role of HDO within the bio-oil mixture is to reduce the H/C ratio, analogous
to petroleum-derived heavy hydrocarbons. However, HDO aims to achieve an O/C ratio of
near zero to yield high-quality fuels and chemicals, as depicted in Figure 2.6. The figure
illustrates the significant reduction in the O/C ratio required for HDO o0il compared to py-
rolysis oil. Notably, the specific target O/C ratio varies based on the types of fuels and

chemicals being produced.
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2.2.3 Bio-oil characterisation

Bio-oils, like petroleum crude oil, require upgrading to eliminate impurities and enhance the
H/C ratio. While sulphur removal is crucial for petroleum crude oil due to its high content,
biomass-based oil has a low sulphur content, as indicated in Table 2.4. The main challenge
in processing bio-oil lies in its higher oxygen content, limiting its use as a fuel source due to
a reduced heating value of 16-19 MJ-kg~! compared to 40 MJ-kg~! for petroleum-based oils
[72], [73]. Liquefied bio-oil, however, exhibits a wider heating value range of 25-46 MJ-kg~!

depending on biomass source and hydrothermal process conditions [74].

Table 2.4: Element composition of oils originated from different sources [37]

Element Conventional Coal-derived Oil shale Bio-oils Bio-oils
crude naphtha crude (Liquefaction) (Pyrolysis)
Carbon [wt%] 85.2 85.2 85.9 74.8 45.3
Hydrogen [wt9%o] 12.8 9.6 11.0 8.0 7.5
Sulphur [wt%] 1.8 0.1 0.5 <0.1 <0.1
Nitrogen [wt9%o] 0.1 0.5 1.4 <0.1 <0.1
Oxygen [wt9%o] 0.1 4.7 1.2 16.6 46.9
H/C [mol/mol] 1.8 1.4 1.5 1.3 2.0
o/cC! [mol/mol] 8.8-104 0.048 0.01 0.19 0.91

! 0/C values were calculated based on the given data

Furthermore, bio-oil faces challenges with high moisture content, which is inversely cor-
related with its heating value [72], yet serves as an agent to reduce viscosity. Another
drawback is the low pH (high acidity) and high viscosity [75] as fuel properties. The acidity
is attributed to the substantial presence of carboxylic acids in bio-oil [73]. Processing low-
acidity streams carries the risk of corrosivity, necessitating specific construction measures
for safe operation [72], [73]. Viscosity, a factor hindering the processability of bio-oil akin

to petroleum-based crude, exhibits significant variation in the case of bio-oil [72], [73].

The complexity of bio-oil arises from diverse biomass sources, compositional variations,
and conversion methods, making a universal characterisation challenging. Despite this
complexity, upgrading bio-oil is essential for its utilisation as energy or as a hydrocarbon
source. To simplify measuring the degree of bio-oil upgrading, the O/C ratio is heavily
considered, as depicted in Figure 2.6, enhancing the heating value. For transforming bio-
oils into chemicals, the H/C ratio assesses the upgrading process based on the target—high
H/C for alkane production or low H/C for BTX, both desirable routes. Caution is needed
to avoid excessive aromatic ring saturation, which may diminish the value of the chemical

stream.
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2.2.4 Bio-oil upgrading processes

The upgrading of bio-oil employs processes adapted from those used in petroleum-based oil
refining. These processes fall into two categories: physical and conversion mechanisms, all
aimed at enhancing the physicochemical properties of bio-oil [34], [75]. Physical technolo-
gies include solvent addition, emulsification, esterification, and chemical extraction, while
conversion technologies involve hydrotreatment, hydrocracking, and steam reforming [34],
[75]. Hydroprocessing, a key conversion technology, improves bio-oil quality, while steam
reforming focuses on hydrogen production. The choice of technology depends on the in-
tended application of the bio-oil, spanning clean hydrogen production, power generation,
biofuel production, or chemical synthesis. Figure 2.7 provides an overview of primary tech-
nologies and their key features for upgrading fast pyrolysis bio-oil. Selection of an approach
depends on feed characteristics and desired product stream. Esterification, emulsion, and
solvent addition enhance product stream quality for biofuels, but can also serve as inter-
mediate steps to enhance processability for final conversion to bio-based chemicals [34].
Oxygen removal through hydroprocessing and catalytic cracking is crucial for the final step
in upgrading to bio-based chemicals. Therefore, the thermochemical approach is critical
in the upgrading process. Subsequent sections will discuss recent advancements in bio-oil

utilisation.
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Figure 2.7: Bio-oil upgrading technologies: advantages and catalyst types as summarised
by Mostafazadeh et al. (Adapted from [34])
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2.2.4.1 Physical technologies: solvent addition

Upgrading bio-oil using solvent addition targets improving the processability of bio-oil as
fuel. Solvent (alcohol) addition has a direct impact on bio-oil by reducing its viscosity
and corrosiveness and improving fuel quality and stability (heating value). These physi-
cal changes are caused by the nature of alcohols, which have a relatively higher heating
value than bio-oils [75], [76]. Normally, methanol, ethanol, and butanol are employed. Sev-
eral studies have explored the potential of employing a combination of solvents to enhance
the overall quality of bio-oil for fuel applications. Since quality improvement is driven by
the physical properties of the mixture, some studies have examined the use of physical
processes, such as ultrasonic, to ensure the homogeneity of the solvent and optimise inter-
action. This approach could be reactive with the addition of catalysts to convert undesirable
carboxylic acid functional groups using alcohol into esters. Acidic, base, and ion-exchange
catalysts were investigated for esterification. In addition, cresol, which is an aromatic-based
alcohol, is employed as a reactive solvent for esterification, along with other similar com-

pounds.

2.2.4.2 Conversion technology to gas: biomass steam reforming

Catalytic steam reforming (SR) is particularly well-studied due to its role in producing hy-
drogen and synthesis gas. Although this process yields the desired products efficiently,
it has not yet reached commercial implementation despite the high demand for hydrogen.
The main challenge lies in its instability due to rapid coke formation. Various catalytic
systems have been explored to address this issue, aiming to break C-C bonds and prevent
coke formation. The complexity of the SR process arises from the diverse chemical com-
ponents present, making the development of a suitable catalytic system a challenging task
[77], [78]. Efforts to mitigate carbon deposition on the catalyst have included investigating
the SR of biomass in fixed-bed and fluidized-bed reactors. However, neither configuration
has reached the required level of technological readiness for implementation. Alternative
configurations, such as aqueous phase reforming (APR) and two-step biomass reforming,

have emerged to enhance the process outcomes [78].

APR has shown promise in reducing coke formation by lowering the operating temperature
and increasing the operating pressure, typically around 250 °C and 20-60 bar, respectively
[78], [79]. Moreover, APR can produce alkanes, which can be advantageous depending

on the catalytic activity. Instead of targeting C-C cleavage, efforts should focus on C-O
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cleavage. However, APR is limited to biomass with an O-to-C ratio of 1, primarily due to
the lower temperature requirements resulting from reduced thermodynamic demands for
C-C cleavage in oxygenated compounds compared to non-oxygenated hydrocarbons [79].
Another approach to biomass SR involves using two reformers. This concept utilises the
low-temperature properties of biomass in the first reformer to generate methane, followed
by conventional methane steam reforming to produce hydrogen [79]. However, biomass
steam reforming is constrained by the catalytic system, as highlighted by Setiabudi et al.,

who provided a roadmap for catalyst development [77].

2.3 Bio-oil upgrading via hydrodeoxygenation (HDO)
Thermochemical conversion methods are favoured for chemical production, although the
choice of approach significantly impacts the value of the resulting product stream. While
steam reforming (SR) effectively produces valuable compounds from bio-based sources, it
also releases carbon in the form of CO,. To improve chemical conversion, it is essential
to conserve carbon to achieve a hydrocarbon-rich stream. Two leading technologies are
recognised for this purpose: catalytic cracking and HDO, depicted in Figure 2.7 [34], [75],
[80], [81]. Catalytic cracking has demonstrated potential for deoxygenation, but it results
in carbon loss in the form of CO,, as illustrated in Reaction 3 [80]. This emission hinders
the attractiveness of catalytic cracking. The 34% carbon loss can be mitigated by HDO, as
shown in Reaction 4 [80]. An overall reaction is proposed by Fogassy et al., in Reaction 5,
for HDO coupling with FCC for biomass and crude oil mixture [68]. The proposed reaction
demonstrates the cracking effects by molecular re-distribution, which indicates hydrogen

and/or carbon loss for oxygen removal.

C1H1 330043 +0.26 O3 —0.66 C19 + 0.34 CO3 + 0.27 HyO (R3)
ClH1.3300.43 +0.77 Hy — CHQ +0.43 HQO (R4]
CiHy0, = aCx_—q—eHy_2:0,-91,—c—q +dCO + bCO3 + cH20 + eC (R5)

HDO is a widely studied upgrading processes for biomass conversion to biofuels and chemi-

cal production using hydrogen to remove oxygen forming water. In particular, catalytic HDO

23



SECTION 2.3. Bio-oil upgrading via hydrodeoxygenation (HDO)

is widely investigated for conversion of lignin-derived bio-oil, mainly phenolic compounds,
to saturated and unsaturated hydrocarbons [41]. Significant progress in scientific research
has been observed for HDO of lignocellulosic biomass. Figure 2.8 shows the evolving de-
velopments in this field over the past decade, indicating minimal activity before 2010. Lim-
ited activity before 2010 can be attributed to the primary focus on first-generation biofuels
derived from food-based biomass. The commercialisation of biomass-to-biofuel processes
raised concerns regarding their impact on food resources. As a result, there was a shift
toward the use of lignocellulosic biomass for biofuels and bio-products, given that these

resources are derived from non-food biomass.
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Figure 2.8: Number of published article on HDO and alkane DeH using google scholar
search engine. HDO keywords: HDO, lignin; DeH keywords: alkane DeH, non-oxidative

The development of bio-oil HDO centres around finding adequate operating conditions for
processability and catalytic systems to improve the degree of HDO. Figure 2.9 summarises
the progress of bio-oil HDO observed in the literature, each stage with its limitations to
finally reach the proposed DeH-HDO. The H-donor reaction, alkane DeH has been receiv-
ing extensive attention to replace state-of-the-art steam cracking to produce building-block
chemicals for the chemical industry, in particular alkenes and/or aromatics, depending
on the cracking feedstock. The accounted publications in Figures 2.8 consider only non-
oxidative alkane DeH, which is the focus mechanism in DeH-HDO. In general, the scientific
efforts in alkane DeH are centred around finding a suitable catalytic system and reaction
configuration, as well as the consideration of oxidants that can overcome the endothermicity

of the reaction [82]-[84]. It is worth mentioning that catalytic DeH has been commercialised
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for propane but not ethane due to the demanding thermodynamic requirements of ethane
DeH as well as its competitiveness with well-studied and commercialised steam cracking
[82], [83]. Therefore, utilising ethane as an H-donor for bio-oil HDO requires an adequate
operating condition and catalytic system.
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Figure 2.9: Development in HDO of bio-derived oil and associated challenges

In the following sections, selected published studies are highlighted to determine the progress
of HDO and the most favourable operational parameters for the coupling of both reactions.
Furthermore, the review aims to identify suitable catalytic systems that facilitate hydrogen
transfer, resulting in the spontaneous production of alkenes and targeted aromatics. This
is achieved by exploring hydrogen donors as alternatives to molecular hydrogen. Due to
the limited studies on H-donor for bio-oil feed, its application in the context of upgrading
petroleum-based feedstocks is included to realise the possibility of incorporating this ap-
proach into bio-based feedstock processing. Finally, this chapter discusses various catalytic

systems that show promise in combining both HDO and hydrogen transfer reactions.

2.3.1 Conventional HDO

Conventional HDO processes involve the use of hydrogen to enhance the quality of oxy-
genated hydrocarbon compounds by eliminating oxygen functional groups. Lignin, for in-
stance, possesses a carbon-to-oxygen ratio higher than 2:1, necessitating prolonged pro-
cessing times to achieve significant or complete removal oxygenates. Consequently, HDO
reactions are often conducted within batch reactors. Batch-mode not only facilitates the

necessary extended residence times but also accommodates the utilization of catalytic sys-
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tems, thereby demanding a comprehensive understanding of reaction kinetics, particularly
in laboratory-scale operations. This understanding is required due to the complexity of
biomass-based feed HDO due to distinct structures; several mechanisms are primarily ob-
served: dehydration, hydrocracking, hydrogenolysis, decarboxylation, and hydrogenation
[61].

The complexity of heteroatom removal in hydroprocessing is especially pronounced for oxy-
gen, relative to sulfur and nitrogen, due to the strength of the Cg,omatic-O bond [37]. This
makes oxygen removal from lignin-derived derivatives, which are rich in aromatics, more
challenging. For bio-oil mixtures, the degree of HDO is measured by the O/C molar ratio of
dried products, predicting the amount of residual oxygen in the product streams. To better
understand the extent of HDO and its underlying mechanisms, model compounds, such as
guaiacol, are extensively studied. Guaiacol HDO focuses on removing methoxy and hydroxy
functional groups to produce benzene or saturated aromatic rings. Figure 2.10 illustrates

a proposed mechanism for HDO of guaiacol.

+ CH,
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Demethoxylation
+ CH;0H
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Figure 2.10: Proposed pathways for guaiacol HDO and hydrogenation as summarised by
[61]

Producing benzene, a high-value chemical, from bio-oil is especially desirable, as it reduces
hydrogen consumption associated with aromatic hydrogenation. However, in the absence
of a selective catalyst, HDO often requires the saturation of aromatic rings to facilitate the
removal of methoxy and hydroxy groups, due to bond dissociation energy differences. For
instance, the dissociation energy of the ~OH bond in phenol is 468 kJ-mol~!, compared to

385 kJ-mol~! in cyclohexanol [37]. Therefore, the selection of catalyst materials is crucial
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for driving the reaction toward the desired products.

Conventionally, the upgrading process typically unfolds under elevated hydrogen pressures
ranging from 100 to 200 bar and temperatures between 300 and 400 °C. The use of these
operating conditions to facilitate hydrogenation of the guaiacol aromatic ring reduces the
difficulty of removing the hydroxy functional group, while the methoxy group is relatively
easier either via HDO to form another hydroxy group or its complete removal. The corre-
lation given Equation 2 where m is Hy moles estimate the required pressure for complete

conversion of phenol and benzofuran to be roughly 125 and >200 bar, respectively [37].

PTe(lC an .
Log(Kp) = log(Pitt) — mlog(Pr2) (Equation 2)
( product

However, beyond thermodynamics, HDO is known to be a catalytic process, even operating
at high pressure to obtain the required selectivity. Saidi et al. reviewed the catalytic upgrad-
ing of lignin-derived bio-oils using a wide range of operating conditions, catalytic mediums,
and reactor configurations [61]. In addition, Saidi et al. summarised the reported HDO
mechanisms of distinct model compounds using different types of active sites and supports

[61], which in addition to the operating conditions markedly affect the product distribution.

Literature studied different active sites for HDO including noble and transition metals, sul-
phide, phosphide, nitride, and carbide metals supported on zirconia, alumina, and silica
[61]. Gutierrez et al. studied the catalytic HDO of guaiacol on noble catalysts supported
on zirconia and compared it to the conventional sulphide CoMo/Al;O3 in a batch system
[71]. The study investigates both thermal and catalytic roles in guaiacol conversion and
product distribution using a pure hydrogen supply at 8 MPa for 5 hours of operation. At
a low operating temperature of 100 °C, guaiacol conversion was significantly affected by
the catalyst employed, from 5.6% conversion for a non-catalytic experiment to roughly 98%
conversion for Rh-Pt/ZrO,; and Rh/ZrO, [71]. In terms of product distribution, hydrogena-
tion was profound because it thermodynamically favours low temperatures. Cyclohexanol
was dominant in the non-catalytic experiment. For the catalytic system, the dominance
of cyclohexanol and 1-methyl-1,2-cyclohexanediol varied. Cyclohexanol dominated product
distribution for the low conversion catalysts, whereas 1-methyl-1,2-cyclohexanediol dom-

inated for high conversion catalysts. At the high-temperature experiments, 300 °C, both
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the conventional sulphide catalyst and noble metal catalysts resulted in near-completion
conversion, producing benzene as the dominant product [71]. However, Gutierrez et al. re-
ported that the use of a sulphide catalyst contaminates the product by losing some of its
content into the product stream, as well as causing higher carbon deposition in comparison

to Rh-Pt/ZrO,; and Rh/ZrO, [71].

2.3.2 Atmospheric pressure HDO for continuous flow sys-

tems
In recent years, an increasing number of studies have considered operating HDO at at-
mospheric pressure to eliminate all the concerns associated with operating hydrogen at
elevated pressure [24], [85]-[92]. This technological breakthrough in HDO processing has
revealed previously unknown reaction pathways that restrict the hydrogenation mechanism
of aromatic rings. Although the process of hydrogenating the aromatic rings to eliminate
Caromatic-OH requires a significant amount of energy, numerous catalytic systems have been
able to effectively produce BTX without any intermediary steps involving ring saturation.
However, ring saturation may result from further hydrogenation resulting in cyclohexane,
as reported by Olcese et al. using Co-based catalysts [32]. Atmospheric pressure HDO adds

an advantage for DeH-HDO coupling since alkane DeH requires low-pressure operation.
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Figure 2.11: Proposed mechanisms for atmospheric HDO of guaiacol in continuous flow
reactors [Right] reported by Sun et al. using metal active sites on carbon (Adopted from
[93]), [Left] reported by Wu et al. using NisP supported catalysts (Adopted from [87])

Using NiyP on various supports including alumina, zirconia, and silica, atmospheric pres-
sure resulted in almost no ring saturation, where benzene selectivity reached 72% depend-
Furthermore, Wu et al.

ing on the residence time [87]. investigated Ni-based catalysts
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supported on zeolite [94] at atmospheric pressure. The proposed mechanism did not show
any signs of ring saturation. Instead, methylation took place after the HDO. Another study
conducted by He et al. confirmed that no ring saturation was observed using Ni-Mo on
silica for HDO of phenol, anisole, and guaiacol [90]. In addition, He et al. reported several
literature findings for atmospheric pressure HDO [90], which agrees with listed published

works summarised by Pourzolfaghar et al. [95].

In addition to Ni-based catalysts, Mo-based catalysts have also demonstrated a high con-
version rate of oxygenated aromatic compounds into benzene, without or with minimal ring
saturation [24], [92], [96]. In addition, Ni-Mo was investigated in titanium oxide support,
showing that combing both active sites yielded higher guaiacol conversion at atmospheric
pressure, which is attributed to the improved dispersion of Ni promoted by the addition of
Mo [86]. Replacing Mo with V reduced the selectivity towards phenol and m-cresol yielding
more cyclohexane, which was potentially caused by a higher surface area, more acidic active

sites, or mesostructure [86].

The dual active site system (Ni-Mo) was further investigated on a range of catalyst supports,
including alumina and zirconia supports. However, titanium oxide oxide demonstrated a
higher degree of HDO [86]. Furthermore, Ag/TiO, was investigated on atmospheric pressure
at different temperatures [85]. Phenol was selectivity converted to benzene by more than

89% at 140 °C, where the selectivity increased with temperature to 99.3% at 320 °C.

Olcese et al. investigated gas-phase HDO of guaiacol in a continuous flow system at low
pressures for BTX production [32]. Unconventionally, this study used a relatively inexpen-
sive metal, Fe, supported on silica, varying the operating pressure and temperature within
the 0-0.9 bar and 350-450 °C, respectively. A guaiacol conversion of 74% was achieved with
a BTX yield of 38%, which is a promising result considering guaiacol HDO at low operating
pressures is favourable if using alkane DeH as a hydrogen source [32]. This study agrees
with thermodynamic observations for hydrogenation, which is suppressed at a high tem-
perature and a low pressure operation, as indicated in Figure 2.12, and typically carried

out at high pressure.

The reported literature findings highlighted the importance of the catalyst role as well as

the operating conditions in enhancing HDO outcomes, which measure the success of lignin
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Figure 2.12: Temperature and pressure range for refinery processes (Adopted from [97])

conversion to high-value chemicals. Table 2.5 presents further literature findings regarding
the conversion of bio-oil model compounds in a continuous flow reactor at atmospheric

pressure€.

Table 2.5: Selected literature findings for atmospheric HDO in continuous flow reactor

Catalyst Temperature Feed Conversion BTX ring ref
°C % selectivity %  saturation %
MoOs3 400 Anisole 65.0 98.6 - [96]
Mo,C 280 Phenols 95.0 92.0 7.00 [92]
Ni-Mo/ /SiOs 410 Guaiacol 99.8 97.5 - [90]
1% Pt/SiOs 400 Anisole 100 70.0 N/A [25]
1% Pt/HBeta 400 Anisole 100 89.4 N/A [25]
Pd/ZrO, 300 Phenol 12.6 29.9 68.7 [98]
Pd/Al,O3 300 Phenol 7.50 11.4 86.2 [99]
Pd/TiOy 300 Phenol 7.00 66.8 33.2 [99]
5Ru/C! 250 Guaiacol 92.0 12.0 5.00 [93]
2Pd10Fe/C 450 Guaiacol 95.0 75.0 N/A [93]

! The results are approximated from figures.

The collected research outcomes, except those associated with Pd-based catalysts, consis-
tently indicate a notable degree of selectivity towards BTX. These observations highlight
the potential of atmospheric HDO as a technological advancement in transforming bio-
oil into value-added chemicals, particularly when employing catalytic systems that restrict
ring saturation. However, the continued reliance on expensive molecular hydrogen poses
a persistent challenge in enhancing the value of low-cost bio-based streams through hy-

droprocessing.
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2.3.3 Hydrogen production routes

Tremendous research efforts were invested in developing a cost-effective and environmen-
tally friendly hydrogen generation system. A system that consists of feedstock, technology
schemes, and an energy source. In nature, hydrogen is the most abundant component, but
it does not appear in large quantities or high purity in its molecular form [100]. Therefore,
hydrogen has to be extracted or produced from rich hydrogen sources, mainly organic com-
pounds. Fossil fuel is the conventional source for hydrogen production due to the relative
ease of extracting hydrogen from hydrocarbon streams as well as the amount of available hy-
drogen. For instance, coal, gasoline, and natural gas contain 4%,12% and 25% of hydrogen
on a weight basis, respectively [100]. Alternatives to fossil fuels, such as water and biomass,
have been heavily studied. However, nowadays, fossil fuels still account for 96% of hydro-
gen production, while 4% comes from water [100], [101]. Despite water and biomass being
cheap feedstocks and environmentally friendly sources, they lack cost-effective hydrogen
extraction technology [102], [103]. From a technological perspective, hydrogen production
technologies are based on thermochemical, gasification, and pyrolysis routes. Figure 2.13
is a hydrogen production map from different feeds: biomass, fossil fuels, and water. To eval-
uate the attractiveness and feasibility of a single route using a single feed type, economic
and environmental aspects have to be taken into account when considering the superior

technology for hydrogen production.

Conventionally, state-of-the-art hydrogen technology is steam reforming of natural gas,
which produces syngas with a 3:1 molar ratio of Hy-to-CO. Primarily, syngas is used for
ethanol, methanol, ammonia, and hydrogen production. To promote Hy; production from
syngas, steam reforming is followed by a water-gas shift reaction to improve the hydrogen
yield, followed by an expensive separation unit. Although methane reforming is a conven-
tional technology, hydrogen is still considered a costly commodity chemical, priced in the
range of $1000-$1800 per metric tonne for the period 2000-2014 [104]. Consequently, the
integration of hydrogen production and catalytic hydroprocessing, HDO in particular, has to
be optimised. An approach to reduce the economic and environmental concerns regarding
hydrogen utilisation, an alternative sustainable hydrogen source beyond molecular hydro-

gen has to be considered.
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Figure 2.13: Hydrogen production map from different sources,processes and energy
sources adopted and summarised from [100], [101], [103]

2.4 H-donor for bio-oil hydrodeoxygenation

As described in the former sections, hydrogen is a costly molecule that holds significant po-
tential for use in various industries for the purpose of generating environmentally friendly
energy. Therefore, looking for alternative hydrogen sources is essential, especially in up-
grading low-value streams where the use of molecular hydrogen may negatively impact its
economic feasibility. Consequently, researchers have developed the concept of a hydrogen
donor (H-donor) as a substitute for molecular hydrogen. Researchers initially explored this
concept in hydroprocessing petroleum-based heavy hydrocarbons to remove existing im-
purities, including S, N, and O. Recently, researchers have applied the same approach to
upgrading bio-oils, mainly in HDO, due to the high oxygen content. Two different forms of
H-donor exist: (1) as a solvent, where the oxygenated hydrocarbon is diluted in an aqueous
phase facilitating H-transfer, or (2) in-situ hydrogen generation from an external reactant.
Figure 2.14 summarises the reported types of H-donors for bio-oil in the literature. The

below subsections present examples of reported promising findings.
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Figure 2.14: External hydrogen sources for HDO as molecular hydrogen alternatives

2.4.1 H-donor approach for upgrading low-value hydro-

carbon streams

Before considering its application for bio-based feed upgrading, recent literature advocates
for the utilisation of an H-donor to enhance catalytic hydroprocessing of petroleum-based
feeds, thus eliminating the need for externally supplied hydrogen [105]-[110]. The H-donor
facilitates the generation of hydrogen, which in turn facilitates the partial or complete up-
grading of heavy hydrocarbons (HHCs) within a single reactive zone. H-donors can be gen-
erated either through the use of an H-donor solvent [105], [110] or through DeH reactions
within a catalytic medium [106]-[109]. Among the investigated solvents, tetralin and de-
calin have received the most attention for their role as H-donors in the catalytic upgrading
of petroleum-based oils [110], [111]. Conversely, methane serves as an H-donor via DeH
reactions, owing to the abundance of natural gas sources associated with petroleum pro-
cessing [105]-[109]. The application of a H-donor mechanism, also referred to as "in-situ"
upgrading, to thermal processes presents several advantages for petroleum feed processing.
"In-situ" upgrading improves feed viscosity and hydrotreats the feed, consequently enhanc-
ing feed conversion and product quality by increasing the hydrogen-to-carbon ratio (H/C)
and inhibiting coke formation. In catalytic systems, Aleman et al. have classified hydrogen

transfer between a H-donor and a H-acceptor into two approaches [105].

* Hydrogen is generated at the reaction medium (catalyst) in atomic form by H-donor
dehydrogenation
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* Hydrogen is generated by H-donor in the form of an Hs molecule which exists in the
gas phase and acts as pure hydrogen to the reaction

2.4.1.1 Solvent as H-donor

The catalytic hydroprocessing of heavy oil and vacuum residue (VR) has been explored using
tetralin and decalin solvents as alternatives to molecular hydrogen in MoS; and NiMo/Al;O3
catalysts, respectively [110], [111]. At operating conditions of 400 °C and 100 bar, the
thermal cracking of VR demonstrated enhanced performance when employing an H-donor
compared to a nitrogen environment [111]. The degree of improvement was assessed by
measuring coke formation, which followed a specific order: naphthalene (NPTH) < 1-methyl
naphthalene (1-MN) < decalin < tetralin. Additionally, the presence of MoS, further miti-
gated coke formation in a hydrogen environment (7.2%); however, this reduction was more
pronounced when hydrogen was replaced by naphthalene and tetralin, resulting in reduc-
tions of 2.9% and 1.2%, respectively [111]. These reductions in coke formation were at-

tributed to the efficient transfer of hydrogen, indicating the effectiveness of H-donors.

This observation aligns with the findings of Hart et al., who investigated heavy oil upgrading,
as measured by viscosity, density, and coke formation using hydrogen, tetralin, and decalin
at 425 °C and 15 bar [110]. Compared to a nitrogen environment as a baseline, upgrading
was found to be enhanced in terms of density in the order of Hs < tetralin < decalin, while
in terms of suppressing coke formation, the order was tetralin < Hs < decalin [110]. These
improvements were attributed to the enhanced solubility provided by the H-donors, where
H, showed limited solubility due to the low operating pressure. The superiority of decline
over naphthalene and tetralin can be explained due to the saturated rings, which have the
capability of higher hydrogen transfer. However, solubility is also important to facilitate
the H-transfer before active hydrogen does not convert to molecular hydrogen. Therefore,
hydroprocessing, in particular HDO, operates at high operating pressure to improve the

contact between H,; and the feeds.

2.4.1.2 Methane activation as H-donor

The H-donor mechanism remains unclear; however, since H-donors are used to replace the
use of expensive hydrogen, the hydrogen transfer mechanism has to be fast to eliminate free
radical formation to avoid chain propagation [105]. Therefore, hydrogen donors have to be
capable of releasing hydrogen from the catalytic surface at the reaction temperature and

pressure applied [105]. Guo et al. claim methane activation was achieved in a relatively
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mild reaction environment, which led to partial upgrading of bitumen [106]. The reaction
occurred in a batch reactor assisted by an Ag-Zn/ZSM-5 catalyst at a temperature and pres-
sure of 380 °C and 50 bar, respectively [106]. As a sign of upgrading HHCs, the methane
environment has significantly reduced the feed viscosity of 848 080 cP at ambient tempera-
ture to 1276, 414, and 280 cP in the catalytic inert, methane, and hydrogen environments,
respectively [106]. In addition, Ovalles et al. claim the use of methane as a hydrogen source
to upgrade extra-heavy crude oil in a batch reaction using an iron-dispersed catalyst [108].
At a temperature of 410 °C, a pressure of 110 bar, and a one-hour residence time, the
methane environment has reduced the feed viscosity by two orders of magnitude. A pure
hydrogen environment resulted in a slight improvement in product distribution and a slight

reduction in feed conversion [108].

2.4.2 Bio-oil HDO via in-situ H, generated through carbon

rejection
Heavy hydrocarbon (HHC) and oxygenated heavy hydrocarbon compound upgrading tech-
nologies are mainly based on two approaches: hydrogen addition and carbon rejection. The
two approaches target increasing the H/C ratio at a molecular level, which means that
HHCs are cracked and hydrogenated into small hydrocarbons. Figure 2.15 depicts various
technologies categorised by their upgrading approach. 81% of residue upgrading occurs in
carbon rejection technologies, while 15% are based on hydrogen addition [36]. In the con-
text of petroleum-based heavy hydrocarbons. In literature, both approaches were studied in
the presence or absence of a catalytic medium. In the hydrogen addition approach, hydro-
gen is added to increase the H/C ratio, as in hydrocracking technology [36]. In the carbon
rejection approach, carbon is redistributed to form molecules with low H/C or coke and
molecules with increased H/C [36]. Coke and low-H/C formation products require further
processing or a reduction in carbon efficiency for the entire process. Furthermore, coke
buildup on the catalyst surface causes the catalyst pores to plug up and prompts deacti-
vation [112]. As a result, the deactivation of the catalyst has a detrimental impact on the

conversion and quality improvement of HHC.

Another approach for HDO or deoxygenation of bio-oil derivatives is the use of in-situ Hs
generated from the bio-oil itself via different mechanisms. This approach is similar to the
petroleum-based approach, where atomic hydrogen re-distribution occurs for upgrading

purposes. A reported mechanism by Fisk et al. shows that H, can be produced from bio-
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oil via partial reforming of the feed (carbon rejection approach), while the other portion of
the feed undergoes HDO, forming benzene [113]. This mechanism was created using Pt-
based catalysts with different supports, which resulted in a significant drop in O/C. The
highest drop in O/C using alumina-based catalysts resulted in a high yield of solids. In
contrast, catalysts based on zirconia exhibited a 67% decrease in the ratio of oxygen to
carbon while also showing a notable decrease in the creation of solid materials. The bio-oil
in-situ H, generation and consumption approach has trade-offs between O/C reduction and

solid formation since carbon rejection comes in the form of CO; or carbon deposition.

2.4.3 Alcohols as hydrogen source for bio-oil HDO

Alcohols are the most investigated H-donors to replace molecular hydrogen as a solvent or
reactant. An interesting factor in selecting alcohol as H-donor is that it can be produced
from biomass, which leads to the production of green chemicals. Another advantage is that
some alcohols, such as glycerol, can be reformed at low temperature, below 300 degree C

which is close to HDO temperature [114], [115].

Fan et al. studied the use of isopropanol as an H-donor for the HDO of guaiacol and real
bio-oil in a continuous-flow reactor. The catalytic HDO was carried out at pressure and
temperature of 20 bar and 350 °C, respectively, in HZSM-5-based catalysts. The modified
Ni/HZSM-5 catalyst exhibited the highest level of activity, resulting in a 97.7% degree of
HDO and a 34.4% selectivity towards BTX. The diagram in Figure 2.16 highlights the pro-
posed reaction mechanism. This mechanism illustrates how not only free hydrogen radicals
react with oxygenated hydrocarbons, but also propylene might be involved to increase the
transalkylation mechanism. While transalkylation may enhance H/C of the mixture, it con-

currently diminishes the selectivity towards specific compounds, hence limiting its potential
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for the production of specific green chemicals. Fan et al. further demonstrated that catalyst

functionality has a key impact in determining the reaction pathways [116].

Methanol and ethanol reforming were also investigated as in-situ hydrogen generation for
phenol HDO [13]. In that study, in-situ hydrogen was compared with molecular hydrogen
using a Raney Ni and Pd-based catalyst. The conversion of molecular hydrogen is higher
compared to the conversion of ethanol and methanol through aqueous reforming in both
catalysts. This was attributed to the restricted amount of hydrogen that is adsorbed on the
surface of the catalyst. Another factor contributing to the poor conversion is the dispersed
distribution of adsorbed hydrogen and phenol. Yfanti et al. reported a similar finding when
they used methanol reforming as the source of hydrogen for glycerol HDO [117]. Glycerol
presence inhibits methanol reforming activity in comparison to non-glycerol experiment, as
it exhibits higher adsorption on the active sites. Hence, the design of active sites is a crucial

method for integrating reactions inside a single reactor zone.

In addition, a few studies explored the integration of in-situ hydrogen derived from alcohol
reforming in the aqueous HDO of a different alcohol solvent [117], [118]. Zhang et al.
investigated the process of HDO by using in-situ hydrogen produced from glycerol reforming
in a supercritical ethanol environment [118]. When using a Ru/C catalyst, in-situ hydrogen
exhibited superior performance compared to molecular hydrogen in terms of the degree of
deoxygenation and heating value, specifically up to a temperature of 300 °C. Molecular

hydrogen exhibited superior performance at elevated temperatures (320-350 °C). Further, a
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crude bio-oil was examined for ex-situ and in-situ hydrogenation, leading to a higher yield

of aromatic compounds in the in-situ experiment.

Despite alcohol promise as a hydrogen source, the addition of extra oxygen to the reaction
system could complicate the accurate assessment of de-oxygenation and HDO. This is be-
cause the oxygenated functional groups may react with active bio-oil derivatives. Further
research is necessary to fully understand and improve the utilization of in-situ hydrogen
obtained from alcohol reforming. Due to the recent development of this domain, numerous

studies may be attractive, ranging from material development to process design.

2.4.4 Supercritical water as hydrogen source for HDO

Similar to the previous H-donor upgrading approaches, supercritical water has been con-
sidered for petroleum based feed as hydrogen source or reaction medium [15], [16], [119].
Despite the observed improvements in the upgrading process via the production of lighter
hydrocarbons and the removal of heteroatoms, the reaction mechanism is not completely
understood [16]. In the case of biomass-based feed, recently, Vutolkina et al. conducted a
study on the HDO of guaiacol using in-situ hydrogen produced via the water-gas shift (WGS)
reaction. The study was conducted in a batch reactor for 6-8 hours, employing Ni-Mo sul-
phide catalysts, with a CO pressure of 50 bar and a reaction temperature range of 320-380
°C [120]. The primary outcomes of this study indicate that the reaction rate and operating
temperature play a crucial role in determining the extent of HDO. Low temperature and
short reaction time lead to a decreased WGS reaction rate, leading to decreased hydrogen
availability for HDO and causing the condensation of phenols with other aromatics. The
condensation was overcome by enhancing the desorption of aromatic compounds from the
catalyst surface by increasing the temperature, leading to higher hydrogen formation and

consequently an improved degree of HDO.

Furthermore, Miao et al. carried out a study to demonstrate the effectiveness of producing
valuable hydrocarbons (paraffins) from fatty acids via hydrogen produced from the WGH
reaction [121]. Similar to Vutonlkina’s study, the operating temperature lays in the range of
320-340 °C in batch mode for up to 6 hours. The employed catalytic system is Ni-supported
on zirconia. Extending the reaction time has been shown to result in a complete transfor-
mation of fatty acids into liquid and gaseous paraffins, as well as non-condensable gases.

The reaction temperature is also an important parameter to achieve a complete conversion.
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However, excessive increases in temperature may lead to the reduction of liquid paraffin to

methane due to cracking mechanisms.

Jin et al. proposed employing a batch reactor to hydrodeoxygenate guaiacol in a water
medium using multifunctional catalysts [122]. The catalysts are designed for producing hy-
drogen by water activation and facilitating HDO under high pressures. The catalytic system
employed in thiar study comprises of Ni and NiMo-based catalysts, which are supported
on ceria and carbon. This study concluded that despite the relatively low guaiacol con-
version up to 20%, the concept has a potential to replace expensive molecular hydrogen.
Regarding the catalytic system, the utilisation of a carbon support has resulted in a sig-
nificant increase in conversion rates due to its ability to enhance the dispersion of active
sites of Ni and ceria. Ni is identified as the site that facilitates de-oxygenation, while ceria

is responsible for activating water.

Beyond the reactive involvement, water in supercritical conditions has demonstrated its
potential for upgrading bio-oil, enhancing the reactivity and selectivity of NiCo active sites
supported on carbon nanofibers (CNFs) [14]. Roman et al. have emphasised the decrease in
sulphur (S) and oxygen-to-carbon (O/C) ratios on a weight basis, as well as the increase in
hydrogen-to-carbon (H/C) ratios using elemental analysis, consistent with previous studies
[14]. The deoxygenation occurs via decarboxylation and decarbonylation. Consequently,
the catalytically treated liquid has resulted in improved heating values. Temperature has a
declining impact on the ability of CNFs to undergo deoxygenation, as indicated by the H/C,

O/C, and heating values, despite the increase in liquid and gas yields at the cost of solids.

2.4.5 Heavy hydrocarbons as hydrogen source from bio-
oil HDO

An alternative approach for “in-situ” hydrogen generation for HDO involves blending petroleum-
based catalytic cracking feed with lignin-derived fast pyrolysis products [85], [123], [124].
This approach aims to crack petroleum-heavy hydrocarbon feed and hydrodeoxygenate bio-
oil feeds to improve blend properties. It holds significant promise for integrating the biore-
finery stream with petroleum-based refineries and downstream processing for the produc-
tion of fuels and chemicals. This integration involves the utilisation of zeolite-based fluid
catalytic cracking catalysts. Various investigations have highlighted hydrogen transfer for

HDO while underscoring rapid deactivation due to coke accumulation [85], [123], [124]. In
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the context of this thesis, these studies explore the use of alkanes as hydrogen sources
[85], [124]. Graca et al. proposed a mechanism for integrating heavy alkanes with HDO of
guaiacol via hydrogen transfer, as illustrated in Figure 2.17.
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Figure 2.17: Proposed mechanism for in-situ hydrogen generation HDO via large alkane
DeH as hydrogen source (Adopted from [124])

Heuchel et al. examined the catalytic co-processing of n-decane and 2-ethylphenol mixtures
using a range of zeolites at 480 °C in a continuous flow reactor [85]. A significant finding
was that the bio-oil model compound led to substantial coke formation on the spent cata-
lyst, resulting in a rapid conversion decline. The degree of coke formation and deactivation
varied depending on the porosity of the zeolites studied. While there was no improvement in
conversion compared to studies using only n-decane, the inclusion of 2-ethylphenol led to
enhanced aromatic selectivity, indicating effective deoxygenation through hydrogen trans-
fer. Particularly, zeolites with larger pores exhibited higher aromatic selectivities, attributed
to their superior hydrogen transfer capability. Gueudre et al. investigated the co-processing
of catalytic cracking and HDO of a vacuum gas oil (VGO) and wood-based pyrolysis oil mix-
ture on commercial FCC zeolite catalysts, with and without the addition of USY zeolite [123].
Their findings align with those of Heuchel et al., suggesting that using bio-oil resulted in
increased carbon deposition. Furthermore, the increase in carbon deposition was not solely
attributed to the presence of additional bio-coke but also to an increase in petroleum-based
coke with bio-oil addition, attributed to various chemical routes of coke formation during

co-processing.
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Moreover, Graca et al. observed that when maintaining constant conversion of gasoline-
guaiacol mixtures in both HZSM-5 and HZSM-5 with equilibrium FCC catalysts, there was
an increase in coke formation compared to tests without guaiacol [124]. Processing the
petroleum-based model compound n-heptane with guaiacol at 450 °C revealed a clear and
detrimental impact of guaiacol on n-heptane conversion. This phenomenon was consistent
for both HY and HZSM-5 zeolites, with the latter exhibiting a more significant and rapid
decrease. The rapid deactivation were attributed to zeolite pore blockage, externally caused
by limitations in guaiacol penetration due to differences in molecule and pore sizes. This
observation was validated through pore size measurements on fresh and spent catalysts.
The rationale for in-situ hydrogen generation and transfer stemmed from phenols in the

gasoline mixture.

The aforementioned studies have examined the integration of alkanes with bio-oil deriva-
tives, which aligns with the objective of this thesis, despite variations in the co-processing
mechanisms. These studies employed cracking or dehydroaromatization processes to pro-
duce hydrogen using zeolite catalysts. Thus, research gaps still arise in the utilisation of
simultaneous alkane DeH and HDO approaches. A possible approach to investigate is the
utilisation of an alternative catalytic support that does not hinder guaiacol diffusion to ac-
tive sites through fast deactivation. Furthermore, the examination of lighter hydrocarbons
as a potential source of hydrogen is appealing given the high value of the olefins that would

be produced.

2.4.6 Light hydrocarbons as hydrogen source from bio-oil
HDO

The preceding discussion has investigated the potential of hydrogen transfer between petroleum-
based heavy hydrocarbons and bio-based feeds for oxygen removal. As previously high-
lighted, several studies have explored using methane as H-donor for upgrading petroleum-
based hydrocarbons [105]-[108], and this approach has also been considered for bio-based
feeds. He et al. investigated the direct upgrading of sawdust using methane in a continu-
ous flow reactor under atmospheric pressure [109]. The study focused on HZSM-5-based
catalysts loaded with various metal species, with zinc (Zn) demonstrating best H/C and
O/C performance. The performance of zinc loading was evaluated and compared with non-
catalytic conditions and with ex-situ hydrogen. The findings suggested that catalytic in-situ

hydrogen production from methane yields superior H/C and O/C ratios compared to non-
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catalytic HDO, and even outperforms catalytic HDO with molecular hydrogen produced
"ex-situ." Notably, HZSM-5 exhibited a 10% higher O/C ratio under in-situ conditions com-
pared to Zn/HZSM-5, albeit with a 20% lower H/C ratio. Nevertheless, the utilisation of

the loaded HZSM-5 was deemed preferable due to its higher oil output.

Despite the promising potential of methane as an H-donor owing to its abundance, even
from biomass processing as biogas, its side product carbon may adversely affect catalyst
performance. Consequently, Wang et al. investigated the use of hexane DeH as an H-
donor for cresol HDO [21]. Among the catalysts studied, the Pt-WOx catalyst exhibited
superior activity in the coupled reaction, surpassing the equilibrium conversion of hexane
DeH by nearly threefold (2.8%) at 400 °C and 36 bar pressure. Figure 2.18 illustrates the
hydrogen transfer mechanism as reported by Wang et al. [21]. The study concluded that
the coupled reaction is primarily governed by hexane DeH rather than being influenced
by cresol concentration. Notably, there was no rapid deactivation observed in the coupled
system, even at atmospheric pressure. This absence of rapid deactivation was explained
by a microkinetic model employing propane as a hydrogen source that suggests the lower

conversion at high pressures correlates with the reduced formation of coke precursors.

OH

Figure 2.18: Schematic representation of hydrogen transfer from hexane DeH for cresol
HDO (Adopted from [21])

The previous sections exhibited the possibility of replacing molecular hydrogen via in-situ
hydrogen generation through various reactions. Some works indicated that "in-situ" gen-
eration leads to a greater extent of HDO than ex-situ due to the adsorbed hydrogen at the
catalytic surface. Regarding the enhancement of H-donor conversion using HDO, it was
observed that the catalytic conditions played a crucial role in achieving a conversion rate

that surpassed the equilibrium conversion. Theoretically, the ideal H-donor is the one that
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produces valuable byproducts beside hydrogen to improve the product stream value. This
can only be accomplished via an on-purpose DeH reaction, as shown by Wang et al [21].
Nevertheless, the existing literature lacks sufficient study on the in-situ approach for bio-
oil HDO, resulting in a gap in knowledge that can be addressed in this PhD. In order to
fully unlock the synergistic effects of coupling two reactions, the operating conditions and
catalytic system must be designed for the targeted objectives. Henceforth, the subsequent
sections will focus on investigating possible catalytic systems for the coupled reaction in

this study.

2.5 Catalytic system for coupled reactions (DeH-
HDO)

Both the bio-oil (represented in this thesis by guaiacol as a model compound) HDO and
alkane (ethane in this work) DeH reactions necessitate catalysts to drive the conversion
towards the desired products. Thermodynamics, as depicted in Table 2.6, tends to favour
the cracking of ethane to methane rather than the formation of ethylene due to the lower
energy requirement for C-C cleavage. Similarly, for guaiacol, the thermal energy required for
dissociating the hydroxy group is higher without saturating the aromatic ring, as indicated
by the Cg,romatic-OH and R-OH energies. Therefore, to couple these reactions, a suitable

catalytic system is essential, so that their output is kinetically-controlled.

Table 2.6: Bond dissociation energy (BDE) of oxygenated functional groups [125], [126]

Functional groups BDE (kJ-mol™}) Functional groups BDE (kJ-mol™!)
H—H 436 R—OH 385
H——O 429 R—OR 338
CH; —CHg 368 Caromatic - OR 422
CH3CH,—H 410 Caromatic - OH 468

R O 758

The objective of the catalytic system is to dehydrogenate ethane to ethylene and ideally
reduce the O/C ratio of HDO product to zero, as illustrated in Figure 2.19. However, the
differentiation in processing bio-oil in HDO to fuels or chemicals is determined by the target
H/C ratio. Since BTX is the target for guaiacol HDO, a H/C ratio near 1.0 is the objective.
Figure 2.19 primarily showcases noble metals in comparison with non-precious CoMo cat-
alytic systems, indicating that Mo-based catalysts hold promise for HDO. Furthermore,
Tables 2.7 and 2.8 provide a compilation of literature findings on leading catalysts for HDO

at atmospheric pressure, targeted pressure for alkane DeH.
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Figure 2.19: Desired changes of H/C and O/C in catalytic upgrading of lignin to benzene,
reproduced from (Adopted from [32])

2.5.1 Unsupported Mo-based catalysts

Several studies have highlighted the effectiveness of unsupported molybdenum catalysts
as active sites for the direct conversion of biomass to bio-oil via fast pyrolysis (FP) or for
upgrading the resulting bio-oil into valuable aromatics [24], [91], [92], [96], [127]. These
investigations typically operate in continuous fixed-bed reactors under near-atmospheric

pressure conditions, which aligns with the objectives of this study.

To assess the potential of MoO3, Prasomsri et al. investigated the HDO products of various
model compounds, representative of those found in bio-oil, possessing distinct oxygenated
functional groups [91], [96]. A key finding was the selectivity of MoO3 towards targeted value-
added chemicals. While thermodynamics suggest that guaiacol HDO favours demethylation
over demethoxylation due to bond dissociation energy, Prasomsri et al. observed a pref-
erence for demethoxylation of guaiacol to phenol rather than demethylation, resulting in
catechol formation [91]. Additionally, the study reported that guaiacol conversion could be
completed rapidly by increasing the temperature to 400 °C, with higher selectivity towards

benzene [91].

In another study, Prasomsri et al. expanded their investigation to include non-aromatic bio-
oil-derived oxygenates such as acetone, hexanone, cyclohexanone, and furan, confirming
MoOj3 ability to selectively convert model compounds into desired value-added chemicals,

such as alkenes in the case of acetone and unsaturated aromatics for investigated oxy-
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genated aromatics [96].

Moreover, Zhou et al. explored the effects of upgrading acetone, guaiacol, and real biomass
vapour at atmospheric pressure and elevated temperatures [24]. At 400 °C, oxygenated
compounds (guaiacol and acetone) were almost completely converted, primarily into benzene
in the liquid product from guaiacol and a propane/propylene mixture from HDO of acetone.
Similar to findings by Prasomsri et al., Zhou et al. observed no saturated aromatics or
catechol and relatively low phenol levels, suggesting MoOs selectivity towards guaiacol HDO
favouring demethylation and demethoxylation [24]. The high reactivity of the catalytic bed
in Zhou et al. can be attributed to the high catalyst load, 1.6-1.7 g.,; for 1.0 g of oxygenated
hydrocarbon per hour. Additionally, an increase in temperature was observed to enhance

reactivity but towards a cracking mechanism, leading to less organic liquid formation [24].

While these studies provide positive indications that atmospheric pressure hydrogen has
the potential to upgrade bio-oil, the investigated temperature range falls short of the tar-
geted temperature for alkane DeH. Thus, significantly reducing the catalyst loading might
help to limit cracking while maintaining unsaturated aromatics. The deactivation of MoOj;
catalyst was attributed to carbon formation, catalyst reduction to an inactive state, and
water poisoning. Another study expanded the search of unsupported Mo-based catalysts
to include MoP and MoS,. Although conducted at high pressure (4.4 MPa) in a stirred
batch reactor, it provides insight into MoO3 performance compared to other unsupported
Mo-based catalysts. MoS; was observed to be more selective towards unsaturated aromat-
ics (toluene) starting from cresol, with 70-80% selectivity to toluene and the remaining as
hydrogenated products [127]. In the case of MoO3; and MoO», both exhibited similar selectiv-
ity performances of 60-70%, contradicting the previously reported hypothesis that catalyst
deactivation is caused by reduction [127]. Furthermore, it was stated that the saturation
(hydrogenation) of cresol aromatic ring was limited with the oxides and sulphide forms,
which is preferred for the current study. The selectivity of molybdenum oxides in compari-
son with phosphide was confirmed by Boullosa-Eiras et al. with a TiO, support at 25 bar
[128].

Another molybdenum form (Mo,C) was studied by Chen et al. for HDO of a phenolic mix-
ture of anisole, guaiacol, dimethoxybenzene (DMB), and cresol at atmospheric pressure [92].

This study also observed that saturation of the aromatic ring is limited, with over 80% se-
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lectivity towards BTX. The cleavage of aromatic-methoxy and aromatic-hydroxy require 376
kJ mol~! and 456 kJ mol~!, respectively. Chen et al. claim that limited saturation of the
aromatic ring results from successive hydrogenation, even at high hydrogen-to-oxygenated
aromatic feed ratios [92]. Thus, selective HDO via direct hydrogenolysis of the hydroxy
group in the case of phenolic compounds instead of hydrogenation-hydrolysis mechanism
makes MoO3 at low pressure an attractive choice in the present study. Furthermore, MoO3;
was investigated for HDO of non-aromatic oxygenated hydrocarbons such as ketones (ace-
tone) and aldehydes (acrolein) to include most bio-oil oxygenated derivatives for generating

aromatics and alkanes [24], [129], [130].

In summary, MoO3 has demonstrated its selectivity towards HDO in the direct (single-step)
lignin pyrolysis and in-situ processes. Increasing catalyst loading and temperature lead
to greater HDO by reducing oxygen presence [95]. Multiple contributions have observed
the selective HDO pathway in small surface-unsupported Mo-based catalysts, particularly
molybdenum oxides, at atmospheric pressure. Thus, the simplicity of the molybdenum
oxide system is an attractive approach to understanding the role of active sites in HDO

and/or alkane DeH.

2.5.2 Supported NiMo-based catalysts
2.5.2.1 Guaiacol HDO

The preceding sections of this review have investigated various upgrading approaches for
petroleum and biomass feeds, employing different configurations employing molecular hy-
drogen or H-donors. Among the well-researched catalysts are NiMo-based catalysts, partic-
ularly in continuous flow HDO, as shown in Table 2.8. The previous section has illustrated
the potential of unsupported MoOs, yet incorporating Ni is aimed at enhancing the func-
tionalities to evaluate HDO processes. These functionalities are crucial in assessing the

proposed DeH-HDO approach.

Ni active sites have been extensively investigated for their role in HDO processes, as evi-
denced by Tables 2.7 and 2.8. Ni-active sites are known to facilitate hydrogenolysis via C-O
cleavage. Additionally, Ni serves as a hydrogenating metal [131]. However, to facilitate C-O
cleavage (deoxygenation), an oxygen vacancy mechanism is considered an effective strategy
using MoO,, [126]. The enhancement with Mo is attributed to the strength of Mo-O bonds,
with Mo-O and Ni-O bond energies being 607 and 366 kJ-mol~!, respectively [131]. Con-
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sequently, the strength of Mo-O bonds eases the dissociation of C-O, as hypothesised in
Figure 2.20, where hydrogenation occurs at Ni active sites, activating H-H bonds. Thus,
oxygen vacancies in MoOx promote the deoxygenation mechanism by creating Mo-O [126].
This hypothesis finds support in a study utilising Ni-Mo on titanium oxide catalysts, which
demonstrated improved HDO of guaiacol through the synergistic effect of both active sites

at atmospheric pressure with molecular hydrogen [86].

() =hydrogenating metal

(ex. Pt, Pd, Ru, Ni)
R\
@ - oxophilic metal
(ex. Re, Mo, W, Fe)
H RO H

Figure 2.20: Reported hypothesis in using bifunctional active sites (ex. Ni-Mo) for HDO
(Adopted from [131])

Furthermore, Vutolkina et al. investigated the influence of Ni on the extent of HDO with
Mo in an effort to develop bifunctional catalysts for upgrading guaiacol using water as an
H-donor [120]. Despite the involvement of an H-donor, Ni is active in the water gas shift
reaction (WGS) and hydrogenation. The study revealed that certain Ni loadings (Ni:3Mo) led
to reduced O/C ratios and increased H/C ratios, indicative of improved HDO [120]. This
observation suggests distinct mechanisms at each active site, wherein the loading must be
improved based on the rate of each process, as an unbalanced ratio may hinder the synergy

between the two active sites.

In WGS applications, unsupported NiMo was dispersed in water. However, for non-aqueous
processing, support may be crucial to disperse active sites optimally and achieve an ideal
surface area. Furthermore, the acidity of the support has been reported to enhance inter-
action with hydrogenation active sites and is considered a DeH promoter, further assessing
Mo active sites [131]. Therefore, NiMo on alumina support has been extensively studied for

complex processes such as the upgrading oxygenated heavy hydrocarbon streams.

2.5.2.2 Alkane DeH

As previously illustrated in Figure 2.8, alkane DeH is heavily investigated and regarded as

the emerging process to replace energy-intensive steam cracking (SC) for alkene production.
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Since it is a catalytic conversion-based process, the research efforts are mainly devoted to
finding a suitable catalyst. Yet, several configurations of alkane DeH have been commer-
cialised for C3 and C4 with Cr and Pt-based catalysts [83], [132], [133]. Therefore, Cr and
Pt are recognised as the leading active sites, with V, Mo, and Ga identified as promising but

underdeveloped alternatives [83].

In particular, several studies and reviews have considered Mo-based catalysts for alkane
DeH [83], [132], [134], [135]. Heracleous el at. studied oxidative and non-oxidative DeH of
ethane using MoO3/Al,03. The study reported that thermal DeH in the absence of oxygen
at 600 °C resulted in 2% conversion, while the catalytic system conversion is 15% [134].
The lowest studied reaction temperature was 500 °C, which resulted in a 5.5% conversion.
Heracleous et al. claimed that despite the presence of oxygen in some runs, ethane pyrolysis

to ethylene is the main mechanism for the DeH reaction [134].

Furthermore, despite being well-known for hydrotreating applications, supported Ni-Mo
catalysts have also been investigated for alkane DeH in both oxidative and non-oxidative
environments, particularly for propane [136]-[138]. Saihvashi and his colleagues investi-
gated the use of Mo-Ni/Al;O3 for propane DeH [136]. Propane conversion, and propylene,
methane and hydrogen productions were observed at the temperature of 500 °C in the
non-oxidative dehydrogenation (NODeH) system. The presence of oxygen and the increased
temperature enhance propane conversion [136]. Moreover, the study investigated the ef-
fects of pressure in the reaction performance with the presence of oxygen. The increase of
pressure from 1.0 bar to 5.0 bar led to roughly 10% reduction of propane conversion (90%
to 80%), which corresponded to 10% improvement in propylene selectivity [136]. oxida-
tive dehydrogenation (ODeH) is thermodynamically favoured with the continuous removal
of hydrogen by the presence of oxygen, which leads to increasing alkenes yield. It could be
hypothesised that catalytic DeH is an interesting H-donor with the continuous removal of
hydrogen by hydrocracking of HHCs, although their hydrogenation is less exothermic than
that of oxygen.

In one study, high hydrogen formation was observed in the oxidative mechanism, while
higher alkene (propylene) formation occurred in the non-oxidative mechanism [136]. More-
over, computational studies by Wang et al. identified alumina-supported Ni-Mo as a promis-

ing non-precious metallic catalyst that can outperform Pt-based catalysts for propane DeH,
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a finding that was experimentally validated [137]. Pt-based catalysts exhibited higher, stable
conversion rates of 10-20%, whereas Ni-Mo showed stable conversion rates of roughly 10%.
However, Ni-Mo demonstrated 2-3 times higher conversion rates than Pt catalysts, resulting
in higher propylene yields. As observed in our experimental findings, lower selectivity was

attributed to the effects of Ni [137].

Wang et al. computationally investigated nearly 2000 bimetallic catalysts and identified
NiMo supported on MgO as a promising candidate [138]. Experimentally, it was confirmed
that NiMo/MgO synthesized via incipient wetness co-impregnation outperformed Pt-based
catalysts for ethane DeH in terms of ethane conversion and ethylene selectivity. Despite
differences in bimetallic composition and operating conditions, the experimental results in

this study for alkane DeH are promising for combination with HDO processes [138].

Kinetically, ethane conversion on supported Ni-Mo catalysts is influenced by the bifunctional
metal active sites as well as the acidic alumina support. Ni-based catalysts have been
extensively considered for alkane conversion to replace leading alkane DeH Pt and Cr-based
catalysts [139], [140] due to their high activation energy [141]. However, Ni active sites target
the dissociation mechanism of C-C rather than C-H due to their relatively lower activation
energy. Consequently, the presence of Ni leads to the formation of undesirable methane
and accelerates coke formation, making it a highly regarded active site for ethane cracking
to hydrogen and carbon [139], [140]. Nevertheless, NiMo on alumina shows potential as an
excellent catalyst for DeH-HDO processes, given the distinct functionalities of the support

and active sites.
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Table 2.7: Published works on catalytic HDO at atmospheric pressure.

Group Feed Catalyst Reactor type  Temp. °C Observation Citation
Chang et al. GUA NiyP WHSV 300 * Reactivity toward BTX SiO3>ZrO,>Al,03 [87]
varies 0.67-5.34 * Shorter residence time leads to higher con-
h-1 version and selectivity to BTX
Rom an-Leshkov GUA MoOj3 no 0.0029- 300-350 * Selective catalyst to de-methoxylation and [91]
et al. support 0.035 mmol high yiel of BTX
gcat™! h™! * Guaiacol conversion notably increases with
temperature
Li et al. GUA Fe/Ni 1.5-4.0 h! 250-400 * Ni presence increases trensmethylation, [142]
HBeta degree of HDO and selectivity to BTX
® Guaiacol reach completion at 300 °C with
no significant changes in selectivities with
longer longer WHSV and higher tempera-
ture. Aromatics yield up to 20%.
Bando et al. GUA NiyP 5.0s 420-450 e Limited BTX, guaiacol to cresol and phenol  [143]
varies * Degree of HDO ASA>FCC>ZSM-5 acidity
play role in product distribution.
Wang et al. GUA Ni HUSY 350 * Atmospheric pressure HDO only produce [94]

phenolic compounds and aromatic hydro-
carbon which limit hydrogen consumption
over Ni active sites.
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Table 2.8: Published works on catalytic HDO at atmospheric pressure.

Group Feed Catalyst Reactor type  Temp. °C Observation Citation
Slowing et al. GUA Pd/HS Batch (4h) 100 The operating condition favours ring satu- [89]
CeO, ration with minimum HDO
Excess hydrogen with presence of water led
to near complete conversion of guaiacol
Gates et al. GUA Pt Al,O3 20.0 300 Metal active site facilities hydrogenolysis, [144]
Sgua/ (8eat D) hydrogenation and where alumina support
caused transalkylation
Limited BTX, with 0.5 bar increase better
HDO was observed
Mahinpey et al. GUA Ni-Mo 0.5-2.0 200-350 Ni-Mo resulted on enhanced HDO than Ni [86]
TiO, H,/GUA and Mo only active site caused improved
molar ratio metal dispersion.
Higher temperature and hydrogen resulted
on enhanced HDO, but no BTX.
Zhu et al. GUA Pt SiO, 0.25-1.75 h 350 Metal site catalyse demtylation and acid [145]
HBeta site work on transalkylation and dehydrox-
ylation.
The addition of water improves guaiacol
conversion.
Wu et al. GUA Ni-Mo 1.5h! 400-420 High selectivity toward BTX reaching 97.5% [90]
SiO, H,/GUA Methyl radicals transformed into benzene
molar= 5 due to access acidic sites

Catalyst regenerated 15 times at stable per-
formance.
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Chapter 3

Methodology

This chapter serves to establish the foundational framework for the thesis. It commences
with Section 1.1, which articulates the principal research questions and outlines the struc-
ture of the subsequent chapters to address them. Subsequently, Section 3.1 addresses the
experimental approach and procedure, emphasising the catalytic systems investigated and
the rationale guiding their selection. A detailed description of the experimental setup em-
ployed for all experiments is provided in Section 3.2. Given the novelty of the DeH-HDO
coupling using alkane and bio-oil, Section 3.6 is dedicated to explaining the selection and
ranges of operating conditions used in this thesis. Finally, Section 3.4 covers product col-
lection, treatment, and analysis, as well as performance calculation to address the research

questions.

3.1 Experimental Methodology
3.1.1 Experimental approach

Experimental activity up to date focuses on understanding the potential of lignin-derived
oxygenated aromatics HDO via hydrogen generated from alkane DeH. The integrated reac-
tions necessitate catalytic activity to improve guaiacol and ethane conversion while main-
taining targeted selectivity towards BTX. Thus, selecting the appropriate catalytic bed is cru-
cial for studying the potential of integrated reactions. Since each reaction is well-documented
in literature, well-known catalytic beds are considered in this project to demonstrate inte-
gration potential. Initially, a single catalytic bed is used for HDO with in-situ hydrogen
generation and ex-situ produced hydrogen, as well as for alkane DeH, to establish a base-
line. This approach is chosen due to the reaction temperature and pressure (500-600 °C
and atmospheric pressure) being conducive to alkane DeH, and selective catalysts are em-
ployed to facilitate HDO towards high-value chemicals. Therefore, experimental activity is

divided into:
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* Conventional HDO of guaiacol at elevated pressures via Ni-Mo based catalyst
* Conventional HDO of guaiacol at atmospheric pressure via Mo-based catalysts

* Non-oxidative DeH of ethane for hydrogen generation

HDO of guaiacol via in-situ alkane DeH

DeH-HDO of guaiacol (GUA) is investigated across various catalytic systems, operating tem-
peratures, pressures, and liquid-to-gas feed ratios (FG/FL). The investigated catalytic sys-
tems, in Chapters 4 and 5 include Ni-Mo/Al,O3 catalysts, MoO3, and Cr/Al;O3, which have
been extensively studied in literature for either or both reactions as described in Chapter
2. In summary, Cr-based catalysts are widely researched for non-oxidative alkane DeH
and commercialised for C3-C4, DeH [133], [138], [140]. Bimetallic supported catalysts (Ni-
Mo) have been extensively explored for HDO and hydroprocessing in general, and in limited
works for alkane DeH separately [23], [136]. Additionally, both supported and unsupported
MoO3; have been investigated for each reaction [24], [37], [138], [140]. Utilising these well-
studied catalysts is an essential step for evaluating the proposed DeH-HDO coupling. The
rational of utilising these distinct catalysts to explore different functionalities for the novel
DeH-HDO coupling. Figure 3.1 summarises the exploration structure for catalytic systems

included in this work.

HDO andlor alkane dehydrogenation in a single HDO catalytic bed

Well known NiMo-based hydrotreating catalysts High potential catalyst for HDO: unsupported MoO,

4

HDO and/or alkane dehydrogenation in a single alkane dehydrogenation catalytic bed

Cr-based catalyst as its known as the leading alternative of Pt-based catalysts for on-purpose alkane dehydrogenation

\ 4

HDO andlor alkane dehydrogenation in a dual HDO and alkane dehydrogenation catalytic bed

CriAl,O5-NiMo/Al,0; Cr/Al,0:-MoO,

HDO and/or alkane dehydrogenation in synthesised Cr-Mo catalysts

Cr-Mo based catalyst on alumina Cr-Mo based catalyst on zeolite

Figure 3.1: Designed experimental framework for investigated catalytic systems

3.1.2 Experimental procedure

Each experimental run consists of multiple stages to ensure the readiness of the catalytic

bed at the appropriate temperature, catalyst activation, and proper collection and sampling
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of the products, as illustrated in Figure 3.2. Initially, the catalytic bed undergoes a moisture
removal stage, during which the reactor temperature increases to 200 °C at a rate of 25
°C-min~!. This stage lasts for 60 min to ensure the elimination of water absorbed by the
catalyst, with the water content potentially reaching up to 2% according to TGA assessments
of newly prepared catalysts. While the moisture adsorption rate may vary depending on the
material type, an average value of 2% is considered sufficient to evaporate within the allotted

60 min.

Moisture removal
Feed: N, Flow (ml/min): 150 Temperature (°C): 200 Duration (min): 60

Reduction

iﬁ

Feed: H, Flow (ml/min): 100 Temperature (°C): 500-600 Duration (min): 120
Feed: N, Flow (ml/min): 100 Temperature (°C): 600 Duration (min): 10
Liquid (HDO agent) introduction
Feed: GUA/PhI Flow (ml/min): 0.25 Heating line 200 °C Dur: 28 min for 0.25 ml/min

Reactivity test
Feed: Hy/C,H, Flow (ml/min): 100 Temperature (°C): 500-600 Duration (min): 120

iﬁ

Reaction termination
Stop liquid flow Switchto N, Temperature (°C): 200 Duration (min): 60

i‘

Reactor cooling and cleaning
Feed: N, and acetone Flow (ml/min): 100 Temperature (°C): 30 Duration (min): 60
Figure 3.2: Stages of a DeH-HDO experiment run

|¢

The reduction stage is a critical process to activate the catalyst and eliminate the oxidation
reaction caused by the metal oxide. This step is essential since a non-oxidative DeH process
is conducted, aiming to eliminate the presence of oxygen content through HDO. Reduction
occurs at the intended reaction temperature, although it is feasible to achieve reduction at
low temperatures as 450 °C. Prior to initiating an experiment, a system purge is carried out
using nitrogen gas (N3) to completely eliminate all hydrogen from the system. This purge
persists for 10 min, in addition to the required guaiacol hold-up period, i.e. the time required

for guaiacol to reach the catalytic zone through the liquid feed line. Empirical measurements
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determined the hold-up period to be 28 min, with a flow rate of 0.25 mL-min~'.

Upon
guaiacol reaching the catalytic bed, the flow of ethane commences simultaneously with the

initiation of the reaction.

Upon completion of the reaction test, the temperature is lowered to 200 °C, and the gas is
switched to nitrogen. This stage aims to remove all liquid from the collection and sample
apparatus. Controlling the temperature and gas switch is crucial to prevent additional
reactions and control the boiling point of guaiacol and the average HDO product to prevent
condensation. Following 60 min of N, flow, further cooling occurs in the reactor before it is

opened and the spent catalyst retrieved.

3.1.3 Materials

This work utilised various materials including gases, solvents, reactants, and catalyst pre-
cursors. For liquid reactants, guaiacol and phenol were obtained from Sigma-Aldrich, with
purities exceeding 99% for guaiacol (FG grade) and phenol (puriss grade), respectively. Gas
reactants, hydrogen and ethane, were sourced from BOC (high purity grade) and Air Liquide
(2.5 grade), respectively.

3.2 Experimental testing rig
3.2.1 Experimental testing rig description

The hydroprocessing studies were carried out in a hydrocracking setup that was created and
built in-house by Dr. Marcos Millan’s research group [146]. In the past, the system was
utilised to conduct catalytic hydrocracking trials on model compounds and HHC (residues)
derived from petroleum-based refineries, employing a hydrogen supply of exceptional purity.
The rig has the ability to handle hydrocarbon feed under high pressures, up to 250 bar. A
comprehensive description and rationale of the original design can be found in [146]. The
initial rig design was altered to meet the specific needs of this project. The rig comprises
three primary sections: (1) feeding (2) reaction zone, and (3) product separation and re-
covery, as depicted in Figure 3.3. The modifications were mostly made to the reaction and

recovery sections.

3.2.2 Feeding section

The objective of this stage is to provide hydrogen or a hydrogen source in the form of a gas

and a model compound of bio-oil in the form of a liquid to the reaction section. Figure 3.4
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Figure 3.3: In-house built hydroprocessing rig to evaluate atmospheric HDO of guaiacol
using molecular hydrogen or in-situ generated hydrogen

shows the gas feeding stage. The initial conditioning stage takes place outside the rig cabinet
via gas feeding lines, while additional conditioning happening inside the cabinet through a
gas process line. The gas feeding lines comprise a hydrogen source and intermediate lines,
with each line being regulated by manual valves to route the gases into the setup via a
mass flow controller (MFC) or a safety vent system. The hydrogen source often originates
from a gas cylinder that has the ability to supply the feed at the necessary pressure. The
hydrogen source cylinder is linked to the setup through a manifold system that incorporates
emergency mechanisms to address back pressure or pressure breaches. Furthermore, a
high-pressure conduit is provided to supply an inert gas, typically nitrogen, for the purposes
of gas dilution, leak testing, gas purging, and rig cleaning. Two mass flow controllers were
utilised to independently regulate the flow of each line. However, the combination of gases
occurs in the case of dilution after the feeding lines and before reaching the reaction zone.
The gas process line passes through a filter, manual valve, and check valve within the setup

cabinet before entering the reaction zone.

The liquid feed line originates from a feed container and flows via a syringe pump and
safety valves before reaching the reaction zone. The syringe pump is a TELEDYNE isco
model 260D, equipped with a liquid tank capable of holding 266 mL. The tank is equipped

with a cooling and heating jacket that is regulated by an external water circulation system
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Figure 3.4: Modified gas feed-line system to accommodate two mass flow control (MFC) for
safety, calibration and mixed feed experiments.

in order to maintain the liquid at the proper temperature and avoid solidification in the

1 while

case of experiments with phenol. The pump flowrate range is 0.001-90 mL-min~
maintaining a maximum pressure of 517 bar. The pump pushes the liquid to be treated
through a pipeline that is fitted with a manual valve, drain valve, and check valve. To
vaporise the HHCs, a heating wire is wrapped around the feeding line if the liquid needs to

be heated up to 150 °C. The liquid feed line and gas process line are combined into a single

input in the reaction zone.

3.2.2.1 Reaction section

The reaction section is designed for continuous up-flow fixed bed experiments. The reactor
is made of a 60-cm Inconel tube that is connected to Joule heating electrodes, serving
as a heat source. The selection of Inconel was made for processing at a high pressure of
250 bar [146]. The reactor has a distance of only 25 cm between the electrodes, which
is considered the reaction zone. The catalyst bed is located at the centre of the reaction
zone, ensuring that the temperature gradient along the bed is minimised. The reactor
volume below the bed serves as a vaporising zone for the liquid feed as well as an initial
mixing zone for the vaporised liquid and gas feeds. The volume above the bed serves as
the initial cooling stage. Undoubtedly, the reaction zone is the pivotal phase in the setup,
as it processes combustible reactants under elevated operating pressure and temperature.
Hence, the reactor is equipped with thermocouples and pressure transducers to guarantee

that the reaction is conducted at the intended temperature and pressure.
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3.2.2.2 Product separation and recovery

Following the reaction zone, the product separation section aims to enable collection of both
liquid and gas products for analysis. This section starts with a heat exchanger designed to
lower the temperature of the product stream exiting the reaction section to below 50 °C. This
cooling is achieved using a water circulation system with water fed at ambient temperature.
The pressure within the setup is controlled by a back-pressure regulator located downstream
from the condenser. Subsequently, the product can be directed either towards a sampling
collection line or a vent line, which are both controlled by manual valves. The sampling line
is further divided into distinct points for collecting liquid and gas. Similarly, the vent line
is split into a vent line for gaseous products and a storage tank for liquid products. A flow
metre is in place to monitor the flow of gases in the vent route. However, in order to measure
gas flow accurately, it is necessary to close the gas sampling valve. Notably, the sampling
collection section is situated outside the cabinet and cannot withstand high pressures. As
a safety precaution, this stage is equipped with a thermocouple, pressure transducer, and

pressure relief valve to ensure the safe execution of the sampling collection process.

3.2.2.3 Setup controllers

All the above-mentioned components are connected by a control panel and monitored via
a LabView interface for safe and improved operation. The control panel displays pressure
readings and a temperature reading inside the reactor, as well as inlet and outlet reactor
temperatures. Furthermore, the syringe pump and Joule heating are powered by the con-
trol panel. For safe operation, an automated shutdown protocol is initiated if the reaction
temperature exceeds the targeted temperature, which is indicated by a safety thermocouple.
Therefore, the safety thermocouple location, which is positioned at the reactor wall, is crit-
ical. In addition, non-responsive LabView initiates the automated protocol to account for
all hardware issues during the experiment. Manual shutdown is also designed by pressing

the designated button on the control panel.

3.3 Reactor modelling

The experimental reactor was modelled using COMSOL Multiphysics to better understand
the temperature profiles generated by Joule heating and possible reactions. This step was
taken due to significant temperature fluctuations observed in the initial experiments, which

made it difficult to maintain accurate temperature readings.
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Experimentally, the reactor operates through Joule heating, powered by a Power Ten DC
power supply (Model P62B-30100), where current flows between two electrodes. Initially, a
single thermocouple above the catalytic bed was used, but due to overheating and unstable
readings, additional thermocouples were added along the reactor wall. These thermocou-
ples, positioned at the top, centre, and bottom of the catalytic bed, provided closer monitor-
ing of temperature deviations. Two more thermocouples were placed at the top and bottom

of the catalytic bed inside the reactor. A detailed schematic of the thermocouple positions

is shown in Figure A.2.

During ethane dehydrogenation (DeH) experiments, these thermocouples revealed an axial
temperature gradient, as shown in Figure 3.5. The figure shows temperature readings for
experiments with and without SiC in Figure 3.5b and Figure 3.5a, respectively. Uniform
temperature distribution was observed during the nitrogen ramp-up phase, but noticeable
gradients appeared once ethane flow began, with reaction temperatures of 400, 500, and
600 °C. These gradients remained consistent, suggesting the reaction temperature was the

main cause, with limited improvement from SiC.
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Figure 3.5: Temperature profile for ethane DeH experiment at different locations at
NiMo/Al,O3 catalytic bed

In DeH-HDO experiments, the presence of the HDO reactant (guaiacol) further amplified the
temperature gradient and instability upon reaching the catalyst bed, as shown in Figure 3.6.
Temperature instability was observed without the use of SiC in Figure 3.6a. While adding
SiC helped control the instability, significant temperature gradients and changes in the

temperature profile still persisted as illustrated in Figure 3.6b. These gradients, combined
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with temperature profile variations, posed challenges in reactor control, likely due to the
endothermic and exothermic nature of the reactions and the heat generation mechanisms.
Consequently, reactor modeling with COMSOL Multiphysics was used to refine operational

protocols and improve temperature control.
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(a) Catalyst (b) Catalyst-SiC (1:1 weight ratio)
Figure 3.6: Temperature profile for DeH-HDO experiment at different locations at
NiMo/Al,O3 catalytic bed

3.3.1 Involved physics in COMSOL model

The model is governed by three fundamental physics: Joule heating, conduction and convec-
tion heat transfer within porous materials and fluids, and fluid dynamics. The physics are
determined by a set of equations, which are solved numerically employing the finite element
method. The primary aspect of the model is electric current, determined by Equation 1,

which accounts for the introduction and flow of current.

oD
J=0c(=VV)+ v + Je (Equation 1)
Where o is electric conductivity and V is the voltage potential. D is the measure of dielectric
properties, assumed to be measured by the relative permittivity of the materials involved in
the reaction domain. Figure 3.7 shows the voltage potential distribution along the reactor.
The voltage potential demonstrates the flow of current from the lower electrode to the up-

per electrode, under the assumption of electrical conservation and insulation around the

reactor.
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Figure 3.7: Schematic of reactor modelling depicting electrical potential distribution in
voltage

The second physics is heat transfer within the fluid and porous medium, where the fluid
represents the reactants and the porous medium represents the catalytic bed. These phe-
nomena are governed by equations Equation 2, with Equation 3 and Equation 4 included
to compute the heat capacity and thermal conductivity of the solid and fluid medium within

the designated domains.

oT
(Pcp)effﬁ + pCpu - VT =V (AeyyVT) + Q (Equation 2)
(pcp)eff = (1 = 1) Pair CPair + Tp(x1p1Cp1 + 22p2Cp2) (Equation 3)
Aepf = (1= 1) Aair + Tp(T1A1 + 22A2) (Equation 4)

Q represents the heat generated by the power supply, attributed to electrical resistivity,
while 'u’ symbolizes the flow rate. Under inert flow conditions, hydrogen serves as the fluid
within a porous medium. This porous medium exhibits properties similar to NiMo/Al,O3,

necessitating adjustments in density (p), specific heat capacity (Cp), thermal conductivity
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(A), and electrical conductivity (o).

These physics are linked by establishing a linkage between governing equations. In the the
case of electric flow and thermal transfer, 'Q’ is the linked parameter. This heat source (Q) is
integrated into the model as a charge density ranging from 1.0-5.0 x107% A-m~3, correlating

with the power supply from the generator.

To mimic the power supply and heating mechanism, a conditional equation is employed
to deactivate electric heating once the desired temperature is reached at a specific location
within the catalytic bed. This designated spot serves as the monitoring point for thermocou-
ple measurements. Additionally, an emergency safety is implemented to the hydrocracker to
avoid overshooting temperature, by terminating the power supply if the temperature in any
thermocouple reaches 100 °C above the reaction temperature. Electric heating is reinstated

once the temperature at this location decreases by 5-10 °C.

3.3.2 Model observations

Three key factors were explored to enhance temperature distribution and reactor control:
adjustments to the power supply settings, refinement of control response, and enhancement
of thermal conductivity within the reactor. These parameters collectively govern the heating
rate, localise heating density, and heat transfer. Failure to enhance these aspects can lead to
pronounced temperature non-uniformity over time. This complexity is further heightened
when multiple reactions occur simultaneously, as reaction performance typically evolves
over time. Consequently, heating parameters must be tailored accordingly to accommodate

these dynamic reaction changes.

In this investigation, current flow improvement was achieved by adjusting both voltage and
current to regulate the heating rate, with specific parameters of 1.0 V and 2.0 mA identified
as ideal for this study. Non-improved power settings influence the temperature axial and
radial gradients, which have direct effect to the reaction performance. In the model, this
parameters are assigned as a charge density measured in 1.0-5.0 x107% A-m~3. Therefore,
the setting has to be studied for each investigated mixture (liquid and gas) and the feed-
ing composition as the coupled reactions (DeH-HDO) has complex endothermic-exothermic

reactions.

Moreover, the proportional-integral-derivative (PID) power supply response parameters are
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controlled via LabView to manage the reaction temperature. A comprehensive description of
the control mechanism is given in Sivena’s PhD thesis [146]. The PID for the power supply
is kept constant in this work at P=1000, I=0.0 and D=0.01. The importance of PID to ensure
homogeneous temperature distribution while maintaining the designed reaction tempera-
ture. Inadequate PID selection leads to localised heating, and temperature overshoot caused
by gain and damping control dynamic. In the model, PID is adjusted by the the tempera-
ture deviation range, where the supply switches on/off. Localise heating in influenced by
the combining by all the parameters. PID has to ensure sufficient timing for heat transfer
between reactor wall and temperature at the middle of the reactor - where temperature is

measured.

Table 3.1: The impact of power supply and response on temperature distribution for 30-min
run after achieving a steady state in a reaction zone containing NiMo/Al;O3

Case Power! [Normalised] Temp. deviation [°C] Temp. distribution [°C]

Al 1.0 5.0 28

A2 1.0 7.0 severe localised heating?
A3 1.0 10 severe localised heating
A4 1.0 15 55

B.1 0.5 10 33

B.2 1.1 10 38

B.3 0.9 10 40

B.4 1.5 10 35

! Power is represented by charge density of 4.5 x10™® A-m ™3 for a base-case, where normalisation it relative to
the base-case.

2 Severe localised heating denotes a scenario where the temperature at the wall surpasses the safe operating
temperature.

In Table 3.1, the term "severe localised heating" denotes a scenario where the temperature
at the wall surpasses 650 °C (the safety temperature), while the temperature inside the cat-
alytic bed decreases due to slow heat transfer from the wall to the interior. An illustration of
a severe localised heating scenario is provided in Figure 3.6a, where the temperature inside
the reactor drops to 250 °C, despite the targeted temperature being 550 °C. In this case, the
power supply continuously adds energy, resulting in localised heating in the reactor wall.
Table 3.1 demonstrates that both temperature deviation and power supply influence each
other, with no independent correlation for each parameter with temperature distribution.
Therefore, tuning these parameters is crucial. Nonetheless, a temperature range of 5.0 °C

is considered suitable for setting PID control.

To mitigate the risk of localised runaway reactions, enhancing thermal conductivity inside

the reactor is identified as a critical parameter for improving temperature distribution. The
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objective is to facilitate more efficient heat transfer from the reactor wall to the catalytic
bed. When the controlled temperature is within the bed, localised heating can occur if the
thermal conductivity lags behind the heating response, resulting in significant temperature

gradients from the wall to the centre of the catalytic bed.

One strategy to improve thermal conductivity involves incorporating SiC into the porous
medium of the catalyst bed. This modification aims to enhance the thermal conductivity of
the catalytic medium. Specifically, the thermal conductivities for SiC and the catalyst are
specified as 19.2 and 130 J-kg-K~!, respectively. Detailed calculations for determining the
properties of the catalytic medium are provided in Appendix A.3. Figures 3.8a and 3.8b
operate under Case A.3 conditions but with two different catalytic bed compositions. The
addition of SiC offers notable advantages in maintaining the catalytic bed temperature due

to its high thermal conductivity.
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Figure 3.8: The temperature profile at various locations within the NiMo/Al;O3 catalytic
bed, as generated by COMSOL.

The periodic oscillations in the reaction temperature, as shown in Figure 3.8, result from
continuous adjustments made by the model's controller. This controller mimics the be-
haviour of the experimental PID system by activating or deactivating the heating element
when the temperature deviates by 5.0 °C from the set point. This control mechanism was
incorporated into the model to replicate the experimental behaviour, as improper PID tuning
can adversely affect the temperature profile. The oscillatory pattern observed in the model
closely mirrors that seen in the experimental temperature profiles, thereby enhancing the

accuracy of the model’s predictions.
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The selection of the 1:1 catalyst-to-SiC ratio is based on an analysis of different SiC load-
ings, as shown in Table 3.2. At a temperature deviation of 10 °C, increasing the SiC loading
significantly reduces the temperature variation across the catalytic bed, from a 40 °C spread
at 7% SiC loading (C.5) to 30 °C at 50% loading (C.2). Notably, in a similar condition with no
SiC (A.3), severe localised heating was observed. While no improvement in temperature dis-
tribution was seen at a 5.0 °C deviation, SiC remains crucial because even a slight increase
in temperature deviation to 7.0 °C without SiC resulted in localised heating. In contrast,
with 50% SiC, no localised heating occurred even with a temperature deviation of up to 10
°C.

Table 3.2: The impact of SiC addition on temperature distribution for 30-min run after
achieving a steady state in a reaction zone containing NiMo/Al,O3

Cases SiC loading Power Temp. deviation Temp. distribution [°C]
[Normalised] [°C]

C.1 50% 1.0 5.0 28

C.2 50% 1.0 10 30

C.3 25% 1.0 10 33

C.4 13% 1.0 10 severe localised heating

C.5 7% 1.0 10 40

! Power is represented by charge density of 4.5 x10™® A-m ™ for a base-case, where normalisation it relative to
the base-case.

2 Severe localised heating denotes a scenario where the temperature at the wall surpasses the safe operating
temperature.

Experimentally, while Figure 3.5a depicts a seemingly smooth temperature profile for ethane
DeH, it lacks precise insight into the actual reaction temperature. To address this limita-
tion, a redesign of the reactor feed-line was implemented, enabling the installation of a
thermocouple below the catalyst bed. This modification provides a more accurate indica-
tion of the reaction temperature, as shown in Figure 3.5b. Notably, the temperature within
the reactor below the catalytic bed highlights the endothermic nature of the reaction, with
temperatures surpassing those observed above the catalytic bed. In addition, Figure 3.6b
shows DeH-HDO with SiC where the temperature profile is better controlled and stable.
The change in temperature gradient profile is attributed to the addition of endothermic re-
action which is expected to influence the outlet temperature corresponding to the degree of

endothermicity.

Consequently, based on the reactor model, the experimental catalyst bed is physically mixed
with SiC to mitigate the axial temperature gradient resulting from poor thermal conductiv-

ity. Additionally, as depicted in the figure, the coupled DeH-HDO temperature is influenced
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by the integration of both exothermic and endothermic reactions. Thus, obtaining a temper-
ature reading above the catalyst bed (the outlet temperature) is considered inappropriate.
Consequently, an additional thermocouple is installed below the catalyst bed and designated

as the primary indicator of reaction temperature.

3.4 Mass balance and product analysis

The performance of the DeH-HDO coupling is evaluated by quantifying gaseous and liquid
products, as well as solid deposition. In HDO experiments involving the use of molecular
hydrogen, all resulting compounds are derived from hydrodeoxygenation (HDO). However,
during DeH-HDO experiments, ethane DeH contributes to gaseous products and carbon
deposition, in addition to HDO. Nevertheless, liquid products are presumed to originate

from HDO unless specified otherwise.

In ethane DeH experiments, it is assumed that the conversion of ethane to a liquid prod-
uct such as benzene via dehydroaromatisation (DeHA) does not occur. This assumption is
derived from the lack of any visible evidence of liquid product generation in ethane conver-
sion experiments conducted in the absence of bio-oil feed. Therefore, due to the complexity
of the coupled reaction system, a weight-based mass balance with over 75% recovery was
considered acceptable, as some materials (such as water) could not be measured with the
available methods. However, aromatic-based mass balances achieved over 95% recovery,
assuming that the solids formed on the catalyst surface were primarily polyaromatics. An
overview of the extracts obtained from the reaction result is provided in Figure 3.9, and it

is further explained in the following sections.
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Figure 3.9: Reaction product extracts collection, preparation and quantification techniques
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3.4.1 Gaseous product: GC-TCD

The gaseous product is collected in gas bags and analysed using a PerkinElmer Clarus 500
gas chromatograph (GC) with a thermal conductivity detector (TCD). A Carboxen TM 1010
PLOT capillary column supplied by SUPELCO is employed as it is capable of separating
permanent gases, alkanes, and alkenes flowing with Ar as the carrier gas. TCD detector
and injector temperatures are both set to 150 °C. Data obtained from TCD are analysed to
quantify the feed and product concentrations. The concentrations are calculated based on
calibration curves created for all of the available gases in the product. More information on
the instrumentation and calibration curve can be found in Appendix B.1. Feed conversion is
evaluated by Equation 5. Product selectivities are measured based on concentration ratios

to the feed concentration.

X; = Fing = UlFou ;m[‘j Fout (Equation 5)
CyH .
ScoH, = Z[: [2H 64% (Equation 6)

Where X; refers to the feed conversion, which is hydrogen or ethane in this study. F;, and
F,.: refer to the inlet and outlet flow rates, respectively, measured in mL-min—!. Ethylene
selectivity is calculated based on Equation 6, where [HC] refers to the concentration of gen-
erated hydrocarbon molecules: methane, ethylene, propane, and propylene. In this work,
the degree of DeH is also evaluated based on the ethylene-to-ethane ([CoH4]IC2Hg] 1, Cy7/C9)
volumetric ratio in the product (yield). It is also used to capture possible ethane production
from the liquid phase caused by the de-methylation mechanism. The ratio also avoids the

complexity of quantifying ethane in conversion in the coupled DeH-HDO.

3.4.2 Liquid product: GC-FID

Liquid samples are continuously collected in 5 mL vials and analysed using a Clarus 500
gas chromatography system from PerkinElmer, equipped with a flame ionisation detector
(FID) and an HT5 column from SGE. The column dimensions are 25 m in length, 0.32 mm
in diameter, and 0.1 pym in thickness. To facilitate better detection and separation in the

column, the liquid product is diluted in acetone. The oven and detector temperatures are
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set to reach up to 300 °C and 250 °C, respectively. Analysis of the collected liquid samples
is conducted to calculate the conversion (Equation 7) and selectivity (Equation 8), based
on reactants and products in the outlet. Additional information on the instrumentation
and calibration curves can be found in Appendix B.2. The liquid inlet in all experiments

comprises 100% guaiacol, unless indicated.

Xova = (1 —[GUA]out) x 100 (Equation 7)
S; = _ [ow x 100 (Equation 8)
1 — [GUA]out

Where X4 represents guaiacol conversion, and S; denotes the selectivity of component
i. [i] and [GUA],,; represent the normalised concentrations of targeted components in the
liquid product. Note, this conversion excludes the conversion to produced solids: heavy
condensate and carbon deposition. This approach is used due to non-linear carbon forma-
tion during the run. In addition, there are two sources for solid formation, alkane DeH, and
guaiacol HDO, which increase the difficulty to distinguish the carbon deposition source.

Undesirable solid formation is measured independently, as discussed next.

To identify components present in liquid samples observed by FID, a Nexis GC-2030 SHI-
MADZU GC equipped with an MS detector is used. The samples are filtered and diluted in a
20:1 weight basis chloroform-to-sample ratio. The mass spectroscopy (MS) detector is oper-
ated with a mass range of 40 - 300 m/z. The peaks in the MS spectrum are identified using
software provided by SHIMADZU containing built-in libraries. The GC is also equipped with
a FID detector, where the peaks are matched and compared with the main GC-FID used in
this work, as explained in Section 3.4.2. The GC method program can be found in Appendix

B.3.

The degree of HDO is also measured in terms of oxygen per aromatic ring (O:A) ratio, in-
dicating the number of oxygen atoms per aromatic ring present for each component in the
product and adjusted based on the selectivity of each component. This is referred to as O:A
in the product (on a selectivity basis), where the liquid O:A (on a yield basis) accounts for

unreacted bio-oil model compound, mainly guaiacol.
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OAproduct = Z Sz (E) (Equation 9)

OAjiquia = Z XevaSi(Fi) +2(1 — Xaua) (Equation 10)

Where F; is the ratio for oxygen-per-aromatic in component i. For instance, guaiacol and
phenol have F of 2.0, and 1.0, respectively. The peaks in the GC-FID are identified using a
GC-MS. Information of used GC-MS is available in Appendix B.3.

3.4.3 Solid deposition: TGA

Following the experimental run, the catalytic bed is manually extracted from the reactor.
Subsequently, a solvent washing process is conducted on the spent catalyst. The subse-
quent step involves placing the recovered spent catalyst in an oven set to 80 °C to facilitate
the evaporation of any residual solvent. Once the solvent has evaporated, the collected and
dried spent catalyst undergoes analysis using TGA. This analysis aims to quantify the de-
position in terms of condensate formation, denoted by Equation 11, and the extent of coke
formation, represented by Equation 12. Condensate deposition refers to solid deposition
that is desorbed from the catalyst surface in an inert environment (nitrogen flow) up to 500
°C, whereas coke deposition is deposition that requires combustion under an air flow up to

800 °C.

M; — My, .
Condensate(g/gcat) = m (Equatlon 1 1]
My, — M, .

Where M; corresponds to the initial weight of the spent catalyst after the moisture removal
step. M;, represents the weight of the spent catalyst after heating up to 500 °C in an inert
environment, and M, indicates the remaining weight of the spent catalyst after combustion

1

using an air flow of 40 mL-min—". W,,; represents the increase in catalyst weight due to

oxidation measured by oxidising reduced catalysts in TGA. A detailed description of TGA
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method and a sample of the obtained weight and temperature profile is available in Appendix

B.4.

3.4.4 Data Reliability and Repeatability

In this thesis, data reliability was ensured through continuous and periodic calibration of
analytical instruments using calibration standards for the TCD, FID, and TGA. Appendix
B provides more details on the calibration procedures. To ensure repeatability, each ex-
periment and analytical measurement was performed in duplicate. In cases where signifi-
cant deviations occurred between measurements, a third run was conducted for validation.
Consequently, all reported data represent the average of at least two measurement runs,

ensuring reproducible outcomes.

3.5 Solid catalyst characterisation techniques

3.5.1 X-ray diffraction (XRD)

XRD analysis was conducted in PANalytical X'Pert Pro X-ray diffractometer equipped with
Cu Ka radiation (A = 1.5406 A). The XRD is used to identify crystalline phases of metal
oxides. The XRD was operated at voltage and current of 40 kV and 20 mA, respectively. The

data collection set range of 5° to 90° with a step size of 0.033° and a scan speed of 2° min—!.

3.5.2 X-ray fluorescence (XRF)

XRF analysis was conducted using to quantify metal and metal oxides of both catalyst sup-
port and active site using Epsilon 3 benchtop XRF spectrometers from PANalytical. The
used XRF features a high resolution silicon drift detector. The XRF is equipped with metal-
ceramic tube and used energy setting is 20 kV and 2 mA.

3.5.3 Brunauer-Emmett-Teller (BET)

Micromeritics TriStar 3000 surface area and porosity analyzer was used with nitrogen as
adsorbent for the isotherm measurement to evaluate surface area and porosity character-
istic. The TriStar software calculates pore size assuming uniform cylindrical pores using

measured area and volume (4V/A).

3.5.4 Scanning Electron Microscopy — Energy Dispersion
X-Ray (SEM-EDS)

A Zeiss Auriga SEM is used to visualise coke formation on spent catalyst samples. The SEM

is fitted with an Oxford Instruments INCA dispersive x-ray spectroscopy (EDS) to conduct
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chemical composition analysis to determine carbon formation on active sites. The range of

used SEM resolution and magnification is 10-20 nm, x1000-250,000, respectively.

3.6 Operating conditions

The determination of process parameter ranges in the experimental activity is guided by
considerations of the experimental rig limitations, principles of thermodynamics, and in-
sights from literature reviews. Chapter 2 discusses that the temperature range of 250-350
°C is the most investigated for HDO due to hydrogenation mechanisms, whereas alkane
DeH typically initiates at higher temperatures, around 450 °C. Accordingly, a temperature
range of 500-600 °C is selected for the DeH-HDO coupling, where ex-situ HDO experiments
conducted across temperatures ranging from 300 to 600 °C. The influence of pressure on
the HDO reaction mechanism is significant, as it shifts from the hydrogenation of aromatic
rings followed by hydrogenolysis of oxygenated functional groups to a direct hydrogenolysis
process based on thermal equilibrium. Additionally, preliminary experiments have shown
that temperatures exceeding 250 °C can lead to frequent condensation in the rig due to lig-
uid condensation, attributed to the low melting points of guaiacol and phenol (26°C and 40
°C, respectively, at atmospheric pressure), which decrease further under elevated pressure.
Any heating failure may lead to the accumulation of HDO feed, causing blockages in the
rig. Catalyst loading plays a pivotal role in conversion kinetics, where insufficient loading
can hinder conversion rates, while excessive loading may lead to the formation of unde-
sired by-products. In the context of DeH-HDO, inadequate catalyst loading may impede the
efficiency of the HDO process. Conversely, excessive catalyst loading, despite accelerating
hydrogen production rates, can promote undesirable side reactions such as excessive DeH of
alkanes to alkynes or facilitate the cracking mechanism. Moreover, ensuring homogeneous
heat distribution throughout the catalytic bed is critical for ensuring data accuracy and
reliability. Higher catalytic loading may compromise temperature measurement precision,
particularly in systems like the hydrocracker rig, which employs Joule heating technology

and may affect temperature distribution in reactors with high loading.

Flow rates of liquids and gases are expressed in terms of moles per hour to accommodate
volume changes during phase transitions for liquids. The use of hours to denote time aligns
with gas and liquid space velocities, quantified as the molar rate per catalyst weight on

an hourly basis. Controllers were custom-built to regulate volumetric flow rates, ensuring
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Table 3.3: List of varied parameters for HDO and DeH experiments

Operating parameters

Conventional HDO DeH-HDO "in-situ"

"ex-situ"
Liquid space velocity mol-g(;lt-hfl 0.05 - 1.00 0.05 - 1.00
Liquid flow rate mL-min—! 0.25-2.0 0.10 - 2.0
Gas space velocity mol-g_-h~! 0.10 - 2.7 0.05 - 0.5
Gas flow rate mL-min—! 100 - 1000 50 - 200
Temperature °C 350 - 600 500 - 600
Pressure bar 1.0 - 25.0 0.5-1.0
Catalyst loading g 1.0 - 3.0 1.0-5.0

consistency in both in-situ and ex-situ evaluations, with conversions to moles as neces-

sary. In Table 3.3, the term "conventional" denotes ranges specified for hydrogen usage as

a hydrogen source, while "in-situ" refers to the utilisation of alkane, specifically ethane, as

a hydrogen source in this context.
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Chapter 4

The Potential of HDO of Bio-oil
Derivatives via In-situ Hydrogen

Generation

4.1 Introduction

This chapter is dedicated to assessing the feasibility of coupling alkane DeH and bio-oil HDO
within a single catalytic bed. Given the limited literature on this specific coupling, the chap-
ter serves as a foundational exploration to understand its potential. The coupling focuses on
the two reactions involving ethane and guaiacol as illustrated in Reactions 6 and 7. Guaiacol
is selected as a representative model compound for lignin-derived mono-aromatics obtained
from fast pyrolysis, notable for its two distinct oxygenated functional groups: methoxy and
hydroxy [37]. Traditionally, HDO processes have operated at high pressures of molecu-
lar hydrogen to eliminate these oxygenated functional groups [95]. However, recent trends
favour atmospheric pressure processing [24], [85], [92], [96], [142], [147], which aligns well
with the requirements of DeH-HDO integration. This shift arises from the favourable equi-
librium conversion at low pressures and high temperatures, making atmospheric pressure

conducive to the DeH-HDO framework [82], [140].
CoHg + CoHy + Hy AH= + 136 kJ-mol ! (R6)

C7HgOs + 3Hy — CgHg + 2H50 + CHy AH= — 206 kJ-mol ™! (R7)

The proposed coupling theoretically enhances both reactions by continuously removing hy-
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SECTION 4.1. Introduction

drogen produced via alkane DeH through HDO. The consumption of hydrogen drives the
equilibrium conversion towards increased hydrogen and ethylene formation. This mecha-
nism emulates membrane reactors, where alkane DeH has exhibited potential due to hydro-
gen removal. Several published works have reported surpassing the equilibrium conversion
of alkane DeH through hydrogen removal to the permeate side in membrane reactors [19],
[20]. Moreover, this coupling aims to enhance HDO by generating reactive hydrogen from
ethane (CoHs—H), which requires lower thermal dissociation compared to molecular hydro-
gen (H-H). Figure 4.1 illustrates the potential hydrogen transfer between the two reactions

within a single catalyst.

272
I
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L CHs CH, QCH3DH
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Figure 4.1: A schematic of the combined reaction of in-situ HDO via alkane DeH of ethane

In order to accomplish the coupling objective, four distinct catalysts are examined in this
chapter: PNiMo/Al;O3 (PNiMoAl), NiMo/Al;O3 (NiMoAl), MoO3 (MoQOs3), and Cr/Al,O3 (CrAl).
These catalysts are chosen based on their reported effectiveness, primarily for HDO, with
the exception of CrAl, which serves as the catalyst for ethane DeH as discussed in Chapter

2.

4.1.1 Chapter structure

This chapter commences by understanding the potential advantages of studying this cou-
pling in Section 4.1.2. Experimentally, to establish a baseline for utilising the catalysts in
the hydrocracker configuration described in Section 3.2 for conventional HDO, an investiga-
tion into the HDO process under elevated pressures of up to 25 bar and a moderate temper-
ature of 400 °C was carried out and is presented in Section 4.3. Section 4.2 demonstrates
catalyst preparation and characterisation. Similarly, to establish a baseline for ethane DeH,
the chapter explores thermal DeH to ascertain the minimum temperature required for the

reaction and assess the catalyst performance in Section 4.4.

74



CHAPTER 4. THE POTENTIAL OF HDO OF BIO-OIL DERIVATIVES VIA IN-SITU
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Subsequently, the chapter analyses the experimental outcomes concerning the tandem be-
tween HDO and DeH in both thermal and catalytic setups, utilising the previously men-
tioned catalysts: NiMo-based catalysts in Section 4.5.2, MoOj3 in Section 4.6, and CrAl in
Section 4.7. The study compares externally supplied molecular hydrogen, referred to for
short as "ex-situ" hydrogen, with hydrogen generated in ethane DeH, termed "in-situ" hy-
drogen, as the catalysts are examined. Given that this coupling represents a novel approach
to creating an effective synergy between two reactions with distinct thermodynamic equilib-
rium behaviours as a function of temperature and pressure, a range of operating conditions

are considered.

4.1.2 Understanding the coupling potential

4.1.2.1 Thermodynamic effects on the DeH-HDO coupling

The integration of alkane DeH with bio-oil HDO ("in-situ" HDO) poses challenges in terms
of thermodynamics since each mechanism requires a different pressure and temperature
range. Alkane DeH favours low pressure (<1 bar) and high temperature to maximise alkenes
and hydrogen production, as shown in Figure 4.2. Generally, the longer the alkane chain,
the lower the temperature requirement to reach acceptable DeH conversion. However, longer
alkanes carry a higher possibility of alkane cracking producing undesirable alkanes and
methane caused by by the lower energy dissociation energy for C-C for larger alkanes [125].
The cracking products are undesirable since they consume or limits hydrogen formation
that is required for HDO. For example, using propane for alkane DeH as an H-donor might
produce less hydrogen if propane undergoes cracking mechanisms. In summary, although
ethane requires a higher temperature, it has a better H/C ratio, its side reaction is limited

to ethane cracking into methane, and it is relatively easier to study for concept validation.

On the contrary, the process of HDO of oxygenated aromatics follows the hydrogenation
of the aromatic ring prior to hydroxy group removal. This order is due to the dissociation
energy of aromatic-OH requiring higher energy than cyclohexane-OH. Therefore, phenol-to-
cyclohexanol hydrogenation favours low temperatures and high pressure from a thermody-
namic perspective. Additionally, from a thermodynamic perspective, phenol, as the simplest
oxygenated aromatic, requires 3 moles of hydrogen, which are limited by alkane DeH even
at high temperatures and low pressure systems. Therefore, thermally, integrating both re-
actions is challenging in the absence of a catalyst. Ideally, the required catalyst or catalytic

system must exhibit both activity and selectivity for the involved reactions. Initially, a cat-
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Figure 4.2: Thermodynamic analysis of ethane DeH, and phenol hydrogenation and hy-
drogenolysis at different operating temperatures and pressures using Peng-Robinson model
in Aspen Plus®

alytic system that can selectively drive ethane conversion towards ethylene and hydrogen
instead of methane formation by C-C bond cleavage. Theoretically, methane doesn’t only af-

fect the product value of ethane DeH but also consumes hydrogen, hence restricting HDO.

Furthermore, the required catalytic system must be active and selective for HDO by de-
riving the reaction to remove oxygenated functional groups directly to BTX and limiting
hydrogenation-deoxygenation-dehydrogenation (indirect HDO). The indirect HDO consumes
a larger amount of hydrogenation and adds another type of product: saturated aromatics.
Thus, an adequate catalytic system is critical to selectively maximise ethylene and hydro-
gen from the alkane DeH and direct guaiacol to the deoxygenation of aromatic rings without

causing ring saturation.

4.1.2.2 Beyond thermodynamic limitations

This section investigates the synergistic effects of alkane DeH and bio-oil HDO using a COM-
SOL Multiphysics model. The model uses ethane alkane DeH to ethylene and hydrogen and
phenol HDO to benzene. Assuming independent kinetics based on published activation
energy and reaction constants, the model aims to visualise the improvement in alkane con-
version with continuous hydrogen consumption (Figure 4.3). Venkatesan et al. reported
detailed kinetics parameters for HDO of oxygenated aromatics including phenol in a zeolite
catalyst [148]. At 600 °C, the figure shows that a low phenol-to-ethane molar ratio limits
phenol conversion to benzene, despite hydrogen presence. Operating in adiabatic mode at

this temperature results in limiting ethane conversion to 24%.
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Figure 4.3: The effects of operating DeH-HDO in a single reactor bed using first order
reaction for each reaction independently using COMSOL Multiphysics: ethane (A), ethylene
(»), hydrogen (<), phenol (W), benzene (()), water (%) and outlet temperature ()

Increasing the phenol-to-ethane ratio to 1.0, while maintaining identical reaction kinetics
leads to notable improvements in ethane and phenol conversions, along with a higher hy-
drogen consumption rate. Additionally, the higher phenol flow resulting in an increased
degree of HDO leads to a significant enhancement in the net energy consumption across
the reactor, as demonstrated by the outlet temperature in Figure 4.3. Furthermore, Figure
4.4 studies outlet reaction temperature with an increased phenol-to-ethane ratio. Hence,
determining the experimental condition is necessary to maximise the synergistic effects.
In summary, the integrated reactions exhibit synergistic effects that include thermal and

material benefits shown by outlet reaction temperature and alkane conversion, respectively.
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Figure 4.4: Outlet temperature of coupled DeH-HDO in a single catalytic bed using at
different phenol/ethane molar ratio calculated by COMSOL Multiphysics
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4.2 Catalyst preparation and characterisation

The catalytic bed is prepared with the aim of obtaining good reactivity from thermal and
kinetic perspectives. For thermal axial uniformity, the catalytic bed consists of quartz wool
layers sandwiching the catalyst bed to preserve a specific position where the joule heating
temperature profile is flat. From a Kkinetics perspective, all catalysts were crushed and
sieved to sustain a specific particle size range of 150-212 um, unless indicated otherwise,
to mitigate mass transfer limitations. Prior to the experiment, nitrogen and hydrogen were
used to pre-treat and activate the catalyst, respectively. For moisture removal, nitrogen
circulated through the catalytic bed at a rate of 8.2 mmol-min—! and a temperature of 200
°C for one hour. The reactor was then heated at a rate of 20 °C min—!. Next, the catalytic bed
underwent two hours of in-situ hydrogen reduction at the reaction temperature to activate
the catalyst and ensure that the oxide form of the metal oxide catalyst does not initiate an

oxidation reaction.

This work considers the impact of phosphorus (P) on alkane DeH performance to gain in-
sights into coke formation resulting from both reactions. Additionally, MoOs is examined
due to its significant relevance to HDO. All catalysts undergo crushing and sieving to at-
tain the desired particle size. The employment of high-loading metal catalysts (as shown in
Table 4.3 ) broadens the range of active sites for HDO and mitigates the effect of support
acidity, which could lead to increased coke formation. Moreover, this chapter investigates

the utilisation of a CrAl catalyst for alkane DeH to elucidate its role in the coupled system.

NiMoAl

L A A A

PNiMoAl

Intensity a.u.

MoO,
Support A
Metal oxide ®
10 20 30 40 50 60 70 80 90

20, angle
Figure 4.5: XRD for investigated catalysts in this chapter: MoOs, NiMo/Al,O3 (NiMoAl),
and Cr/Al,O3 (CrAl) and P-NiMo/Al; O3 (PNiMoAl).
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The obtained XRD patterns for the investigated catalysts reveal the presence of active sites
and the support material. For Ni-Mo supported on alumina, the XRD pattern indicates that
the catalyst is amorphous, despite the high metal oxide loading, in contrast to MoO3;, where
the crystalline structure is observed. The XRD analysis confirms that Ni-Mo is supported on
~v-alumina, as evidenced by peaks at # angles of 46°and 68°, which have also been observed

in other studies [149]-[151].

Despite the amorphous nature of Ni-Mo catalyst, the molybdenum oxide phase is identified
by a characteristic peak at 28°, as seen in MoOs; and consistent with the XRD analysis
conducted by Zhang et al. for Ni-Mo catalyst supported on alumina [150]. The interaction
between Ni and Mo in the NiMoO, phase is evident from a single peak observed at 14.3°,
although another peak around 29° could not be detected [151], [152]. Furthermore, NiO
could not be detected due to its relatively low loading, which does not rule out the presence of
NiO before reduction, as it predominantly converts to NiMoO, after reduction. XRD analysis
of the bulk MoOs3 utilized in our study did not reveal any signs of oxide phases like MoO,
or Mo4O;; based on peaks provided by [147]. These specific phases are formed during the
pre-reduction process employing hydrogen, and they are of paramount importance for HDO
due to the significant role played by oxygen vacancies in the reaction [96], [147]. Zhang
et al. concluded that oxygen vacancy is the active site for the hydrogenolysis of phenol to

benzene [147]. Non-reduced MoO3 has weak HDO compared to Hs-treated catalyst [147].

Table 4.1: Physicochemical properties of investigated catalysts in this chapter

BET surface Average volume Average pore

area (m?.g71) of pores (m?.g~!) diameter (nm)
PNiMo/Al;O3 PNiMoAl 127.0 0.38 11.4
NiMo/Al,O3 NiMoAl 181.1 0.58 9.2
MoO; MoO3 2.70 0.01 3.3
Cr/Al,O3 CrAl 53.5 0.22 14.9

According to the XRF measurements, the phosphorus modified NiMo has a higher concen-
tration of metal oxide (active site) on a weight basis. This results in a lesser amount of
acidic alumina support, as shown in Table 4.3. The increase of metal oxide loading leads to
a decrease in the BET surface area and the average volume of pores for the PNiMo catalyst
due to the existence of active sites on the highly porous alumina substrate. Consequently,
the reactivity results of both catalysts are influenced by the presence of various, more active

sites and a less acidic support, as well as the impact of phosphorus modification. Moreover,
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this phenomenon is also seen in the case of the Cr catalyst. T.Xing et al. demonstrate that
the decrease in surface area of Cr-alumina is directly proportional to the increase in Cr
loading. This observation is consistent with the obtained value of 53.3 m? g~! by BET for a

chromium oxide content of 36.4%.

4.3 Conventional HDO at elevated pressures using
NiMO/’y-AIQO?, (NiMOAl)

Experimental investigations in this work started by employing conventional HDO with molec-
ular hydrogen at relatively moderate conditions, with temperatures held at 400 °C and pres-
sures of 5, 9, and 25 bar. It is important to note that these pressure ranges were considered
relatively low when compared to the conventional HDO processes discussed in the litera-
ture review chapter. These experiments utilised NiMoAl catalysts, a widely recognised choice
for hydrotreatment applications. The selected temperature was situated at the higher end
of the HDO temperature range, approaching the lower limit for alkane DeH. These initial
experiments were designed to establish a reference point, assess the performance of the
experimental setup, and make preliminary parameter choices. In this specific section, gua-
iacol was processed with an excess of hydrogen, maintaining a 5.0 hydrogen-to-guaiacol
molar ratio (H:G). Table 4.2 indicates the performance of guaiacol HDO at targeted operat-

ing conditions.

Table 4.2: Guaiacol HDO at 400 °C at elevated pressures with Hy/GUA molar ratio of 5.0
and GHSV of hydrogen of 2.7 mol-g__!-h~! using NiMo/~-Al,O3 for TOS of 120-min.

cal

Pressure GUA conversion  BTX selectivity Condensate Coke deposition
bar vol% vol% g/8cat 8/8cat

5.0 8.7 1.87 0.476 0.495

9.0 9.5 19.3 0.375 0.437

9.0' 9.2 22.8 - -

9.02 6.2 0.21 - -

25.0 12.1 10.5 0.270 0.079

25.02 6.9 3.9 - -

! Hydrogen GHSV= 1.35 mol-g_,},-h™*

2 Hydrogen GHSV=0.8 mol-g_,,-h™', H:G= 1.0

In general, experimental observations at a molar ratio of 5.0 for hydrogen to guaiacol (H:G)
in the feed indicate BTX formation at the studied pressures, despite the relatively low con-
version rates. Therefore, the effects of altering the molar flow and gas space velocity on
guaiacol conversion and BTX formation were explored. In principle, the limited conversion

can be attributed to operating pressures, as thermodynamics suggest that hydrogenation is
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favoured at higher pressures and lower temperatures, while in this work experimental tem-
perature is moderate for hydrogenolysis mechanisms. Regarding guaiacol conversion, the
results clearly show an increasing trend as operating pressure rises. This increase in pres-
sure results in reduced coke deposition as a consequence of enhanced hydrogen reactivity
for HDO. Improved hydrogen reactivity implies that available reactive hydrogen effectively
prevents the polymerisation of adsorbed phenolic compounds, thus reducing coke forma-
tion on the catalyst surface, which has been referred to as a "condensate pool" by Li et al.
[142]. The condensate content, which refers to solid deposition on the catalyst that des-
orbed at high temperature in an inert environment measured as described in Section 3.4.3,
also increases at lower pressures, but the variation in condensation at different pressures
is within a 20% range and does not correlate with coke deposition. Yet, Xiong et al. pro-
posed that condensate generated from oxygenated aromatic is generated at low and high

temperature, but has low oxygen content [142].

This observation provides evidence that the catalytic system remains active and controls
the conversion and selectivity, with guaiacol conversion primarily driven by the adsorption
at the active sites. The condensate ratio indicates the rate at which oxygenates accumulate,
ranging from 0.4 to 0.47 g per g of catalyst. Regarding BTX formation, a significant increase
in BTX selectivity is observed when the pressure is increased from 5.0 to 9.0 bar, reaching
a tenfold increase. At 9.0 bar, despite a GHSV of 1.35 mol-g_.-h~! and the same H:G ratio
of 5.0, an 18% BTX selectivity was achieved, with no noticeable improvement in guaiacol
conversion. This underscores the saturation of the catalyst bed with condensate, limiting
further enhancements under these operating conditions. Another noteworthy observation
at 9.0 bar, highlighting the significance of hydrogen, involves operating at a stoichiomet-
ric H:G ratio of 1.0. Despite the reduced GHSV, guaiacol conversion and BTX selectivity
decreased. Interestingly, further increasing the pressure to 25.0 bar does not result in a
higher BTX selectivity, despite the conversion increasing to 12.1%, as depicted in Table 4.2.
This observation suggests that hydrogen plays a crucial role in preventing coke deposition.
Similar to the operation at 9 bar, transitioning to a stoichiometric H:G ratio of 1.0 with a
lower GHSV led to a decline in guaiacol HDO performance. The impact on guaiacol conver-
sion and the formation of BTX over a 120-min period at varying pressures is illustrated in

Figure 4.6.

At both 5 and 25 bar, guaiacol conversion experiences a 50% reduction due to catalytic
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Figure 4.6: Guaiacol HDO at 400 °C at elevated pressures with hydrogen-to-guaiacol molar
ratio (H:G) of 5.0 and 1.0 g of NiMo/~-Al;O3 for TOS of 120-min.

deactivation. Although coke deposition is low at 25 bar, noticeable declines in guaiacol
conversion and BTX selectivities are observed. Notably, no heavy hydrocarbons, such as
naphthalene, were detected in the liquid product at 25 bar, unlike other pressure condi-
tions, suggesting that condensation might obstruct active sites, given the nearly consistent
condensate rate across all pressures, leading to deactivation. Another contributing factor is
the excessive reduction of catalytic active sites, which eliminates oxygen vacancies for HDO.
Oxygenated functional groups from guaiacol adsorb onto these vacancies and are subse-
quently reduced by the flowing hydrogen. However, excessive hydrogen flow can result in
over-reduction, potentially altering the phase of Mo oxide from an active to a less active
state. Zhang et al. reported a decrease in conversion from 68.5% in the reduced case to
63.6% for MoO3, the primary active site in the investigated catalyst on a weight basis [147].
Over-reduction also led to a decline in BTX formation [147]. Deactivation due to sintering
effects, especially for Ni active sites, is mitigated by the relatively low operating tempera-
ture of 400 °C, compared to reforming processes where sintering is a dominant deactivation
mechanism. Furthermore, the use of a bimetallic NiMo system allows for enhanced HDO,
as metal dispersion reduces the agglomeration of active sites, in contrast to single metal
active sites [86]. Additionally, surface area analysis using BET did not reveal significant

changes in the surface area of spent catalysts after regeneration using TGA.
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4.4 Ethane dehydrogenation (DeH)
4.4.1 Thermal ethane DeH

The reported catalysts in this work were examined for non-oxidative ethane DeH with no
HDO to build a baseline for DeH-HDO coupling. Since DeH of ethane as well as HDO of
guaiacol may occur thermally and be affected by the reaction temperature, the catalysts
are diluted in 1:1 weight ratio with SiC to maintain axial and radial homogeneous temper-
ature distribution in the catalytic bed. Therefore, to distinguish the thermal and kinetic
effects on ethane conversion, and ethylene selectivity to methane as higher hydrocarbons,
SiC was thermally investigated as an inert bed material. Figure 4.7 illustrates ethane to
ethylene yield on temperature-programmed alkane dehydrogenating using a SiC catalytic
bed as a non-reactive system. Ethylene formation exponentially increased with increasing
the temperature up to 700 °C. Increasing the temperature by 20 °C resulted in a two-fold
increase in ethylene formation rate emphasising the importance of maintaining a uniform
temperature axially and radially within the reactive zone. This highlights the importance
of using SiC in the catalytic bed to improve the thermal conductivity. Particularly, given
the complex coupling of HDO and DeH, where exothermic and endothermic reactions are

involved.
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Figure 4.7: Atmospheric pressure ethane DeH in a SiC bed at different temperatures and
ethane flow of 4.3 mmol-min—!

The thermal non-oxidative conversion of ethane results in the formation of methane and
carbon. With the increase in conversion, ethylene selectivity increased to 80vol%. In the

thermal conversion of ethane, the selectivity of the reaction indicates the existence of dis-
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sociation, C-C cleavage forming methane, and DeH, (C-H) forming ethylene, mechanisms.
However, thermodynamically, ethane DeH is favoured at higher temperatures. In addition,
the employed ethane flow rate at the operating temperature did not result in the formation
of acetylene. The target temperature for this research is less than 600 °C, as appears in
Figure 4.7, at two hours operation ethylene-to-ethane is below 2.5-1072. Therefore, thermal
ethane conversion is assumed to be negligible. In addition, SiC is nonreactive, and catalytic

pathway is the main factor in ethane DeH.

4.4.2 Catalytic ethane DeH using NiMo/+-Al,0; catalysts

The selectivity improves with time as Ni active site reaches deactivation, and Mo active site
sustain ethylene production via DeH mechanism. The higher ethylene/ethane ratio after
100 min running time relative to SiC at 600 °C indicates the contribution of the catalytic
activity towards ethylene formation. Due to the absence of oxidant, catalyst deactivation is
inevitable, but can be lowered by operating at lower temperatures as appears in Figure 4.8.
The role of Ni active site is also observed at the two NiMo variations, the one with less Ni ac-
tive site have noticeable higher ethane conversion, and ethylene selectivity. Although higher
Ni presence may increase Hy formation at the beginning of the reaction, but accelerates the
deactivation rate and losses carbon efficiency for producing valuable ethylene. Although
the existence of Ni may hinder ethane DeH, yet, it has another role in HDO. Primarily, to

eliminate aromatic branches that include oxygenated functional groups.
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Figure 4.8: Temperature programmed ethane DeH at atmospheric pressure using 1.0 g of

NiMo/Al,O3 in a SiC bed at: 0.27 mol-g_'-h~! (0J), 0.20 mol-g_}-h~! (0) and 0.33 mol-g_}-h~!
(D).
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4.4.2.1 The effect of phosphorus doping on NiMo/Al,O;

Two variations of NiMo-based catalysts, PNiMoAl and NiMoAl, were studied. Both are well
known in hydroprocessing applications, where P has reported its effectiveness in hydrotreat-
ing [9], [153], [154], and HDO in particular [154]. Additionally, the promotion of P is reported
to reduce coke formation. The two variations have similar Mo-to-Ni ratios around 3-4, but
different NiMo loadings on the support, as shown in Table 4.3. This ratio was found by
Vutolkina et al. to be ideal for guaiacol HDO [120]. In addition, one variation is promoted

by P (PNiMoAl).

Table 4.3: Elemental analysis of catalysts used in this chapter using XRF

Metal oxide composition (%) Al (Al,O3) Ni (NiO) Mo P Cr

(MoO3) (Cry03)
PNiMo/Al; O3 (PNiMoAl) 54.0 9.20 33.6 3.20 -
NiMo/Al,Og3 (NiMoAl) 68.0 7.00 25.0 - -
Cr/Al,O3 (CrAl 63.6 - - - 36.4
MOO3 MOO3 - 100 - -

Figure 4.9 illustrates higher ethylene selectivity for the doped catalyst (PNiMoAl) by 29%.
However, a sharp decline was observed at 50 min during the 180-min reaction, where the
undoped catalyst demonstrated highest performance at 600 °C. Beyond 50 min, both cata-
lysts exhibited stable conversion and improving selectivity. The enhanced selectivity could
be attributed to the deactivation of Ni active sites, leading to C-C dissociation. Although Ni
active sites have been investigated for alkane conversion to replace the leading alkane DeH
Pt and Cr-based catalysts [139], [140] due to their high activation energy [141], they pri-
marily target the dissociation mechanism of C-C instead of C-H due to the relatively lower
activation energy. Thus, the presence of Ni leads to the formation of undesirable methane
and accelerates coke formation, making it a highly considered active site for ethane crack-
ing to hydrogen and carbon [139], [140]. Yet, its presence is considered for HDO, where the

literature survey emphasised the importance of Ni-based catalysts.

Since the coupling is designed to favour both reactions while operating in the thermody-
namic regime (high temperature and low pressure) that favours ethane DeH, the catalyst
must favour HDO, particularly for Mo-based catalysts. Therefore, the operating conditions

must be improved to suit PNiMoAl as the base catalyst in this work.
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4.4.2.2 Temperature effects on P-doped NiMoAl

The impact of P-NiMo/Al;O3 on ethane DeH was assessed at 550 °C and 600 °C, as shown in
Figure 4.10. Despite its limited performance in DeH at 600 °C compared to NiMoAl, P-doped
NiMoAl was further studied due to its reported potential as a hydrotreating catalyst. Select-
ing a lower temperature aims to boost ethylene production by restricting the dissociation
mechanism of C-C instead of C-H.

2

3570 1
09r
3t -
s 0.8
i &
(V] famy
g 0.7r
£25 g
=) 506
by 2
g ) % 0.5
£ 504t
) 2
1.5+ 503
02r
1 1 L OAl L L L
0 50 100 150 200 0 50 100 150 200

Time-on-stream [min] Time-on-stream [min]
Figure 4.10: Atmospheric ethane DeH using 1.0 g of NiMo/Al;O3 in a SiC bed at: 0.25
mol-g;}t-h_l and temperatures of 550 °C () and 600 °C (OJ).

Figure 4.10 illustrates high conversion and low selectivity at 600 °C and low conversion
and high ethylene selectivity at 550 °C. Operating at 600 °C tends to undergo a cracking

mechanism, where ethylene selectivity is low at the beginning of the experiment. As the
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reaction progresses, the conversion decreases due to the deactivation of the cracking active
sites, leading to better DeH performance. However, the accelerated deactivation is at high
temperature yields better overall performance at low temperature (550 °C). Therefore, in the
subsequent sections, PNiMoAl is further investigated at 550 °C, which is preferred for HDO
compared to 600 °C.

4.5 The effect of "in-situ" hydrogen generation on
HDO
4.5.1 Thermal coupling of DeH-HDO

The potential of DeH-HDO in enhancing ethylene formation by introducing guaiacol into a
non-reactive zone is evaluated. SiC is assumed to be non-reactive zone due to the limited
conversion observed in Figure 4.7. Figure 4.11 illustrates a gradual increase in ethylene
production with guaiacol addition, contrasting with limited ethylene formation in the ab-
sence of guaiacol. Both scenarios start with the same initial ethylene/ethane ratio at 10
minutes. Ethane conversion, depicted in Figure 4.11, steadily rises and stabilises at ap-
proximately 35%, surpassing the equilibrium conversion of 14% for ethane to ethylene at

600 °C, as shown in Figure 4.2.
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Figure 4.11: Atmospheric pressure thermal coupling of DeH-HDO by ethane DeH in a SiC
bed at 600 °C and ethane flow of 4.3 mol-min~! and GUA flow 2.2 mmol-min—!

However, despite the improved ethylene/ethane ratio, ethylene selectivity from DeH-HDO
decreases due to additional bio-methane formation from guaiacol HDO. The increase in

ethylene formation after 40 minutes in Figure 4.11a can be attributed to guaiacol HDO’s
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role in hydrogen consumption. Over a 120-minute run, the average ethylene/ethane ratio
increases seven-fold. The 27.2 mL/min methane generated with guaiacol introduction is
likely biogas, considering that methane formation in the no-guaiacol run has less than 5%

selectivity.

4.5.2 Catalytic coupling of DeH-HDO using P-NiMo/~Al,O;
To investigate the coupling between ethane DeH and HDO, this study employs a well-studied
hydrotreating catalyst to visualise the viability of the concept in comparison to conventional

hydrogen supply. The comparison was based on fixing the inlet volumetric flow of the gases,

-1

cat-h_1 (unless indicated otherwise). This in fact means

ethane or hydrogen, to 0.27 mol-g
more H, being available when supplied externally relative to generated hydrogen from the
alkane DeH as ethane conversion is limited both by thermodynamics and kinetics. Fur-
thermore, several parameters were investigated on in-situ to enhance HDO products and

the ethylene/ethane ratio.
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Figure 4.12: Atmospheric pressure in-situ hydrogen generated and ex-situ HDO using
PNiMOoAl catalyst, and thermal deoxygenation (using N») at 550 °C: gas flow 0.27 mol-gc_a%t-h*1
and guaiacol flow 0.54 mol-g_}-h~! for 120-minute run

In-situ HDO was compared to ex-situ using hydrogen flow and to thermal deoxygenation
using Ny, as shown in Figure 4.12. In terms of guaiacol conversion, all three approaches:
thermal deoxygenation, in-situ, and ex-situ showed comparable results, highlighting the
significant influence of operating conditions such as gas and guaiacol flows, as well as re-
action temperature. However, thermal deoxygenation achieved a 61.4% conversion, while
ex-situ and in-situ reached 57.6% and 55.0%, respectively. The lower conversion in both
in-situ and ex-situ is attributed to two reaction mechanisms, where H, and Cy;Hg consume

energy during dissociation to generate reactive species at the catalyst surface. Addition-
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ally, for in-situ, the operating temperature is considered relatively low for effective ethane

dehydrogenation.

In terms of liquid selectivity, at the investigated condition, in-situ has demonstrated com-
parable results with the thermal deoxygenation approach. No different components were
detected using the different gas source. BTX were more pronounced for ex-situ deoxygena-
tion, owing to the excess molecular hydrogen. In-situ deoxygenation, on the other hand,
has less BTX on average of TOS of 120 min, but produces more heavy hydrocarbons which
indicates that although HDO occurs, the lack of hydrogen promotes the polymerisation of
aromatic rings, forming naphthalene-like two-aromatic rings compounds. For the three
deoxygenation approaches investigated, the formation of phenolic compounds (cresol and
phenol) is comparable. However, the in-situ deoxygenation approach exhibits less catechol.
This reduction in catechol formation is compensated by the slight increase in methyl cate-
chol, which was promoted by methane radicals formed from alkane DeH. Overall, Table 4.4
confirmed that in-situ deoxygenation generates slightly higher O/aromatic ratio in terms of
liquid yield than ex-situ deoxygenation. The use of Ny produces similar O/aromatic ratio,
but the collected liquid is low due to polymerisation which generated solidified products
after condensation. The observed results from HDO products emphasises that hydrogen
from alkane DeH plays a significant role in HDO and its limitations can hinder the product

value.

4.5.2.1 Guaiacol/Ethane ratio

To determine the degree of HDO related to liquid-to-gas (GUA-to-ethane) ratio, the ethane
flow rate was held constant while the guaiacol flow rates were varied between 0.054-0.54
mol-g_L-h~!. At the investigated flow rates of GUA and ethane flow of 0.27 mol-g_-h~1,
NiMoAl catalyst resulted on guaiacol conversion of 55-65%, as illustrated in Figure 4.13.
Guaiacol conversion increased with less guaiacol flow, which can be due to reduced aro-
matic per catalytic active site. In terms of product selectivity, in-situ HDO products showed
limited BTX formation, as a consequence of the limited hydrogen available for HDO. Simi-
lar to reported literature for continuous flow experiment at atmospheric pressure, aromatic
ring saturation was not detected. Lack of hydrogenation of the aromatic ring is not merely

caused by low hydrogen availability from ethane DeH since the literature has reported sim-

ilar observations for ex-situ.
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Figure 4.13: Atmospheric HDO of guaiacol via in-situ hydrogen generation from ethane
DeH using P-NiMo/Al,O3 at 550 °C with constant ethane flow of 0.27 mol-g_}-h™!

As shown in Figure 4.13 with decreasing GUA flow rate (decreasing liquid-to-gas ratio), an
increase in BTX, anisole, and phenol formation accompanies the effect of HDO on GUA
flow rate. In principle, this is due to the amount of hydrogen produced by alkane DeH
per aromatic ring in guaiacol, as well as the ratio of catalyst active sites to aromatic rings.
Therefore, the heavy HDO product increased in proportion to the liquid flow rate, indicat-
ing that hydrogen was in short supply. In addition, the hydrogen limitation inhibited the
elimination of the hydroxy group from phenol, which was compensated for by methylation.
According to Bui et al., methylation is a potential route for ex-situ HDO [155]. Methane
radicals are produced during demethylation (DME), while the hydrogenolysis of phenol and
catechol require shorter residence time, which lead to the formation of methyl catechol and
cresol as shown in R5 and R7 in Figure 4.14. In in-situ via alkane DeH, methylation signifi-
cantly increases since methane radicals are produced from the non-selective DeH of ethane
(cracking to methane). Cresol undergoes further methylation to produce methyl cresol,

which if hydrodeoxygenated, xylenes are formed.

4.5.2.2 The effects of time-on-stream

In a single experiment, HDO of guaiacol declines with time on stream, as illustrated in Fig-
ure 4.15. The concentration of unreacted GUA present in the liquid product increased from
24% (30 min) to 29% (S3) in 90 min operation. During the run, BTX, phenol and catechol
yields decreased with time, indicating that HDO has declined due to deactivation of the
catalytic bed or the limited hydrogen available for HDO. Hydrogen formation declined due

to the deactivation of ethane DeH resulting from the saturation of the catalytic surface with
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Figure 4.14: Proposed reaction network for guaiacol HDO using hydrogen produced from
ethane DeH. DDM: Direct demethoxlyation, HDR:hydrogenolysis (dehydroxylation), DME:
demethylation, MTH: methylation, POL: polymerisation

phenolic compound covering the active sites. Yet, hydrogen was still detected in the gas
outlet. As illustrated in Figure 4.15, phenol selectivity is three-fold that of catechol in the
first three samples. However, by the end of the experiment, phenol and catechol selectivi-
ties are comparable, suggesting that the catalytic bed was completely deactivated. In such
a case, the reaction is dominated by thermodynamic effects, which favours demethylation
forming more catechol since the dissociation energy of aromatic-OCHj is less than -OCHs.
Furthermore, methylation increased by the end of the reaction (120 min), showcased by
the increase in catechol yields which subsequently undergoes further conversion produc-
ing methane radicals. Additionally, methane is produced from alkane DeH with no guaiacol
since the selectivity toward DeH is limited to 75 vol% due to the presence of Ni, which acti-
vates C-C cleavage. The deactivation of the catalytic system is ascribed to carbon formation
from both reactions, as well as the condensation of phenolic compounds as observed by
[123]. During the co-processing of both reactions on a mesopore catalytic material such
as alumina-supported active sites, the presence of phenolic compounds leads to blockage
of the active sites due to the formation of a condensate. Coke formation is possibly ini-
tiated from the feedstock (guaiacol), and other phenolic compounds [156]. Therefore, the

flow-rate of HDO feed contributes to the reaction performance as previously explained in
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Figure 4.13. However, ethylene formation can be maintained by the ability of the smaller
compound ethane to reach to the active sites. As Ni active sites for alkane DeH, the acidity

of the catalyst caused by the support accelerates coke formation for guaiacol HDO [156].
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Figure 4.15: HDO of guaiacol via in-situ hydrogen generation from ethane DeH using PNi-
MoAl at atmospheric pressure, 550 °C and gas flow of 0.27 mol-g_.-h~!.

cat

The DeH-HDO integration aims to attain a higher ethylene-to-ethane ratio in the gaseous
product stream to demonstrate a shift in thermodynamic equilibrium. The DeH-HDO in-
tegration improved the ethylene-to-ethane ratio in all reported cases, as shown in Figure
4.16. The decrease in ethylene selectivity relative to ethane DeH experiment was caused
by the formation of additional methane from HDO through direct demethylation. Also, the
presence of minimal methanol in the product stream indicates that mainly guaiacol HDO
undergoes demethylation to generate catechol, followed by hydrogenolysis to generate phe-
nol. If active sites remain reactive, phenol and methyl phenol will eventually convert to
BTX. This mechanism is consistent with the rapid drop in BTX, followed by the production

of phenol and cresol and an increase in catechol.

In addition, Figure 4.16 demonstrates that lower GUA flow rates, at 0.054 mol-g_!-h~1, re-
sulted in an initial decrease in ethylene production. However, this phenomenon was followed
by a spike after 60 min on the stream. This change in performance is a consequence of the
exposure and deactivation of active sites to HDO, DeH, or both simultaneously. The lower
GUA flow rate results in a prolonged residence time, which may account for the higher
ethylene production and selectivity (greater ethane conversion) observed. Increasing the
residence time by increasing the catalytic bed from 1.0 g to 3.0 g did not increase ethy-
lene production or selectivity over the course of the entire reaction cycle. This suggests

that HDO promotes ethane DeH in the low flow-rate experiment, wherein not all active sites
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were blocked by HDO condensate. The sudden decline at the end could be attributed to the
limitation of ethane diffusion caused by the accumulation of condensate on the active sites

after 100 min.

Table 4.4: Overall atmospheric pressure HDO performance using PNiMoAl at 550 °C and

L h—! for 120-minute run.

gas flow of 0.27 mol g

cat

Gas feed GUA flow O/Aromatic O/Aromatic carbon formation® Condensate®
(mol-g_;h™1)  (selectivity) (vield) (8/8eat) (8/ 8eat)

H, 0.54 1.30 1.61 0.508 0.0912

N, 0.54 1.28 1.60 - -

CoHg 0.54 1.29 1.55 0.516 0.481

CoHg 0.27 1.30 1.57 0.640 0.518

CoHg 0.13 1.20 1.50 0.471 0.415

CoHg 0.054 1.32 1.63 0.414 0.378

¢ From TGA - the weight accumulated on the catalyst: up to 500 °C N, flow.
® From TGA - the weight accumulated on the catalyst: 500-850 °C air flow.
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Figure 4.16: Composition of gas product stream of DeH-HDO integration for guaiacol and

ethane on PNiMoAl catalyst at 550 °C, an atmospheric pressure: No GUA only ethane DeH
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In general, under the investigated operating conditions, neither in-situ nor ex-situ has ex-
hibited the saturation of the aromatic ring of guaiacol using Ni-Mo-based catalyst. This ob-
servation is consistent with literature findings of ex-situ under atmospheric pressure [25],
[142], [157], indicating hydrogen availability is not the limiting factor in saturating the aro-
matic ring relative to other operating conditions. A study that considered ex-situ of phenol
at different temperature at atmospheric pressure over Ag/TiOy concluded that regardless
of the phenol conversion, which varied with reaction temperature, the product mostly con-
sists of benzene above 90% on selectivity [85]. Unlike operating at higher pressures where

aromatic saturation is an intermediate step for HDO [158], [159]. This achieved since the

93



SECTION 4.6. Eliminating the effects of Ni and acidic support using unsupported MoO3

activation energy for -OH group is lower if it is associated with hexane in comparison to
benzene. However, this pathway requires excessive hydrogen at operating temperature to
hydrogenate the aromatic ring. Moreover, this pathway requires a catalytic system that is
capable of hydrogenation-and-DeH as well as HDO, which led to the development of bifunc-
tional catalytic system for ex-situ. Therefore, operating at atmospheric pressure adds a

significant benefit, as it promotes alkane DeH and limits the saturation of aromatic rings.

4.6 Eliminating the effects of Ni and acidic support

using unsupported MoO;

Recently, MoO3 has received considerable attention for HDO [24], [91], [129], [130], [160].
MoO3; was considered in this work to eliminate the effect of Ni and acidic support, and
understand the role of Mo in these reactions. In addition to the promotion of the dissoci-
ation of carbon and heteroatoms as previously discussed, Ni negatively contributes in C-C
cleavage that affects ethylene selectivity and consequently HDO. G.Wang et al. reviewed the
mechanisms of Ni-based catalysts on light alkane DeH [141]. Several reported studies in
the review conclude that unlike alkane DeH leading catalysts based on Pt, Ni active sites
undergo multiple C-C dissociation phases during the desorption of reacting light alkanes
at the active sites [141]. This mechanism is known as hydrogenolysis since two atoms are
required to complete methane formation in particular from ethane. Consequently, the use of
ethane in DeH-HDO would have reverse effect since it consumes hydrogen. Another study
confirms computationally and experimentally that Ni-Mo has better selectivity toward ethy-
lene than Pt based catalyst for ethane DeH [161]. Yet, to eliminate all the effect of Ni, MoOj3

was considered to validate the potential for in-situ HDO over ex-situ HDO.

Figure 4.17 illustrates a comparison of in-situ and ex-situ HDO of GUA in presence of MoOs.
In this study, an analysis of ex-situ at lower temperature was investigated to include a per-
spective of the performance of most investigated temperatures in literature for HDO (350
°C). In-situ HDO has exhibited BTX formation close to ex-situ HDO at the higher tempera-
ture study, but four-fold higher than ex-situ HDO at the conventional temperature as shown
in Figure 4.17. In addition, in-situ HDO demonstrated less heavy hydrocarbon formation,
which could be attributed to the presence of active hydrogen from alkane DeH. Further-
more, in-situ HDO achieved better selectivity towards phenolic compounds and anisole. In

comparison to ex-situ HDO at a lower temperature, the operating condition in this work has
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less catechol formation, improving the degree of HDO. Therefore, as indicated in Table 4.5,
and similar to NiMo catalytic system, MoO3 catalytic system has improved the O-to-aromatic

ratio.
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Figure 4.17: Catalytic atmospheric HDO of guaiacol using MoOjs: gas flow of 0.18
mol-g_L-h~!, with catalyst weight of 1.5 g. Ex-situ using molecular hydrogen, in-situ using
hydrogen produced from alkane DeH.

Table 4.5: Overall atmospheric pressure HDO performance using MoOs at 550 °C and gas
flow of 0.18 mol-g_;-h~! for 120-minute run.
O/Aromatic O/Aromatic carbon formation Condensate

Experiment GUA flow

(yield) (selectivity) (8/8cat) (8/8cat)
H, -350 °C 0.13 1.47 1.23 0.0186 0.0197
Hy 0.13 1.45 1.19 0.211 0.182
CoHg 0.27 1.60 1.28 0.390 0.641
CoHs 0.13 1.39 1.17 0.238 0.374

Furthermore, despite the lower heavies produced by the use of ethane, still high amount
of condensation and carbon formation were observed at the catalytic surface. Both con-
densation and carbon formation significantly increases at processing higher guaiacol flow
of 0.27 mol-g_!-h~! at constant gas flow. Similar phenomena was observed in using NiMo
at different guaiacol flows in the previous section. Interestingly, HDO occurred even when

guaiacol molar rate is higher than that of ethane, which is attributed to hydrogen generated

from condensation and carbon formation that yield H atom re-distribution.

The use of MoO3 has two main advantages over NiMo, especially, for in-situ HDO via alkane
DeH. Firstly, the selectivity of MoO3 towards ethylene formation is higher in comparison to
Ni-Mo, limiting the acceleration of coke formation and promoting the formation of valuable

alkenes (ethylene). Consequently, methylation effects are reduced as shown in Figure 4.18,

95



SECTION 4.7. DeH-HDO based on alkane DeH catalyst CryO3/Al;O03

where the selectivities of cresol and methyl cresol are lower than that of phenol. This was
also observed in the in-situ HDO condition used in Figure 4.17 relative to ex-situ HDO. Pre-
vious results indicated that Ni-Mo promoted methylation in general, and in the comparison
in-situ HDO and ex-situ HDO. Secondly, for 120 min TOS, guaiacol conversion maintained

a stable value.
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Figure 4.18: Atmospheric HDO of guaiacol via in-situ hydrogen generation from ethane
DeH using MoOj3 at 550 °C and gas flow of 0.18 mol-g_.-h~!: [Right axis] Guaiacol conversion
(O), [Left axis] BTX (H), phenol(e), anisole (A), cresol and methyl cresol (¥), catechol (o),
methyl catechol (V), and Heavy (A) selectivity.

4.7 DeH-HDO based on alkane DeH catalyst Cr,0;/Al,0;
(CrAl)

4.7.1 Catalytic ethane DeH

4.7.2 Catalyst characterisation

The Cr catalyst employed in this chapter reveals a high loading of 36 wt%, as previously
shown in Table 4.3, in order to expedite the conversion through C-H dissociation. This is
due to the fact that Cr serves as the primary non-noble active site. The characterisation of
alumina-supported chromium has been extensively studied in the literature [162]-[165]. As
depicted in Figure 4.5, the elevated concentration of chromium oxide leads to an increase
in the crystallinity of the active sites. The presence of y-alumina is primarily identified by
the peaks at 47° and 68°, while the majority of the other peaks are attributed to chromium
oxide. However, it is likely that multiple phases of Cr oxide are present. Initially, there is a
significant amount of Cr*® attached to the support, followed by the presence of dispersed

microcrystalline Cr? oxide on the catalyst surface. Ultimately, this leads to the formation of
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crystalline CryO3, as proposed by Cavani et al. [163], particularly when the loading exceeds
11%. Additional research has verified the presence of a crystalline structure when the
loading exceeds 12%. However, this is accompanied by the presence of additional phases,

specifically Crt% and Crt3, as reported in previous studies [162], [164], [165].

4.7.3 Catalytic ethane DeH

Chromium-based catalysts are recognised as the primary and commercially used catalysts
for alkane DeH [82]-[84]. In this section, DeH catalyst is investigated due to the critical im-
portance of preserving reactive hydrogen for HDO. The reduction in active hydrogen leads
to a decrease in the extent of HDO, as previously addressed in the preceding sections con-
cerning Mo-based catalysts. While Cr on alumina has been extensively studied as a catalyst
for alkane DeH, with a particular focus on ethane, it is essential to ensure that the catalyst

remains in an active state for highest reactivity.

Hence, we explore the impact of reducing the chromium-based catalyst in Figure 4.19, with
the absence of guaiacol flow. Chromium oxide catalysts may exist in different oxidation
states, including +3, +5, and +6. During the reduction process, Cr™® and Cr*¢ are converted
to the active state of +3. However, Figure 4.19 reveals different behaviour during the alkane
DeH experiment, where the reduced catalysts exhibited poor performance compared to the

untreated catalytic bed at various GHSV.
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Figure 4.19: Catalytic ethane DeH of ethane using CrAl,O3 at different space velocity and
activation procedure: GHSV of 0.17 mol-g__}-h~! (0) and 0.085 mol-g_'-h~! (o). Reduction

cat’ cat
occur at the reaction temperature using Hy flow of 0.26 mol-h~! for 120 min.

This observation aligns with the findings from XRD in Figure 4.5 and Table BET analysis,
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indicating that the catalyst is predominantly composed of the crystalline structure of CryOs.
In Figure 4.5, the crystallinity is indicated by the sharp characteristic peaks, showing that
the large Cr structure aligns with surface area analysis as shown in Table 4.1, where the
surface area is relatively small due to agglomerated Cr-active sites. This suggests that fur-
ther reduction exceeds sintering effects by promoting the migration of less reduced states
within the catalyst to the crystalline structure. Egorova et al. have concluded that the pres-
ence of the crystalline +3 state stabilises the performance of butane DeH by bonding with
the available amorphous +3 and +6 states [166], which may explain the steady performance
of the reduced catalyst at 0.17 mol-g_}-h~! at the last 60 min. The initial decline in activ-
ity of the catalysts may be attributed to the migration of the amorphous +3 state, forming
polychromate or chromate species through migration to the support [166]. The catalysts
employed in this study undergo a continuous cycle of reduction and oxidation. Reduction
takes place through the utilisation of generated hydrogen from the reaction itself or external
hydrogen during the pre-treatment phase. Likewise, oxidation occurs during the reaction
through HDO feed and product, catalysed by adsorption at the catalyst surface or through
external air or oxygen during catalyst regeneration. Therefore, the performance of this redox
cycle is of utmost importance. Nazimov et al. have highlighted several reported findings in
the literature that support the irreversibility of chromium oxide catalysts to their original
state [167], indicating that for DeH-HDO using Cr-based catalysts, regeneration of the ini-
tial active state may not be feasible. Therefore, to maintain active sites, it is suggested that

the reduction of Cr catalysts considered in this chapter be avoided.

4.7.4 Catalytic DeH-HDO on alkane DeH catalyst

In-situ and ex-situ were investigated, as well as temperature and catalyst loading. As shown
in Table 4.6, in general, BTX was barely detectable; instead, the yield of double aromatic ring
components (heavy) increased in comparison to other catalysts. Lowering the guaiacol flow
to catalyst weight ratio (Fr,/W,,) by using a high catalyst load of 1.5 g resulted in improved
cresol and catechol selectivity and decreased phenol production. This indicates that the

alkylation step follows HDO.

In comparison to ex-situ (C), in-situ hydrogen (B) generation using CrAl generates less phe-
nol and more cresol from guaiacol using ethane as the hydrogen source, as demonstrated
in Figure 4.6. Consequently, the degree of HDO is not improved by using ethane since O-

to-aromatic (O:A) favours the use of hydrogen in terms of yield and selectivity. In terms
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of O:A yield (selectivity), B is 1.55 (1.30), while C is 1.51 (1.24). To further improve HDO,
a temperature increase to 600 °C was investigated since the temperature improves alkane
DeH as well as HDO as illustrated in previous sections. 600 °C demonstrates both better
BTX and degree of HDO but still does not reach the performance of ex-situ, unlike Mo-based
catalysts where in-situ produced improved results.

Table 4.6: Atmospheric pressure HDO of guaiacol using hydrogen or ethane at 0.17
mol-g__}-h~! in a CrAl catalytic bed

Case A Case B Case C Case D
Temperature °C 550 550 550 600
GUA flow mol-g_l-h~! 0.13 0.09 0.09 0.09
Hydrogen source CyHg CyHg H, CyHg
GUA conversion (vol%) 66.2 64.8 64.1 73.0
Selectivity
BTX vol% - 0.21 1.01 0.43
Anisole vol% 3.00 2.32 3.08 3.61
Phenol vol% 13.1 8.71 17.3 16.2
Cresol vol% 44 .4 47.8 44.8 38.8
Catechol vol% 27.0 33.3 26.7 33.1
Methyl catechol vol% 7.05 2.58 2.52 2.69
Heavy vol% 5.61 5.21 5.11 5.08

Despite the limited production of BTX, the decrease in GHSV results in relatively higher BTX
yields, transitioning from no BTX formation in scenario A to slightly improved performance
in scenarios B and D, particularly at higher temperatures. This phenomenon could be
attributed to the reduced limitation of ethane access to active sites for DeH when guaiacol is
present in lower quantities, consequently leading to higher levels of reactive hydrogen. This
is supported by the reduced formation of heavy fractions, which is expected in scenarios with
higher levels of reactive hydrogen. Thus, the in-situ approach necessitates the generation
of more active hydrogen to promote increased BTX formation while restricting the formation

of heavy hydrocarbons.

4.7.5 Optimising the processing parameters to maximise
BTX yield

The preceding section provides evidence that ethane can effectively substitute hydrogen as a

hydrogen source through alkane DeH. However, the production of BTX either fails to materi-

alise, remains negligible, or diminishes within a short runtime. When employing guaiacol as

the HDO model compound, the primary mechanism for HDO entails hydrogenolysis (direct

HDO) of oxygenated functional groups, leading to the direct formation of phenol, anisole,

and benzene following the removal of hydroxy and methoxy groups. Nevertheless, two addi-
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tional competing mechanisms contribute to the formation of catechol, alkyl-catechol, cresol,
toluene and xylenes through methylation. To investigate these mechanisms, several experi-
mental runs’ focus is narrowed to a single oxygenated aromatic compound, phenol. Phenol
is selected since it represents a considerable fraction of lignin-derivatives and the removal of
its methoxy group is the limiting step for complete HDO.The rationale behind selecting CrAl
for processing phenol into BTX with ethane lies in the catalyst’s failure to produce BTX from

phenol. This characteristic simplifies the exploration of potential improvements in BTX.

As depicted in Figure 4.20, phenol demonstrates the capability to yield BTX up to 24% at
600 °C. However, this initial increase in yield at 30 min is followed by a sharp decline to 7%
after 75 min, ultimately leading to near-complete deactivation. To achieve this result, the
flow rate of phenol had to be reduced below 0.13 and 0.09 mol-g_}-h~!, which are the most
extensively investigated values in this chapter using guaiacol, achieved by increasing the
catalyst weight to 2.0 g and decreasing the volumetric flow rate. Operating phenol at the
standard guaiacol flow rate detailed in this chapter results in less than 5% BTX production

within 30 min.
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Figure 4.20: Atmospheric HDO of phenol at 0.03 mol-g_-h~! and ethane as hydrogen
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source at 0.13 mol-g_!-h~! using at CrAl catalyst at 600 °C
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Examining Figure 4.20, it is evident that although DeH-HDO processes occur, converting
phenol into BTX, excessive methylation results in a selectivity of 90% for BTX at 15 and
30 min. However, beyond this runtime, toluene becomes the sole BTX product alongside
cresol. The formation of toluene can be elucidated by the methyl radical interacting with a

benzene radical generated through hydrogenolysis of hydroxyl (-OH) groups, leading to the
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formation of water (H2O), or by adsorbed -OH groups at the catalyst surface. The emergence
of cresol suggests that methylation is not solely instigated by methane radicals produced
from HDO, but that DeH also significantly influences this mechanism. Excessive methy-
lation (formation of methyl-cresol and xylenes) was limited with phenol, which contributed
to the absence of methyl group from the model compound, phenol unlike guaiacol. These
observations further imply the occurrence of chemical species transfer between the two

reactions, in addition to the presence of more reactive hydrogen.

4.8 Conclusions

The findings in this chapter concerning atmospheric hydrogen HDO align with recent lit-
erature, indicating no saturation of the aromatic ring. This supports the feasibility of con-
ducting HDO at atmospheric pressure using molecular hydrogen, termed "ex-situ" HDO.
Elevating the pressure up to 25 bar proves that no ring saturation (hydrogenation) occurs
in guaiacol conversion at investigated catalysts and operating conditions, and the HDO is

governed by the hydrogenolysis of methoxy and hydroxy groups.

Investigation into a single metal oxide (MoOs3) for HDO confirms the potential superiority
of in-situ hydrogen generation (using ethane) HDO over ex-situ HDO at both low and high
temperatures. Similarly, NiMo-based catalysts exhibited high degrees of HDO using ethane
instead of externally-supplied hydrogen. However, the alkane DeH catalysts, such as CrAl,
showed slightly better ex-situ performance due to the relatively low conversion for guaiacol

HDO, attributed to the absence of HDO active sites.

Nonetheless, ex-situ HDO resulted in more prominent BTX production due to excess hydro-
gen availability. Conversely, in-situ HDO led to lower BTX formation but favoured the pro-
duction of heavy hydrocarbons, primarily comprising naphthalene-like compounds formed
by two aromatic rings attached. This suggests that in-situ performance is limited by active
hydrogen adsorbed at the catalyst surface, leading to BTX formation at the initial stages,
followed by further polymerisation of aromatic rings due to insufficient reactive hydrogen,
resulting in heavy hydrocarbon condensate deposition on the catalyst and subsequent coke

deposition.

In the gas stream, all reported cases showed a high ethylene-to-ethane ratio with HDO

initially. However, this improvement decreases as DeH activity reduces due to coke forma-
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tion, indicating rapid active site deactivation by the condensation of phenolic compounds,

affecting both reactions and limiting ethane diffusion to active sites.

Alkylation in "ex-situ" HDO is expected from guaiacol demethylation (-OCH3s), where formed
methane radicals may react excessively to form additional methylation. In “in-situ" con-
ditions, alkylation increases due to additional methane radicals from ethane cracking, es-
pecially with PNiMoAl. Therefore, selective alkane DeH sites are necessary to enhance hy-
drogen and ethylene yields. In conclusion, while in-situ HDO shows promise over ex-situ
HDO, further research is needed to deepen our understanding of reaction mechanisms and
develop an improved catalytic system that ensures sustained performance over extended

time-on-stream periods before catalyst regeneration.
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Chapter 5

Optimising DeH-HDO with
Synergistic Dual Catalyst System

5.1 Introduction

This chapter aims to extend the assessment of ethane DeH as a hydrogen source for bio-
oil HDO, using guaiacol as a model compound. Findings in the previous chapter showed
that the limited hydrogen produced within the catalytic bed exhibits superior reactivity and
comparable or better HDO performance than molecular hydrogen. In this chapter, the same
catalysts are utilised but configured differently to include both alkane DeH and bio-oil HDO
functionalities within a single catalytic bed to improve product quality. We focus on inves-
tigating two catalytic systems: P-NiMo/Al,O3 combined with Cr/Al,O3 and MoO3 combined
with Cr/Al;O3. The primary objective is to enhance alkane DeH performance, particularly
hydrogen production, by incorporating the Cr-based catalyst. This enhancement aims to
improve the extent of HDO by increasing the supply rate of reactive hydrogen. As in the
previous chapter, we evaluate the two catalytic systems by comparing externally-supplied
molecular hydrogen (referred to as "ex-situ") and in-situ produced hydrogen (shortened to
"in-situ" for simplicity), while taking into account different process parameters at atmo-

spheric pressure.

The conversion of ethane via DeH is dominated by the reaction kinetics, as its thermody-
namic limits ethane conversion at the targeted operating temperature of 600 °C as shown
in Chapter 4. On the other hand, HDO is a catalytic reaction whose selectivity depends
on the catalyst, as explored in Chapter 2. Thus, in order to couple both reactions, the
catalytic bed must contain the required active sites and catalytic support to optimise the
productivity. Although a limited number of active sites have been identified and studied
for both reactions, the distinct mechanistic requirements make it difficult to find a suitable

commercially available and well-studied catalyst. Therefore, this chapter suggests employ-
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ing a mixed catalytic bed approach that is based on the catalysts utilised in Chapter 4.
This concept originated from the HDO catalysts, which exhibited superior performance in
DeH-HDO processes compared to the use of molecular hydrogen for HDO. However, their
ability to perform alkane DeH was limited. Furthermore, the utilisation of a chromium-
based catalyst for alkane DeH in the DeH-HDO process did not surpass the performance of
the conventional HDO method. Nevertheless, its alkane DeH was acceptable. Hence, mix-
ing both mechanisms by physical catalytic mixing approach might materialise some degree

of synergy.

5.1.1 Background
5.1.2 The utilisation of dual catalytic system for DeH-
HDO

The literature has explored the use of physical mixing of two heterogeneous catalysts to en-
hance the reactivity and selectivity of a complicated mechanism network. This approach has
been discussed in several studies [168]-[176]. Examples are conventional hydroprocessing
applications and the integration of a hydrogen-shift catalyst with 1-butene hydroisomerisa-
tion catalysts since the 1980s [168], [169]. Furthermore, for instance, Fang et al. conducted
a study exploring the enhancement of hydrogenation through a DeH mechanism by using
a hydrophobic absorbent that was physically combined with Co-based catalysts, similar
to the setting of DeH-HDO [170]. The goal was to simulate the reaction mechanism of a
membrane in a specific local environment at the particle level in a fixed-bed reactor. The
ongoing extraction of water through absorption enhanced the specific transformation. In
addition, physical mixing was employed to combine a Fischer-Tropsch (FT) catalyst with a
hydroprocessing catalyst in a single hybrid catalytic system. This was done to enable the
direct conversion of syngas into transportation fuel using a two-step process in a single re-
actor. Furthermore, several works [171], [172], [174], [175] investigated the HDO of bio-oil
derivatives in physically mixed catalytic systems, uncovering intriguing findings about the

synergistic effects.

To maximise the HDO of phenol, guaiacol, and cresol and to raise the total HDO reactiv-
ity, Safaghat et al. used a physical mixture of palladium on carbon with a zeolite catalyst
[177]. It was reported that the hydrogenation (HYD) of aromatic compounds occurs through
direct HDO via hydrogenolysis (HDR) at metal-active sites, whereas dehydration (DeHD), hy-

drocracking (HDC), and alkylation/dealkylation mechanisms are regulated by acidic zeolite
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[177]. When utilising zeolite alone in the case of phenol HDO, DeHD becomes difficult be-
cause phenol necessitates the saturation of the aromatic ring to form cyclohexanol through
the metal active site. The DeHD mechanism involves the use of acidic zeolite, which results
in a synergistic effect due to the combination of catalysts. Prabhudesai and colleagues
showed that platinum supported on activated carbon exhibits superior HDO activity com-
pared to other noble catalysts, resulting in the production of propyl cyclohexane. This

activity was further enhanced by mixing the catalyst with acidic zeolite [174].

Physically mixed catalysts can be generated in several ways, such as particle mixing, pow-
der mixing, or pelltizing or extruding, to create a single catalytic particle. Alternatively, the
catalysts can be suspended in an aqueous phase, depending on the specific reaction re-
quirements and kind of reactor. In this work, mechanically mixed catalysts are prepared by
crushing and sieving commercial catalysts to an identical particle range to ensure uniform

mixing. This chapter studies a 1:1 weight ratio of mixed catalysts in a single catalytic bed.

5.1.3 The potential role of dual active sites for DeH-HDO

This section explores the processes of alkane DeH-assisted HDO (in-situ) and conventional
HDO (ex-situ) for MoO3 and Cr/Al,O3 with a weight ratio of 1:1, which is consistent with
the preceding chapter. Every catalyst has undergone extensive review in the literature for
its respective reaction, as documented in Chapter 2 (Cr-based catalyst for alkane DeH and
MoOj3; for HDO). The objective of coupling both reactions is to facilitate hydrogen transfer by
establishing a synergy between the two reactions. This involves the utilisation of a single
catalytic bed where both exothermic and endothermic reactions occur, allowing for efficient
heat exchange in addition to H-transfer. However, a mix of two catalysts is hypothesised to
introduce an additional synergistic dimension at a catalytic level, as illustrated in Figure
5.1. The presence of oxygen vacancies on the MoOj catalyst surface facilitates the HDO
mechanism where oxygenated functional groups are adsorbed [96]. An effective method to
promote the formation of vacancies in the catalyst is hydrogen reduction to extract surface

oxygen by forming water.

On the other hand, the activity of the catalytic bed containing an active Cr-based catalyst
may be impeded by excessive reduction, as experimentally demonstrated in Chapter 4. This
inactivity is caused by H atoms attached to the metal active site instead of available oxygen,

assuming a heterocatalytic dissociation of hydrogen where the split hydrogen atoms are
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Figure 5.1: Targeted synergistic effects of mixing HDO and alkane DeH catalysts in a single
catalytic bed

attached to the active sites and not the support [178]. Due to the absence of oxygen defects
in the alumina-based support, it may be challenging for hydrogen linked to Cr to undergo
H-spillover phenomena from the active site to the support. However, this phenomenon is
controversial in regard of H-spillover to oxygen defect-free support. Prins claims H-spillover
is energetically impossible in non-reducible support, but it can be developed with carbon
formation or catalyst surface impurities [179]. However, Shen et al., in their review on the

magic of hydrogen spillover, reported a study showing the possibility of H-spillover only near

the active sites, unlike on reducible support, where spillover covers a larger distance [180].

It can be assumed that spillover does not occur at the beginning of the experiment, yet it
happens via two mechanisms during the reaction. First, a dense layer of coke builds up as
the reaction progresses. Secondly, the hydrogen atom that is adsorbed at the active site of
Cr may react with the hydrodeoxygenated product that is produced on the surface of MoOs.
This mechanism recovers the activity of the Cr active sites for DeH. In addition, we can
anticipate a reaction synergy on MoOs, where the alkane DeH capabilities of the Mo active
site can regenerate oxygen vacancy by selectively targeting the oxides in a redox catalytic
cycle, as seen in Figure 5.1. Despite CrAL activity decreasing after hydrogen reduction, as

illustrated in Chapter 7 Figure 4.19, an unreduced HDO catalyst yields a significant reduc-
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tion in performance. Therefore, in this chapter, the catalytic system is reduced before the

reaction and regulated by synergistic effects to reactivate the catalyst during the reaction.

5.1.4 Chapter structure

This chapter commences with a brief review of relevant literature regarding the utilisation
of mixed catalytic systems for coupled reaction system in Section 5.1.1. Experimentally,
this chapter explores the behaviour of mixed MoO3-Cr,03/Al,03 (MoO3-Cr) under various
operational conditions, including alterations in flow rates and particle sizes as well as the
extent of HDO for in-situ and ex-situ approaches, detailed in Section 5.2, where ex-situ and
in-situ refer to the use of molecular hydrogen, and ethane DeH as hydrogen source, respec-
tively. Subsequently, Section 5.3 investigates the impact of in-situ (DeH-HDO) for guaiacol
and phenol across diverse operational conditions using PNiMo/Al,03-Cr,03/Al,03 (PNiMo-
Cr). In order to understand the causes for catalyst deactivation, Section 5.4 employs SEM
to investigate the formation of coke deposition on CrAl and PNiMo-Cr. Section 5.6 provides
a summary of the proposed reaction pathways, drawing insights from both Chapters 4 and
5. The chapter concludes by illustrating the integration of multiple reactors arranged in
series, employing the cyclic operating method to achieve continuous catalyst regeneration

in Section 5.7.

5.2 MoO;-Cr catalytic system

In the evaluation of MoOj3-Cr catalytic system different operating condition were investigated
as shown in Table 5.1. Case A is regarded as the reference point based on the optimised

reaction parameters determined in Chapter 4.

HDO has exhibited exceptional performance for a duration of 120 min, with a molar ratio of
2.0 for ethane to guaiacol (Case A). However, the selectivity of BTX is limited to only 0.2%.
Guaiacol conversion reaches over 95% within 20 min, but then decreases significantly to an
average of 82% as depicted in Figure 5.2a. The system exhibited a high level of selectivity,
resulting in the production of single-oxygenated aromatic compounds: phenol, anisole and
cresol. The selectivity of these compounds was initially measured at 80%, with an average
selectivity of 76% throughout the run. This results in a decrease in O/aromatic of 38%.
However, the majority of the output does not consist of phenol due to methylation (MTH).

The MTH of phenol exhibits a positive correlation with the progress of the reaction.
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Table 5.1: Guaiacol conversion and liquid product selectivity of DeH-HDO using MoO3-Cr
catalytic system with total catalyst loading of 2.5 g
Case A CaseB Case C  Case D Case E Case F!

Liquid flow GUA GUA GUA GUA GUA GUA
mol-gc_a%f-h*1 0.054 0.054 0.054 0.027 0.054 0.054
Gas flow C2H6 H2 H2 CQH6 C2H6 C2H6
mol-gc_a%f-h*1 0.10 0.16 0.10 0.05 0.10 0.05
Particle size, ym 150-212 150-212 150-212 106-150 106-150 106-150
GUA conversion, vol% 82.0 63.9 78.2 40.2 85.4 92.1
Product selectivity vol%

BTX 0.20 1.27 1.49 0.0 0.5 0.7
Phenol 28.5 24.9 21.4 22.1 19.1 80.9
Anisole 2.44 3.11 4.17 5.80 4.10 5.70
Cresol 32.4 30.8 34.1 34.1 33.8 5.05
M.Cresol 11.3 12.6 11.0 11.3 11.6 0.4
Catechol 20.3 23.1 23.4 23.1 26.1 1.32
M.catechol 2.03 2.46 2.58 0.9 2.80 2.53
Heavy 1.72 1.88 1.84 2.70 1.50 0.43

! catalyst weight is 5.0 g

Echeandia et al. explain the mechanism of methylation and de-methylation by attributing
it to the presence of an acidic active site [177]. In this particular catalytic system, based
on the literature the Cr active site is acidic. MTH in the coupled DeH-HDO reaction is
initiated by an abundance of methyl radicals, which are produced through three distinct
routes. The first route involves the direct demethoxylation (DDM) of guaiacol to produce
methanol. However, under the given operating conditions, methanol may undergo DeHD,
resulting in the formation of methane or dimethyl ether. Dimethyl ether was not detected in
the experimental results; however, the mass balance indicates that the excess production
of methane can be attributed to the presence of HDO. Secondly, methane is derived from
HDO, and its presence can be detected when the production of gas grows over time due to
the increased production of catechol through guaiacol demethylation. The third route is
that ethane undergoes an undesired pathway either because of the catalyst active site or

extended carbon formation, which results in thermal cracking.

5.2.1 The effect of replacing molecular hydrogen to ethane
DeH

Continuing from the previous chapter, the assessment of in-situ versus ex-situ approaches
is examined in Cases A-C. While the prior chapter confirmed the superior HDO performance
of the in-situ approach over ex-situ using HDO catalysts within a single catalyst configu-

ration. However, the same configuration reveals no discernible advantage in utilising an
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in-situ approach for the alkane DeH catalyst, CrAl.

For the dual catalysts configuration, at similar liquid-to-gas flow (Case C) and catalytic bed
conditions, in-situ hydrogen generation (Case A) has demonstrated better guaiacol conver-
sion by 4.6% and less heavy hydrocarbon generation by 9.3% despite the limited hydrogen
generation from ethane DeH in comparison to supplied molecular hydrogen, as shown in

Table 5.1.

Furthermore, in terms of HDO, DeH-HDO (in-situ Case A) has resulted in 5.4% improve-
ment over ex-situ (Case C) in terms of product selectivity, considering the total product
yield, raising the improvement to 10.4% on an O/aromatic basis. This is proof of the higher
reactivity of hydrogen available at the active sites. Another indication is the accumulation
of heavy hydrocarbons, which is caused by limited HDO as a precursor for condensate and
coke formation. These heavy hydrocarbons can be resulted from both phenolic compounds
adsorbed and accumulated at the catalyst surface, or accumulated BTX leading to less ob-
served BTX in the liquid product samples. Therefore, less BTX formation can be attributed
to the rapid deactivation of in-situ hydrogen generation via alkane DeH which resulted in
BTX growth to polycyclic aromatic (PAH). Therefore, BTX appears only at the beginning of
each run and disappears, which reduced the average of 120 min to 0.2% in comparison to

1.5% at start of run (SOR).

Furthermore, in terms of HDO, the DeH-HDO process (in-situ Case A) has shown a 5.4%
enhancement in product selectivity compared to ex-situ (Case C), considering total product
yield, translating to a 10.4% improvement on an O/aromatic basis. This underscores the
higher reactivity of hydrogen accessible at the active sites. Another indicator is the accu-
mulation of heavy hydrocarbons, a result of limited HDO as a precursor for condensate and
coke formation. These heavier hydrocarbons may stem from phenolic compounds adsorbed
and accumulated at the catalyst surface, or from accumulation of linked BTX forming PAH.
The latter leads to reduced BTX observed in the liquid product samples. Consequently,
diminished BTX formation can be attributed to the swift deactivation of in-situ hydrogen
generation via alkane DeH, resulting in phenolic compounds and BTX growth to PAH. As
a consequence, BTX is only present at the initial stages of each run and diminishes over

time, reducing from 1.5% at SOR to an average of 0.2% after a 120-min run.
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To properly assess in-situ, several parameters were tested to improve the ex-situ to have a
solid baseline and to understand the reaction routes. One approach was to increase hydro-
gen flow by 50% in Case B to reduce heavy and coke formation, which might lead to better
BTX and HDO. A drastic reduction in conversion was observed, which is expected due to the
short residence time, which limits guaiacol contact time to the catalyst surface. Yet, BTX
and methylation were reduced. The former observation suggests that BTX requires longer
residence time for oxygen removal due to the importance of the catalytic role. The latter

observation, MTH, is attributed to transalkylation, where the methyl group in guaiacol is
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re-positioned itself during or after HDO due to the absence of an external methane radical
formed from ethane DeH in ex-situ approach. In short, in-situ performance in comparison
to ex-sit suggests that MoO3; has demonstrated a good degree of HDO with the provided hy-
drogen from Cr-based alkane DeH. However, still, ex-situ has 1% higher BTX on a selectivity
basis. This BTX limitation is attributed due to the shorter residence for the coupled DeH-

HDO, which requires longer time to accommodate both reactions, since both are catalytic.

5.2.2 Particle size effects

A further optimisation approach for the catalytic system involved reducing the particle size
in order to eliminate mass transfer limitations for ethane, hence enhancing hydrogen pro-
duction. Two catalyst ranges were examined in addition to the baseline range of 150-212 ym
in order to evaluate the mass transfer restriction for DeH-HDO. These ranges are 106-150
pm and 45-106 ym. The latter range has exhibited severe pressure drop and catalyst block-
age, leading to 106-150 um (Case E) being the lowest possible particle range for DeH-HDO.
The reduction in particle size lower than 106-150 ym led to a 3.0 bar rise in pressure drop
across the catalytic bed within the initial 30 min of the reaction, which was comparable
to the increase in pressure drop observed in the DeH alone run. The modification of the
particle size of the catalytic bed to 106-150 ym led to favourable results in alkane DeH and
HDO.

The guaiacol conversion reaches full completion within the first 60 min for particles ranging
from 106-150 um (Case E), but subsequently decreases significantly. Yet, the smaller parti-
cle size run has an overall higher guaiacol conversion by 4.1%, and more than double BTX
selectivity. However, the overall selectivity of HDO in terms of oxygen-to-aromatic decreased
due to the higher catechol formation, but there is a slight increase in yield due to the higher
conversion of guaiacol. Moreover, lowering the particle size range has no additional effect on
MTH, but a reduction in heavy formation was observed. The reported observation indicates
a slight mass transfer resistance operating at the standard particle size. Therefore, moving

forward 106-150 um is used as the particle size for DeH-HDO.

5.2.3 Space velocity effect
In order to demonstrate the space velocity effects, an experiment was conducted with a
lower space velocity (resulting in a longer residence time). This was achieved by reducing

the flows of guaiacol and ethane by half while maintaining the same catalytic loading as in
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Case D. Nevertheless, the overall HDO decreased as a result of guaiacol conversion, despite
employing an identical gas-to-liquid molar ratio. As indicated previously, the conversion
in guaiacol is to the liquid phase, which means a higher overall conversion of guaiacol is
achieved, but to undesirable gas and solid production with 38% liquid recovery. Other runs
have liquid recovery in the range of 72-81% caused by the loss of methyl and hydroxy groups
as well as coke formation. To summarise, experimental observations have shown that a
longer residence period when using alkane DeH might lead to the unwanted development
of coke and undesirable methane formation. Hence, it is crucial to strategically configure

the reaction parameter to maximise efficiency.

5.2.4 Molar ratio effect

To enhance performance, the catalytic bed was increased to 5.0 g (Case F), while maintaining
a guaiacol flow rate of 0.05 mol-g_.-h~'. The larger catalytic bed enhances the selectivity
of guaiacol conversion towards a single oxygenated aromatic compounds. However, there
has been no substantial variation observed in BTX generation, highlighting the challenging
nature of converting phenol into BTX, which is also reported in the literature. Additionally,
the difficulty in HDO of phenol also appears in the impact of ethylene formation; DeH was
hindered due to the strong attachment of phenolic compounds on the catalytic surface,

which eliminates ethane accessibility as shown in Figure 5.3.
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Figure 5.3: Ethylene-to-ethane ratio DeH and DeH-HDO using MoOs-Cr at atmospheric
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Figure 5.3 presents the ethylene-to-ethane ratio under varying operating conditions for the
MoO3-Cr catalytic system. All cases examined involve DeH-HDO, except for a reference case
using only ethane for DeH. In the DeH-HDO cases, ethylene formation consistently declined,
whereas DeH with 0.1 mol-gcat—!-h~! ethane initially exhibited an increase in ethylene pro-
duction, followed by a gradual decline, primarily due to catalyst deactivation. Notably, the
addition of 0.027 mol-gcat~!-h~! guaiacol to ethane resulted in a five-fold increase in ini-
tial ethylene formation; however, this was followed by a rapid decline to levels below those
observed in the ethane-only DeH experiment. This rapid drop is attributed to quick deac-
tivation caused by condensates, a common phenomenon across various catalytic systems.
Doubling the guaiacol flow to 0.054 mol-gcat~!-h~! did not improve ethylene yield, likely
due to the higher guaiacol-to-ethane ratio, highlighting the importance of ensuring suffi-
cient hydrogen formation for HDO. Despite the sharp decline, the lower guaiacol-to-ethane
ratio yielded better results. The influence of smaller particle size on the ethylene-to-ethane
ratio demonstrated slight improvements during extended runs, despite moderate initial per-
formance. This suggests that improving ethane accessibility to active sites by minimising

mass transfer limitations could enhance performance, despite increased coke formation.

Limiting ethane access to the active site reduces ethylene formation in all cases investigated
in Figure 5.3 under standard operating conditions compared to the non-guaiacol experi-
ment. However, during experiments with longer residence times, initially, ethylene forma-
tion exceeded ethane DeH. This phenomenon could be attributed to improved hydrogen
transfer resulting in higher ethane conversion. Nevertheless, this effect was significantly
diminished due to severe coke formation reported in Case D. After 40 minutes, ethylene
formation remains low and stable. The lower particle size range and longer residence time
show slightly higher ethylene formation. Although the increase in ethylene formation is
negligible, it underscores the importance of ethane accessibility to the active site, as these
experiments are designed for enhanced contact with active sites. Therefore, to fully leverage
the potential of coupling DeH-HDO, understanding and mitigating heavy hydrocarbon and

coke deposition are crucial.
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5.3 DeH-HDO in PNiMo-Cr catalytic system
5.3.1 Thermal and HDO catalytic effects

5.3.1.1 Guaiacol upgrading improvement with HDO active sites
for DeH-HDO

HDO catalyst was mechanically mixed with alkane DeH catalyst in a 1:1 weight ratio with an
overall catalytic bed of 2.5 g. This approach was considered to maximise the outputs of both
reactions. In the comparison between the catalytic and thermal effects of a mechanically
mixed catalytic system, the thermal effect experiment is represented by a total of 2.5 g
of SiC and CrAl with a weight ratio of 1:1 (no HDO catalyst). The results are shown in
Table 5.2. The results are classified in term of O/aromatic for the liquid yield and for
the product (selectivity) at two stages for complete 120-min and 15-min runs. Overall, the
reported result indicate the significant role of HDO catalyst over non-HDO system to improve
oxygen removal mainly determined by increasing guaiacol conversion. Additionally, the HDO
catalysts promote the selectivity towards phenol instead of catechol route.

Table 5.2: Atmospheric pressure DeH-HDO of guaiacol at different catalytic systems at 600
°C with ethane flow of 0.10 mol-g_}-h~! and guaiacol flow of 0.05 mol-g_}-h~!

Catalvtic svstem™* O/aromatic O/aromatic SOR“ SOR

yHe sy (yield) (selectivity) (yield) (Selectivity)
MoO;-Cr 1.36 1.22 1.30 1.15
PNiMo-Cr 1.42 1.27 1.24 1.19
SiC-Cr 1.55 1.26 1.60 1.21

* The catalytic systems are compared on a mass basis.
¢ Start of run sample at 15-min.

The ability to adsorb oxygen at the catalyst active sites, the HDO catalyst—one of the two Mo-
based catalysts—generally causes an increase in O/aromatic and HDO degrees in catalytic
systems. However, as the process goes on, these oxygenated active sites saturate, reducing
the amount of DDM (-OCH3) and providing an easier path for demethylation (DME) (-CHs).
As a result, catechol selectivity rises as clearly shown in Figure 5.4 for PNiMo-Cr and SiC-
Cr. With the presence of HDO active sites (PNiMo), phenol reduces and catechol builds up,
whereas in "thermal" (SiC-Cr) where no HDO active sites are present, catechol is dominant.
This indicates HDO active sites play a significant role along with reactive hydrogen in the
extent of HDO. This proves the two routes HDO from guaiacol: (1) DDM and (2) DME followed
by HDR.

Yet, the importance of HDO active sites, reduces with time despite its higher rate of hydrogen
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formation. At the end of 120-min both SiC-Cr and PNiMo-Cr have almost similar results.
This similarity develops over time as the catalyst deactivates and hydrogen formation re-
duces. Therefore, both the rate of the production of reactive hydrogen and the availability

of HDO sites are crucial to enhance the extent of HDO.

Overall, it is evident that the catalytic system with more HDO active sites (MoO3) more
active towards HDO as all of the catalytic systems in Table 5.2 have the same loading for
alkane DeH. However, as previously mentioned Ni features HDR in HDO, thus, at the start
of reaction (SOR) PNiMo-Cr exhibits a higher extent of HDO, which can be attributed to
the presence of Ni, which also causes hydrogen formation via cracking mechanisms. As
Ni active sites deactivate, HDO performance remains on thermal and molybdenum-based

active sites which leads to lower HDO for the overall 120-min run.

5.3.1.2 Ethylene formation improvement with DeH-HDO

Alkane DeH was evaluated for the selected catalyst bed to determine hydrogen formation
as well as the progress of ethylene/ethane. Initially, the ethylene/ethane ratio was low,
which was related to ethylene selectivity led by methane formation. Methane was formed
from the hydrotreating catalyst since the CrAL catalyst is selective. The initial value for

the ethylene/ethane ratio was improving until it peaked at roughly 65 min. The ethylene
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selectivity started below 10% due to the existence of Ni, which dominated and accelerated C-
C cleavage, and coke formation, which blocked the active sites from ethane DeH. Therefore,

ethylene selectivity couldn't exceed 70%.
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Figure 5.5: Atmospheric HDO of guaiacol using ethane DeH as a hydrogen donor reaction
at 600 °C: Guaiacol 0.05 mol-g__}-h~! and ethane 0.10 mol-g_'-h~! through a 2.5 g catalytic
bed of PNiMo-Cr (1:1 weight ratio)

Flowing guaiacol into the system to remove hydrogen via HDO increased the ethylene-to-
ethane ratio at 0.25 and 0.1 mL-min~! at the beginning of the experiment, as illustrated in
Figure 5.5. Feed saturation at the catalytic bed active site caused a sharp reduction in the
ethane/ethylene ratio because it restricts ethane accessibility to the active sites. The decline
was shifted on time with lowering GUA flow from 0.25 to 0.1 mL-min—!. With more frequent
sampling at the start of the experiment, the increase in ethylene/ethane was clearly seen at
0.25 mL-min—!. In addition, similarly, the DeH with guaiacol improved ethylene selectivity,
and the sharp decline can be reasoned by the increase in methane formation from the HDO
of GUA. Yet this limitation has not totally blocked ethane DeH as produced ethylene is more
than that formed from thermal DeH. When comparing DeH-HDO to only DeH, the in-situ

hydrogen contribution in HDO is evident in the hydrogen-to-ethane ratio.

5.3.2 DeH-HDO improvement via reducing partial pres-

sure?
In the previous sections, it was hypothesised that the fundamental cause for the limited
synthesis of BTX is the lack of sufficient reactive hydrogen. This hypothesis was based on

the observation that runs with excess molecular hydrogen (ex-situ) showed slightly better
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formation of BTX, but in-situ has greater extent of overall HDO. The decrease in BTX is
gradual and is similarly linked to the decrease in ethane conversion, resulting in a decrease
in reactive hydrogen on the active sites of the catalyst. Consequently, to improve the pro-
duction of ethylene and hydrogen ethane partial pressure reduction is employed by utilising
nitrogen as an inert gas. This approach is employed to favours the thermodynamic pressure

for ethane DeH.

Table 5.3 demonstrates the effectiveness of conducting alkane DeH in an inert atmosphere,
as opposed to a non-diluted ethane experiment, utilising Cr-based catalysts. The presence
of nitrogen enhances the conversion of ethane and the selectivity towards ethylene. As a

result, the ratio of ethylene to ethane is improved.

Table 5.3: The effectiveness of operating alkane DeH at reduced ethane partial pressure
for PNiMo-Cr catalytic system at 600 °C in nitrogen environment.

Catalytic system PNiMo-Cr CrAL CrAL
CyHg inlet flow mol-g_ - h~! 0.1 0.1 0.05
CyHg partial pressure bar 0.4 0.4 1.0

CyHy conv. vol% 13.7 18.1 13.3
CyH, selec. vol% 79.6 96.7 83.6
CoH,/C2Hg vol/vol 0.126 0.222 0.129

The non-improved conditions for ethane DeH mechanism used in DeH-HDO yields the for-
mation of methane, where ethane DeH favours reduced pressures. However, the purpose of
initiating the ethane flow at atmospheric pressure is to accommodate reactions that have
varied preferred pressure conditions. The addition of PNiMo catalyst to the catalytic system
decreases the average ethylene conversion for a 120-min run. This is because the presence
of Ni at the start of the reaction causes deactivation, which initiates a C-C cleavage mech-
anism resulting in the formation of methane. This phenomena reduces as Ni active sites is
blocked be carbon formation. The incorporation of a CrAL catalyst with the PNiMo-Cr sys-
tem is crucial for sustaining the DeH mechanism involved in the synthesis of ethylene and
reactive hydrogen. As shown in Figure 5.6, the PNiMo-Cr catalytic system is also employed
under atmospheric pressure to evaluate its efficacy for DeH-HDO, even though the CrAL
catalyst is preferred for ethane DeH. As demonstrated by earlier observations, DeH-HDO

temporarily increases DeH before quickly deactivating due to coke deposition.

Additionally, as shown in Figure 5.6, lowering ethane partial pressure with an inert in-

creases ethane DeH when guaiacol is absent. This first enhances ethylene rates but is later
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cat’
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hindered by condensate and coke formation. Though guaiacol showed promise overall in
terms of gas production, the improvement in ethane DeH disappeared when it was intro-
duced at a lower reaction partial pressure. Nitrogen addition causes the conversion to take
place earlier and the sharp ethylene reduction to be delayed by 60 min, indicating that low-
ering the partial pressure reduces coke formation for the DeH and DeH-HDO. As seen in
Figure 5.7, this delay is ascribed to the decreased degree of HDO brought on by operating
at a lower pressure and the shorter residence time. The produced liquid indicated con-
siderable effects on both selectivity to single oxygen per aromatic ring (SOAr) and guaiacol
conversion. When the ethane partial pressure dropped and the selectivity of double oxygen
per aromatic ring (DOAr) rose, the guaiacol conversion fell by 56%. Consequently, when
operating at reduced ethane partial pressure, there is a trade-off between maximising DeH

and HDO.

While there was a notable enhancement in ethylene formation observed in DeH-HDO pro-
cesses, operating at atmospheric pressure had adverse effects on HDO selectivity towards
SOAr and BTX, as discussed in Chapter 4. Elevated pressure experiments had better pres-
ence for BTX, yet with limited guaiacol conversion. Low partial pressures, explored in this
section, also led to further HDO selectivity. Nonetheless, DeH-HDO with ethane remains

preferable to the use of molecular hydrogen. Furthermore, HDO conversion does not dis-
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Figure 5.7: Atmospheric pressure HDO of guaiacol via in-situ hydrogen generation from
ethane DeH using PNiMo-Cr at 600°C, ethane flow of 0.1 mol-g_}-h~', 0.05 mol-g_}-h~!:
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[Right figure] BTX (), SOAr (O), DOAr (v7) and HOHC (A) selectivity: [Solid] 1.0 bar and
[Dashed] 0.4 bar

play detrimental effects with low pressure across all investigated cases, as the targeted
mechanisms do not entail hydrogenating the aromatic ring, typically necessitating higher
pressure. Instead, targeted de-methylation and demethoxylation rely on active site availabil-
ity and reactive hydrogen. The reduction in demethoxylation suggests competition between
both mechanisms at the active site, thus highlighting the potential for improved reaction

performance with enhanced demethoxylation activity.

5.4 Coke formation investigation under SEM

TGA analysis confirmed the substantial deposition of coke and condensate on the catalytic
surface. Yet, SEM was utilised to gain further insight on the spent catalysts of alkane DeH
and DeH-HDO for CrAl and PNiMo-Cr catalytic system as depicted in Figure 5.8 and Figure
5.9.

5.4.1 Coke formation on CrAl in a single catalytic system
In the case of ethane DeH spent catalysts, the SEM images revealed the presence of chro-
mate clusters and/or amorphous coke. The clustering of active chromium oxide sites un-
derscores the dominance of crystalline Cry0O3/Al;,O3 on the alumina support. Furthermore,
since chromium serves as the active site for DeH, these clusters of metal active sites may
have been coated by coke, thus inhibiting their reactivity, as shown in Figure 5.8b. The clus-

tering itself leads to reduced activity by diminishing the total surface area of active sites.

119



SECTION 5.4. Coke formation investigation under SEM

Additionally, filamentous coke was also observed in the ethane DeH experiment without
HDO, as depicted in Figure 5.8c and 5.8d. This type of coke, formed by methane and alka-
nes, occurs when carbon diffuses through the metal active sites during the adsorption and
dissociation process [181]. Filamentous coke anchors the active sites and forms condensed
networks, indicating the extent of carbon formation. However, this phenomenon was not as

easily observed in the P-NiMo catalyst, which will be discussed in the next section.
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Figure 5.8: SEM Images of spent catalysts of atmospheric pressure ethane DeH using CrAl
at GHSV of 0.17 mol-g_} - h~!

cal

For the DeH-HDO run, clustering and filamentous coke were challenging to detect, de-
spite the presence of a large coke content as indicated by TGA. This observation suggests
the presence of a third type of coke, likely resulting from interactions with heavy aromatic
structures, such as pyrolytic coke. Pyrolytic coke may encompass the condensed aromatic
network on the catalyst surface, including the active sites and support. This observation is
supported by the condensed polyaromatic rings and coke observed in the DeH-HDO exper-

iment. Furthermore, Figure 5.9b reveals several spots where filamentous coke appears to
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be impeded on the surface, most likely forming a layer of pyrolytic coke. This layer, covering
the entire catalyst’s surface, significantly reduces the conversion of both DeH and HDO,
as access to the active sites becomes limited. Additionally, the catalytic role of the acidic

alumina support diminishes as the layer thickness increases with higher deposition rates.
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Figure 5.9: SEM Images of spent catalyst of atmospheric pressure DeH-HDO using CrAl at

ethane and guaiacol for 0.17 mol-g_}-h~!, 0.17 mol-g_}-h~!, respectively.

Energy Dispersive X-ray Spectroscopy EDS is commonly employed to ascertain the distri-
bution of active sites and the deposition of coke. Specifically, elemental composition was
quantified by analysing various spots within 20 ym areas, as indicated in Table 5.4. The
high level of carbon observed by SEM-EDS aligns with the TGA findings indicating that
the amount of carbon formed exceeds 0.3 g per g of catalyst. This high coke production
demonstrates the coke accumulating on both active site and support. Additionally, another
mechanism can be identified by measuring the weight-based ratio of Cr/C. A larger value
suggests a greater number of active sites for Cr at a specific location, providing evidence for
the proposed process of catalyst sintering with reduced surface area for carbon deposition.
Spot 4, and 5 indicates two and nearly twelve times increase in Cr/C ratio, respectively,
based on the average of 0.22. Thus, to summarise, much carbon formation occurs during
DeH-HDO, similar to typical hydroprocessing processes. Consequently, the reduction of

coke formation becomes a crucial objective for the success of coupling DeH-HDO.

5.4.2 Coke formation on PNiMo-Cr catalytic system
The catalytic system of PNiMo-Cr on alumina comprises two distinct catalysts that are me-
chanically combined. The preceding section examined the CryO3/Al,O3 compound using

SEM. Thus, this section specifically concentrates on PNiMo in the PNiMo-Cr catalytic sys-
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SECTION 5.4. Coke formation investigation under SEM

Table 5.4: EDS Elemental composition on a DeH-HDO spent catalyst using Cr,03/Al;,03
at 600 °C, in wt%.

Spot C O Al Cr Cr/C (wt/wt)
35.2 40.7 15.2 8.14 0.23

2 31.3 48.5 14.4 5.17 0.17

3 30.4 45.0 15.7 6.88 0.23

4 37.6 30.3 11.8 19.8 0.53

5 15.5 25.3 19.9 39.3 2.53

6 32.0 43.5 16.9 7.01 0.22

tem identified using SEM spot using EDS. Consequently, EDS was employed to precisely
identify the PNiMo catalyst particles for SEM imaging and to gain an understanding of the
uniformity of Ni and Mo active sites on the alumina support. EDS verifies the homogeneous
dispersion of active sites in NiMo, as confirmed by Anastassia’s research [146], which in-
cludes SEM images of the catalyst in its initial state. The present study did not examine
the fresh catalyst due to the adverse charging impact caused by its excessive metal loading.
The attempt to coat Pt was unsuccessful in resolving the issue, resulting in the production

of a low-quality image.

In contrast to the CrAL catalyst, the SEM pictures of PNiMo reveal substantial filament coke
formation during ethane DeH without guaiacol run, leading to a significant change in the
catalyst morphology. This phenomenon is primarily attributed to the existence of a Ni active
site, where comparable behaviour has been extensively investigated in the context of steam
and catalytic biomass reforming [182], [183]. Furthermore, the phenomenon of clustering
is evident in Figure 5.8b as areas of lighter agglomerated spots. These spots consist of
either clusters of metal active sites that are covered by coke or metal active sites that have
evolved on filamentous coke generated from the dissociation of C-C bonds. Ochoa et al.
conducted a review on coke derived from catalytic reforming of biomass. They concluded
that in the process of ethylene generation, amorphous and encapsulating coke serve as
intermediate stages before filament coke is formed [182]. This mechanism explains the
reduced development of filamentous coke when using CrAL catalyst in single-metal oxide
runs, with amorphous coke being the predominant form. Although there are variations
in the active sites, the spent catalyst of Cr was examined for a run at 550 °C, while this
observation was made on PNiMo at 600 °C. Typically, filament coke is identified in processes

that occur at rather high temperatures.

From the reaction perspective, the significant increase in filament coke formation is the

122



CHAPTER 5. OPTIMISING DEH-HDO WITH SYNERGISTIC DUAL CATALYST SYSTEM

o 4 : : e L .
1 pm EHT = 500 kV Signal A w InLens Stage at X = 66423 mm ] EHT = 500 kV Signal A = InLens Stage at X = 66,431 mm
= WD= 6.7 mm Mag= 13.74KX Stageat Y= 52565mm | (= WD= 67 mm Mag= 56.49 K X Stage at Y = 52.551 mm

ZEIXX

(a) DeH spent catalyst

(b) DeH spent catalyst

a

,
7

A i 3 B J } a A L ol i L
1 pm EHT = 500 kV Signal A u InLens Stage at X = 52,187 mm — 1pm EHT = 500 kV Signal A = InLens Stage at X = 52,491 mm f—
WD= 54mm Mag= 2563KX Stageat Y= 3224dmm | — WD= 64mm Mag= 14.32KX Stageat Y= 32415mm |

(c) DeH-HDO spent catalyst (d) DeH-HDO spent catalyst
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main reason for the noticeable decrease in ethane conversion when utilising the PNiMo
catalyst. This decrease is attributed to the dissociation of C-C bonds, which is supported by
the strong initial production of methane that limits the selectivity towards ethylene. When
employing DeH-HDO, as depicted in Figures 5.10c and 5.10d, filament coke is still observed,
albeit at a reduced density compared to ethane DeH. This observation is consistent with
the Cr-active site, despite the variation in intensity. Therefore, this observation indicates
that the formation of pyrolytic coke, which originates from the HDO feed and builds up on
both the catalyst support and active sites, reduces the presence of other types of coke and

mitigates its detrimental impact on reactivity.

As indicated in Table 5.5, TGA quantifies the increased coke production seen in SEM. Ap-
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parently, for a 120-minute run, ethane DeH has minimum coke deposition on investigated
catalysts in comparison with the coupled DeH-HDO. CrAl yields 0.047 g of carbon per g
of catalyst, whereas the catalytic system of PNiMo-Cr has 0.063. This aligns with the hy-
pothesis that Ni presence contributes to C-C cleavage and accelerates the deactivation by
coke deposition. According to DeH-HDO, guaiacol flowing at 0.02 or 0.05 mol-g__}-h—'h~!
produces comparable coke deposition, meaning that even at low guaiacol flow rates, coke
deposition saturated the catalyst surface. No further reduction in guaiacol was investigated.
Nonetheless, the results of the 30-minute short-run experiment showed that the carbon de-
position rate did not correlate linearly with time-on-stream (TOS), with a higher deposition
rate at the beginning of the run yielding 0.188 g of carbon per g of catalyst. As a result,
the short-term cyclic catalyt regeneration process DeH-HDO could decrease the challenges

associated with carbon deposition and ensuing carbon losses.

Table 5.5: Quantification of coke and condensate deposition on PNiMo-Cr using TGA for
guaiacol flow of 0.05 mol-g_!-h~! and ethane 0.1 mol-g_-h~! with 2.5 g catalytic bed

Catalyst PNiMo-Cr®* PNiMo-Cr PNiMo-Cr® PNiMo-Cr CrAL
DeH-HDO DeH-HDO DeH-HDO DeH DeH

Condensate, g/8.q: 0.102 0.128 0.256 - -

Coke, g/8cat 0.427 0.477 0.188 0.063 0.047

@ Guaiacol flow 0.02 mol-g_}-h~*
b short run 30-min

5.5 Discussion on the production of BTX and its

limitations

The primary objective of upgrading lignin-derived bio-oil to chemicals through HDO is the
production of high-value BTX. This has been achieved in several published works through
using external hydrogen, with reported limitations. Furthermore, in the preceding chap-
ter, it was documented that BTX was detected at a comparatively low pressure (25 bar)
when compared to standard HDO pressure of 100-200 bar. Furthermore, operating at un-
favourable HDO conditions where pressure is reduced to atmospheric makes the production
of BTX challenging. However, this does not imply that the conversion of HDO to BTX can-
not happen. It just requires a suitable catalytic system to ensure that the desired product
selectivity is directed towards BTX. The creation of BTX is directly influenced by the degree
of HDO, which is catalytically driven. This relationship has been experimentally demon-
strated in the previous section, utilising various catalysts or catalytic systems. Figure 5.11
depicts the decrease in BTX production over time using MoO3-Cr203/Al;O3 (Case B in Table

5.1). Similar behaviour was observed in the previous chapter: working at elevated pres-
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sure, BTX formation reduces with time, where the catalytic active surfaces suffer complete
or partial deactivation. In Figure 5.11, in 120 min, the selectivity of BTX was reduced by
73%. Considering a short run for 60 mins, the overall BTX selectivity increases by 2.5%

but at different compositions.
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Figure 5.11: Atmospheric pressure HDO of guaiacol via ex-situ using MoOs-Cr catalytic
system at 600 °C
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When examining BTX, it is seen that each compound has a distinct rate of decay. The
elimination of benzene is not caused by the termination of the degree of HDO towards
non-oxygenated aromatic compounds. Instead, transalkylation has become the dominant
mechanism. The transkylation process continues to be active since HDO exhibits enhanced
selectivity towards catechol as the reaction proceeds, which is an undesirable route. This
implies that methane radicals are still being produced by the cleavage of O-CHj3 in the gua-
iacol methoxy group even after 120 min, contributing to more transalkylation. Transalky-
lation reactions typically persist even when oxygenated aromatics like phenol and catechol
are involved, resulting in the formation of cresol, methyl cresol, and methyl catechol. The
transalkylation of BTX is not a significant concern in terms of HDO. However, it becomes
crucial when aiming for chemical production, as the value and downstream processing of

these chemicals vary.

Table 5.6 includes different BTX selectivity at different stages of the reaction. As with ex-
situ, there is a drop in BTX in-situ as well, but this drop is significant. The lack of hydrogen
needed to facilitate HDO for BTX production is assumed to be the root cause of this decrease.

After the catalyst surface is saturated by heavies, the formation of reactive hydrogen from
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ethane DeH becomes constrained due to reduced accessibility of active sites. The hydrogen

generation remains constrained to thermal cracking of ethane.

Table 5.6 shows a severe reduction of BTX selectivity in PNiMo-Cr or MoOs-Cr catalytic
systems via in-situ, where ex-situ reduction is gradual. As shown in Table 5.6, the PNiMo-
Cr catalytic system has better BTX formation in in-situ, which is also linked to a higher
rate of heavy hydrocarbons. Since heavies are double aromatics with one or less oxygen per
aromatic, this indicates greater extent to HDO limited by reactive hydrogen that reduced the
coupling of these aromatic ring molecules. Therefore, improving the accessibility to reactive

hydrogen yields a potential for higher BTX and reduction of heavies.

Table 5.6: BTX, double aromatic (Heavy) products in term of selectivity and coke production
at different catalytic systems using a gas feed flow, and guaiacol flow of 0.10 and 0.05
mol-g_!-h~!, respectively

Catalytic Flow SOR? MOR® EOR¢ Heavy  Condensate Coke
system* % % % % g/8cat g/8cat
PNiMo-Cr C2Hg 3.44 1.03 1.05 4.65 0.128 0.477
MoO3-Cr Ha 0.0 2.30 1.32 1.81 0.0214 0.208
MoOj3-Cr? Hy 1.44 1.66 0.41 1.88 - -

MoO3-Cr CyHg 0.55 - - 1.83 0.197 0.184

* The catalytic systems are compared on a mass basis.
% SOR sample at 15-min, ® middle of run (MOR) sample, ¢ end of run (EOR) at 120-min.
4 H, 0.16 mol-g_,}-h™*

5.6 Proposed reaction pathway for DeH-HDO

Figure 5.12 depicts the potential pathways reported in the literature and this study. The
operating conditions of this investigation did not detect any aromatic ring hydrogenation,
and the HDO was terminated by the formation of BTX. The formation of anisole indicates
that guaiacol undergoes HDR, despite the fact that the elimination of the methoxy group

requires less energy.

This observation implies that active sites contribute to HDO, which is reduced by catalytic
deactivation at the conclusion of the reaction, as depicted in Figure 4.15 and Figure 4.18
for the two catalytic systems Ni-Mo/Al,O3; and MoOs, respectively. Therefore, the catalytic
activity may directly produce phenol from guaiacol via DDM. DDM induces the formation of
methanol at a negligible rate under the studied operating conditions. Methane formation in
the gas stream confirms that DME is the dominant pathway, as suggested by the formation
of catechol and a small amount of methanol. Ex-situ MTH was observed via re-distribution

of the methyl group; in-situ MTH is promoted to a greater degree by alkane DeH. The elimi-

126



CHAPTER 5. OPTIMISING DEH-HDO WITH SYNERGISTIC DUAL CATALYST SYSTEM

CHg

Tm, HDR TR7,MTH R10: C;Hg4 & CyHy + H,
OH OH
R11: C,H¢ + H, — 2CH,
OCH; R1
R4
—l —l .
DDM HDR R12: CHy = 3H, +2C
R13: C,Hg + H,0 — C;H, + H, + H,0
l R2, DME RY, POL
R14: CH;0H + H, — CH, + H,0

Figure 5.12: Proposed reaction network for guaiacol HDO using hydrogen produced from
ethane DeH. DDM: direct demethoxlyation, HDR: hydrogenolysis (dehydroxylation), DME:
demethylation, MTH: methylation, POL: polymerisation.

nation of the hydroxy group is accompanied by the formation of water. The presence of water
can explain the enhancement of ethylene production by steam cracking of ethane; however,
this enhancement may be minimal as the investigated temperature was considerably be-
low the steam cracking temperature of 800 °C. Therefore, the only reasonable explanation
for the improved ethylene formation is the continuous removal of hydrogen, which led to

shifting the ethane DeH equilibrium for high ethane conversion.

The condensation of aromatic and oxygenated aromatics on the catalytic surface, which
has been observed to play a significant role in deactivating alkane DeH, may affect HDO
distribution. It was observed in other work, which refers to it as a surface pool [142] caused
by adsorbed reactants and products. This accumulation of condensate may resemble mi-
crobatching processing at the catalytic surface, which, with time, continues to polymerise

and form coke with the lack of reactive hydrogen.

5.7 Experimental results from an industrial perspec-

tive
Based on the experimental findings, producing BTX is feasible, though additional efforts

are required to enhance its extraction from bio-oil. This entails addressing the issue of
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excessive coke generation, which hinders the catalytic process essential for BTX formation.
The accumulation of coke impeded the increase in ethylene output during the reaction.
However, this may be attributed to the fact that the reaction ran for an extended period of
120 min at an extreme temperature and low pressure and was not viable. As previously
stated, performance degradation typically diminishes with time in almost all cases. The
performance peak could be achieved within a 30-min operation. Hence, if the coupled DeH-
HDO is intended for 30-min operations, followed by coke gasification for energy generation,

then catalyst regeneration is performed prior to resuming DeH-HDO.

In industrial contexts, the frequent cyclic process is commercially employed for propane
and butane DeH (CATOFIN process) because the catalytic bed becomes deactivated after
about 10 min of operation. Thus, implementing the identical cyclic process enables DeH-
HDO to enhance its potential. Coke gasification can be used to convert the surplus of
condensate and the accumulation of carbon into energy, or biogas. The development of a
regenerative catalytic bed allows for the exploration of noble-based catalysts, even though
Clariant already produces non-noble catalysts for the commercialised CATOFIN process.
Thus, Figure 5.13 represents a proposed system consisting of a two-stage sequence reaction,

which is based on experimental results obtained at a 30-min time-on-stream.

System 1

BTX (1)

Bio-oil
(Guaiacol) *

SDA(1)

System 2

—* Gas(2)
% ™ BTX(2)
Ethane
[ 2 SOA(2)
System 3
o [ *Gas(3)
Gas: Hz, CHs and CaHa/C2Hy
] — BTX (3)
SOA: Single oxygenate aromatic (phenol,
cresol, methylcresol, anisole)
DOA: Double oxygenate aromatic \—, SOA(3)
(catechol, methylcatechol)
DOA(L)

Figure 5.13: Integration of catalytic systems to improve BTX formation based on experi-
mental results

The recommended catalytic systems to be included in this study are Cr-MoOs3, which will

be operated at a guaiacol and ethane flow rate of 0.05 mol~g;ﬁ~h*1, and at a temperature
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of 600 °C. This catalytic system has a selectivity of 93% specifically towards the formation
of single oxygen aromatic compounds, with phenol accounting for 90% of the total fraction.
The catalyst weight used in this experiment was 5.0 g (Case F in Table 5.1), leading to a

guaiacol conversion of 92%. However, the selectivity of BTX is limited to only 1%.

This suggests that achieving full HDO is feasible, but it would require a series of reactors for
continuous processing. In the first stage, the O:A ratio was found to be 1.01 reduced from
2.0 (start from guaiacol) followed by processing a single oxygen aromatic, predominantly
phenol, in three identical systems (2A, 2B, and 2C) using a Cr/Al;O3 bed. With molar ratio
of 2.0 for ethane-to-guaiacol, this resulted in a further reduction of the O:A ratio to 0.90
due to the increase of BTX yield to 10%. Substituting the catalytic system in system 2 with
PNiMo/Al;O3 results in an O:A ratio of 0.88. However, the overall conversion of ethylene to
ethane is higher in the former case. Table 5.7 illustrates the mass balance for the integrated

systems that have been studied.

Table 5.7: Mass balance for integration of catalytic systems for BTX and HDO improvement
based on experimental findings

Parameter Unit Inlet outlet
Guaiacol gh! 33.3 2.56
Gas gh! 32.1 32.04
BTX gh! - 2.71
SOAr gh! - 19.28
DOAr gh! - 1.13
HOHC gh! - 0.12
Methanol, water gh! - 0.3,4.04
Coke, condensate gh! - 4.71

The integration demonstrates the viability of synthesising a catalytic system or HDO process
that can primarily produce phenol and BTX. However, at this point, although there has been
an improvement in the level of HDO the production of ethylene is not yet improved. This is
because when phenol is processed in the system, the conversion of ethane and the selectivity
of ethylene are maintained at 22% and 11%, respectively. The increase in ethane conversion
over time in System 2 resulted from the cracking mechanism, resulting in the formation of
methane. In the integration, methane is mostly made through alkane DeH processing, since
phenol HDO processing does not make methane because it does not have a methoxy group

as guaiacol.
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5.8 Conclusions

This chapter explores the utilisation of catalytic systems containing two catalysts: a bio-oil
HDO catalyst and an alkane DeH catalyst. The aim of this approach is to enhance the perfor-
mance of a single catalyst catalytic bed by boosting the efficiency of both catalytic reactions.
The results in this chapter validate the findings in Chapter 4 by confirming the two hypothe-
ses: the continuous removal of hydrogen leads to higher alkane conversion, and hydrogen
produced by DeH exhibits higher reactivity at the catalytic surface than externally-supplied
hydrogen. These hypotheses were proven using the HDO catalyst (PNiMo/Al,O3 or MoOs).
The assisted alkane DeH for guaiacol HDO (in-situ) exhibited a 20% higher O/aromatic ratio
after a 15-min run and a 12% increase after a 120-min run over the use of molecular hy-
drogen (ex-situ). The decrease in performance is attributable to the excessive accumulation

of condensate coke, which hinders ethane access to active sites for the DeH mechanism.

The limitation in the production of BTX is attributed to the lack of reactive hydrogen on
the catalyst surface. As a result, BTX appears and then gradually diminishes over time.
Moreover, the deficiency of reactive hydrogen results in the accumulation of condensate
and coke, as evidenced by the formation of several types of cokes in both the active site
and support observed in the SEM. In SEM, when running only catalytic DeH, a significant
amount of filamentous coke is noticed. However, when running DeH-HDO, less filamen-
tous coke is observed because layers of condensate coke are formed, as determined by TGA,
indicating that HDO is the main condensate accumulation. The challenge of HDO of phe-
nolic compounds was evident in the phenol runs. Despite increasing the catalytic bed and
reducing the flow rate by four times of the slandered guaiacol runs, only 18% of phenol
was converted in a 30-min period. However, this conversion exhibited a high selectivity of
nearly 95% towards BTX. It is important to note that this selectivity significantly decreased
with prolonged time-on-stream. To summarise, the two aforementioned hypotheses have
been validated, but more enhancement is necessary to fully use the potential of DeH-HDO.
One of the constraints identified in this chapter is the presence of nickel, which has a ben-
eficial impact on the HDR of Ar-OCH3 (422 kJ-mol~!) and Ar-OH (468 kJ-mol~') [37], but
has a detrimental effect on ethane DeH, as the dissociation energy of the C-C bond is rela-
tively low at 368 kJ-mol~!. Consequently, the production of methane rises as the catalyst
surface becomes saturated with condensate, leading to the elimination of DeH and the ini-

tiation of ethane cracking. Another constraint in using the mixed metal catalytic system
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is the spatial separation between the HDO and DeH active sites, which could hinder the
efficient transfer of reactive hydrogen (adsorbed) by the formed molecular hydrogen during
the reactions. This suggests additional improvement through catalyst synthesis with dual
non-noble metal active sites on a single support to enhance hydrogen transfer and further

improve the DeH-HDO process.
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Chapter 6

Tailored Catalyst Synthesis for
Enhanced DeH-HDO Coupling

6.1 Introduction

The achieved viability of utilising in-situ aided HDO through ethane DeH, shown in earlier
chapters, eliminates the necessity for high-pressure hydrogen HDO. Nevertheless, the for-
mation of BTX, which are the intended products of bio-oil HDO to chemicals, was limited to
the start of the run and decayed as the reaction progressed. Three reasons were highlighted
for the low BTX at the beginning of a run: (1) limited catalytic HDO reactivity on phenolic
compounds; (2) insufficient utilisation of DeH-produced hydrogen; and (3) rapid catalytic
deactivation for both DeH and HDO caused by sever formation of phenolic condensate.
As reaction progresses, the main limitation of DeH-HDO is the excessive carbon deposition
blocking active sites, which was verified through TGA and SEM analysis. This chapter seeks
to resolve the former two reasons via modification of the catalytic system. Consequently,
it investigates the efficacy of various catalysts utilising Mo and Cr active sites. Similar to
the previous chapter, alumina is considered the base catalyst support; yet in this chapter,

alumina acts as a substrate for both active sites for ideal synergistic effects.

Alumina oxide is commonly used as a support for these reactions, ethane DeH in particular,
while zirconia and zeolites have also been investigated as alternatives. These alternative
supports have been well investigated with prominent active sites (Cr and Pt) for alkane DeH
[140], [184]-[186]. Additionally, Ni and Mo metal oxides studied in the preceding chapter
have been taken into consideration in the literature for guaiacol HDO, along with alternate
supports such zeolites [187], [188], activated carbon [189], titanium oxide [86], and silica

[90].
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6.1.1 Chapter structure

This chapter commences by explaining the rational of selecting zeolite as an alternative
support to replace alumina in Section 6.1.2, since it is not addressed in Chapter 2. The
experimental results for Cr and Mo on alumina-supported catalysts are presented in Sec-
tion 6.2. The DeH-HDO reactivity on zeolite-supported Cr and Mo results are presented in
Section 6.3. In both sections, alkane DeH serves as a screening assessment for a range
of synthesised catalysts, examining single or dual active sites and their loadings. Selected
catalysts are then employed for DeH-HDO, with a focus on producing high-value chemicals

such as ethylene and hydrogen, and benzene in the case of zeolite-based catalysts.

6.1.2 Why zeolite for DeH-HDO?

The choice of catalyst support and active metal oxide sites plays a critical role in the ethane
and guaiacol DeH and HDO reactions. From a reaction coupling perspective, zeolite cata-
lysts for ethane DeHA are further utilized in a coupled system with CO; conversion via the
reverse water gas-shift (RWGS) reaction. The study by Gomez et al. highlights the ther-
modynamic conversion gain from CO; to aid ethane DeHA, particularly using P-modified
Ga/ZSM-5 [190]. This gain is supported by both density functional theory (DFT) and exper-
imental findings, showing increased conversion and ethylene formation with certain vari-
ations of Ga/ZSM-5. The study key conclusion, supported by 3CO, isotope experiments,
is that the continuous consumption of Hy via COs conversion enhances ethylene forma-
tion. However, fully leveraging CO; as a carbon source requires catalyst modification for its

activation and transformation, adding value to the product stream.

Zeolite is, therefore, the most widely used substitute support for the two reactions. Further-
more, zeolite is a well-established catalytic system from industrial perspective for alkane
DeHA [191], [192] and catalytic cracking [193], [194]. Thus, the following section will ad-
dress using zeolite for DeH-HDO. Zeolites, in particular, have found widespread use as
catalyst supports due to their structural versatility. They offer a large surface area for im-
proved reactant adsorption and metal oxide dispersion [192]. Furthermore, zeolites can be
modified to suit various reaction requirements, including acidity adjustments, by control-
ling the Al/Si ratio [195]. This makes them valuable for catalytic cracking and hydrocarbon
conversion. Zeolites are also known for their shape-selective catalytic properties, making

them suitable for isomerization and DeHA [140].
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This chapter focuses on zeolite-supported catalysts, exploring the incorporation of a DeHA
mechanism into the DeH-HDO coupling process. Two main pathways for DeHA have been
extensively studied with zeolite-supported molybdenum oxide catalysts. The first pathway
involves direct DeHA of ethane into benzene, while the second pathway involves ethane
cracking into methane radicals, followed by DeHA to produce benzene. Zeolites can facili-
tate both pathways due to their ability to perform ethane DeHA and ethane cracking. Thus,
tuning zeolite properties is crucial for desired product outcomes. Although the project aims
to improve the catalytic system’s selectivity towards both BTX and alkenes (specifically ethy-
lene). Prioritising higher BTX formation over alkenes from alkane is acceptable due to the
value of both molecules and their ease of separation under ambient conditions. At this
stage, the main focus is delivering reactive hydrogen for HDO as well as valuable byprod-
ucts. The direct conversion pathway, as illustrated in Reaction 8, is favoured for HDO due
to its higher hydrogen yield per ethane molecule in comparison with ethane DeH. The two-
step ethane pathway demands hydrogen for the first step Reaction 9, and higher energy for

aromatization process in the second step as illustrated in Reaction 10.

3CyHg < CeHg + 6 Hy AH=377kJ ! (R8)
CyHg + Hy <3 2CHy AH= —64.9kJ mol™! (R9)
6 CH, < Ce¢Hg + 9H, AH= +531kJ ! (R10)

From a catalytic perspective, ethane and guaiacol react on the same catalytic surface in
zirconia and alumina-based catalysts. However, zeolites offer a crucial distinction in their
catalytic behaviour with both reactants. Ethane, with a kinetic diameter of 0.44 nm [196],
can diffuse into the zeolite for DeH or DeHA because it is smaller than the ZSM-5 pore size,
which is 0.59 nm [197], [198]. In contrast, guaiacol, with a larger kinetic diameter of 0.67
nm [197], is restricted to the outer catalytic surface. This limitation may reduce the yield
of BTX products due to excessive coke formation. It is worth noting that other investigated
zeolites for the HDO of guaiacol have larger pore diameters, potentially leading to different
mechanisms. Exploring the differential surface interactions of these two reactants is crucial

in this section, especially considering that the blockage of active sites on alumina-supported
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metal oxides significantly impacted the ethylene-to-ethane ratio.

6.2 Alumina support

6.2.1 Catalyst synthesis and bed preparation

A series of alumina-supported catalysts containing Mo, Cr and both as active sites were
synthesised to be investigated for "in-situ" HDO. Alumina was selected since both reactions
are heavily considered using alumina based catalysts. Alumina-supported Cr and Mo-based
catalysts were investigated using two synthesis approaches: (1) sequential impregnation and
(2) single-step impregnation. In sequential impregnation, an ethanol solution containing
a Mo- precursor (ammonium tetrathiomolybdate, from Sigma-Aldrich) was mixed with an
ethanol solution of 7-Al,O3. To achieve uniform mixing, the solution was agitated for four
hours at 1000 RPM, followed by 48 hours of evaporation in an 80 °C water bath. After the
sample was dried, the obtained powder was subjected to four hours of calcination at 600
°C. The calcination occurs in atmospheric chamber furnace with programmed heating and
cooling at 10 °C-min~!. The Mo-based catalyst is identified as xxMoAl, where xx represents
the weight proportion of metal oxide. The Mo-based catalyst was re-impregnated with a Cr
(chromium (III) nitrate nonahydrate, supplied by Sigma Aldrich) suspension in ethanol, then
subjected to identical mixing, drying, and calcination processes. The catalyst produced is

identified as xxCr-xxMoAl.

The Cr and Mo precursors were added to the support-ethanol solution for the single-step
impregnation, followed by the identical mixing, drying, and calcination stages. For the
single step impregnation, sodium molybdate was used as the Mo precursor, supplied by

Sigma-Aldrich. The catalysts for the single-step impregnation are specified as xxCrxxMoAl.

Table 6.1 lists the catalysts investigated in this section with metal oxide loading based on
XRF. Three samples of each synthesised catalyst are quantified to verify the uniformity of
the metal oxide distribution. Appendix C contains examples of metal oxide distributions
that are not uniform. All the catalysts investigated in this section are combined with SiC in
a 1:1 weight ratio within a 2.5 g catalytic bed, with particle sizes ranging between 106-212
pm. Additionally, this chapter examines previously investigated supplied catalysts CrAl and

PNiMo at similar catalyst preparation and testing conditions for comparison.
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Table 6.1: Elemental analysis of catalysts used in this chapter using XRF

Metal oxide composition (%) Al (Al,O3) Ni (NiO) Mo (MoOs3) Cr (Cry03)
Ni-CI'QOg /A1203 4Ni8CrAl 88.2 4.2 - 7.8
CI'203 /A1203 8CrAl 92.6 - - 7.4
MOOg/AlQOg 4OMO/A1 58.9 - 41.1 -
Cr,03-Mo0O3/Al,03 8Cr-40MoAl 51.2 - 40.9 8.1
Cr203/A12031 CrAL 63.6 - - 36.4
P-NiMo/Al; 05> PNiMoAl 54.0 9.2 33.6 -

! supplied catalyst not synthesised studied as alkane DeH catalyst in previous chapter added for comparison
with synthesised catalyst.

2 supplied catalyst not synthesised studied as guaiacol HDO catalyst in previous chapter added for comparison
with synthesised catalyst, the remaining 3.2% is for P.

6.2.2 Ethane DeH on Cr and Mo in Al,0; supported cata-
lysts

6.2.2.1 Ethane DeH conversion improvement with particle size
and Ni effects

In the previous chapter, a key discovery was the detrimental impact of Ni on ethylene selec-
tivity, leading to reduced DeH adsorbed hydrogen and accelerated active site deactivation.
Consequently, this chapter, centred on synthesised catalytic systems, starts by substan-
tiating the adverse effects of Ni. To enhance the evaluation of Ni presence at active sites,
a lower particle size range is explored to assess mass transfer limitations. The impact of
nickel oxide would be readily apparent. The new investigated particle size range is 45-106

pm for 8CrAl and 4Ni8CrAl, as depicted in Figure 6.1.
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Figure 6.1: Atmospheric ethane DeH at 600 °C using low particle size using GHSV of
0.17 mol-g_l-h*1: (o) 4Ni8CrAl, and () 8CrAl, [solid-line] Ethane conversion, [dashed-line]
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Ethylene selectivity

Both catalysts tested within the smaller particle size range exhibit intriguing ethane con-
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version, as depicted in Figure 6.1. Specifically, the smaller particle size range demonstrates
higher ethane conversion for CrAl compared to the standard particle size range (106-150
pm), indicating the presence of some degree of mass transfer limitations within this range.
However, both Ni-containing and Ni-free catalysts resulted in a significant pressure drop
across the catalyst bed. It is noteworthy that the experimental protocol is designed to ter-
minate the run at a pressure drop of 3.0 bar, leading to experimental termination before

reaching a 120-minute TOS.

The presence of nickel increases conversion but has noticeable decreasing selectivity at the
beginning of the run , suggesting its involvement in C-C cleavage. The selectivity of both
catalyst stabilise at the same value and the one with Ni with have higher ethylene yield,
the acceleration of coke formation in Ni catalyst contributes to the rise in pressure drop,

reaching 3.0 bar within 60 min. Therefore, the run was terminated.

Considering that accommodating guaiacol would further expedite coke formation and ex-
acerbate the pressure drop, the standard particle size investigated in the previous chapter
was also applied to all the catalysts synthesised in this chapter. Additionally, to mitigate the
influence of nickel, the synthesised catalysts comprised only chromium and molybdenum

oxides as active sites for acDeH and acHDO, respectively.

6.2.2.2 Ethane DeH conversion with Cr and Mo active sites

The CrAL catalyst examined in the previous chapters has a significant chromium content.
Although the ethane DeH catalyst shows strong activity in terms of conversion and selec-
tivity, studies indicate that catalysts with reduced chromium loadings exhibit better perfor-
mance. Therefore, a chromium catalyst with decreased loading was synthesised and tested
for its ethane DeH performance, as detailed in Table 6.1. Furthermore, in order to get a
similar amount of Mo active sites as in the supplied studied non-supported MoO3; and PN-
iMoAl, the Mo loading was set at 30-40 MoO3 on alumina, as specified in Table 6.1. The
higher loading of Mo also ensures that the synthesised catalyst has a similar crystalline
phase, as shown in Figure 6.2. This phase was not apparent when molybdenum was added

to CrAl, but it was clear in the reverse synthesis.

An experiment was conducted utilising a blank SiC run to evaluate catalysts in comparison
to SiC as an inert medium, aiming to improve temperature uniformity across the catalytic

bed. SiC shows inert behaviour at 600 °C, with a conversion of merely 0.9%, likely due to
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thermal conversion. Consequently, it can be said that SiC is an inert medium.

Table 6.2: Atmospheric ethane DeH results for alumina-supported catalysts for Cr and Mo
active sites at 600 °C with ethane GHSV of 0.1 mol-g_}-h~, all the catalyst are physically
mixed with SiC in 1:1 weight ratio

) Ethane conversion Ethylene selectivit Cy"/Cy!
Catalytic system (vol9%) Y (vol96) Y (vol /vol)
PNiMoAI2-SiC 50.2 6.97 0.021
CrAl3-SiC 30.6 82.7 0.141
8CrAl-SiC 41.6 85.0 0.125
40MOoAI-SiC 35.1 43.4 0.03
SiC 0.90 64.7 0.004

! ethylene-to-ethane ratio
2 supplied catalyst as indicated in Table 6.1
3 supplied catalyst as indicated in Table 6.1

At the standard operating condition with a GHSV of 0.1 mol-g_.-h~!, Cr-based catalysts
dominate DeH, as shown in Table 6.2. The synthesised catalyst superior performance as
a predictable outcome, yielding a 11% increase ethane conversion and a 2% rise in ethy-
lene selectivity in comparison to the supplied catalyst (CrAl). However, this improvement
does not align with the ethylene-ethane ratio due to coke formation. The heightened conver-
sion with 8CrAl, which contains less Cr loading, suggests enhanced dispersion of Cr active
sites, mitigating clustering induced by high loading. Nonetheless, increased activity leads
to higher coke production, indicating a larger active surface area in the low catalyst load-
ing, as confirmed by BET analysis in Table 6.3. The synthesised 8CrAl boasts a three times
larger surface area (152.9 m?/g) compared to the supplied CrAl (53.5 m?/g), probably as a
result of a better dispersion of small loading Cr,O3 in 8CrAl, as evidenced by its amorphous
form in XRD analysis (Figure 6.2). Furthermore, the crystalline form of the supplied CrAl
was not observed, even in the synthesis of CrAl with a 16wt% loading of Cr20s.

Table 6.3: Physicochemical properties of synthesised alumina supported Cr and Mo cata-
lysts

Catalvst BET surface Average volume Average pore
Yy area (m?/g) of pores (m?/g) diameter (nm)

8CrAl 152.9 0.264 5.51

8Cr-40MoAl 19.25 0.095 17.8

The utilisation of Mo sites for HDO in ethane DeH demonstrates a conversion of 35.1%,
which is comparable to that of CrAl. However, 40MoAl significantly impacts ethylene se-
lectivity. Nevertheless, 40MoAl exhibits overall superior performance in terms of ethylene
yield compared to the supplied PNiMoAl-SiC as both considered HDO catalysts. The sup-

plied resulted in the higher ethane conversion compared to all the investigated catalysts.
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However, it conversion mainly targeted C-C cleavage. It worth mentioning that the ther-
mal ethane conversion using on SiC has a better ethylene selectivity indicating the active
sites’ role in reducing the selectivity towards less ethylene in 40MoAl and PNiMoAl. This
observation underscores the detrimental effect of Ni presence in ethane DeH. However, it is
important to note that Ni plays a crucial role in HDO, necessitating a thorough investigation

into developing a catalytic system.
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Figure 6.2: XRD patterns for included catalysts in this section: (s) refers to supplied cata-
lysts used in the previous chapters: (H) NiO, (o) Cry03, and (A) MoOj3

6.2.3 Reactivity test performance: Guaiacol and ethane
DeH-HDO on Cr and Mo in Al,O; supported catalysts

In this section, guaiacol HDO for DeH-HDO using the synthesised catalysts was examined
and compared with single catalyst catalytic system using the supplied catalyst at the stan-

dard operating conditions.

6.2.3.1 Effect of the presence of guaiacol on DeH

In investigating the ethane DeH process, the absence and presence of guaiacol play cru-
cial roles in understanding the catalytic behaviour, as there is no HDO without guaiacol.
Two catalysts were investigated with and without guaiacol: 8CrAl and 40MoAl as shown in
Figure 6.3. Ethane DeH without guaiacol resulted in an average ethylene-to-ethane ratio
of 0.125 over a 120-minute run for the 8CrAl catalyst, as shown in Figure 6.3. With its
stable ethylene selectivity, 8CrAl indicates a noticeable increase in ethylene formation at

the beginning of the run, reaching a steady state after 30 min.
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Figure 6.3: Ethylene formation for atmospheric HDO of guaiacol via ethane DeH as a
hydrogen donor reaction at 600 °C: Guaiacol 0.05 mol-g_}-h~! and ethane 0.1 mol-g_}-h~!

cat

through a 2.5 g catalytic bed with 50wt% SiC: 8CrAl (o) and 40MoAl (), [—] for ethane DeH
with the absence of guaiacol, [-] with the presence of guaiacol

Note that all catalytic runs underwent a reduction step in a hydrogen environment to elim-
inate oxidation mechanisms, developed by oxidative DeH by metal oxide. However, a slight
decline in conversion was observed towards the end of the experiment due to catalyst de-
activation. As expected from Cr-based catalysts, ethane DeH exhibited high selectivity to

ethylene, 85%, optimising hydrogen formation.

For 8CrAl, remarkably, co-feeding guaiacol improved ethylene formation, following the same
increasing trend as without guaiacol for the first 40 min as shown in Figure 6.3 . However,
a sudden reduction in ethylene selectivity occurred due to expected rapid carbon deposi-
tion and heavy condensation on the catalyst surface, blocking DeH active sites. The ethy-
lene selectivity of DeH-HDO is further reduced due to methane formation from guaiacol
demethylation. Regarding 40MoAl, there was a roughly 40% reduction in ethylene forma-
tion initially upon guaiacol injection. However, ethylene-to-ethane ratio reduced for both
with and without guaiacol over time. However, the reduction rate with guaiacol presence
was lower resulting in slightly higher ethylene-to-ethane ratio with guaiacol by the end of

the experiment, as illustrated in Figure 6.3.

This performance is expected since MoOj active sites have less DeH activity, yielding 20-50%
ethylene selectivity without guaiacol. Therefore, to achieve ethane conversion improvement

towards ethylene, the catalytic system must be selective for DeH to increase hydrogen for-
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mation and consumption (reactive hydrogen). The presence of reactive hydrogen limits coke
accumulation and prevents rapid reduction due to the inhibition of the DeH mechanism.
The delayed in rapid reduction with guaiacol using 8CrAl indicates at the beginning the
available reactive hydrogen ethane DeH resisting the formation of condensate and carbon
deposition. Once undesirable condensate and carbon deposition occur, a rapid decline in
ethylene formation happens indicating limited accessibility to active sites. with absence
of guaiacol, the active site in 8CrAl is capable for maintaining a stable performance for

120-minute.

To confirm the linkage between the lack of reactive hydrogen, carbon deposition, and con-
densate Figure 6.4 illustrates 8CrAl performance in comparison to CrAl and PNiMoAl-Cr,
which were explored in previous chapters to have high hydrogen formation. The PNiMoAl-Cr
catalytic system operates at 0.4 bar, as indicated in the indicated in the previous chapter,

which indicates better performance than atmospheric pressure.
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Figure 6.4: Atmospheric HDO of guaiacol via ethane DeH as a hydrogen donor reaction at
600 °C: Guaiacol 0.05 mol-g_1-h~! and ethane 0.1 mol-g__}-h~! through a 2.5 g catalytic bed

cat cat’

with 50wt% SiC: (A), 8CrAl (O), 40MoAl (o), PNiMoAl-Cr at 0.4 bar (a), CrAl (H), S8Cr-40MoAl
(o)

8CrAl and PNiMoAl-Cr indicate an improvement in ethylene formation, which can be at-
tributed to continuous hydrogen removal by HDO, thereby delaying deactivation as shown
in Figure 6.4. Running PNiMo-Cr under partial pressure exhibited better runtime and
ethylene-to-ethane ratio, but with lower selectivity due to the catalyst’'s different nature.
The better delay in rapid reduction in PNiMoAl-Cr system can be attributed to the presence

of HDO active sites, which reduces the formation of undesirable heavies from HDO. How-
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ever, 8CrAl indicates overall higher ethylene formation. Therefore, as both ethane DeH and
guaiacol HDO are expected to benefit each other, they negatively affect each other’s perfor-
mance. Thus, an improved integrating condition is targeted to unlock the full potential of

DeH-HDO coupling.

6.2.3.2 the effects of synthesised catalyst for DeH-HDO on guaia-
col upgrading
The liquid fractions of the catalytic systems synthesised in this section have revealed promis-
ing insights when compared to the catalysts supplied in the previous chapters. Overall, the
extent of HDO based on liquid fraction selectivity follows the order: 8Cr-MoAl > 40MoAl >
CrAl > PNiMo > 8CrAl, as listed in Table 6.4. Furthermore, in terms of the liquid fraction
HDO yield, the sequence is: PNiMo > 40MoAl > 8CrAl > 8Cr-MoAl > CrAl. Both CrAl and
PNiMo were the supplied catalysts investigated in the previous chapter in different con-
figurations. In this chapter, they were mixed with SiC in a 1:1 weight ratio, akin to the

synthesised catalysts.

Table 6.4: Atmospheric DeH-HDO results for alumina-supported catalysts with Mo and Cr

active sites at 600 °C and 0.1 and 0.05 mol-g_;-h~! ethane and guaiacol flow, respectively

Cy"/Co O:A? O:A? Condensate Coke

Catalyst vol/vol select. yield g/8cat 8/8cat
. 0.077 0.030 0.243
8CrAl-SiC (0.125) 1.50 1.52 (0.011) (0.008)
. 0.022 0.223 0.213
40MoAl-SiC (0.032) 1.17 1.46 (0.015) 0.112)
8Cr-40MoAl-SiC 0.027 1.16 1.57 0.227 0.267
CrAl-SiC 0.026 1.20 1.61 0.469 0.218
PNiMo-SiC 0.0223 1.25 1.40 0.083 0.297

“ values within parentheses for ethane DeH with absence of guaiacol for ethylene-to-ethane ratio
® O:A refers to oxygen atom per aromatic ring in the selectivity indicates only for the products, in yield includes
unconverted guaiacol

In both assessments, the benefits of the synthesised catalysts were realised, where they
outperformed the supplied HDO and DeH catalysts. This indicates the importance of engi-
neering the catalyst for these coupled reactions. In terms of guaiacol conversion, PNiMoAl
outperformed the synthesised Mo and Cr-based catalysts due to the existence of Ni, which
promotes HDR. However, its selectivity remains below that of 40MoAl and 8Cr-40MoAl,
which are synthesised to accommodate HDO. The HDO selectivity of 8CrAl is weakest, which
is attributed to the lack of HDO active sites despite its higher hydrogen formation and im-

provement in ethylene formation. The difference in performance between CrAl (supplied)
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and 8CrAl is in the Cr loading. The supplied CrAl has ahigh loading of Cr, which shows a

crystalline structure as shown in Figure 6.2.

The results for Cr catalysts, indicate the possibility of the support (alumina) contribution
to the HDO conversion. Where the acidity of the support favours DME, which yields the
formation of catechol from guaiacol. This observation agrees with one of Wu et al. conclu-
sions on atmospheric guaiacol HDO using Ni,P at different supports [87]. They concluded
that the acidity of the alumina support prefers the DME route for forming catechol. Since
8CrAl contains a larger surface of acidic support that favours catechol formation instead of
phenol, which could be activated at the chromium active sites, Therefore, Figure 6.5a illus-
trates that 8CrAl forms more DOAr, mainly catechol and methyl catechol, than SOAr. This
is completely the opposite for all other investigated systems in this chapter and previous

chapters, since they have a higher metal oxide loading, including 40MoAl.
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Figure 6.5: Liquid fraction of atmospheric HDO of guaiacol via ethane DeH as a hydrogen
donor reaction at 600 °C: Guaiacol 0.05 mol-g_-h~! and ethane 0.1 mol-g_.-h~! through a

9.5 g catalytic bed with 50wt% SiC and 50wt%: PNiMo (4), 40MoAl (o) and S8CrAl ()

This observation also explains the improvement in ethylene-to-ethane ratio for 8CrAl in
comparison with the absence of guaiacol. The reduced dispersed active sites delayed the
deactivation as well as the conversion of guaiacol to catechol is relatively easier in term of
bond dissociation. Figure 6.2 illustrates that 40MoAl exhibits a crystalline structure due
to the high loading intentionally targeted to emulate a similar phase as the investigated un-
supported MoO3; and PNiMo. In its active state at the beginning of the experiment (15 min),
40MoAl has demonstrated remarkable HDO, yielding the highest BTX and SOAr selectiv-

ity, reaching 83%. Despite the reduction in SOAr selectivity, it remains the top-performing
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catalyst. The addition of chromium active sites to 40MoAl has shown a slight improve-
ment in O:A selectivity, but no enhancement in overall yield. Additionally, the ethylene ratio

improved, which can be attributed to the presence of Cr active sites.

6.2.3.3 Coke formation

Produced HOHC in the liquid fraction and condensate in the solid deposition are the main
precursors for coke formation. Therefore, mitigating the formation of HOHC and conden-
sation suppresses coke formation and consequently delays catalyst deactivation. The for-
mation of HOHC in the liquid fraction indicates a degree of HDO but due to the lack of
reactive hydrogen, two aromatics are linked to each other. This explains the variation in the
selectivities in Figure 6.5. Once SOAr decreases, there is an increase in HOHC, proving that
HOHC are mainly phenolic or/and completely HDO compounds. Furthermore, in 40MoAl
Figure 6.3 shows that ethylene formation increases with time, which causes the reduction

in HOHC in Figure 6.5b unlike 8CrAl which has the opposite trend.

The condensate is the further polymerised HOHC adsorbed at the catalytic surface, form-
ing a dense layer on the catalyst surface, including both the support and active sites as
illustrated in the previous chapter using SEM. Table 6.4 clearly shows that guaiacol con-
version is correlated to condensation formation. Guaiacol conversion can be realised from
the differences in O:A yield and selectivity, where the smaller the difference indicates high
conversion. The higher the conversion, which is near completion for 8CrAl (synthesised),
yields low condensation, while CrAl (supplied) yields high condensation with the lowest gua-
iacol conversion. For Cr-based catalysts, despite having similar ethane DeH performance
in the absence of guaiacol, the metal oxide form and dispersion resulted in different results
with guaiacol, which favours the low-loading catalyst. Furthermore, with the absence of
guaiacol, CrAl has decaying conversion, whereas 8CrAl has stable conversion despite the
overall similar conversion on average. Hence, dispersed chromium oxide ensures stability
in producing reactive hydrogen by minimizing the impact on active site agglomeration and

reducing the total active site area.

Generally, the high condensation refers to the different residence times between the two
reactions. High conversion of ethane producing reactive hydrogen in 8CrAl, or the presence
of Ni that accelerates HDO, delays the accumulation of condensate. The role of Mo active

sites in HDO by adsorbing oxygenated function groups requires a longer residence time that
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yields the formation of a pool of condensates.

The degree of HDO using Cr-MoAl has demonstrated its potential based on O:A ratio se-
lectivity. Similar to previously investigated catalytic systems, phenol, catechol, and their
methylation derivatives are the main products, along with anisole. However, in the synthe-
sised catalysts, HOCH has a notable increase in its selectivity, as shown in Figures 6.5b
and 6.6, reaching up to 20%. Since HOHC mainly consists of naphthalene and 1-naphthol,
it indicates that the lack of reactive hydrogen limits BTX and phenolic formation as the
reaction progresses. Figure 6.6 shows an increase in HOCH selectivity and a decrease in
BTX due to the reduction in hydrogen formation, consequently reducing reactive hydrogen.
Therefore, limiting the formation of HOCH would increase BTX formation as well as the

degree of HDO, and reduce total solid deposition.
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Figure 6.6: Atmospheric DeH-HDO at 600 °C using Cr-MoAl at 0.10 and 0.05 mol-g_-h~!,
respectively: [Blue] HOHC and [Green] BTX

In summary, achieving an efficient catalytic system for DeH-HDO necessitates catalytic en-
gineering to withstand phenolic condensation, a phenomenon that impedes the activity of
both reactions by restricting the accessibility of reactants to active sites. As demonstrated
in this section, enhancing ethylene production can be achieved through continuous hydro-
gen removal with a well-dispersed chromium catalyst. However, the acidity of the alumina
support surface does not favour DDM, thus limiting HDO activity. Therefore, exploring al-
ternative catalyst supports becomes crucial. Wu et al. showed that the presence of SiO,
favours the DDM route, consequently increasing BTX formation [87]. Hence, the subse-

quent section will address the investigation of alternative supports incorporating SiOs.
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6.3 Zeolite support
6.3.1 Catalyst synthesis

Various zeolite-based catalysts with Mo and/or Cr active sites in oxide form were synthe-
sised to assess the potential of including zeolite hydrocracking and DeHA mechanisms into
the DeH-HDO coupling process. Ammonium tetrathiomolybdates for Mo and chromium
(IlT) nitrate nonahydrate for Cr oxides were purchased from Sigma Aldrich, and ZSM-5 with
a Si/Al ratio of 25 was supplied from Zeolyst as the catalyst support. The used solvent,

ethanol, was purchased from Sigma Aldrich.

Incipient wetness impregnation (IWI) is used as the synthesis technique, where the targeted
metal oxide’s precursor is dissolved in an H-ZSM-5 ethanol solution. The mixture is agitated
at 800 RPM for four hours. Next, the mixture evaporates in a water bath at 80 °C for 48
hours. After drying, the resultant powder is calcined at 600 °C for four hours. A second
IWI step is used to produce zeolite-based catalysts with two active sites, where the second
precursor is added to the calcined powder dissolved in ethanol. The two-step IWI synthesis
process is denoted as sequential IWI. The catalysts are labelled as xCr-yMoZ, with x and y
representing the weight percentage of the active metal loading in oxide form. The precursor
order in the catalyst name signifies the sequence of impregnation. Using a Mo precursor

during the initial impregnation is denoted by Cr-MoZ.

6.3.2 Catalyst preparation and characterisation

Characterising synthesised catalysts involves determining the metal oxide content. XRF
analysis was conducted after each metal oxide impregnation step in a dual metal oxide
catalytic system. The zeolite-supported catalysts studied in this chapter are detailed in
Table 6.5. The measurements for both impregnated and non-impregnated ZSM-5 validate

the specified Si/Al ratio of 25.0.

To prepare the catalytic bed, the catalysts need to be crushed, sieved, and pelletised into fine
powder particles, typically ranging from 150 to 212 pm in size. The zeolite structure integrity
is carefully preserved during this process by using a Specase Atlas manual hydraulic press,
with a pressing force of up to 5 tonnes. This method has no adverse effects on the zeolite
structure, as demonstrated by the nitrogen physisorption isotherms in Figure 6.7. These

isotherms confirm the utilisation of zeolite microporosity, with the mean pore size and Type

146



CHAPTER 6. TAILORED CATALYST SYNTHESIS FOR ENHANCED DEH-HDO COUPLING

Table 6.5: Elemental analysis of all the catalysts used in this work using XRF.

Metal oxide composition (%) Al (Al;O3) Si (SiO,) Mo (MoOs) Cr (Cry03)
ZSM-5 - 4.4 95.6 - -
15Mo/Z 3.9 81.9 14.0 -
10Mo/Z 4.1 86.2 9.7 -
5Mo/Z 4.3 90.5 5.2 -
6Cr/Z 4.2 89.7 - 6.1
4Cr/Z 4.4 91.1 - 4.5
2Cr/Z 4.6 92.9 - 2.2
6Cr-15Mo/Z 3.5 74.5 16.1 5.9

IV physisorption isotherms providing clear evidence. The presence of H4 loop hysteresis is

a result of the organised silica structure within the zeolite.
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Figure 6.7: Nitrogen physisorption isotherms for ZSM-5 catalysts with Cr and Mo active
sites. QA refers to quantity adsorbed at FT.

Furthermore, Figure 6.7 illustrates that the nitrogen physisorption isotherms indicate a
reduction in adsorbed nitrogen in the zeolite micropores with a higher loading of MoOs.
This reduction is attributed to the migration of Mo oxides within the catalytic structure.
This conclusion is supported by the 28% reduction in surface area and the 29% decrease
in average pore volume compared to ZSM-5. However, when using a modest loading of Cr
oxides, the amount of nitrogen adsorbed is significantly higher than that of ZSM-5, primarily
due to a slight enlargement in the average pore size. This phenomenon can be attributed to

the infiltration of larger Cr,O3 particles into the zeolite microporous structure.
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Table 6.6: Physicochemical properties of synthesised zeolite supported Cr and Mo catalysts

BET surface Average volume Average pore

area (m?/g) of pores (m?/g) diameter (nm)
ZSM-5 387.8 0.257 2.65
15Mo/Z 277.8 0.182 2.63
2Cr/Z 361.0 0.251 2.78

6.3.3 Cr and Mo in zeolite supported catalysts for ethane
DeH

The experiment involves developing various Mo and Cr oxide active sites on a ZSM-5 support
in order to determine the most effective loading for the DeH-HDO catalytic system. Zeolite
support is utilised in various applications, such as catalytic cracking and hydrocracking.
It is noteworthy that the application of MoO3 on zeolite induces methane and light alkane
dehydroaromatization. Figure 6.8 depicts the performance in relation to ethylene selectivity
and ethylene-to-ethane ratio. Catalysts containing chromium (Cr) exhibit moderate conver-
sion of ethane to ethylene. The Cr,O3 active site is essential for alkane DeH since there is
a direct relationship between the amount of chromium loaded in oxide form and the level
of ethylene generation. However, the ethylene selectivity is only 30% because the zeolite
cracking mechanism produces methane as the main component. The stable productionof
ethylene is due to the chromium oxides being well-dispersed on the zeolite. This is done
by keeping the loads low to avoid active site agglomeration. This approach differs from the
high-loading chromium catalysts studied in previous chapters. The acidity of the support

causes the cracking mechanism, leading to a decrease in selectivity.
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When the loading of MoO3; catalysts increases from 5% to 10%, a rise in ethylene produc-
tion is observed. Nonetheless, an equivalent decrease in performance is observed over a
duration of 120 min, during which Cr-based catalysts exhibit consistent stability. While
there is a clear reduction in ethane conversion (ethylene-to-ethane), catalysts containing
molybdenum demonstrate a direct relationship between the active site loading used and
the selectivity towards ethylene. According to this discovery, the addition of MoOs3 lessens
the effect of zeolite cracking. Increasing the Mo loading to 15% initially boosts conversion at
the beginning of the reaction, but subsequently leads to a rapid decrease in ethylene forma-
tion caused by ethane conversion to DeH, despite, the increase in selectivity. Uslamin et al.
found that there was a simultaneous decrease in conversion and an increase in selectivity
when employing MoZ [199] for ethane DeHA and DeH. The unique mechanism of ethane
aromatization using the Mo active site was observed in comparison to Ga. According to
previous studies, it has been suggested and agreed upon that the utilisation of Mo does not
result in the production of ethylene as an intermediate for benzene production [199]. There-
fore, this indicates that low ethylene selectivity is not attributed to high ethane conversion
to benzene. Furthemore, the large formation of methane indicates no or limited benzene
formation since methyl radical is the intermediate step for ethane DeHA using Mo-based

zeolite as reported by Uslamin et al. [199].

The loading of 15MoZ demonstrates an average molar ratio of 1.03 for hydrogen-to-ethane.
Nevertheless, the ratio rises to 1.9 and 1.8 for 5MoZ and 10MoZ, respectively, as evidenced
by the production of hydrogen, validating these discoveries. The elevated hydrogen molar
ratio arises from the synthesis of benzene or excessive dehydroaromatization, resulting in
the formation of aromatic-based coke, despite hydrogen being consumed by methane. Ac-
cording to the reports, the application of Mo on ZSM-5 catalysts leads to the synthesis of
benzene, but only at temperatures over 600 °C [199], [200]. This observation is expected
because of the necessary endothermicity of benzene compared to ethylene derived from
ethane, as demonstrated in Reaction 8 and Reaction 9. Therefore, it can be assumed that
the production of benzene is negligible, and the increase in the molar ratio of hydrogen to

ethylene is generated by coke formation.

Furthermore, the combination of Cr-Mo was investigated for alkane DeH to require Cr active
sites for ethane DeH with Mo oxides for HDO as shown in Figure 6.9. The combination also

aim to maintain the good alkane DeH in a single active site run using MoOs. The use of
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Figure 6.9: Ethane DeH using Mo and Cr zeolite catalysts at 600 °C.
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6Cr15MoZ maintains similar performance for ethane-to-ethylene to 10Mo, not including
the sharp decline as of 15MoZ. Furthermore, ethylene selectivity also increased with the
10MoZ, but with relatively better performance compared to the results of chromium-loaded
selectivity as well as hydrogen formation rate with a hydrogen to ethylene molar ratio of 0.5.

This suggests the incorporation of Cr limits DeHA and eventually carbon formation.

6.3.4 Cr and Mo in zeolite supported catalysts for ethane
and guaiacol DeH-HDO

Figure 6.10 illustrates that the introduction of guaiacol initially decreases the production
of ethylene, but with a higher degree of selectivity. As the reaction proceeds, the generation
of ethylene increases, albeit with less selectivity due to the excessive formation of methane

caused by the zeolite cracking of ethane and guaiacol HDO.

The application of zeolite for DeH-HDO in the synthesis of gaseous compounds demon-
strates clear variations in performance over time when compared to catalysts supported by
alumina. At first, the production of ethylene is low, but it gradually increases with time, as
shown in Figure 6.10. When using a chromium-based catalyst, the use of guaiacol slightly
enhances the selectivity of ethylene to hydrocarbons. Conversely, when MoOj3; is utilised
in zeolite, there is a complete selectivity towards ethylene at 15 min, which dramatically
decreases to 9% as reaction progress. The increase in ethylene output can be linked to the
influence of dehydroaromatization. Figure 6.10 demonstrates that the addition of guaia-

col initially reduces ethylene synthesis of ethylene, but with increased selectivity. During
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the progression of the reaction, the production of ethylene intensifies,however, its selectiv-
ity decreases due to the excessive formation of methane resulting from the zeolite-induced

cracking of ethane and guaiacol HDO.
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Figure 6.10: DeH-HDO using Mo and Cr zeolite catalysts at 600 °C

The gas produced by DeH-HDO and DeH suggests that the addition of guaiacol resulted in
hydrogen consumption via HDO, as depicted in Figure 6.11. The decrease in the mol/mol
ratio of hydrogen-to-ethylene, as compared to DeH, suggests that both hydrogen transfer
processes are taking place inside the same catalytic bed for both Cr and Mo-based cata-
lysts. As mentioned earlier, the Cr-zeolite exhibits reduced selectivity towards ethylene as
a result of the zeolite acidic properties, causing cracking mechanisms, in particular, at the
investigated low Cr loading. Nevertheless, the incorporation of guaiacol resulted in the con-
sumption of Hs, leading to a significantly reduced H,-to-ethylene ratio, which is «1.0. In
the case of the Mo-zeolite catalyst for DeH-HDO, the molar ratio was not calculated in the
first 30 min due to the absence of ethylene production and the presence of excess hydro-
gen production. This trend remained for 60 min, with the molar ratio remaining above 1.0
compared to DeH. This implies that the addition of guaiacol may have altered the ethane
conversion mechanism, leading to the formation of benzene and coke. Figure 6.11 illus-
trates the Hy, consumption using guaiacol for HDO over the past 60 min. However, the rate
of Hy consumption is comparatively slower when using a Cr-based catalyst at the studied

loadings.

The liquid product of DeH-HDO in zeolite-based catalysts yields similar products to alumina-
supported catalysts but with varying yields. Both Cr and Mo active sites exhibit higher

SOAr than DOAr. Zeolite catalysts generate significant amounts of heavy molecules, char-
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Figure 6.11: Hydrogen transfer in DeH-HDO using Mo and Cr zeolite catalysts at 600 °C

acterised by two aromatic rings with one or fewer oxygen atoms per aromatic ring. The
formation of heavies may result from aromatic polymerisation due to insufficient reactive
hydrogen, as evidenced by the high guaiacol conversion observed for both Mo (79%) and Cr
(80%) on average over a 120-minute run. Despite Mo showing lower hydrogen consumption
(23%) compared to Cr (76%) in DeH-HDO, indicating less HDO. Mo-based catalysts exhibit
a higher presence of heavy hydrocarbons in the collected liquid resulting on a higher con-
densation rate at the catalyst surface. In contrast, Cr catalysts exhibit lower condensation
with a reduced condensate of 0.13 g/g catalyst, attributed to the abundance of reactive hy-
drogen reducing precursor heavies in the liquid phase. However, CrZ catalysts report higher

carbon deposition due to excessive DeH.

Table 6.7: Atmospheric pressure DeH-HDO coupling at 600 °C using zeolite-supported Cr
and Mo oxides

. H,/ethylene HDO HDO Carbon Condensation
Catalyst Reaction (vol/vol) selectivity yield (8/8cat) (8/8cat)
9CrZ DeH 0.34 - - 0.002 0.006
DeH-HDO 0.08 0.96 0.97 0.22 0.13
DeH 1.03 - - 0.039 0.005
15MoZ DeH-HDO 1.34 1.303 1.402 0.16 0.40

Although MoZ catalysts produce hydrogen at a higher rate relative to ethylene, this does not
facilitate HDO. Reactive hydrogen availability is crucial. These observations suggest that
the reactive hydrogen necessary for improving DeH-HDO is derived from catalytic ethane
DeH adsorbed at the catalytic site. Therefore, further catalytic engineering is needed to

achieve enhanced outcomes in the catalytic coupling of DeH-HDO.
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6.4 Conclusions

The choice of catalyst support plays a crucial role in the development of active sites in reac-
tion mechanisms. This chapter investigates alumina and zeolite as supports for Cr and Mo
active sites. The synthesised catalysts demonstrate their potential to facilitate DeH-HDO in
terms of ethylene formation and the degree of HDO. Both Cr on zeolite and alumina exhibit
higher ethylene formation in the presence of guaiacol compared to runs without guaiacol.
Despite rapid deactivation after 60 min, increased ethylene correlates with higher hydro-
gen consumption, indicating H-transfer to HDO. This enhancement in ethylene formation
and hydrogen consumption leads to almost complete guaiacol conversion for both Cr-based
catalysts, as well as relatively low condensate deposition. The difference between the two
supports lies in selectivity. The alumina catalyst favours the DME route, whereas the zeolite

cracking characteristic plays a role in improving HDR, yielding 28% at the start of the run.

Mo-active sites for HDO yield different outcomes on alumina and zeolite. Alumina reduces
ethylene formation due to rapid deactivation, which is attributed to minimal hydrogen for-
mation and accelerated coke formation. Conversely, zeolite exhibits higher ethylene forma-
tion towards the reaction end, with lower hydrogen/ethylene, suggesting increased selec-
tivity towards DeH over DeHA, supported by the absence of guaiacol run. The addition
of Cr and Mo in a single support has demonstrated similar effects to MoAl, which is at-
tributed to the high loading of molybdenum oxide, yet a slight improvement caused by the
existence of chromium oxide was observed. In the zeolite catalyst, the integration of Cr and
Mo yielded higher ethylene formation compared to single-active-site catalysts. However, fur-
ther research is required to understand the distribution of active sites and the associated

synergistic effects.
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Chapter 7

Techno-Economic Feasibility for
Integrating Alkane DeH with
Bio-Oil HDO Processes

7.1 Introduction

Considerable emphasis has been devoted to valorising lignocellulosic biomass to produce
high-value green chemicals. A crucial aspect of transitioning the chemical industry towards
bio-based feedstock is efficiently converting lignin-derived bio-oil into environmentally-friendly
chemicals while ensuring economic viability in biorefineries. The objective is to provide hy-
drocarbon building blocks that can be effectively integrated into the chemical industry’s
value chain, thereby meeting the worldwide demand for chemicals in an environmentally
sustainable manner. To achieve this objective, HDO has been identified in this work as
the primary process in biorefineries. Previous chapters have explored the potential of cat-
alytic HDO of bio-oil model compounds via in-situ hydrogen generation by alkane DeH.
Experimentally, the developed concept has proven promising from a technological stand-
point. Nevertheless, it is imperative that the economic aspects of the process also must be

sufficiently appealing for implementation.

7.1.1 Chapter structure

This chapter investigates the techno-economic assessment (TEA) of various approaches used
for coupling HDO and ethane DeH in a single catalytic bed, termed as in-situ and DeH-HDO,
to assess its feasibility compared to externally produced hydrogen, referred to as ex-situ or
conventional HDO. This chapter commences by briefly highlighting the recent published
economic evaluation of HDO processes in Section 7.1.2. For this work, Section 7.2 eval-
uates the economic potential of substituting molecular hydrogen for HDO with hydrogen

generated via ethane DeH, utilising experimental data and historical pricing. The aim of
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this section is to provide insights into the TEA at the current experimental stage. Section
7.4 examines the economic viability of substituting hydrogen sources based on findings from
highly cited publications. This section explores the TEA after the anticipated development
of the DeH-HDO process, drawing on published research. Finally, this chapter concludes by
offering perspectives on the benefits of scaling up DeH-HDO processes and their potential

integration in Section 7.5.

7.1.2 The industrial implication of coupling DeH-HDO

Numerous studies have delved into the techno-economic aspects of upgrading bio-oil into
viable fuels or transforming it into high-value chemicals. The United States and European
Union have achieved great milestones in bio-oil upgrading for fuel and chemical production
[201]. A comprehensive study was conducted by Kumar et al. in 2013 to highlight the
progress in commercialising biomass upgrading using different approaches, including ther-
mochemical and biochemical conversion [201]. The increasing number of published studies
investigating the economic potential of HDO of bio-oil into upgraded fuels exhibits interest
in moving from experimental findings into commercialisation [202]. Despite the revealed
positive economic outcomes and environmental advantages of bio-oil to reduce and even-
tually eliminate petroleum-based fuels, commercialisation efforts are minimal [201], [203].
The assessments of biomass processing are varied and lack certainty due to the complex-
ity of the feed material. They are based on specific biomass types, upgrading processes,
and operating conditions, which limits their applicability beyond certain parameters. How-
ever, these assessments offer valuable indications of the potential for biomass processing

for chemical production.

Sorunmu et al. evaluated the technological readiness level (TRL) of reported technologies for
upgrading bio-oil into high-value fuels and chemicals in terms of TEA, life cycle assessment
(LCA), and green house gas (GHG) emissions [203]. Since the evaluated technologies are
still under development, the minimum product selling price for most of them remains above
the conventional process threshold. However, the global warming indicator shows positive
values below the conventional process threshold. Despite the economic disadvantages at
this stage for the investigated technologies (mainly for upgraded fuels), better economics
could be achieved by focusing on the production of biomass-derived chemicals instead of
bio-oil, as they have higher selling prices. Definitely, these prices have to satisfy the com-

plex processing requirements for producing high-value commodity chemicals such as BTX

155



SECTION 7.2. Techno-economic (TEA) based on experimental findings

and phenol. Most of the technologies under investigation rely on molecular hydrogen for up-
grading, which inevitably impacts the technology’s attractiveness by driving up the feedstock
cost. Therefore, the present work on DeH-HDO presents a promising avenue for enhancing

the economics of bio-oil HDO, as discussed in the subsequent sections.

7.2 Techno-economic (TEA) based on experimental
findings

7.2.1 Economic Potential

The calculation of the EP of the process is derived from the evaluation of the selling prices
of both the feedstock and the products. The selling prices are derived from commercially
established conventional processes and serve as a means to provide insight into the eco-
nomic feasibility of the process. The economic potential does not incorporate capital and
operation expenditures, as these expenses are already factored into the selling prices, as

shown in Equation 1.

EP = ((Fiout — Frin)penuno - B) = Y _((Fiout — Fin)upo - P) (Equation 1)

In this work, this analysis provides an insight into the present state of the DeH-HDO ap-
proach compared to conventional HDO, based on experimental data. The experimental data
utilised for both DeH-HDO and HDO hydrogen analysis are derived from the same catalytic
system and operating conditions. The experimental data selected for this analysis is based
on a 1:1 mixed catalytic bed of Cr,O3 supported on alumina and unsupported MoOs3 at
600°C and atmospheric pressure. The reported yields are based on an average of 120 min

of operation. The mass balances considered for this analysis are listed in Table 7.1.

Given the observed volatility of commodity chemicals in correlation to fluctuations in crude
oil prices [204], various pricing scenarios were taken into account in Figure 7.1 to analyse
the process’s economic viability. It is assumed that the product prices are highly correlated
to the feedstock prices, which vary based on geographical location. Some countries have
access to cheap biomass and/or ethane, while others rely on expensive imports. Therefore,
the EP was considered for a range of feedstock prices. The analysis in Figure 7.1 consid-

ers the economic potential of converting the conventional HDO processes to an DeH-HDO
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Table 7.1: Material balance of guaiacol processing via conventional HDO and DeH-HDO
based on experimental findings. Scaled-up to a guaiacol processing capacity of 99.1
ton-hr—!

Component DeH-HDO conventional
HDO
Inlet Outlet Inlet (ton-hr—1) Outlet
(ton-hr 1) (ton-hr1) (ton-hr—1)

Ethane 48.1 38.9 - -
Ethylene - 3.17 - -
Hydrogen - 0.19 3.21 1.86
Methane - 3.17 - 3.42
Guaiacol 99.1 11.9 99.1 23.8
Phenol - 22.0 - 12.0
Anisole - 2.25 - 2.37
Cresol - 24.5 - 22.1
M.cresol - 9.21 - 8.05
Catechol - 13.6 - 16.0
M.catechol - 1.18 - 1.92
Water - 8.82 - 8.29
Methanol - 3.4 - 0.36
Heavy - 0.91 - 1.37

approach, which means hydrogen prices heavily contribute to EP. Therefore, in this analy-
sis, two hydrogen values were considered to distinguish the effects based on the hydrogen
source. 1000 $-ton—! is used for grey hydrogen that is generated from methane reform-
ing processes, while 3000 $-ton~! is used to consider the use of hydrogen generated from

renewable sources such as electrolysis.

Table 7.2: Chemical prices used for EP calculation based on historical data.

AVG price StD price Min. price Max. price

Component $-ton—! $-ton—! $-ton—! $-ton—!
Hydrogen'! - - 1,000 3,000
Ethane 435.0 163 110 760.0
Ethylene 1,055 238 800 1,600
Methane 265.0 - - -
Phenol 960.0 236 800 1,400
Cresol 1,314 540 341 2,500
Benzene 659.0 168 280 1,100
Toluene 803.0 191 440 1,330
Xylenes? 694.0 147 407 1,020
Anisole 1,152 283 960 1,680
Lignin (bio-oil) 380.0 60.0 260 500.0
Biomass 80.00 - - -
Heavies 162.0 6.00 87.0 237.0
Methanol 369.0 71.0 223 475.0

! Based fossil fuel or renewable sources
2 Average of p-xylene, o-xylene and m-xylene
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Figure 7.1: Economic potential for using alkane DeH for HDO of bio-oil at different feedstock
and product prices.

Based on historical chemical prices, the economic potential indicates a higher potential for
DeH-HDO over conventional HDO using experimental yields obtained in this investigation,
as shown in Table 7.1. Positive EP, which appears to be dominant for high and low hy-
drogen prices, is essential to deeply investigate this approach. Yet, for the fixed product
prices, the increase in the price of ethane and biomass with low-cost hydrogen might lead
to no or a negative advantage of using DeH-HDO approach. This becomes crucial for gas-
importing countries; however, this analysis comes with a low experimental conversion of
ethane caused by carbon deposition. Therefore, advancing the performance of the coupled
system will lead to enhanced economic potential. Figure 7.2 shows the value distribution
of the outlet stream based on the experimental findings. The distribution shows a low
contribution of hydrogen and ethylene prices, which is caused by the limited metric yield.
However, since the liquid product streams are similar for for HDO with molecular hydrogen

and DeH-HDO processes, the difference in EP is controlled by the gas distribution.

The positive EP values demonstrate enough promise to thoroughly examine the techno-
economic aspects, including capital expenditure (CapEx) and operational expenditure (OpEx),
inside the EP equation in order to mitigate uncertainties. In particular, although the liq-
uid products of DeH-HDO and HDO have shown similarity, DeH-HDO generates valuable

ethylene. However, it is crucial to address the separation of ethane and ethylene due to the
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Figure 7.2: The product distribution in the economic potential of DeH-HDO approach

impact of coke production on ethylene yield during DeH-HDO. This separation process is
known to be energy-intensive and requires significant investment. Therefore, DeH-HDO has
been evaluated as a standalone technology and integrated with the state-of-the-art steam

cracking of ethane

7.3 DeH-HDO process synthesis for TEA

7.3.1 Process boundary limits

The synthesis of biomass-to-chemical processes relies heavily on the biomass source and
the sequence of conversion and extraction steps required to obtain the desired product
streams. In this evaluation, the focus lies on comparing conventional HDO with coupled
DeH-HDO. The process boundary limit begins with the supplied lignin-derived bio-oil via
lignin pyrolysis and extends to the purified gas and liquid chemical streams, as depicted in

Figures 7.3 and 7.4.

In conventional HDO, after the conversion step, any unreacted hydrogen from the HDO
process is recycled back to the HDO conversion unit through gas separation processing,
yielding recycled hydrogen and fuel gas. The generated fuel gas stream is then utilised for
energy generation during HDO conversion and its subsequent separation. The resulting
HDO upgraded liquid fraction is further separated to yield BTX and phenols, which are
then sold for further processing outside the boundary limit (OBL). The non-upgraded frac-
tion of bio-oil is recycled for further upgrading. It is assumed that the DeH-HDO approach

follows a similar conversion process to the conventional HDO approach in terms of capital

159



SECTION 7.3. DeH-HDO process synthesis for TEA

H,

Recycled H,
Bio-Oil HDO HDOgas | Separation
-y p (HDO 81) —» Fuel gas

H, Unrecovered H,
CH, CH,
CO CO
(60)

HDO liquid 0

Figure 7.3: BFD of conventional HDO using external (ex-situ) hydrogen source defined as
HDO

CoHs
Recycled C;Hs | separation
) >
(InHDO S2) Catl (alkene)
A
Recovered C,H,/ C,H;
Bio-Oil In-situ | HDO gas | Separation
% _wo | *lmhposy [ > Fuelgas
2 2
CH4 CH4
oo co
002 COZ

HDO liquid C,H,/ C,H,

Figure 7.4: BFD of HDO using ethane DeH (in-situ) as hydrogen source defined as DeH-
HDO

expenditure CapEx. However, the implementation of DeH-HDO approach requires addi-
tional gas separation steps, including the energy-intensive separation between ethane and
ethylene. Consequently, the economic viability of the DeH-HDO process may be impacted
by the hydrogen donor reaction. Nonetheless, integrating the DeH-HDO concept with steam
cracking, a key process in the chemical industry, could lead to better utilisation of existing
plant CapEx. As illustrated in Figure 7.8, state-of-the-art ethane steam cracking can be

integrated with bio-oil HDO in the separation section.

In terms of process flexibility, the separation section of steam cracking is designed to sep-
arate C,-C4 alkanes and alkenes and may include a BTX separation train depending on
the cracked feed. For instance, naphtha steam cracking processes typically include a BTX
separation train, whereas Cs and C3 are often not separated. However, mixed cracking feed
exists since each cracker comprises several independent furnaces where the cracked gases
are mixed in the quenching section. This flexibility often necessitates a BTX separation
train in most steam cracking processes, obviating the need for new installations in existing

plants.
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7.3.2 HDO conversion section

In the TEA flowchart incorporates HDO conversion, which is reliant on empirical data for
quantifying liquid and gas products, with solid products determined through TGA analysis.
However, the content of water was not measured. To compensate for this, we implemented
a reaction network, as illustrated in Figure [Reaction network], to ensure that the overall
mass balance is maintained and to calculate the conversion for each individual reaction, as
outlined in Table 7.3. These conversion values were determined for the flowchart analysis

in this study due to the absence of a kinetic model for the complex reaction network.

This reaction network assumes that alkane DeH and HDO occur within the same catalytic
system but independently, as a mixed catalyst bed is used. This implies that Cr active
sites are likely responsible for the DeH, while HDO takes place on the Mo oxide active sites.
Nonetheless, the fundamental concept in this project is that HDO relies on adsorbed hydro-
gen radicals at the active sites and/or the support. It's important to note that both HDO
mechanisms may be observed, with both hydrogen radicals and molecular hydrogen playing
significant roles in HDO, primarily due to the differences in residence time between the two
reactions. Alkane DeH has a shorter residence time, which means that molecular hydrogen

could be regenerated before HDO is completed.

Furthermore, it's worth mentioning that alkane DeH might occur in the gas phase at high
operating temperatures. This suggests that with the missing adsorbed medium, which fa-
cilitates hydrogen transfer between ethane and bio-oil, molecular hydrogen can be formed.
This especially occurred due to the excessive accumulation of carbon formation as well as
the small catalytic loading ranges examined in comparison to the published guaiacol-to-
catalytic ratio. Therefore, it is reasonable to assume that each reaction operates indepen-

dently for the flow-sheeting analysis.

7.3.3 HDO liquid separation section

HDO of bio-oil derivatives into high-value chemicals generates valuable mono-aromatics as
well as valuable alcohols that contribute to the overall positive economics of the process.
However, to realise the potential value of these compounds, the product HDO liquid stream
has to be processed to separate BTX, single oxygenated aromatics, double oxygenated aro-
matics, heavies, water, and alcohols from each other. Since many different species exist in

the HDO liquid stream, the separation process will impact the overall economics of both
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Table 7.3: Used conversion of developed reaction network based on experimental findings.

Rxn Process Reaction Conversion
1 De-methoxylation C;HgO5 + Hy — CsH50H + CH30OH 64.1
2 De-methylation C7H802 +Hy — C(;H4 (OH)Q + CHy4 21.3
3 Hydrogenolysis C7HgO2 + Hy, — CsH;OCH3 + H,O 2.60
4 De-methoxylation CgH;OCH3 + Hy, — CgHg + CH30H 0.00
5 Methylation CGH4(OH)2 + CH4 — C6H3(OH)QCH3 + Ho 5.80
6 Hydrogenolysis C¢H4(OH); + H, — C¢H;OH + H,O 21.5
7 Hydrogenolysis C¢HsOH + Hy — C4Hg + H2O 2.10
8 Polymerization CgHg — Coke + 3Hs 100
9 Methylation C¢H50OH + CH; — C4H4,CH3OH + H, 48.5
10 Hydrogenolysis C¢H4,CH3;OH + H, — C4H5CHs + HoO 0.52
11 Methylation C6H4CH30H + CH4 — CGHg (CHg)QOH + HQ 14.2
12 Hydrogenolysis CsH3(CH3)2OH + Hy — C4H3(CH4)2 + H2O 0.00
13 Methylation C¢H;0H + 2 CH; — CgH3(CH3)2:OH + 2 Hy 6.87
14 Dehydrogenation CyHg — Hy + CoHy 2.00
15 Cracking CyH¢ - CHy;+Hy +C 24.8

C7HgOs:guaiacol (GUA), C¢HsOH:phenol (PHL), C¢H4(OH)2:catechol (CAT),

CsH4CH30OH:cresol (CRSL), CsH5OCHs:Anisole (ANS), CsHsCHs:toluene (TOL)

CapEx and OpEx perspectives. Therefore, this EP is considered crucial for the overall pro-
cess economics. The separations are based on the physical properties as well as the bi-
nary interaction between the components present. In addition, separation heuristics were
employed to obtain an optimised separation sequence. The main components are phenol,
cresol, methylcresol, methanol, heavy hydrocarbons, catechol, and unconverted feed. In
addition, the product contains water. Figure 7.5 shows a separation block flow diagram
designed by taking into account that guaiacol and aromatic with two oxygenated functional
groups will be sent back for further HDO. The available binary mixtures were studied for
the level of difficulty of separation as well as the existence of azeotropes. The designed sep-
aration train was established in Aspen Hysys to ensure the technological ability of obtaining
the product at the market specification. Yet for this analysis, ethane and ethylene separa-
tion were not considered due to the low conversion rate. However, this was considered in

the next sections.

In the flowsheet the process recycled catechol, guaiacol and m.catechol to result the the
product listed in Table 7.4 satisfying market specification. Detailed equipment specification

and process flow diagram is available in [205].

7.3.4 Economic evaluation

Detailed process flow diagram based on Aspen Hysys flowsheet is available in Appendix C.

The flowsheet includes the conversion and separation sections to estimate the working and
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Table 7.4: Net production mass balance from the Aspen flowsheet for the production of 200
kta phenol.

Component Mass Balance, ton-hr—! Net Production, ton-hr—!
Guaiacol 99.12 99.1
Ethane 17.5 17.5
Total Raw Materials 116.6 116.6
Gases' 12.1 9.97
Methanol 12.3 12.23
Wastewater 3.45 -
Anisole 2.44 2.44
Phenol 25.4 25.4
Cresols? 28.5 28.5
Heavies 27.6 27.6
Carbon 4.81 0
Recycle 10.4
Total Products 116.6 116.2

! Includes hydrogen, methane and ethylene

2 Includes m-cresol

fixed capital investment requirements to scale up DeH-HDO. The equipment purchase cost
is estimated to be $49.5M based on aspen process economic analyser (APEA) for all the
operation units except reactor and continuous catalyst regeneration (CCR) system, which
were estimated from literature. The detailed capital investment cost was estimated based
on the criteria used by Wright et al. to be $269M [206]. Table 7.5 illustrates the fixed
capital investment breakdown. The revenue generated based on the production rate shown
in Tables 7.1 and 7.2 leads to an annual gross profit (revenue - cash flow) of $35M. In this

scenario, no ethane and ethylene separation was implemented due to the enrichment of
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ethane in the ethane/ethylene stream caused by the small conversion.

Table 7.5: Total capital investment breakdown.

Total purchased equipment cost Fpc $MM 49.5
Total installed cost (direct cost) Fpir $MM 148
Indirect cost Finp $MM 44.0
Total direct and indirect costs Feost $MM 193
Contingency $MM 38.5
Fixed capital investment Frc $MM 231
Working capital Fwe $MM 37.6
Total capital investment Frcor $MM 269

For NPV calculation, the process was assumed to have a lifetime of 20 years with three
establishments. The capital investment during the first three years was divided as follows:
(year 1) 30% of fixed capital; (year 2) 60% of fixed capital; (year 3) 10% of fixed capital plus
the working capital. The NVP was evaluated at 30%, 5%, tax rate, and discount rate, re-
spectively, to yield a 20-year NVP of $1.6B. The selected tax rate was based on a common
and average global corporate tax rate that ranges from 25-45% depending on the location.
No subsidy or credit for the production of bio-based products was considered in the anal-
ysis since this type of incentive is expected to change as the bio-based chemical industry

matures.

7.3.5 Monte-Carlo and economic sensitivity analysis

The chemical industry operates in a landscape of consistent price fluctuations in both com-
modities and energy resources. These fluctuations are predominantly attributed to the
inherent volatility in chemical prices and the disruptions in supply and demand. To navi-
gate this complex terrain, the Monte Carlo analysis method has emerged as a critical tool.
It allows for the exploration of a wide array of potential scenarios driven by ever-fluctuating
factors, most notably energy and commodity prices. This method leverages an extensive his-
torical dataset, making it particularly valuable in situations where historical data is scarce,
a common challenge when dealing with certain chemical substances. In this analysis, the
NPV was computed based on the mean prices of chemicals and utilities. However, recog-
nising the intricate economic risks associated with the chemical process, we conducted a
comprehensive examination. This involved an in-depth analysis that considered an exten-
sive range of process options, as outlined in Table 7.6. We conducted a total of one thousand

simulations as part of this study.
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The intriguing finding, illustrated in Figure 7.6, is that, despite a strong NPV generated in
the base scenario, a negative NPV remains a plausible outcome. In fact, our analysis in-
dicates a 88% likelihood of a positive result when subjected to one thousand simulations
involving variations in chemical and utility prices. The simulated NPV outcomes range from
-$2.0B to $4.0B, encompassing the entire price spectrum, from feedstock and product to
utilities. This is a remarkable observation, given the typically high correlation observed
in petroleum-based chemicals, where an increase in ethane prices, a key feedstock, often
aligns with increased ethylene prices, the primary end product. It is crucial to emphasise
the Monte-Carlo analysis’s ability to reflect price variations driven by different geographical
locations, a factor significantly impacting feedstock pricing. For instance, ethane prices in
the Middle East, the United States, and Europe stand at $90, $250, and $760 per tonne,
respectively. Therefore, conducting a Monte Carlo study provides a reliable gauge of the
economic outlook for the DeH-HDO process. In summary, the Monte Carlo simulation re-
sults point to an estimated NPV of approximately $1.6 billion, with a standard deviation
of $1.2 billion. This insight underscores the economic dynamics in play, highlighting the

importance of comprehensive analysis in the chemical industry.
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Figure 7.6: Monte Carlo analysis for DeH-HDO’s NPV for 20 years with 30% tax and 5%
discount rate

Figure 7.7 presents a comprehensive sensitivity analysis of the Net Present Value (NPV)
aimed at maximising the economic performance of the DeH-HDO process. This sensitivity
analysis is standardised using the baseline NPV of $1.61 billion and relies on data sourced
from various published references. The variations in these values are influenced not only
by historical fluctuations but also by the scale of activity. When it comes to feedstock costs,

specifically ethane and guaiacol, any price fluctuations in these inputs can impact the NPV
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calculations. Reducing the cost of ethane, particularly in regions like the Middle East, can
have a positive effect on NPV. However, the need to import lignin-based oil can negatively
affect cash flow. In certain regions, the use of lignin-based bio-oil may offer benefits but
also pose challenges, such as the cost of importing ethane. Consequently, the cost of feed-
stock for this process is entirely dependent on the geographical location of the plant. An

anticipated cumulative impact of 20% on the total NPV is projected due to these factors.

In terms of products, the price of cresol plays a significant role in NPV due to its large
production volume and substantial economic price fluctuations. To maintain a strong NPV,
it is crucial to minimise these price fluctuations for cresol. Anisole and methanol, on the
other hand, have a minor impact, contributing less than five percent to the total revenue
generated by the entire process. The influence of ethylene variation is also minimal due
to its relatively low production rate. Addressing this requires an increase in DeH-HDO to
enhance the economic viability of the process and mitigate any negative fluctuations in

product value.
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Figure 7.7: NPV sensitivity analysis based on feedstock,product and utilities value variation
by a stander deviation: +o (green) and -o (blue).

7.3.6 Sensitivity analysis: Improved ethane DeH

In pursuit of enhancing the overall economic prospects of the integrated DeH-HDO process,
which aims to elevate the product value by generating alkenes, a hypothetical improvement
in alkane DeH was explored to improve the product stream and establish a target for the

technological advancement of DeH-HDO. Referring to reactions RXN 14 and 15 in Table 7.3,
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it is important to note that both generate hydrogen through distinct mechanisms. RXN 14
follows a targeted alkane DeH mechanism, primarily driven by kinetics. In the absence of
a catalytic bed, it leads to a limited conversion based on the thermodynamic equilibrium
conversion of ethane. The second reaction (RXN 15) is a cracking mechanism dominated by
thermal effects. Despite the simplified representation of ethane conversion reactions, they
explain the distribution of gaseous products. However, it is essential to acknowledge the
presence of water generated from HDO, along with other oxygenated compounds resulting

from ethane conversion reactions such as reforming, contributing to RXN 15 products.

It is worth mentioning that the experimental findings in this study are based on a mixed
catalyst bed comprising a Cr-based catalyst for ethane DeH and a Mo-based catalyst for
the HDO of bio-oil. Over a two-hour run, alkane DeH accounts for approximately 2% of the
total, while cracking is estimated to be around 25%. Consequently, improvements in ethane
conversion were categorised based on these two reactions, as outlined below. These perfor-
mance improvements were selected to cover different possible catalytic systems. Based on
this work, Case A represents the dominant cracking mechanism involved from HDO that
does not support DeH, similar to the investigated PNiMoAl excluding the influence of bio-oil
(guaiacol) condensates. Case B, where DeH is partially improved by the addition of DeH
active site similar to the catalytic system PNiMo-Cr. In Case C, it is based on improved
catalysts for DeH and HDO maintaining the selective DeH, CrAl catalyst, while having HDO
performance. From the literature, these values are representative for alkane DeH with Mo-
based catalysts, where the alkene selectivity ranges from 38-84% [84]. Alkane DeH for
Cr-based catalysts was reviewed by Saito et al. showing 19-41% with the absence of CO;
[140].

Table 7.6: Monte-Carlo statistical analysis for a thousand-simulation run for DeH-HDO
improvement via boosting alkane DeH performance.

Indicator Base case Case A Case B Case C
Gross profit $MM /year 219 223 230 233
Mean NPV 20-year $B 1.31 1.31 1.38 2.61
STD NVP 20-year $B 1.18 1.16 1.19 1.17
Min. NVP 20-year $B -3.53 -2.18 -2.18 -1.60
Max. NVP 20-year $B 5.70 4.92 5.00 6.43
Probability (>0) % 87.3 87.5 88.3 98.7

Case A: Balanced conversion favours cracking (11.0% DeH and 15.7% cracking)
Case B: Balanced conversion favours DeH (15.0% DeH and 10% cracking)
Case C: Complete dehydrogenation of 20.0%

Balancing cracking and DeH products has demonstrated limited improvement due to the

167



SECTION 7.3. DeH-HDO process synthesis for TEA

challenge posed by the increased production of ethylene, coupled with the reduction in the
energy-based stream, encompassing methane and unreacted hydrogen produced from both
DeH mechanisms and HDO reactions. Another reason for the modest economic improve-
ment stemming from ethylene production lies in the prevailing ethane prices, which render
the difference between ethylene and ethane less attractive. As previously mentioned, this
challenge can be mitigated by reducing the ethane price range used in this study, especially
by considering geographical areas where ethane pricing is more justified. However, it’s im-
portant to note that since no specific geographical location was selected, a general overview
was provided. The probability of achieving a positive NPV saw a significant increase, reach-
ing 98.7% in Case C, where the value of ethylene production compensated for the value
of energy stream production. Nonetheless, the improvement in gross profit was relatively
modest, reaffirming that even a slight improvement in feedstock prices could significantly

boost the NPV for all cases.

7.3.7 DeH-HDO Integration to the chemical Industry

The previous section detailed the scaling up of the integrated DeH-HDO process to handle
790 kta of bio-oil, resulting in the production of 200 kta of phenol. This output accounts
for approximately 1.5% of the current global phenol capacity. The chosen capacity aligns
with Cespsa and INEOS production capacities, as they boast the largest capacities for bio-
oil processing and phenol production, respectively [39], [40]. INEOS, the largest phenol
manufacturer, has an overall production capacity of 4,000 kta, with its MOBILE, USA site
initially holding a capacity of 400 kta [40]. Utilising half of this site’s capacity is justified
by the differing process feed for phenol production between petrochemical and bio-oil feed.
Cespsa, claims its largest second-generation bio-fuels from bio-oil, has a capacity of 1,000
kta [39]. Therefore, these chosen capacities are deemed reasonable since the largest bio-oil

processing facility is not exceeded, with a conservative phenol capacity.

The ultimate goal of this technology is to further improve it for the production of olefins
and BTX to be scaled to the ethylene market capacity. Achieving this presents challenges,
particularly due to limited ethylene production, which affects the allocation of feedstock for
such a process with a significant recycled stream resulting from low alkane conversion. In
the improvement scenario discussed earlier, ethylene production reaches 100 kta, which is
less than 0.1% of the current ethylene market capacity. However, reaching this goal requires

further work and innovation. Therefore, integrating DeH-HDO into existing processes is
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seen as a way to improve the overall economic outlook and leverage its bio-based feed to
advance the integrated process towards carbon neutrality, particularly for the production of
olefins, BTX, and other high-value chemicals such as phenol. The challenge lies in the fact
that the DeH-HDO process requires a petroleum-based feed (ethane) for alkane DeH. Two
possible integration approaches have been considered: (1) integrating with a conventional
refinery in a biorefinery setting or (2) integrating with a petrochemical facility that uses
ethane or LPG (liquefied petroleum gas) as a feedstock as shown in Figure 7.8. In the former
case, an extracted stream from the refinery’s FCC (fluid catalytic cracking) unit would be
directed toward the DeH-HDO process, but this would necessitate the installation of an
energy-intensive ethane/ethylene separation unit. Alternatively, the integration of DeH-
HDO with steam cracking, which utilises ethane, LPG, or naphtha for the production of
alkenes and aromatics, presents significant advantages. The steam cracking process has
been explored for various routes towards carbon neutrality, including the use of heat pumps

and electrified crackers, aligning with the industry’s commitment to carbon neutrality.

Steam —l

Steam cracking (SC)

conversion

Ak — alkenes
ane —p
Integrat_ed Phenal
separation
—» Heavies
Hydrodeoxygenation
(HDO) conversion

Recycled alkane

HDO HC

Figure 7.8: Block Flow Diagram (BFD) of conventional HDO

The integration of DeH-HDO with SC (integration option 2) involves diverting a fraction of
allocated ethane (ethane-cut) from the steam cracker feed to the HDO reactor, as illustrated
in Figure 7.9. The product stream from the HDO process is first purified to remove oxy-
genated compounds before being merged with the separation train of the steam cracking
process. Steam cracking includes the separation of alkanes and alkenes in multiple distil-
lation columns, and depending on the feedstock, it can also produce BTX compounds. In
the case of feeding natural gas liquefied (NGL), LPG or a mixture, the products would be
olefins. However, the use of naphtha includes BTX formation depending on the the naphtha
source and physical properties. The content of naphtha is estimated by using oil quality

characterisation factor as following:
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18- Tk )3

k— ( y (Equation 2)

Where T is the boiling point in K, and d is the relative density. k values less than 12.0
makes more aromatic [207]. Therefore, steam cracker for naphtha feed contains a recovery
section that includes BTX fractionation due to the production of 10-15 wt% of BTX based
on the cracking severity [207]. In summary, This integration holds great potential as it can
incorporate the advancements achieved by HDO in generating more de-oxygenation which

yield more BTX.
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In this work, ethane is selected as the feed to utilise experimental findings as well as avoid
the complexity of naphtha feed composition, despite the advantage of generating BTX from
naphtha cracking. A comprehensive flowsheet was developed to evaluate the energy changes
per ton of ethylene and the overall economic viability of the integration in terms of the value
of product streams. The techno-economic aspects of the steam cracking process have been
extensively investigated in various studies. The developed flowsheet to investigate steam
cracking and DeH-HDO has been designed to produce an ethylene capacity of 1,200 kta,
which is a commercial ethane SC capacity. Thus, the flowsheet has a fresh ethane flow of
185 MMton-hr~! for 8000 annual operational hours, as indicated in Table 7.7.
Table 7.7: Production rate based on DeH-HDO process using Aspen Plus flowsheet

Ethane cut to HDO 0 5% 10% 15% 20%
Fresh ethane ton-hr—! 185 185 185 185 185
Recycled ethane ton-hr—! 128.3 125.3 117.5 110.5 103.6
Produced ethylene ton-hr—! 151 140 133 124 116
Reduction in ethylene % 0 7.2 12.0 18.0 22.9
Produced HDO liquid ton-hr—! 0 88.4 172 252 330

An investigated allocated fraction of ethane for DeH-HDO (ethane-cut) was employed to ad-
dress the mass balance and energy balance impacts. The allocation of ethane into HDO led
to slightly higher ethylene production; for example, an allocation of 5% led to 7.2% reduction
in ethylene production. The additional reduction is attributed to process losses caused by
the designed parameters used for the unit operation in the flowsheet. However, the reduc-
tion in HDO liquid yields contains valuable products such as phenol, cresol, and methanol,
as discussed in the earlier section of this chapter. This allocation leads to 88.4 ton-hr—!

from processing 93.4 ton-hr—!

of bio-oil (guaiacol as a model compound). The standalone
HDO discussed in the earlier section was designed for 99.1 ton-hr~! for annual production

of 250 kta of phenol, along with the other targeted products.

In principle, the increased allocation of ethane-cut for HDO improved HDO liquid leading to
enhanced economic feasibility, as shown in Table 7.10. Yet, the increase in the ethane-cut
is controlled by market needs and demand, therefore, based on the current global market
size shown in Table 7.8, an ethane-cut of 5-10% is targeted. More than 20% ethane-cut
yields a large reduction of valuable ethylene as a building block chemical for the chemical
industry. Note that a 20% allocation contributes to the production of 614 kta of phenol,
which is the maximum reported phenol production capacity in a single plant. Therefore,

the ethane-cut controls the trade-off between HDO profitability and market demand.
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Table 7.8: Global market capacity for DeH-HDO product streams as of 2022.

Chemical Annual market capacity, Mt ACGR! % Ref.
Ethylene 224 >6 [208]
Propylene 150 6.2 [209]
Methanol 93.0 4.5 [210], [211]
Benzene 60.2 2.9 [212]
Toluene 31.2 3.1 [213]
Xylene 46.0 6.3 [214]
Phenol 12.1 2.7 [215]

! Annual Compounded Growth Rate (ACGR).

In addition to the significant mass gain from HDO liquid, the integration results in energy
savings per tonne of ethylene produced, as outlined in Table 7.10. These energy savings
stem from various sources, including the steam cracker, compression, recovery system,
and fuel gases (methane and hydrogen) generated from both steam cracking (SC) and DeH-

HDOydration (DeH-HDO) processes.

Table 7.9: DeH-HDO with ethane steam cracking integration flowsheet summary and eco-
nomic evaluation at different ethane cut from steam cracking feed using the experimental
results in Table 7.1.

Ethane cut 0 5% 10% 15% 20%
Cracking GJ-ton~! 15.4 15.5 15.2 15.1 14.9
Compression GJ-ton~! 1.46 1.54 1.56 1.61 1.65
Recovery GJ-ton™! 1.51 1.52 1.55 1.57 1.58
Generated GJ-ton™! 12.5 13.6 14.1 14.8 15.6

For the energy analysis, the energy requirement per tonne of ethylene in the steam cracker
was derived from the reactor and feed heating, while the compression energy was obtained
from the compressor duty. Within the recovery system, including all distillation columns,
energy calculations were based on the difference between condensation and reboiling energy
requirements, with the assumption of employing heat pumps for efficient energy conserva-
tion. The fuel gases produced were considered as input for combustion, although there is
potential to sell valuable natural gas hydrogen as a commodity chemical for steam reforming
and other upgrading processes to enhance the overall stream value. This approach would
be particularly feasible in environments where significant electrification efforts in steam

cracking have been accomplished.

The energy consumption study reveals that by raising the ethane cut, energy may be con-
served in all sections of the integrated process due to a reduction in flow capacity. However,

the calculated energy values based on the production of ethylene exhibit variations, as il-
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lustrated in Table 7.10. The need for cracker feed decreases as the cut increases, as a result
of the marginal increase in ethylene production from the complete integration of SC with
HDO-DeH. This implies that by integrating the process, there will be a notable decrease
in the amount of energy needed, since the synthesis of ethylene is enhanced in the HDO
process. This is a hopeful benefit, considering that the energy required for steam cracking
is influenced by the highly endothermic nature of the cracking reactions. The compression
and recovery systems have exhibited an elevation in energy demand per metric tonne, re-
sulting from the alteration in the composition of the gas stream through the combination of
SC and DeH-HDO mixtures. As the amount of ethane is increased, there is a corresponding
increase in methane and hydrogen, while the ratio of ethylene to ethane decreases. This
leads to a more efficient separation process using a de-methanizer and C, splitter, with a
reduced difference in energy consumption. However, while assessing the decrease in en-
ergy based on the production of ethylene, it was found that there was a greater demand
compared to the base scenario. The fuel gas streams produced are combusted for energy
purposes in the established flowsheet for analysis. The combustion streams serve as fuel
for the cracker, functioning similarly to the existing traditional steam cracking furnaces.
Theoretical calculations in the flowsheet, without accounting for heat losses, indicate that
an ethane cut of 16% fulfils the energy requirements for the cracker and feed heating, as
shown in Table 7.10.

Table 7.10: DeH-HDO with ethane steam cracking integration flowsheet summary and
economic evaluation at different ethane cut from steam cracking feed using the experimental
results in Table 7.1.

Ethane cut 0 5% 10% 15% 20%
Cracking GJ-ton~! 15.4 15.5 15.2 15.1 14.9
Compression GJ-ton~! 1.46 1.54 1.56 1.61 1.65
Recovery GJ-ton™! 1.51 1.52 1.55 1.57 1.58
Generated GJ-ton™! 12.5 13.6 14.1 14.8 15.6

By considering several aspects of energy analysis, such as incorporating the recycling stream
heating and the quenching and fractionation of the cracker gas output, the expansion of
the cracking boundary reveals a clear trend of energy reduction, as depicted in Figure 7.10.
The base case, which simply includes steam cracking without DeH-HDO, yields an energy
consumption of 6.1 GJ-ton~! of ethylene. The model demonstrates that there is no further
reduction in energy per metric tonne of ethylene beyond a threshold of 5%. Beyond this
point, the combustion energy increases linearly due to the additional gases generated by

HDO, as indicated by the solid green line in Figure 7.10. However, the intriguing supple-
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Figure 7.10: Saved energy from steam cracking (cracker) [dashed-line] and additional gen-
erated energy from combustion gases [solid-line]by ethane cut to HDO reactor(s).

mentary energy derived from the fuel gas stream has a detrimental impact on the overall
production of ethylene, hence directly influencing the chemical industry downstream in the
creation of important compounds. Within the specified boundary of this study, the eco-
nomic worth of the streams enhances the overall value, even though the valuable ethylene
is reduced due to the value of phenolic HDO products. The baseline was increased by
approximately 50%, and at an applied reduction of 20% as shown in Table 7.11. Neverthe-
less, the improvement of the cut is influenced by the market demand for the targeted and

downstream products, taking into account the material, energy, and economic gains.

Table 7.11: DeH-HDO economic evaluation at different ethane cut from steam cracking
feed using the experimental results in Table 7.1.

Ethane cut 0 5% 10% 20%
HDO stream value $MM 0 223 468 668
Overall value $MM 852 992 1,182 1,247

The integration has demonstrated significant potential for managing a wide range of chemi-
cal streams from both biorefinery and traditional refinery sources, resulting in economic and
energy benefits. The strategic deployment of integration also yields environmental benefits
by reducing the mass required for steam cracking, resulting in a decrease in greenhouse gas
emissions from furnace fire. According to reports, one metric tonne of ethylene produces
an equivalent of 1-1.6 tonnes of CO, emissions, depending on the source of the feedstock

[207]. Keller et al. conducted a study to determine the global warming potential associated
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with the production of one tonne of olefins, primarily ethylene, from a shale gas ethane
stream. The study found that this process results in the emission of 3.01 tonnes of CO»
[216]. Excluding the emissions related to the extraction and refining processes, which are
not included within the scope of this study, the estimated value is around 1.5 metric tonnes

of C02

The influence of climate change on ethylene yields results in a reduction of around 90 kta,
leading to a 5% decrease in CO2 emissions. Mynko et al. conducted a life cycle assess-
ment on several advancements in steam cracking in order to mitigate the emissions linked
to it [217]. The utilisation of biogas furnaces in all steam cracking processes has been
determined to result in a 21% decrease in carbon footprint [217]. This reduction has been
predicted to amount to 116 million metric tonnes per year. This highlights the significance of
combining steam cracking with biorefinery. However, in the specific experimental situation
being studied, this integration cannot be realised due to the insufficient energy provided to
operate the furnace. With a 20% reduction, the biogas produced from HDO is measured at
1.46 GJ-ton—!, representing 18.3% of the necessary fuel gas. However, by expanding the
HDO boundary limit to encompass biomass (specifically lignin) pyrolysis, it is possible to
meet the biogas cracker demand while maintaining the same operational capacity. This will
be further explained in the following section. Thus, integrating HDO into the SC process
enhances research and development endeavours to minimise emissions and supplement
other technological advancements, such as cracker electrification, in order to attain carbon

neutrality objectives.

7.4 DeH-HDO implementation in HDO-FCC process
integration

7.4.1 The economic potential of replacing HDO by DeH-
HDO in HDO-FCC integration

Wright et al. have proven the potential of biomass conversion into bio-based hydrocar-
bons in comparison to chemicals and bio-fuels in three different processing schemes. The
represented chemicals for each scheme are gasoline and diesel for bio-fuel, asphlt binder,
dextrose, calcium, and acetate for biomass-derived chemicals, and aromatics and olefins
for bio-hydrocarbons [206]. The results indicate that the capital investment associated

with biofuel is higher and produces the lowest revenue due to product prices. This evalua-
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tion approves the advantages of transitioning biomass towards chemical production [206].
Developed Monte-Carlo analysis indicates that hydrocarbon scheme (Bio-oil-to-chemical)

always have a positive NPV, despite the change in chemical prices [206].

To prove the merit of replacing hydrogen as HDO agent due to its cost, Wright et al. prove
that after biomass cost, hydrogen has the highest operating cost (20% of the total OpEx)
[206]. Hence, replacing hydrogen with an on-purpose DeH approach would further in-
crease the profitability of the entire process. In Section 7.2, EP was determined based on
experimental findings. These experiments revealed the possibility of negative economic po-
tential in specific situations where ethane prices are high and hydrogen prices are low. This
occurrence is rare because most chemicals today are closely tied to crude oil prices, and re-
newable hydrogen generation methods are currently more expensive than traditional steam

reforming.

To extend our understanding beyond these experimental findings, we explored an integrated
approach involving a biorefinery and refinery process to convert biomass into various chem-
icals as illustrated in Figure 7.11. This integration, developed by Vispute et al., transforms
water-soluble bio-oil into alkanes, alkenes, aromatics, and bio-oil. Wright et al. expanded
the scope of this process to begin directly with biomass and compared it with other schemes
from an economic standpoint. This expanded process underscores the importance of sepa-
rating high-value chemicals, specifically alkanes and alkenes, to unlock their full potential.
These findings suggest the merits of using in-situ, on-purpose hydrogen generation via HDO
for future implementations. By using alkanes in the feed to generate hydrogen for HDO and
alkenes in the integrated HDO with FCC process, the attractiveness can be as alkene pro-
duction increases, and separating alkanes from alkenes becomes essential in the baseline
scenario. Figure 7.11 displays Wright et al. process and Vispute et al. integration as well
as the in-situ hydrogen generation concept (DeH-HDO), which proved its potential from the

experimental and economic perspectives.

7.4.1.1 Hydrogen availability

The EP of in-situ hydrogen generation DeH-HDO is fully explored by investigating the use of
ethane under ideal operating conditions for hydroprocessing, followed by FCC operation for
olefin and aromatic production. The primary challenge for alkane dehydrogenation lies in its

ability to supply sufficient hydrogen under thermally harsh operating conditions. Despite
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Figure 7.11: Block Flow Diagram (BFD) of biomass processing to chemicals implemented

by Wright et al. including a hydroprocessing and FCC integration by Vispute et al. [206],
[218].

the high operating temperature required for alkane DeH, it is a kinetically driven reaction
for selectively producing ethylene and hydrogen. Therefore, it is important to establish a
baseline for hydrogen requirements derived from alkane DeH for achieving full conversion
to aromatic and alkene cases. This baseline is established based on ethane conversion,

ethylene selectivity, and aromatic composition in bio-oil

Hydrogen availability, MT
Delta Annual EP, $M/year
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~
0
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(a) Hydrogen availability for HDO (b) EP difference

Figure 7.12: Investigating required alkane DeH conversion and selectivity to perform Vis-
pute et al. HDO-FCC integration at range of ethane-to-aromatic ratio

Figure 7.12 demonstrates the conversion and selectivity of alkane DeH to produce sufficient
hydrogen for HDO based on experimental flow conditions. At zero, HDO has just the needed
hydrogen for HDO, where positive values mean additional hydrogen is generated, which also
makes the EP higher for using additional hydrogen as an energy source or a by-product, de-
pending on its production rate. However, negative values mean hydrogen deficiency, which

leads to the accumulation of heavy hydrocarbons or coke formation, which negatively affects
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EP. Therefore, Figure 7.12 shows a rare possibility for hydrogen sufficiency at the experi-
mental condition unless near-complete conversion and selectivity can be achieved, which is
not applicable for alkane dehydrogenation as well as state-of-the-art steam cracking. There-
fore, adjustments to the operating conditions for the techno-economic assessment have to
be made prior to further investigation. Regardless of hydrogen availability, the EP has a
considerable probability of being negative. Therefore, in the next step, hydrogen generation

will be adjusted by increasing ethane flow and, consequently, the ethane-to-bio-oil ratio.

Figure 7.13 maps different operating ethane-to-aromatic flow ratios (R) and aromatic ratios
in bio-oil to draw a line for the hydrogen requirement for sufficient HDO. The probability
of hydrogen availability in Figure 7.13 is defined by the probability of sufficient hydrogen
at a range of ethane conversion and ethylene selectivity based on aromatic weight in bio-
oil. The reactions involved in each alkane conversion approach are listed in Table 7.12.
The low probabilities mean that alkane DeH has to have superior performance to be suit-
able for integration. Nevertheless, the analysis in 7.13a shows low probability as only it
considers ethane cracking as a byproduct, whereas 7.13b includes another undesirable re-
action, which is ethane to carbon and hydrogen. Although this approach results in a higher
probability of hydrogen availability, it comes with a trade-off between carbon efficiency and
valuable chemicals. Eventually, low carbon efficiency leads to low EP, especially in cases
where ethane is an expensive commodity chemical. Increasing R increases the probability,
which also gives shorter residence time for meeting a satisfactory conversion but also may
limit undesirable methane cracking, which actually consumes hydrogen. Therefore, further

in the flowsheet analysis and techno-economic assessment, R = 5 is used.

The required ethane flow per aromatic in the bio-oil is set based on the experiment condi-
tions developed in this work since it has proven its potential to generate similar or better
performance to conventional HDO, which is 5.8 in weight basis (ethane-to-aromatic). How-
ever, since this EP study processes a full bio-oil stream, the cases presented in Figure 7.13
based on the aromatic weight present for the total bio-oil weight. In the case of enriched
aromatic bio-oil (80wt%), a stable ethane conversion of 20wt% requires at least a catalytic
selectivity of 80wt% towards ethylene to have sufficient hydrogen. At full ethane conver-
sion, still a selectivity of 67% has to be achieved. This observation indicates the significant
role of the catalytic system in achieving certain performance for the in-situ hydrogen gen-

eration approach. The importance of improving selectivity becomes more profound in the
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Figure 7.13: Probability of hydrogen availability via alkane DeH performance at different
aromatic content in bio-oil as well as ethane-to-aromatic ratio (R).

case of low-quality bio-oil in terms of aromatic quantity. In terms of 40wt% aromatic in
bio-oil, ethane conversion of 20% and complete conversion require selectivity of 95% and
70%, respectively, to deliver sufficient hydrogen for HDO. Therefore, the DeH-HDO has to
be improved from a catalytic perspective to achieve hydrogen yield and limit its declines due

to coke formation.

7.4.2 Economic incentive of integrating DeH-HDO to FCC
The economic incentive of HDO as an alternative fuel and chemical production process re-
mains challenging due to the technical limitations of biomass conversion. Although several
studies report that HDO has produced promising outcomes in terms of aromatic and olefin
production, the variation of feed composition remains a constrain for developing a robust
process. Beside the bio-oil or biomass feedstock flexibility requirement, hydrogen economic
and environmental costs remain an obstacle. A number of published works have consid-
ered the production of hydrogen within the process boundary limit as a potential to reduce
the overall operation cost [219]-[221]. Therefore, previous section has drawn a baseline
for alkane DeH performance to suitable alternative for process implementation, which is

economically measured in this section.

Experimentally, ethane has proven its potential as a hydrogen replacement for HDO. Yet, the
coupling is not improved to unlock the process potential of increasing BTX and alkenes, and
the reaction coupling is in its early technological stages. However, moving forward, several

parameters have to be re-adjusted to ensure better performance, as previously explained.
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To reflect the progress in this work and the full potential of HDO presented in published
works, a baseline was drawn in terms of the reaction performance of H-donor to boost BTX
and alkene formation. First of all, the ethane-to-bio-oil feed ratio has to be adjusted based
on the aromatic composition of bio-oil or its derivatives. For this evaluation, the aromatic
content in bio-oil was set to 0.63 since guaiacol was selected as a model compound in this
work. The selection of guaiacol as a bio-oil model compound in the simulation is good since
it represents the poor and rich aromatic fractions in bio-oil. It is poor due to its high O/C
based on the classification by Xiong et al. [222]. However, containing an aromatic structure

makes it a rich fraction, as shown in the summary represented by Xiong et al. [222].

Feed-to-bio-oil requirements are subject to reaction performance in terms of conversion and
selectivity. Therefore, a correction factor was introduced, which increased the increase from
the investigated experimental condition. Alkane (ethane or propane) requires a higher cor-
rection factor to generate sufficient hydrogen; therefore, the flows were accordingly adjusted
in the model. Ethane conversion was set at 30% for using a Pt-based zeloite catalyst in-
vestigated by Vispute et al. [218]. However, in the presence of hydrogen, ethane undergoes
C-C cleavage, which consumes hydrogen to form undesirable methane. Therefore, undesir-
able methane and carbon formation were included with a total selectivity of 70% towards
ethylene. The same methodology is used for propane dehydrogenation, except that oper-
ating at the same temperature as ethane would slightly increase the conversion based on
equilibrium conversion.

Table 7.12: Alkane conversion reactions for the production of hydrogen, alkenes and aro-

matics, and parameters requirement to achieve sufficient hydrogen for DeH-HDO integration
with FCC.

Feed/Bio-oil

Feed Pathwa Reactions Corr. F
y kg/kg
Dehydrogenation CyHg + CoHy + Hy
Ethane Cracking CyHg — CH, +Hs + C 1.45 5.0
3 C2H6 — C6H6 + 6 H-
Ethane DeHA. CyHg + Hy -+ 2 CH4 0.58 2.0
cracking

SCQHG — ClGHIO + 19 H,

CgHg <~ 03H6 + Ho
CgHg — CH4 + C2H4 1.45 5.0
C3H8 —4Hy+3C

Dehydrogenation

Propane Cracking

Since the integrated HDO-FCC used Pt and Ru-based catalysts, the ethane DeHA mecha-

nism has to be employed as it forms BTX. The DeHA mechanism occurs within the micro-
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pore structure of zeolite [140]. It was also considered since it produces valuable BTX and
hydrogen, which suit the product streams generated from HDO. Since, on a molar basis,
ethane produces more hydrogen via DeHA, the correction factor for sufficient hydrogen was
calculated to be 1.6. Therefore, in the model, a correction factor of 2.0 was used. In princi-
ple, from a catalytic perspective, the low residence time favours alkene formation, whereas
a higher residence time allows for alkene aromatization in the micropore structure [140].
Consequently, that leads to higher ethane conversion. In the case of excessive aromatiza-
tion, coke formation was identified as pyrene. Therefore, Table 7.13 shows different gas
feed-to-bio-oil ratios for the different mechanisms, which resulted in different overall BTX

and alkene production, as shown in Table 7.12.

Due to the utilisation of Pt and Ru based catalysts in the combined HDO-FCC process, the
ethane DeHA mechanism must be applied, as it results in the formation of BTX. The DeHA
mechanism takes place within the micropore structure of zeolite [140]. It was also deemed
suitable because of its production of valuable BTX and hydrogen, which are compatible
with the product streams generated from HDO. Based on a molar basis, ethane generates a
greater amount of hydrogen through DeHA. Consequently, the correction factor required to
ensure an adequate supply of hydrogen was determined to be 1.6. Thus, a correction factor
of 2.0 was employed in the model. From a catalytic standpoint, a shorter residence time
promotes the production of alkenes, whereas a longer residence time facilitates the conver-
sion of alkenes into aromatic compounds within the micropore structure [140]. As a result,
this results in an increased ethane conversion rate. When there is an excessive process of
converting substances into aromatic compounds, the production of coke is determined to
be pyrene. Table 7.13 displays varying feed-to-bio-oil ratios for different processes, leading

to distinct overall BTX and alkene production as presented in Table 7.12.

The energy requirement is a significant parameter in comparing different processes. These
processes are compared in terms of energy requirements per ton of produced products,
as illustrated in Table 7.13. Since the processed biomass has the same volume in the
three investigated cases, the energy is primarily based on the conversion of the inlet gas
feedstock, which consists of ethane and propane, as well as the energy needed for feedstock
heating. Despite the approximately 2.5-fold reduction in ethane processing in the DeHA
case compared to the DeH case, it is more endothermic. This indicates that DeHA likely

requires less energy, and the energy of the reaction is mostly recovered by other streams.
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Additionally, the proportionality of fuel gas formed in the case of DeHA helps to offset the

energy requirement.

Table 7.13: Aspen Plus process results for the integration of DeH-HDO with FCC of pro-
cessing 3,300 tpd

Parameter Ethane DeH Ethane DeHA Propane DeH
Production kta 436 298 576
Alkene/Aromatics kg-kg~! 6.15 1.06 8.44
Energy requirement GJ-ton™! 9.89 2.54 6.67
Economic potential® $/year 1.02 1.07 1.37

¢ Calculated based on the difference of feedstock and product values

However, since the production from DeHA results in aromatics, unreacted ethane, and hy-
drogen, it involves a straightforward separation process that does not require extensive
equipment, unlike the ethylene and propylene recovery, which necessitates complex C, and
Cs splitters. Furthermore, in the DeHA process, most of the outlet stream bypasses the
compression unit, which is used for gas separation. Therefore, as discussed in the pre-
vious section, the integration of DeH-HDO with steam cracking becomes essential since
alkane/alkene separation is a critical step in the process. This integration addresses the
challenges faced by standalone DeH-HDO, especially in cases of low DeH performance where
the separation process is not economically justified. Table 7.13 EP suggests that the DeHA
route has the highest potential per metric tone; however, its revenue heavily depends on ben-
zene. The cases have better economics derived from the higher production rate of alkenes,
as shown in Figure 7.11. Nevertheless, the cases employed showed that the integration of
petroleum-based streams with biorefinery streams rich in hydrocarbons can utilise existing
infrastructure while maintaining economic feasibility. Improving the catalytic to yield 21%
of ethylene or benzene is a benchmark for the ethane valorization experimental phase to
move this integration into the next technological readiness level. In the case of propane, a

minimum yield is the benchmark.

CoHg(g) — CoHg(g) + Ha(g), AH = 137kJ-mol ! (R11)

3CyHg(g) — CeHg(l) + 6 Ha(g), AH = 337 kJ-mol (R12)

Another important factor in processing 3,300 tpd of biomass for chemical and fuel purposes
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is the reduction of the overall carbon footprint per metric tonne of product. In the case of
propane dehydrogenation as H-donor, the product stream is 32% bio-based, where ethane
DeH and DeHA are 42% and 62%, respectively. Yet, a detailed investigation is required to

realise the non-monetary incentive associated with the integration.

B Eihylene
B Propylene
[ Butene
Il Benzene
I Toluene
I Xylenes

2% ga4

28%

6T%

Figure 7.14: Product distribution from the integration of in-situ hydrogenation via H-donor
reactions and FCC from Aspen flowsheet using the parameters in Table 7.12. [Top-left] base
case, [Top-right] with improved ethane DeH, [Bottom-left] improved propane DeH, [Bottom-
right] improved ethane DeHA

7.5 Conclusion: HDO Industrial scalability and pro-

cess integration

The primary objective of this chapter was to assess the economic feasibility of up-scaling
the experimental results to a commercial scale. Initially, the coupled reactions involving
HDO and DeH demonstrated a favourable economic outlook, with positive NPV outcomes
observed in over 88% of Monte Carlo simulations for a planned plant with a phenol pro-
duction capacity of 200 kta. However, it is noteworthy that the product stream was not
improved to attain the targeted levels of alkenes and BTX. Subsequently, various scenarios
were investigated to explore the potential for enhancing the catalytic performance of alkane
DeH. These improvement scenarios were formulated based on experimental data that evalu-
ated DeH with no HDO feed (Cases A and B) to remove the effects of HDO heavy condensate
on the catalytic bed. Furthermore, Case C was an investigation under the assumption of

initial reaction performance without any degradation caused by coke formation. The Monte
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Carlo analysis indicated that a catalytic system yielding a 20% ethylene yield could serve as
a benchmark, demonstrating a nearly positive NPV across different price variations in the

chemical market.

Next, this chapter studied the commercial implementation of DeH-HDO and its integration
with steam cracking, where a large stream of ethane exists and can be split with DeH-HDO.
Steam cracking was selected because it is a common feed and it contains an alkane/alkene
recovery system, which might hinder the implementation of DeH-HDO standalone due to the
expensive energy requirements for the separation. The integration generated an increase
in economic incentive that reaches a 50% increase in product stream value for 20% ethane
split to DeH-HDO. Overall, energy savings per metric tonne of ethylene are caused by the
additional ethylene from HDO as well as additional bio-fuel that can be used for cracking
instead of petroleum-based fuel gas. Environmentally, steam cracking is associated with
high emissions, which can be offset by processing 3,300 tpd of biomass for 7% ethane cut

in a negative or low emission rating processing to bio-oil.

Furthermore, a second step in the improvement process involved enhancing the perfor-
mance of HDO within the coupled reactions. This improvement was guided by previously
published experimental data and was complemented by a separate study that encompassed
the entire process, from biomass conversion to the production of aromatics and alkanes.
Traditional HDO was enhanced using a two-step zeolite/H, processing method for bio-oil.
In this study, hydrogen generated from alkane dehydrogenation was considered, assuming
comparable HDO performance to molecular hydrogen. This assumption was experimentally
validated in earlier chapters using various catalytic beds, including zeolite-based ones. The
primary objective of this chapter was to determine the necessary DeH performance to gen-

erate the required hydrogen through various reaction feeds and mechanisms.

The developed Aspen flowsheet took into account the utilisation of a recovery system gener-
ated from steam cracking to process 1,400 kta of ethane, or LPG. Another approach consid-
ered DeHA as the hydrogen source, given that the catalyst used was zeolite-based. The re-
sulting alkane/aromatic ratios exceeded current and anticipated market capacities by more
than twofold. On the other hand, ethane DeHA approaches led to a threefold reduction from
a market capacity ratio of 3.34 to 1.06. Therefore, initially, the catalytic development route

was needed to investigate the ideal path for further development.
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The environmental aspect of moving towards carbon neutrality held great importance and
served as a decision factor in future catalytic advancements. This was due to the variation in
biomass to petroleum-based chemical production across the three different cases. Ethane
DeHA, for instance, resulted in greater biochemical production due to its reduced reliance

on petroleum-based feedstock.

To summarise, the incorporation of biorefineries into the chemical sector offers significant
promise, resulting in a rising number of studies focusing on technoeconomics and life cycle
assessments, especially when compared to crude refineries. While the implementation of
a coupled reaction approach is still in its initial phases, it holds the potential to improve
performance and play a crucial role in advancing the industry’s journey towards carbon

neutrality.
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Table 7.14: Summary of current advantages and disadvantages for the process integration, as well as future potential and technical

challenges.

DeH-HDO

DeH-HDO+SC

DeH-HDO+FCC

Current advantages

Disadvantages

Potential

Technical challenges

Positive economic potential
in comparison to the use of
molecular hydrogen.

The production of alkenes
(ethylene) beside biogas the
increase the profitability of
gas stream

Large recycle stream due
to ethane low DeH conver-
sion.
Limited BTX formation at
this stage based on this
work.

Proven to have similar or
better hydrodeoxygenation
products than expensive
molecular hydrogen

Reducing carbon footprint

* Catalyst yields high ethane

conversion to reduce recy-
cle stream.
Catalyst eliminate high
coke formation, and
sustain conversion and
selectivity.

Reduction on energy re-
quirement per ton of pro-
duced ethylene.

Formation of biogas that be
in steam cracker to lower
CO; production per ethy-
lene.

Limited BTX formation at
this stage based on this
work.

HDO generated biogas can
be used in SC furnaces
Increasing BTX with better
catalyst and reactor config-
uration

Study process integration
with existing SC plants
HDO feed variability may
effect the outlet steam
which might disturb the
integration.

¢ Additional production of

bio-ethylene from sustain-
able carbon source.
Maximising BTX formation
with FCC catalysts

Produces relatively bio-
aromatics that can be
utilised in other processes
not constrained to phenol
market Challenges
Reduces SC CO; consump-
tion per ton of ethylene.

It has to be experimentally
validated for using ethane
as hydrogen donor instead
of molecular hydrogen

the use of zeolite cata-
lyst might increase crack-
ing activity on ethane
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Chapter 8

Conclusions

This thesis investigated the possibility of substituting molecular hydrogen with on-purpose
ethane DeH for bio-oil HDO. The aim is to improve the feasibility of bio-oil HDO by reduc-
ing the demand for costly hydrogen. This approach is encouraged by the high demand for
hydrogen as an energy source and feedstock across various applications. Furthermore, the
coupling of HDO and DeH could establish an integration between conventional refineries,
downstream petrochemical processing, and bio-refineries to reduce the carbon footprint
per tonne of produced chemicals. Despite operating under disparate thermodynamic con-
ditions, the catalytic coupling of these reactions offers the potential for a synergistic effect,
improving overall performance by producing valuable building block chemicals: alkenes and

aromatics.

This thesis is founded on three hypotheses explored across four chapters. First, the con-
tinuous removal of hydrogen from DeH via HDO was hypothesised to enhance DeH conver-
sion by driving the reaction towards ethylene production. This observation was proven in
catalytic systems and operating conditions with relatively high ethane DeH conversion to
ethylene, which increased with the introduction of guaiacol, such as using synthesised Cr-
based catalysts on zeolite and alumina support. These catalytic systems facilitated ethane
DeH, generating reactive hydrogen that mitigated catalyst surface condensation, thereby
preventing ethane from reaching active sites. Consequently, catalytic systems that did not
promote ethane DeH in the absence of guaiacol exhibited rapid condensate formation when
introducing guaiacol due to the absence of reactive hydrogen. This leads to a diminished
observation of high ethylene formation with guaiacol. This observation was also observed
with running alkane DeH catalysts, PNiMo, operating at low ethane pressure. Therefore, a

selective catalyst for alkane DeH is essential for the DeH-HDO.

The second hypothesis proposed that adsorbed hydrogen produced by DeH (in-situ) on the
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CHAPTER 8. CONCLUSIONS

catalytic surface would exhibit greater reactivity than molecular hydrogen (ex-situ). Exper-
imental findings substantiated the superiority of the "in-situ" approach over the "ex-situ",
despite its lower hydrogen per guaiacol molar ratio. This superiority was observed through
a higher degree of HDO with ethane compared to molecular hydrogen across all catalytic
systems, except for the single catalyst system utilising Cr,O3/Al;,O3. This discrepancy can
be attributed to the lack of HDO active sites as well as the limited alkane DeH caused by
high Cr loading. Furthermore, the increase in ethylene formation in the presence of guaia-
col provides additional evidence of reactive hydrogen at the active surface, thus supporting

the findings of the first hypothesis.

Using HDO to fully convert bio-oil (guaiacol) to BTX, which can be done by operating in
a series of reactors to resemble a CSTR operation mode, requires a long residence time.
This approach was confirmed where guaiacol (double oxygenated per aromatic) could easily
generate a single oxygenated aromatic. However, further HDO of single oxygenated aromat-
ics (ex. phenol) into BTX has shown a low conversion of 14%, indicating that a complete
conversion of guaiacol is possible, but at an extended reaction zone. The dual catalyst
(HDO and DeH catalysts in a single bed) experiments demonstrated higher conversion of
guaiacol near completion, significantly reducing time for both ex-situ and in-situ and in-
dicating that molecular hydrogen activation also requires active sites. Therefore, operating
at atmospheric pressure, more molar molecular hydrogen does not increase HDO unless
more active sites are available. This observation increases H-donors’ potential to replace

hydrogen since active sites are the main constraint in both mechanisms.

The techno-economics chapter explores different scenarios of implementing DeH-HDO: as
a standalone technology with the current status generated in this work or as an integrated
technology with a steam cracking process. Furthermore, as found in the literature, this
integration with steam cracking improved HDO performance. These approaches indicate
that thermal, material, and synthetic effects play a significant role in achieving an overall
optimised economy from a process perspective. The reduction in energy requirement for the
coupled DeH-HDO per tonne of hydrocarbon stream proves the third hypothesis. However,
the sensitive analysis indicates reactive hydrogen availability in-situ is crucial to ensuring

optimised HDO.

A primary challenge of this reaction coupling is the rapid formation of coke due to phenolic
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condensation, which hinders feedstock access to active sites. Overcoming this limitation
is critical for commercial implementation, necessitating various strategies, from catalytic
system design to alternative reactor configurations such as membrane reactors. Mitigating
rapid phenolic compound condensation is critical not only for the DeH-HDO coupling but
also for individual HDO and DeH conversions for each process to be economically viable.
In conclusion, while the DeH-HDO-coupled reactions show significant promise, further ex-
tensive research and collaborations are imperative to address existing challenges and fully

realise their potential.
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Chapter 9

Future Prospects

HDO of bio-oil coupled with alkane DeH (DeH-HDO) has validated its potential compared to
conventional HDO using expensive molecular hydrogen at elevated pressures. However, the
coupled DeH-HDO must be improved to increase its technological attractiveness and facil-
itate its commercialisation as a standalone technology or integrated into existing chemical
facilities. From a technological standpoint, HDO via ethane DeH necessitates a long, stable
processing time with sufficient product yield to fix downstream processing (separation or

additional conversion steps).

Despite the concept economic attractiveness, rapid deactivation hinders its commercial vi-
ability as frequent catalyst activation steps are required. Therefore, the rapid decline in
ethylene conversion necessitates further investigation to understand the underlying causes
and develop approaches to eliminate or slow the rate of decline. Addressing this issue is
critical for improving the HDO process, as ethylene conversion via DeH generates the hydro-
gen required for effective deoxygenation. An approach to address this issue involves scaling
down the experimental setup and conducting shorter runs with more frequent sampling,
enabling a more detailed and systematic analysis of the conversion decline. Furthermore,
DeH-HDO necessitates expanding the investigation of this concept in terms of operating

conditions, material selection (catalytic system), reactor design, and process integration.

9.1 Processing parameters

Operating parameters can be investigated in terms of which reaction is aided by the other by
adjusting the feed flow rates. While the primary objective of this thesis was to evaluate how
alkane DeH can improve HDO, it is essential to recognise the potential of the reverse mecha-
nism. As demonstrated in this study, ethane DeH can be improved by introducing relatively
small injections of guaiacol as an oxidant. Small injections of guaiacol may help mitigate the

drawbacks associated with conventional oxidative dehydrogenation of ethane using oxygen
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SECTION 9.1. Processing parameters

or air, which often leads to reduced carbon efficiency due to the undesirable formation of
carbon oxides. Moreover, these guaiacol injections can be further improved to replace CO,-
assisted alkane DeH, where CO; serves as a sustainable oxidant. The advantage of utilising
bio-oil, particularly guaiacol, instead of CO; lies in its lower oxygen-to-carbon ratio, which
contributes to increasing the value of the outlet stream by producing valuable BTX. Hence,
adjusting the ethane-to-guaiacol flow ratio presents a promising avenue for enhancing the

potential of the DeH-HDO coupling.

Relevant to this work, to improve DeH-HDO for assisting HDO by DeH, additional research
could be conducted for assisted alkane DeH via HDO. In theory, achieving a flexible tech-
nology dependent on the market supply and demand for aromatics and alkenes will sub-
stantially enhance the desirability of DeH-HDO. In addition, ethane was used as the alkane
agent in this study; however, it would be advantageous to expand this research to include
other alkanes that could benefit from a reduction in operating temperature while achiev-
ing a considerable conversion. For instance, higher alkanes such as propane and butane
can be candidates for lowering the operating temperature because their equilibrium conver-
sion is greater than that of ethane at a particular pressure and temperature. An example
proofing the potential of this approach is demonstrated by Gorte et al. in dehydrogenating
hexane while HDO cresol, which led to exceeding dehydrogenation equilibrium conversion
[21]. Furthermore, an advanced approach to consider would be the use of a mix of LPG
or another bio-alkane mixture, which can be considered an effective hydrogen donor for
HDO while producing high-value chemicals. This approach can add another perspective to
integrating biorefineries with conventional ones since low-value streams can be processed

without costly separation processes.

Additionally, H-transfer from saturated cyclic hydrocarbons, such as cyclohexane, to oxy-
genated aromatics boosts non-oxygenated aromatics. This DeH-HDO generated by cyclohex-
ane dehydrogenation can be desirable because both reactions favour a similar temperature
regime. This reaction coupling can link hydroprocessing petroleum refining and biomass
refining. Hydrogen is used for hydrocracking heavy oil streams where aromatic saturation
occurs at elevated pressures. Hydrocracking can be further processed for in-situ hydrogen
generation through the DeH of cyclic hydrocarbons. Furthermore, this DeH-HDO integra-
tion can be targeted and investigated for green bio-based chemicals by considering alkanes

and saturated cyclic hydrocarbons that can be generated from sustainable sources, such
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as biomass pyrolysis or recycled waste plastics produced by hydrocracking waste plastics.

9.2 Catalytic system

From a catalytic perspective, both computational and experimental investigations are nec-
essary to identify the optimal catalytic system, with the goal of minimising carbon formation
and reducing the frequency of catalytic bed regeneration. Among the potential candidates,
noble metal-based catalysts, especially Pt-based systems, stand out due to their distinct
active sites and demonstrated superiority over Mo- and Cr-based catalysts. Pt catalysts, in
particular, have been extensively studied and recognised for their effectiveness in both HDO
and ethane DeH reactions. The presence of Pt active sites is crucial for the dissociation of
oxygenated functional groups from aromatics during HDO, and Pt has shown exceptional
capability in prolonging HDO lifetime while enhancing selectivity toward light aromatics

derived from pine pyrolysis vapour [88].

Moreover, Pt-based catalysts have emerged as leading candidates for ethane DeH, compara-
ble to Cr-based systems [223]. Utilising a Pt catalyst supported on zeolite holds promise for
achieving synergistic effects at single active sites, thus avoiding challenges associated with
dual active sites that may hinder hydrogen transfer. The selection of zeolite is attributable

to the interesting observations observed at the end of this thesis.

9.3 Reactor configuration

This work demonstrated the potential of this coupling in a packed-bed reactor, which is
hindered by the rapid coke formation that results from operating HDO at relatively higher
temperatures (600 °C) than conventional HDO, which operates at temperatures of approx-
imately 350 °C. Since both reactions occur on the same catalytic bed, both reactions will
be affected by accumulated coke formation, or the exponential growth of coke formation
caused by the lack of sufficient reactive hydrogen from alkane DeH. Therefore, another re-
actor type or configuration might play a role in enhancing product selectivity. Several litera-
ture findings have reported improved BTX yield in a pack-bed reactor at different operating
conditions with higher molar H, to aromatic ring in the feed. Applying these conditions re-
quires a specific injection procedure or reactor design for bio-oil feed to on-purpose alkane

DeH. Another approach is to consider multiple packed-bed reactors in series.

Alternative to the packed-bed reactor, a membrane reactor might play an optimal advantage
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since the integration of DeH-HDO potential is controlled by mass transfer (H-transfer) and
heat transfer, as shown in Figure 9.1. A membrane shell-and-tube reactor can maximise
the benefits of both reactions by minimising adverse effects. In principle, alkane DeH takes
place on the shell side, which must directly contact the heat source to attain the required
endothermicity. The tube side of the reactor is designed for HDO, where hydrogen diffuses
from the reactive membrane on the shell side to the tube side. Additionally, heat transfers
from the shell to the tube side. Since HDO operates at a lower temperature, a radial tem-
perature decrease from the shell to the tube can be tolerated and even encouraged by HDO
exothermicity. Therefore, integrating both reactions into a single membrane shell and tube

reactor reveals significant potential.

In literature, on-purpose alkane DeH of C,-C4 has been considered in membrane reactors
to achieve continuous hydrogen removal, resulting in increased dehydrogenation conver-
sion [19], [20], [224]-[228]. This approach can be further advanced by the separation and
continuous hydrogen consumption via HDO reactions. This is consistent with Hughes et
al.’s mathematical model, which concluded that the addition of a reactive reaction for hy-
drogen facilitates its removal [224]. In a study, Caro et al. investigated coupling ethane
DeH in a membrane reactor by oxidant transfer [20]. To maximise the benefits of operating
each reaction separately, several aspects of this concept must be extensively investigated,
including the possibility of using a membrane-packed-bed reactor in which additional cat-
alytic packing is added to increase the reactivity. Each section, shell and tube can have its
catalytic bed, eliminating the need for a bi-functional catalytic bed. However, H-transfer via
membrane catalytic behaviour remains a fundamental principle for improving reactivity in
comparison to molecular hydrogen. Furthermore, in the literature, membrane reactors were
considered for dehydrogenation of potentially generated chemicals from renewable biomass
streams such as cyclohexane and ethanol [229]-[231]. These findings enable DeH-HDO in

a membrane reactor to have significant potential for relatively smaller-scale biorefineries.

9.4 Process integration

The practical application of DeH-HDO needs a thorough examination, both in terms of its
compatibility with other processes and its viability as a standalone technology. Addition-
ally, the economic aspects of implementing this approach in existing facilities (brownfields)
or entirely new ones (greenfields) should be carefully assessed, as they could either be con-

strained or enhanced by these factors. Consequently, extensive research is required to ex-
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Figure 9.1: Conceptual membrane reactor for DeH-HDO

plore how DeH-HDO can be integrated into conventional refineries or petrochemical plants.
One significant challenge to integrating DeH-HDO is the need to import certain chemicals,
especially in regions with abundant biomass resources but limited petroleum reserves. To
make DeH-HDO more appealing, it is worth investigating its potential within independent
bio-refineries. This approach would facilitate a complete shift from petroleum-based chem-

icals to biochemicals within a single facility.

Rather than focusing solely on incorporating HDO into petroleum-based feedstocks like
LPG or processes such as steam cracking and reforming, attention should also be given to
converting first- and second-generation alcohols, such as ethanol and methanol. This can
result in hydrogen production for HDO. Dehydration of ethanol can be an adequate replace-
ment for ethane DeH to produce high-value ethylene, as shown in Reaction 13; however, the
required hydrogen is lacking. Ethanol steam reforming is promising since it produces six

molars of hydrogen with one mole of bioethanol, as appears in Reaction 14.

CoH;OH — C3H4 + H50O (R13)

CoH;0OH + 3H;0 — 2CO9 + 6 Hy (R14)

Therefore, a membrane reactor for bio-oil HDO via in-situ hydrogen generation from ethanol
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reforming for bio-aromatics is an exciting topic. Ultimately, the inclusion of bio-ethanol

in bio-ethylene could improve the economics of the entire process to generate bio-based

building block chemicals for the industry, as illustrated in Figure 9.2. This integration

offers numerous advantages and can elevate and accelerate the technology readiness level.

In conclusion, the scientific community has several dimensions to explore for developing a

more sustainable chemical industry in terms of fulfilling population needs while eliminating

environmental risks.
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Figure 9.2: BFD of lignocellulosic biomass (non-food biomass) maximum utilisation for
bio-based building block chemical production for the chemical industry. This route include
the integration of Ethanol reforming and bio-oil HDO in a membrane reactor technology.
Cellulose and hemicellulose routes extracted from [29].
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Chapter A

Experimental

This chapter includes supplementary information on the experimental activities including
physical properties, instrumentation and experiment design. Section A.1 includes supple-
mentary information regarding the experimental setup. Section A.2 highlights the physical

properties of involved chemicals.

A.1 Hydrocracker

A.1.1 Hydrocracker setup

Figure A.1: Picture of hydrocracker setup for parts inside the cabinet

A.1.2 Control system
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T6
Catalyst bed=4cm
Te

/

Liquid flow inlet

Figure A.2: [Left] Experiment Hydrocracker reactor zone [Middle] a schematic indicating
thermocouples’ positions and catalyst bed [Left] COMSOL built reactor model.

! -
Wire mesh (Side
Thickness=2.0 view)
mm
-
Wire

Diameter =1.0 mm

Sparger

Figure A.3: Gas flow sparger positioned inside the reactor below the catalyst bed

A.2 Physical properties for involved reactants and

products

Below tables summaries the physical properties for the chemicals involved in liquid product,

as shown in Table A.2 for solvents and Table A.3 for aromatics and oxygenated aromatic
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SECTION A.2. Physical properties for involved reactants and products

Auxiliary connection status
1. Syringe pump Thermocouple controllers (THC)
2. Power supply

3. Heating tank 1 THC read and controls the power supply in an

on/off mode
If the device is connected to the * 1 THC reads product sampling temperature and set
box and turned on in the Lab view for emergency shutdown

* 1 THC reads reactor wall temperature and set for
emergency shutdown

— it will be lighted on the control
box

The control box can host another 5 thermocouples (TH)

Emergency shutdown with no controllers.

The control box will be
automatically shutdown, if:
1. The preset maximum
temperature is reached

2. Computer or LabVIEW
shutdown

3. Failure in one of the
pressure transducers or

3 pressure transducers display

P1 reads for liquid feedline
P2 reads for gas feedline
P3 reads for the product feedline

thermocouples
LabVIEW:
Power supply: A LabVIEW interface controls and reads the
Selected values for this work: hydrocracker operation, with all data stored in a
200mA 12V data file. Keep caffeine software running

Figure A.4: Hydrocracker control box and LabVIEW interface

compounds, and gas mixture, as shown in Table A.1.

Table A.1: Properties of all chemicals observed in gas phase at standard operating condition

Chemical Component g-rl\r/fz\ll‘l gfL W /Ii\l 'K)
Nitrogen N, 28.02 1.251 0.0258
Hydrogen H, 2.02 0.0899 0.1805
Methane CH,4 16.04 0.717 0.0312
Carbon Monoxide CcO 28.01 1.165 0.0152
Carbon Dioxide CO, 44.01 1.977 0.0147
Ethane CyHg 30.07 1.356 0.0221
Ethylene CoHy 28.05 1.250 0.0188
Propane C3Hg 44.10 1.882 0.0159
Propylene CsHg 42.08 1.447 0.0184
Butene C4Hsg 56.11 2.490 0.0150

Table A.2: Properties of the main non-aromatic chemicals and solvent observed in liquid
phase at standard operating condition

Chemical Structure g.nl\g\lf—l g rrf L-1 IOS(I; 1:/[5

Acetone C3HgO 58.08 0.785 56.3 -94.7
Methanol CH; — OH 32.04 0.791 64.7 -97.7
Ethanol CH3; — CH, — OH 46.07 0.789 78.4 -114.1
Chloroform CHCl; 119.38 1.489 61.2 -63.5
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APPENDIX A. EXPERIMENTAL

Table A.3: Properties of the main chemicals observed in liquid phase at standard operating
condition

. MW p BP MP

Chemical Structure gmol~! gmL-! oC °C
N

Benzene Q 78.11 0.879 80.1 5.5

Toluene ©/ 92.14 0.866 110.6 -93
CH3s

Xylene 106.17 0.864 138.5 -47.8

Phenol ©/ 94.11 1.071 181.7 40.9
OCHj3

Guaiacol é/ 124.14 1.129 205 26

Cresol é/ 108.14 1.04 191 30

Methyl Cresol \ij/ 136.18 1.02 218 18

Catechol é/ 110.11 1.34 245 104

Methyl Catechol é/ 122.14 1.24 239 38

Naphthalene 128.18 1.14 218 80.2
OH

Naphthalenol “ 144.2 1.14 280 71.0

Diphenyl ether 170.2 1.07 258.6 26.9

A.3 Reactor model

The reactor model was constructed with a catalytic zone which is built based on NiMo/Al;0s3.




SECTION A.3. Reactor model

sessed using parameters outlined in Table A.4, accounting for volume percentage. These
properties were considered invariant across the temperature range of the investigation,
spanning from 50 to 550 °C. Furthermore, a porosity value of 0.75 was assigned to the

catalytic bed.

Table A.4: Parameters used for defining the catalytic bed parameters in COMSOL

wt% p (g-cm—3) vol% A (W-m-k 1) Cp J-kg-K™ )
NiO 10 6.67 6.60 5.0 450
MoOg 35 4.69 32.8 2.0 290
Al,O3 55 3.99 60.6 30 900
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Chapter B

Analytical Instrument

This chapter includes specification, parameters and calibration information for the analytic

instruments used in this work for gas, liquid and solid products.

B.1 Gas analysis (GC-TCD)

The gas samples are analysed using PerkinElmer’s Clarus 500 gas chromatography (GC)
equipped with a TCD detector and a capillary column. The column is Carboxen TM 1010
PLOT supplied from SUPELCO. The column dimension is 30 m long and 0.32 mm in diam-
eter. With a flow rate of 4.0 mL-min~!, Ar is selected as the carrier gas to detect all expected
components, including hydrogen. The detector and injector temperatures are both set to
150 °C. To ensure components detection and excellent separation, the developed analysis
method is set to an initial oven temperature of 35 °C, with a ramp-up rate of 15 °C-min—!
until 230 °C. The temperature is then maintained at this temperature for 10 min. Pure
gases and calibration mixtures are tested to develop calibration curves for the target gases
with low and high volumetric injections ranges up to 250 uL (the maximal syringe volume).
Table B.1 contains the composition of the calibration mixtures used. Since ethane is the
target gas feedstock, TCD response factors are factored against ethane to normalise the total
area. Table B.2 contains the factors utilised in this study. Periodically, these calibration

factors have been reviewed to ensure reliable results. An example of TCD chromatogram

appears in Figure B.2.

B.2 GC-FID

Liquid samples are analysed on a Clarus 500 gas chromatography from PerkinElmer equipped
with an FID detector and HT5 column from SGE. The column has length, diameter, and
thickness of 25 m, 0.32 mm and 0.1 um, respectively. The method developed for FID anal-
ysis is based on a sample injection of 1.0 um with argon as career gas at a flow rate of 4.0

mL-min—!. The FID’s injector and detector temperatures are set to 150 and 280 °C, respec-
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SECTION B.2. GC-FID

Table B.1: TCD calibration mixtures used in this work to develop TCD calibration curves
for target gases.

Component Mixture 1 (vol%)

Mixture 2 (vol%)

Mixture 3 (vol%)

Mixture 4 (vol%)

He
Ar
No
Hy
CO
COq
CHy
CoHy
CoHg
C3Hg
CsHg
C4Hyo

Balanced (27)
20

Balanced (26)

20
20
20
10

bt

Balanced (55)

5

10
25

30
15
Balanced (54)

| CARBOXEN 1010 PLOT (U] 3
Tlimit 250 oC

Table B.2: TCD calibration factors used to quantify the gas composition.

Hydrocarbons Factor
Hy 0.45
CyHs 1.40
CoH,y 1.33
C2oHg 1.0
CsHg 0.9
CH,4 2.24
CsHg 0.69
C4Hio .54

T asoc

tively. The sample’s components are separated within a heated column located inside an

oven. The oven is configured to initiate at a temperature of 40 °C and gradually increase
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1.0 20

T T T T T T T T T

T
100 10 120 130 140 150 160 170 130 190 200 210
minutes (min)

Figure B.2: An example of GC-TCD chromatogram

CzH4
N,
CH,
Csz CZHB
U Coz l\(\
C,H
H2 f\J T T ukl_; T T |k\l \—_ 3 6
30 40 50 6.0 7.0 80 9.0

to 280 °C at a rate of 20 °C-min~!. In order to ensure the detection of the components, the
analysis is extended for an additional 20 min at a temperature of 280 °C. Calibration curves

are created for the predicted components to ensure precise quantification.

The peaks observed in the FID spectrum are classified into eight groups based on their
retention time as indicated in Table B.3. An example of a GC-FID spectrum evaluated using
OpenChrom software is depicted in Figure B.4. All peaks appear before the predominant
feed, guaiacol, are associated with component containing less than two oxygen atoms per
aromatic ring. Conversely, the subsequent peaks after guaiacol’s peak are mostly associated

with the presence of two oxygen atoms per aromatic ring.

Table B.3: TCD calibration factors used to quantify the gas composition.

Group Group/Component 1 2 3

1 BTX Benzene (5.0) Toluene (6.0) Xylenes and
ethylbenzene

(6.0-7.6)

2 Anisole 8.1 - -

3 Cresol+ methyl cresol 8.2<-9.4 9.5 -

4 Phenol 7.6 - -

5 GUA 9.4 -

6 Catechol 9.9 - -

7 Methyl catechol + 10-16 - -

methyl anisole
8 Heavy 16.4 and - -
beyond

B.3 GC-MS

Figure B.5 shows the instruments used for compound identification.
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SECTION B.4. Thermogravimetric analysis (TGA)

Chlorlform, solvent
“Guaiacol
Cresol
. ethyl cresol
Anisole i
Catechol
Methanol b
eavies
Phenol Methyl catechol |
T T T T 1 T ; T - T k. T T — T T
30 40 50 6.0 70 80 90 100 10 120 130 140 150 160 170 180
minutes (min)

Figure B.4: An example of GC-FID chromatogram

B.4 Thermogravimetric analysis (TGA)

This work uses TGA to quantify two phenomena from a 5-10 mg spent catalyst sample :
(1) condensate adsorbed at the catalyst surface and (2) the extent of coke deposition. The
former is expected to desorbed from the catalyst surface at high temperatures in an inert
environment, whereas the latter requires an oxidant to combust deposited coke. Therefore,
the developed method for TGA runs involves gradually heating the catalyst sample to 500 °C

at a heating rate of 15 °C-min—!

, and thereafter holding the temperature for 5 min. Further,
a gradual rise in temperature to 850 °C at a heating rate of 15 °C-min~! is employed under

an airflow of 40 mL-min~! for combusting deposited coke. Finally, the temperature is held

230



APPENDIX B. ANALYTICAL INSTRUMENT

Figure B.5: Picture of used GC with MS and FID detectors for liquid compound identification

at at 850 °C for further combustion for 10 min to ensure the complete removal of carbon

deposition before ending the analysis.

T T T T 900
T 1800
° 1700
= 9ot .
= ] O
5 600 &
u "
E 80 | 1500 &
3 8
E‘a‘ 1400 g
g T0°r =
= 300 8
g
1200
7 6ot
100
50 i i i i U
0 20 40 60 80

Time [min]
Figure B.6: An example of TGA results
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SECTION B.5. BET

Figure B.7: Picture of used for spent catalyst analysis

B.5 BET

Figure B.8: Picture of used BET for catalyst surface analysis

B.6 XRF

Figure B.9 shows the XRF unit used for analysing supplied and synthesised catalysts.
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PANalytical Cesilon3s

Figur B.9: Picture of used XRF for catalyst composition analysis

B.7 TGA-MS

The gaseous effluent of the TGA was examined using MS to verify the complete combustion
of coke deposits on the catalyst’s surface as well as the subsequent oxidation of active
sites. Figure B.10 illustrates a sample of analysed TGA data, with the asterisk indicating
the moment when the nitrogen flow is changed to air for combustion. The steady rate of
weight loss at the end suggests that all of the coke has been completely burned. This is
further confirmed by evaluating the effluent using MS, as shown in reference B.10, where

the absence of carbon dioxide production is observed after 18 min.

900 1.4 T T : 105
100 =44 g/mol
1800 = -32g/mol |- 100
+=x22 28 g/mol
0 1700 2 195
a S
© 80+ 1600 & 8 190
E I y
% 1500 £ ©n 185 @
£ 0 g S 2
= 400 8 3 180 =
i Q 0]
5 60t £ N 2
(o] E [0}
z 1300 & £ 15 2
50+ o)
1200 Z 170
40+ 1100 165
30 L L L L L L L 0 * L L 60
0 10 20 30 40 50 60 70 80 0 20 40 60 80
Time, min Time, min

Figure B.10: Gas analysis of thermally decomposed coke deposition on catalyst’s surface
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SECTION B.8. Catalyst calcination

B.8 Catalyst calcination

Zeolite-supported catalysts were subjected to a calcination step using thermogravimetric
analysis (TGA) to identify the optimal calcination temperature for the synthesis process, as
seen in Figure B.11. The weight change stabilises at around 550 °C, suggesting that the
calcination temperature employed in this study at 600 °C for four is sufficient for active site

and support interaction.

0.025

[
=
0o
—
L

0.015

Weight loss rate dW/dt, g/min
o
=2

0.005 | /\ Q .

|h [\
| I bl NN L MW i
100 200 300 Temp(;(r)ature, éOO 600 700 800

Figure B.11: Weight loss during catalyst calcination for zeolite-supported catalysts
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Chapter C

Process development and
techno-economic supplementary

information

This section includes supplementary information of Chapter 7 including flowsheet, and used
mathematical equation for assessing DeH-HDO. The assessment is designed for integrating

(1) DeH-HDO with SC, and (2) DeH-HDO with FCC.

C.1 Aspen process flow sheet

C.1.1 The integration of DeH-HDO with SC process

Developed flowsheet, in Figure C.1, for \ac{DeH-HDO} based on integrating SC with DeH-
HDO. The process is mainly developed into two sections: DeH-HDO conversion and sepa-
ration trains. The flowsheet separation trains section is synthesised based on SC process.
The additional HDO liquid separation is presented by two columns in the flowsheet to re-
flect the results on another dedicated flowsheet developed by [205]. Compression, liquid/gas
separation, and combustion are included in the separation section. The SC is designed to
process ethane with 1,100 kta, with an ethane-cut for DeH-HDO. The separation section
for HDO liquid is synthesised by another work [205], and the gas product separation fol-
lows ethane SC separation trains, which consists of de-methanizer, de-ethanizer, C, splitter,
de-propanizer, and Cj splitter columns as well as hydrogenation reactor. Function of unit

operation and main process parameters are listed in Table C.1.1.
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SECTION C.1. Aspen process flow sheet
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Figure C.1: Aspen developed flowsheet for DeH-HDO based on experimental findings
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Figure C.2: PFD for HDO separation section (Adopted from [205])
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APPENDIX C. PROCESS DEVELOPMENT AND TECHNO-ECONOMIC SUPPLEMENTARY
INFORMATION
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Figure C.3: Continued PFD for HDO separation section (Adopted from [205])
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Table C.1: Main nit operation list of DeH-HDO integrated with SC

Label unit function Parameter 1 Parameter 2 Parameter 3
C-101 3-stage compressor Increase the pressure of con- 31.4 bar Isentropic model between stage
version section product for cooling
separation
T-101 Expander Reduce the recycle alkane Isentropic model 1-2.2 bar
pressure
R-101 Steam cracker steam cracking of ethane 900 °C 2.2 barg 0.5 mol/mol
steam-to-HC
R-102 DeH-HDO reactor Ethane and guaiacol conver- 600 °C 1.0 barg isothermal
sion
R-110 Hydrogenator Convert acetylene to ethylene 100 °C Complete conver- Selective to ethy-
sion lene
R-111 Burner H; combustion 800 °C atmospheric pres- complete conver-
sure sion
R-112 Burner CH, combustion 800 °C atmospheric pres- complete conver-
sure sion
S-101 Steam separator Remove steam from hydrocar-
bon stream
S-102 HDO liquid sep.
S-103
S-104 Hydrogen extraction Extract hydrogen from pro-
duced hydrocarbon mixture
S-105 De-methanizer Extract methane from pro- Condenser pres- RR= 50
duced hydrocarbon mixture  sure 26 bar
S-106 De-ethanizer Extract ethane and ethylene
from produced hydrocarbon
mixture
S-107 C, splitter Separate ethylene with 99.9% Cryogenic model Condenser 16 bar  Controlled by ethy-
purity from unreacted ethane lene purity
S-108 De-propanizer Extract propane and propy-
lene from produced hydrocar-
bon mixture
S-109 Cs splitter Separate propylene with Cryogenic model 115 stages condenser 6.0 bar

99.9% from
propane

unreacted

199ys MoTj ssaooad uadsy ‘1°D NOLLDAS
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Figure C.4: Aspen developed flowsheet for improved DeH-HDO with improved process performance based on published findings for HDO

Parameter Unit Fresh ethane  Yeeycle ethané Ethane feed Ethane to SC Steam to SC “thane to DeH-HD(Bio-oil to DeH-HOO Gas product HOO Liguid product HOO Miz gas Compressed HC  Fuelgasi  Cl+  Fuelgas2 (o] C2+ Ethylene  Recycle ethane Propylene Propane C3+
1 H 3 4 5 1 7 8 E] 10 i 1 1 i) 1 16 7 1 il &
Temperature C 450 81 204 204 360 204 360 6000 g00.0 2208 2382 -L282 -L382 1836 3626 2858 1934 2182 2405 2783 2448 pvE]
Prezssure bar 10 30 1 1 10 10 10 10 1] 1] 34 kit ] kit ] %0 260 250 280 160 L] (3] 1] a0
Mazs Liquid Fraction - 00 00 00 00 10 00 10 00 00 [ [ 1] ] 10 00 10 10 00 10 10 10 07
Mazs Enthalpy 1Mk L4 ‘26 27 27 53 27 2§ A 05 03 03 04 03 06 43 6 A2 14 -0 i A6 A2
Mass Entrapy kdtkgK A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7
Mass Density kgloum i 44 12 12 9843 12 ey 03 04 07 w1 40 24 4138 43 416 G414 186 4361 5468 054 536
Enthalpy Flaw [0 15 54 214 2047 5907 27 135 37 L6 208 164 -1 04 -148 188 k] A3 i 438 1] A2 A2
Male Flaws kmolfhe B4 248 1n0at2 80731 403 10081 1388.0 G046 T 143334 143334 9646.8 5367 87608 8360 86549 105.9 47261 kit il X 529
Pass Flows tannethe 1850 1177 a2y 4 1335 303 723 124 1813 2802 2802 2635 108 2555 L] 201 4 1325 ? 12 15 27
Mass Fractions
ETHAME frac 100 035 038 038 000 038 000 048 0.00 040 040 041 000 044 0.00 045 002 000 045 0.05 000 00z
ETHEHE frac 00 0.05 002 002 0.0 02 0.0 01z .00 043 043 05t 0o 053 LA 054 0 043 00 .00 0o i}
HYOROGEN frac 00 0.0 0.00 0.0 0.00 0.0 0.0 0o 0.00 0.04 004 0o 100 0o .00 000 0 0 0o i} 0o i}
BENZENE frac 000 000 000 000 000 000 000 000 0.00 o i) 0.0t 000 0.0t 0.00 000 037 000 000 000 064 037
METHANE frac 000 0.00 000 0.0 000 000 000 032 0.00 0.0 0.08 005 000 000 040 000 0.00 000 000 000 000 0.00
CARBOM frac .00 0.0 0.00 0.00 0.00 0.0 0.0 0.0 0.00 .00 non 0o 0o 0o .00 000 0 0o 0o .00 00 i
1h frac 000 00 000 000 00 00 00 00 0.0 0.0 0o 0 00 00 000 00 0.0 00 00 000 00 0.0
hhH2 frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
GUAIACOL frac 000 000 000 0.0 000 0.0 100 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.0 000 000 000 000
PHERIOL frac (00 0.0 0.00 0.00 0.00 0.00 0.0 0.0 024 .00 0o 0o 0o 0o .00 000 0 0o 0o 000 00 i
TOLUENE frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 000 000 0.00
ARISOLE frac 000 000 000 000 000 000 000 000 0.2 0.00 000 000 000 000 0.00 000 000 000 000 000 000 0.00
KYLENE frac 00 0.0 0.00 0.00 0.00 0.0 0.0 0.0 0.00 0.00 0o 0o 0o 0o 000 000 0 0o 0o .00 0o i
CRESOL frac 000 00 000 00 000 00 00 00 07 00 00 00 00 000 00 00 000 00 00 000 00 0.0
CATACHOL frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
WATER frac 000 000 000 000 100 000 000 000 0.06 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
METHAKOL frac (00 0.0 0.00 0.00 0.0 0.00 0.0 0.0 0f .00 0o 0o 0o 0o 000 000 0 0o 0o .00 0o 0o
PROPANE frac 000 000 000 000 000 000 000 007 0.00 0.00 000 000 000 000 0.00 000 020 0.0 0.0 0.00 038 020
PROPYLEN frac 000 000 000 000 000 000 000 000 0.00 o o 0.0t 000 0.0t 0.00 000 04 0.0 0.0 045 000 04
ACE frac 00 0. 0.00 0.00 0.00 0.0 0.0 0.0 0.00 0 0. 0.0t 0o 0.0t 000 i 0 0o 0o .00 00 0o
cH frac 000 00 000 000 00 00 00 00 00 0 0o 00 00 00 00 00 000 00 00 000 00 000
c42 frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
43 frac 000 000 000 000 000 0.0 000 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
02 frac 00 0.0 0.00 0.00 0.00 0.00 0.0 0.0 0.00 .00 0o non non 0o 000 000 0o 0o 0o 000 0o i}
coz frac 000 00 000 000 00 000 00 00 00 0 0o 00 000 000 00 00 000 00 00 000 00 0.00
Hed frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 000 0.00 000 0.00
MCATA frac 00 0. 0.00 0.00 0.00 0.00 0.0 0.0 0.00 0.00 non 0o non non 000 000 0 0o 0o 000 000 i}
MAPHT-01 frac 00 0. 0.00 0.00 0.00 0.00 000 000 .26 0.00 non non non non 000 000 0 0o 0o 0.00 000 0o
HYLEND frac 000 000 000 000 000 000 000 000 0.00 0.0 000 000 000 000 000 000 000 000 000 000 000 0.00
BUTENE frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
BUTANE frac 00 0.0 0.00 0.00 0.00 0.0 0.00 000 0.00 0.00 non non non non 000 0.00 0 0o 0o .00 000 0o
\ahme Flow tht 1EEH7320 26697TEE 2438303416 1356451 24393084.2 1640117 433048100 1975157340 4033267980 13369281  GGTZZ600  4GEIGZ6D  GWOIIT  JOBETRM  ED4T4GE 93084 TIR0ONTT 2639065 M7 282 500437
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SECTION C.1. Aspen process flow sheet

C.1.2 The integration of HDO-DeH with published FCC

process

Developed flowsheet, in Figure C.5, for DeH-HDO based on integrating DeH-HDO with FCC

using published results for HDO by V et al. where BTX formation is optimised. The addi-

tional SC reactors are included to include extra ethane or propane capacity to meet hydrogen

requirement by HDO.
il ittt ettt
l | Air feed H-106
I 1 fl
| | - T ue gas
1 | Airfeed ™
I
! o : 1  R112 H-107 flue gas
I H-101  Recycled ethane IR-102 = “ S-108
I \
1 . . 2
! Bio-oil feed % 5-104] _s-105 S-109
I -@g )
| IS , Ethane-cut iqui _G:J H-106
| %
: Ethane feed S-106
1 S-107
C-101 H2 feed Product streams
! Steam feed oL _,_R-l 10
I
! 5103
| H-105
I
|
| H-108
S Sa—
|
I
I
| DeH-HDO conversion — Separation trains

Figure C.5: Aspen developed flowsheet for improved DeH-HDO with improved process per-
formance based on published findings for HDO
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Table C.2: Main unit operation list of DeH-HDO integrated with FCC

Label unit Function Parameter 1 Parameter 2 Parameter 3
C-201 3-stage compressor Increase the pressure of con- 31.4 bar Isentropic model between stage
version section product for cooling
separation
T-201 Expander Reduce the recycle alkane Isentropic model 1-2.2 bar
pressure
R-20x DeH-HDO reactors Multiple reactors in parallel 600 °C Max capacity 70
t/hr per reactor
R-210 Hydrogenator Convert acetylene to ethylene
R-211 Burner Hs combustion 600 °C atmospheric air added for
pressure complete
combustion
R-212 Burner CH, combustion 800 °C atmospheric air added for
pressure complete
combustion
S-201 HDO liquid and gas
flash
S-202 Hydrogen removal
S-203 Water removal
S-204 De-methanizer Extract methane from pro- Condenser RR= 50
duced hydrocarbon mixture pressure 26 bar
S-205 De-ethanizer Extract ethane and ethylene
from produced hydrocarbon
mixture
S-206 C, splitter Separate ethylene with 99.9%  Cryogenic model Condenser 16 bar Controlled by
from unreacted ethane ethylene purity
S-207 De-propanizer Extract propane and propy-
lene from produced hydrocar-
bon mixture
S-208 Cs splitter Separate propylene with  Cryogenic model 115 stages condenser 6.0 bar
99.9% from unreacted
propane
S-209 C, separator Separate C, from BTX
S-210 BTX fractionator Fractionate BTX into pure Petro./wide-boiling 5.0 bar partial-vapor liquid

products

condenser

* RR refers to reflex ratio in mass basis
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Figure C.6: Aspen developed flowsheet for improved DeH-HDO with improved process performance based on published findings for HDO

Parameter Unit Fresh ethane  Yeeycle ethané Ethane feed Ethane to SC Steam to SC “thane to DeH-HD(Bio-oil to DeH-HOO Gas product HOO Liguid product HOO Miz gas Compressed HC  Fuelgasi  Cl+  Fuelgas2 (o] C2+ Ethylene  Recycle ethane Propylene Propane C3+
1 H 3 4 5 1 7 8 E] 10 i 1 1 i) 1 16 7 1 1 k] il &
Temperature C 450 81 204 204 360 204 360 6000 g00.0 2208 2382 -L282 -L382 1836 3626 2858 1934 2182 2405 2783 2448 pvE]
Prezssure bar 10 30 1 1 10 10 10 10 1] 1] 34 kit ] kit ] %0 260 250 280 160 L] (3] 1] a0
Mazs Liquid Fraction - 00 00 00 00 10 00 10 00 00 [ [ 1] ] 10 00 10 10 00 10 10 10 07
Mazs Enthalpy 1Mk L4 ‘26 27 27 53 27 2§ A 05 03 03 04 03 06 43 6 A2 14 -0 i A6 A2
Mass Entrapy kdtkgK A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7 A7
Mass Density kgloum i 44 12 12 9843 12 ey 03 04 07 w1 40 24 4138 43 416 G414 186 4361 5468 054 536
Enthalpy Flaw [0 15 54 214 2047 5907 27 135 37 L6 208 164 -1 04 -148 188 k] A3 i 438 1] A2 A2
Male Flaws kmolfhe B4 248 1n0at2 80731 403 10081 1388.0 G046 T 143334 143334 9646.8 5367 87608 8360 86549 105.9 47261 kit il X 529
Pass Flows tannethe 1850 1177 a2y 4 1335 303 723 124 1813 2802 2802 2635 108 2555 L] 201 4 1325 ? 12 15 27
Mass Fractions
ETHAME frac 100 035 038 038 000 038 000 048 0.00 040 040 041 000 044 0.00 045 002 000 045 0.05 000 00z
ETHEHE frac 00 0.05 002 002 0.0 02 0.0 01z .00 043 043 05t 0o 053 LA 054 0 043 00 .00 0o i}
HYOROGEN frac 00 0.0 0.00 0.0 0.00 0.0 0.0 0o 0.00 0.04 004 0o 100 0o .00 000 0 0 0o i} 0o i}
BENZENE frac 000 000 000 000 000 000 000 000 0.00 o i) 0.0t 000 0.0t 0.00 000 037 000 000 000 064 037
METHANE frac 000 0.00 000 0.0 000 000 000 032 0.00 0.0 0.08 005 000 000 040 000 0.00 000 000 000 000 0.00
CARBOM frac .00 0.0 0.00 0.00 0.00 0.0 0.0 0.0 0.00 .00 non 0o 0o 0o .00 000 0 0o 0o .00 00 i
1h frac 000 00 000 000 00 00 00 00 0.0 0.0 0o 0 00 00 000 00 0.0 00 00 000 00 0.0
hhH2 frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
GUAIACOL frac 000 000 000 0.0 000 0.0 100 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.0 000 000 000 000
PHERIOL frac (00 0.0 0.00 0.00 0.00 0.00 0.0 0.0 024 .00 0o 0o 0o 0o .00 000 0 0o 0o 000 00 i
TOLUENE frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 000 000 0.00
ARISOLE frac 000 000 000 000 000 000 000 000 0.2 0.00 000 000 000 000 0.00 000 000 000 000 000 000 0.00
KYLENE frac 00 0.0 0.00 0.00 0.00 0.0 0.0 0.0 0.00 0.00 0o 0o 0o 0o 000 000 0 0o 0o .00 0o i
CRESOL frac 000 00 000 00 000 00 00 00 07 00 00 00 00 000 00 00 000 00 00 000 00 0.0
CATACHOL frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
WATER frac 000 000 000 000 100 000 000 000 0.06 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
METHAKOL frac (00 0.0 0.00 0.00 0.0 0.00 0.0 0.0 0f .00 0o 0o 0o 0o 000 000 0 0o 0o .00 0o 0o
PROPANE frac 000 000 000 000 000 000 000 007 0.00 0.00 000 000 000 000 0.00 000 020 0.0 0.0 0.00 038 020
PROPYLEN frac 000 000 000 000 000 000 000 000 0.00 o o 0.0t 000 0.0t 0.00 000 04 0.0 0.0 045 000 04
ACE frac 00 0. 0.00 0.00 0.00 0.0 0.0 0.0 0.00 0 0. 0.0t 0o 0.0t 000 i 0 0o 0o .00 00 0o
cH frac 000 00 000 000 00 00 00 00 00 0 0o 00 00 00 00 00 000 00 00 000 00 000
c42 frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 0.0 0.00 000 0.00
43 frac 000 000 000 000 000 0.0 000 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
02 frac 00 0.0 0.00 0.00 0.00 0.00 0.0 0.0 0.00 .00 0o non non 0o 000 000 0o 0o 0o 000 0o i}
coz frac 000 00 000 000 00 000 00 00 00 0 0o 00 000 000 00 00 000 00 00 000 00 0.00
Hed frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 000 000 000 0.00 000 0.00
MCATA frac 00 0. 0.00 0.00 0.00 0.00 0.0 0.0 0.00 0.00 non 0o non non 000 000 0 0o 0o 000 000 i}
MAPHT-01 frac 00 0. 0.00 0.00 0.00 0.00 000 000 .26 0.00 non non non non 000 000 0 0o 0o 0.00 000 0o
HYLEND frac 000 000 000 000 000 000 000 000 0.00 0.0 000 000 000 000 000 000 000 000 000 000 000 0.00
BUTENE frac 000 000 000 000 000 000 000 000 0.00 0.00 000 000 000 000 0.00 000 0.00 0.00 0.00 000 000 0.00
BUTANE frac 00 0.0 0.00 0.00 0.00 0.0 0.00 000 0.00 0.00 non non non non 000 0.00 0 0o 0o .00 000 0o
\ahme Flow tht 1EEH7320 26697TEE 2438303416 1356451 24393084.2 1640117 433048100 1975157340 4033267980 13369281  GGTZZ600  4GEIGZ6D  GWOIIT  JOBETRM  ED4T4GE 93084 TIR0ONTT 2639065 M7 282 500437
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C.1.3 Economic equations

n

CF, .
NPV = Z i+ ;) ; (Equation 1)
t=0

Where:

NPV represents the Net Present Value.

t is the time period, ranging from O to n.

CF; represents the cash flow at time period t.

r is the discount rate.

N
1 .
AVG. Monte Carlo = N El flx) (Equation 2)
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