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Abstract
This paper presents a model-based analysis of a process coupling tri-reforming and Fischer-Tropsch technologies for the production of liquid fuels from CO2-rich natural gas. The simulation is carried out in the process simulator Aspen Plus, using standard models to represent most of the operation units, while modeling non-conventional units, such as the Fischer-Tropsch and hydrocracking reactors in Aspen Custom Modeler. The proposed conceptual design includes a Rankine cycle unit, which recovers part of the thermal energy produced by the Fischer-Tropsch reactor, provides almost 100% of the plant electric energy requirement and reduces the overall global warming potential in about 10%. The results show that use of the tri-reforming increases the expected overall carbon conversion efficiency. A detailed economic analysis is performed in two different locations, showing that the economic viability of the proposed process hinges on a scenery with cheap natural gas.
Introduction
The discovery of large petroleum fields in the Brazilian cost has increased the internal availability of natural gas (NG), from 21.6 Mm3/day in 2006 to 97.4 Mm3/day in August 2017 1,2. This NG is a strategic resource for the country development since, in addition to its primary importance as a fuel; it is also a source of hydrocarbons for petrochemical feedstocks. Nonetheless, exploration of these new offshore fields is hampered by high concentrations of carbon dioxide (CO2) in the NG. In some instances, CO2 may reach 79 mol% of the NG composition 3. This high CO2 content decreases the NG heating value and increases its sourness, requiring sweetening prior to transportation and distribution.
Separation processes for CO2 removal from NG are energy intensive and often increase operating cost significantly; there is also the issue of what to do with the recovered CO2. Possible alternatives include direct CO2 release to the atmosphere, which causes environmental concerns; CO2 reinjection into the wells for enhanced oil recovery (EOR) and CO2 storage, which are energy intensive; or CO2 utilization as a raw material to produce high added-value chemicals 4. A large body of research has also out to enable direct utilization of CO2 rich-natural gas for syngas production, a mixture of carbon monoxide (CO) and hydrogen (H2) used as an intermediate feedstock in the chemical and petrochemical industry to produce a number of important chemicals, including: methanol, acetic acid, olefins, gasoline, oxo-alcohols, and synthetic liquid fuels. A relatively new process for producing syngas with a desired H2/CO ratio from CO2-CH4 mixtures is tri-reforming (TR), a synergetic combination of the three main reforming routes (steam reforming, dry reforming and partial oxidation) into a single reactor 5.
Tri-reforming process was originally proposed by Song 6 in order to make the reforming process more energy efficient, by combining endothermic and exothermic reactions in the same reactor. This process has the potential to mitigate coke deposition and high energy consumption too by incorporating water and oxygen into the reaction system. Another important feature is that it consumes CO2 as feedstock and thus decreases CO2 direct emission. For these reasons, TR has attracted significant attention over the last few years, with a particular focus on developing new TR reactor configurations 7–9 and integrating TR with other unit operations. Díez-Ramírez et al. 10 study the energy and exergy efficiency of the TR for the production of syngas with desired H2/CO ratio to be used for methanol and Fischer-Tropsch syntheses. Zhang et al. 11 integrated TR with a dimethyl ether (DME) production process. Zang and coworkers 12 analyze the technical and economic viability of integrating TR and methanol production, and they concluded that would be possible to produce methanol with a net profit. Minutillo and Perna 13 investigate the co-generation of electricity and methanol, by combining TR with a power plant, and they show that this process is able to produce high-purity methanol from the flue gas.
Another possible alternative using syngas from TR is the conversion to liquid transportation fuels (LTF) using Fischer-Tropsch (FT) synthesis. Over the last 10 years, the FT process has gained large attention, mainly because of its economic competitiveness with natural oil, which reached the historical peak of 140$/barrel in June 2008, alongside its environmental benefits. This process promotes CO reduction by H2, producing a mixture of paraffin, olefins and oxygenates, similar to those found in natural oils. It is worth noting that the LTF produced from such synthetic oils (synoil) lead to lower emissions than their natural oil counterpart, due to physical and chemical properties such as reduced density, ultra-low sulphur levels, low aromatic content and high cetane number 14.
It is estimated that there are about 20 FT plants in operation worldwide with half of them for commercial purpose. Due to its importance, the conversion of NG to LTF, namely GTL process, has been studied extensively, see for instance the critical literature review by Floudas et al. 15. However, the majority of modeling studies concerning wit GTL processes rely on simplified models to describe the unit operations, and considers classical reforming options such as autothermal reforming (ATR) 16–18.
The objective of the present work is to assess a whole process converting CO2-rich natural gas to FT liquids, by means of TR technology. A first-principle modeling approach is deployed to represent the main unit operations and conduct the analysis. The performance of the combined TR+FT process is assessed, and its viability is analyzed in terms of cash flow over a 30-year operation. The paper is organized as follows: section 2 describes the conceptual design for the proposed plant and the modeling of each operating unit; section 3 presents the economic analysis method used to assess the process viability; the results are show in section 4 and the conclusions are given in section 5.
Stead-State modeling of integrated TR+FT process
The proposed TR+FT process comprises six major sections, as depicted in Figure 1. In the first unit, the TR reactor converts a mixture of CO2-rich NG, steam and oxygen into syngas. The syngas is then mixed with a surplus hydrogen stream and compressed to feed the slurry FT reactor. The liquid product from the FT reactor goes to the upgrading section, where a hydrocracking reactor converts both the heavy synoil and recycled wax into lighter fractions. Meanwhile the vapor stream, from the FT reactor, is fractionated to recover the light synoil from the unconverted reagents. The light synoil fraction is sent to the atmospheric distillation column (ADC), for separation into gasoline, kerosene and diesel products. The water gas shift (WGS) unit provides the necessary H2 to the upgrading unit and to adjust the H2/CO ratio in the feed of the FT reactor. Finally, the heat produced by the FT reactor is recovered by the Rankine cycle unit to generate electricity.
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Figure 1 – Conceptual design of the integrated TR+FT process
The proposed flowsheet is implemented in the software Aspen Plus® (AP) V8.8, using standard first principle models for most unit operations. Nonstandard equipment, such as FT and hydrocracking reactors, are modeled using Aspen Custom Modeler® and exported to the plantwide simulation. The main feed stream is a NG stream composed of about 48 mol% CH4, 30 mol% CO2, 10 mol% C2H6, 6 mol% C3H8, and the remaining 6 mol% is a mixture of C4-C8 alkanes and N2. A total of 61 components, including H2, O2, N2, CO, CO2, H2O, alkanes, alkenes and alcohols are considered, with their properties modeled by the Predictive Soave-Redlich-Kwong (PSRK) equation of state. Details about the model and performance of each unit are given in the following subsections.
Tri-reforming section 
The TR reactor combines standard endothermic and slightly exothermic reforming reactions – steam reforming (Equation 1.a), dry reforming (Equation 1.b) and partial oxidation (Equation 1.c) – within in a single bed reactor. The water-gas-shift reaction (Equation 1.d) also takes place in the reactor, leading to a reduction in the CO2 conversion rate with an increase in the feed water 19.

	CH4+H2O↔CO+3 H2         (∆H◦ = 206.3 kJ/mol)
	(1.a)

	CH4+CO2↔2 CO+2 H2           (∆H◦ = 247.3 kJ/mol)
	(1.b)

	CH4+1/2 O2↔CO+2 H2       (∆H◦ = − 35.6 kJ/mol)
	(1.c)

	CO+H2O↔CO2+ H2           (∆H◦ = − 41.1 kJ/mol)
	(1.d)


As discussed by Cho et al. 20, any linear combination of three independent reactions is sufficient to describe the possible reactions among the 6 species (CH4, H2, CO, CO2, O2 and H2O) in TR. Herein, the methane TR process is represented by the equivalent set of reactions (Equations 2), as described by Aboosadi et al. 21. It is advantageous to use this set of equations due to large volume of information that is available in the literature, including the rate of consumption of each species in function of catalyst mass and effectiveness factors accounting for intraparticle transport limitations. The corresponding parameters are reported in Appendix A.

	CH4 +    H2O ↔ CO  +  3 H2         (∆H◦ = 206.3 kJ/mol)
	(2.a)

	CH4 + 2 H2O ↔ CO2 +  4 H2               (∆H◦ = 164.9kJ/mol)
	(2.b)

	CH4 + 2 O2      ↔ CO2 +  2 H2O       (∆H◦ = −802.7kJ/mol)
	(2.c)

	CO  +    H2O ↔ CO2  +    H2          (∆H◦ = − 41.1 kJ/mol)
	(2.d)


The set of reactions (Equation 2) describes the methane TR, yet, the actual NG stream is a mixture of different hydrocarbons, with different mechanisms and reaction rates. To overcome this issue, a strategy to simulate the complete TR reactor as a sequence of two different reactor models is adopted here (Figure 2). The Gibbs reactor (R1) accounts for the reforming reactions involving alkanes with 2 or more carbon atoms. The model for R1 assumes adiabatic operation under a pressure drop of 0.1 bar, and considers the species methane, nitrogen and carbon dioxide as inerts. The plug flow reactor (R2) implements the set of reactions (Equations 2) for the methane TR. The model for R2 assumes a reactor with 0.7m diameter and 1 meter length, operating adiabatically with no pressure drop, catalyst bed void fraction of 0.36 and a particle density of 1.5625 g/cm3 22.
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Figure 2 – Process flow diagram of the tri-reforming reactor unit
In the TR flow diagram (Figure 2), NG is mixed with medium pressure steam, before being heated by the TR reactor effluent stream to approximately 950 °C. After that a 98% pure oxygen stream is added to the TR reactor feed. Then, the reactions take place over the sequence of adiabatic reactors, R1 and R2.
A parametric analysis is conducted by varying the mass flow rates of the oxygen and steam streams in the TR feed, and observing the values of H2/CO ratio, H2 flow rate and CO2 conversion at the TR outlet. The results of this analysis are shown in Figure 3. The values of H2/CO ratio and H2 flow rate are seen to increase with the addition of steam. In contrast, the H2/CO ratio presents a minimum and the H2 flow rate a maximal for O2/NG feed ration around 50 wt% (Figure 3.a-b). The lower is the steam flow rate in the TR feed, the higher the CO2 conversion (Figure 3.c), while the maximal of ≈55% is obtained for a O2/NG feed ratio of 50 wt%. Notice also that positive CO2 conversion is only predicted in a rather small operating region around this optimal conversion value.
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(a)
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(c)


Figure 3 - Parametric analysis of the water/NG and oxygen/NG feed ratios on: (a) H2/CO ratio, (b) H2 flow rate, and (c) conversion of CO2 (Note: the axes H2O/NG and O2/NG are inverted in Figure 3.c to better visualize the profile).
An optimal operating point (red dots in Figure 3) is determined by maximizing the H2 flow rate in the syngas stream, subject to a minimum CO2 conversion of 25%. The corresponding optimal feed comprises of O2/NG ratio of 0.52 and H2O/NG ratio of 0.39. Under these conditions, the reactor converts 98.7% of the initial methane into a syngas stream with H2/CO ratio equal to 1.57.

Fischer-Tropsch unit
The FT reactor converts syngas (CO and H2) into compounds with long carbon chains producing a synthetic oil of composition similar to that of natural oil. However, its chemistry is much more complex than the simple polymerization of -CH2- groups and formation of the main products: n-Paraffins, α-Olefins and Oxygenates (Reactions 3.a-c). 

	n CO + (2n+1) H2 → CnH2n+2 + n H2O
	(3.a)

	n CO + 2n H2 → CnH2n + n H2O
	(3.b)

	n CO + 2n H2 → CnH2n + 2O + (n-1) H2O
	(3.c)



Due to its high complexity, the range of products in the FT reactor is often represented via distribution functions such as the Anderson-Schultz-Flory (ASF) chain length distribution 23–25. Nevertheless, the use of macroscopic reaction rates to represent the FT synthesis is also widely used for the design and scale-up of these reactors.
Other key feature of the FT process is its high exothermicity, with reaction enthalpies as high as -170kJ.mol-1. For this reason, early FT industrial reactors were built as multi-tubular fixed-bed reactor (FBR), with the catalyst packed inside the tubes and surrounded by coolant 26. This type of reactors is easy to scale up, but it is costly to operate due to high pressure drops, low catalyst utilization and poor of heat transfer. Another type of reactors, largely used in commercial FT plants, is the slurry bubble column reactor (SBCR), in which fine solid catalyst particles are dispersed in the liquid products and the gaseous reactants flow upwards, exchanging mass and energy. This configuration enables a better temperature control and larger syngas conversion rates in comparison with FBR 27.
The characteristics of FT products depend mostly on process conditions such as temperature and pressure. For instance, the products chain length is inversely proportional to the reactor temperature. High temperature FT synthesis (HTFT: 300-350°C, ~20 bar) tends to produce shorter molecules, in the range of gasoline, while low temperature FT (LTFT: 175-250°C, 10-45 bar) generates long carbon chains, in the range of diesel, heavy oil and wax 28. On the other hand, the product chain length increases with the reactor pressure, which should thus be set at an economic optimum by considering the energy required to compress the syngas feed stream.
In order to promote higher diesel selectivity, as driven by economic and strategic incentives, the present study considers a slurry bed reactor. A validated microkinetic 29 is used to predict FT product formation, which is based on a carbide mechanism using a Langmuir-Hinshelwood-Hougen-Watson (LHHW) expression to relate the rate of hydrocarbon formation to the partial pressure of the reacting gas mixture. The reaction rate parameters have been estimated from experimental data, obtained in a slurry FT reactor with Co-Re/Al2O3 catalyst for a wide range of operating conditions.
This kinetic model accounts for different formation rates of n-paraffin and α-olefins, as given in Equations 4 and 5, respectively. Moreover, methane and ethylene have specific rates of formation (Equations 4.a and 5.a). According to experiments conducted by Visconti al. (2007) 30, it is possible to obtain hydrocarbon chains as many as 50 carbons. However, due to the lack of thermodynamic information for n-paraffins with more than 30 carbons and α-olefins with more than 20 carbons, these higher compounds are represented by two pseudo-components with formula C30H62 and C20H40 (Equations 4.c and 5.c).
	
	(4.a)

	
	(4.b)

	
	(4.c)

	
	

	
	(5.a)

	
	(5.b)

	
	(5.c)



where R are the rates of formation of n-paraffin and α-olefins, P is the partial pressure for a given component, k are the kinetic constants for the rate-determining steps, K denotes the equilibrium constants for the non-rate-determining steps, α are the chain growth probabilities given by Equation 6 and [S] is the fraction of vacant sites (Equation 7). It is worth noting that the fraction of vacant sites ([S]) expressed as function of the reagents partial pressures is a better way to represent this quantity, rather than fixing it to a constant value, as observed in works derived from De Deugd 28.
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The FT process commonly produces oxygenates due to the water activity in the catalyst medium. These oxygenates correspond to approximately 1% of the products 31 and are considered in the developed model as a set of alcohols with 1-6 carbon length (Equation 8). The rates of formation for H2O, CO and H2 are calculated stoichiometrically (Equations 9-11). Other species, such as O2, CO2 and N2 are considered as inerts. A full set of values for the kinetic parameters and the detailed description of the elementary kinetic equations can be in Todic et al. 29.
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The SBCR is implemented in Aspen Custom Modeler as a reactive vapor-liquid equilibrium stage with fixed temperature, pressure and mass of catalyst. Both the liquid and vapor phases are considered to be perfect mixtures. The vapor-liquid equilibrium is given by fugacity coefficients, calculated using the PSRK equation of state, which can predict the behavior of non-polar and polar mixtures in combination with light gases. The complete model comprises of >1000 states, 35 parameters, and 3 input variables (temperature, pressure and mass of catalyst), and it is solved by a Newton-like iterative method.
For its integration within the complete process in Figure 1, the reactor is scaled-up for conversion of approximately 80% of CO, at 240°C and 30 bar 32,33, requiring 80 t of catalyst. The reactor volume is calculated by considering a catalyst load of 28% in volume for SBCR and a particle density of 646 kg/m3, resulting in 442 m3 for production of about 30t/h of FT liquids 28. These values are consistent with those reported by Maretto and Krishana 33.
Figure 4 depicts the process flow diagram for the FT unit. Syngas from the TR unit exchanges energy with the Rankine cycle (HXR1A), and, then, it is cooled to about 40°C to remove the excess water. After that, the dehydrated syngas is mixed with the hydrogen stream from the WGS unit to obtain a mixture with H2/CO ratio of 2. This mixture is compressed to 30bar, in a 2-stage compressor before feeding into the FT reactor. The FTR liquid outlet stream (FTLOUT), formed by long hydrocarbon is sent to the hydrocracking unit, while the FTR vapor outlet stream (FTVOUT), formed by light hydrocarbons and unconverted syngas, passes through a series of coolers and flash drums to separate the light synoil stream (SYNOIL) from the OFFGAS1 and the water phase (WW2). Lastly, the SYNOIL stream is sent directly to the separation unit, while the OFFGAS1 stream goes to the WGS unit, where hydrogen is recovered and recycled to the FT reactor or sent to the upgrading unit.
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Figure 4. Process flow diagram of the Fischer-Tropsch synthesis unit
Upgrading section 
The first production schemes aiming to maximize FT diesel fuel were reported in the early 1980s 26. Basically, they integrate LTFT operation (using SBCR) and upgrading units, employing hydrocracking reactors to convert the heavy oil and wax into lighter fractions. This conversion requires C-C scission, which occurs at high temperatures (360-440°C) and in presence of a catalyst. The reactions are carried out in an adiabatic reactor fed with hydrogen in a ratio of 800-1800 Nm3 per Nm3 of liquid feed 34.
The hydrocracking reactor model implemented in the present work is based on Bhutani et al. 35 and Mohanty et al. 36, but with the pseudo-components replaced by real components, n-alkanes from 1-30 carbons. For this reason, it is considered that all α-olefins and oxygenates are hydrogenated to n-alkanes with the same number of carbons. Other components such as H2O, N2, CO, CO2 are considered as inerts. This reactor is modelled as a plug flow reactor using first-principle equations and kinetic parameters in function of the normal boiling point of each component (n-alkanes). Equation 12 describes the mass balances for the liquid phase (n-alkanes) in a differential catalyst element:
	
	(12)


The first term on the right-hand side denotes the consumption of component  and the second term denotes its formation rate. It is assumed that light components – with a normal boiling point less than 400 K (i=7, heptane) – do not crack. Moreover, the rate of formation of  is given by cracking of higher components starting from  +2 carbons.  is the mass flow rate of component  in [kg/h],  is the mass fraction,  is the rate of cracking of component  [kg-reactant/kg-catalyst],  is the probability of formation of  from the cracking of j. The term between parentheses ensures the mass balance by the addition of one atom of hydrogen in each cleaved molecule, where  is the molar mass of hydrogen in [kg/kmol], and  is the molar mass of component  in [kg/kmol]. The hydrogen consumption is computed by the mass balance based on the flow rate of the n-alkanes.
The cracking rate constant () for component  is given as function of its normal boiling point, heavy oil and catalyst specific mass, as reported by Bhutani et al. 35; whereas the probability of cracking () is a function of the normal boiling point of components i and j, as proposed by Mohanty et al. 36. The energy balance is computed as an adiabatic process, so the variation of the total enthalpy equal to zero. This hydrocracking reactor model is also implemented in ACM, where the set of differential equations is discretized over the reactor mass and solved as a system of nonlinear equations with 3300 variables, 8 parameters and 2 input variables (mass of catalyst and pressure).
The reactor is scaled-up by considering a liquid flow rate of approximately 70 m3/h, hydrogen-to-liquid ratio of 800 Nm3/m3, WHSV (weight hourly space velocity) of 1 h-1 34, catalyst bed with 0.55 void fraction, and catalyst density of 4800 kg/m3 37. This results in a reactor with diameter of 3.56 m and length of 15 m. 
Figure 5 depicts the PFD used to simulate the upgrading unit, which is fed by a hydrogen makeup from the WGS unity (H2TOHDC), heavy synoil from FTR (FTLOUT) and wax recycle from the separation unit (WAXREC). These streams are heated to 410ºC before feeding the hydrocracking reactor (HDCRACKR), in which the heavy synoil is converted to lighter fractions. The reactor effluent stream is cooled to 350°C to separate the major part of the LTF fuels (FD4), then a second flash drum is responsible to reduce the temperature to achieve a H2 fraction of 90%  in the hydrogen recycle (SS20) 35. A small part of the SS20 stream is purged (OFFGAS2) to maintain the hydrogen-to-liquid ratio of 800 Nm3/m3, and the SS21 stream is heated and compressed before recycling. Lastly, the resulted cracked synoil (CRACKOIL) is sent to the separation unit.
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Figure 5 – Process flow diagram of the upgrading unit
Water-gas shift unit
The WGS unit is responsible for the recovery of the unconverted hydrogen from the FT reactor. In addition, it takes advantage of the WGS reaction (Equation 1.d) to produce extra hydrogen from the unconverted carbon monoxide of OFFGAS1 stream (see Figure 5). The WGS reaction is slightly exothermic, presenting a favorable thermodynamic behavior at low temperatures and a kinetically favorable performance at high temperatures. For this reason, a WGS unit often comprises two adiabatic reactors, a high temperature reactor (400-500ºC) followed by a low temperature one (about 200ºC), in order to achieve high conversions faster 38. On the other hand, Pasel et al. 39 discuss the use of isothermal operation for WGS units and point out some advantages over the usual adiabatic process, in terms of reducing the process complexity and reaching the thermodynamic equilibrium at higher temperatures.
The present work considers an isothermal WGS operation by using a multi tubular fixed bed reactor at low temperature (200°C), cooled with boiling water (at 150°C). This reactor is simulated by a standard RPlug model in Aspen Plus with 3400 tubes of 1inch diameter and 1 meter length and constant heat flux of 6781.15 [cal/s.m2] (this value is based on a typical overall heat-transfer coefficient for water and hydrogen mixtures 40). The catalyst bed has 0.3 void fraction, particle density of 6877.2 [kg/m3] and particle size of 0.62 cm 38,41. The pressure drop is estimated by Ergun’s equation and the kinetics are given by Moe’s model, which is based on industrial data for low temperature WGS catalysts 42.
Figure 6 shows the process flow diagram of the WGS unit. The unit receives unconverted syngas from FT unit (OFFGAS1), which is mixed with steam (ST2WGS) to shift the equilibrium to the hydrogen production side. The output mixture passes through a heat exchanger (HX5) to set its temperature to 200°C, and then enters the WGS reactor to convert CO and H2O into CO2 and H2. The product stream (SS26) has less than 0.5% of carbon monoxide. This stream proceeds to a membrane separation unit represented by a mathematical separation module (MS1), retaining 90% of the hydrogen at 95% of purity 43. The pressurized off-gas stream (OFFGAS3) expands in a turbine to produce electricity. Lastly, the recovered hydrogen stream (H2RECY) is recycled back to the FT and hydrocracking units.
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Figure 6 – Process flow diagram of the water-gas shift unit
Separation unit 
The atmospheric distillation column (ADC1 in Figure 7) is used to separate the synoil into offgas (C1-C4), naphta (C5-C10), kerosene (C10-C14), diesel (C15-C22) and wax cuts (C22+) 34. The column is simulated by the rigorous PetroFrac model in Aspen Plus. The main tower comprises 66 theoretical stages, two side strippers with 8 stages each (with liquid draw at stages 8 and 20 of the main tower) and a partial condenser operating at 40 °C and 1.31bar. Steam is injected into the last stage of each tower in a ratio of 2.267 kg of steam per barrel of product. The feed stream – composed by the light synoil from FTR (SYNOIL) and the hydrocracker product (CRACKOIL) – is preheated to 99% of the vapor fraction at 1.45 bar in a furnace (FUR1) and enters the ADC1 flash zone at stage 65. Naphtha is obtained at the top distillate, while Kerosene and diesel are obtained in the bottom of each stripper tower, and wax is obtained in the bottom of the main column. Around 73 % of the wax stream is recycled to the upgrading unit to be cracked to lighter fractions.
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Figure 7 – Process flow diagram for the separation unity
Rankine cycle
The Rankine cycle unit (RCU) is responsible for the recovery of the large amount of thermal energy provided by the exothermic FT reactions, occurring at 240°C in the SBCR (Figure 4). This SBCR reactor produces saturated vapor at 230°C 33 (FTRHX, Figure 8), which is used in the RCU to produce electricity. Figure 8 shows the proposed process flow diagram of the RCU. The saturated vapor produced in the FTR (represented as the heater FTRHX) is superheated by the combustion of the OFFGAS2 and OFFGAS4 streams, and then it expands in a turbine to produce electricity. Then, the saturated vapor (stream SS33) condenses in the HX9 heat exchanger, and is compressed to 28 [bar]. Lastly, the compressed liquid exchanges energy with the syngas stream (HXR1B), before feeding into the FT reactor (FTRHX).
[image: ]
Figure 8 – Process flow diagram of the Rankine cycle unit
Economic assessment method
A detailed economic analysis is carried out according to the method presented by Baliban et al. 16. The capital cost is adjusted with cost indexes for the first quarter of 2017, considering the plant will be built in Brazil by adopting a factor of 1.4. Besides, the values of the product prices are estimated for the Brazilian scenario for the same period. The cash flow after taxes (CFAT, Equation 13) is calculated over 30 years of operation, in which the total permanent investment (TPI, Table 1) is divided among the first 3 years using the distribution factor , ,  equal to 0.25, 0.5 and 0.25, respectively. After the third year, CFAT is calculated based on the revenues (R), the total operating cost (TOC, showed in Table 2) and the capital depreciation (DEP), where t is the Brazilian tax rates 44 (see Table 4). DEP is calculated by the straight-line method, considering a period of 10 years and salvage value of 20% of TPI, after 30 years of operation. After the 13th year, CFAT is function only of R and TOC, until the last year of operation when the salvage value is recovered.
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	Table 1 – Procedure to compute the total permanent investment

	TEC - Total equipment cost
	TEC1

	LF - Location factor, Brazil
	1.4

	DPI - Direct permanent investment cost Brazil
	TEC x BF

	G&A - Capital overhead
	DPI x 0.03

	CF - Contract fees
	DPI x 0.03

	TDC - Total depreciable cost
	DPI+G&A+CF

	CC - Capital contingences
	TDC x 0.18

	TPI - Total permanent investment
	TDC+CC

	1 TEC - total equipment cost, detailed in Appendix B



	Table 2 - Procedure to compute the total operating cost

	AMC - Annual maintenance cost
	TPI x 0.04

	NO - Number of operators 44 *
	4.5 x (6.29+0.23 x neq)0.5

	LC - Labor cost
	NO x labor price

	OL&M – Operating labor and maintenance
	AMC+LC

	RM - Raw materials
	RM

	UT - Utilities
	UT

	SOC - Subtotal operating cost
	OL&M+RM+UT

	G&A - Operating expenses
	SOC x 0.08

	PO - Plant Overhead
	OL&M x 0.5

	TOC - Total operating cost
	SOC+G&A+PO

	*neq – number of equipment
	



The operation starts in the year 4, with yearly operating capacity (YOP) of 8,000 hours. The annual value for revenue (R), utilities (UT) and raw materials (RM) are computed using the YOP, their flow rates and prices accounted for the Brazilian scenery of the first quarter of 2017. Table 3 lists the values used in the present work, which are adjusted in the respective operating year using escalator factors (see Table 4).

	Table 3 – Costs and product prices in Brazil (February 2017)

	Products
	Price
	Unit
	Source

	Gasoline
	0.6819
	[US$/kg]
	45, 46

	Kerosene
	0.5266
	[US$/kg]
	47

	Diesel
	0.7905
	[US$/kg]
	48, 46

	Wax
	0.9621
	[US$/kg]
	47

	
	
	
	

	Raw materials
	
	
	

	O2
	0.0329
	[US$/kg]
	based on electricity price 49

	Natural Gas
	0.1311
	[US$/kg]
	based on the respective low heating value 1

	Steam (41bar, 254°C)
	0.0157
	[US$/kg]
	based on NG price 44

	
	
	
	

	Utilities
	
	
	

	Steam (41bar, 254°C)
	0.0157
	[US$/kg]
	based on NG price 44

	Electricity
	0.1631
	[US$/kWh]
	50

	Cooling water
	0.0000319
	[US$/kg]
	based on electricity price 44

	Refrigerant (5°C to 15°C)
	0.0002
	[US$/kg]
	based on electricity price 44

	Natural Gas
	0.1311
	[US$/kg]
	based on the respective low heating value 1

	
	
	
	

	Waste
	
	
	

	Waste water
	0.000056
	[US$/kg]
	44

	
	
	
	

	Labor cost
	
	
	

	Operator
	57.4
	[US$/hr. Worker]
	51



	Table 4 – Additional economic parameters

	Products scalation
	1
	[%/year]

	Raw material scalation
	1
	[%/year]

	Utilities escalation
	1
	[%/year]

	Labor escalation
	1
	[%/year]

	t - Tax rate 52
	32
	[%/year]

	RR - Rate of return
	15
	[%/year]



The net present value (NPV) is accounted based on the cash flow after taxes (CFAT) and a desired rate of return (RR, Table 4), as follows:
	
	(14)


Results and Discussion 

Base case
The proposed plant processes 27.22 kg/s of natural gas with 30 mol% fraction of CO2, which corresponds to approximately 45 wt% of the feed stream, and it produces 6,750 bbl of products per day, namely: 2.58 kg/s of gasoline, 2.66 kg/s of kerosene, 3.31 kg/s of diesel and 1.02 kg/s of waxes. Table 5 shows the mass flow rate for the main streams depicted in Figure 1. Observe that the TR reactor consumes 25% of the feed CO2, producing a syngas stream with H2/CO ratio of 1.57. This syngas is mixed with hydrogen from the WGS unit to increase the H2/CO ratio to 2. About 37 wt% of the FT unit products are light synoil that are sent directly to the separation unit, while the other 63 wt% is mixed with the wax recycle and sent to the upgrading unit. The hydrocracking reactor is responsible to produce 43 wt%, 57 wt%, 46 wt% and 17 wt% of the total C5-C9, C10-C14, C15-C22 and C23-C29 obtained as liquid products.
Table 5 – Component mass flow rate [kg/s] in the main stream of the integrated TR+FT process.
	
	Stream

	Component
	CO2 rich NG
	Syngas
	FT-light synoil
	FT-heavy synoil
	HC-light synoil
	wax recycle
	gasoline
	kerosene
	diesel
	wax

	H2
	0.00
	3.28
	0.00
	0.00
	0.01
	0.00
	0.00
	0.00
	0.00
	0.00

	CO
	0.00
	29.06
	0.01
	0.00
	0.00
	0.00
	0.00
	0.00
	0.00
	0.00

	CO2
	12.10
	9.08
	0.11
	0.02
	0.05
	0.00
	0.00
	0.00
	0.00
	0.00

	H2O
	0.00
	9.26
	0.02
	0.01
	0.01
	0.00
	0.02
	0.00
	0.00
	0.00

	C1-C4
	14.02
	0.07
	0.19
	0.01
	0.25
	0.00
	0.20
	0.00
	0.00
	0.00

	C5-C9
	0.91
	0.00
	1.49
	0.04
	1.44
	0.00
	2.37
	0.32
	0.00
	0.00

	C10-C14
	0.00
	0.00
	0.99
	0.15
	1.68
	0.01
	0.01
	2.34
	0.31
	0.00

	C15-C22
	0.00
	0.00
	0.81
	0.96
	2.48
	0.29
	0.00
	0.00
	2.89
	0.10

	C23-C29
	0.00
	0.00
	0.15
	1.46
	1.78
	1.33
	0.00
	0.00
	0.11
	0.49

	C30+
	0.00
	0.00
	0.03
	3.74
	1.54
	1.15
	0.00
	0.00
	0.00
	0.42

	Total
	27.03
	50.75
	3.78
	6.39
	9.23
	2.78
	2.60
	2.66
	3.31
	1.02



One of the most important operating costs associated with the proposed plant is related to the electricity required to compress the syngas before it feeds the FTR. For this reason, the cogeneration of electricity is essential to turn this process economically viable. The production of 1 kg of product requires 3.22 MJ of electricity, 4.47 MJ of heating energy and 27.95 MJ of cooling energy. 97.7% of this electricity is expended in the compressor (C1) of the FT unit (Figure 4). However, 99.8% of the plant electricity requirement is provided by the Rankine unit. 53.7% of the heating energy is consumed by the furnaces located in the separation and upgrading units, 44.8% is used as high-pressure steam in the heat exchanger HX5 (Figure 6), while the remaining 1.5% is used as medium-pressure steam in the other units. About 7% of the total heat requirement is recovered in the WGS reactor, which produces medium-pressure steam. 99.1% of the cooling energy is provided by cooling water at 20°C.
The increase of CO2 in the natural gas composition results in the reduction of the H/C ratio, and therefore has a negative impact on the overall carbon conversion. The presence of CO2 in the FT reactor feed also affects the reaction rates by decreasing the partial pressure of H2 and CO and its overall performance. The overall carbon conversion of NG to liquid products obtained in the proposed plant is 54%, which is superior to typical biomass or hybrid biomass/coal to liquids processes (33% see 16), but inferior to conventional gas to liquids processes using high quality natural gas (68% see 53).
The global warming potential (GWP) obtained in the proposed process is 2.69, 2.08, 3.12 and 3.80 kg of CO2 equivalent by kg of gasoline, kerosene, diesel and wax, respectively. 89.7% of this amount is associated to direct emissions by the waste streams WW1, WW2, WW3, OFFGAS5 and OFFGAS6. The remaining fraction corresponds to the indirect emissions from the utilities, of which, 55% comes from the natural gas burned in the furnaces of separation and upgrading units, 39% is produced by the generation of high pressure steam used in the WGS unit (HX5, Figure 5), and the other 6% is distributed among refrigeration and production of medium pressure steam. The Rankine cycle unit plays an important role in the reduction of the GWP, decreasing this value by about 10%. 
At this point, it is important to summarize the advantages of the proposed process coupling TR and FT synthesis over conventional GTL plants, which use autothermal reforming 21. Firstly, the proposed process does not require preliminary CO2 separation, thus reducing both the capital and operational costs. It also mitigates the environmental impact by reducing the direct CO2 emission by 8.7%, in comparison with the integration of a conventional separation process (with 95% methane recovery and 2% of CO2 in the product stream 54) and a GTL plant (with 68% of carbon conversion efficiency). Lastly, the direct consumption of the CO2-rich NG reduces price of raw material, since this NG is estimated to be 42% cheaper than conventional NG due to its lesser Lower Heating Value. 
Economic analysis in the Brazilian scenery

Figure 9 depicts the monetary distribution of the sales, raw materials and utilities. Diesel is the main product, corresponding to almost 40% of sales, followed by gasoline, kerosene and wax. With respect to the cost distribution of the raw materials, the natural gas is the most significant, representing 86% of it. This large contribution of the NG cost is associated with the high price of the Brazilian NG – 5.28$/MMBtu in February 2017 – which is about 85% more expensive than the US NG, 2.85$/MMBtu in the same period 55. The cost distribution of utilities presents the cooling water as the main contributor with 40%, while the electricity accounts only for 0.51%. It is noteworthy that the energy recovery through the Rankine cycle unit reduces the plant electricity requirement by 99.8%, from 30918 kW to only 57 kW. Without the Rankine cycle unit, the electricity cost would represent 73.6% of the utilities, leading to a negative cash flow over the entire process lifetime.
[image: ]
Figure 9 – Monetary distribution (a) Sales, (b) raw material cost and (c) utilities cost
Figure 10 shows the investment cost distribution per unit. The FT unit is the most expensive one, accounting for 60% of the total investment cost. Only two equipment of the FT unit correspond to more than 98% of this cost – the FT reactor with 59.9% and the compressors with 38.2%. These numbers show the importance that the gas compression plays on this plant, since the investment cost associated to this equipment reaches almost 23% of the total investment cost and the required electricity would lead to a negative cash flow rate without the inclusion of the Rankine cycle unit. For this reason, the development of new FT catalysts with lower pressure operating ranges is critical from an economic standpoint. The hydrocracking unit is also expensive, accounting for 29% of the total investment cost, where the most expensive equipment is the hydrocracking reactor, corresponding to 79.2% of this cost. Therefore, four out six units (tri-reforming, WGS, separation and Rankine cycle units) represent only 9% of the total equipment cost, while three specific equipment (FT reactor, compressor and hydrocracking reactor) account for 81.8% of the TEC.
[image: ]

Figure 10 – Investment cost distribution by operating unit
The cash flow over 30 years of operation is shown in Figure 11.a. It is possible to observe that the cumulative cash flow becomes positive after about 16 years of operation. However, the positive cash flow – over the operating years – is not large enough to overcome the investment cost with the desired rate of return (15%), resulting in a negative NPV of -142 MMUS$ after 30 years of operation (see Figure 11.b). In these conditions, it is possible to estimate the internal rate of return for the proposed plant equals to 5.58% for the Brazilian scenery.
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(a)
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(b)

	Figure 11 – Parameters of the economic analysis in the Brazilian scenery, (a) Cash flow after taxes over the operating period and (b) Net present value considering rate of return of 15 and 5.58% a year


The total permanent investment of the proposed plant is about 42,000 US$/barrels/day, which is similar to the installed cost indicated by Sasol studies in 2001 56,57, corrected to the Brazilian scenery of 2017, ~47,000 US$/barrel/day. On the other hand, the raw material cost is quite high – 53.10 US$/barrel – in comparison to previous studies that indicate values 3.7 times cheaper 58. Therefore, the obtained annual cash flow is not enough to overcome the investment cost in the Brazilian scenery. This trend is supposed to get worst with the newly signed contracts for the  NG price of the new reserves, which will increase the NG price by about 40% 2. In this context, the gas-to-liquid processes do not seem to be an economically viable technology for the Brazilian scenery, even though, the technical results show that the conversion of CO2-rich natural gas to LTF using tri-reforming could reach similar efficiency to conventional GTL processes using this NG.
The NG price required to obtain a NPV equals to zero in the Brazilian scenery is 3.28 US$/MMBtu, which still 15% more expensive than the US NG in the same period. This analysis suggests that the implementation of the proposed plant in other location could make the process economically viable. In the locations with lean NG, the required CO2 in the feed composition could be provided by the recycle of the CO2 vented in the FT plant, increasing the overall carbon conversion efficiency and also reducing the global warming potential.
Economic evaluation at United States.
In this section, we evaluate the viability of the proposed plant in the United States, which is a more favorable scenery due to reduced natural gas and electricity prices, as well as the investment cost. The described economic analysis is modified by considering the location factor (LC) from 1.4 to 1 and the tax rate (t) from 32% to 40%. Furthermore, the raw material and product prices are changed to the USA scenery of the same period (see Table 6). Figure 12.a shows the comparison of the cash flow after taxes between the Brazilian and US sceneries. As may be observed, the US scenery presents a higher annual cash flow, reducing the period in which the cumulative cash flow becomes positive from 16 to less than 5 years.
	Table 6 – Costs and product prices in the US (February 2017)

	Products
	Price
	Unit
	Source

	Gasoline
	0.5480
	[US$/kg]
	59

	Kerosene
	0.6053
	[US$/kg]
	60

	Diesel
	0.9756
	[US$/kg]
	59

	Wax
	1.3660
	[US$/kg]
	updated to the present period by using an escalator factor of 1% per year 61

	
	
	
	

	Raw materials
	
	
	

	O2
	0.0134
	[US$/kg]
	based on electricity price 49

	Natural Gas
	0.0708
	[US$/kg]
	based on the respective low heating value 1

	Steam (41bar, 254°C)
	0.0085
	[US$/kg]
	based on NG price 44

	
	
	
	

	Utilities
	
	
	

	Steam (41bar, 254°C)
	0.0085
	[US$/kg]
	based on NG price 44

	Electricity
	0.0663
	[US$/kWh]
	62

	Cooling water
	0.0000158
	[US$/kg]
	based on electricity price 44

	Refrigerant (5°C to 15°C)
	0.0002
	[US$/kg]
	based on electricity price 44

	Natural Gas
	0.0708
	[US$/kg]
	based on the respective low heating value 55 

	
	
	
	

	Waste
	
	
	

	Waste water
	0.000056
	[US$/kg]
	44

	
	
	
	

	Labor cost
	
	
	

	Operator
	108.42
	[US$/hr. Worker]
	63




Figure 12.b compares the NPV for the Brazilian and USA sceneries. In the US, the proposed plant presents a positive NPV of 187 MMUS$ after the 30 years of the project, with a payback period of 7.8 years and internal rate of return of 27.61%. The total investment cost (TIC) is approximately 30,000 US$/barrel/day, while the maximum TIC estimated still to obtain an economically viable plant would be about 59,000 MMUS$/barrel/day. These results suggest that the proposed plant could be economically viable in a favorable scenery whereby the NG price is low in comparison to the LTF products.
	[image: ]
(a)
	[image: ]
(b)

	Figure 12 - Parameters of the economic analysis comparison between Brazil and US, (a) Cash flow after taxes over the operating period for USA and Brazil and (b) Net present value for the Brazilian and USA scenery.


Conclusions
This paper has presented an alternative technology to monetize CO2-rich NG by coupling the tri-reforming and Fischer-Tropsch technologies. The plant conceptual design is proposed in such way that the thermal energy emitted by the FT reactor is converted to electricity in a Rankine cycle unit, providing almost 100% of the plant electricity requirement. Furthermore, the results show that it is technically possible to convert NG with about 30 mol% of CO2 in a plant with 54% of carbon conversion. The detailed economic analysis shows that the viability of the proposed process is highly dependent on the NG price. It suggests that the proposed plant may not be economically feasible in the Brazilian scenery, considering economic data from the first quarter of 2017. On the other hand, the proposed plant presents a positive NPV in the more favorable scenery of the US, where the NG is cheaper.
The developed plantwide model provides a useful tool to assess the integrated TR+FT process under different operating conditions. As part of future work, an analysis of the effect of model, process and external uncertainties will be carried out. Moreover, a plantwide optimization with respect to environmental and/or economic objectives will be conducted, which may bring better results than the individual optimization of each unit or the use of standard operating conditions found in the literature.
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Appendix A
For implementation in Aspen Plus the kinetic equations must be slightly rearranged and all the units of measure are converted to SI. The parameters values used here are from Aboosadi et al. 21, which describe methane tri-reforming using as base the model developed by Xu and Froment 64. Equations A.1-4 represents the respective kinetic rates for Equations 2.a-d. The partial pressures  are given in Pascal, while the temperatures are in Kelvin. The effectiveness factors , , , are 0.07, 0.06, 0.7 and 0.05, respectively. The values for the kinetic parameters and the equilibrium constants are listed in Tables A.1 and A.2.
	
	(A.1)

	
	(A.2)

	
	(A.3)

	
	(A.4)

	
	(A.5)



Table.A1 – kinetic parameters for the tri-reforming process
	Parameter
	
	Unit
	Ea
	Unit

	
	3.6999x10+14
	
	240.1
	

	
	8.9493x10+13
	
	243.9
	

	
	8.1100x10-08
	
	86
	

	
	6.8200x10-08
	
	86
	

	
	5.4300x10-03
	
	67.13
	

	



Table.A2 – Equilibrium constants for the tri-reforming process
	Parameter
	Unit
	A
	
	B

	
	
	-5.3140x101
	
	2.6830x104

	
	
	-4.9104x101
	
	2.2430x104

	
	
	4.0360
	
	-4.4000x103

	
	
	-2.0918x101
	
	8.4972x103

	
	
	-3.0425x101
	
	9.9706x103

	
	
	-1.8829x101
	
	4.6040x103

	
	
	1.2084x101
	
	-1.0665x104

	
	
	-1.3584x101
	
	3.2834x103

	
	
	-2.5580x101
	
	1.1161x104




Appendix B
Table B.1 lists of the main equipment of each unit used to estimate the plant investment cost. The equipment cost for TR reactor is predicted using the configuration of an autothermal reforming reactor, which presents a similar design. The FT and hydrocracking reactors are computed with estimates from the literature, based on their processing capacity. In the Rankine cycle unit, the cost of the equipment HX7, HX8 and B2 are represented by a non-reactive furnace estimated with the respective heat duty. The remaining equipment costs are calculated by the Aspen Process Economic Analyzer (APEA) or estimated by correlations given by Turton 44, when the equipment operational conditions do not fit the software specifications.
	Table B.1 – List of equipment by unity and source of cost 

	Equipment description
	Calculated based on
	Information source

	Tri-reforming 
	
	

	B8 - heat exchanger
	exchange area
	44

	R3 - TR reactor
	molar flow rate
	16

	
	
	

	FT synthesis
	
	

	C1 - compressor
	------
	APEA

	HXR1A - heat exchange
	------
	APEA

	HX2 - heat exchange
	------
	APEA

	FD1 - flash vessel
	------
	APEA

	B13 -  FT Reactor
	molar Flow rate
	16

	HX3 -cooler water
	------
	APEA

	FD2-flash vessel
	------
	APEA

	HX4 - cooler fluid
	------
	APEA

	FD3-flash vessel
	------
	APEA

	D1 - decanter
	------
	APEA

	
	
	

	WGS
	
	

	MS1 - Membrane
	------
	APEA

	HX5 - heater
	------
	APEA

	WGSR - reactor
	------
	APEA

	T2 - Turbine
	power
	44

	
	
	

	Upgrading
	
	

	C2 - compressor
	power
	44

	C3 - compressor
	power
	44

	HX6 - heater
	------
	APEA

	FD4 - flash vessel
	------
	APEA

	FD5 - flash vessel
	------
	APEA

	B01 - Pump
	------
	APEA

	F1 - furnace
	power
	44

	F2 - furnace
	power
	44

	B14-hydrocraking
	ton/day
	16

	
	
	

	Separation
	
	

	FUR1 - furnace
	power
	44

	B7 - MAIN COLUMN-condenser
	------
	APEA

	B7 - MAIN COLUMN-decanter
	------
	APEA

	B7 - MAIN COLUMN-reflux pump
	------
	APEA

	B7 - MAIN COLUMN-tower
	------
	APEA

	Equipment description
	Calculated based on
	Information source

	B7 - stripper1-tower
	------
	APEA

	B7 - stripper2-tower
	------
	APEA

	P2 - Pump
	------
	APEA

	
	
	

	Rankine cycle
	
	

	HX7 - heat exchange
	power
	44

	B2 - combustion chamber
	
	

	HX8 - heat exchange
	
	

	HX9 - heat exchanger
	------
	APEA

	T1 - turbine
	power
	44

	B01 - pump
	------
	APEA
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