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Abstract

This thesis is based around the production of H2 via a process called Sorbent Enhanced Steam 

Reforming (SESR), which has the potential to drastically reduce CO2 emissions from H2 production 

therefore abating climate change. SESR is a combination of traditional Steam Methane Reforming 

(SMR) and Calcium Looping (CaL, a form of Carbon Capture and Storage, CCS), whereby the CaL 

sorbent removes CO2 from the gas stream and drives the reactions equilibrium to produce more H2. 

With the application of biomass as the fuel feedstock this process has the potential to produce H2 with 

net-negative CO2 emissions.

Two main areas of work were conducted within this thesis, namely: examining the performance of CaL 

sorbents and novel sorbents under industrial conditions, and the development of combined 

multifunctional sorbent and catalyst particles for SESR with biomass. These particles were tested within 

a reactor that was specifically constructed for this set of work.  

A detailed investigation into the effects of various parameters on the rate of limestone calcination was 

conducted within an atmospheric fluidised bed reactor utilising high-temperatures and CO2 partial 

pressures. These conditions would typically be present within a CaL/SESR calciner and thus kinetic 

data with this environment was determined. Further to this, a single particle model was developed to 

shed light on the variances observed when calcining limestone in the presence of CO2 and steam or CO2

and N2. The application of a novel synthetic sorbent was also investigated under similar calcination 

conditions showing the impacts on the sorbents carrying capacity caused by high-temperature CO2

sintering.

A mild-pressure, high-temperature spout-fluidised bed reactor was constructed for the purpose of 

continuous biomass feeding for SESR. Combined particles of catalyst, sorbent and a dicalcium silicate 

support were tested. These combined particles were manufactured utilising a simple and inexpensive 

method. An enhanced H2 yield of 120 gH2/kgbiomass was produced at ~75 % purity at a stoichiometric 

steam to carbon ratio. 
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1Chapter 1 – Introduction

The continued global increase in energy demand and socio-economic development of the world’s 

population since the 1700s (when the western industrial revolution began) has led to an increase in 

Greenhouse Gas (GHG) emissions and atmospheric pollution, predominantly by CO2. In the latest 

report by the Intergovernmental Panel on Climate Change (IPCC) (IPCC, 2013) it was concluded that 

the measured rise in global temperatures can be directly attributed to the anthropogenic release of 

GHG’s. This increase in global (ocean, atmospheric and surface) temperatures has been correlated with 

climatic changes such as sea level rise, ice-shelf and glacier melting, precipitation distribution changes, 

an increased number of extreme weather events and season weather pattern shifts. The impact of these 

changes is difficult to predict on a local level precisely, nevertheless even with conservative estimates 

the changes could accumulate into a very different world compared to the one in which we are used to 

(IPCC, 2014).  

It is for these potential impacts that, along with changes to other sectors, we must alter the ways in 

which we generate energy such that the impact on the environment is minimised. Many believe that 

renewable energy systems (wind, solar tidal, wave and hydro-power) are the final end goal of a 

decarbonised energy sector. However many industries cannot be entirely electrified and as such still 

require the combustion of fossil energy sources. Furthermore the intermittency of some renewables 

limits their deployment at scale (Heuberger et al., 2017a). An alternative is to utilise fossil energy 

sources but in a more sustainable way by preventing the release of CO2, which can be achieved through 

Carbon Capture and Storage (CCS) (Boot-Handford et al., 2014). CCS can be divided into three general 

subheadings each of which are described below.

• Post-combustion capture:

Where by the CO2 is separated from the other gases after the combustion reaction has taken place. 

Currently, the most developed technology in this field is amine scrubbing due to the technology being 

utilised for decades in the natural gas refining industry (Rochelle, 2009). Post combustion capture 

systems have the potential to be retrofitted to existing facilities. 
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• Pre-combustion capture:

This process involves the gasification/reforming of a fuel primarily into a mixture of CO, CH4, CO2 and 

H2. This gas is then further processed via the water-gas-shift reaction, the removal of sulphur and other 

impurities and pressure swing adsorption. CO2 is then selectively removed from the gas stream thereby 

forming a separated streams of CO2 and H2. The hydrogen can then be combusted as a CO2 free fuel 

source or utilised as a process feedstock (Global CCS Institute, 2012).

• Oxy-fuel:

Fuel is combusted in the presence of oxygen and CO2 only which means the generated products are 

predominately CO2 and H2O, which can be separated relatively easily via condensation (Eon, 2009). 

This process negates the need to separate CO2 and N2 which is relatively difficult to do compared to the 

separation of CO2 and H2O. The process does require an air separation unit which can increase the 

capital cost significantly, although prices are falling. 

Through the utilisation of biomass energy crops and CCS together it is possible that energy can be 

generated with negative CO2 emissions, which is commonly referred to as Biomass energy and carbon 

capture and storage (BECCS). This is because through the lifetime of the plant CO2 will be absorbed 

via photosynthesis which if then captured during energy generation and stored then CO2 is actually 

being removed from the atmosphere. Biomass is however a difficult fuel to work with as its properties 

are quite different to coal and requires much more stringent safety precautions in its handling (Basu, 

2010). 

The full market deployment of CCS has been predicted on many occasions however this has not come 

to fruition as predicted because new CCS plants are very costly to design (and cancel, thanks George 

(House of Commons Committee of Public Accounts, 2017) (BBC, 2015)) and require large amounts of 

state funding. CCS plants do require a significant initial investment as the risks are high for a new 

technology at this scale. It was explained within the Oxburgh report (Oxburgh, 2016) that the main 

areas of risk for CCS deployment are with regards to the transport and storage of the CO2 but the UK 

is well placed to take advantage of its natural CO2 storage capacity in the North Sea. The levelised cost
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of avoiding the CO2 emissions has been modelled and estimated to lie in the range of €100-150/MWh 

but is highly dependent on fuel costs and furthermore as the USA and others begin to bring CCS plants 

online for enhanced oil recovery, costs will come down (Porter et al., 2017). 

An somewhat newly established form of CCS, which is adaptable to both pre-combustion and post-

combustion applications, is Calcium Looping (CaL) (Dean et al., 2011a). CaL utilises CaO based 

materials to cyclically react with and release CO2, by doing so a stream of CO2 can be produced which 

requires minimal purification before transportation and storage. The energy efficiency penalty of a CCS 

plant is also an important factor to consider, CaL is one of the lowest impacting technologies with this 

regard of only 4-5 percentage points (Fennell, 2015a). CaL can be further combined with the knowledge 

and experience of the Steam Methane Reforming (SMR) industry to increase the efficiency of hydrogen 

production; the amalgamation of these two technologies is referred to Sorbent Enhanced Steam 

Reforming (SESR). The aim of both SMR and SESR is to produce hydrogen, however SESR produces 

hydrogen via a pre-combustion process that facilitates the separation and capture of CO2 thereby 

preventing its release into the environment. The general reaction equation for SESR is shown below as 

equation 1.1. 

Equation 1.1 - Overall SESR of methane:

��� + 2��� + ��� → 4�� + ����� ∆H°���� ≈ −13 kJ/mol

As can be seen, under ideal conditions all the methane and steam are shifted to H2 and all the CO2 is 

captured by the CaO and as is done in CaL the formed CaCO3 is cycled into a calciner where the material 

is converted back into CaO for reuse. However the reversibility of the sorbent to undergo these reactions 

is limited by issues such as attrition, sintering, sulphation and CaO entrapment (Fennell et al., 2007). 

Furthermore a catalyst (commonly nickel) is required to increase the rate of these reactions, which itself 

has issues of sintering, coking and sulphur poisoning (Sehested, 2006).

A recent advance in optimising the combination of the sorbent and catalyst materials for SESR is the 

incorporation of both materials into a single particle. This has the benefit of reducing the distance that 

the gas molecules need to travel in order to reach the relevant active sites (Lugo and Wilhite, 2016). 
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By substituting the fuel source from methane/natural gas to biomass it is possible to create H2 with net-

negative CO2 emissions. In making this change a separate pyrolysis/gasification reactor may be required 

in order to prevent coking damage to the particles and to ensure that each process operates at the optimal 

conditions for the reactions taking place (Florin and Harris, 2008b).

At present H2 is predominantly utilised by oil refineries, fertiliser/chemical production industries and 

the food industry (Balat, 2008). Further to these current uses, H2 is also being considered as a 

replacement for natural gas for domestic heating purposes (Bockris, 2002) (Sadler, 2016), the benefit 

of this being that the polluting element of the fuel (CO2) can be removed at scale at a point source ready 

for transportation and storage. In replacing natural gas for H2 for domestic heating it would also 

decarbonise one of the largest energy demands within the UK, currently ~ 29 % of total energy demands 

(BEIS, 2016). Furthermore, the produced hydrogen could be combusted at source for large scale 

electricity generation thus demonstrating the flexibility of hydrogen whose production can be ramped 

to meet demands and distributed to multiple commercial partners as markets dictate.  
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1.1.  Project Aims

The general aim of this research will endeavour to investigate the potential of utilising biomass as the 

feedstock material and conduct the gasification and SESR reactions within a single stage reactor for the 

production of high purity H2. A significant benefit of SESR is that the main reactions can occur within 

one reactor, which therefore eliminates the need for multiple costly reactors each doing a specific task. 

This process simplification does however lead to a higher degree of system complexity and it is 

therefore paramount to ensure the operating conditions are suitably controlled and monitored. 

Concluding from this introduction and the information gathered within the literature review presented 

in Chapter 2 to conduct this research the following items had to be addressed:

• The design and construction of a spout-fluidised bed reactor suitable for conducting gasification

and SESR reactions 

• The feedability and general operation with biomass as feedstock for SESR 

• The development of high-temperature CaO-based sorbents that minimise the decay in carrying 

capacity

• The development and testing of a combined sorbent and catalyst particle effective for SESR
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1.2.  Thesis Outline

Chapter 2 – This chapter looked into the available literature and reviewed the current knowledge and 

experience of previous researchers. The information gathered here influenced the direction of the future 

research plan based on the identified gaps in the research. 

Chapter 3 – This chapter presents the details of the reactor design, biomass feeding system, steam 

system and gas analysis system. This chapter also presents some initial combustion, steam gasification 

and SESR reactions which assess the positives and drawbacks of this reactor. 

Chapter 4 – This chapter presents a set of limestone calcination experiments to determine the influence 

of many parameters on the rate of calcination. This work was conducted within a small atmospheric 

fluidised bed reactor and the kinetic experiments were conducted under realistic commercially 

applicable conditions. A comparison between steam and N2 was made and following this a single 

particle model was developed, validated and compared to the experimental data.

Chapter 5 – This chapter details a published investigation into the use of a novel, synthetic and 

polymorphic CaO-based sorbent utilising a dicalcium silicate support structure. Again this sorbent was 

tested under realistic conditions and highlighted the errors that can be produced if a material is not tested 

under appropriate conditions.  

Chapter 6 – This chapter presents the main experiments conducted within the reactor constructed 

within chapter 3. The work utilised a low steam to carbon ratio with oak biomass as the feedstock for 

SESR, generating a separable stream of H2 and CO2. This chapter also presents the development and 

use of cheap and simple multifunctional materials suitable for fluidised bed operation composed of a 

Ni based catalyst and CaO based sorbent. A discussion of coke formation and its impacts on operation 

with combined particles is presented here. This chapter also investigates the observed and intrinsic rate 

kinetics of these combined particles within a mild pressure fluidised bed reactor.
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2Chapter 2 – Literature Review

2.1. An Introduction to Calcium Looping

Calcium looping (CaL) for CO2 capture, was first suggested by Shimizu in 1999 (Shimizu et al., 1999), 

since then the technology has been widely researched and has multiple large scale reactors in operation 

– see section 2.12. A typical, simplified post combustion CaL process flow diagram is displayed in 

Figure 2.1, showing the main features, which are a carbonator and a calciner (Blamey et al., 2010).

Figure 2.1 – A process flow diagram of a typical post-combustion calcium looping system (Blamey et

al., 2010).

The general description of a CaL process is a Ca-based CO2 sorbent, typically CaO, is cycled between 

two reactors; a carbonator where CO2 is absorbed into the CaO matrix to form CaCO3 and a calciner 

where the CO2 is released thereby generating a high purity CO2 stream that can be cleaned, compressed, 

transported and stored. The process relies on the reversibility of the sorbent to undergo multiple 

carbonations (forwards direction of Equation 2.1) and calcinations (reverse direction of Equation 2.1). 

One of the main issues with CaL is the reversibility of the sorbent via this reaction; the issues regarding 

sorbent reversibility will be discussed in section 2.9.
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Equation 2.1 - Calcium looping – Carbonation forwards and calcination reverse:

��� + ��� ⇌ ����� ∆H°���� = −178 kJ/mol

The benefits of CaL are that the high operating temperatures of the system permits a steam cycle to be 

run off the excess heat generated by the exothermic carbonation reaction, thereby offsetting some of the 

other energy losses associated with the capture system. Furthermore due the oxy-combustion of fuel in 

the calciner, which is required to raise the reactors temperature, a near pure stream of CO2 and steam is 

generated. The steam can then be easily separated from the CO2 before the CO2 is sent for compression 

and storage. In a post-combustion setting the CO2 to be captured will be present with N2 and other gases 

such as SOx and NOx. Within the operating conditions of a CaL process, the reaction between SOx and 

CaO can be assumed to be irreversible, which may thought of as a positive, in that a power station will 

no longer be required to install a flue gas desulphurisation unit. The sulphation of CaL sorbents does 

however mean that the carrying capacity for CO2 is diminished and therefore the sorbents require a 

higher rate of replenishment (Coppola et al., 2012). The replenishment of spent sorbent for fresh 

limestone occurs in the calciner, this spent sorbent can then be utilised within the cement industry as a 

raw feedstock material (Dean et al., 2011a). 

2.2. An Introduction to Steam Methane Reforming

Steam Methane Reforming (SMR) is currently the most common method of producing H2, with 

approximately 50 % of the market share (IEA, 2015). The benefits of a H2 economy have been debated 

for decades since Bockris first realised its potential (Bockris and Appleby, 1972). H2 is utilised mostly 

within the oil and gas, chemical synthesis and food industries with some other smaller niche applications 

(Balat, 2008). Further to these current uses, H2 has been suggested as a fuel supply for the generation 

of electricity and as an alternative to natural gas for domestic heating purposes (Bockris, 2002) (Sadler, 

2016). 
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Advantages of utilising H2 as an energy carrier as opposed to fossil fuels, are that it has a high calorific 

value (per unit mass) and upon combustion only water is produced. This being said it, by utilising SMR 

CO2 is still generated and released into the environment but at the point of generation instead of at the 

point of combustion. If H2 is to be utilised as a fuel then the CO2 must be captured and safely stored as 

it is in CCS and not released into the atmosphere. The main disadvantage of H2 is its low bulk gas 

density and infamous flammability, the H2 therefore requires large, pressurised, safe and monitored 

storage vessels. H2 storage systems are currently being developed and the main options currently include 

storing the H2 as a cryogenic liquid, binding the H2 to a metal hydrate, carbon nanostructured formations 

or simply as a compressed gas (Dutta, 2014). A general process flow diagram of SMR is displayed as 

Figure 2.2.

Figure 2.2 – A typical process flow diagram of steam methane reforming, adapted from (Gupta, 2008).

This process operates across multiple fixed bed reactors each serving their own purpose to enhance the 

yield and purity of H2 generated. Firstly the natural gas is desulphurised, typically over a bed of ZnO, 

it is then steam reformed following Equation 2.2 over a bed of reduced Ni. The reforming reaction is 

endothermic and is therefore carried out at high-temperatures, the methane is typically introduced into 

the reactor between ~550 and 650 °C and then heated externally up to ~850 - 950 °C. The gas leaving 

the reactor is typically only 50 % pure H2, therefore the gas is passed over beds of iron oxide at lower 

temperatures in excess steam to undergo the water-gas-shift reaction (Equation 2.3). Finally, remaining 

methane, CO and CO2 is scrubbed out of the system or a pressure swing adsorption unit is utilised 

resulting in very high purity hydrogen (99.9 % pure) (Gupta, 2008).
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Equation 2.2 - Steam methane reforming:

��� + ��� ⇌ �� + 3�� ∆H°���� = +206.2 kJ/mol

Equation 2.3 - Water-gas shift reaction:

�� + ��� ⇌ ��� + �� ∆H°���� = −41.2 kJ/mol

A major issue for SMR operation is the poisoning of the expensive Ni based catalyst by coke formation 

or by sulphation. Typically the catalyst is supported on an alumina support which is required to 

minimise sintering and to reduce the cost of the reactor bed material. By pressurising the system the 

generated H2 is at a pressure suitable for the H2 users, which typically require high-pressure (2 MPa) 

H2 for operation anyway, and furthermore the pressurisation reduces the amount of catalyst required 

and therefore the size of the required plant. With careful operation and a suitable desulphurisation unit 

the catalyst beds have a lifetime of about 3 years before requiring complete replacement (Malhotra, 

2012). 
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2.3. Sorbent Enhanced Steam Reforming

2.3.1. An overview

Sorbent Enhanced Steam Reforming (SESR) is the amalgamation of CaL and SMR. It utilises the 

knowledge and experience of both industries and combines the technologies into one simplified process 

with the aim of producing H2 without releasing CO2 to the atmosphere. Figure 2.3 shows a simplified 

process flow diagram of SESR.  

Figure 2.3 – A simplified process flow diagram of SESR. 

SESR is based around using two reactors, a carbonator where CO2 is absorbed into a sorbent and a 

calciner where CO2 is released from the sorbent, as it is in CaL. However within the carbonator there 

are a multitude of other reactions taking place simultaneously, which include the steam reforming and 

water-gas-shift reactions of the SMR process (Equation 2.2 and Equation 2.3). By the addition of a CO2

sorbent to the carbonator/reformer reactor, the CO2 is removed from the system thereby lowering the

H2O
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CO2 partial pressure, and by Le Chatelier's Principle, driving the reforming reactions to produce more 

CO2 and consequentially more H2. Based on this SESR is a process by which two product gas streams 

are generated, the first is rich in H2 (from the carbonator/reformer) and the second is rich in CO2 (from 

the calciner) (Harrison, 2008). 

Figure 2.4 – Thermodynamic equilibrium position of SESR systems compared to SMR systems (Barelli

et al., 2008).

The operating conditions of the SESR reactors are similar to that of a CaL system whereby the 

carbonator/reformer operates at ~650 °C and the calciner operates at ~950 °C (García-Lario et al., 

2015a). The reforming reactions within the carbonator/reformer do take place at the lower carbonator 

temperatures with a similar effectiveness to the overall SMR process because the CO2 sorbent that is 

present is driving the reactions and altering the thermodynamic equilibrium position as can be observed 

in Figure 2.4. The SESR process is generally considered to favour lower pressures due to the greater 

number of moles produced than fed in as shown by Equation 2.4 (the overall SESR of methane), 

however kinetics and the final use of the H2 may dictate that an elevated operating pressure would be 

required (Barelli et al., 2008).
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Equation 2.4 - Overall SESR of methane:

	

	

��� + 2��� + ��� → 4�� + �����

																													

																											

														

																													

The bed material is cycled between the two reactors as it is in CaL, this does however introduce a slight 

difficulty in that the Ni catalyst will likely oxidise in the oxy-fired calciner, Equation 2.9 (Antzara et 

al., 2016). Therefore a H2 pre-reduction step may be required before the bed material renters the 

carbonator/reformer, however it may also be possible that the reforming reactions which generate 

reducing agents (CO, CH4 and H2) could be utilised to reduce the catalyst within the main 

carbonator/reformer reactor as shown by Equation 2.5, Equation 2.6, Equation 2.7 and Equation 2.8 

(Antzara et al., 2016) (Xiao et al., 2017). The requirement of a reduction step is currently unclear from 

the available literature as most research has only be conducted at lab scale and under laboratory 

conditions. 

Equation 2.5 - Nickel oxide partial reduction by methane: 

��� + ��� → �� +�� +�� ∆H°���� = +203 kJ/mol

Equation 2.6 - Nickel oxide total reduction by methane:

1

4
��� + ��� →

1

4
��� +

1

2
��� + �� ∆H°���� = +31 kJ/mol

Equation 2.7 - Nickel oxide reduction by CO: 

�� + ��� ⇌ ��� + �� ∆H°���� = −43 kJ/mol

Equation 2.8 - Nickel oxide reduction by H2: 

�� + ��� ⇌ ��� + �� ∆H°���� = −2 kJ/mol

Equation 2.9 - Nickel oxidation by O2:

�� +
1

2
�� → ��� ∆H°���� = −240 kJ/mol
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The production of coke from the reforming reactions is also a problem for the sorbent and catalyst, as 

it leads to pore blockages of the sorbent and it has the potential to poison the catalyst. The coke 

formation on the bed material, if controlled, may be beneficial in that a lower fuel duty will be required 

within the calciner as the coke will be burned off thus generating heat and raising the temperature of 

the reactor (Wang et al., 2004). Along these ideas there is potential that with careful reactor design and 

operation the carbonator/reformer may be able to operate as an autothermal reactor, meaning that little 

extra energy will be required to heat the system as the reaction heats balance out (Iordanidis et al., 

2006). 

2.4. The potential of biomass

The application of biomass within a SESR system in replacement of natural gas has the benefit of 

providing the possibilities of negative emissions due to the fact that biomass absorbed CO2 during its 

growing period. However sourcing this biomass must be done responsibly and sustainably.

The properties of biomass are inherently different compared to coal and because of this it behaves 

differently upon combustion and other safety factors must be taken into account during handling. 

Biomass is constructed of 3 main components, they are (McKendry, 2002): Lignin (~15-25 wt.%), 

Cellulose (~35-45 wt.%) and Hemicellulose (~20-30 wt.%). Lignin has been shown to be a highly 

aromatic structure with various branches leading to a prolonged degradation. Hemicellulose is a random 

and highly branched structure meaning many smaller molecules are easily removed. Conversely, 

Cellulose and are constructed of long, strong polymers with few branches producing a high thermal 

stability (Yang et al., 2007).  

Comparatively, coal varies with rank (an intrinsic property, dependent upon the temperature and 

pressure of its formation) such that, lower ranking coals (most recently formed) have high hydrogen to 

carbon and oxygen to carbon ratios and vice versa for high ranking coals (Neavel Richard, 1981). It has 

also been shown that as the rank of coal increases the aromaticity increases, while in comparison 

volatility and reactivity of the functional groups produced decreases (Tillman, 2000). This implies that
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with the knowledge of rank, any coal’s properties can be generalised for use; however, biomass is less 

simple as there can be great variation between biomass species due to the diverse proportion of Lignin, 

Cellulose and Hemicellulose, each of which can directly affect the rate of thermal decomposition 

(Gottipati and Mishra, 2011). It has also been shown that biomasses that contain higher hemicellulose 

and cellulose contents produce larger quantities of gaseous products; this is especially useful 

information for the selection of the most appropriate biomass for conversion into gaseous products. 

(Burhenne et al., 2013).

Another major influencing factor with regards to the use of biomass as a fuel is the moisture content. 

Where coals intrinsic moisture content is ~3-45 wt.% (high to low rank coals), biomass’s moisture 

content is far higher, averaging at ~55 wt.% (10-65 wt.% for differing biomasses) for fresh green 

biomass (Biomass Energy Centre and Forestry Commission, 2011) (Speight, 2005). Due to the higher 

moisture content within biomass it typically has a significantly lower calorific value than even low rank 

coals and therefore the biomass is often dried prior to use and moreover larger quantities of biomass are 

needed to produce an equivalent amount of energy (Demirbas, 2004) (Basu, 2010). However by air-

drying the biomass its calorific value can increase by ~50 %, which brings biomass more in line with 

low rank coals (Van Loo and Koppejan, 2008).

The lignocellulosic makeup has been shown to be an influencing factor with regards to the heating 

value, in that the greater the percentage of lignin present the higher the heating value is. Cellulose and 

hemicellulose have a slightly lower heating value in comparison to lignin due to the higher percentage 

of oxygen present within the structures (Demirbaş, 2005). The heating values of biomass are also 

affected further by chemical constituents within the fuel. Multiple models have been produced to 

estimate the heating value based upon the Carbon, Oxygen, Hydrogen and other elements, however 

most models suffered inaccuracies due to a small sample sizes and assumptions which are not valid for 

all types of biomass (Sheng and Azevedo, 2005) (Demirbaş, 2001).

The mineral composition of biomass is an import factor to consider if it is to be utilised fully. This is 

because the high inorganic mineral content of biomass leads to slagging and fouling, inevitably raising 

the cost of operation and maintenance due to equipment corrosion leading to shortened equipment
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lifetime, increased number of cleaning cycles and inefficient heat transfer (Teixeira et al., 2012). 

Comparing coal and biomass in terms of mineralogy, biomass tends to contain higher concentrations of 

silicon, chlorine and potassium yet lower concentrations of aluminium, iron and sulphur (Khan et al., 

2009). Potassium, chlorine and silicon contents within biomass are the leading causes for slagging (ash 

collecting and forming slag in the sections exposed to radiated heat) and fouling (formations in the 

convective heat areas) due to these components forming low-temperature eutectic melts (potassium-

silicates). Calcium within the mixtures helps to raise the fusion temperature of these slags due to the 

formation of potassium-calcium-silicates (Teixeira et al., 2012). Sulphur and chlorine are responsible 

for much of the fouling within the systems due to the formation of sulphates and chlorides, which 

become elutriated with fine particles and end up in heat exchangers and on the walls of the combustion 

chamber (Nutalapati et al., 2007).

Fluidised bed technology is currently favoured for biomass combustion due to its fuel flexibility and 

ability to operate at low-temperatures (Koppejan and van Loo, 2012). The fouling of bed fluidisation 

material can lead to bed agglomeration, reduced heat transfer, incomplete combustion and the 

possibility of complete bed defluidisation (Öhman et al., 2000) (Llorente and García, 2005) (Lundholm 

et al., 2005). It is therefore paramount that the selection of biomass fuels is done with attention to the 

mineral content to minimise this propensity of biomass to slag and foul during thermal degradation.

A further downside to biomass is that it lacks the high energy and bulk densities of coal; typically coal 

has an energy density ~5 times greater than biomass and a bulk density ~2-3 times higher too (Carbon 

Trust, 2012). This means larger storage areas are required to store the same timescales energy supply 

relative to coal (Basu, 2013).

A further factor that should be considered when prospecting biomass as a fuel source is the flexible 

nature of the feedstock and its available quantities and qualities. Not all biomass may be clean and new, 

some maybe construction or agricultural wastes. The UK government commissioned a report into the 

market of waste wood in the UK and evaluated that the majority of the waste wood that is currently 

available is contaminated; this means that the management of contaminated feedstock must be 

developed (Department for Environment Food and Rural Affairs, 2008).
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2.5. Biomass conversion technologies

To utilise biomass within an SESR process for H2 production it is important to understand the 

thermochemical conversion processes that are undertaken during biomass pyrolysis/gasification. The 

use of biomass with a CO2 sorbent enhanced process is not new (Mahishi et al., 2007), but many 

researchers utilise a separated gasification reactor compared to the carbonator/reformer such that the 

conditions of each reactor can be optimised (Florin and Harris, 2008a) (Li et al., 2017).  

The gasification of biomass requires an oxidation gas to be present, this can be air/O2/CO2 or steam. By 

utilising air the product gas is diluted by nitrogen thereby requiring further processing. Oxygen can 

positively increase the thermodynamic efficiency due to the partial oxidation of the fuel being 

exothermic. Nonetheless, using steam as the gasification agent is favoured due to the production of 

additional H2 from the reduction of the water (Kalinci et al., 2009). A recent review paper has 

extensively verified that steam is the best gasification agent for H2 production (Udomsirichakorn and 

Salam, 2014). 

The main reaction pathways of biomass gasification is shown below as Figure 2.5and can be represented 

overall as Equation 2.10 (Florin and Harris, 2008a).

Figure 2.5 – Gasification mechanism. Adapted from Florin and Harris (Florin and Harris, 2008a).

The initial pyrolysis reaction occurs within the particle as the temperature rises to ~500°C, whilst the 

tar and volatile cracking occurs beyond 600 °C and char gasification above 800 °C (Florin and Harris, 

2008a). It is in the initial pyrolysis where the devolatilisation occurs and the three main products are
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separated; namely gas, tar and char. Biomass, in comparison to coal, produces a far greater quantity of 

																										

volatiles at lower temperatures due to its molecular makeup (McKendry, 2002). Additionally, biomass 

can undergo complete gasification at much lower temperatures than coal, due to its branched structure 

with lower aromaticity making it more reactive (Tanksale et al., 2010).

Equation 2.10:

������� + ���� + ����� → �� + �� + ��� + ��� + ��� + ��� + �ℎ��

Dissecting the overall steam gasification Equation 2.10 the following reactions can be said to occur 

during the process (Widyawati et al., 2011) (Florin and Harris, 2007). The overall gasification process 

and the individual equations themselves are of course controlled by the ratio of steam to fuel and by the 

optimisation of the reaction temperature, heating rate, pressure and particle size (Sikarwar et al., 2016).

Equation 2.11 - Water-gas shift reaction:

�� + ��� ⇌ ��� + �� ∆H°���� = −41.2 kJ/mol

Equation 2.12 - Steam methane reforming:

��� + ��� → �� + 3�� ∆H°���� = +206.2 kJ/mol

Equation 2.13 - Steam reforming of tars: 

������ + (2� − �)��� → ���� + �
�

2
+ 2� − ���� ∆H°���� > 0 kJ/mol

Equation 2.14 - Water-gas reaction 1:

� + ��� → �� + �� ∆H°���� = +131.3 kJ/mol

Equation 2.15 - Water-gas reaction 2:

� + 2��� → ��� + 2�� ∆H°���� = +90.1 kJ/mol

Equation 2.16 - Boudouard reaction:

� + ��� → 2�� ∆H°���� = +172.5 kJ/mol
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Equation 2.17 - Methanation reaction:

� + 2�� → ��� ∆H°���� = −74.9 kJ/mol

		 	 			

																	

Equation 2.18 - Thermal cracking of chars/tars: 

���� → �������� +�� + ��� + � ∆H°���� > 0 kJ/mol

�ℎ��� �������� ���������� ��� �������� ���ℎ��� �ℎ�� ����

It can be seen that a large number of complex and interlinked reactions have to occur to produce H2

from the gasification of biomass. It is therefore necessary to optimise the reaction conditions so that the 

yield and purity of H2 can be maximised. By simply optimising the operating conditions of steam 

gasification of biomass, the yields of H2 generally peak around 40 – 50 vol.% (Florin and Harris, 2007) 

(Ni et al., 2006). This purity is simply not high enough for the commercial use of H2, thus shift reactors 

and pressure swing absorbers can be applied to increase the purity as they are in SMR but at a cost of 

additional reactors (Florin and Harris, 2008a). It is for these reasons that SESR comes into its own, 

whereby the multiple reactions take place within only one reactor and there is the further possibility 

that the biomass steam gasification process could also be conducted within this one reactor as well, 

simplifying the process further. 
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2.6. Reactor Design and Operation

There are many different types of reactors that could be utilised for biomass steam gasification and 

SESR and this section will explain their differences, advantages and disadvantages, and how possible 

they are for operation within a SESR process.

2.6.1. Fixed beds 

Fixed bed gasification units predominantly utilise either a down-draft (fuel and gas enters from the top) 

or an up-draft (fuel enters from the top and gas enters counter-currently from the bottom) operating set-

up, although down-draft gasifiers are limited to low moisture content biomasses. Down-draft operation 

provides volatiles a greater reaction time with the oxidation gas; the volatiles are also released at a 

higher temperature and therefore have a smaller molecular weight compared to the up-draft released 

molecules that typically contain a higher unfavourable tar content (Paisley, 2000) (Sikarwar et al., 

2016). A scrubbing bed is often required after gasification to enhance the qualities of the syngas, mostly 

to decrease the tar content (Corella et al., 1999).

For the application of SESR, fixed beds are generally limited to sorbent enhanced steam methane 

reforming (SE-SMR) where methane instead of biomass is utilised as the feedstock (Florin et al., 2015). 

Although the use of liquids such as waste cooking oil as a fuel feedstock for SESR has also been 

investigated (Pimenidou et al., 2010). Cycling of the bed material (sorbent and catalyst) could be 

performed within the one bed, by altering the operating conditions to switch between carbonation and 

calcination although the biggest issue with this is stable production and the operation of high-

temperature valves, typically the operation is limited to small scale batch production (Harrison, 2008). 

Therefore two parallel fixed bed reactors are typically suggested (S G Adiya et al., 2017). Due to the 

bed material remaining within the same bed the attrition rates are lower (Corella et al., 1999). 
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2.6.2. Fluidised beds

Fluidised beds can be separated into two main types: bubbling fluidised beds (BFB) and circulating 

fluidised beds (CFB). The bed material within a BFB remains within one reactor vessel and has a 

support/gas distribution plate beneath the material to prevent the material from dropping below the gas 

injection points. CFBs operate at a faster fluidisation rate compared to BFBs and as such the particles 

gradually become entrained and flow out of one reactor and into another. The use of two interconnected 

CFBs is generally proposed for large scale CaL systems (Blamey et al., 2010).

As a bed formed of particles resting on the gas distributer plate is subjected to an increasing gas velocity 

from below, the bed material begins to experience an upward force. As this gas velocity is increased 

further the bed material begins to surpasses a critical point called the ‘minimum fluidisation velocity’ 

(Umf) thereby forming a BFB. Increasing the flow rate further forms a CFB and further again forming 

an entrained flow reactor. Often an inert bed material such as sand is added to the bed to increase the 

gas mixing and even out the heat distribution (Paisley, 2000) (Higman and van der Burgt, 2008) 

(Johnsen et al., 2006b). 

BFBs have been well utilised for steam gasification and even sorption enhanced steam gasification of 

biomass previously as they are simple and cost effective to operate (Han et al., 2011). The produced 

gases also have a long residence time within the bed such that the tar and unreacted carbon contents are 

low (Alauddin et al., 2010) (Rapagnà et al., 2000). CFBs have also been utilised for steam gasification 

of biomass, but are a relatively newer technology for the application (Li et al., 2004) (Ahrenfeldt et al., 

2013).  

The use of two BFBs operating in parallel but in anti-phase with each other’s cycle has been modelled 

for SESR but not yet tested (Kinoshita and Turn, 2003). This system would work like so: biomass is 

added to one reactor to undergo SESR whilst the other reactor undergoes calcination and burn-off. After 

the reactions have completed, fuel and gas lines along with the operating conditions of the beds are 

switched and thus continuous operation is achieved. Due to the sorbent and catalyst particles remaining
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within one bed only, there is a reduced attrition rate on the CaO and thus a lower replenishment rate

(Florin and Harris, 2008a).

In terms of SESR the use of interconnected CFBs has the advantage that it can deliver the hot bed 

material from the calciner to the carbonator/reformer thereby minimising heat demand, however a 

balance between the cycling delivery of hot CaO and the CO2 capture efficiency must be made to ensure 

continual and effective operation. 

2.6.3. Spouting beds

Spouting beds differ from fluidised beds by one main factor, the lack of a gas distribution plate. This 

means the full weight of the bed material must be supported or semi-entrained by the movement of the 

gas. Because of this, they are typically restricted to small bench-scale systems with the laboratory that 

require continuous solids feeding.

Spouting beds often have a conical shaped base with a cylindrical section above this; however it is 

possible to produce spouting beds that are only cylindrical or only conical. The angle of the gas inlet to 

wall radius determines the amount of un-fluidised particles otherwise referred to as dead spaces. It is 

ideal to minimise dead spaces and maximise the dispersed flow into the annular region surrounding the 

central spout. The central spouting fluid allows particles to be picked up and entrained into the fluid 

from the bottom, carried up to the top of the bed and produce a fountain of particles falling back onto 

the top of the bed where they progress back down to the bottom of the bed through the dense phase 

annular region (Epstein and Grace, 2011). 

A recommended cone angle of the conical section is between 28° and 60°, as <28° leads to instability 

of the bed and >60° can prevent solids from circulating efficiently. There are some common 

characteristic relationships of spouted beds to ensure stable operation; such as the ratio of inlet diameter 

to particle diameter which should be less than 25 (Di/dp ≤ 25) and that the ratio of inlet diameter to 

cylinder diameter should be less than the minimum fluidisation voidage to the power of the Richardson-

Zaki index n divided by 2(Di/D ≤ εmf
n/2) (Epstein and Grace, 2011).
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Whilst spouting beds as of yet haven’t been utilised for SESR they have been operating as pyrolysis 

units for woody biomass owing to their ability of being able to continually process irregular, fine 

particles with a wide size distribution (Amutio et al., 2012) (Olazar et al., 2000). 

2.6.4. Entrained flow reactors

Entrained flow reactors (EFR) are effectively very fast fluidising CFBs which utilise a small particle 

size such that attrition of particles is no longer a problem. EFRs come in two main types top-fed and 

side-fed. Top-fed EFRs feed the biomass in from the top whilst the burner sits at the bottom meaning 

the produced gas can exit from the side and the ash can fall to the bottom. Side-fed EFRs, as the name 

suggests, feed the biomass and gasification agents in at the sides and then gas flows up and ash falls 

down. The use of entrained flow reactors can be difficult to operate with the irregularity of a typical 

biomass particle morphology (Sikarwar et al., 2016). 

One company has recently developed several new EFR designs including, the ‘Calix Flash Calciner’ 

and the ‘ENDEX’ reactor which they are aiming to apply to the cement industry in a way that utilises 

the basic principles of CaL (Sceats, 2017) (Sceats and Horley, 2014) (Vincent et al., 2016).

There are other advanced processes for the gasification of biomass such as, plasma gasification, 

supercritical water gasification, gasification for co/poly-generation and integration with pyrolysis plants 

however they have not been discussed here as a lengthy review paper was published detailing the 

advantages, disadvantages and developments in these areas (Sikarwar et al., 2016).

All of these reactors require careful, consistent and safe operation to achieve a high H2 purity and yield, 

but whichever design/reactor type is utilised, the operating conditions probably affect the end product 

more.
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2.7. Operating Conditions

2.7.1. Effect of temperature and pressure

SESR requires CO2 to be removed from the system as it is produced, which in turn requires the 

balancing of Equation 2.1 with all the other chemical reactions (Equation 2.10 to Equation 2.18) that 

are taking place within the gasifier/reformer/carbonator, each of which, are dependent upon and favour 

different temperatures and pressures.

Figure 2.6a and b – Product gas composition of SMR and SE-SMR with respect to temperature at 15 

bar. Input (a - left): 1 mole CH4, 1 mole CO, and 2 moles H2O. Input (b - right): 1 mole CaO, 1 mole 

CH4, 1 mole CO, and 2 moles H2O (McBride et al., 2004) (Dean et al., 2011a).

By observing Figure 2.6a and b it is possible to see benefit of CaO addition on the product gas 

composition of SMR at thermodynamic equilibrium conditions across a range of potential operating 

conditions. It can also be seen that the addition of CaO (Figure 2.6b) dramatically increases the H2

purity at all temperatures below 700 °C, thereby demonstrating that it is possible to operate at lower 

temperatures than traditional SMR (Mahishi and Goswami, 2007) (Comas et al., 2004). 
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Figure 2.6a shows that above ~650 °C, the endothermic reactions are favoured, thereby allowing the 

reforming reactions to dominate. This can be confirmed by the rising H2 and CO concentrations, yet 

falling CO2 and CH4 concentrations. Whilst at the lower temperature range (<650 °C) the exothermic 

reactions are favoured, meaning the water-gas shift reaction dominates as revealed by the high CO2 and 

CH4 concentrations.

Figure 2.6b shows that the carbonation of the CaO is driving the reactions reforming and water-gas shift 

reactions and consequently the yield of H2 was significantly higher in the lower temperature range. 

Beyond 700 °C, the CaCO3 began to calcine and release CO2. This resulted in a much lower driving 

force for the reforming and water-gas shift reactions hence the drop off in H2 production. 

It should be noted that whilst the steam reforming reactions (Equation 2.12 and Equation 2.13) are 

endothermic, the incorporation of the exothermic gas-solid carbonation reaction (Equation 2.1) and the 

mildly exothermic water –gas shift reaction (Equation 2.11), can provide a significant proportion of the 

heat required for the reforming. Any excess heat could also be utilised to drive a steam cycle (Martínez 

et al., 2013b).

Figure 2.7 – Equilibrium vapour pressure of CO2 reacting with CaO across a range of operating

temperature (McBride et al., 2004) (Dean et al., 2011a). 
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Utilising Figure 2.7 it is possible to set out a range of possible operating scenarios such that carbonation 

is favoured over calcination which in turn drives the other SESR reactions. This figure also highlights 

the increase in temperature required to begin calcination of the carbonated sorbent when under the high 

partial pressures of CO2 expected (at 80 - 100 vol.% CO2, more than ~900 °C is required) (Florin and 

Harris, 2008a). 

A range of views have been expressed with regards to whether a higher pressure aids the production of 

H2 or not. Hanaoka et al and Lopez Ortiz et al, showed that operating the carbonator/reformer at a raised 

pressure (between ~6 - 15 bar) improved the concentration of H2 produced, however many other 

researchers – Martinez et al, Mahishi and Goswami, Comas et al, Wang et al and Florin and Harris – 

have showed that counter to this argument, an optimal H2 production is achieved at atmospheric 

pressure (Lopez Ortiz and Harrison, 2001) (Hanaoka et al., 2005) (Martínez et al., 2013a) (Mahishi and 

Goswami, 2007) (Comas et al., 2004) (Wang et al., 2011) (Florin and Harris, 2007). Some of the 

differences in results may be due to the use of different fuel feedstocks, i.e. methane, representative 

model biomass compounds or biomass itself. But it is more likely that the differences are due to the 

modelled assumptions, reactor type/design, operational accuracy and the whether or not a catalyst was 

applied. Due to the quantity of recent research that has suggested atmospheric operation is optimal it is 

likely to be correct, but this will be assessed as pressure may influence the kinetics more than the 

thermodynamics.  

2.7.2. Effect of steam to biomass ratio 

It has been shown that as the value of the steam to biomass ratio (S:B) rises, the conversion of the fuel 

increases (Equation 2.12 and Equation 2.13) and the amount of deposited carbon decreases (Equation 

2.14 and Equation 2.15). The increase in conversion is because of an increased rate of steam reforming 

and there being minimal limitation on the rate by steam quantity and the decrease in the coke formation 

is because of an increased rate of char steam gasification otherwise known as the water-gas reactions. 

An increase in S:B ratio is generally considered positive for the majority of gasification and reforming
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reactions which take place however excessive S:B ratios could lead to an increased energy penalty and 

if high enough could lower the partial pressure of CO2 such that the driving force for carbonation is 

	

	 	

diminished (Martínez et al., 2013a) (García-Lario et al., 2015b). There is also a possible side effect of 

having an excess quantity of H2O in the reactor as it will inevitably exit with the H2 thus diluting the 

		

purity and adding a potential extra purification step (Udomsirichakorn and Salam, 2014).

Equation 2.19 shows the formula for calculating the S:B ratio (in terms of mass flow rate) when it is

necessary to take account of the inherent moisture within the biomass (Kalinci et al., 2009). 

Equation 2.19 - Steam to biomass ratio formula:

�/� =
�̇����� + (�̇��� ������� × �������.% �� �������)

�̇��� �������(1 − �������.% �� �������)

The use of biomass is often swapped for model compounds of biomass/tars (Gil et al., 2015) (Gil et al., 

2016) (Esteban-Díez et al., 2016) (Gil et al., 2015) (Zamboni et al., 2014) (Fu et al., 2013) (D'Orazio et 

al., 2013), glycerol (a side product of bio-diesel production) (Garcia et al., 2000) (Dou et al., 2009) 

(Dou et al., 2013) (Wang et al., 2015) (Dang et al., 2016) or methane (Reijers et al., 2006) (Broda et al., 

2013) (Radfarnia and Iliuta, 2014) (Dou et al., 2016) within the available literature Due to this, not all 

literature uses steam to biomass ratios and instead utilises steam to carbon ratios or steam to methane 

ratios. 

It has been shown that the optimal S:B ratio depends upon the proportional content of cellulose, lignin 

and hemicellulose of the biomass and the individual elemental (C/H/O) breakdown (Widyawati et al., 

2011). This leads to the prospect of possibly predicting the optimal S:B ratio simply by investigating 

the proportions of cellulose, lignin and hemicellulose within the biomass. Nevertheless, the effect of 

steam addition is clear; it dramatically improves H2 purity, H2 yield, CH4 conversion, CO2 capture rates 

(which can be observed in Figure 2.8) and decreases coke formation by favouring the forwards reactions 

of Equation 2.11 to Equation 2.17 (Yang et al., 2011) (Antzara et al., 2015) (Yan et al., 2010) (Rapagnà 

et al., 2000).
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Figure 2.8 – CH4 conversion (a), H2 yield (b), H2 purity (c) and CO2 capture efficiency (d) as a function 

of S:C ratio for SE-SMR and SE-CL-SMR (Temperature = 650 °C, Pressure = 1 atm, CaO:C ratio = 1, 

NiO:CaO ratio = 0.5) (Antzara et al., 2015). 

2.7.3. Effect of sorbent to biomass and sorbent to catalyst ratios 

Some work has been undertaken with respect to assessing the impact of altering the sorbent to biomass 

ratio, often denoted as calcium to carbon ratio Ca:C. Hanaoka et al did show that a maximum H2 yield 

was obtained at a CaO:C ratio of 2 (Hanaoka et al., 2005). It has been (Wang et al., 2014b)shown that 

the addition of CaO sorbent beyond a ratio of 1 (for when coal was utilised as the fuel feedstock) shows 

little improvement in terms of gas yield, evidenced by Figure 2.9Figure 2.9 – Effect of CaO:C on 

product gas composition (Experimental conditions: 750 °C, 4 bar, H2O:C = 2 and a coal feeding rate: 9 

g/min) (Wang et al., 2014b)..  
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Figure 2.9 – Effect of CaO:C on product gas composition (Experimental conditions: 750 °C, 4 bar,

H2O:C = 2 and a coal feeding rate: 9 g/min) (Wang et al., 2014b).

It has been further shown that by further increasing the ratio of sorbent to biomass the gas conversion 

was increased due to an increased amount of contact between the tars and the CaO (Li and Suzuki, 

2009) (Hanaoka et al., 2005). Biomass in particular produces high levels of tars when thermally 

processed due to its high reactivity at lower temperatures and its higher hydrogen to carbon ratio 

compared to coal. Tars can cause operational problems and increase the required maintenance and down 

time of the system. High tar content in the hydrogen rich product gas stream can reduce the usability of 

that gas. Tars are regarded as condensable organic fractions consisting mostly of aromatic molecules, 

although it should be noted that not all the tars formed are condensable (Milne et al., 1998). 

There is a tar class grading system, running from 1-5 (Li and Suzuki, 2009): 1 being the very large 

hydrocarbons that are actually undetectable by Gas Chromatography (GC), 2 being heterocyclic 

aromatics such as pyridine and phenol, 3-5 are all aromatic molecules but have an increasing number 

of rings with 3 having just 1 ring and 5 having 4-7 rings. This system can be essentially reduced to light 

and heavy tars, where lighter tars have lower aromaticity and more aliphatic and heavy tars are the 

opposite. Heavier tars are more difficult to breakdown and tend to form coke when they do, especially
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in low steam to carbon ratio environments. Heavy tars will typically have a lower volatility, higher 

viscosity, higher boiling points and more phenolic groups. Varying the operating conditions (heating 

rate, temperature, oxidising gas content, particle surface area, degree of mixing and residence time) 

alters the characteristic tar class achieved (Narváez et al., 1996). It is of course favourable to encourage 

the formation of lighter tars over heavier tars due to their ease of being decomposed during steam 

reforming.  

This shows that CaO has some ability to catalytically crack the tars, which was investigated further by 

Udomsirichakorn et al (Udomsirichakorn et al., 2013); they showed that the tar content decreased with 

temperature and the tars that are present after the gasification with CaO were less aromatic. 

It has been discussed that the reason for CaO possessing catalytic ability to crack/degrade tar species is 

because of O2- ions which form active sites on the CaO; these ions have very diffusive electron clouds 

and can interact with nearby tar molecules by interrupting the stability of the π-electron clouds, which 

weakens the aromatic rings and leads to ring splitting (Udomsirichakorn et al., 2013) (Tingyu et al., 

2000) (Yongbin et al., 2004).

Some thermodynamic modelling by Florin and Harris, conducted into the variance of sorbent to biomass 

ratios; it was found that a peak of CO2 removal and subsequent H2 production purity was observed at a 

ratio of 0.9 (S:B). It was predicted that any further increase to the ratio would not lead to an decreased 

CO2 concentration, nor would it aid the production of H2 (Florin and Harris, 2007). In saying this, it 

seems only high-temperatures and only a small range of sorbent to biomass ratios were actually 

considered and wider trends may exist, especially with the addition of a catalyst. Sorbents with a 

proportion content of Mg within their structure have also been shown to be effective at tar elimination 

that those without Mg content, indicating that the addition or use of dolomites may be beneficial for 

biomass gasification (Di Felice et al., 2010) (Myrén et al., 2002) (Delgado et al., 1997).

Sorbent to catalyst ratios were suggested to be independent of one and other and produce negligible 

effect upon the H2 purity or methane conversion (Xie et al., 2012b). However contrary to this, Arstad 

et al displayed a better analysis of the effect of changing the sorbent to catalyst ratios and showed that



54

a lower percentage of catalyst in comparison to sorbent (20:80 was used) produced inferior results when 

compared to an equal ratio (50:50). Under the equal ratio scenario the results showed methane 

conversion close to equilibrium, a very high (97-98%) H2 yield and a stable gas production during the 

8 hours of cycling between the dual fluidised beds (Arstad et al., 2012). It was however noted that no 

attempt was made to maintain the amount of sorbent present, which implies that an excess quantity of 

sorbent may be necessary to ensure the CO2 is sufficiently captured and the CO2 impurity to the H2

stream is minimised. 

2.7.4. Effect of particle size

Particle size will directly impact on the minimum fluidisation velocity and the gas-solid contact 

efficiency; it is therefore an import parameter to study when considering the rate and extent of reactions. 

Xie et al (Xie et al., 2012b) investigated the sorption-enhancement of SMR with a Ni based catalyst and 

CaO within a Ca-based support structure and found that larger particles lowered the conversion of 

Methane in comparison to smaller particles, which is not surprising as smaller particles generally 

possess a higher effectiveness factor and lower the internal diffusion limitations within the particle 

(Fogler, 2006).

Based on the information described within this section and an extensive thermodynamic model the 

optimal conditions for SESR can be found to lie in the range of values displayed in Table 2.1 (Antzara 

et al., 2015).
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Table 2.1 - Optimal operation condition ranges for SESR of biomass based on the evidence in this

section and the thermodynamic modelling by Antzara et al. (Antzara et al., 2015).

Reforming cycle 

Carbonation/reforming reactor

Regeneration cycle

Calcination/oxidation reactor

Temperature: 550 – 650 °C Temperature: 850 – 900 °C

Pressure: 1 – 4 atm Pressure near atmospheric

Steam/carbon ratio: 2 - 3 Type of oxidant: Oxygen

CaO/carbon ratio: 0.8 – 1

NiO/CaO ratio: 0.2 – 0.7
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2.8. Reaction Profile

The SESR reaction between CaO and methane (methane is utilised as an example here for simplicity, 

but the same pathway is followed for all hydrocarbon based fuels) can be broken down into four 

predominant sections, as can be observed in Figure 2.10:

1. Start-up – Characterised by a sharp rise in H2 and a sharp fall in the CH4 as the reforming 

reactions begin to take place. CO and CO2 do decrease, but from lower levels so the change is 

less noticeable.

2. Pre-breakthrough – The SESR equilibrium is reached, displaying the peak yields of H2 and 

total gas production and very low levels of CO and CO2. Some CH4 does remain at the 

equilibrium position due to incomplete reactions or gas bypass. 

3. Breakthrough – Once all readily available (external surface area) CaO has been converted to 

CaCO3, the H2 concentration begins to decrease and all other gas components begin to increase. 

It is a gradual change as some internal CaO still reacts with CO2 but at a slower rate due to 

product layer diffusion. 

4. Post-breakthrough – This is the final equilibrium stage and represents the equilibrium achieved 

by conventional SMR as if no sorbent were present. This is due to the sorbents carrying capacity 

being fully utilised.
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Figure 2.10 – Typical reaction profile of SESR of methane (Barelli et al., 2008).

The reason for the H2 mole percent reaching its equilibrium at ~24 mol.% was because the feed gas was 

diluted with N2. It can be noted that these differing periods are caused by the varying carbonation rates 

caused by the structure of the sorbent. As the sorbent becomes more saturated with CO2, the total 

available reactive surface area goes down. It can be seen from Figure 2.10 that the initial increase in H2

production during the start-up phase was much more rapid than the following decline in the 

breakthrough period. Thus showing that initially, there is a fast reaction rate where CO2 is readily 

adsorbed onto the surface of the sorbent, after this the sorbent relies upon the slow diffusion of CO2

into the pores through the carbonate product layer (Barelli et al., 2008).

The initial chemisorption reaction onto the outer surface of the CaO sorbent forms a thick and compact 

layer of CaCO3. This thick layer impinges upon the diffusion rate limiting reaction through this product 

layer, which is the cause for the slower rate of carbonation. The carbonation reaction ceases to occur 

when the pores are blocked sufficiently so that the CO2 cannot overcome the strong intra-particle 

limitation of the CaCO3 (Abanades and Alvarez, 2003). 
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The shrinking core model is commonly utilised to describe the rate of carbonation of CaO through the 

product layer and it is simple and assumes a thin reaction wave that gradually progresses to within the 

particle, acting evenly from all sides (Li et al., 2016b) (Barelli et al., 2008) (Živković et al., 2016). An 

alternative model suggested is the unreacted core model which is similar to the shrinking core model 

but an unreacted core gradually increases with time. This model displays particular likeness to 

experimental observations as shown by Lysikov et al (Lysikov et al., 2007). They demonstrated that 

with consecutive CaO ↔ CaCO3 cycling, unreacted CaO eventually ends up trapped within a matrix of 

CaCO3, a graphic of the process by Lysikov et al is displayed in Figure 2.11. Calcium carbonate has a 

higher molecular weight and is therefore has a large molecular diameter, additionally to this, CaCO3 is 

actually less dense than CaO meaning it has the ability to expand and block the pore entrances to the 

unreacted CaO (Blamey et al., 2015b). This process is accelerated by a process called sintering, which 

is discussed later. 

Figure 2.11 – A graphical representation of repeated CaO ↔ CaCO3 cycling showing likeness to the

unreacted core model for particle reaction kinetics (Lysikov et al., 2007). 
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2.9. Sorbent Selection

The sorbent within the SESR process is an essential part of the equation as it provides the main driving 

force for the production of high purity hydrogen. The appropriate method of selecting a sorbent was 

discussed by (Dou et al., 2013); they argued that a sorbent should have the following properties:

• A high long-term reactivity and sufficiently sized CO2 carrying capacity for steam reforming – 

it is preferable for the reactivity to be at its greatest at lower temperatures 

• The decomposition/calcination should occur in temperature range higher than that of the 

carbonation temperature range 

• The particles should be resistant to attritional degradation and sintering 

• The rate of CO2 chemisorption should be sufficiently fast 

• The sorbent shouldn’t lose a large percentage of its initial carrying capacity during the cycling 

process 

• The sorbent shouldn’t have an unreasonable expense 

• The spent sorbent should have properties that allow it to be useful in another market application

The sorbent predominantly utilised within the literature is CaO or CaO based sorbents, however it 

should be noted that other novel synthetic sorbents are also being investigated for CaL which may also 

have applications within SESR; these include low-temperature sorbents such as: Na2ZrO3, Li2ZrO3 and 

Li4SiO4 (Li2ZrO3 has received most of the literature attention) (Collins-Martinez et al., 2013) (Nair et 

al., 2004) (Ida and Lin, 2003) (Xiao et al., 2011) (Iwan et al., 2009) (Halabi et al., 2012) (Fauth et al., 

2005), medium temperature sorbents such as: Hydrotalcites (additionally K-promoted variants) (Halabi 

et al., 2012) (Broda et al., 2013) (Wu et al., 2012) and natural or synthetic blends of Ca and Mg 

carbonates (Dolomite / Huntite) (Fermoso et al., 2012) (Lopez Ortiz and Harrison, 2001). 

The reasoning for focusing upon CaO based sorbents is that they meet most of the above requirements 

(Dean et al., 2011a) (Florin and Harris, 2008a) (Dean et al., 2013). They can be obtained from readily 

available, cheap and environmentally benign sources such as limestone. The spent sorbent can be
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potentially utilised within the cement industry as a precursor material (possibly not if it has been used 

for SESR due to contamination with Ni). It has a suitable calcination-carbonation temperature range 

and is sufficiently active with regards to the reaction rates. Most importantly though, CaO has an 

initially large carrying capacity (orders of magnitude higher than other synthetic or hydrotalcite 

sorbents) which if were maintained during cycling would bring the technology to market rapidly 

(Manovic and Anthony, 2009a).

Synthetic CaO based sorbents do possess some of the properties above, such as low regeneration 

temperature and long lasting carrying capacity over multiple cycles. However the initial carrying 

capacity is much lower than natural limestones and the shear cost of the manufacturing the sorbents is 

likely to be their biggest downfall. Abanades et al (Abanades et al., 2004) stated that for Li based 

sorbents to be economically competitive they must be capable of undergoing tens of thousands of cycles 

without degradation, which seems unlikely.  

2.9.1. Carrying capacity and deactivation 

CaO based sorbents are widely known for use in the calcium looping process and it may be possible to 

take the experience gained from that process and apply it to SESR. One of the biggest problems 

associated with the calcium looping process is the sorbents loss of carrying capacity during cycling 

(Fennell et al., 2007) (Sun et al., 2008c). In a purely theoretical context, 1 mole of CO2 would react with 

1 mole of CaO to form 1 mole of CaCO3; however this is difficult to achieve due to a number of reasons 

such as some parts of the particle being inaccessible to gas absorption through the carbonate product 

layer and the materials reactivity loss by the following mechanisms. The decline in the sorbents carrying 

capacity from its initially high level can be observed in Figure 2.12. What should be additionally noted 

from Figure 2.12 is that there is a fast and slow stage to the carbonation of the sorbent. This is because 

initially the CO2 reacts with the outer surface region of the particles and is controlled by the kinetics of 

the reaction, after this a slower solid state diffusion reaction occurs through the outer carbonate product 

surface structure (Abanades and Alvarez, 2003).
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Figure 2.12 – A visulasation of the decrease in carrying capacity with increasing number of cycles of a 

CaO sorbent, additionally showing the fast and slow carbonation phases (Dean et al., 2011a). The x-

axis on this figure is believed to actually be minutes, not seconds. 

The loss of carrying capacity is caused by sintering, sulphation and ash fouling of the particles. A 

popular equation to describe the loss in reactivity with cycling is the Grasa equation, Equation 2.20 

(Grasa and Abanades, 2006). 

Equation 2.20 – Grasa equation (Grasa and Abanades, 2006):

�� = �
1

1 (1 − ��)⁄
+ ��� + ��

Where a
N
 is the maximum carbonation conversion of the sorbent in cycle N, a

∞
is the residual conversion 

of the sorbent after a large number of cycles, and k is a decay rate constant. This model was developed 

to characterise the initially fast drop off in carrying capacity followed by a levelling off of the carrying 

capacity after many multiple cycles.

The attrition of the sorbent particles is can be a leading cause for drop off from the initial activity and 

occurs by particles ‘bumping into each other’ within the fluidised bed and knocking off smaller 

fragments of the particles. This is because fines are broken off from the main particle and eluted with 

the exiting gases thus loosing available capturing material. It has been proven that most of the attritional
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loss occurs during the first calcination; after this however the proportion of the particle that does remain 

has the strongest structure and thus the attritional degradation of the particles tapers off (Jia et al., 2007) 

(González et al., 2010). Further cycling inevitably leads to sintering and a progression of the sulphating 

reactions which further strengthens the bonding of the remaining particles (Chu and Hwang, 2002). The 

study by Chu et al. also showed that a smaller particle size of a calcium sorbent had a higher attrition 

rate which can be explained by considering the total exposed surface area of the particle, which is higher 

for smaller particles. When natural limestone sorbent precursors are utilised the scale of the attritional 

loss is largely dependent upon the type of limestone (Arias et al., 2013). Chen et al. (Chen et al., 2013) 

showed that the degree of the attrition can be decreased by cementing the sorbent into an alumina 

support, they added starch to act as a pore forming agent so that the high CO2 capture capacity wasn’t 

adversely affected by any pore blocking. Chen et al. have further developed this method by isolating an 

optimal ratio of alumina to limestone and proposed that the addition of the alumina increased the 

sintering temperature due to its inherently higher melting point (Chen et al., 2012b). Additionally they 

remark that the a high-temperature of calcination followed by high gas velocity and longer length of 

calcination time are the main influencing factors for attrition, which is in accordance with other 

researchers (Harrison, 2008) (Grasa et al., 2008) (Montagnaro et al., 2010). It has been shown that a 

mild attrition can remove the unreactive blocking outer product layer of CaCO3, thereby exposing fresh 

surface area ready for carbonation (Chen et al., 2012b). This implies a weigh off between loosing 

sorbent mass (which potentially could be calcined making it useful for further cycles) and reducing the 

carrying capacity drop off during that specific cycle. An alternative is to operate a entrained flow reactor 

with very small, dust like particles such that attrition can be disregarded (Sceats and Horley, 2014). 

Sintering of sorbents is the main cause for the drop off in long-term carrying capacity. It is understood 

that main mechanism of sorbent sintering is the solid state ionic movement of Ca2+ and CO3
2- ions within 

the lattice caused by lattice defects (H. Borgwardt, 1989). This sintering leads to changes in the pores 

shape and structure through grain growth and pore collapse and occurs at elevated temperatures, above 

the Tammann temperature (half the melting point, the temperature above which atoms have sufficient 

energy for bulk movement within the lattice structure) (Baerns, 2013) (H. Borgwardt, 1989). This
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eventually leads to a drop off in reactive surface area and therefore a drop-off in reactivity, which is 

only made worse by increasing the partial pressure of CO2 and/or steam during the calcination process 

(Borgwardt, 1989b). This was also shown to applicable for synthetic sorbents as well as natural sorbents 

(Clough et al., 2016). The sintering process leads to a reduction in average pore diameter such that it 

becomes rate limiting and is caused by the intrinsically larger molar volume of CaCO3 than CaO 

(Barker, 1973b) (Green and Perry, 2007) (Grasa and Abanades, 2006).

A side effect of utilising limestone based sorbents is that they also react with SO2 to form calcium 

sulphate which can be present in the gases produced by the reforming and gasification of biomass 

(Manovic et al., 2010). The formation of CaSO4 can be detrimental to the CO2 carrying capacity of CaO 

due to the active sites being utilised and due to the fact that under normal CaL operating conditions the 

CaSO4 will not be decomposed (due to a temperature of >1300 °C being required) (Coppola et al., 2012) 

(Luo et al., 2014). Within the carbonator/reformer reactor of the SESR process (where the majority of 

the sulphur containing products will be formed due to the fuel being gasified) the reducing conditions 

will likely favour the production of CaS rather than CaSO4 but it will likely be converted within the 

calciner to CaSO4 (Hansen et al., 1993). Sulphation is certainly bad in terms of CO2 carrying capacity, 

but it is possible that the sulphation process is useful as it strips the sulphur from the gas stream thereby 

purifying the H2 slightly more and reducing further processing steps; and if the sorbent has a high 

purge/make up rate then sulphation maybe considered beneficial.  

2.9.2. Pre-activation and reactivation 

To counter the sorbents carrying capacity degradation some researchers have developed methods to 

overcome or prevent it from occurring. One method of reactivating calcium based sorbents that has 

been proved to enhance the sorbents long term carrying capacity is by steam hydration during the CaL 

cycling (Manovic and Anthony, 2007) (Blamey et al., 2011). Hydration is where the calcined sorbent 

is cooled to ~250-450 °C and subjected to high partial pressures of steam or liquid water, in doing so 

the CaO converts to Ca(OH)2 which is more reactive towards CO2 and leads to a higher conversion.
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The benefit of steam hydration can be observed with reference to Figure 2.13, showing the addition of 

steam after 13 cycles (Blamey et al., 2015a). The subsequent carbonation can be undertaken via two 

methods, direct carbonation where the hydrated sorbent is sent directly to the carbonator, and indirect 

carbonation where the sorbent is first calcined before being moved to the carbonator; direct carbonation 

was found to be better due to the a higher resultant carrying capacity (Blamey et al., 2015a). 

Figure 2.13 – Carrying capacity as a function of cycle number for hydration temperatures of (a) 473 K 

and (b) 673 K with calcination temperature varied before hydration (1123, 1173 and 1223 K) using 

indirect (I) and direct (D) carbonation as reactivation strategies – also shown are fits of Eq. (1) to data 

obtained for calcination temperatures of 1123 and 1222 K before hydration (Blamey et al., 2015a).

The length of time that hydration takes place for should be minimised as much as reasonably possible 

as it has been discovered that long hydration periods can lead to ‘cramming’ which is a consequence of 

chemical sintering (Coppola et al., 2014a). However this research was conducted using liquid phase 

water as opposed to vapour phase water and therefore there may be other factors at play. It would be 

more suitable to utilise vapour phase steam for hydration as it would remove the need to cool and reheat 

the particles between carbonation and calcination reactors. Liquid phase and vapour phase hydration 

was examined and found that vapour phase hydration was most effective at maintaining the carrying 

capacity (Kuramoto et al., 2003).
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In other work by Donat et al (Donat et al., 2011) has concluded that it is beneficial to have steam present 

during the calcination and carbonation cycles. Steam within the calcination reaction intentionally sinters 

the particles in a controlled manner to alter the surface characteristics and increase larger pore volumes, 

seemingly making a stronger structure. They state that the addition of steam within the carbonation 

reaction leads to a reduction in the diffusion resistance through the product carbonate layer. 

A relatively simple method which is being investigated pre-activate the sorbent is a method called 

thermal activation, which works by subjecting the sorbent to high-temperatures for a prolonged period 

of time prior to use. This high-temperature process influences the pore skeleton structure such that the 

sorbent is positively sintered to provide an attrition resistance sorbent that has a particle morphology 

suitable for capturing CO2 (Manovic et al., 2008) (Jia et al., 2007) (Manovic and Anthony, 2008b). It 

has been shown that the beneficial pore structure can develop during high-temperature cycling, which 

is called self-activation (Stendardo et al., 2013). However the final carrying capacity of either method 

of thermal treatment has been shown to result is a carrying capacity little better than non-thermally 

treated sorbents (Blamey et al., 2015b).

Another simple method of increasing the long term carrying capacity of natural sorbents is by the 

addition of minor constituents, often salts, within the sorbent’s matrix. This is commonly referred to as 

doping. A reason for this technique being investigated is that is a relatively cheap route to increasing 

the longevity of the sorbents carrying capacity. Work by Gonzalez et al (González et al., 2011) 

compared KCl and K2CO3 doped sorbents within a TGA and a fluidised bed reactor and noticed that 

KCl doped sorbents had a lower initial carrying capacity, however this carrying capacity was prolonged 

and less degraded with cycling. Other dopants have also been tested, to varying degrees of success: 

Na2CO3 and NaCl (Salvador et al., 2003) (Abanades and Alvarez, 2003), Cs (Reddy and Smirniotis, 

2004), Al2O3 (Sun et al., 2008b), Li2CO3 (Florin and Harris, 2008c), MgCl2, CaCl2, Mg(NO3)2, and the 

Grignard reagent isopropyl-magnesium chloride (Al-Jeboori et al., 2012), CaBr2 (Manovic et al., 2013). 

An explanation of how the dopants work and therefore can be optimised was given by Al-Jeboori et al 

(Al-Jeboori et al., 2012). It was stated that addition of dopants increases the volume of 100nm diameter 

pores and significantly alters the pore size distribution in order to favour the diffusion of CO2 into pores.
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Their work also showed there is a maximum limit to the benefit gained; thereby showing a further 

increase in dopant quantity does not necessarily lead to a higher concentration of dopant ions within the 

structure or carrying capacity. The application of steam and doping has been shown to be synergetic in 

the enhancement of long term cycling carrying capacity (Manovic et al., 2013). A key piece of research 

investigated the use of a variety of mineral acids (HCl, HBr, HI, HNO3) and demonstrated that HBr 

doped limestones have a significantly higher carrying capacity, which they suggest is due to the 

molecular size of the HBr and the pore size required for CO2 capture (Al-Jeboori et al., 2013). XRF 

analysis showed that the majority of the dopant ions remained within the sorbent matrix during cycling. 

It has been further shown to the work of Manovic et al. and Al-Jeborri et al., that application of steam 

and HBr doping produced a carrying capacity that was approximately 3 times higher (after 15 cycles) 

than the an undoped no steam system (González et al., 2016). HBr is often utilised as a bromine source 

in many organic reactions however the sustainability of HBr production has received little attention, it 

is noted that HBr is sometimes produced as a waste material from other industrial processes (Eissen, 

2012).

2.10. Catalyst Selection

The catalysts’ role within the SESR process is to accelerate the rate of reforming and gasification as 

well as aid the cracking of the hydrocarbon fuel and its associated tars. The catalysts increase the rate 

of reaction by encouraging alterative reaction pathways; however they do not revise the position of 

thermodynamic equilibrium (Fogler, 2006). 

Nickel based catalysts are currently industrially favoured for steam reforming as they present a 

relatively lower overall cost (compared to rare earth metals like Pt and Pd which are also active for 

these reactions) and have a high catalytic performance (Nieva et al., 2014). Nickel catalysts however 

are prone to coking. This is where carbon is deposited onto the surface leading to blocking of the active 

sites and has the potential to fracture the catalyst in to finer particles if deposited in sufficient amounts 

within the pores. Coking occurs mainly due to the products of decomposition of the fuel source,
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however it can also be caused by the disproportionation of CO (Li et al., 2012). When deposited within 

the structure of the catalyst the carbon formations are referred to as ‘whiskers’ (Sehested, 2006). The 

surface structure of a catalyst can be broken down into two main sections, ‘Steps’ and ‘Terraces’; steps 

being edges to the flat terraces. It was observed and calculated that steps were generally favoured for 

carbon deposition because the Ni’s atoms are more loosely packed and therefore make them suitable 

easy to access nucleation points (Helveg et al., 2004). As was stated earlier, a higher steam to carbon 

ratio minimises the deposition of carbon. Coked catalysts have traditionally been combusted in air to 

remove the carbon; however this leads to sintering of the particles and metal agglomeration and can 

lead to residual ash deposition on the catalyst (Moulijn et al., 2001). 

Another cause of deactivation of the catalyst is particle sintering, which occurs due to the high-

temperatures at which the particles can be subjected to. The high-temperatures required for sintering 

are mostly likely to occur within the particles on a localised basis during the exothermic regeneration 

of the catalyst and within the calciner. The main mechanisms of sintering are as follows: (Sehested et 

al., 2004)

• Particle migration – Catalyst crystallites move towards each other and coalesce

• Ostwald ripening – Individual atoms of the catalyst are transported from one crystallite to

another

• Vapour transport – This only occurs at very high-temperatures where atomised catalyst ions

are transported in the vapour phase to other crystallites

It has been shown that the most influential factors involved with particle sintering are the temperature 

and the composition of gas in which the catalyst is present. Further to this point, a higher steam 

concentration over the catalyst leads to an acceleration of the sintering process (Bartholomew, 1993). 

However, this may minimising steam use may not be possible due to the requirement of a high steam 

partial pressures to reduce coking and increase H2 purity and yield. Because the mechanisms of sintering 

are dependent upon the support structure on which the catalyst lies, it is imperative to make sure the 

support material does not increase the probability of sintering by sintering itself. A higher surface area
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of the support structure has been shown to increase the stability of the catalyst with regards to sintering, 

likely because an increased distance between catalyst particles reduces their ability to migrate and 

coalesce (Richardson and Crump, 1979) (Sehested et al., 2001) (Richardson and Propp, 1986) 

(Ruckenstein and Pulvermacher, 1975). A summary of the available knowledge on the effect of step 

and particle sizes on the activity of Ni steam reforming catalysts was performed by Sehested (Sehested, 

2006); evidence was displayed that showed an increase in crystallite particle size decreased the activity 

of the catalyst, hence showing a strong link between particle growth via sintering and activity. 

Sulphur poisoning can be completely debilitating for Ni based catalysts below 700 °C. The process by 

which sulphur can poison the catalyst is as follows. Sulphur containing compounds in the fuel are 

converted into H2S (reduced form because of the reducing environment of the carbonator/reformer of 

SESR) (Sehested, 2006). The sulphur atom is then strongly adsorbed onto the surface of the Ni leading 

to an inactive site; this process is displayed by Equation 2.21.

Equation 2.21 – Sulphur deposition on Ni catalysts:

��� + ���������
∗ ⇌ ��������� ∙ � + ��

In general the detrimental effect of sulphur on the catalyst is dependent upon the percentage of sulphur 

within the fuel and the catalysts surface area available for attack and hence this is dependent upon the 

shape and pore structure of the particle (Sehested, 2006). 

It is well known that it is highly favourable to achieve close contact between the catalyst and the fuel 

source, thereby permitting enhanced catalytic fuel conversion efficiencies (Richardson et al., 2012). 

This can be difficult to achieve with solid fuels such as biomass as they are homogeneous in phase. 

There are two ways to overcome this dilemma; it is possible to wet impregnate the solid fuel prior to 

gasification thereby achieving an in-situ catalyst. The main drawback to this technique is the cost of 

drying the fuel after impregnation and recovery of the catalyst (Moulijn et al., 2001). The second and 

somewhat simpler method of achieving good contact is by grinding the fuel to reduce particle size
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thereby increasing the surface area and then physically mix the ground fuel and catalyst particles

(Thangalazhy-Gopakumar et al., 2011). 

To utilise the Ni based catalysts, the nickel must be in the zero valent metallic form, which is its active 

form. In this active form the Ni particles show a more even distribution through the main support, which 

aids the prevention of carbon whiskers forming (Tomishige et al., 1999). After the production of the 

catalysts, they are usually in the NiO (Ni2+) form which has been shown to be ineffective at catalysing 

the reformation reactions (Swaan et al., 1994). Li et al (Li et al., 2012) has described the method in 

which the catalyst is activated by flowing H2 over the Ni; the reaction for this is displayed below as 

Equation 2.22. 

Equation 2.22 – Ni reduction:

���� + �� ⇌ ��� + 2��

The activation process varies between different research papers due to the experiment being conducted 

under idealised laboratory conditions rather than experimentally accurate conditions. The biggest 

discrepancy is regarding the activation/reduction time, some researchers (Li et al., 2007) (Fermoso et 

al., 2012) (Wu et al., 2013) have utilised 5-24 hours, some (D'Orazio et al., 2013) (Dou et al., 2013) 

(Martavaltzi and Lemonidou, 2010) (Phromprasit et al., 2013) 1-4 hours, some (Xie et al., 2012b) as 

little as 30 minutes and others (Couttenye et al., 2005) suggest there is no requirement for an activation 

period at all as the H2 produced from the gasification and reforming reactions is sufficient to activate 

the catalyst in situ (Cheng and Dupont, 2017) (Antzara et al., 2016) (Xiao et al., 2017). Over time due 

to coking, sintering and sulphation the catalyst can require reactivation with H2 although, Li showed 

that the doping of the catalyst with Rh could produce a self-regenerative property (Li et al., 2007). 

Iron is another metal that has been suggested for use as a gasification and tar destruction catalyst 

(Fukase and Suzuka, 1993). The benefit of utilising Fe as a catalyst as opposed to Ni is that when the 

particles are spent they are likely to be sold to the cement industry which add Fe to cement to increase 

its strength (Taylor, 1997), so by the use of Fe based catalysts the product would not be limited in its
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reusability. Additionally, Fe is a cheaper, more prominent in the earth’s crust and is less toxic than Ni 

(Di Felice et al., 2010). Fe impregnated onto an alumina support has been shown to be an effective 

catalyst, increasing the hydrogen produced during steam reforming (Matsuoka et al., 2006) (Urasaki et 

al., 2005). Di Felice et al, found in their study of biomass tar degradation that the oxidation state of Fe 

that occurs is strongly dependent upon the other materials within the bed; for example, when MgO is 

present, Fe2+ exists as the most stable form but when CaO is present Fe3+ is the most favoured form 

(Fe3+ is stabilised by the formation of Ca2Fe2O5 despite it actually being thermodynamically unstable 

state of Fe when oxidisation agents are present) (Di Felice et al., 2010). This is an important fact to 

consider because if side reactions are occurring between the CaO and the Fe then this could potentially 

lead to fewer CO2 sorption sites being available, it was also shown in this study that Ca2Fe2O5 is not 

active as a catalyst and resists reduction to Fe0. Nordgreen et al, has shown that Fe0 is the most active 

form of iron for catalytically cracking tars and thus iron should be reduced prior to use so as to activate 

it (Nordgreen et al., 2006a) (Nordgreen et al., 2006b). They have also shown that Iron oxides did not 

demonstrate any catalytic ability to crack tars. Fe stabilised onto an alumina support when MgO was 

present was found to be an ineffective catalyst due to an inactive Mgx−Fe1−x−Al2O3 spinel mixture being 

formed (Polychronopoulou et al., 2006).

Coking is a major problem for Ni based catalysts, however is less of a problem for Fe based catalysts 

(Azhar Uddin et al., 2008). When coking does occur, it has been shown that the pathway of coke 

formation is via thin filamentous carbon whiskers forming first with iron carbide (Fe3C) particles along 

their length which then spurred further thick coke formation around these areas of iron carbide (Zhang 

et al., 2003). It has further been shown that iron can migrate into the coke itself, which when the coke 

is removed via oxidation the migrated iron crystals are lost with the carbon, leading to catalysts mass 

loss (Xie et al., 2009). 

Sintering is still a problem for iron catalysts, as it is for nickel ones. The main reason for iron particles 

sintering occurring is due to the agglomeration of FeO (wustite) due to the redox reactions occurring 

during cycling at temperatures greater than 800 °C (Fukase and Suzuka, 1993) (Tamhankar et al., 1985) 

(Otsuka et al., 2003a). Otsuka et al. indicated that sintering could not be minimised by the doping of
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certain rare earth metals (Otsuka et al., 2003b). With repetitive cycling the surface area of the Fe catalyst 

has been shown to nearly halved from its initial value thereby displaying evidence of sintering, small 

quantities of palladium was however revealed to decrease the rate of sintering (Urasaki et al., 2005). 

The suggested method of why palladium reduces sintering was that most of the sintering occurs during 

the reduction of the catalyst to regenerate it, so by adding palladium the reduction rate of the iron oxide 

was increased and thus the length of the reduction stage was decreased meaning the particles are reduced 

for a shorted length of time.  

Uddin et al, (Azhar Uddin et al., 2008) demonstrated that Fe2O3 supported on Al2O3 provided the correct 

conditions for the production of Fe3O4, which despite previous knowledge that iron oxides were inactive 

catalysts for SESR reactions, the transitional state of Fe3O4 was active for the gasification and water-

gas shift reactions. The catalyst was able to decompose >90 % of the tars into light volatiles and was a 

stable tar decomposer throughout cycling; however their definition of cycling involved no regeneration, 

so in reality it was more like continual use of the same catalyst.

In comparison of Fe and Ni based catalysts for SESR, Polychronopoulou et al have shown that Fe based 

catalysts can perform as adequately as commercial Ni catalyst’s (Polychronopoulou et al., 2006). Xie 

et al, showed that Ni was a more effective catalyst in improving the quality of the product gas but Fe 

was more effective at promoting the water gas shift and reforming reactions, when utilising biomass as 

the feed (Xie et al., 2009). 

The careful use of the reforming catalysts is necessary to improve the resistance to sulphation, carbon 

deposition and activity loss, whilst simultaneously achieving effective inter-particle contact for 

complete fuel conversion and not impinging upon the CO2 capture by the sorbent. Combined 

multifunctional catalysts and sorbents have been shown to be the most effective particle system for 

SESR but more work is needed to ensure the properties of the particles are retained over the long term 

operation and their method of production is not too expensive, this is discussed further within chapter

6.  
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2.11. Support Selection

The mechanical stability of the catalyst and sorbent is not always assured and therefore supports have 

been developed to increase the long term stability of the particles. A suitable support material would 

provide an even distribution of catalyst and sorbent crystallites and possess the ability to resist the 

sintering mechanisms previously discussed. It has also been shown that the sorbent on a support 

structure maintains more of its initial carrying capacity for longer, which gives good precedent for 

further work into this area (Broda et al., 2013). Li et al. (Li et al., 2012) has recently collated a substantial 

collection of other individuals’ work that utilised biomass tars as the fuel feedstock and based their 

catalysts upon nickel. They have also showed that the addition of CeO2 and MnO to a Ni catalyst in an 

Al2O3 support particle exhibits: increased activity, suppression of coke formation, less of a drop off in 

catalytic performance with time and MgO leads to an increased gas yield. In other work by Nishikawa 

et al. it was successfully shown that the addition of noble metals such as Pt negates the need for the 

reduction in H2 and it additionally produces self-regeneration properties (to counter sintering and coke 

formation) for the supported catalysts (Nishikawa et al., 2008). Recently in a review by Angeli et al. 

the assertion has been made that there is currently no systematic understanding of the effect of adding 

a promoting element or compound to the matrix (Angeli et al., 2014). They did however note that the 

Ni crystal size is the key element for coke suppression and boosting the activity of the catalyst. 

Additionally it was suggested that CeO2 and ZrO2 are key promoters for an increase in activity and a 

decrease in coking (Angeli et al., 2014). Further to this point, doping of trace metals (K, Co and Fe) 

with the wet impregnation of the Ni catalyst into a CaO support/sorbent has shown to beneficial with 

regards to the tar cracking ability and doping with potassium actually increased the hydrogen yield.

By observing the available literature, Al2O3 seems to be a conventionally utilised support; Al2O3 is 

present in two main forms α-Al2O3 and γ-Al2O3 which symbolise the crystal structure of the compound, 

α- being the predominantly utilised form due to its greater mechanical strength. The activity of the 

catalyst upon its support is measured using H2 adsorption. Utilising this method Miyazawa et al.
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(Miyazawa et al., 2006) demonstrated that the order of steam reforming activity for various supports 

was in descending order: Ni/ZrO2 > Ni/TiO2 > Ni/Al2O3 > Ni/CeO2 > Ni/MgO, the first three presented 

very similar levels in activity that were significantly greater that the last two supports. When 

consideration had been made to the coking suppression and tar reformation Ni/CeO2 turned out to be 

the most effective, yet Ni/Al2O3 was the most stable; therefore CeO2 was used as an additive to the 

matrix and produced a particle that had a high activity and good resistance to coke deposition. Pt and 

MgO were further added to promote the catalysts’ reducibility and Ni particle redistribution (negative 

effects of distribution of Ni are caused by sintering) respectively (Li et al., 2012). Limestone derived 

CaO supported on a commercial aluminate cement has been shown to enable the CaO to retain a much 

greater quantity of its carrying capacity (28%) over 1000 cycles due to a change in the morphology that 

favours nano-pores. Within this work it was also shown that smaller particles tend to present a high 

strength and durability to multiple cycles than larger particles (Manovic and Anthony, 2009b). 

Another type of support material that has received seldom attention is based on Silica. The reason these 

supports are being considered is the fact that when bonded, the calcium the silica ions form structures 

like Ca2SiO4, which is known within the cement industry by its crystal name, Belite (Zhao et al., 2012) 

(Taylor, 1997). This is important as it has been shown previously that dicalcium silicate is a 

polymorphic material, which means its molar volume varies with temperature due to crystal structure 

phase changes that occur. The benefit of this is that as the volume of the polymorphic material changes, 

it has been shown to have the ability to reopen the previously sintered structure of the CaCO3, thus 

increasing the porosity and permeability of the particle meaning that in during the following carbonation 

cycle the sorbent should be able access more of the CO2 that it would otherwise be able to (Zhao et al., 

2012). The benefits of utilising this sorbent support are discussed further within chapters 5 and 6. Three 

important phases of Ca2SiO4 exist, they are γ-, a’- and β- Ca2SiO4. As the temperature increases beyond 

~780-860°C γ-Ca2SiO4 converts to a’-Ca2SiO4, a subsequent decrease in temperature (~630-680°C) 

converts the Ca2SiO4 into β-Ca2SiO4 which can be regenerated into a’-Ca2SiO4 by raising the 

temperature (~690°C), further cooling (<500°C) of β-Ca2SiO4 forms γ-Ca2SiO4 again. From the cement 

industry, knowledge of Belites crystalline transitions is known and specifies that the volume expansion
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that occurs between β-Ca2SiO4 and γ-Ca2SiO4 produces approximately a 10% volume increase whereas 

between a’-Ca2SiO4 and β-Ca2SiO4 only ~2% volume expansion occurs (Remy et al., 1995) (Taylor, 

1997) (Remy et al., 1997). The advantage of Ca2SiO4 is that the temperatures for support structural 

cycling are fairly similar to that of the CaL/SESR cycling temperatures. Additionally, possessing silica 

within the structure of the particle may actually make it more beneficial to the cement industry when 

the particles are purged from the system as silica is a main constituent within cement. It should be noted 

though that a 10% increase in volume is likely to fray the particles and lead to bed material loss by 

elutation, therefore allowing the temperature of operation to drop close to 500 °C or less should be 

avoided. It has currently not been proved in the available literature that a 2% increase in support volume 

would negatively fracture the particles but careful consideration as to the ratios of support to other 

constituents within the particle and their possible interactions will have to be considered if this support 

is utilised. One paper has utilised SiO2 supported CaO sorbent to produce a multifunctional particle in 

which it was assured that the addition of SiO2 as a support does stabilise the particles and increases the 

coking resistance (Zhao et al., 2012). SiO2 and Al2O3 supported metals have also been utilised in the 

chemical looping research sector in comparison to each other but both performed equally well at 

stabilising the particles (Song et al., 2014) (Peterson et al., 2013). 

It has been noted that the combination of catalyst and sorbent into a combined matrix produces a joint 

catalyst/sorbent/support particle that has a greater resistance to carbon deposition and additionally 

possess a higher particle stability, whilst still achieving a high feedstock conversion (D'Orazio et al., 

2013). Xie et al (Xie et al., 2012b) utilised a combined particle supported by Ca9Al6O18 which joined 

with the conventional nickel catalyst and CaO sorbent produced exceptional long term carrying capacity 

and increased the methane conversion during the pre-breakthrough period. These multifunctional 

combined catalyst, sorbent and support particles have been also tested on the glycerol, ethanol, toluene, 

methane and biomass sorbent enhanced steam reforming; again they outperformed their separate 

original components (Dou et al., 2013) (Wu et al., 2012) (Di Felice et al., 2009) (Rout and Jakobsen, 

2012) (Wu et al., 2013). This idea along with the most recent literature is discussed in chapter 6. 
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2.12. Progress towards commercialisation

Currently there are no full scale commercial scale SESR projects active, however there are numerous 

CaL investigations in fluidised bed systems and some SESR demonstration projects, as outlined in 

Table 2.2. 

Table 2.2 – Large scale demonstration projects of CaL and SESR (Letcher et al., 2012) (Blamey et al., 

2010). 

Project Size End use Reference

Commercially active SESR – None

SESR (no catalyst) in dual 

fluidised bed, Guessing, Austria
8 MWth

Combined 

heat and power
(Koppatz et al., 2009) 

CaL, bubbling fluidised bed 

carbonator and an oxy-fired 

rotary kiln calciner at the 

Industrial Technology Research 

Institute (ITRI) of Taiwan

1.9 MWth

pilot plant 

(30 MWth

demonstration 

plant to be 

constructed)

N/A (Chang et al., 2014)

CaL, pilot plant 

with dual CFBCs, CaOling 

project, La Pereda, Spain

1.7 MWth N/A (Arias et al., 2013)

CaL, dual fluidised bed pilot 

plant at University of 

Darmstadt, Germany 

1 MWth N/A (Ströhle et al., 2014)

Indirectly heated, CaL, dual 

fluidised bed pilot plant at 

University of Darmstadt, 

Germany 

300 kWth N/A (Reitz et al., 2016)

CaL, dual fluidised bed pilot 

plant at The University of 

Stuttgart

200 kWth N/A

(Hawthorne et al., 

2011) (Dieter et al., 

2014)
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CaL, dual fluidised bed pilot 

plant at CanmetEnergy, Canada
75 kWth N/A (Lu et al., 2008)

CaL, dual fluidised bed pilot 

plant at Instituto Nacional del 

Carbón (INCAR-CSIC)

30 kWth N/A (Charitos et al., 2011)

2.13. Conclusions from the Literature Review

Concluding on the information gathered within this review it has been realised that there are several 

key areas of ongoing research and some areas that are yet to be fully understood. It has also been 

recognised that SESR does have the potential to provide a low carbon source of H2 if the CO2 stream 

generated is sequestered. Furthermore, coupling SESR with sustainable biomass resources has also been 

shown to provide a greater benefit in that CO2 is effectively removed from the atmosphere, although 

the literature has demonstrated that utilising biomass can cause additional problems during operation 

due to slagging, fouling, taring, and storage and handling issues.

There are several reactor types that have been utilised for CaL and SESR previously and were discussed 

in detail within this review, notably these include fixed, fluidised, spouted beds and entrained flow 

reactors. Of these, fluidised bed reactors are the most commonly utilised at commercial scale for CaL. 

The operating conditions of any reactor are a key influencing factor of the process efficiency and overall 

H2 production. SESR has been shown to be mainly dependant on the operating temperature, pressure, 

steam to biomass ratio and particle size.

The main issues with regards to this process are in the use of the sorbent and catalyst themselves. This 

is because the sorbent is prone to sintering at high partial pressures of CO2 and temperatures, attrition, 

and sulphation and as such the CO2 sorption carrying capacity decreases with increased use. Several 

methods have been tested for regenerating and improving the longevity of the sorbent over multiple 

cycles, with the best found to be HBr doping with steam addition.

Catalysts for SESR (typically nickel) suffer from coking, sulphur poisoning and sintering. Whilst it has

been shown that there are some ways of reducing the impact of these effects most measures are based
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on preventing a situation occurring whereby the catalyst could be coked or sulphated by operating with 

a large excess of steam or by pre-removing the sulphur compounds. The H2 reduction period of Ni 

catalysts was found, within this review, to vary greatly between different authors and was not always 

based on the optimal time for the catalyst. 

The interconnection and closeness of the sorbent and catalyst grains was also discussed as this has been 

shown to be highly beneficial for minimising the diffusion distance of the produced gas molecules 

during SESR. Because of this combined multifunctional particles were found to produce a higher H2

yield. Further to this the addition of a support to these particle was also reviewed as it was deemed 

likely to be required in order to minimise sintering and grain agglomeration.
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3Chapter 3 – Reactor Design, Construction and Commissioning

3.1. Introduction 

This chapter describes the design, construction and commissioning of a mildly pressurised (1-5 barg), 

high-temperature (up to ~1000 °C) spouted bed reactor for Sorbent Enhanced Steam Reforming (SESR) 

of biomass for the production of “CO2 negative” H2. This reactor was constructed to study the impacts 

of biomass char production and coking on the long term operational efficiency of combined 

multifunctional (sorbent and catalyst) SESR particles. An image of the final reactor is displayed as  

Figure 3.17 and an accompanying PFD of the reactor is shown in Figure 3.16.

3.2.  Design specification 

This reactor was constructed based on the aims of the research and with the aid of information gathered 

by the literature review presented in chapter 2. The following fundamental design requirements and 

desired operating conditions were selected and in turn were utilised to aid the design of the reactor.  

• A well-mixed and evenly heated reaction zone that can operate stably at a set value in the range 

of 600 – 700 °C 

• The ability to safely operate at temperatures > 900 °C for the calcination of CaCO3

• A sealed reactor to prevent the release of flammable or harmful gases being released into the 

environment 

• Reactor capacity large enough to contain 20-60 g of bed material expanded with bed porosity 

of 85 % 

• Safely operate under mild pressurisation, 1 – 5 bar(a) 

• Typically operate as continuous system but with the option to easily transfer to a batch system 

• Continuous solid fuel feeding system with the option to utilised methane alternatively 

• Feeding rates of solid fuel approximately ~0.5-3 g per minute (equivalent molar rate of carbon 

from methane flow)
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• The ability to generate stable steam flow rates with a molar steam to carbon ratio of up to 5 

(however only 50% excess to the stoichiometry is required) 

• An gas outlet which can maintain operability even with the production of significant quantities 

of tars, chars and fines 

• A flare stack to fully combust the flammable and harmful off-gases

Based on these design specifications and desired operating conditions a decision was made to construct 

a high-temperature, mild pressure, spout-fluidised bed reactor as this would facilitate the majority of 

the design criteria. In addition a flare stack, gas cooling system, steam generator, fuel feeding and 

delivery system and data collection system were also constructed, which are discussed in this chapter.

3.3.  Sizing and Heating of the Reactor 

The outer reactor body consisted of a 650 mm length of incoloy 800-HT pipe, NPS 1 ½” schedule 80 

with an outer diameter of 48.3 mm and a wall thickness of 5.1 mm (supplied by Philip Cornes & Co 

Ltd). The wall thickness was reduced to 2.5 mm at either end, observable in Figure 3.1, to allow for two 

stainless steel half-moon positioning rings to be installed at each end; which in turn positioned the 

bolted stainless steel flanges in place. The bottom flange had a 5/16” Swagelok fitting welded centrally 

in place enabling the inlet tube to be fixed in position. The inlet tube had an outer diameter of 5/16” and 

was utilised to direct the gas flow and solid fuel feeding into the bottom of the quartz reaction liner to 

form the spouted bed system. The spouted bed system was selected over a traditional fluidised bed 

system due to the requirement to feed solid fuels directly into the bed material. The reaction vessel, 

which was positioned inside the incoloy reactor tube, was a manufactured quartz liner (supplied by 

Soham Scientific) and had an outer diameter of 36 mm, a wall thickness of 1.5 mm and a total length 

of 405 mm. The quartz liner sat on a support disc which itself was connected to the gas inlet tube, the 

liner was pressed down and fixed in position by the use of a counter weight sitting on top of the liner. 

The minimal gap between the top of the counter weight and the base of the top flange was occupied by 

a 2.5 mm thick disc of Kaowool. The flange at the top of the reactor had a 5/8” Swagelok fitting welded
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into it which in turn was reduced to a ½” outer diameter fitting via a Swagelok reducer. A larger exit 

diameter was selected to minimise the resistance to the gas flow after the reactor and to enable a sand 

feeding tube to be inserted into the top of the reactor. A copper O-ring was placed between the flanges 

and the reactor pipe at both ends, this expanded during heating thus creating a seal. The reactor was 

sized so as to accommodate the volume of a 40g bed of sand when fluidised such that the bed expanded 

to form a bed voidage of 85%; this value is the estimated maximum value of bed voidage within a 

fluidised bed (Basu, 2006).

Figure 3.1 – CAD drawing of the reactor body design and details of the major components.
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Utilising the information enclosed within section 3.5.1.2 of the British Standards Institutes’ Published 

Document PD 5500:2012+A2:2013 (BSI, 2012) and Equation 3.1, the pressure that this pipe can 

therefore safely operate up to is ~15.9 bar(a). 

Equation 3.1:

� =
2��

�� −�

Where P is the Pressure, f is the design rupture strength of the vessel material at the chosen temperature 

and lifespan (13 MPa at 925 °C and 10,000 hours) (SpecialMetalsCorporation, 2004), w is the wall 

thickness at the thinnest part (2.5 mm) and Do is the outer diameter at the thinnest part (43.26 mm).

A vertical split tube furnace (supplied by Lenton Furnaces) was utilised for heating this reactor as the 

furnace could produce a stable temperature up to a maximum of 1150 °C with a heated length of 300 

mm and a power output of 1.5 kW. Figure 3.2 shows the temperature profile of the empty reactor when 

heated to 650 °C. Wall and bed temperature was measured with 3 mm outer diameter type K 

thermocouple (supplied by TC direct). The bed thermocouple was secured in place using a Spectite 

fitting (1/4” M-NPT) which applied a Viton sealant around the thermocouple, which itself was resistant 

to oils, solvents, fuels and temperatures up to 225 °C.

The data from the thermocouples was recorded via a thermocouple data acquisition card (DAQ, supplied 

by Meilhaus Computing) and then relayed to a computer running a bespoke control program in Agilent 

VEE Pro which displayed and saved the data for future analysis. The user interface panel of this control 

program is displayed in Figure 3.4. 
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Figure 3.2 – Temperature profile of the reactor with an empty bed heated to 650 °C with the approximate

locations of important components superimposed as shaded areas.

The reactor pipe was held in position by 4 pieces of stainless steel with cut semi-circles designed to fit 

around the pipe, these were clamped around the pipe by the use of two aluminium angle bars. The angle 

bars were fixed onto a frame constructed from aluminium profile (supplied by KJN Aluminium Profiles 

Ltd). This system can be observed in Figure 3.3. Superwool (supplied by RS Components Ltd), a 

thermal insulating blanket, was subsequently wrapped in multiple layers around all exposed parts to 

minimise any heat loss.

/
cm
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Figure 3.3 – Top of reactor, showing the support structure and flanges.

Furnace

Support Structure

Flanges Reactor pipe

Support Clamp 
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Figure 3.4 – Agilent VEE control program, graphical user interface panel.
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3.4.  Fluidisation Velocity

	

The minimum fluidisation velocity was calculated using the Wen & Yu correlation (Wen and Yu, 1966)

which is described by Equation 3.2, Equation 3.3 and Equation 3.4. 

Equation 3.2:

�� =

	

��
����� − ���

��

Equation 3.3:

���� = �(33.7� + 0.0408��) − 33.7

Equation 3.4:

��� =
� ����

� ��

Where: Ar is the Archimedes number, Remf is Reynolds number at the minimum fluidisation, umf is the 

minimum fluidisation velocity, dp is the particle diameter, ρ is the fluidising gas density, ρp is the particle 

density, g is the gravitational constant (9.81 m/s2) and μ is the dynamic viscosity. 

Table 3.1 displays an example calculation of the minimum fluidisation velocity and therefore the 

required volumetric flow rate at Normal Temperature and Pressure (NTP) to achieve a specific U/Umf

value. A U/Umf value of 3 was chosen for this example however specific U/Umf were calculated and are 

specified for each set of experiments. 
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Table 3.1 - Parameters and calculation of the minimum fluidisation velocity and required volumetric

flow rate at Normal Temperature and Pressure (NTP) to achieve a U/Umf of 3. 

Parameter Value Unit

Quartz liner inner diameter di 0.034 m

N2 density (650 °C & 1 atm) ρg 0.346 kg/m3

Envelope particle density ρp 2600 kg/m3

Temperature T 650 °C

Particle diameter (geometric mean) dp 461 µm

Gravitational acceleration g 9.81 m/s2

Dynamic viscosity (650 °C & 1 atm) µ 4.09 ×10-5 Pa·s

Archimedes number Ar 517.73

Reynolds number at minimum fluidisation Remf 0.312

Minimum fluidisation velocity @ T umf 0.080 m/s

Volumetric flow rate at minimum fluidisation @ T Vmf 7.04 ×10-5 m3/s

Volumetric flow rate at minimum fluidisation @ T Vmf 70.4 cm3/s

Volumetric flow rate at minimum fluidisation @ NTP Vmf 22.7 cm3/s

Ratio of flow rate to minimum fluidisation U/Umf 3

Volumetric flow rate @ NTP Vmf 68.2 cm3/s
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3.5. Solid Fuel Feeding

3.5.1. Design and operation 

The ability to feed solid fuels continuously and reproducibly proved to be one of the most challenging 

aspects of the reactor construction and required many design iterations. A continuous solid fuel feeding 

system that had been previously utilised to continuously feed coal was chosen as a starting point for the 

design; this design consisted of ¼” Swagelok plug valve which was adapted so as to allow for 

continuous rotation, like an industrial rotary valve feeder (Dai et al., 2012). The channel within the plug 

valve was blocked with blue-tac leaving only small cup-like indents where the channel previously was. 

A plug valve was utilised as it is constructed of one solid piece of metal and limits the number of moving 

parts, this maintains operability when using finely ground material which can easily clog up moving 

parts. The feeder was rotated with a DC motor, the voltage could be altered to adjust the speed of 

rotation. The main issue with this system was that a ¼” valve was too small to produce a steady flow 

of material from the hopper. Solid fuel was known (from initial biomass feeding experiments) to bridge 

at the valve entrance and stick to the blue-tac minimising the cup volume available for feeding. 

Additionally, the fuel was reported to block after the feeding system if it encountered a step change in 

tubing size – i.e. a reducer from one size to another. 

Based on these issues the design was adjusted. A solid piece of stainless steel was lathed down to fit 

into a ½” plug valve fitting and one 5 mm wide by 4 mm deep cup was drilled into the feeder. The 

feeder also had grooves machined in to match the locations of the original O-rings and retaining ring, 

such that when inserted into the valve body the feeding cups lined up with the centre of valve entrance 

and exit. An image of this feeder and valve body can be observed in  Figure 3.5.
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 Figure 3.5 – ½” Stainless steel feeder with drilled cup and valve body.  

At the base of the feeder a ½” tee was installed which allowed the main gas flow to be connected in. 

Another alteration that was made, was to construct a ½” to 5/16” reducer, the ½” side connects to the 

bottom of the ½” tee piece and the 5/16” side connects to the U-bend and thus to the inlet of the reactor; 

Figure 3.6 illustrates this. The aim of this custom made reducer was to remove the lips formed at the 

transition between the two dimensions, thus minimising the risk of solid fuel bridging and getting stuck 

at that point.

This system utilised entrained flow to feed the solid fuel into the reactor, therefore it was ensured that 

the gas velocity in the U-bend was greater than the terminal velocity of the solid fuel. As an example, 

Table 3.2 shows the calculations for the terminal velocity of a particle of biomass (212-300 µm in a N2

gas stream at 110 °C) using Equation 3.5, Equation 3.6 and Equation 3.7. 
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Figure 3.6 – Reactor inlet and feeding design.  
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Table 3.2 – Example calculation for the terminal velocity of biomass.

Utilising the volumetric flow rate calculated in the example calculation of Table 3.2, it can be calculated 

that the flow rate 68.2 cm3/s @ NTP would equate to a gas velocity of 2.4 m/s in a 5/16” tube at 110 °C 

thus demonstrating the theoretical entrainment of the biomass. 110 °C was utilised for these examples 

as the inlet gas stream was preheated. This same flow rate within a ½” tube has a gas velocity of 0.87 

m/s indicating that the biomass was unlikely to be entrained in the tee piece or joining section and 

therefore the particles should proceed to entrained flow in the 5/16” tube. Understandably there was 

likely to be a considerable amount of mixing/gas swirling within the ½” joining section which could 

have inhibited transport of the solid fuel. 

Parameter Value Unit

N2 density (110 °C & 1 atm) ρg 0.891 kg/m3

Envelope particle density ρp 600 kg/m3

 

Temperature T 110 °C

Particle diameter (geometric mean) dp 252 µm

Gravitational acceleration g 9.81 m/s2

Dynamic viscosity (110 °C & 1 atm) µ 2.153 ×10-5 Pa·s

Sphericity ψ 0.8 

Archimedes number Ar 181.24

dp* 5.66

ut* 1.04

Terminal velocity of particle ut 0.92 m/s
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3.5.2. Testing the feeding system

Utilising the feeding system described above a range of biomass particle size fractions and motor 

voltage levels were tested, which lead to a biomass size fraction 212-300 µm and a motor voltage level 

of 6 V being found to be optimal at minimising bridging of biomass particles and preventing overheating 

of the motor and feeding system. A small motor with a custom made knocker was installed to vibrate 

and knock the biomass within the hopper such that the biomass remained un-bridged and ready to be 

collected by the rotating cups. Four different biomass types were also assessed for their feedability, as 

shown in Figure 3.7 oak was the most successful and reliable feeding material, which was most likely 

to be due to the shape of the biomass particles. Miscanthus (a straw) and spruce (a softwood), are known 

to break down into irregular needle-like particles which easily form an interlocking mesh which 

prevents the biomass moving through the feeding system (Dai et al., 2008) (Guo et al., 2012). Due to 

its feedability oak was selected for all subsequent experiments, with the intention of using a more 

sustainable biomass in later research. 

Figure 3.7 – Feeding tests of miscanthus, oak, spruce and beech wood biomasses utilising the stainless

steel feeder (one 5 mm wide by 4 mm deep cup) rotating with an applied voltage of 6 V. 
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3.5.3. Modification to the feeding system

After undertaking some initial biomass combustion experiments it became apparent that the feeding 

rate of the biomass was too low to make a big enough observable difference to the gas concentrations 

compared to the measured baseline. It was also noted that the stainless steel feeder was suffering some 

pitting damage due to biomass getting stuck between the rotating feeder and the valve body. Because 

of these reasons a set of plastic (Delrin, Polyoxymethylene supplied by DuPont) feeders were 

manufactured, identical to the stainless steel feeder but initially without any cups drilled. Delrin was 

chosen for its relatively high stiffness, low friction and temperature resistance, it also had the ability to 

deform preferentially over the stainless steel valve body instead of causing a jam in the feeding system. 

Building a set of these feeders at once enabled the quick prototyping of different cup designs; a range 

of cup designs were tested and the results of the feeding tests are observable in Figure 3.8. 

Figure 3.8 – Feeding stability tests of different rotary cup designs using the Delrin plastic feeders at an

applied voltage of 6 V.
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A maximum cup width of 5 mm was utilised as this was limited by the valve body dimensions. The 

results obtained and displayed in Figure 3.8 led to the selection of four 5 mm holes each 4 mm deep as 

the preferred feeding cup design. The initial testing of this system with steam present indicated that 

steam was condensing at the base of the feeder and making the biomass particles ‘sticky’ such that they 

weren’t falling into the gas stream and were instead being continually rotated. Based on this evidence, 

a 1/8” tube was bent, inserted and silver-soldered into a ½” tube, which replaced the small section of 

tubing between the valve body and tee piece. This part was coined the ‘Bio-knocker’ and an illustration 

of this piece and its installation location is shown in Figure 3.9. This 1/8” tube was connected to a mass 

flow controller which supplied a small stream of air/N2 to the bottom of the valve body, where the 

biomass should exit. The aim of this was to lower the humidity in that crucial section of the feeder, 

knock/aid the biomass out of the rotating cups and aid the flow of the biomass down into the main gas 

stream.  

Figure 3.9 – Left: The red circle indicates the installation location of the bio-knocker. Right: Diagram 

of the ‘Bio-knocker’, used to reduce the humidity beneath the feeder exit and knock the biomass out of 

the cups.
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3.6.  Steam Generation

3.6.1. Design and operation 

A stable steam concentration was another vital requirement for SESR as the reactions are highly 

dependent upon the steam to carbon ratio, thus considerable time was spent on achieving a stable steam 

generation system. The first design (shown in Figure 3.10) consisted of a HPLC pump pushing 

deionised (DI) water through a 1/16” tube into the top of a 30 cm long ¾” tube packed with 5 mm 

diameter SS balls. A HPLC pump was known to produce pulses at the outlet due to its mechanical 

operation, so any design had to reduce the size of these spikes such that the produced steam 

concentration was smooth. The packed column was heated using a heating tape (supplied by omega) 

which was powered using a heating control box (custom built using among other components, a 

transformer, solid state relay and PID controller, all components supplied by RS) and controlled with a 

type K thermocouple attached to the outside wall of the tube. Gas was passed over the SS balls to act 

as a carrier gas and ‘collect’ the steam as it was vaporised. A secondary gas stream was teed in after the 

packed bed to dilute the steam concentration to the desired level. This system resulted in a very irregular, 

spiky steam concentration due to the water flashing off as soon as it hit the hot SS balls.

Figure 3.10 – Steam generator: iteration 1.
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The following design iteration (shown in Figure 3.11) included a 3 m coil of ¼” tubing heated to ~120 

°C after the packed bed to try and distribute the steam concentration spikes out. Two operation modes 

were tested, the first was to superheat the packed column to ~300 °C such that the water flashed off and 

then passed through the coil to distribute out – this operation regime just exacerbated the HPLC spikes. 

The second operating mode used a much lower temperature of about ~75 °C in the packed bed, such 

that the water didn’t evaporate instantly but instead gradually vaporised as it was pushed through the 

column by the carrier gas. This system was significantly improved at low concentrations but at higher 

steam concentrations, ~15%, the water was not being evaporated fast enough and as such made it all 

the way through the packed bed and into the coil thus producing spikes. 

Figure 3.11 – Steam generator: iteration 2.
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The next and final iteration (shown in Figure 3.12) utilised a 30 cm long 1” tube, half filled with DI 

water, wrapped in heating tape to produce a bubbler. At the top of the bubbler there was ¼” cross 

allowing a type K thermocouple and 1/16” HPLC line to be fully inserted into the column of water. At 

the bottom of the bubbler there was a 1/8” tube inserted approximately 7 cm into the column of water. 

This 1/8” tube had its end squeezed shut and had twelve 1 mm diameter, evenly distributed, holes drilled 

into the sides of the tube to force the gas to flow outwards into the water column, creating multiple 

streams of bubbles thus maximising the water vapour collection.

Figure 3.12 – Steam generator: iteration 3.
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3.6.2. Testing the steam generation system

The temperature of the bubbler was controlled with the bubbler-bed temperature thermocouple and the 

relative humidity production was calibrated to produce Figure 3.13. The water flow rate from the HPLC 

was also calibrated and was set to a value that matched the rate at which water was converting to steam 

and being carried away thus maintaining a stable water inventory inside the bubbler.

Figure 3.13 – Calibration curve for produced relative humidity (RH %) against bubbler bed temperature

at 1 atm and with a 60 cm3/s N2 carrier gas flow rate.

The mole fraction of steam produced by the bubbler system was measured using a relative humidity 

(RH) probe (HMT334 supplied by Vaisala), the humidity probe was calibrated by utilising a Controlled 

Evaporation and Mixing (CEM) system (supplied by Bronkhorst) which is known for its high levels of 

steam stability. The first humidity probe was positioned directly after the steam generation and before 

the tee piece that connected to the base of the feeding system. A second humidity probe was placed at 

the outlet of the reactor, however due to tar production and the potential to contaminate the instrument 

this probe was not always used, it will be stated if it was used during a particular experiment. All gas 

lines after and 50 cm prior to the steam generation system were trace heated (to a suitable temperature
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to stop the steam condensing and to preheat the gas before entering the system) with heating tapes 

controlled by their own wall temperature type K thermocouples and corresponding heating control box. 

Figure 3.14 displays an example of the steam system starting up, operating and turning off. This figure 

also shows the stability of the steam system when aiming to achieve 15 % relative humidity indicating 

an acceptable deviation of about ± 1 abs.% from the set point.

Figure 3.14 – Steam generation system operation and stability when aiming for 15% relative humidity

at 1 atm with a 60 cm3/s N2 carrier gas flow rate. 

3.7.  Heat Exchanger – Tar and Water Trap

At the outlet of the reactor, the gases were passed through a trace heated, Superwool wrapped, ½” tube 

packed with glass wool to trap any fines which have elutriated from the reactor. After this the gas 

continued through another ½” tube packed with glass wool, except this tube was enclosed within a 

separate 1” tube where ice cooled water was pumped counter currently, thus cooling the gas stream 

down. This setup effectively forms a single tube in shell heat exchanger to condense majority of the 

water and tars. The cooled section was approximately 60 cm long and was sized based on standard heat
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exchanger calculations, whilst making sensible assumptions of the temperatures, flow rates and

properties of each stream (Sinnott, 2005).

Condensed water gradually moved down the tar and water trap and into a 30 cm long 1” tube at a slight 

angle which collected the water; this water collection tube could be periodically emptied through a plug 

valve. Once the gas had moved through this system it was finally passed through a 20 cm 1” tube filled 

with CaCl2 to chemically remove any left over water before going on to the gas analysers. 

3.8.  Product Gas Analysis

The main gases that were expected to be generated were CO2, CO, CH4 and H2, based on this two 

analysers were selected and utilised in series. A regulated quantity of gas was sent to the analysers 

throughout each experiment, this was controlled by a rotameter and the remaining gas was diverted 

directly to the flare stack. The first analyser (supplied by ADC Gas Analysis Ltd) was capable of 

measuring CO2, CO, CH4 and O2 by use of non-dispersive infrared absorption (except O2 which was 

measured by a chemical oxygen sensor). The second analyser (supplied by ABB) measured H2 via 

thermal conductivity. The data from these analysers was outputted to a data acquisition card (Redlab 

1208FS DAQ card, supplied by Meilhaus Computing) via analog differential signal in a twisted pair, 

from which the data was digitised and transferred to the Agilent VEE control program on the control 

computer. 

Post gas analysis the gases were vented to a local exhaust ventilation chimney fitted with a Bunsen 

burner (referred to as a ‘flare stack’ and combusted propane which was supplied by BOC) to combust 

any remaining flammable or harmful gases. Due to some of the produced gases being flammable, 

several flashback arrestors were positioned in key locations across the reactor; they included: after the 

gas analysers but before the flare stack, at the position where any air lines joined the main gas lines and 

on all pressure relief lines.  
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The ABB H2 analyser utilised a Wheatstone bridge and a calibrated hot wire to measure the relative 

	

proportion of H2 in N2, however the product gases from the analyser also included gases other than N2

	

which affected the reported thermal conductivity. Whilst there are models such as the Chapman-Enskog 

model (Chapman and Cowling, 1970) and the Wilke gas mixing model (Cheung et al., 1962) (Wilke, 

1950) to predict the combined thermal conductivity of a gas mixture of known concentrations, they 

cannot be rearranged to determine an unknown mole fraction of H2 (and thus an unknown mole fraction 

of N2) – which was the purpose of the analyser. Therefore to overcome these difficulties initially the H2

analyser was calibrated using several known H2 concentrations (10% H2 in N2 calibration gas supplied 

by BOC). Following this other calibration gases (30% CO2 in N2 and 10% CO, 10% CH4, 30% CO2 in 

N2 both supplied by BOC) were utilised to record the reported H2 concentration (a function of gas 

thermal conductivity) from the analyser. Based on the relative effect that other gases have on the 

reported H2 concentration, caused by their own inherent thermal conductivities, a correction was 

formulated using the weighted sum of individual thermal conductivities relative to the measured H2 gas. 

This equation is displayed as Equation 3.8, where i represents the gases for which the H2 analyser has 

been corrected for: CO2, CO and CH4, xH2 mix is the reported H2 mole fraction outputted from the H2

analyser and xi is the calibrated mole fraction of gas i. To utilise this equation the thermal conductivity 

of the individual gas species (λi) must be multiplied by -1 if λi > λN2.

Equation 3.8:
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Utilising Equation 3.8 comparisons of the reported H2 vol.% and corrected H2 vol.% are displayed in 

Equation 3.12a and Equation 3.12b against addition of other gases. A representative equation is 

provided below as Equation 3.9. All thermal conductivities applied were assumed to be at standard 

temperature and pressure (STP, 20 °C and 1 atm).

Equation 3.9:

��� = �
����
���

���� +
���
���

��� −
����
���

���� −
���
���

����+ ������



101

It can be seen from Figure 2.12a and Figure 2.12b that the corrected H2 concentration was significantly 

improved from the value reported from the analyser with no correction applied. The aim of these 

corrections was to achieve a response of 0 vol.% H2 when there was no H2 was present, yet respond 

accurately when there is H2 present, irrelevant of any other gases being present. 

Figure 3.15a – (left) and 3.12b (right) display the reported H2 concentration from the analyser and the

H2 concentration after the correction via Equation 3.8 has been applied.
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3.9. Schematic and Photograph

Figure 3.16 – Schematic of the reactor when set up for SESR. 

Schematic of the reactor



103

 Figure 3.17 – Photograph of the reactor when set up for SESR. 
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3.10. Reactor Limitations

This reactor was designed to be operated manually, meaning gas flows were controlled with rotameters 

(supplied by Roxspur Measurement & Control Ltd) and the reactor pressure was controlled with a 

bonnet needle valve (supplied by Swagelok) after the CaCl2 residual moisture trap. This meant that 

some manual experimental error could be introduced into the results due to observational inaccuracies 

when setting the desired values on the rotameters and pressure gauges.

The temperature of the furnace and heating control boxes were also controlled with manually inputted 

set points, although the furnace and control boxes did have their own PID software to reach and control 

at these set points. 

The ADC mulit-gas analyser had an intrinsic manufacturer defined accuracy of 1 % of the reading and 

a noise stability error of 0.5 % FS (full scale). The ABB thermal conductivity gas analyser (H2 in N2

Caldos27) had an accuracy of ≤ 2 % of span and a repeatability of 1 %. The Vaisala humidity probes 

had a manufacturer defined accuracy of ± (1.5 + 0.015 × RH% reading).

This reactor in its current set up would be unsuitable for conducting kinetic measurements utilising the 

current gas analyses as they both utilised small gas cells which limits the allowable flow rate into the 

analysers. This was also evident from calculating the response time constant, τm, of CO2 to be 6.6 s, 

following the method described by Fennell et al (Fennell et al., 2009). 
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3.11. Reactor Operation

A detailed description of the standard operating procedure can be found in Appendix I.

3.12. Initial Commissioning Experiments

3.12.1. Combustion of coal and biomass

An initial set of coal and biomass combustion experiments were conducted to confirm feeding stability 

and to assess the integration of the whole system during simple experimental operation. The 

experimental conditions utilised for these combustion reactions were: 650 °C, 1 atm, an air to fuel ratio 

(λ) of 2 and a total flow rate of 73 cm3/s (@ 293 K – U/Umf ≈ 3). The coal utilised was Longannet 

blended coal (supplied by Scottish Power Ltd), it was crushed and sieved to a size fraction 212-300 µm 

and had the following ultimate analysis: 83 wt.% C, 5 wt.% H, 10 wt.% O and 2 wt.% other (oxygen 

calculated by difference, S and N were not defined on data sheet). Proximate analysis of the coal led to 

the following results: moisture 0 wt.%, volatile matter 0.6 wt.%, fixed carbon 90.3 wt.% and ash 9.1 

wt.%. The biomass utilised was oak wood, it was also milled and sieved to a size fraction 212-300 µm 

and had the following ultimate analysis: 45.7 wt.% C, 6.1 wt.% H, 48.3 wt.% O (oxygen calculated by 

difference, S and N tested for but were below the level of detection). Proximate analysis of the biomass 

lead to the following results: moisture 1.3 wt.%, volatile matter 80.0 wt.%, fixed carbon 14.2 wt.% and 

ash 4.5 wt.%. The inherent oxygen content of the materials was not taken account of during the air to 

fuel ratio calculation. The results presented were averaged across three separate four minute long 

experiments utilising the stainless steel feeder at a coal feeding rate of ~0.52 g/min and biomass feeding 

rate of ~0.18 g/min. Figure 3.18 presents the percentage of gaseous and solid products of oxidation of 

coal (left bar) and biomass (right bar).
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Figure 3.18 – Oxidation products as percentages from coal and biomass oxidation experiments, 650 °C,

λ = 2.

The segments of the two stacked bars corresponding to ‘Unidentified’ are functions of steam, ash, tars 

and inaccuracies in experimental measurements. Steam concentration was not measured after the 

reactor due to the potential contamination that tar deposition could cause to the humidity probe. Tars 

were also not collected or analysed as they were distributed across a large collection area and so were 

almost impossible to collect. Elutriated fine chars from the top of the reactor where the gas exits and 

passes through a glass wool filter were collected and weighed. Overall molar carbon balances for the 

two sets of experiments were 74 vol.% and 86 vol.% for coal and biomass respectively. 

Oddly, the quantity of CH4 produced in the biomass oxidation experiments was below the level of 

detection, this could possibly be due to the devolatilisation process of the biomass. The low CH4 content 

of the gas stream and the large proportion of ‘Unidentified’ indicates that significant tar production 

occurred. It is possible that any light hydrocarbons, like CH4, that could have partially oxidised with 

any unreacted O2 the CH4 to CO, at the lower temperatures as the gas was exiting the reactors’ oxidation 

zone. The oxidation of biomass is controlled by the devolatilisation of the volatile matter which
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subsequently reacts with O2 within the gas film surrounding the particle, this leads to a greater chance 

for tars to exit the reactor without reacting if there was a limitation on the diffusion of oxygen to the 

surface of the particles (Nussbaumer, 2003). Conversely, the coal had relatively little volatile matter 

and is generally considered a less reactive fuel than biomass. The coal was thought to combust mostly 

as char meaning the oxidation of the coal was limited by the diffusion of O2 to the reaction front and by 

the transfer of heat to the particles. As the temperature of the reactor was ~ 650 °C it is expected that 

the particles in both systems would have been limited mostly by heat transfer, but if the temperature 

were higher (800 °C and above) then O2 diffusion would have played a greater role in limiting the 

reactions. Additionally, the coal was denser and thus the particles spend longer within the reactor bed 

before becoming fine enough to be elutriated by the gas flow and as such the gases were favourably 

converted to CO2 (Basu, 2006).

3.12.2. Steam gasification of biomass

Further commissioning required a set of experiments to highlight the potential of SESR compared to 

conventional steam gasification and demonstrate that the reactor produces results comparable to those 

from the literature. Figure 3.19 displays the products of the SESR reactions broken down as a mass 

percentage of the initial biomass input. The bed material was varied to demonstrate the effect of each 

type of bed material on the product gases and most importantly purity and yield of H2, as these are the 

main aims of SESR. 

These experiments were all conducted at 650 ± 7 °C, 1 atm, ~12 ± 1 vol.% steam and a total flow rate 

of 73 cm3/s (@ 293 K – U/Umf ≈ 3). The biomass utilised in each of these experiments was the same 

oak biomass previously utilised. These experiments were all conducted with a 0.9 g/min biomass 

feeding rate using the plastic feeder. Biomass feeding was conducted for multiple one minute periods 

to provide an estimation of the error, calculated by the standard deviation of the mean. One minute 

batch feeding was utilised so as to demonstrate the idealised response of the system, i.e. before the 

surface of the catalyst/sorbent becomes coked, carbonated or poisoned. All steam gasification runs were
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followed by an oxidation period after to burn off any coke or remaining char – the released CO and CO2

during this period was recorded as Char (burned off) in Figure 3.19. The experiments with a catalyst 

present involved a 10 minute 5 vol.% hydrogen reduction period to re-reduce the catalyst. For the 

experiments with a sorbent present, it was expected that the absorbed CO2 was released during the burn 

off period as the temperature in the reactor reached ~750 °C. The bar segments of Figure 3.19 displayed 

as ‘Unidentified’ represent all components not recorded during these experiments, which include tars, 

ash, steam from the biomass and inaccuracies in experimental measurements. ‘Collected chars’ 

displayed in Figure 3.19 were the chars collected in the glass wool trap at the outlet of the reactor. The 

glass wool was weighed before and after to calculate the quantity of tars collected. The unidentified 

section of the mass fraction was calculated by difference from 100 % and not by measurement.

The catalyst utilised for these experiments was a commercially available Ni based steam reforming 

catalyst (HiFUEL R110, 15.9-20 wt.% Ni, supported on an alumina and silica structure, supplied by 

Alfa Aesar), and was crushed and sieved to a particle size 300-425 µm. A commercial catalyst was 

utilised for these experiments to ensure the catalytic activity was unimpeded. The sorbent utilised was 

Longcliffe limestone calcined in-situ prior to the SESR experiment at 850 °C for 30 minutes; the raw 

limestone was crushed and sieved to particle size 355-425 µm. 5 g of the catalyst and 20 g of the sorbent 

(CaO) was utilised for experiments involving each respective component, however the total bed mass 

was always 40 g and was balanced to this mass by adding sand (425-500 µm). The molar ratio of 

calcium (from the sorbent) to carbon (from the biomass), [Ca]/[C], was ~33.1 over a one minute period 

of feeding, thereby ensuring the quantity of sorbent was not a limiting factor during the reactions. The 

molar ratio of the nickel (from the catalyst) to carbon, [Ni]/[C], was ~1.7 over a one minute period of 

feeding.  
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Figure 3.19 – Percentage breakdown (in terms of mass) of outlet components on a dry basis during 

steam gasification when varying the bed material, 650 °C, 12 vol.% steam, 0.9 g/min oak biomass 

feeding rate, 1 min of feeding per run, 40 g total bed mass, 5 g HiFUEL R110 catalyst and/or 20 g CaO 

sorbent (where used).

The significant unidentified proportion within the ‘Sorbent’ stacked bar shown in Figure 3.19 could be 

explained by a larger proportion of light tars (C2-C4) being produced due to larger hydrocarbon tars 

being cracked into smaller hydrocarbons on the surface of the CaO, as reported by many researchers 

(Devi et al., 2003) (Yu et al., 2009). These smaller hydrocarbons/light tars would not be trapped in the 

tar and water trap as the trap operates at temperatures >0 °C which is above the boiling points of the 

smaller hydrocarbons. Wei et al reasoned that during steam gasification of biomass with CaO present, 

the observed decrease in CH4 concentration was attributed to steam reforming and dry reforming of the 

CH4 catalysed by CaO (Wei et al., 2008). The observed increase in H2 when the sorbent was present 

was likely due to the enhanced water gas shift reaction, where CO2 is removed from the system by the 

sorbent thereby driving the reaction pathway to the right and thus generating more H2 simultaneously.  

Qualitatively, it can be stated that the tars produced during the reactions with a sorbent present appeared 

to be a light straw-yellow colour whereas without the sorbent present the tars were a darker brown 

colour. Furthermore to this point, the addition of the sorbent and catalyst together significantly reduced
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the quantity of tars trapped/observed/produced. This result was also noted by Mahishi et Goswami 

(Mahishi and Goswami, 2007) who suggested the CaO sorbent was acting as a tar cracking catalyst and 

a CO2 sorbent. A full tar analysis was not conducted on these samples as this was outside of the primary 

	

research scope.

Table 3.3 displays the molar carbon balance for each bed material steam gasification reactions. For the 

purpose of this carbon balance all char collected at the outlet of the reactor was assumed to be carbon. 

Utilising the rules of propagated errors the uncertainty of the carbon balances is provided in Table 3.3 

as well. The equation for the carbon balance is provided as Equation 3.10. 

Table 3.3 – Molar carbon balances for the steam gasification reactions when varying the bed material, 

650 °C, 12 vol.% steam, 0.9 g oak biomass, 40 g total bed mass, 5 g HiFUEL R110 catalyst and/or 20

g CaO sorbent (where used).

Equation 3.10 - Carbon balance:
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× 100%

Where nC in is the moles of carbon from the biomass (from a C, H, N analysis) and nC out is the moles of 

carbon from the char and gas (CH4, CO and CO2). Because of high tarring potential of these reactions 

and the desire to minimise contamination, a humidity probe was only placed at the exit of the reactor 

for one of the experimental runs to gauge the relative drop in steam concentration. This relative drop

SESR system
Moles of 

carbon - In

Moles of 

carbon - Out

Molar carbon 

balance
Uncertainty

Sand 0.034 0.030 86.4% 4.3%

Sorbent 0.034 0.015 44.6% 3.7%

Catalyst 0.034 0.021 61.2% 5.3%

Sorbent & Catalyst 0.034 0.021 62.0% 3.7%
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was then applied to all other runs of that experiment type to produce the mole fraction of steam out; this 

	

	

	

has meant that only a carbon balance can be accurately calculated. The equations utilised to determine 

the produced moles of each of the gas components are detailed and explained below. 

The outlet gas concentration of gas component, i (where i represents H2, H2O, CH4, CO and CO2), was 

		

	

	 	

adjusted by removing the baseline/inlet concentration of that gas component by applying a one 

dimensional sloped fit as follows.

Equation 3.11:

[�]�������� = [�]��� − [�]��

Equation 3.12 - The inlet molar flow rate, Fin, was calculated by:

��� =
� �̇

� �

During the steam gasification experiments only N2 and H2O were used to fluidise the particles meaning 

the inlet N2 mole fraction can be calculated by the following equation. During the oxidation phase the 

mole fraction of H2O was replaced by a constant value equal to the mole fraction of O2 at steady state 

after oxidation was complete. 

Equation 3.13:

��� �� = 1 − ���� ��

The outlet mole fraction of N2 can be calculated by subtracting the mole fractions of all other gas

components, i:

Equation 3.14:

��� ��� = 1 − ��� ���

Equation 3.15 - The total outlet molar flow rate, Fout, was calculated by:

���� =
��� ��� ��

��� ���
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Equation 3.16 - The outlet moles of gas component, i, was calculated by:

			

	

	 	

�� �������� = � ���� �� ���

�����

���

Equation 3.17 - The purity (which is essentially the volumetric gas percentage) of gas component i was

calculated by:

������� ���. % =
��

������
∗ 100%

Equation 3.18 - The closure of the carbon balance was performed on a mass basis and calculated across

both the whole experiment and across each individual reaction phase by:

�� =
�� ��

�������� �� �������
∗ 100%

Where: 

ξ Closure of the carbon balance as a percentage, % 

[i] Concentration of gas component i, vol.% 

Fin  Molar flow rate into the reactor, mol/s 

Fout  Molar flow rate out of the reactor, mol/s 

Fbiomass Mass flow rate of biomas into the reactor, g/s 

i Gas component i can represent N2, H2O, CO2, CO, CH4, O2 or H2

iPurity Volumetric gas % of component i, vol.% 

ni released Moles of component i released during the reaction, moles 

nC,H,O Total moles of C, H and O measured during a phase of the experiment, mole

ntotal Total moles of gas components CO2, CO, CH4, O2 and H2 (depending on experiment phase)
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MC,H,O Relative molecular masses of C, H and O, g/moles 

P Pressure, assuming 1 atm = 101,325 Pa, Pa 

R Universal gas constant, 8.314 J/mol K 

t Time, s

T Temperature, 298 K 

V Volumetric flow rate, m3/s 

xi in Mole fraction of component i in 

xi out Mole fraction of component i out

Figure 3.20 shows the moles produced for each of the measured gas components from the steam 

gasification reactions when varying the bed material. It can be noted from this figure that the moles of 

hydrogen produced during steam gasification where the reactor bed contains both a sorbent and a 

catalyst was increased by ~23.8 % (relative to a bed of catalyst and sand) and 186.8 % (relative to a bed 

of sorbent and sand). It can further be noted that the combined bed of sorbent and catalyst resulted in a 

19.6 % readuction in the quantity of CO2 released. Furthermore, the combined sorbent and catalyst 

reactor bed produced a hydrogen purity of 67.6 vol.% (N2 and steam free), although it should be stated 

that for most commerical applications hydrogen purities should be >99.95 % (Ball and Wietschel, 

2009). It was calculated with the use of FactSage thermodynamic software that under the conditions 

utilised here, the thermodynamic limit for H2 production would be ≈73.9 vol.% thereby showing that 

the system operated very close the thermodynamic limit.
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Figure 3.20 – Moles of the produced gases from steam gasification when varying the bed material, 650 

°C, 12 vol.% steam, 0.9 g oak biomass, 40 g total bed mass, 5 g HiFUEL R110 catalyst and/or 20 g 

CaO sorbent (where used). 

Sisinni et al (Sisinni et al., 2013), have previously conducted biomass SESR experiments utilising a 

fixed bed of HiFUEL R110 catalyst and calcined dolomite which was reacted with a small quantity of 

the product gas from a fluidised bed biomass gasifier (operating at 850 °C) where a bed material 

consisting of olivine sand. The SESR reactor had a steam to biomass ratio of 0.8 and a bed temperature 

of 650 °C, from this dual reactor setup they were able to establish a H2 purity of ~90 vol.% over multiple 

SESR cycles. The benefit of their system was that the gasification and SESR reactions occurred in 

separate reactors meaning the impact of coking on the sorbent and catalyst was minimal and the 

operating conditions of each reactor could be optimised. H2 production from the use of toluene 

(D'Orazio et al., 2013) and methane (Batini et al., 2017) have also been investigated with the use of a 

HiFUEL R110 catalyst however these were performed under very idealised SESR conditions. 
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3.13. Conclusions

A spout-fluidised bed reactor has been designed, constructed and commissioned to investigate the 

production of H2 via Sorbent Enhanced Steam Reforming (SESR) with biomass as the input feedstock. 

A custom made feeding system was constructed, tested and modified; multiple different types of 

biomass were tested for their feed-ability, however only hardwoods were successfully fed continuously. 

A steam generation system was also iteratively constructed and achieved stable steam production of up 

to 20 vol.%. 

Initially the reactor was commissioned by conducting a series of biomass and coal oxidation 

experiments. These reactions demonstrated the reactor was suitably equipped to monitor the progress 

of the oxidation experiments; overall molar carbon balances for the coal and biomass oxidation 

experiments were 73.8 vol.% and 85.9 vol.% respectively. The reactor was subsequently operated as a 

steam gasifier whilst testing the impact of different bed materials for their impact on hydrogen 

production. The bed materials investigated were calcined longcliffe limestone as a CO2 sorbent and a 

commercial Ni-based catalyst (HiFUEL R110) for the reforming reactions. During the biomass SESR 

experiments the reactor produced a H2 purity of 67.6 vol.% (N2 and steam free) and had a carbon balance 

of 62 vol.%. Further improvements to H2 yeild and purity could of course be made by optimising all of 

the dependant parameters, however the aim of the work presented here was only to demonstrate the 

feasibilty of this reactor and undertake intitial commissioning experiements.
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4Chapter 4 – An Investigation into Calcium Carbonate 

Decomposition: Fluidised Bed Kinetics and Particle Scale Modelling 

4.1. Introduction

An integral part of the calcium looping (CaL) process is the ability to regenerate the CO2 sorbent such 

that it can absorb CO2 again in the subsequent carbonation stage. The process of decomposing calcium 

carbonate into calcium oxide is referred to as calcination, the end result of this process is to produce a 

highly porous sorbent , which lowers the diffusion resistance of CO2 through the particles structure and 

thus enable a sustained fast carbonation reaction to proceed (Manovic and Anthony, 2010c). 

Carbonation is known to occur first with a rapid reaction of CO2 at the exterior particle surface and at 

the interior pore walls, followed by a slower diffusion controlled reaction through the newly formed 

product layer. In comparison, calcination is thought to occur at a progressive steady rate across the 

radius of a particle throughout the whole reaction (Grasa and Abanades, 2006).

In a post-combustion CaL setting, the calciner subjects the carbonated particles to high-temperatures 

(>900 °C) and high CO2 concentrations (80-100 % CO2), due to the oxy-combustion of a fuel to raise 

the bed temperature high enough to overcome the thermodynamic equilibrium and thus release the CO2

from the sorbent (Vorrias et al., 2013) (Martínez et al., 2012). These two factors drive the sintering 

process (Borgwardt, 1989) and greatly influence the carrying capacity of the sorbent (as demonstrated 

in chapter 5). Over multiple cycles this sintering will lead to a sorbent that has a lower available carrying 

capacity and a smaller surface area (Grasa et al., 2008).

Furthermore, due to the high equilibrium partial pressure of CO2 at these operating temperatures there 

is often only minimal driving force for the reaction, which impedes its rate, unless of course the 

temperature of the calciner is increased further (Manovic et al., 2009). Figure 4.1 shows the CO2

equilibrium partial pressure at a range of system pressures for the reaction between CaO and CO2

forming CaCO3 (Equation 2.1). Though increasing the temperature of the calcination reactor would lead 

to a faster rate of reaction there would also be a greater chance of debilitating the sorbent further due to
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an increased extent of sintering (Blamey et al., 2010). Moreover a higher temperature would require 

more fuel to be burnt, more steam to be generated, and a larger reactor to be built, in all leading to more 

cost and operational complexity. Thus a balance must be made when designing these reactors based 

upon the desired CO2 capture rate, temperature of operation and CAPEX and OPEX. 

Figure 4.1 – Thermodynamic equilibrium of CaO and CO2 (Equation 2.1), produced for total pressures

1-5 bar(a) using ThermoVader (McBride et al., 2004).

The kinetics of limestone calcination has been studied previously by Dennis and Hayhurst (Dennis and 

Hayhurst, 1987) who utilised a fluidised bed reactor with an atmosphere of air/N2 and up to 20 vol.% 

CO2. They showed that the calcination rate was slower when higher CO2 concentrations, higher total 

pressures and larger particle diameters were used. Wang et al., (Wang et al., 2007) have also studied 

the pseudo-kinetics of limestone calcination within a 1 m high continuously operated fluidised bed 

reactor with a 20 vol.% CO2 atmosphere, this work examined the hydration and carbonation extent of 

the calcined material to determine the degree of calcination. The results obtained by this work found a
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calcination conversion of 95 % at 1293 K after a 70 min average residence time indicating significant 

mass transfer limitations within the reactor set up, furthermore the method of analysing the extent of 

conversion opened itself up to multiple sources of error. This work was later followed up by the same 

researchers (Wang et al., 2008) utilising the same reactor but with a 20 % steam or N2 dilution, both of 

which increased the extent of conversion, steam slightly more so. Martinez et al., (Martínez et al., 2012) 

have previously conducted a thorough kinetic investigation into limestone calcination kinetics within a 

thermogravimetric analyser (TGA) with a range of CO2 partial pressures (0 - 101 kPa), and temperatures 

(820 - 910 °C) and particle sizes (75 - 125 µm). Their work resulted in calculated activation energies of 

~100 kJ/mol, they then applied a simplified reaction controlled shrinking core model with good 

agreement to their experimental data. Another study of calcination kinetics was conducted in TGA by 

Garcia-Labiano et al (Garcıá-Labiano et al., 2002) who investigated the effects of calcination 

temperature (1048 - 1173 K), particle size (0.4 – 2.0 mm), CO2 concentration (0 – 80 %) and total 

pressure (0.1 – 1.5 MPa). Their research applied a Langmuir-Hinshelwood-type kinetic model which 

was very successful in predicting the calcination conversion extent in a range of CO2 partial pressures 

and total system pressures. 

In a commercial setting, the main gaseous component, other than CO2, present within the calciner will 

be steam due to the combustion of fuel; other minor constituent gases may include O2, N2, SOx and NOx

(Blamey et al., 2010) (Diego et al., 2014) (Diego et al., 2015). Steam has been shown to positively 

influence on the long term carrying capacity of CaO-based CO2 sorbents when it is present during both 

the carbonation and calcination phases (Champagne et al., 2013) (Donat et al., 2012). Steam helps 

maintain some of the sorbents CO2 carrying by lowering the diffusion resistance during the carbonation 

phase and steam sinters the sorbents in a way that preserves the larger pores, beneficial for CO2

transport, during the calcination phase (Donat et al., 2012) (Wang et al., 2008) (Manovic and Anthony, 

2010a). The effect of steam and CO2 on the decomposition of calcite was studied by Wang and Thomson 

(Wang and Thomson, 1995) using dynamic X-ray diffraction (DXRD) at relatively low calcination 

temperatures 440 – 560 °C. Their research illustrated that the kinetic enhancement observed when steam 

is present was due to steam having a faster adsorptive properties than CO2, which was modelled
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following a Langmuir-Hinshelwood derivation assuming a weakly bonded intermediately of steam on 

a CaCO3 active site. Recently this work by Wang and Thomson was refitted to derive the kinetic 

parameters for a single particle model, which was used to study the influence of steam on the rate of 

calcination (Yin et al., 2014). It was found that the catalytic effect of steam had a far greater influence 

than any physical property of the steam and helium mixture. These kinetic parameters were extrapolated 

from the narrow temperature range utilised by Wang and Thomson and as such their findings may not 

be representative of the kinetics at higher operating temperatures. A fluidised bed reactor was utilised 

to calcine limestone and note effect of steam on the extent of limestone calcination, however the 

calcination extent was measured with the use of a TGA which could have introduced a systematic error 

to their results (Wang et al., 2008). Recently, Li et al., (Li et al., 2016a) have also utilised a TGA to 

study the effect of steam vs. N2 on rate of limestone decomposition, they observed a faster reaction time 

when an equivalent quantity of steam was used in place of N2.

Some researchers (Furnas, 1931) (Dennis and Hayhurst, 1987) have suggested that calcination proceeds 

through a particle from the surface at a constant rate, resulting in a sharp reaction boundary between 

calcined and uncalcined material, thus a large number of researchers in the literature have applied the 

shrinking core model to their work. Stanmore and Gilot (Stanmore and Gilot, 2005) provided a review 

in 2005 of calcination and carbonation kinetic studies, which described the range of sintering and 

reaction models that have been previously applied. From work conducted in a drop tube furnace by 

Angew et al (Agnew et al., 2000), it was shown that the rate of calcination is comparable or less than 

the rate of sintering, both of which are highly dependent on temperature, heating rate and the presence 

of CO2 and H2O, confirming the work by Borgwart (Borgwardt, 1985). A recent in depth study (Li et 

al., 2016b) into CaCO3 pore structure accurately describes the effect on pore distribution as sintering 

worsens, they have also provided a kinetic model that describes the pore shifting effect due to sintering.

Industrially, the calcination process is likely to be performed in a circulating fluidised bed or entrained 

flow reactor and thus kinetic data should be gathered within similar apparatus whilst operating at 

conditions that are most representative of the commercial system (Wojciechowski and Rice, 2003). 

Moreover CaCO3 calcination is endothermic (see Equation 2.1) and at a CO2 partial pressures of ~80
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kPa (at a system pressure of 1 atm) the reaction is only thermodynamically possible at temperatures

above ~873 °C (see Figure 4.1). 

Equation 2.1:

����� ⇌ ��� + ���                                ΔHr
0 ≈ -178 kJ/mol

Based on the available literature it is evident that there have been many calcination kinetic studies but 

none have investigated these kinetics at high partial pressures of CO2 with steam in an industrially 

representative fluidised bed reactor. Therefore the focus of this work was to study which parameters 

affect the rate of calcination at realistic industrial conditions. The range of parameters studied were: 

CO2 partial pressure (10 – 80 vol.% CO2), influence of secondary gas (steam or N2), bed temperature 

(900 – 970 °C), particle size (212 – 850 µm), limestone type and sample mass. Following this a particle 

scale model was developed to describe the calcination reaction at these conditions. The experimental 

data gathered with N2 present suffered from a low signal to noise ratio and as such produced physically 

unrepresentative values when utilising it to determine kinetic parameters. The experimental data as a 

whole should be thought of as an experimental validation of the single particle model. 

As a declaration of originality, it must be stated that the calcination experiments with N2 present were

conducted by Masters student Monica Retrosi. 
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4.2. Materials and Experimental Methods

The fundamental experimental method applied in this study consisted of adding a small mass of 

limestone into a hot fluidised bed of sand, the limestone samples’ temperature then rises and thus the 

sample begins to calcine. This investigation utilised an atmospheric fluidised bed reactor that has been 

described previously (Donat et al., 2012), a pictorial overview of the reactor and in particular the steam 

generation system is presented as Figure 4.2. The fluidised bed, which was contained within a quartz 

liner, consisted of 12 ± 0.05 g of sand of particle size fraction of 425 - 500 µm and had a skeletal density 

of 2600 kg/m3.

During the investigations with steam, the change in CO2 concentration was measured indirectly by 

analysing the change in relative humidity and hence steam concentration. This method of measuring 

secondary kinetics was implemented as the concentration of CO2 was above the measurable range of 

any suitable analyser. For the experiments with N2 in replacement of steam it was necessary to measure 

variation of CO2 concentration with time, but there are inherent difficulties in measuring very high CO2

concentrations as they were out of the range of any standard analyser. An FTIR analyser with a gas cell 

could have measured the high CO2 concentrations but the response times are too slow for determining 

kinetic data and the accuracy would have been limited due to the background noise of the system. A 

thermal conductivity analyser could have been utilised but the resolution would have been insufficient 

to observe the small changes from the baseline. It was therefore decided that the gas stream from the 

reactor should be diluted with a known, fixed flow rate of N2 to bring the concentration of CO2 down 

to a level that was measurable by an IR multigas analyser (ADC MGA-3000). 

The experiments were conducted with a calibrated mix of CO2 (BOC) and steam or CO2 and N2 (BOC). 

The total flow rate of all gases was fixed to 50 cm3/s at 298 K and 1 bar(g). This flow rate was chosen 

based on the minimum fluidisation calculations to achieve a U/Umf ≈ 5.5 at 950 °C with sand of particle 

size fraction of 425 - 500 µm and skeletal density of 2600 kg/m3. The high U/Umf ensured effective 

mixing and minimised the bulk diffusion resistance and maximised the heat transfer within the bed. The 

flow rate was not adjusted for temperature in order to maintain the U/Umf ratio because the range of
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temperatures investigated was small and was calculated to make no more than ~8 % relative difference 

to the U/Umf. Some preliminary experiments and calculations of the amount of CO2 released compared 

to the amount of gas passing through the system confirmed that the reactor was operating as a 

differential reactor; meaning that the particles of limestone can be assumed to always be reacting within 

the gaseous environment of the inlet of the reactor. The CO2 and N2 flow rates were controlled with 

rotameters, however the steam was generated using a specifically constructed bubbler system which is 

represented in Figure 4.2. The steam generator was immersed within a large heated bath of water with 

a temperature controlled heating system; the large dimensions of the water bath effectively maintained 

a constant thermal mass within the bubbler, which was crucial for generating a stable steam 

concentration. The CO2 gas was utilised as the carrier gas for the bubbler but was first preheated in a 

coil (also immersed within the water bath) before bubbling up through the column of water within the 

bubbler thus picking up the water vapour. The amount of water vapour collected depended primarily 

on the water temperature within the bubbler and the gas flow rate. The flow rate of CO2 was adjusted 

based on the relative humidity produced, so as to maintain a constant 50 cm3/s total flow rate entering 

the reactor. The gas lines leading to the reactor were trace heated to ~200 °C for all experiments.

At the outlet of the reactor a sample probe was embedded about 10 cm into the top of quartz liner, a 

constant flow rate of gas was withdrawn from the reactor and controlled by a separate pump and 

rotameter. For the reactions with steam the gas was passed over a relative humidity probe (Vaisala) and 

post-measurement the gases were cooled and the water vapour was condensed using an ice trap before 

the gas was vented to the local exhaust ventilation. The response time of the relative humidity probe 

and the total system was measured by employing the method described by Fennell et al. (Fennell et al., 

2009). The final response time constant to reach 95% of the final value was calculated to be ~1.4 s. 

When measuring kinetic data, a response time constant less than 6 seconds means the data gathered is 

suitable for deconvoluting by assuming a CSTR model, this method is described later. 



123

Figure 4.2 – Pictorial representation of the reactor and steam generation system. 
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For the reactions with N2 in replacement of steam the humidity probe and ice trap were removed and 

replaced with a small calcium chloride trap to collect any water vapour produced during the limestone 

calcination. The exit gases were sampled using the same sampling probe as was used in the steam 

system but the gases were mixed with a calibrated, fixed quantity of N2 to reduce the CO2 concentration 

and then the CO2 concentration was measured with the gas analyser. The same negative gauge pressure 

post-analysis pump and rotameter was utilised for these reactions. The response time constant was also 

measured for this system and was found to be ~3 s.

The limestone that was primarily used in these experiments was Longcliffe limestone (Longcliffe 

Quarries Ltd, Derbyshire, UK). XRF data for the different types of limestone utilised in this study can 

be observed in Table 4.1. 

A mix of 80 vol.% CO2 and 20 vol.% steam at 950 °C was utilised as a base case for the comparison 

against other data, this configuration was considered most likely to match the conditions within a 

commercial calciner. Unless stated otherwise, it can be assumed that a particle size of 500 – 710 µm 

and a sample mass of 0.25 g was utilised. Some preliminary experiments were conducted to determine 

the most suitable mass of sample to use based on the minimising the inter-particle diffusion effects of 

large sample masses whilst producing a sufficiently large signal to noise ratio. To investigate the effect 

on the kinetics of limestone calcination the operational parameters were individually altered and are 

discussed in detail throughout this chapter.
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Table 4.1 – XRF data in mol.% of the limestones utilised in this study (Alonso et al., 2014). 

Limestone type

Species mol.% 

by XRF
Longcliffe Havelok Cadomin Imeco

CaCO3 98.89 96.30 94.34 96.10

SiO2 0.16 2.38 2.59 1.10

Fe2O3 0.01 0.10 0.10 0.20

Al2O3 0.10 0.28 0.06 0.10

MgO 0.50 0.56 2.08 1.20

K2O 0.05 0.05 0.06 0.05

MnO 0.29 0.29
0.21

-

SrO - 0.03 0.02 -
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4.2.1. Method to analyse calcination data with steam and CO2 present

	
	

			

		

			

=
	

	 	

To analyse the data from the steam and CO2 experiments a mole balance was performed around the 

	

boundary of the reactor, which can be been summarised in the following series of equations. 

Equation 4.19 - Total molar flow rate in was composed of CO2 and steam:

	
	

�̇� �� = �̇���

		

	

�� + �̇���

=
		

��

Equation 4.20 - Assuming no steam reacts: 

�̇���

	

	

��� = �̇��� ��

The total amount of CO2 leaving the reactor was equal to the amount of CO2 that enters plus the amount 

generated from the calcination.

Equation 4.21:

�̇��� ��� = �̇��� �� + ���� ���

The mole fraction of steam entering the reactor was defined as the molar flow rate of steam in divided 

by the total molar flow rate in.

Equation 4.22:

���� �� =
�̇��� ��

�̇� ��

�̇��� ��

�̇��� �� + �̇��� ��

Then by defining the mole fraction of steam at the outlet in the same manner and then substituting in 

Equation 4.20 and Equation 4.21 into Equation 4.22 it possible to define the outlet mole fraction of 

steam (a measurable quantity) in terms of the inlet molar flow rates.

Equation 4.23:

���� ��� =
�̇��� ���

�̇� ���

�̇��� ���

�̇��� ��� + �̇��� ���
=

�̇��� ��

�̇��� �� + �̇��� �� + ���� ���
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Equation 4.24 - By rearranging Equation 4.23: 

	
	

					

	

����

	
	

	

��� ∙ (�̇���

	
	

�� + �̇���

	

=

�� + ���� ���) = �̇��� ��

Equation 4.25 - Then by re-arranging again and substituting in Equation 4.19:

���� ��� =
�̇��� ��

���� ���
− �̇� ��

Equation 4.26 - Finally, substituting in Equation 4.22:

���� ��� = �̇� �� �
���� ��

���� ���
− 1�

The mole fractions were measured by the relative humidity and converted into partial pressures by use 

of the saturation vapour pressures determined from the Clausius-Clapeyron equation. The inlet mole 

fraction of steam was taken as the averaged baseline before and after the reaction.

Equation 4.27:

���� ��� =
�� ���

��

�� %
100

���

��
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4.2.2. Method to analyse calcination data with N2 and CO2 present

To analyse the data from the N2 and CO2 experiments a mole balance was performed around a boundary 

of the reactor and the dilution system, which have been summarised in the following series of equations 

and is illustrated in Figure 4.3. 

Figure 4.3 – Mole balance around the reactor and dilution system, showing inputs and outputs and the

assumed reaction boundary. 
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Equation 4.28 - N2 mole balance assuming continuity: 
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Fdilution is the extra N2 that was added after the reactor to reduce the CO2 concentration entering the 

			

		 	

	

analyser. 

The mole fractions of N2 in and out were defined as follows. 

	 	

	 	

Equation 4.29:

���

		

�� =

	

�̇��

	

��

�̇� ��

Equation 4.30:

��� ��� =
�̇�� ���

�̇� ���

Equation 4.31 - Substituting The mole fractions of N2 in and out were defined as follows.

Equation 4.29 and Equation 4.30 into Equation 4.28:

�̇� ����� �� + ��������� �� = �̇� ������ ���

Equation 4.32 - Recognising that the system is composed only of CO2 and N2:  

��� �� = 1 − ���� ��

Equation 4.33:

��� ��� = 1 − ���� ���

Equation 4.34 - Then substituting Equation 4.32 and Equation 4.33 into Equation 4.31:  

�̇� ��(1 − ���� ��) + ��������� �� = �̇� ���(1 − ���� ���)

Equation 4.35 - Rearranging to derive an expression for the total molar flow rate out:

�̇� ��� =
�̇� ���1 − ���� ��� + ��������� ��

(1 − ���� ���)
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Equation 4.36 - CO2 mole balance assuming continuity: 
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The mole fractions of CO2 in and out were defined as follows. 

		

Equation 4.37:

����

−

�� =
�̇��� ��

�̇� ��

Equation 4.38:

���� ��� =
�̇��� ���

�̇� ���

Equation 4.39 - Substituting Equation 4.37 and Equation 4.38 into Equation 4.36 and rearranging:  

�̇� �������

	

��� − �̇� ������ �� = ���� ���

Equation 4.40 - Substituting Equation 4.35 into Equation 4.39:

�̇� ���1 − ����

		

	

��� + ���������

	

��

(1 − ���� ���)
���� ��� − �̇� ������ �� = ���� ���

Equation 4.41 - Rearranging the left hand side of Equation 4.40:

�̇� ���1 − ���� ������� ��� + ��������� ������ ���

(1 − ���� ���)
�̇� ������ �� = ���� ���

Equation 4.42 – Expanding and rearranging the left hand side of Equation 4.41:

�̇� ����1 − ���� ������� ��� − (1 − ���� ���)���� ���+ ��������� ������ ��� = (1 − ���� ���)���� ���

Equation 4.43 - Rearranging the left hand side of Equation 4.42:

�̇� ������� ��� − ���� ������� �� − ���� �� + ���� ������� ���+ ��������� ������ ���

= ���� ���(1 − ���� ���)
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Equation 4.44 - Simplifying Equation 4.43 leads to the final expression:

����
		

��� =
	�̇� ������� 			

	
��� − ���� ��� + ��������� �� ���� ���

(1 − ���� ���)

In this equation, the term Fdilution N2 xCO2out effectively scales the measured CO2 moles up to the correct

value, as if no dilution had taken place.

4.2.3. Rate constant derivation 

The rate data was deconvoluted via Equation 4.45 as described by Fennell et al. (Fennell et al., 2009). 

Equation 4.45:

�� = �� + �
���
��

The peak rates of reaction were taken as the maximum rate observed (after deconvolution) and was 

assumed to be equal to the initial rate of reaction. It was also assumed that after the peak rate of reaction 

was observed the rate at all subsequent times was limited by some other factor. 

Equation 4.46 - Following an assumed first order derivation the rate constants were calculated using:

����� = ����������
∗ − �����

�

Where rcalc was the observed peak rate of calcination, kcalc was the observed rate constant calculated and 

described by Equation 4.48, C*
CO2was the equilibrium CO2 concentration and CCO2 was the CO2

concentration at the peak rate in units of mol/m3. n was the order or reaction assumed to be first order 

in both cases, as demonstrated by (Borgwardt, 1985) (Silcox et al., 1989) (Dennis and Hayhurst, 1987) 

(Agnew et al., 2000) this is a valid assumption. The equilibrium CO2 concentration (pCO2/RiT) was 

determined from the thermodynamic data shown in Figure 4.1. The rates were sometimes plotted in 

units of s-1 in this case they were converted from mol/g.s to s-1 by multiplying by the molar mass of 

CaCO3.  
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Equation 4.47 - Arrhenius equations for calculating kcalc:

����� = ���
�
��
���       and ln(�����) = �

���

��
� �

�

�
� + ln(��)

Where k0 was the pre-exponential factor representing the frequency of collisions in units of s-1, EA was 

the activation energy of the system in J/mol, T was the reaction temperature in kelvin and Ri was the 

ideal gas constant in units of J/mol.K.

4.3. Results and Discussion 

The main difference observed between calcinations that were conducted in the presence of steam 

compared to N2 was the rate of reaction. As can be seen from Figure 4.4 where the convoluted CO2 rate 

responses for the two systems have been overlaid, the calcination in the presence of steam was 

approximately 4 times faster than that with N2 instead. This chapter will investigate the reasons behind 

this observed difference.

Figure 4.4 – Convoluted CO2 response from the calcination of 0.25 g of longcliffe limestone (500-710

µm) in 80% CO2 and 20% steam (red line) and 80% CO2 and 20% N2 (blue line).

×
1

0
-3
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4.3.1. Effect of varying bed temperature

The bed temperature was set to a calibrated value, 8-15°C above the desired bed temperature such that 

when the cold aliquot of limestone was added, the sample absorbed some of the bed’s heat thus dropping 

the bed temperature and allowing the sample to react at the desired set point temperature. Figure 4.5 

displays the bed temperature and analyser response when 0.25 g of longcliffe limestone (500-710 µm) 

was added into the reactor. Figure 4.5a shows the system response when the bed was fluidised by 80 

vol.% CO2 and 20 vol.% steam and Figure 4.5b shows the response when the bed was fluidised by 80 

vol.% CO2 and 20 vol.% N2. To ensure the precision and accuracy of the experimental work, great care 

was taken to validate that the reactions occurred as close to the set values as possible, because of this 

each experiment was repeated a minimum of 4 times. 

Observing the typical temperature response displayed in Figure 4.5a shows a pseudo-isothermal state 

throughout the main calcination period; the bed temperature only begins to recover when the reaction 

is almost finished. Figure 4.5b displays a much more pronounced initial drop in temperature when the 

sample is added. Furthermore, there was a noticeable difference in the rate of reaction and the rate of 

bed temperature recovery when the calcination was conducted with N2 in replacement of steam. The 

observed bed temperature responses of the endothermic calcination reactions with steam imply that the 

reaction rate was sufficiently fast to limit the rate at which the bed temperature heated back up. 

Conversely, the observed temperature response of limestone calcination with N2 present show that the 

slow rate of reaction dispersed the samples enthalpy of reaction, thereby enabling the bed temperature 

to gradually recover whilst the reaction took place. This effect led to the incorporation of a common 

systematic error with regards to the reaction temperature measurement. To compare the data accurately 

between these two systems, the temperatures stated will be given with a standard deviation error 

calculated across the period between 0 and 90 % conversion and across each of the samples. 
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Figure 4.5 – (a) Bed temperature and convoluted CO2 response from the calcination of 0.25 g of 

longcliffe limestone (500-710 µm) in 80% CO2 and 20% steam (b) Bed temperature and convoluted 

CO2 response from the calcination of 0.25 g of longcliffe limestone (500-710 µm) in 80% CO2 and 20% 

N2. Vertical dashed lines indicate the point at which the reaction had visibly begun to react. 

The response of the bed temperature profile, when compared to the response of CO2 concentration, 

showed a discrepancy as to when the reaction actually began. A vertical dashed line has been added to 

Figure 4.5a and Figure 4.5b to highlight the offset between the two responses. The CO2 responses have 

both been shifted by the measured system lag time (measured by calculating the gas velocity in the 

tubing and multiplying by the length of tubing) yet the N2 system still presented ~7 s of delay between 

the temperature responding to the addition of the cold sample and the CO2 being detected by the 

analyser. It was thought this could be due to a difference in heating rates of the sample caused by the 

different gas composition. Because of these two fundamentally different responses it was initially 

thought that the steam was able to facilitate the transfer of heat to the limestones surface more 

effectively than N2. The heat transfer coefficient of the steam system was calculated to be 471 W/m2.K 

which is slightly greater than the value calculated for the N2 system of 414 W/m2.K. It is not thought 

that a difference of ~55 W/m2.K would account fully for the difference in heating rates observed but it 

likely played a part. The second half of this work will aim to explain the difference in reaction rate by 

developing a particle model for these two systems.  

ba

×
1

0-3

×
1

0-3
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Figure 4.6a and b and Figure 4.7a and b show the reaction and conversion profiles for limestone 

calcination in 20% steam 80% CO2 and 20% N2 80% CO2 when the bed temperature is altered. Although 

the temperature range is not significantly large, there is a clear difference in rate of reaction and length 

of time for the reactions to complete, with the steam calcination taking approximately half the amount 

of time as the N2 calcinations. The variation in conversion profiles is due to measurement inaccuracies 

caused mostly by the signal to noise ratio being low. 

The rate of these reactions was limited by the thermodynamic equilibrium position of CaCO3 within the 

high CO2 atmosphere, which at 80 vol.% CO2 the equilibrium temperature was calculated to be ~873 

°C. This means that the calcination reactions would not be thermodynamically feasible until 

temperatures above this value were reached. Experiments were conducted initially at 900 °C but at this 

temperature the signal to noise ratio was too low to accurately assess when the reaction was happening. 

The upper limit for the bed temperature was set by the material properties of the reactor and controlled 

by the rate at which heat could be transferred into the bed from the hot exterior wall. When operating 

at 950 °C with steam and CO2 the reactor wall temperature reached ~1200 °C in order to maintain the 

bed temperature. On the other hand, the N2 system could reach bed temperatures ~970 °C with the same 

wall temperature. It was deemed unsafe to take the reactor to above these wall temperatures 

consequently the experimental results for varying bed temperature were limited to this range. The reason 

for the N2 system being able to reach higher temperatures with the same wall temperature was thought 

to be due to the specific heat capacity of N2 being approximately half that of steam at the same 

temperature (Rogers and Mayhew, 1995). 
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Figure 4.6 – Averaged reaction and conversion profiles for limestone calcination in 20 vol.% steam and

80 vol.% CO2 when varying the bed temperature. 

Figure 4.7 – Averaged reaction and conversion profiles for limestone calcination in 20 vol.% N2 and 80

vol.% CO2 when varying the bed temperature.

The data presented from all experiments with N2 present utilised a sampling rate of 1 sample per second,

however this data was thinned for clarification when plotting. 

a

b

b
a

×
1

0-3
×

1
0-3
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The reaction rate constants applied in Figure 4.8 were calculated utilising the method described in 

section 4.2.3. Activation energies for the two systems were calculated by plotting the reciprocal of the 

bed temperature against the natural logarithm of the observed first order (with respect to CCO2eq - CCO2) 

reaction rate constants in units of s-1, this Arrhenius plot shown in Figure 4.8. The slope and intercept 

of this graph represent the activation energy divided by the universal gas constant and natural logarithm 

of the pre-exponential factor respectively. The activation energies and pre-exponential factors were 

substituted into the Arrhenius equation to calculate the rate constant at a given temperature. The 

activation energies calculated were 78.8 kJ/mol and 253.7 kJ/mol for the steam and N2 system 

respectively as shown in Table 4.2. Other researchers in the literature have provided values for the 

Arrhenius parameters of limestone calcination under similar conditions; these have been summarised 

in Table 4.3. The values calculated from this work sit well within the expected range of literature 

activation energies (Garcı́a-Labiano et al., 2002). The activation energies also demonstrate that steam 

lowers the activation energy of limestone calcination. 

Figure 4.8 – Arrhenius plot for the observed first order kinetics of limestone calcination in 80 vol.%

CO2 and either 20 vol.% steam or N2. 

R2 = 0.916

R2 = 0.769
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The error bars shown in Figure 4.8 were calculated from a standard deviation of the repeated 

experiments which were then adjusted via the laws of error propagation. The deviation from the mean 

value was greater for temperature because it was difficult to ensure the reactor behaved and responded 

exactly the same for each experiment.

Table 4.2 – Arrhenius parameters for the observed first order kinetics of limestone calcination in 80

vol.% CO2 and either 20 vol.% steam or N2. 

It is understood that the range of temperatures for which these activation energies have been calculated 

was small, especially so with the steam system. This was due to reactor and gas analysis limitations. 

Nevertheless these results do provide an indication of the approximate activation energies and pre-

exponential factors for the calcination of limestone within a fluidised bed operating under realistic 

temperatures and concentrations. The activation energies obtained by previous researchers is shown in 

Table 4.3 and shows that the values determined in this set of work were within a similar range and order 

of magnitude. Purity, or rather impurities, do seem to affect the rate of calcination and hence the 

calculated activation energies; this is evident by looking at the activation energies obtained by Garcia-

Labiano et al. and Martinez et al. whose studies overlapped in the conditions applied, yet quite diverse 

values were produced which is likely to be because of the impurities in the starting materials. Most of 

the previous experimental work looking into the kinetics of calcination utilised a TGA however kinetic 

data gathered via this apparatus is known to suffer from many external diffusional issues which impede 

the accuracy of the resulting kinetic data (Liu et al., 2012).

Steam system N2 system

k0 obs (s-1) Ea (kJ/mol) k0 obs (s-1) Ea (kJ/mol)

Observed first

order kinetics
2.8 ×105 78.8 ± 23.7 2.8 ×1012 253.7 ± 80.4
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Table 4.3 – A comparison of literature values for the activation energy of limestone calcination. 

Limestone sample 

characteristics

Measurement technique and 

conditions

Activation energy 

/ kJ/mol

   

Authors

 

Two limestones of 

particle size fractions: 

75 − 125, 125 − 300, 

300 − 600, and 

600 − 800 μm

2 mg of sample analysed in an 

atmospheric pressure TGA under   

100 % N2 between 820 to 910 °C

102.1 ± 10.4 
(Martínez et al., 

2012)

 

 

Calcite samples of  

> 98 % purity

10 mg of sample analysed in an 

atmospheric pressure TGA under   

100 % N2 between 500 to 700 °C

109.0 for     

98.2% purity 

193.8 for     

99.5% purity

(Calvo et al., 

1990)

 

Limestone of particle 

size fraction 1 − 90 μm

Modelled kinetics based on BET 

surface area measurements of 

samples calcined within a 

differential flow reactor under 

100 % N2 between 516 to 1000 °C

205.0 ± 8.4 
(Borgwardt, 

1985)

Limestone of particle    

size fraction   

0.4 − 2.0 mm

3.5 g sample batches added to a 

fluidised bed reactor at varying 

system and partial pressures of 

CO2 (Ea given under 20 % CO2, 

80 % N2 between 800 to 975 °C)

169.0 
(Dennis and 

Hayhurst, 1987)

Two limestone and one 

dolomite of particle size 

fractions 0.8 − 1 mm

10 mg samples analysed in an 

atmospheric pressure TGA under 

100 % N2 between 775 to 900 °C

166.0, 131.0 and 

114.0 for the 

different limestones

(Garcı́a-Labiano 

et al., 2002)

Calcite samples of mean 

particle diameter 1.8 µm

Least squares fitting to data from 

in-situ dynamic XRD analysis 

between 440 to 560 °C. Pure He 

and ~20% H2O in He respectively

192.0 ± 13 in     

100 % He 

247.0 ± 17 in 20 % 

steam, 80 % He

(Wang and 

Thomson, 1995)
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4.3.2. Effect of varying CO2 partial pressure

The order of reaction and hence influence of the different gases (CO2, steam and N2) was determined 

by varying the concentration of steam (12, 21, 29 and 39 vol.%) and N2 (10, 20, 30, 40, 50, 60, 70 and 

80 vol.%), then fitting the data to a simple differential rate law. The influence of steam and N2 partial 

pressure on the rate of calcination was initially found by plotting ln of the rate against ln of the partial 

pressure, this is presented as Figure 4.9. The experimental data gathered for the calcinations in the 

presence of 70 and 90 vol.% CO2 were not included in these calculations as the observed conversions 

were well above experimental error, as can be seen in Table 4.4. 

It can be observed that the order of reaction with respect to steam concentration, given by the slope of 

the best fit line, was approximately zeroth order, indicating that a steam concentration above ~12% had 

very little influence on the rate of calcination. The independence of steam concentration on the rate of 

reaction can be observed by reference to Figure 4.10a and b which display the observed rate of 

calcination and observed conversion, both against time.

Figure 4.9 – Influence of steam and N2 concentration on the rate of calcination. n represents the apparent

order of reaction. Kinetic experiments conducted at 950 °C, 1 bar(a).
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Figure 4.10 – Reaction and conversion profiles for limestone calcination at 950 °C with varying steam

and CO2 concentrations. The percentages specified in the legends are the steam vol.% concentrations. 

The reaction order with respect to N2 was also fitted via the same method as steam was and is again 

presented in Figure 4.9. An approximate first order relationship was found between the concentration 

of N2 and the rate of calcination at all concentrations of N2. This relationship is shown further in Figure 

4.11a and b which display the observed rate of CO2 released vs time and conversion vs time. 

Figure 4.11 – Reaction and conversion profiles for limestone calcination in at 950 °C with varying N2

and CO2 concentrations. The percentages specified in the legends are the N2 vol.% concentrations.

a

b

×
1

0-3

b
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1
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The influence of CO2 partial pressure on the rate of reaction was determined next. A full description of 

∙

the work that conducted is presented within appendix II. The final rate equations are shown as Equation 

4.48 and Equation 4.49 for the N2 system and steam system respectively. The N2 system displayed an 

approximately first order relationship with respect to the partial pressure of CO2, whereas the steam 

system data displayed a good fit to a Langmuir Hinshelwood derived rate equation.  

Equation 4.48:

����� = ����
����
���

Equation 4.49: 

−����� =
��
���

���������
�� + ������ + ������ + ���������� + ������

� ����

Figure 4.11b and Table 4.4 show the variation of recorded conversions during the N2 calcination 

reactions. The amount of measured over calcination was generally greater for the experiments with 

higher CO2, lower N2 concentrations. This was caused by a low signal to noise ratio which itself was 

limited by the calcining sample only producing a very small change in the bulk gas concentration which 

was dispersed over a reaction period up to 200 seconds. In addition, the exit gases were subsequently 

further diluted with N2 to produce a CO2 concentration that was measurable by the analyser, this led a 

greater systematic error in the experiments with a higher CO2 partial pressure as they required more N2

dilution. The data for 70 vol.% CO2 and 90 vol.% CO2 (balanced with N2) were excluded from the 

calculations as the measured conversions were excessively large and outside the expected deviation due 

to experimental error. Through applying the laws of error propagation (Equation 4.50 and Equation 

4.51), an error analysis of the mass balance can be conducted.
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Equation 4.50 – Laws of error propagation when calculating the summation or difference:  

�� ≈ �� + ��

Equation 4.51 – Laws of error propagation when calculating the product or quotient:

��

|�|
≈
��

|�|
+
��

|�|

Substituting Equation 4.50 and Equation 4.51 into Equation 4.44 (the general mass balance equation 

for the N2 balanced system with dilution) it is possible to calculate the relative uncertainty in the 

measured values. The ADC (MGA-3000) multi-gas analysers’ intrinsic accuracy was stated to be 1 % 

of the reading, and it was assumed that it was only possible to read a rotameter to within half the smallest 

division (0.05 L/min, therefore ~6.25% accuracy). Utilising these values within Equation 4.50 and 

Equation 4.51, it was calculated that for a system of 10 vol.% CO2 inlet and no dilution, the relative 

uncertainty in the measurement was up to 18.4 %; whereas for a system of 90 vol.% CO2 inlet with 

enough dilution to bring the CO2 concentration to a measurable 35 vol.%, the relative uncertainty was 

found to be up to 86.1 %. This difference in error was observed because the relatively small sample 

mass used, produced only a small difference in the CO2 concentration (<1 percentage point difference 

at the 90 vol.%  CO2 inlet condition) and this CO2 was distributed across a large time scale (~100 s). 

Table 4.4 – Recorded conversions for N2 system calcinations when varying the CO2 concentration. The 

theoretical moles of CO2 released from a 0.25 g sample of limestone (CaCO3 purity = 98.9 mol.%) is 

~2.5 ×10-3 moles.

CO2 / vol.% 90 80 70 60 50 40 30 20

N2 /  vol.% 10 20 30 40 50 60 70 80

Moles of CO2

measured / mol
4.2 ×10-3 2.8 ×10-3 3.5 ×10-3 2.5 ×10-3 2.9 ×10-3 2.5 ×10-3 2.4 ×10-3 2.4 ×10-3

Conversion  / % 171.5 111.2 140.6 102.6 117.5 98.2 95.6 95.1
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4.3.3. Effect of varying particle size

The influence of particle size is an important parameter to optimise when conducting kinetic 

experiments, as generally the larger the particle the more internal mass transfer diffusion there is. This 

potential internal diffusion can limit the rate of reaction significantly leading to erroneous kinetic data. 

During the bulk of this work the particle size fraction utilised was 500 - 710 µm and was chosen based 

on its availability. Subsequently, when analysing the data it was noted that there was difference in rate 

between the size fraction utilised (500 - 710 µm) and the smallest size fraction (355 - 425 µm). This 

signifies that intra-particle diffusion did play a role in limiting the rate of calcination. Figure 4.14a 

shows the difference in rate caused by changing the particle size fraction of limestone for calcination in 

20 vol.% steam 80 vol.% CO2 at 950 °C and Figure 4.15a shows the equivalent data for limestone 

calcination with varying particle size fraction in 20 vol.% N2 and 80 vol.% CO2. The data in Figure 

4.14a and Figure 4.15a shows the rate data normalised for the mass of sample. The difference in peak 

rate between the utilised size fraction and the smallest size fraction was ~38 % greater for the steam 

system and ~72 % for the N2 system. 
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Figure 4.12 – Calcination rate and conversion profile of different limestone particle size fractions at

950 °C in 20 vol.% steam 80 vol.% CO2.

Figure 4.13 – Calcination reaction and conversion profiles of different limestone particle size fractions

at 950 °C in 20 vol.% N2 80 vol.% CO2. 

As can be observed from Figure 4.14 and Figure 4.15 there was a noticeable difference in the rates of 

calcination between the different particle size fractions. Differences in the structural characteristics of 

each particle size fraction may have been the cause of the variance in kinetic results obtained. To 

quantify the limestone particles’ characteristics the following analytical techniques were performed.

a

b

a b
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Mercury intrusion porosimetry (MIP, Micromeritrics – AutoPore IV) was utilised to calculate the pore 

volume utilising an arbitrary pore diameter cut-off of 30 µm, assuming that all pore volume above this 

size fraction was inter-particle void space. Helium adsorption measurements (Accupyc, Micromeritics 

- AccuPyc II 1340 Series Pycnometer) were utilised to calculate the skeletal densities, and powder 

density measurements (geopyc, Micromeritics, GeoPyc-1365) were utilised to verify the envelope 

density and porosity obtained. The porosity of the material was initially calculated via the following set 

of equations utilising the data from the MIP and helium adsorption.

Equation 4.52 - The specific solid volume was defined as the reciprocal of the pore volume:

�� =
1

��

Equation 4.53 - Porosity was defined as the volume of the pores relative to the total volume:

� =
��

�� + ��

Equation 4.54 - Envelope density was defined as the reciprocal of the total specific volume:

�� =
1

�� + ��
= ��(1 − �)

These equations were utilised to calculate the values recorded in Table 4.5, this table also presents the

data from the powder density measurements.
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Table 4.5 – Particle characterisation by helium adsorption density, powder density and mercury porosimetry.

Longcliffe
Helium adsorption  

(Accupyc)
Powder density (Geopyc)

Hg intrusion porosimetry 

(< 30 µm)

Particle size 

fraction (µm)

Geometric mean 

diameter (µm)

Skeletal density 

(g/cm3)

Envelope density 

(g/cm3)

Geopyc 

porosity (%)
Pore volume (cm3/g) 

Solid volume 

(cm3/g)

Calculated 

porosity 

(%)

Calculated 

envelope density 

(g/cm3)

212 - 355 274.3 2.77 ± 0.002 1.82 ± 0.010 34.2 % 0.024 0.362 6.2 % 2.59

355 - 425 388.4 2.70 ± 0.001 1.94 ± 0.013 28.3 % 0.020 0.370 5.1 % 2.57

425 - 500 461.0 2.71 ± 0.001 2.02 ± 0.011 25.2 % 0.019 0.369 4.9 % 2.58

500 - 710 595.8 2.81 ± 0.001 2.18 ± 0.026 22.5 % 0.016 0.356 4.2 % 2.69

710 - 850 776.9 2.92 ± 0.006 2.34 ± 0.061 20.2 % 0.008 0.343 2.2 % 2.85

Cadomin

500 - 710 595.8 2.90 ± 0.006 2.19 ± 0.013 24.7 % 0.011 0.345 3.1 % 2.81

Havelok

500 - 710 595.8 2.92 ± 0.002 2.14 ± 0.011 26.8 % 0.012 0.343 3.4 % 2.82

Imeco

500 - 710 595.8 2.94 ± 0.007 2.11 ± 0.014 28.3 % 0.008 0.3407 2.4 % 2.86
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Comparing the porosities derived from Equation 4.52 to Equation 4.54 and the porosities from the 

powder density measurements there was a significant difference, which is likely to be because of the 

selected MIP cut off value and the experimental errors in the powder density measurements. The cut-

off value was selected based on a best estimate as there was no precise way to define which pore volume 

changes were from actual pore space and which were pore volume change due to inter-particle void 

space. The cut-off point is shown in Figure 4.14 (as a red dashed line on the inserted figure) on the raw 

MIP data of different limestone particle sizes. The large amount of noise in this data indicates the low 

permeability and porosity of these limestone particles, furthermore the noise was influenced by the 

particles having no consistent pore structure. As can be observed there is a continuum between void 

space and pore space which is the cause for inaccurate porosity measurements. 

Figure 4.14 – Raw mercury intrusion porosimetry data for different limestone particle sizes, 

highlighting the difficulty in selecting a suitable pore volume cut off value for non-porous and non-

permeable materials.
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Based on this evidence a best fit line was plotted for the average of both porosities (calculation from 

MIP and helium adsorption data and measured Geopyc porosity) and is presented as Figure 4.15. This 

best fit line provided an equation to describe the porosity with changing particle size of Longcliffe 

limestone.

Figure 4.15 – Mean porosity vs geometric mean particle radius.

To investigate the influence of porosity on the observed rate of calcination, the original kinetic data 

presented in Figure 4.14 and Figure 4.15 was normalised for envelope density (which is a function of 

porosity) by dividing the mass specific rates by the envelope density (units g/cm3) therefore generating 

the rate data in a volume dependant form; this data is presented in Figure 4.16a and b. The envelope 

density was recalculated using Equation 4.54 and the porosity equation shown in Figure 4.15 to give 

the values displayed in Table 4.6.



150

Table 4.6 – Adjusted envelope densities of different Longcliffe limestone particle sizes. 

The difference in peak rate between the smallest particle size fraction and 500 – 710 µm was 

subsequently found to be ~27 % (for the steam system) and ~57 % (for the N2 system) suggesting that 

the porosity of the particles did impact on the rate but it wasn’t responsible for all the difference. The 

remaining explanation for the difference in rates must be due to the internal mass transfer diffusion 

which was itself dependent upon the structural differences and the pore evolution mechanisms. This 

internal mass transfer diffusion means that the results are comparable but not perfect, it would obviously 

be better to repeat the experiments with a smaller particle size to generate kinetic data closer to the 

intrinsic values. 

Figure 4.16 – Rate profiles for the calcination of different limestone particle size fractions at 950 °C in 

(a) 20 vol.% steam and 80 vol.% CO2, and (b) 20 vol.% N2 and 80 vol.% CO2 when normalised for 

envelope density. 

Particle size fraction / 

µm

Geometric mean 

particle radius / µm

Calculated 

porosity / %

Recalculated envelope 

density / g/cm3

212 - 355 137.2 19.2 2.23

355 - 425 194.2 17.2 2.24

425 - 500 230.5 15.9 2.28

500 - 710 297.9 13.6 2.43

710 - 850 388.4 10.4 2.61

b
a
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BET (Micromeritics,TriStar II) analysis (data presented in Table 4.7) was also performed on the 

limestone samples to determine the surface area of the different particle size fractions. There was little 

observed correlation between the particle size fraction and measured BET surface area, it was not 

possible to say that smaller particles have an increased surface area and therefore had a faster rate of 

reaction. The BET data, like the MIP data, was very noisy due to the particles having no consistent pore 

structure. It was also not possible to correct the observed kinetic data into intrinsic kinetic data via the 

effectiveness factor model or tortuosity factor, as these particles are inherently non-porous and therefore 

will have a low Thiele modulus meaning the effectiveness factor model is not appropriate. 

Table 4.7 – BET data for different particle size fractions of limestone. 

Particle size 

fraction / µm

BET surface area 

/ m2/g

Longcliffe

212 - 355 0.05 ± 0.01

355 - 425 0.01 ± 0.01

425 - 500 0.05 ± 0.01

500 - 710 0.10 ± 0.01

710 - 850 0.07 ± 0.01

Average 0.06 ± 0.01

Havelok

500 - 710 0.46 ± 0.01

Cadomin

500 - 710 1.05 ± 0.01

Imeco

500 - 710 0.21 ± 0.01
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4.3.4. Effect of varying sample mass

The mass of sample added to the reactor was altered to study the impact of external bulk diffusion 

resistance within the fluidised bed, the results of which can be observed within Figure 4.17 and Figure 

4.18 for the steam and N2 experiments respectively. The data presented was normalised for sample mass 

so that the influence caused by changing the sample mass can be observed equally. The results of the 

experiments in the presence of steam indicate that there was minimal external mass transfer resistance 

within the beds at all sample masses <0.5 g. This was not shown to be analogous to the experiments 

conducted within the presence of N2 as the results indicated in Figure 4.18a. This figure shows that 

there was no sample mass utilised at which external mass transfer resistance became negligible. Despite 

this a sample mass of 0.25 g was utilised for these kinetic experiments as the difference in observed 

peak rate between 0.125 g and 0.25 g was ~17 % and when utilising a sample mass of 0.125 g the error 

from the signal to noise ratio was such that a conversion of ~155 % was recorded indicating significant 

error in the measurements. 
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Figure 4.17 – Reaction and conversion profiles for the calcination of different limestone sample masses

at 950 °C in 20 vol.% steam and 80 vol.% CO2.

Figure 4.18 – Reaction and conversion profiles for the calcination of different limestone sample masses

at 950 °C in 20 vol.% N2 and 80 vol.% CO2.

a
b

b

a/×
10

-3
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4.3.5. Effect of varying limestone type

The variance in particle characteristics (densities, porosities and surface areas) of the different limestone 

types was minimal as evidenced in Table 4.5 and Table 4.7. It was therefore expected that the limestones 

would calcine relatively similarly. The main difference in limestone composition between the four 

limestones investigated was the silica content (denoted as SiO2 in Table 4.1) which was ~15 times 

greater in the other limestones compared to longcliffe. This silica content is known to exist in the form 

of agglomerated flints rather than an evenly dispersed mixture (Wu et al., 2010). Longcliffe limestone 

had the highest CaCO3 purity of all the limestones tested in this work, which although may be useful 

for the CO2 sorption potential per g of material, there have been many studies indicating that minor 

chemical impurities were beneficial on the overall extent of carbonation (Manovic and Anthony, 2008a) 

(Hughes et al., 2004) (Manovic et al., 2008) (H. Borgwardt, 1989). 

From the results of the calcination experiments with steam present, displayed in Figure 4.19, it can be 

reasonably concluded that the change in limestone type (and their inherent impurities) made little 

difference to the rate of calcination and the results were within expected experimental error, as can be 

observed from the extent of conversion in Figure 4.19b. However, when considering the experiments 

with N2 present the results, displayed in Figure 4.20, show a significant difference due to limestone 

type; this could plausibly be explained by steam aiding the calcination reaction but it is not enhanced 

with N2 present meaning the difference in limestone types becomes apparent.
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Figure 4.19 – Reaction and conversion profiles for the calcination of different limestones at 950 °C in

20 vol.% steam and 80 vol.% CO2.

Figure 4.20 – Reaction and conversion profiles for the calcination of different limestones at 950 °C in

20 vol.% N2 and 80 vol.% CO2.  

a

b

b

a
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4.4. Single Particle Modelling of Limestone Calcination

Calcium carbonate decomposition has been modelled within several studies, each of these based there 

models on different parameters, methodologies and research aims. The aim of the calcination modelling 

within this set of work was to break down the calcination reaction into the fundamental governing 

equations with the aim of solving the following questions produced from the experimental investigation.

1. Could the gas composition be influencing the heating rate of the particle? 

2. Is steam influencing the calcination rate in purely a physical way or is there evidence of 

catalytic activity? 

3. How do the other secondary gases (steam and N2) affect the rate of calcination?

This model was set up as a one dimensional spherical particle model under unsteady state conditions

subject to the assumptions listed below.

• The CaCO3 began at standard temperature and pressure in air 

• The size and shape of the CaCO3 particle was unchanged during the reaction 

• The particle was assumed to be spherical with no lateral variation in temperature, gas 

concentrations or particle properties 

• Radiation to or from the particle was negligible and thus not included in this model 

• The bulk composition of the gas was uniform and not subject to local concentration differences 

• The bulk gas temperature was constant and the system as a whole was adiabatic 

• The ideal gas law was assumed where non-ideal relationships were not available 

• The sorbent did not sinter during the reaction 

• The particle was composed of CaCO3 and CaO only

The model was numerically solved in Matlab using ODE15s using central and forward differences

methods, the particle to be solved was divided into 100 ‘shells’ along the length of a particles’ radius.
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4.4.1. Nomenclature

Although it is not specified for readability, most parameters were spatially, temperature and time

dependant within the particle.

Dimensionless groups 

Nu Nusselt number 

Sh Sherwood number 

Sc Schmidt number 

Pr Prandtl number 

Re  Reynolds number 

Z Expansion factor

Greek letters

αCO2
  Polarisability of the non-polar molecule CO2, Ӓ3

α
CO2

* Reduced polarisability of the non-polar molecule, Ӓ3

ΔH Enthalpy of reaction for calcination/carbonation, (178) kJ/mol 

εeff Effective porosity, % 

ε Lennard-Jones parameter, representing the (‘well depth’) strength of bonding potential 

λα
T Thermal conductivity of primary gas (CO2) at temperature = T, W/m.K 

λ
β
T  Thermal conductivity of secondary gas (H2O or N2) at temperature = T, W/m.K 

λCaO  Thermal conductivity of CaO, W/m.K 

λCaCO3
  Thermal conductivity of CaCO3, W/m.K 

λeff Effective thermal conductivity, W/m.K 

λgas  Thermal conductivity of gas, W/m.K 

λsolid Thermal conductivity of solid, W/m.K 

µα Viscosity of primary gas (CO2), Pa.s 

µβ Viscosity of secondary gas (H2O or N2), Pa.s
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µgas  Dynamic viscosity of the gas, Pa.s 

µH2O  Polar dipole moment of H2O 

µ*H2O  Reduced polar moment of the H2O 

ρα Density of the primary gas (CO2), kg/m3

ρβ Density of the secondary gas (H2O or N2), kg/m3

ρCaO  Skeletal density of CaO, kg/m3 

ρCaCO3
 Skeletal density of CaCO3, kg/m3 

ρm
CaCO3

 Molar skeletal density of CaCO3, mol/m3 

ρgas  Density of the gas, kg/m3

ρ particle  Skeletal density of particle at time = t, kg/m3

σαβ Lennard-Jones parameter representing a finite distance where the inter-molecule 

potential is zero 

τr Shrinking core model, time to complete till complete reaction, s 

υT Flow rate at temperature, m3/s

ξ Correction factor for polarisation of H2O molecule 

Φα α, Φα β, Φβ α, Φβ β Multicomponent extension to the Chapman-Enskog theory 

Ω11  Collision integrals  (Klein and Smith, 1968)

Further parameters 

A Pre-exponential factor, s-1

Abed  Area of bed, m2

CCO2
 Concentration of CO2, mol/m3

Cpα
 Specific heat capacity of the primary gas (CO2), kg/m3

Cpβ
 Specific heat capacity of the secondary gas (H2O or N2), kg/m3

CpCaO
  Specific heat capacity of CaO, J/mol.K 

CpCaCO3
 Specific heat capacity of CaCO3, J/mol.K
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Cp particle Specific heat capacity of the particle, J/mol.K 

Ɗb  Bulk Diffusivity, m2/s 

Ɗeff Effective diffusivity, m2/s  

Ɗk Knudsen diffusivity, m2/s 

Ea Activation energy of the reaction, kJ/mol 

kg Mass transfer coefficient, m/s 

kT Rate constant at temperature, s-1

h Heat transfer coefficient, W/m2.K 

l Characteristic length, diameter of particle, m 

Mα Relative molecular mass of primary gas (CO2), g/mol 

Mβ Relative molecular mass of secondary gas (H2O or N2), g/mol 

MCaO Relative molecular mass of CaO, g/mol 

MCaCO3
  Relative molecular mass of CaCO3, g/mol 

n Exponent of PCO2 dependency, a value of 1-2 is typical (Yin et al., 2014) (Garcıá-Labiano et 

al., 2002) (Rao, 1996) (Silcox et al., 1989) (Fuertes et al., 1993) (Hu and Scaroni, 1996). A value of 1 

is applied within this work 

P Pressure, atm  

PCO2
 Partial pressure of CO2, Pa 

PCO2 0 Initial partial pressure within the particle, Pa 

PCO2 b Partial pressure of CO2 of the bulk gas, Pa 

PCO2 eq  Equilibrium partial pressure of CO2, Pa 

PCO2 surface Partial pressure of CO2 at the surface of the particle, Pa 

r radii to point in shell of particle, m 

rcalc  Rate of calcination reaction, mol/m3.s 

R radius of particle, m 

Ri Ideal gas constant, J/mol.K 

SA Specific surface area of reactant shell, m2/m3
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SCaO Specific surface area of CaO, m2/m3

SCaCO3 Specific surface area of CaCO3, m2/m3

Si Initial specific surface area of reactant shell, m2/m3 

t Time at which X(r,t) occurs, s 

tr Shrinking core model, a time point throughout the reaction, s  

T Temperature, K 

T0 Initial temperature of the particle, K 

Tb Temperature of the bulk gas, K 

ugas Superficial gas velocity, m/s 

Ugas  Superficial gas velocity, m/s 

xα Mole fraction of primary gas (CO2) 

xβ
Mole fraction of secondary gas (H2O or N2) 

xCO2  Mole fraction of CO2 in the gas stream 

xH2O
  Mole fraction of H2O in the gas stream

xN2
  Mole fraction of N2 in the gas stream 

X0 Initial conversion 

X Conversion, % 

Xr, CaCO3 Conversion at position r in the particle of CaCO3, %
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4.4.2. Governing Equations: Heat transfer

The general partial differential equation (PDE) that describes the movement of heat through a spherical 

��
��

object was defined as Equation 4.55 and the required initial and boundary conditions are specified 

����

beneath. 

Equation 4.55:

��
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Equation 4.56 - Where αeff is the thermal diffusivity, m2/s:

���� =
����

(���)��������

Initial Condition 1

� = �� � = 0

Initial Condition 2

� = ��

� = 0

� = 0 → �

Boundary Condition 1

��

��
= 0

� ≥ 0

� = 0

Boundary Condition 2

� = ��

� > 0

� > �

Boundary Condition 3

����
��

��
= ℎ(����� − ���������)

� ≥ 0

� = �
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The PDE was discretised into an ODE by use of the finite differences method as shown below. Firstly,

the product rule was utilised to simplify the first term on the right hand side of Equation 4.55. 

Equation 4.57:
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Equation 4.58 and Equation 4.59:
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The particle was then divided into 100 points, i, along the length of a radius, which is simplistically

displayed in Equation 4.38.

Figure 4.21 – Division of the spherical particle for the models’ discretisation. 

Particle surface

Gas film surrounding the particle
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Equation 4.63 - Discretisation by the central finite differences approach was then conducted on the

second order term in Equation 4.55 across i = 0 to i = n:

���

���
=

��
��
�
���

−
��
��

⎣

�
���

⎢

��

⎢
⎢
⎡

=
���� − 2�� + ����

⎥
⎤

�

���

Equation 4.64 - Discretisation by the upwind finite differences approach was then conducted on the first

order term in Equation 4.55 across i = 0 to i = n:
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Equation 4.65 - From this derivation the final discretised heat transfer balance within the particle

becomes, where i = 0 to n-1:
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Equation 4.66 - And the final discretised heat transfer balance at the surface of the particle becomes,

where i = n:
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Equation 4.67 - These ODEs were then implemented in Matlab via the use of sparse matrices to save

computational power:
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4.4.3. Governing Equations: Mass transfer

The general PDE that describes the movement of the gas (the example shown here is for CO2 however 

�
��

�����
������

the same equations and derivation was utilised for H2O and N2 bar the reaction term) through a spherical 

���

object was defined as Equation 4.68 and its respective initial and boundary conditions are specified 

beneath.

Equation 4.68:
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Boundary Condition 1
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The PDE describing the mass transfer of the gases was solved for the specified boundary conditions

and discretised using the same method described for heat transfer.

Equation 4.69 - From which the mass balance within the particle becomes, where i = 0 to n-1:
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Equation 4.70 - And the final discretised heat transfer balance at the surface of the particle becomes,

where i = n:
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Equation 4.71 - These ODEs were then implemented in Matlab via the use of sparse matrices to save

computational power:
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4.4.4. Kinetics 

∙

The rate of calcination, rcalc, in the presence of steam and N2 by Equation 4.72 and Equation 4.73

respectively, based on the work conducted within section 4.3.2. 

Equation 4.72:

����� =
��
���

������
�� + ������ + ������ + ���������� + ������

� ����
�1 −

����
������

�
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Equation 4.73:

����� = ����
����
���

�1 −
����
������

�

�

Figure 4.22 shows a vastly extended range of the utilisation of Equation 4.72. It can be seen that below 

a PCO2 of ~5.5 ×104 Pa the predicted rate value tends to infinity, therefore within the implementation of 

this equation in the model the rate of calcination was set to zero when the partial pressure of CO2 was 

below 5.5 ×104 Pa. This did not affect the results of the model, as it will be demonstrated later on that 

the diffusion CO2 into the particle from the bulk gas was very fast and thus the required conditions of 

calcination did not occur below this value anyway. An upper limit of applicability for Equation 4.72 

was not set as the rate only tended towards zero which was considered quite realistic. A limiting term 

of (1-PCO2/PCO2eq) was also added to the rate equations which effectively reduced the rate of calcination 

the closer the partial pressure of CO2 got to the equilibrium partial pressure of CO2. This limiting term 

has been applied many times elsewhere in the literature, an exponent of n on this term varying between 

1 and 2 has previously been suggested and through some initial tests a value of 1 was selected based on 

the fit to experimental data (Garcıá-Labiano et al., 2002) (Silcox et al., 1989) (Yin et al., 2014) (Rao, 

1996). 
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Figure 4.22 – Extended range of the rate value predicted by the use of Equation 4.72 thereby showing

the range of applicability.  

�

	

The rate constant with respect to temperature, kT, was calculated from the Arrhenius equation 

	

	 	

parameters presented in Table II.2 (within Appendix II) and was converted into units of m/s by dividing 

by the initial specific surface area.

Equation 4.74:

�� = ��
��
�� �

The conversion, X, at a particular distance from the centre of the particle and time from the start of the 

model running was calculated by the ODE solver by providing the solver with a vector of the differential 

conversion with respect to time at each radii, and was calculated using Equation 4.75. 

Equation 4.75:

��(�ℎ���, 0 → �)

��
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4.4.5. Other parameters

The parameters and their respect equations listed within this section were utilised to calculate the

∙

required variables for the discretised PDE’s and the kinetic expressions listed above.  

Equation 4.76 - Equilibrium partial pressure of CO2, PCO2eq: 

�

Derived from a 5th order polynomial from ThermoVader modelling for the reaction between CaO and 

CO2 forming CaCO3 (McBride et al., 2004). For this equation only: PCO2eq is in bar and T is in °C.

������ = 7.35�10����� − 2.51�10���� + 3.46�10���� − 2.42�10���� + 0.85� − 21.16

PCO2eq was limited to zero at temperatures below 600 °C as this was outside of the fitting range. 

Equation 4.77 - Surface area, SA:
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Equation 4.78 - Effective porosity, εeff: 

���� = ������ − (� − 1)�1 − ��������

Equation 4.79 - Expansion factor, Z:
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Equation 4.80 - Effective thermal conductivity by extended Maxwell model, λeff:
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Equation 4.81 - Thermal conductivity of solid, λsolid:
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Equation 4.82 - Thermal conductivity of gas, λgas:
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Equation 4.83 - Multicomponent extension to the Chapman-Enskog theory, Φαβ:
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Equation 4.84 - Skeletal density of particle, ρ particle: 

��������� = �������� + �1 − �����������

Equation 4.85 - Specific heat capacity of the particle, Cp particle:
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Equation 4.86 - Heat transfer coefficient, h:
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Equation 4.87 - Nusselt number, Nu:
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Equation 4.88 - Reynolds number, Re:
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Equation 4.89 - Prandtl number, Pr:
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Equation 4.90 - Density of gas, ρgas:
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Equation 4.91 - Viscosity of gas, µgas:
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Equation 4.92 - Specific heat capacity of gas, Cpgas: 
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Equation 4.93 - Superficial gas velocity, ugas:
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Equation 4.94 - Mass transfer coefficient, kg:
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Equation 4.95 - Effective diffusivity, Ɗeff (Satterfield, 1970):
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Where the tortuosity, τ, is assumed to be 1/ε.

Equation 4.96 - Bulk diffusivity, Ɗb:
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Combination laws for Lennard-Jones parameters, ε and σ. 

	

Equation 4.97 and Equation 4.98 - Non-polar pair A and B:

��� = ��� + ��
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Equation 4.99 - Polar H2O and non-polar CO2 applying the stockmayer potential:
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Equation 4.100 - Reduced polarisability of the non-polar molecule, α*
CO2:

����
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����
�

Equation 4.101 - Correction factor for the polarisation of the H2O molecules:
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√8
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Equation 4.102 - Combined Lennard jones potential for the well depth potential (bonding strength of

the molecules):

���� ��� = ������� ����

Equation 4.103 - Combined Lennard jones potential representing a finite distance where the inter-

molecule potential is zero:
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Equation 4.104 - Knudsen diffusivity, Ɗk:
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194 �
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Equation 4.105 - Sherwood number, Sh:
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�

Equation 4.106 - Schmidt number, Sc:
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4.5. Model validation

To solve the set of equations constituting this model, the following parameters were required as inputs:

• Diameter of particle, 2r

• Gas composition within the particle and of the bulk gas, xCO2, xH2O and xN2

• Initial temperature of the particle, T0

• Bulk gas temperature, Tb

• Limestone type – which defines the εeff, ρParticle, SA

The particle model was set up using ODE15s with an absolute tolerance of 10-10 and a relative tolerance

of 10-9 and specified non- negativity for all parameters solved for (T, CCO2, CH2O, CN2 and X). 

To confirm the model responded correctly various scenarios were utilised to simplify the model and 

check its fundamental behaviour. Table 4.8 describes the scenario to be tested, the method of 

implementing this scenario into the model and the results compared with what is expected of this 

scenario. Unless otherwise stated the fluidising gases applied within Table 4.8 consist of 20 vol.% steam 

and 80 vol.% CO2 at a bulk gas temperature of 950 °C and the particles are longcliffe limestone of 

diameter 600 µm.
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Table 4.8 – Validation of the model by the implementation of various scenarios and their respective results.

Scenario Implementation Expected result Modelled result

Particle starts at bulk gas temperature and bulk

gas concentrations

No calcination reaction occurs

T0 = Tb

PCO20 = PCO2b 

PN20 = PN2b

PH2O0 = PH2Ob

X0 = 100 %

No change in temperature or gas

concentrations

Stable temperature and gas concentrations

No over- or under-transfer of heat predicted 

by the model

No over- or under-diffusion of gas predicted 

by the model

Particle starts at room temperature and bulk gas

concentrations

No reaction

T0 = 20 °C

PCO20 = PCO2b 

PN20 = PN2b

PH2O0 = PH2Ob

X0 = 100 %

Particle heats up to bulk gas

temperature

No change in gas concentration

The temperature of the particle rises quickly

to reach equilibrium with the bulk gas

temperature

No over- or under-transfer of heat predicted 

by the model

Particle starts at bulk gas temperature and 

atmospheric gas concentrations

No reaction

T0 = Tb

PCO20 = 40 Pa (400 ppm) 

PN20 = 79,000 Pa

PH2O0 = 0 

X0 = 100 %

No change in temperature

Gases diffuse into the particle and 

equilibrates with the bulk gas

concentrations

Gases diffuse into the particle and reaches

equilibrium with the bulk gas concentration 

No over- or under-diffusion of gas predicted 

by
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Particle starts at bulk gas temperature and bulk

gas concentrations

Calcination reaction occurs

T0 = Tb

PCO20 = PCO2b 

PN20 = PN2b

PH2O0 = PH2Ob

X0 = 0 %

Changes to the temperature and gas

concentrations are only caused by

the reaction

The calcination reaction should 

release CO2 and lower the 

temperature because it is 

endothermic

Temperature spreads throughout the particle

The reaction produces a large CO2 spike

throughout the particle initially which then 

consumes a lot of energy thus making the

reaction dependent upon the external heat 

transfer for the rest of the reaction

Particle starts at room temperature and 

atmospheric gas concentrations

Calcination reaction occurs

This was considered to be the base case for 

further validation

T0 = 20 °C 

PCO20 = 40 Pa (400 ppm)

PN20 = 79,000 Pa

PH2O0 = 0 

X0 = 0 %

Particle heats up to bulk gas

temperature 

CO2 diffuses into the particle and 

equilibrates with the bulk gas

concentration 

Reaction should release CO2

Reaction occurs when particle reaches the

equilibrium temperature for the CO2

concentration within the particle

Reaction completes after about 35 s

Internal mass transfer was the main 

resistance that was observed 

Very small particle, 1 µm diameter, which starts

at room temperature and atmospheric gas

concentrations

r = 0.5 µm

T0 = 20 °C

PCO20 = 40 Pa (400 ppm)

PN20 = 79,000 Pa 

PH2O0 = 0 

X0 = 0 %

Particle heat up time should be

similar to that of the lumped heat

capacity model (~2.4 ×10-5 s)

Near instantaneous reaction 

No resistance can be observed from any

possible controlling parameter

The reaction was completed within ~1 s

Temperature heat up time (even including 

the fact that the reaction occurred and would 

have extended the length of time to reach 

thermal equilibrium) was ~4.5 ×10-5 s
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Very large particle, 1 cm diameter, which starts 

at room temperature and atmospheric gas 

concentrations

r = 5 mm

T0 = 20 °C 

PCO20 = 40 Pa (400 ppm) 

PN20 = 79,000 Pa

PH2O0 = 0 

X0 = 0 %

Reaction should be severely limited 

by internal mass transfer and heat 

transfer

The particle takes over 100 s to reach the

required temperature for the reaction to start 

to occur 

The reaction is limited by both heat and mass

transfer

Particle starts at room temperature and

atmospheric gas concentrations

External heat transfer is limited

Calcination reaction occurs

Divide h by 10

T0 = 20 °C

PCO20 = 40 Pa (400 ppm)

PN20 = 79,000 Pa

PH2O0 = 0 

X0 = 0 %

Reaction should be dependent on the 

heat transfer to the particle from the

gas

The reaction begins significantly later (at 

around 20 s) due to the particle receiving less

heat from the gas

Particle starts at room temperature and

atmospheric gas concentrations

Internal heat transfer is limited

Calcination reaction occurs

Divide λeff by 100

T0 = 20 °C

PCO20 = 40 Pa (400 ppm)

PN20 = 79,000 Pa

PH2O0 = 0 

X0 = 0 %

Reaction should be dependent on the

transfer of heat through the particle

The rate of reaction was significantly limited 

by the internal heat transfer, which was 

observed by pronounced thermal gradients

throughout the particle

Conversion of each consecutive region was

delayed due to the endothermic reaction 

utilising the available energy and therefore

dropping the particle temperature and thus 

lowering the rate of reaction 
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During this validation the model responded as expected within the range of scenarios tested, implying that it should be capable of accurately describing the 

movement of heat and mass throughout the particle as the reaction occurs. This validation also demonstrated the importance of selecting appropriate equations 

to describe the different parameters that constitute this model.

Particle starts at room temperature and 

atmospheric gas concentrations 

External mass transfer is limited 

Calcination reaction occurs

Divide kg by 100 

T0 = 20 °C 

PCO20 = 40 Pa (400 ppm) 

PN20 = 79,000 Pa 

PH2O0 = 0 

X0 = 0 %

Reaction should be dependent on the 

transfer of CO2 out of the particle

In the base case, the particles’ surface 

retained a CO2 concentration similar to that 

of the bulk gas, however in this case the 

surface CO2 concentration was nearly equal 

to the CO2 concentration throughout the 

particle which was the equilibrium CO2

concentration at that temperature

Particle starts at room temperature and 

atmospheric gas concentrations 

Internal mass transfer is limited 

Calcination reaction occurs

Divide Deff by 100 

T0 = 20 °C 

PCO20 = 40 Pa (400 ppm) 

PN20 = 79,000 Pa 

PH2O0 = 0 

X0 = 0 %

Reaction should be dependent on the 

transfer of CO2 through the particles 

interior

Internal mass transfer gradient was 

exacerbated such that CO2 struggled to 

diffuse through the particle, CO2 effectively 

gets trapped within the particle and reaches 

the equilibrium CO2 concentration very 

quickly thereby limiting the rate of reaction 

for the inner regions of the particle
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4.5.1. Model inputs for a test case

As a test case to demonstrate the model’s capabilities and limitations, the following inputs were 

submitted to the model. The particle was divided into 50 shells which allowed for faster solving with 

an adequate amount of detail in the results. 

• Particle diameter = 600 µm 

• Gas composition of xCO2 = 0.8, xH2O = 0.2, xN2 = 0 

• Initial particle temperature = 20 °C

• Bulk gas temperature = 950 °C 

• Limestone type = Longcliffe 

• The rate of calcination was calculated with Equation 4.72

4.5.2. Model outputs for the test case

Figure 4.23 to Figure 4.31 graphically display the outputs from the model of this test case. The general 

outline of the reaction shows the progression of the calcination reaction starting from the surface moving 

into to the centre gradually, as evidenced by Figure 4.27. It can also be observed in Figure 4.24 and 

Figure 4.25, the reason for the progressive calcination throughout the particle, only continuing into the 

next inner shell when the adjacent outer shell had nearly completed its calcination, was because of the 

high CO2 partial pressure within the particle, which effectively slowed the reaction. Once the partial 

pressure of CO2 was above the equilibrium partial pressure of CO2, which at 950 °C is 2.4 ×105 Pa as 

calculated via Equation 4.76, the calcination stopped. The recarbonation of calcined CaO was not 

accounted for within this model. Figure 4.24 shows a 2D view of the partial pressure of CO2 within the 

particle where each contour represents a shell radii within the particle. Only the profiles of every 5th

shell within the particle is shown for clarity. 
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Figure 4.23 – 2D view of the modelled partial pressure of CO2 within the particle as the calcination 

reaction occurs.  

The partial pressure of CO2 can be seen to tend towards the equilibrium partial pressure but as it does 

so the rate of reaction slows and as such less CO2 is released. Within the first few seconds of the reaction 

occurring, a near instantaneous release of CO2 leads to a sharp rise in CO2 partial pressure throughout 

the particle, which combined with the low porosity (close to pure CaCO3 at this stage, εeff ≈ 15 %) meant 

that the subsequent rate of calcination slowed whilst CO2 diffused out of the outer shells of the particle. 

The partial pressure of CO2 within the particle did progress to a higher value than this initial spike 

because the particle temperature increased as time progressed and PCO2eq increased too as it is 

proportionally related to temperature.

This initial spike in CO2 can be observed again in Figure 4.24 where the modelled calcination rate 

profile of every 5th shell of the particle is shown for clarity. It can be observed that the centre most 

shells/region of the particle begins the majority of its calcination from ~35 s which shows that the 

calcination of the inner shells was limited by the CO2 partial pressure within the particle produced by 

the outer shells. Figure 4.24 shows more CO2 being released form the outer shells because they represent 

a larger percentage of the overall volume.

Increasing depth into 

particle from surface
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Figure 4.24 – 2D view of the predicted rate of CO2 generation within every 10th shell of the particle as

the calcination reaction occurs. 

Figure 4.24 also shows that the initial spike in CO2 partial pressure was caused by the calcination of all 

shells in the particle. This was also observed in the rate of energy use by the calcination reaction as 

presented in Figure 4.25, showing a matching trend but inversed (because the reaction was endothermic) 

pattern to the rate of CO2 release. Because the reaction was observed to start evenly throughout the 

particle but then progress sequentially through the particle a limiting factor must be present. By 

observing Figure 4.30 it was again confirmed to be the partial pressure of CO2 limiting the reaction as 

the temperature profile of the particle at all shells throughout the particle was near isothermal, implying 

that internal heat transfer was not a limiting factor.

Increasing depth into 

particle from surface
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Figure 4.25 – 2D view of the modelled rate of heat consumption within the particle as the calcination

reaction occurred. 

Figure 4.26 – 2D view of the modelled temperature within the particle as the calcination reaction

occurred.

Increasing depth into 

particle from surface

Increasing depth 

into particle from 

surface



182

Figure 4.26 demonstrates that the modelled temperature throughout the particle drops significantly as 

the reaction begins and only fully recovering to the input bulk gas temperature when the particle is fully 

calcined. Furthermore it can be observed that the reaction begins to occur before the particle has 

equilibrated with the bulk gas temperature. 

This isothermality of this test system particle was predicted by the low Biot number, ~0.2. The Biot 

number is a correlation based on the transfer of heat to a particles surface compared to the conductivity 

of heat through a particle; a higher number indicates that the particle was not isothermal due to poor 

conduction of heat within the particles structure, whereas a low Biot number (arbitrarily << 1) indicates 

isothermality of the particle due to good heat conduction. The Biot number can be calculated via 

Equation 4.107 as shown below. 

Equation 4.107:

�� =
ℎ��
��

Where Lc is the characteristic length, usually defined as the volume of the body divided by the surface

area, for a perfect sphere Lc = r/3.

Figure 4.27 shows that for the shells which had not fully converted the reaction was possible to occur 

because the PCO2
 < PCO2eq throughout the majority of the reaction time period. However because the 

previous figures have provided evidenced that the rate of calcination during the main reaction period 

for the inner shells was negligible it must be concluded that although these inner particle shells were 

capable of reacting but the rate was incredibly slow. 
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Figure 4.27 – Prediction of when the calcination reaction could have occurred due to (PCO2
 < PCO2eq)

and conversion at within each shell being less than 1.

Figure 4.28 – 2D view of the modelled conversion of CaCO3 to CaO within the particle at every 5th

shell.

Increasing depth into 

particle from surface
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2D and 3D views of the conversion as a function of time and particle radius are observable in Figure 

4.28 and Figure 4.29. It can be seen that main calcination reaction of each shell is quite fast, completing 

within ~7 s of starting, however the rate of conversion of the inner shells is initially slow, because of 

the high CO2 partial pressure within the inner shell. Because the conversion of each shell is fast once 

began it can be assumed that rate of CO2 diffusing out of the shell was approximately equal to the rate 

at which it was generated. Figure 4.29 shows that at any one time period only up to 50 µm of particle 

radii length had actually begun the main part of its calcination.

 Figure 4.29 – 3D view of the modelled particle conversion as the calcination reaction occurs. 

Figure 4.30 shows the concentration profile of CO2 throughout the particle as the calcination reaction 

occurred. The initial reaction spike seems excessively large in this figure compared to the partial 

pressure spike observed in Figure 4.23, this is because the concentration value was dependent upon the 

gas temperature at that point in time. The temperature was lower during the initial spike compared to 

later on in the reaction and because temperature and volume are directly proportional through Charles's 

law the gas volume was also lower meaning the concentration was higher. 
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Then CO2 was observed (in Figure 4.30) leaving the particle quickly after the calcination had finished 

this was due to increase an in particle temperature which therefore increased the Knudsen diffusivity 

and hence increased the effective diffusivity.  

Figure 4.30 – 3D view of the modelled concentration of CO2 within the particle as the calcination

reaction occurs. 

The overall modelled rate of CO2 evolution from calcination and averaged particle temperature can be 

observed in Figure 4.31. A peak rate of ~5.1 mol/g.s can be observed at a particle temperature of ~1170 

K at a bulk gas temperature of 1223 K.

This initial testing of the model has shown that the rate of calcination is severely limited by the diffusion 

of CO2 throughout the particle and by the external transfer of heat to the particle. Based on this evidence 

it can be stated that for this test case, calcination of any internal region will only go to completion once 

the adjacent exterior region is almost complete. 
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Figure 4.31 – Modelled overall release of CO2 and the surface particle temperature throughout the

calcination reaction.
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4.6. Rate constant fitting

Figure 4.32a and b were produced by the application of the observed kinetic parameters presented 

within Table II.2 (within Appendix II) and applying the conditions stated below (which represent the 

base case experimental data). Figure 4.32a displays the comparison between the modelled data and the 

experimental data for a system with steam and CO2 and Figure 4.32b displays the comparison between 

the modelled data and the experimental data for a system with N2 and CO2. The modelled particle was 

now divided into 100 shells. 

H2O and CO2 system conditions:

• Geometric mean particle radius = 300 µm (≈ particle size fraction 500 - 710 µm) 

• Gas composition of xCO2 = 0.79, xH2O = 0.21, xN2 = 0 

• Initial particle temperature = 20 °C 

• Bulk gas temperature = 955 °C 

• Limestone type = Longcliffe 

• The rate of calcination was calculated with Equation 4.72

N2 and CO2 system conditions:

• Geometric mean particle radius = 300 µm (≈ particle size fraction 500 - 710 µm) 

• Gas composition of xCO2 = 0.8, xH2O = 0, xN2 = 0.2 

• Initial particle temperature = 20 °C 

• Bulk gas temperature = 950 °C 

• Limestone type = Longcliffe 

• The rate of calcination was calculated with Equation 4.73
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Figure 4.32a and b – The modelled CO2 response when utilising the observed kinetics with the input 

parameters set within section 4.5.1 compared to the experimental data for an equivalent system. (a) 

Calcination with steam and CO2 and (b) calcination with N2 and CO2.  

A degree of discrepancy can be observed when comparing the experimental and modelled CO2

responses under the conditions tested. The modelled calcination with steam shows a slightly slower rate 

of CO2 release whereas the modelled calcination with N2 displays a faster rate of CO2 release. The 

reason for this discrepancy between the modelled and experimental data was because the observed 

kinetic parameters were utilised which were not representative of the intrinsic kinetics at the particle 

scale. 

To combat the apparent disagreement in the kinetic values used within the Arrhenius equation of the 

model, the Arrhenius parameters were recalculated using a least-squares regression between the 

experimental and modelled initial rates (from the point reaction starts to the peak rate). The least-squares 

regression fitting was conducted by increasing the value of the rate constant, k, by 10 across a range of 

values estimated to lie within an acceptable range, after which the range was decreased and through 

trial and error the values of k altered to find the value with the best fit to the data. A calculated value of
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the sum of the square errors was utilised as an indicator of the goodness of the fit and was saved and 

recorded against the input value of k. Figure 4.33 and Figure 4.34 show the results of fitting a k value 

of 10 s-1 to the system of a particles of radius 300 µm calcining at 963 °C in 80 vol.% CO2 and 20 vol.% 

N2. The modified Arrhenius plots and parameters can be observed in Figure 4.35 and Table 4.9 

respectively.  

Figure 4.33 (left) – The sum of the square error (SSE) against a fixed initial rate constant. 

Figure 4.34 (right) – the subsequent rate profile utilising the optimally found fixed initial value of   

10 s-1 compared against the experimental data for the system of a particle of radius 300 µm calcining at 

963 °C in 80 vol.% CO2 and 20 vol.% N2.
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Figure 4.35 – Arrhenius plot for the experiments with steam (left) and N2 (right): [▲, ∆] - Experimental 

observed kinetic rates assuming a first order relationship with respect to the partial pressure of CO2, and 

[●, ○] – Fitted initial intrinsic rate constants to the model by a least-squares fit.

Table 4.9 – Arrhenius parameters for the Arrhenius plots in Figure 4.35.

Errors displayed within Table 4.9 are the confidence intervals calculated following the laws of 

uncertainty propagation. A 5% error was assumed for all values of k which were found via a least 

squares regression.

Steam system N2 system 

k0 / s-1 Ea / kJ/mol k0 / s-1 Ea / kJ/mol

Observed rates assuming 

first order relationship 

with respect to PCO2

1.93 ×3 ×1016 326.3 ± 20.1 2.75 ×1023 504.1 ± 76.9

Least squares regression 

of initial intrinsic rate 

constants

5.99 ×9 ×108 149.7 ± 26.9 1.86 ×1032 739.3 ± 81.4
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An issue of utilising these fitted ‘intrinsic’ kinetic parameters within the Arrhenius equation was that 

because the fitting range was quite small, therefore when applying these rate parameters outside of the 

fitting range potentially erroneous values could be produced. This error can be observed within Figure 

4.36, which shows a logarithmic plot of the calculated rate constant against temperature for the steam 

calcination system. Although a close fit can be seen in the fitting range (1205 – 1230 K) between the 

observed and fitted values, outside of this range, particularly at lower temperatures a significant over 

estimation of the rate constant can be observed. 

Figure 4.26, Figure 4.31 and Figure 4.37 show the temperature throughout the modelled particle as the 

particle calcines. Figure 4.37 shows that when applying the fixed rate constant value which was found 

to produce the optimal fit to the experimental data by the sum of the square error, it can be seen that the 

particles’ temperature at this peak rate was 1156 K. This was about 72 K below the bulk gas temperature 

which could have produced to significant errors in the calculation of the Arrhenius parameters. The 

peak rate temperatures were determined for each of the particle systems when applying the fixed rate 

constant values derived earlier. By taking an average of the peak rate temperature and the bulk gas 

temperature and applying this averaged temperature to the Arrhenius equation new rate pre-exponential 

factors and activation energies were produced. Applying these new Arrhenius parameters and plotting 

the derived rate constant over the extended temperature range, the grey circles on Figure 4.36were 

produced. The error was subsequently minimised such that a faster rate was produced at all temperatures 

but still followed the approximately the same trend line as the observed rate constants. The new 

Arrhenius parameters are shown in Table 4.10.

Table 4.10 – Arrhenius parameters for the least squares regression of initial intrinsic rate constants at

an average temperature (between the bulk and peak rate particle temperatures).

Steam system N2 system

k0 / s-1 Ea / kJ/mol k0 / s-1 Ea / kJ/mol

9.84 ×1012 241.5 3.67 ×1051 1157.9
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Figure 4.36 – Application of the observed and intrinsic kinetic parameters within the Arrhenius

equations for steam and CO2 calcination across an extended range of temperatures.

Figure 4.37 – Modelled plot of the CO2 response and temperature within a particle (300 µm radius) of 

limestone calcining at 955 °C (1228 K) in 21 vol.% steam and 79 vol.% CO2 using a fixed rate constant 

value of 250 s-1. 

1156 K
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Figure 4.38 shows the equivalent plot as Figure 4.36 but for the N2 system calcinations. As can be seen 

within the range of temperatures that calcination will take place, upon utilising the average temperature 

of the bulk gas and peak rate particle temperature for the derivation of the Arrhenius parameters a faster 

rate constant is observed at the lower temperatures but not higher than the observed rate constant. The 

application of these new Arrhenius parameters within the model will now be demonstrated. 

Figure 4.38 – Application of the observed and intrinsic kinetic parameters within the Arrhenius

equations for N2 and CO2 calcination across an extended range of temperatures.
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4.7. Modelled data compared to experimental data

By applying the model under the experimentally tested conditions, the accuracy and physical 

representation of the model and the fitted kinetic parameters can be verified. Figure 4.39 to Figure 4.48

display the experimental and modelled CO2 response where the models input conditions were set to be 

equivalent to the experimental conditions. 

The closeness of fit between the modelled data and experimental results was visually quite good 

especially for the differential form of the data (left hand side figures). The conversion graphs (right 

hand side figures) present a lower visual similarity compared to the experimental conversions, this was 

mostly because the tail off of the CO2 response was longer than measured during the experiments.

The general fit of the modelled CO2 response compared to the experimental data of calcinations in N2

and CO2 data was worse than the fit for the steam calcinations. This was thought to be caused by the 

poorer mass balance with the N2 calcination data, which itself was caused by the low signal to noise 

ratio. A closer fit for the N2 system was seen where the total conversion in the experimental data was 

closer to 100 %.

Interesting the model was unable to predict the significant difference in the rate of calcination when the 

mole fraction of CO2 was decreased and replaced with N2. It can also be observed from Figure 4.45 and 

Figure 4.46 that the model does not account for the effects caused by varying the sample mass, which 

causes an inter-particle mass transfer diffusional resistance. This additional resistance caused an effect 

in the experimental data whereby the CO2 released from the calcination of one particle altered the 

boundary CO2 concentration of another particle, this had the overall effect of reducing the driving force 

when a large sample mass is used.

Considering the experimental error in some of this data, caused by inaccurate readings and 

measurements, the model was generally quite good at predicting the overall CO2 response of limestone 

calcination. The shape of the modelled CO2 response will always predict an idealised scenario that 

doesn’t take into account gas mixing and gas dispersion with time, which is why the experimental data 

presented was deconvoluted as explained in section 4.2.3. 
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4.7.1. Effect of varying bed temperature

Figure 4.39a and b - Modelled and experimental, reaction and conversion profiles for limestone

calcination in 20% steam and 80% CO2. 

Figure 4.40a and b - Modelled and experimental, reaction and conversion profiles for limestone

calcination in 20% N2 and 80% CO2.
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4.7.2. Effect of varying CO2 partial pressure

Figure 4.41a and b - Modelled and experimental, reaction and conversion profiles for limestone

calcination in at 950 °C with varying steam and CO2 concentrations. 

Figure 4.42a and b - Modelled and experimental, reaction and conversion profiles for limestone

calcination in at 950 °C with varying N2 and CO2 concentrations.
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4.7.3. Effect of varying particle size

Figure 4.43a and b - Modelled and experimental, calcination reaction and conversion profiles of

different limestone particle size fractions at 950 °C in 20 % steam 80% CO2.

Figure 4.44a and b - Modelled and experimental, calcination reaction and conversion profiles of

different limestone particle size fractions at 950 °C in 20 % N2 80% CO2. 
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4.7.4. Effect of varying sample mass

Figure 4.45a and b - Modelled and experimental, reaction and conversion profiles for the calcination of

different sample masses of limestone at 950 °C in 20 % steam and 80 % CO2. 

Figure 4.46a and b - Modelled and experimental, Reaction and conversion profiles for the calcination

of different sample masses of limestone at 950 °C in 20 % N2 and 80 % CO2. 
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4.7.5. Effect of varying limestone type

Figure 4.47a and b - Modelled and experimental, reaction and conversion profiles for the calcination of

different limestones at 950 °C in 20 % steam and 80 % CO2. 

Figure 4.48a and b - Modelled and experimental, reaction and conversion profiles for the calcination of

different limestones at 950 °C in 20 % N2 and 80 % CO2. 



200

4.8. Modelled prediction of the physical difference due to steam or N2 addition

It has long been known that the addition of steam to both the carbonation and calcination phases of a 

CaL system produces faster kinetics compared to a N2 only system (Donat et al., 2011). This effect 

caused by the addition of steam has been demonstrated to be applicable to the CO2 based system as 

well. The difference in rate, caused by steam addition, has been quantified throughout the experimental 

and modelling work presented within this chapter, however no explanation of why the addition of steam 

leads to an increased rate of calcination has yet been given. The literature on this matter is less than 

clear, some sources have suggested that the addition of steam affects the rate in a catalytic way, where 

the steam molecules bond to the active surface sites of CaCO3 and lower the binding energy between 

the CO2 and the CaO, as per Equation 4.108 (Yin et al., 2014) (Wang and Thomson, 1995). 

Equation 4.108:

�����
∗ ∙ ��� → ��� + ��� + ���

Where * represents an active site at the surface of the CaCO3. This was the same idea that was utilised 

to derive the Langmuir-Hinshelwood equation for the calcination in the presence of steam in Appendix 

II. To further clarify potential reasons why calcination in presence of steam produces a faster rate of 

calcination compared to the addition of N2, the model was applied with the arbitrary parameters shown 

in Table 4.11, whereby only the parameter that differs is the addition of steam or N2. The rate equations 

for both systems was set to be the Equation 4.73 (i.e. the simple rate equation whereby the rate was 

dependent upon the partial pressure of CO2 only and the temperature dependant rate constant was 

calculated (in both the steam and N2 case) using the values listed in Table 4.11. By doing this, any 

catalytic or other effects were neglected and instead the only difference in the modelled rate was caused 

by the physical differences in the gases alone, i.e. the thermal and diffusional properties. 
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Table 4.11 – Table of arbitrary parameters for comparing steam and N2 systems. 

Figure 4.49 – Simulation result of the calcination particle model in the presence of steam and CO2 or

N2 and CO2 where kinetic and thermodynamic defining input parameters were equal. 

Figure 4.49 was produced utilising the same arbitrary input parameters listed in Table 4.11 for

modelling calcination in the presence of steam and calcination in the presence of N2. The CO2 response

Parameter Value Unit

Bulk fluid temperature 950 °C

Particle radius 300 µm

Limestone type Longcliffe -

CO2 concentration 80 vol.%

N2 or H2O concentration 20 vol.%

Arrhenius – pre-exponential factor 1 ×1012 s-1

Arrhenius – Activation energy 250 kJ/mol
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of the model was compared for the two systems and the observable differences in this figure were 

caused only by the variances derived from the different combining laws for polar & non-polar gases 

(H2O and CO2) and non-polar & non-polar gases (N2 and CO2) as explained in section 4.4.5.

From the experimental data displayed in Figure 4.4 the peak rate of reaction for calcination with steam 

present was ~4 times greater than without steam. However, by observing Figure 4.49 it is clear that the 

difference in peak rate between the two modelled systems was negligible, thus it can be concluded that 

the rate of calcination is only minimally affected by the physical differences of the gas composition 

alone, this was also suggested by (Yin et al., 2014). An explanation for the increased rate of calcination 

in the presence of steam could be, as has been previously reasoned by (Yin et al., 2014) and (Dennis 

and Hayhurst, 1987), that the steam is acting as a catalyst for the reaction. This effect was incorporated 

into the model by application of the Langmuir-Hinshelwood derived rate equation for calcination in the 

presence of CO2 and steam, and as can be observed within the figures presented within Appendix II this 

did suitably match the experimental data, therefore indicating that steam did play a catalytic role within 

these reactions. 

The physical properties of steam and CO2 gas mixture enhanced the bulk diffusivity, mass transfer 

coefficient and effective diffusivity (as shown in Table 4.12), these properties increased the rate of CO2

removal from the modelled particle system compared to the N2 calcination particle system. 

Table 4.12 – Bulk diffusivity, mass transfer coefficient and effective diffusivity of gas composed of 20

vol.% steam and 80 vol.% CO2, and 20 vol.% N2 and 80 vol.% CO2 at 950 °C.  

Steam system N2 system

Mass transfer coefficient, kg 0.86 0.77

Bulk diffusivity, Db 2.03 ×3 ×10-4 1.80 ×0 ×10-4

Effective diffusivity of CO2, Dk CO2 3.07 ×7 ×10-6 2.77 ×7 ×10-6
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Another question that was initial set to be answered with this modelling was: “Could the gas 

composition be influencing the heating rate of the particle?”. Figure 4.49 does not indicate that there 

was a significant difference in heat up time of the particles and certainly doesn’t account for the 

differences observed in Figure 4.4. It is possible that the differences observed in Figure 4.4 were due to 

experimental error in calculating the time for CO2 to enter the analyser relative to when the sample was 

added.

4.9. Model limitations

The limitations of this model were mainly founded upon the choice of equations which inevitably 

simplified the system down but potentially excluded phenomena that occurred in the experimental data. 

Inadequacies in models are often accounted for in the form of ‘fudge factors’ or ‘fitting factors’, such 

as n in Equation 4.72 and Equation 4.73, A in Equation 4.74 and the porosity values derived from the 

line of best fit described in Equation 4.32. 

When comparing this model to experimental data it should be noted that the model required a radius 

value as an input, however it is misleading to say that experiments were conducted utilising only 

particles of x radius, rather a range of particle diameters existed experimentally. This would have led to 

some degree of discrepancy between the experimental and modelled results, notably so at 500 – 710 

µm which was the largest size fraction range utilised in the experimental study. 

This model also lacks the ability to adequately describe the inter-particle mass transfer diffusion effect 

caused by the volume of the bed mass on the rate of reaction. To do this a CSTR fluidised bed model 

or another similar model would have been required to be applied which was outside the scope and aim 

of this work.  
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4.10. Conclusions

This study experimentally determined the rate of limestone calcination within a high CO2 partial 

pressure environment diluted with either steam or N2 within an atmospheric pressure fluidised bed 

reactor. The aim of this work was to determine the calcination reaction rate under realistic post 

combustion conditions, where a high CO2 concentrations will exist due to the combustion of a fuel and 

the release of CO2 from the carbonate material. The observed peak rate of reaction for the calcinations 

in the presence of steam were approximately 3-4 greater than compared to the analogous N2 system, 

where N2 was used in replacement of steam.

The effect of bed temperature, CO2 partial pressure, particle size, sample mass and limestone type were 

investigated by varying each parameter individually to determine their influence. Kinetics were 

measured by secondary means for the steam and CO2 experiments and N2 dilution for the N2 and CO2

experiments as the CO2 concentrations were above the measureable range by most analytical 

techniques. 

The method utilised for determining the kinetics with steam and CO2 present – inferred from the use of 

a humidity probe, proved to be more accurate and reliable than the method utilised for determining the 

rate of calcination in the presence of N2 and CO2 – dilution of the gas with additional N2 which was 

then measured with an ND-IR gas analyser. The kinetic data for the N2 and CO2 system did result in 

conversions greater than 100 %, sometimes by a significant margin. Conversions over 100 % but by no 

more than 10 % can usually be said to be within experimental error, which was the case for the steam 

and CO2 data. It was thought that the main cause for this error in measurement was the effect on the gas 

sampling rate caused by the N2 dilution flow rate. Furthermore because of the relatively slow reaction 

rate small deviations in either gas stream could have led to significant errors at the point of analysis due 

to the relatively small change in concentration that was measured. 

It was found that rate of calcination with respect to steam concentration was approximately zeroth order 

and first order with respect to N2 concentration. The order of reaction with respect to the equilibrium 

driving force ( P*CO2 - PCO2 ) for the reversible calcination reaction was found to be ~4 for the N2
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experiments. Application of these orders lead to impossible and physically un-representative activation 

energies, therefore the orders of reaction were determined with respect to the partial pressure of CO2

alone. This method produced much more realistic Arrhenius parameters but for the N2 data there still 

lacked an acceptable fit to the experimental data. Because it was thought some other effect was 

influencing the rate that was not simply explained the partial pressure of CO2 alone, especially for the 

set of calcinations in the presence of N2 a Langmuir-Hinshelwood derivation was undertaken for both 

the calcination in N2 and CO2, and steam and CO2. A suitable fit between the experimental data and the 

fitted parameters was achieved for the steam Langmuir-Hinshelwood equation but not for the N2 system. 

Inaccuracies in measuring fundamental particle properties such as density, porosity and surface area 

were discussed. The limestones tested were found to be very non-porous and lacked any overall pore 

structure, this convoluted the resulting porosity data significantly and as such an average was taken of 

the measured geopyc porosity and the calculated porosity (from mercury intrusion porosimetry and 

helium adsorption) in order to gain a more accurate estimate of particle porosity, thereby minimising 

the errors of both methods. 

The effect of steam addition to the calcination gas stream was highly effective at minimising the 

differences in rate of calcination caused by varying the sample mass and the limestone type. Further 

analytical studies are required to determine the exact mechanism by which steam enhances the rate of 

limestone calcination. With the intention of presenting a fair comparison between the steam and N2

experiments, all the experiments were conducted with comparable gas concentrations, temperatures and 

sample masses. 

Following this experimental work a model was developed in Matlab to potentially answer why the 

experiments conducted with steam were significantly faster than with N2 as the dilution gas. This model 

was developed from the fundamental heat and mass balances through a spherical particle. The model 

was shown to represent the experimental data quite well in most scenarios tested. Improvements were 

made to the Arrhenius parameters by a least squares fitting of the model and the experimental data up 

to the peak rate of calcination. This lead to the formulation of the following Arrhenius equations, which 

proved to be very successful in modelling the calcination reactions under most conditions.
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Equation 4.109 - 20 vol.% Steam and 80 vol.% CO2:

	

	
	

	

�� (s��) = 9.84 × 10�� �
����,���

�� �

Equation 4.110 - 20% vol.% N2 and 80 vol.% CO2:

�� (s��) = 3.67 × 10�� �
�����,���

�� �

Although due to the fitting method that was utilised to obtain the Arrhenius parameters (which are 

shown in the equations above), the actual values themselves have lost their physical meaning and cannot 

be said to represent the real process. The model did appear to over emphasise the internal diffusion 

limitation for CO2 to leave the particle, leading to a slightly longer tail off period compared to the 

experimental data. The most likely cause of this was probably errors in the calculation of the porosity 

and tortuosity and hence the effective diffusivity. Furthermore, the calcining particles could be forming 

a pore structure that was not described by the model, i.e. via particle explosion due to the internal 

pressure increase. The model has also demonstrated that the calcination of limestone was controlled by 

a combination of external heat transfer and internal CO2 diffusion. 

The reaction modelling has concluded that increase in calcination rate was caused predominately by 

catalytic means only and the physical differences between polar and non-polar gases makes little 

difference to the overall rate of reaction. Further work is required to determine the mechanism of steam 

enhancement. 
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5Chapter 5 – A Novel Polymorphic Sorbent for CO2 Capture 

5.1. Introduction

Sorbents for CO2 capture within high-temperature calcium looping generally come under two main 

categories, firstly ‘natural sorbents’ which simply comprise of carbonate rocks (mostly limestones and 

dolomites) and secondly ‘synthetic sorbents’ which are materials derived from chemical reagents. Table 

5.1 presents an overview of the advantages and drawbacks of each type of sorbent (Erans et al., 2016) 

(Blamey et al., 2010) (Broda et al., 2015) (Fennell, 2015b).

Natural sorbents like limestone, being so cheap and readily available were originally an ideal candidate 

for calcium looping. However it was quickly discovered that natural sorbents’ initially high CO2

carrying capacity (1 mol CO2/mol CaO) dropped off sharply after cycling/reusing the sorbent just a few 

a times (Barker, 1973a). Some of the most significant improvements to the long term carrying capacity 

of natural sorbents has been founded on the addition of HBr as a pore stabilising dopant and by the 

addition of steam during cycling. The combination of these methods resulted in a 13th cycle carrying 

capacity of 0.37 mol CO2/mol CaO) ~3 times higher than without HBr doping or steam addition 

(González et al., 2016). At present, this result is currently the greatest improvement to a natural sorbents 

CO2 carrying capacity that has been made. 

The alternative to natural CO2 sorbents is to use of synthetically manufactured CO2 sorbents that have 

demonstrated (under certain conditions) very minimal decay in carrying capacity over multiple cycles 

(Erans et al., 2016). The production of synthetic sorbents is typically through some method of combing 

an array of chemicals, which after processing forms a precipitated mixture of sorbent and a support in 

a unified structure. A detailed explanation of the manufacturing techniques utilised to develop synthetic 

sorbents is given in Chapter 6. The use of the support is a critical element in these synthetic sorbents as 

they are responsible for facilitating the diffusion of CO2 into the inner particle structure, limiting the 

closure of pores caused by the carbonate product layer and preventing the solid-state ion diffusion 

caused by sintering (Broda et al., 2015). 
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Table 5.1 – Advantages and disadvantages of natural and synthetic sorbents (Erans et al., 2016) (Blamey

et al., 2010) (Broda et al., 2015) (Fennell, 2015b).

In the wider context of this body of work, it is understood that the combination of a CO2 capturing 

material and a catalytic reforming material in a single particle is beneficial in terms to the mass transfer 

and overall efficiency of Sorbent Enhanced Steam Reforming (SESR) (Rout and Jakobsen, 2013). It is 

also understood that whilst a support structure has been investigated before (Radfarnia and Iliuta, 2014) 

(Zhao et al., 2016), they often focussed on stabilising the catalyst and preventing nickel grain growth 

rather than optimising the CO2 sorption potential. Currently the most optimised support for a synthetic

Natural Sorbents Synthetic Sorbents

A
d

v
an

ta
g

es

• High potential CO2 carrying capacity 

(Calcite – 0.78 gCO2/gCaO = 1 mol 

CO2/mol CaO) 

• Relatively cheap (~$2011 26 ± 10 per 

tonne of CO2 avoided) 

• Readily available 

• Spent material has potential to be a 

feedstock material for cement 

manufacture 

• Requires minimal processing 

• Under certain conditions the rate of 

carrying capacity decay can be 

reduced 

• Stabilised and optimised pore 

structure 

• May require lower sorbent purge and 

replacement rates 

• The manufacturing process means 

precise quantities of each component 

in the final material can be 

controlled

D
is

ad
va

n
ta

g
es

• Some minor impurities (commonly 

silica, alumina, soil/earth) 

• Requires crushing to suitable 

particle size 

• Particles suffer from attrition and 

fragmentation 

• Sintering leads to significant decay 

in carrying capacity 

• Requires greater sorbent purge and 

replenishment rates

• Often requires a lengthy preparation 

time 

• Can be dependent upon expensive 

chemicals 

• Further processing via palletisation 

is normally required to make the 

material suitable for application 

• Potential difficulties in particle 

production scalability
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CO2 sorbent relies on the addition of nano-dispersed silica within the CaO matrix which produces a 

Ca2SiO4 support (Zhao et al., 2014). The work in this chapter focusses on the application of this support 

material and its associated benefits and drawbacks.

The work presented within this chapter has been published as a full length article within the journal

Fuel (DOI: http://dx.doi.org/10.1016/j.fuel.2016.08.098) (Clough et al., 2016).

5.2. Background

In a post-combustion capture setting, the carbonator will typically operate around 650 °C with a CO2

concentration of ~15 vol.%, whereas the calciner requires a much higher temperature, of around     

900-950 °C, in order to regenerate the sorbent and overcome the endothermic reaction. Furthermore, 

the calciner is likely to have a high CO2 concentration, >80 vol.%, owing to the release of CO2 from the 

sorbent and from the combustion of fuel for heating the reactor.

Equation 2.1 - Carbonation reaction:

��� + ��� → ����� ΔH = -178 kJ/mol

Equation 2.1 - Calcination reaction:

����� → ��� + ��� ΔH = +178 kJ/mol

Compared to other solid sorbents, such as hydrotalcites and zirconates, CaO has a significant advantage 

as its typical initial absorption capacity is ~0.79 gCO2/g sorbent (or carrying capacity (Blamey et al., 

2010)). CaO can be readily obtained in its carbonated form as limestone, a cheap, abundant and non-

toxic material, which is the basic feedstock for the calcium looping process. However, the carrying 

capacity of natural limestone derived sorbents degrades over multiple reaction cycles, eventually 

leading to a carrying capacity in the region of 0.15 gCO2/gCaO (this value can be reached in as few as 

20 cycles) (Blamey et al., 2015b). The cause of this loss of carrying capacity is primarily due to 

sintering, which has been shown to occur by reactive and thermal sintering, thermal softening and the 

coalescence of smaller grains into larger grains, this results in the loss of a fine pore structure and a shift
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from smaller micro- and meso-pores to larger macro-pores which are less useful for the capture of CO2

(Alvarez and Abanades, 2005) (H. Borgwardt, 1989). Calcium looping also offers the further benefit in 

that when the sorbent particles have lost the majority of their reactivity, the spent material can be used 

as a de-carbonised feedstock in the cement industry (Dean et al., 2011a).

A range of different approaches have been investigated with the aim of overcoming the issue of sintering 

of CaO-based sorbents and related decay in the carrying capacity with repeated cycling. These 

approaches include: the use of dopants (Salvador et al., 2003) (Al-Jeboori et al., 2013) (Sun et al., 

2008b); hydration and steam reactivation (Coppola et al., 2014b) (Coppola et al., 2015) (Manovic and 

Anthony, 2007); thermal pre-sintering (Manovic and Anthony, 2008b) (Chen et al., 2009); spacer 

molecule incorporation (Liu et al., 2010) and sintering resistant internal supports (Kierzkowska et al., 

2013) (Broda and Müller, 2012). Recently, Zhao et al. (Zhao et al., 2014) has reported a CaO-based 

sorbent incorporating a supporting structure composed of Dicalcium Silicate (Ca2SiO4, from here on 

referred to as C2S) which enabled the sorbent to retain a very high proportion of its carrying capacity 

throughout many cycles. The authors attributed this to phase transitions that the C2S underwent during 

the normal temperature swings of a calcium looping process. 

The phase transition exploited within the study by Zhao et al. (Zhao et al., 2014) was the α’ ↔ β C2S 

transition, which represents ca. 2 % volumetric expansion. The formation of the α’ C2S phase begins to 

occur at temperatures greater than 690 °C whereas the β C2S phase begins to form when the material is 

already in the α’ C2S phase and the temperature reduces below 680 °C (Remy et al., 1995). Upon the 

first calcination of this material the α’ C2S phase will develop, thereby forming microporous channels, 

which the authors proposed provided an accessible pathway for CO2 to diffuse into the sample, where 

it could react with free CaO. This reversible phase change leads to predictable and repeatable volumetric 

changes within the sorbent particles, enabling the microporous channels formed during calcination to 

be reopened, thereby resisting the effects of sintering. Additionally, a C2S support is comprised of 

elements already found in cement and at similar concentrations, which enables the spent sorbent to 

retain significant value to the cement industry (Dean et al., 2011b) (Dean et al., 2011a) unlike the 

addition of other typical supports such as Al2O3 or ZrO2.  
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Previous work (Zhao et al., 2014) on this type of C2S supported sorbent attempted to evaluate its 

performance using a TGA operating at conditions that were not a suitable representation of expected 

industrial operating conditions. Calcination was carried out at a temperature of 850 °C under an 

atmosphere of 100% N2 for an extended time period of 30 minutes. These conditions were not 

representative of a commercial scale CO2 capture operation where the goal is to produce a concentrated 

stream of CO2 ready for transportation and storage. 

The use of unrealistic conditions, particularly with new sorbent materials is common (Zhang et al., 

2013) (Wang et al., 2014a) (Chen et al., 2012a) (Luo et al., 2013) (Broda et al., 2012b) (Sun et al.) (This 

is only a small selection of articles where unrealistic conditions were utilised for cycling experiments 

in a TGA) and the effect of doing so can lead to exaggerated findings. More representative operating 

conditions were first comparatively investigated in this context by Manovic et al (Manovic et al., 2009) 

where limestone samples were calcined in 100% CO2 at 950 °C; showing that harsh conditions during 

the calcination stage leads to significantly lower carrying capacities. Some synthetic sorbents and 

natural limestone derived sorbents, have been comparatively tested under realistic operating conditions, 

the synthetic sorbents showed a greater ability to resist sintering degradation but decayed similarly to 

the natural sorbents when calcination occurred under the harshest of conditions (Grasa et al., 2007). 

Limestone-derived sorbents have also been calcined under realistic conditions in the presence of SO2

whilst at high partial pressures of CO2 (Lu et al., 2009). It was found that the SO2 irreversibly reacted 

to form CaSO4, which in addition to the enhanced sintering caused by high-temperature and high partial 

pressures of CO2 led to the characteristic decay in carrying capacity.  

Here we attempt to address some of the limitations identified in the previous work (Zhao et al., 2014) 

involving the C2S supported CaO by testing the resilience of the polymorphic, pore-reforming nature 

of this support and its ability to preserve the reactivity of the sorbent over repeated cycling at conditions 

more similar to those of a commercial post-combustion capture calcium looping system. Principally, 

the calcination conditions have been modified, as the influence of high-temperature CO2 on the rate and 

extent of sintering has been shown to be the most significant parameter on the sorbents longevity 

(Manovic et al., 2009). The carbonation time was also shortened to 5 minutes since it is not realistic to
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have such long carbonation times in an industrial setting, although the authors accept that even 5 

minutes could be considered a long time period for carbonation. We also introduce a novel gas switching 

method that was developed to minimise, as much as possible, any additional carbonation as the 

temperature was ramped between carbonation and calcination conditions. This gas switching concept 

involved ramping the CO2 concentration from 15 % to 100 % CO2 as the temperature was ramped from 

the carbonation to the calcination phase in line with the thermodynamic equilibrium position of the 

system.  

5.3. Material and Methods:

A detailed description of the sorbent preparation method used in this work was provided by Zhao et al 

(Zhao et al., 2014); only a brief outline of the procedure is provided here. A solution consisting of 

tetraethyl orthosilicate (TEOS, Sigma Aldrich) and nitric acid (VWR) was prepared and stirred for 1 

hour. The nitric acid performed the role of a protonating agent to allow the hydrolysis reaction to go to 

completion (Equation 5). This solution was then added to a second solution prepared by dissolving 

calcium acetate (Sigma Aldrich) in deionised water. The resulting mixture was stirred thoroughly before 

the water was removed by freeze drying or heat drying. The freeze dried sample was frozen before it 

was freeze dried (VirTis, SP Scientific BenchTop Pro freeze dryer) at approximately -44 °C and ~50 

µBar (this sample will be referred to as FD-C2S-CaO). The heat dried sample was dried on a hot plate 

at 75 °C with a magnetic stirring bar until a thick paste was formed (this sample will be known as HD-

C2S-CaO). At this stage, the mixture consisted of a well-mixed fine powder of calcium acetate and 

hydrolysed orthosilicate; the precursor powder was heated in a Lenton horizontal tube furnace to 950 

°C (ramp 20 °C/min) and held for 1 hour under air which acted as an oxidising gas. This ensured that 

the remaining carbonaceous compounds were completely combusted and removed from the sample, 

and most importantly, the crystalline C2S compound was formed (Equation 5.2). The C2S was formed 

by a solid-solid reaction that is more commonly associated with the manufacture of cement clinker.
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Equation 5.1 - Hydrolysis reaction:

��(�����)� + 4���
��

�� ������ + 4������

Equation 5.2 - Calcination reaction:

������ + 2��(������)� + 8�� → ������� + 8��� + 8���

The molar ratio of Ca to Si was maintained at 9:1 throughout all experiments so that the results were 

directly comparable with the sorbents reported previously (Zhao et al., 2014). In addition this molar 

ratio was understandably shown to have the highest carrying capacity of the ratios tested, yet maintained 

the polymorphic ability of the sorbent.

Analysis with an X-ray Diffractometer (XRD) utilising CuKα radiation (PANalytical, Almelo) was 

carried out to assess whether the phase formations had occurred in the correct proportions during the 

sorbent preparation stages. To quantify the intensity of the XRD peaks and thus derive the proportions 

of each phase, a quantitative phase analysis via Rietveld refinement was performed on the XRD data 

using the open source GSAS-II program (Toby and Von Dreele, 2013). 

Initially, the temperature of the tube furnace was set to 850 °C for 1 hour to match the conditions of the 

original paper by Zhao et al. (Zhao et al., 2014), however the XRD results showed an amorphous mix 

with no distinguishable peaks for any C2S phases. The temperature setpoint was subsequently altered 

to produce samples thermally treated at 900 °C and 950 °C (each held for 1 hour), however, it was not 

until 950 °C that the peaks became apparent in the predicted quantities. The difference here is likely to 

be because in the paper by Zhao et al. (Zhao et al., 2014), the samples’ thermal transition step was 

undertaken in a box furnace where the temperature control was not as accurately calibrated as the tube 

furnace that was used in this work. 
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5.3.1. TGA Setup and Gas Control 

The multi-cycle performances of the sorbents for CO2 capture was investigated using a TGA (TA

Q5000IR). The operating conditions for the TGA cycling experiments are presented in Table 5.2.

Table 5.2 – Operating conditions for the TGA during multiple calcium looping cycles.

The mass of sample loaded into the TGA was maintained at a constant value of 4 ± 1 mg. Mass transfer 

effects were investigated by varying the sample size, however no significant effect on the kinetics or 

extent of reaction was determined for sample masses below 10mg. Samples were pre-calcined in the 

TGA (not shown in Figure 5.1) under 100% N2 at 950 °C for consistency and to ensure the samples 

were completely calcined before beginning the cycling experiments.

Nitrogen (99.9% purity, BOC) was utilised as the balance gas for all concentrations of CO2 (99.9% 

purity, BOC) specified. The gas flow rates were controlled using an external mass flow controller 

(Brooks) set-up which was controlled via a separate program (the code was written in-house) using 

Agilent VEE. The TGA and MFC control programs were synchronised using the TGAs’ output signal 

function and a USB data acquisition (DAQ) module (Measurement Computing USB-1208FS). A CO2

Parameter Value

Carbonation temperature / °C 650

Carbonation time / min 55 & 30 

Carbonation, CO2 gas percent / % 15

Calcination temperature / °C 850 & 950

Calcination time / min 1 

Calcination, CO2 gas percent / % 0 & 100

Total gas flow rate / cm3/min at 20 °C 110

Number of cycles 15
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concentration of 15 % was used during the carbonation phase of the cycling experiments to simulate

the flue gas from a typical coal combustion power plant (Samanta et al., 2012).

To switch between the carbonation conditions and calcination conditions specified, the CO2 gas 

concentration had to be carefully adjusted. If a direct switch between 15% and 100% CO2 (profile A in 

Figure 5.1) was used after the 5 minutes of carbonation then the temperature would still be well in the 

carbonation regime and thus the sample would over carbonate leading to erroneous results. This 

additional over-carbonation is similar to that described by Arias et al (Arias et al., 2012). Nor could the 

gas be switched to 100% N2 at the end of the 5 minutes as the sample would begin calcination before 

the set point temperature was reached and it would defeat the purpose of operating at realistic conditions 

(profile B in Figure 5.1).

Figure 5.1 – Percentage weight change during the initial 3 carbonation/calcination cycles of the freeze 

dried CaO-C2S-CaO sorbent when subjected to different gas switching methods. The thick vertical lines 

represent the points of gas switching, i.e. end of carbonation, start of calcination. For calcination: profile 

A switched directly to 100% CO2 after carbonation, profile B switched to 0% CO2 after carbonation, 

profile C uses the temperature programmed ramping of CO2 after carbonation. Calcination set 

conditions were: 950 °C for 1 minute. Carbonation set conditions were: 15% CO2, 650 °C for 5 minutes. 

Constant total flow rate of 110 cm3/min (at 20 °C). 

Over 
carbonation

B

A
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Consequently, to overcome this problem, the CO2 gas concentration was increased at a rate set by the 

TGA’s heating rate (profile C in Figure 5.1); later on, this is referred to as ‘temperature programmed 

CO2 partial pressure ramping’. Here, the equilibrium thermodynamics of the CaCO3/CaO system were 

taken into account to produce a best fit third order polynomial for the rate of heating with the rate of 

CO2 partial pressure increase. During the temperature programmed CO2 ramping, the CO2 partial 

pressure was kept above the equilibrium partial pressure by an average of 2.4 ± 0.2 kPa, this ensured 

the sample stayed in the carbonation phase and did not begin calcining before the desired CO2

concentration was reached. Figure 5.2 displays a plot of CO2 partial pressure (from the valve output) 

and time during this ramping period. By keeping the sample in the carbonation phase, there was some 

unavoidable over carbonation, but this was significantly lower than the case where the CO2 partial 

pressure was directly switched, as can be seen in Figure 5.1. The flow of N2 was adaptively modified 

to maintain a constant total flow rate throughout.

Figure 5.2 – Partial pressure of CO2 and temperature plotted against time during the temperature 

ramping period after carbonation but before calcination. (♦) denotes the equilibrium results from 

ThermoVader (McBride et al., 2004), the dashed line (- - -) denotes the actual mass flow controlled CO2

partial pressure and the solid line ( ̶  ̶̶ ̶ ) denotes the temperature of the system.
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5.4. Results and Discussion:

For comparison, Figure 5.1 displays the effect of changing the gas concentration via the different 

approaches discussed above is presented for the first 3 cycles. All trials displayed in Figure 5.1 utilised 

the FD-C2S-CaO sorbent and were carbonated at 650 °C for 5 minutes, under 15% CO2 with N2 as the 

balance gas. The zeroth calcinations (i.e. the calcination of the original sample) of all samples were 

conducted under 100% N2 at 950 °C for consistency. All subsequent calcinations were programmed to 

take place at 950 °C for 1 minute under 0% CO2 (profile B) or 100% CO2 (profiles A & C).

An important detail to notice in Figure 5.1 is the increase in mass at the end of carbonation and start of 

calcination period (marked by the thick vertical lines). Profile A of Figure 5.1 shows a significant over-

carbonation as the gas was switched to 100 % CO2, as a result of this there was a greater carbonation 

driving force (PCO2 - Peq) that led to the rapid reaction with CO2 in the period of time leading up to the 

temperature at which the equilibrium position of the system transitioned from carbonation to 

calcination. Profile B of Figure 5.1 illustrates the immediate onset of calcination, occurring directly 

after the carbonation period, as the gas was switched to 100% N2. The lower temperature calcination 

will have limited the extent and rate of both thermal and reactive sintering of the sorbent material 

resulting in the less severe decay observed in carrying capacity (measured after 5 minutes at the end of 

the carbonation period) compared with the samples calcined under 100% CO2. Profile C of Figure 5.1 

shows the benefit of the temperature programmed CO2 partial pressure ramping system, where there 

was less over carbonation. The first cycle in profile C does show considerable over-carbonation 

compared to the following cycles. This was mostly likely because of highly reactive nascent CaO in the 

raw material that carbonated even with only a mild driving force. This was much less evident in the 

subsequent cycles and is thought to be due to the sintering of the sample which also explains why the 

rate of carbonation was lower during the temperature ramping stage.  

The temperature set point for the calcination was evaluated based on the equilibrium line between CaO 

and CO2, and the expected CO2 partial pressure within a commercial calciner. This equilibrium line was 

calculated using Equation 5.3 (Garcıá-Labiano et al., 2002) and was supported with thermodynamic
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modelling using the ThermoVader excel add-in (McBride et al., 2004). From application of Equation 

5.3 and the thermodynamic data, it was calculated that the temperature required for calcination under 

100% CO2 at atmospheric pressure is at least 898 ± 4 °C. This means that despite setting the calcination 

temperature to 950 °C, the calcination actually started before this temperature was reached and the rate 

of calcination increased as the temperature rose further from this value.

Equation 5.3:

��� = 4.137 × 10����� �
−20474

�
�

Here, Keq is the equilibrium constant for the reaction described by Equation 2.1 and T is the temperature 

(K). 

The TGA cycling data was analysed in a Matlab routine that amongst other processes applied Equation 

5.4 to calculate the carrying capacities of the novel sorbent (as presented in Figure 5.3).

Equation 5.4:

� = ����
��������

������������
× 100%

Here C is the carrying capacity, also referred to as CaO conversion, mol CO2 / mol CaCO3, nCO2 is the 

total number of moles of CO2 released during the calcination reaction, calculated from the mass change 

and the relative molecular mass (RMM), RMMCaCO3 is the relative molecular mass of CaCO3, MCaCO3 is 

the mass of CaCO3 equivalent in the original material and PCaCO3 is the purity of CaCO3 equivalent in 

the original material, %.

Three repeats of all experiments were carried out and the standard deviation at each cycle was calculated 

to provide an estimation of error, this error can be seen as error bars in Figure 5.3. The sorbents calcined 

in atmospheres containing no CO2 (▲ & △) displayed a significantly higher carrying capacity than those 

that were calcined under more realistic conditions i.e. 100% CO2 (● & ○). Calcining the sorbents at 

higher temperatures and high partial pressures of CO2 is well known to enhance sorbent sintering 

mechanisms (Lu et al., 2009) (Garcı́a-Labiano et al., 2002) (Fennell et al., 2007) (Manovic and
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Anthony, 2010b) (Borgwardt, 1989) (Agnew et al., 2000). The mechanism for the CO2 sintering is 

thought to be grain boundary diffusion and a surface diffusion influenced by CO2 via catalytic means, 

this results in an enlargement of the grain size and a reduction in the reactive surface area. It is thought 

that because this process occurs above the dissociation temperature of CaCO3 the process is therefore 

catalytic, more information can be found in the literature (Borgwardt, 1989). The sintering leads to a 

loss of surface area and reduction of the porosity, leading to a transition from fast, surface-controlled 

reaction to slow solid state diffusion-controlled process within the lattice of the material (Abanades and 

Alvarez, 2003). The decay in carrying capacity, of the samples calcined in 100% CO2 (shown in figure 

3) display a decline that is consistent with that of all CaO based sorbents, including natural limestone.

On further examination it can be seen that the temperature of calcination had a significant effect on the 

long term carrying capacity (Figure 5.3), which is consistent with the work of Manovic et al, (Manovic 

et al., 2009). This can be observed in Figure 5.3 by comparing the sorbents that were each calcined in 

0% CO2 at both the higher temperature of 950 °C (▲ & △) and at the lower temperature of 850 °C (◇

& ♦). The samples (◇ & ♦) calcined at 850 °C were aimed to replicate the conditions utilised by Zhao 

et al, (Zhao et al., 2014), i.e. carbonation under 15% CO2 balanced with N2 for 30 minutes at 650 °C 

and Calcination under 100% N2 at 850 °C no dwell time. The carrying capacity results for the replicated 

samples shows a more substantial decline with increasing cycle number than was observed in the 

original work. All of the experiments were checked and repeated; the results indicate that there was 

potentially a difference caused by the different production methodology of the C2S (though it should be 

noted that the decay in reactivity was still very low).
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Figure 5.3 – Carrying capacities of the novel sorbent produced by different methods and subjected to 

either 0% or 100% CO2 during the calcination step; all other conditions are listed in Table 5.2. For 

comparison, two replicate samples were created and examined under the same conditions specified in 

the paper by Zhao et al (Zhao et al., 2014). FD = Freeze dried, HD = Heat dried. (▲) FD-C2S-CaO 0% 

CO2 calcination, (△) HD-C2S-CaO 0% CO2 calcination, (●) FD-C2S-CaO 100% CO2 calcination, (○) 

HD-C2S-CaO 100% CO2 calcination, (♦) FD-C2S-CaO Matches the conditions by Zhao et al (Zhao et 

al., 2014), (◇) HD-C2S-CaO Matches the conditions by Zhao et al (Zhao et al., 2014). Conditions of 

Zhao et al’s work utilised a 30 minute carbonation at 15 vol.% CO2 and a calcination in 0% CO2 for 1 

minute. 

Figure 5.3 displays evidence that the method of production did influence the trend in carrying capacity 

decay. The two production methods utilised for the production of the novel sorbent were heat drying 

and freeze drying; the freeze dried precursor material took longer to produce because the rate of water 

loss was lower. It has been previously suggested (Zhao et al., 2014) that by freezing the samples, large 

dendritic ice crystals were formed which left enlarged pores when the water sublimated away. As such, 

an increased pore volume and an interlinked pore structure was produced which may have improved 

the diffusion of CO2 during carbonation. The freeze dried sorbents tended to present a higher initial 

carrying capacity than the heat dried sorbents under all scenarios investigated, but the relative loss of
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each sample’s carrying capacity over 15 cycles was irrespective of the production method used. The 

final carrying capacities, after 15 cycles, for the freeze dried samples calcined in 0% and 100% CO2

were 0.23 and 0.08 gCO2/gCaO, respectively. For the equivalent heat dried samples, the final carrying 

capacities, were 0.16 and 0.07 gCO2/gCaO, respectively. The sorbent investigated under identical 

conditions to those used by Zhao et al (Zhao et al., 2014) presented a much higher 15th cycle carrying 

capacity; 0.39 gCO2/gCaO (or a conversion of 74 %) was achieved for the freeze dried sorbent and 0.34 

gCO2/gCaO for a heat dried sorbent. It can thus be shown that using harsh but reasonably realistic 

calcination conditions led to ~80% drop in 15th cycle carrying capacity. 

5.4.1. C2S sorbent vs limestone sorbent

The reason that this type of sorbent was capable of minimising the extent of deactivation, under certain 

conditions, was as a result of the C2S phase changes that took place when the temperature was cycled. 

During the heating up period to the calcination temperature, the C2S formed the α’ phase and the density 

increased to 3.38 g/cm3, then as the samples cooled to the carbonation temperature, the C2S formed the 

β phase and its density decreased to 3.31g/cm3 (Remy et al., 1995). As such, these phase changes 

produced a small force inside the particle which aided the reformation and reopening of the pore 

channels. This suggests that more of the CaO was available for carbonation in the following cycle; this 

was the main advantage for this type of novel sorbent compared to natural limestone. Of course, the 

phase change, by producing micro-cracks, could change the mechanical stability of the particle, though 

the powdered nature of the sorbent means that these experiments cannot be used to determine whether 

or not this is an issue.
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Figure 5.4 – Carrying capacity comparison of the novel sorbent against two natural limestones. Both 

the limestones and the novel sorbent were calcined under 100% CO2 at 950 °C for 1 minute using the 

temperature programmed ramping that was described earlier. Carbonation was performed at 650 °C for 

5 minutes under 15% CO2. FD = Freeze dried, HD = Heat dried. (x) Longcliffe limestone, (◇) Imeco 

limestone, (●) FD-C2S-CaO 100% CO2 calcination, (▲) HD-C2S-CaO 100% CO2 calcination.

The effect of realistic cycling conditions can be observed when comparing both the HD and FD novel 

sorbents against the two commercially available limestones in Figure 6.2. It can be seen that when using 

harsh conditions, the final carrying capacity was not enhanced by the novel polymorphic spacers, 

despite the sorbent being very promising when calcined with no CO2 present. All of the samples, 

including the two natural limestones (Longcliffe and Imeco) were examined on the same TGA under 

the same conditions to ensure that the results were directly comparable; the standard deviation of the 

three repeats is displayed as the error bars in Figure 6.2. The novel sorbent demonstrates a similarly 

high CO2 uptake, due to the high CaO to C2S ratio, before rapidly sintering and eventually leaving only 

around 20% of the initial CaO accessible for conversion to CaCO3. For the novel sorbent, the 15th (g 

CO2 /g CaO) cycle carrying capacities were slightly lower than that of the natural limestone, this was 

thought to be caused impurities or structural differences in the limestone preventing full sintering of the 

CaO. 
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5.5. Conclusions

This TGA study has investigated a novel type of CO2 sorbent based on the polymorphic ability of 

dicalcium silicate (C2S) to change its volume and consequently generate pores during the temperature 

swings of the calcium looping process. The sorbent has previously displayed an excellent ability to 

retain a very high carrying capacity over multiple cycles, this study has investigated the sorbent’s 

reactivity decay under more realistic conditions.

The operating conditions for calcination were set to be similar to those of an industrial calciner within 

a calcium looping process, namely a high CO2 partial pressure and a correspondingly high-temperature. 

The phenomenon of high-temperature CO2 sintering during the calcination dramatically affected the 

sorbent’s ability to absorb and release CO2. The same effect was observed with natural limestone too. 

This paper further underlines the importance of conducting measurements of carrying capacity decay 

under realistic conditions when working with novel CO2 sorbents so as to make a fair judgement as to 

the sorbent’s actual potential. The authors have presented an advanced TGA method for assessing a 

sorbents’ CO2 carrying capacity under realistic conditions by minimising the amount of over 

carbonation between cycles. 
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6Chapter 6 – Sorbent Enhanced Steam Reforming (SESR) – 

Combined Particle Production and Testing within a Spout-fluidised 

Bed Reactor 

6.1. Combined Particles for SESR 

6.1.1. Introduction 

This chapter will investigate the manufacture of combined sorbent and catalyst particles and their 

application within a spout-fluidised bed reactor (details of the design and construction were presented 

within Chapter 3) for biomass SESR. 

Based on the evidence presented within the literature review (Chapter 2) it was noted that a significant 

issue regarding the production of H2 via SESR was the operation position relative to the equilibrium 

position of the SESR reactions. This operating position, which is defined by the operating temperature, 

pressure, flow rates and steam to carbon ratio will consequently affect the produced H2 purity and total 

gas yield. Furthermore it has been documented that the production of H2 via the SESR process is limited 

the mass transfer diffusional resistances that occur between the catalytic active sites and the CO2 sorbent 

active sites (Bhat and Sadhukhan, 2009). A method that has been developed to overcome this diffusional 

resistance is to combine the sorbent and catalyst into a single particle, thereby creating a multifunctional 

combined particle which significantly reduces the distance that the CO2/produced gases are required to 

travel between the different active sites (Dietrich et al., 2005) (Rout and Jakobsen, 2013). Figure 6.1 

pictographically displays the diffusion resistances within a SESR system and the benefit of combining 

the sorbent and catalyst within a single particle compared to an un-combined particle system. As can 

be observed in Figure 6.1a, the dual particle system requires the produced gases to re-enter the gas phase 

after they have been catalytically reformed/cracked therefore requiring the gas to undergo two stages 

of gas-to-solid diffusion. With Figure 6.1b only one stage of gas-to-solid diffusion is required thereby 

simplifying the diffusion distance and moves the process towards a pseudo one step process. These are 

of course simplified systems and in reality both the catalytic and sorption reactions are occurring
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simultaneously in both the single and dual particle systems (albeit at different rates). It should also be 

noted that the H2 production efficiency in both systems is dependent upon the contact (and hence 

diffusion rate) of steam to the produced gas (which is within the particles structure for the single particle 

system) as the key H2 producing reactions such as steam reforming and water-gas shift require steam to 

be present (Florin and Harris, 2008a).

Figure 6.1a and b – Representation of the diffusional resistances present in dual (a - top) and single (b

- bottom) particle SESR systems.  

Grünewald et Agar (Grünewald and Agar, 2004) and Lugo et Wilhite (Lugo and Wilhite, 2016) 

presented performance analyses of single combined particles for SESR applications which were 

structured in multiple variations from a sorbent core and catalyst shell to a catalyst core and sorbent 

shell, each variant was compared to a single homogenously mixed particle. Modelling of the water-gas 

shift reaction suggested the greatest conversion enhancement of multifunction combined particles can 

be found with homogenously mixed particles where the mass transfer Stanton number is low and the 

Thiele modulus is low. Furthermore their modelling of the Sorption Enhanced – Steam Methane 

Reforming (SE-SMR) reaction showed a greater adsorbent utilisation when the multifunctional particles 

were homogeneously mixed as opposed to when a core and shell type particle was applied.
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Whilst many models have been developed to describe the utilisation of combined particles for SE-SMR 

(Aloisi et al., 2016) (Rout and Jakobsen, 2013) (Rout et al., 2011) (Solsvik and Jakobsen, 2011) (Li and 

Cai, 2007) (Lugo and Wilhite, 2016) (Jakobsen and Halmøy, 2009), biomass SESR (including model 

compounds of biomass) (Mahishi et al., 2007) and water-gas shift reactions (Grünewald and Agar, 

2004) the experimental application of combined particles has been predominantly TGA focussed 

(García-Lario et al., 2015b). Rout et al. (Rout et al., 2014) investigated the kinetics of SE-SMR within 

a TGA and fixed bed reactor and concluded that due to gas-solid mass transfer limitations within a 

TGA, a fixed bed reactor was a better tool for studying the relatively fast kinetics of SE-SMR. 

Experimental research into the use of combined core and shell and homogenously mixed particles for 

SE-SMR has been conducted on many occasions within fixed bed reactors (Ding and Alpay, 2000) 

(Satrio et al., 2005) (Satrio et al., 2007) (Martavaltzi and Lemonidou, 2010) (Chanburanasiri et al., 

2011) (Xie et al., 2012a) (Broda et al., 2012a) (Broda et al., 2013) showing, under a range of conditions 

(usually optimised by a high S/C ratio) and multiple different sorbent/catalyst/particle production 

techniques, that the produced gas can achieve very high H2 concentrations (>80 mol.%). As of yet, 

combined particles for biomass SESR has had little research focus, one example of this system was 

found in the literature by Li et al. (Li et al.), they employed a two stage fixed bed and Ni-impregnated 

particles (<124 µm) and looked at the product gas upgrading of pyrolysed and gasified corn-stalk 

biomass. Their optimal result of 85.1 vol.% H2 was achieved with a 15 wt.% NiO loading applied to a 

γ-Al2O3 supported, calcined dolomite. 

The use of fixed bed reactors, whilst useful for a quick analysis of potential materials for their cyclic 

ability to undergo SESR, are not representative of the likely operating environment of an SESR reactor 

for biomass processing, instead circulating fluidised beds are considered to be the most suitable 

technology for these types of gas-solid reactions (Harrison, 2008) (Johnsen et al., 2006b). Fixed bed 

reactors are currently the most common method of assessing SESR reactions as they are easier to 

operate and are comparable to conventional SMR operation which is also a fixed bed process. A fixed 

bed system also allows simple scale up by adding more beds and provides a lower CAPEX and OPEX 

compared to fluidised beds. However, fluidised beds offer the potential for efficient mixing of the gas
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and solids leading to excellent heat distribution and a minimised external mass transfer resistance and 

an easier operation that does not require high-temperature gas switching valves as a multiunit fixed 

system would (Johnsen et al., 2006b) (Fennell et al., 2007) (Harrison, 2008). Fluidised beds are however 

limited by the attrition of bed material which could be a significant issue if a nickel catalyst is present 

as the flue gases will need to be thoroughly cleaned in order to minimise the emissions of Nickel into 

the environment. Nickel is known to be a highly toxic carcinogen and therefore attrition resistance of 

materials containing nickel operating within a fluidised bed needs to be accurately assessed to enhance 

the safety of the process. A circulating fluidised bed reactor has been utilised for SE-SMR previously 

and was able to produce H2 at 97-98 vol.% purity, continuously (8 hours) when utilising a Ni catalyst 

that represented approximately 50 % of the bed material (Arstad et al., 2012). A fast fluidised bed setup, 

much like an entrained flow reactor, has been utilised for SMR previously and was able to demonstrate 

that with the addition of a H2 permeable membrane a thermodynamic equilibrium shift can be achieved 

similar to that achieved by the addition of a CO2 adsorbent (Chen et al., 2003). 

Most of the previous studies that have experimentally investigated the use of combined particles have 

employed a supporting material within their combined particles. Typically this support is alumina (MgO 

and ZrO2 are also common supports), which reacts with calcium oxide at the calcination temperatures 

to form a calcium-aluminate cementitious structure; the fundamental aim of this and all other supports 

is to minimise the solid state grain/ion diffusion caused by sintering. A suitable support should have a 

Tammann temperature high enough to resist thermal sintering during the normal temperature operation 

of a calcium looping system (approximately the same temperatures are utilised for SESR) (Lu and Dai, 

2014). Tammann temperature is defined as half the melting point of the material and is considered the 

temperature above which atoms have sufficient energy for bulk movement within the lattice structure 

(Baerns, 2013).
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Several different methods of producing these combined catalyst and sorbent materials have been 

previously investigated. The most utilised material preparation methods for combined particles are 

summarised in Table 6.1 where a scaled definition has been made between low- and highly-engineered 

methods. Low-engineered preparation methods involve minimal/simple processing and are often 

cheaper but can lead to inferior characteristics and performance compared to highly-engineered 

materials. Highly-engineered materials require more/difficult processing techniques, often start with 

chemical reagent precursors, require more time and expertise to produce and because of these reasons 

they can be more expensive but they can also produce very effective materials. The production of 

particles from these materials is predominantly performed by extruding a paste through a suitable mesh 

or by forming a bulk solid which is then crushed and sieved. 
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Table 6.1 – Combined particle material production methods, low- to highly-engineered methods

(Merkus and Meesters, 2015) (Brinker and Scherer, 1990) (Li et al., 2005).

Materials preparation 

method
Approximate methodology 

Low-

engineered

Wet granulation 

(sometimes referred to 

as mechanical mixing)

Solid materials are ground to a powder then dry mixed for homogeneity, 

a solvent is added to bring the material into a workable paste which can 

then be formed into particles. 

Hydrolysis

Raw CaCO3 is calcined into CaO, to which DI water and other 

solvents/binders/supports/catalysts are added to form a highly disperse 

Ca(OH)2 based mixture. The binders are evaporated and finally the 

material calcined to convert the Ca(OH)2 to CaO and decompose any 

remaining binder/support/catalyst precursors.

Wet impregnation

A support structured particle is produced by another method. These 

particles are then immersed in a metal salt solution for a period of time. 

The solution is allowed to dry out leaving the original particles 

impregnated with the metal salts distributed across their surface area. 

The dried material is then calcined to decompose the metal salt.

Spray drying /  

freeze drying

Spray drying: A solution/slurry of the raw materials is prepared then 

pumped through a spray nozzle. Hot gas is passed around the outside of 

the spray nozzle which flash evaporates the droplets leaving a porous 

particles which can be calcined to produce# the final particles. 

Freeze drying: A solution/slurry of the raw materials is prepared then 

pre-frozen before being placed into a vacuum chamber. The low-

pressure sublimates the solvent from the frozen bulk mixture leaving a 

porous material which can formed into a particles and then calcined.

Co-precipitation

A solution of metal salts is prepared (typically nitrates), mixed and 

precipitated out with the addition of a base (typically ammonium 

hydroxide). The precipitate is then filtered, washed, dried and calcined.

Highly-

engineered
Sol-gel 

A solution of metal salts is prepared, a gelation additive is required to 

turn the solution into a gel. The solvent can then be removed by filtration, 

washing and drying, after which the material is calcined.
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The co-precipitation method has been used extensively to produce hydrotalcite-like (HTlc) combined 

particles for SESR which has the advantages of producing a highly dispersed, nanosized structure with 

a high specific surface area and stability against sintering (Broda et al., 2012a) (Wu et al., 2012) 

(Dewoolkar and Vaidya, 2016b) (Dewoolkar and Vaidya, 2016a). Hydrotalcites require different 

operating conditions to effectively adsorb CO2 compared to CaO-based sorbents, namely lower 

temperatures (400-500 °C) and higher pressures (up to 40 bar) furthermore the low capture capacity is 

likely to limit the full scale potential application of HTlc’s (Reijers et al., 2006) (Barelli et al., 2008).

Chanburanasiri et al., produced a combined Ni and CaO based particle utilising a wet impregnation 

method and found an optimal Ni loading of 12.5 wt.% (Chanburanasiri et al., 2011). Phromprasit et al. 

synthesised a combined catalyst and sorbent material via a similar method by first hydrating CaO then 

wet mixed in a 20 wt.% Al2O3 in NiO mixed powder before drying and calcining. It was found that the 

addition of the Al2O3 support was advantageous in terms of aiding a high H2 purity during the pre-

breakthrough period compared to without the support structure present which was reasoned to be due 

to an external CaCO3 product layer blocking pores, thereby limiting the access to internal Ni and CaO 

sites (Phromprasit et al., 2016). Later Phromprasit et al. incorporated Zr, La and Ce into the matrix, 

which was found to make minimal difference to the CO2 carrying capacity of the materials, but due to 

a lack of comparison to an undoped base case it was not possible to infer if the doping improved the H2

yield or purity (Phromprasit et al., 2017).

A similar method again utilised wet mixing followed by wet impregnation for the production of 

combined particles from which it was found that excess CaO actually limited the CH4 conversion during 

the pre-breakthrough period, which was likely to be caused by pore blocking by CaCO3 product layer 

(Di Giuliano et al.). Synthetic calcium based CO2 sorbents were also produced and tested within a 

fluidised bed by Pacciani et al., who found that sorbents produced via the hydrolysis method were more 

mechanically stable within a fluidised bed compared to co-precipitated sorbents because of the particles 

internal structure being denser and more resistant to attrition (Pacciani et al., 2008). 
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Kalantzopoulos et al., utilised a dry mixing with the subsequent addition of 5 wt.% polyethylene glycol 

(PEG 4000) as a binder – which was later burned off leaving a porous CaO matrix. A Ni(NO3)2 solution 

was then applied via wet impregnation, after drying the nitrates were combusted to leave a combined 

sorbent and catalyst material (Kalantzopoulos et al., 2015). The use of organic-removable spacers is 

rare in the literature but in combination with other supporting methods a porous macrostructure can be 

formed leading to a materials which may expose more external surface area that is not as susceptible to 

pore blocking by the product layer CaCO3 formation (Broda and Müller, 2012) (Sun et al., 2016).

Each of these particle production methods are techniques of incorporating the materials together such 

that the distance between individual grains is minimised whilst incorporating porosity yet maintaining 

physical particle strength. There are advantages and disadvantages to each production method but 

whichever method is selected the end goal is to achieve a balance between maximising: (Solsvik and 

Jakobsen, 2011) (Broda et al., 2015)

• Particle porosity 

• Catalytic activity 

• Reaction kinetics 

• Sorbent carrying capacity 

• Particle and individual component lifetime 

• Particle strength 

• Resistance to attrition 

• Ability to use/recycle spent material

And minimising:

• Material sintering 

• Pore blocking/product layer resistances 

• Unintended inter-component interaction 

• Expense, difficulty and time to manufacture 

• The quantity of unreactive material
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6.1.2. Method development

Utilising the information gained from the literature presented here and in chapter 2 it was decided to 

investigate combined particles produced via a low-engineered manufacturing technique. A low 

engineered method was selected due to the ability to produce particles which were relatively 

inexpensive, sourced from readily available natural materials and they involved few processing steps 

such that they could be scaled up and commercialised with minimal difficulty. 

The method that was developed was based on the methods applied by (Phromprasit et al., 2017) 

(Phromprasit et al., 2016) (García-Lario et al., 2015b) (Pacciani et al., 2008) (Li et al., 2005) and can 

be thought of as a combination of hydrolysis and wet-mechanical-mixing. The aim of this particle 

production method is to form homogenous mixture of CaO and NiO where the CaO forms the structure 

of the particles and the nickel is evenly dispersed throughout the matrix. A flow chart is presented below 

illustrating the common method applied to the production of all combined particles within this chapter.
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Figure 6.2 – Combined material and particle production methodology applied to all particles within this

chapter.
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The majority of the porosity within these particles was formed from the conversion of Ca(OH)2 to CaO, 

thereby a theoretical minimum porosity of 49.9 % could be achieved, as demonstrated by use of 

∙

Equation 6.1 which calculates the molar expansion/contraction factor (Z) that occurs during the 

decomposition from Ca(OH)2 to CaO. A lesser amount of the particles porosity will be formed from the 

evaporation of water from the particles as they dry out.

Equation 6.1:
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0.501 =
56.077

74.093

2.21

3.34

Where: (Lide, 2005)

VCaO  Molar volume of CaO, m3/mol 

VCa(OH)2 Molar volume of Ca(OH)2, m3/mol 

MCaO  Molecular weight of CaO, 56.077 g/mol

MCa(OH)2 Molecular weight of Ca(OH)2, 74.093 g/mol 

ρCaO  Density of CaO, 3.34 g/cm3

ρCa(OH)2 Density of Ca(OH)2, 2.21 g/cm3

For particles produced of CaO only (particle size fraction 300 - 500 µm) a porosity of 64.1 % was 

calculated through the use of Equation 6.2 and Equation 6.3, the skeletal density (determined by 

Accupyc, Micromeritics - AccuPyc II 1340 Series Pycnometer) and the pore volume (determined by 

Mercury Intrusion Porosimetry, MIP, Micromeritrics – AutoPore IV). The pore volume was calculated 

by summing the pore volume of pore diameters <100 µm. The value calculated via this method is higher 

than the theoretical minimum porosity due to the evaporation of water from the particles, particle 

formation defects and experimental measurement error. 
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 Equation 6.2 - Porosity of the particle, ε:

� =
��

�� + ��

Equation 6.3 - Volume of the solid fraction of the particle, Vs:

�� =
1

��

Where: 

ε Porosity of the particle 

ρs Skeletal density, g/cm3

Vs Solid volume, cm3/g 

Vp Pore volume, cm3/g 

6.1.3. Unsupported particle production 

These combined particles require a source of Ni (the catalyst for these reactions) to be incorporated into 

the matrix of the CaO particles, which was achieved by adding known quantities of nickel(II) oxide, 

NiO, powder (Sigma Aldrich, <50 nm (TEM), purity 99.8 %) to the Ca(OH)2 solution followed by 

continuous and vigorous stirring. The CaO source was calcined limestone (Longcliffe, <90 µm, all other 

details of this limestone were supplied in Chapter 4). The impact of NiO addition to the matrix of these 

CaO particles was investigating by introducing 14, 26, 36 and 47 wt.% NiO to the mixture – thereby 

representing in the reduced form 11, 21, 28 and 37 wt.% Ni. These weight percentages were evaluated 

using X-ray Florescence (XRF, PANanalytical – Epsilon 3x). The active form of nickel for the reforming 

reactions during SESR is zero valence nickel(0) which means that due to the reduction of NiO to Ni 

some additional porosity would be introduced. Using Equation 6.1 the Ni grains will theoretically be 

~59.3 % smaller than the grains of NiO. Figure 6.3indicates that there will be no Ni-Ca interactions 

formed at all temperatures during the production and operation process. The samples were analysed 

utilising XRD to confirm the phases that were present – CaO and NiO only, as expected. 
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Figure 6.3 – Phase diagram of temperature vs NiO to CaO ratio excluding solid state interactions, 

produced in FactSage. It is normal to observe no detail on this figure, it indicates that there is no reaction 

between CaO and NiO.

Table 6.2 presents the characterisation of the combined NiO and CaO particles, from which it is clearly 

observable that the addition of Ni leads to an increase in particle density (skeletal and envelope) and a 

decrease in BET surface area and pore volume per g of material. The increase in particle density can be 

attributed to the higher density of NiO (6.72 g/cm3) compared to CaO (3.34 g/cm3). The skeletal density 

values presented in Table 6.2 for CaO and NiO only particles were close to their literature values (Lide, 

2005), slight discrepancies will be present due to measurement error, potential hydration of CaO and 

imperfect oxidation of the NiO lattice. The decrease in BET surface area and pore volume with 

increasing NiO content is likely due to pore blocking by the larger NiO grains due to the starting NiO 

material being <50 nm compared to a dissolved solution of Ca(OH)2. The pore volume utilised in 

Equation 6.2 was calculated by applying an arbitrary cut off at 100 µm to the MIP volumetric intrusion 

data (after a blank correction was applied), this is because the reported volumetric intrusion above this 

value is likely to be interstitial particle space not pore volume, as discussed in Chapter 4. Figure 6.4

CaO(s) + NiO
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shows each material is highly macro-porous (pore diameters mostly > 50 nm) and it can be observed 

from Table 6.2 that the addition of the NiO decreases the pore volume within the 10 - 100 nm pore 

diameter range (analysed by BJH – N2 adsorption), which has previously been demonstrated to be 

optimal for the absorption of CO2 (Fennell et al., 2007) (Broda and Müller, 2014). The available reactive 

pore area and pore volume within the 10 - 100 nm pore diameter range, displayed in Table 6.2 was 

calculated in Matlab by interpolating dV/dD and dA/dD data using the ‘interp1 - pchip’ method to form 

a pseudo-continuous data set from the discrete values reported in the original BJH adsorption data set, 

and then integrating across the 10 - 100 nm pore range with the trapezium rule.

Figure 6.4 – Mercury Intrusion Porosimetry (MIP) dV/dlog(D) for combined particles with varying NiO

contents.

It can also be observed from Figure 6.4 that an increased nickel content lead to the development of a 

bi-modal pore structure indicating that nickel grains were coalescing, thus forming a separated pore 

structure of relatively larger pores compared to the smaller CaO pores. It should however be noted that 

MIP is known to be less accurate at pore diameters below ~ 10 nm as the error caused by compression 

of the mercury, the sample and the penetrometer itself is more prominent at these smaller pores; thus to
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analyse the pores smaller than this diameter BJH (Barrett-Joyner-Halenda) analysis is recommended 

(Fennell et al., 2007) (Kissa, 1999). The overall porosity of the particles was changed negligibly by the 

addition of NiO indicating that the NiO is producing its own sub-structure throughout the CaO matrix 

as the envelope and skeletal densities were increasing at a similar rate. This point was further evidenced 

by the ‘NiO only’ particles having a clearly defined pore structure and high porosity, ~ 62 %, despite 

presenting a low BET surface area. The evidence suggests that providing the NiO content within the 

particles is minimised the impact on the available reactive pore surface area and volume will be limited.
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Table 6.2 – Combined particles (300 – 500 and 710 – 1000 µm) characteristics from BET, BJH and MIP analysis density and porosity calculated for 300 – 500

µm combined particles only. 

Sample

BET Surface area 

(m2/g)

Pore volume in 10 – 100 nm 

range (BJH, cm3/g)

Pore surface area in 10 – 100 

nm range (BJH, m2/g) Skeletal  density 

(g/cm3)

Envelope density 

(g/cm3)

Porosity 

(%)
300 – 500 

µm

710 – 1000 

µm

300 – 500 

µm

710 – 1000 

µm

300 – 500 

µm

710 – 1000  

µm

CaO only 16.07 14.52 0.064 0.058 5.87 5.15 3.31 1.19 64.1

14 wt.% NiO 11.32 10.65 0.050 0.048 4.79 4.41 3.23 1.19 63.2

26 wt.% NiO 9.47 8.05 0.032 0.027 3.22 2.59 3.63 1.29 64.6

36 wt.% NiO 9.16 8.97 0.034 0.033 3.42 3.25 3.72 1.44 61.2

47 wt.% NiO 7.10 6.62 0.030 0.028 2.73 2.46 3.93 1.62 58.8

NiO only 0.95 0.93 0.005 0.005 0.45 0.42 5.93 2.25 62.1
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To assess the impact on the CO2 carrying capacity of combining NiO into the CaO structure 15 

carbonation/calcination cycles were undertaken on a TGA (Q5000IR, TA Instruments), the results of 

which are presented as Figure 6.5. The operating conditions utilised were defined as follows:

• Carbonation – 650 °C, 15 vol.% CO2 with balance N2, 5 minutes 

• Calcination – 950 °C, 100 vol.% CO2, 1 minute 

The CO2 concentration was ramped between the carbonation and calcination stages following the 

protocol detailed in Chapter 5. The temperature was ramped and reduced at 50 °C/min.

Figure 6.5 – Combined particle (CaO and NiO, 300 - 500 µm) CO2 carrying capacity in moles of CO2

absorbed per mole of CaO as a percentage.  

The TGA cycling data indicates that the combined particles have a slightly lower long-term carrying 

capacity than the reference limestone, Longcliffe. Crucially though there seems to be negligible 

difference between the samples with varying NiO content indicating that the increased presence of NiO 

did not impact on the sorbents ability to absorb CO2 – or if it did the effect is greatly outweighed by the 

degradation caused by high-temperature CO2 sintering and the particle manufacturing process. The 

zeroth cycles of the synthetic sorbents was not presented as the samples were in their calcined form 

therefore the weight changes during the zeroth calcinations were minimal.
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6.1.4. Supported particle production 

As discussed within the introduction of this chapter, calcium-aluminate based supported particles have 

been investigated previously, however the use of silica based supports is sparser. One study by Zhao et 

al., found positive results with the use of a dicalcium silicate support derived from the addition of 

tetraethyl orthosilicate for calcium looping (Zhao et al., 2012). These authors found that the interactions 

of the calcium and silicon oxides led to a well-ordered pore structure which could adapt with 

temperature cycling to produce a stable CO2 capture performance. It was therefore chosen to investigate 

if the addition of a silica based support, in the form of dicalcium silicate (C2S) as investigated within 

the novel polymorphic sorbent discussed in Chapter 5, would benefit the combined particles structure 

or influence production of H2 via SESR.  

The calcium source for the novel sorbent was previously calcium acetate, which has the key downside 

of being an expensive chemical reagent (bulk calcium acetate ~$1.50/kg (Alibaba.com)) compared to 

crushed limestone (bulk limestone ~$0.07/kg (Alibaba.com)). For this reason the production of the 

novel sorbent utilising calcined limestone as the calcium source was investigated. However it was 

important to ensure that the formation of the dicalcium silicate (C2S, Ca2SiO4) was not impeded by the 

use of an alternative calcium source. 

A secondary silica source, high surface area fumed silica (<38 µm, 99 %, Sibelco Ltd), was also 

investigated as it is moderately cheaper than the silica source used previously, tetraethyl orthosilicate 

(TEOS, >99 %, Sigma Aldrich). An example calculation for the material cost per kg of Si ions can be 

found in Appendix III. 

Table 6.3 displays the supported combined particles that were produced and their respective component 

weight percentages and molar ratios. A molar ratio of Ca:Si of 9:1 was aimed for as this was 

demonstrated by Zhao et al. to be the optimal composition for CO2 absorption, due to the high 

availability of free CaO and minimal amount of C2S support (Zhao et al., 2014).
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The samples have been named based on what they were composed of, i.e. the sample with calcium 

oxide, a C2S support derived from TEOS and nickel oxide was denoted as CaO – TEOS – NiO. The 

SiO2 weight percentages for the TEOS samples were initially calculated based on the mass of SiO2 that 

will be produced after the hydrolysis reaction. 

Table 6.3 – Supported combined particles and their respective weight percentages and molar ratios. 

Weight percentages were confirmed and updated by XRF. The terms -SiO2- and -TEOS- represent the 

silica source for each sample. The Actual C2S weight percent formation were calculated by quantitative 

phase analysis by Rietveld refinement using GSASII (Toby and Von Dreele, 2013).

To check the production of the C2S support structure within these combined particles the samples were 

analysed by XRD (utilising CuKα radiation, PANalytical, Almelo), these results were then subsequently 

analysed using quantitative phase analysis via rietveld refinement of the expected species in GSASII 

(Toby and Von Dreele, 2013). Using the data presented in Table 6.3, combined with the XRD patterns 

presented in Figure 6.6 it was possible to conclude that a significant proportion of the fumed silica 

added to the samples denoted by ‘- SiO2 -’ did not react with the CaO and remained as crystalline SiO2. 

This is understandable as the grain size of the original silica material was quite large (<38 µm) and it 

was therefore expected that the dispersion of SiO2 was low and the contact area between the Ca and Si 

molecules was also low. 

Sample ID

Weight percentages (wt.%) Theoretical / Actual

C2S formation

(wt.%)

Molar ratios

CaO NiO SiO2 Impurity Ca:Si Ca:Ni 

CaO - SiO2 87.1 0 11.1 1.8 32.4 / 13.8 9:1 -

CaO - TEOS 87.4 0 10.8 1.8 31.5 / 27.2 9:1 -

CaO - SiO2 - NiO 63.0 25.9 9.8 1.3 28.5 / 20.5 8.7:1.3 7.1:2.9

CaO - TEOS - NiO 63.1 25.9 9.8 1.2 28.4 / 22.6 8.7:1.3 7.1:2.9



243

The measured extent of C2S formation was less than expected in all samples which was likely caused 

by a lack of crystallinity within the samples, as the XRD analysis was only able to measure crystalline 

materials. The sample preparation method could have been altered by increasing the sintering 

temperature or the length of the sintering phase, both of which would have led to a more crystalline 

material being produced however to keep the samples comparable with the previously produced 

unsupported materials this was not performed. A difficulty that occurred when conducting the phase 

identification, in particular for the C2S phases, was that the three main peaks of all C2S phases 

overlapped with main peaks of CaO. This meant that phase identification and quantification was 

performed using some secondary peaks, which introduced an unknown error in the results.  

The formation of Ca(OH)2 was observed within the XRD patterns and was likely due to the samples 

exposure to the atmospheric moisture. To prevent Ca(OH)2 formation, the length of time the samples 

were exposed to the atmosphere was minimised and they were stored in containers which were sealed, 

Parafilmed and had their atmospheres diluted with N2, the sample containers were then stored in sealed 

containers with hygroscopic silica gel crystals. Nevertheless it was inevitable that some Ca(OH)2 did 

form during the production and analysis processes. 
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Figure 6.6 – XRD patterns of C2S supported combined particles produced utilising alternative calcium

and silica sources.

The incorporation of NiO into this supported sorbent structure was also investigated as Ni will be 

required as a catalyst, however before doing so any potential interactions were investigated using 

FactSage. The system was modelled at 950 °C (the temperature of the tube furnace in which the material 

is sintered/calcined) assuming the only species initially present were CaO, SiO2 and NiO. The red circle 

displayed on Figure 6.6 indicates the phase compositions likely to be present at equilibrium at this 

temperature, when the following weight percentages were utilised ~64 wt.% CaO, ~10 wt.% SiO2, ~26 

wt.% NiO. It can be observed, CaO preferentially reacted with the SiO2 to form Ca2SiO4 due to the high 

calcium oxide content of this mixture and due to the lower change in Gibbs free energy (∆G) of Equation 

6.4 compared to Equation 6.5.  
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Equation 6.4 - Calcium silicate formation:

2���                      + ���� → ������� ΔG = -2,454 kJ/mol

Equation 6.5 - Nickel silicate formation:

2��� + ���� → ������� ΔG = -1,551 kJ/mol

Where: ΔG = ΔH0 - TΔS0 (kJ/mol). 

Figure 6.7 – Phase diagram indicating the thermodynamically stable species that could be formed when 

CaO, SiO2 and NiO are present at 950 °C, produced in FactSage. The red circle indicates the 

composition of a material representing ~64 wt.% CaO, ~10 wt.% SiO2, ~26 wt.% NiO.  

NiO + SiO2 + Ca2SiO4

NiO + SiO2 + Ca2SiO4 + Ca3Si2O7

NiO + SiO2 + CaSiO3 + Ca3Si2O7

NiO + Ni2SiO4 + NiCaSi2O6

NiO + CaSiO3 + NiCaSi2O6

SiO2 + Ni2SiO4 + NiCaSi2O6

SiO2 + CaSiO3 + NiCaSi2O6
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Figure 6.8 – Combined particles (300 - 500 µm) CO2 carrying capacity in moles of CO2 absorbed per 

mole of CaO as a percentage. TEOS and SiO2 indicate the C2S support silica source material. A sample 

without a support structure but equivalent NiO content is also displayed for comparison.

The supported combined particles were cycled in the TGA under the calcium looping conditions 

previously stated in section 6.1.3 and compared against a longcliffe limestone sample and an 

unsupported combined particle of equal NiO loading, CaO - NiO. Figure 6.8 displays the results of 

these TGA cycles, the results of which indicate that the addition of the C2S support negatively impacted 

the carrying capacity of the sorbents, which is in line with the results found in Chapter 5. A comparison 

of the supported and the unsupported combined particles of equal NiO content highlights that the initial 

the CO2 sorption capacity was lower for the supported particles and after repeated cycling the supported 

material presented a 15th cycle carrying capacity which was ~ 42 % lower relative to the unsupported 

sample. A potential reason for this lower carrying capacity could be due to pore blockage or because 

the support caused instabilities in the lattice thereby leading to the collapse of larger pores. To 

investigate these potential causes, the supported and unsupported combined particles were analysed via
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BET, BJH and MIP, the analysis of which is displayed in Figure 6.9 and Table 6.4. The MIP and BJH

data was analysed utilising the same method as described in section 6.1.2.

Table 6.4 shows that the supported sample produced using the fumed silica, CaO – SiO2 – NiO, 

displayed a lower BET surface area and a lower available reactive surface area and volume indicating 

that the unreacted SiO2 likely did block some of the pores or alter the pore structure. The same 

explanation does not seem appropriate for the supported sample derived from the TEOS silica source, 

CaO – TEOS – NiO, as the surface area and BJH characteristics were not significantly different from 

the unsupported CaO – NiO sample. The porosity of the samples with TEOS present were shown to be 

significantly greater than the sample without a support and the samples with a fumed silica support – 

which was confirmed with the use of a student’s t-test, although the error in MIP and helium gas 

displacement pycnometry measurements and minimal repeats may prove this difference to be 

negligible.

Figure 6.9 – Mercury Intrusion Porosimetry (MIP) dV/dlog(D) for combined particles (300 - 500 µm) 

with C2S supports compared to an unsupported sample. ‘– TEOS –’ and ‘– SiO2 –’ indicate the silica 

support source material for the C2S. Each material was composed of ~26 wt.% NiO. 
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Table 6.4 – C2S supported combined particle (300 - 500 µm) characteristics from BET, BJH and MIP analysis.

Sample
BET Surface 

area (m2/g)

Pore volume in 10 – 100 

nm range (BJH, cm3/g)

Pore surface area in 10 – 100 

nm range (BJH, m2/g)

Skeletal  density 

(g/cm3)

Envelope density 

(g/cm3)

Porosity 

(%)

CaO only 16.07 0.064 5.87 3.31 1.19 64.1

CaO - SiO2 9.78 0.053 5.25 3.12 1.11 64.5

CaO - TEOS 14.89 0.072 7.57 3.18 0.89 71.9

CaO - NiO 9.47 0.032 3.22 3.63 1.29 64.6

CaO - SiO2 - NiO 8.17 0.038 3.81 3.50 1.34 61.8

CaO - TEOS - NiO 9.11 0.038 4.42 3.54 0.86 75.8
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6.2. Operation within a Spout-Fluidised Bed Reactor

Utilising the spout-fluidised bed reactor described in Chapter 3 the combined particles were assessed 

for their potential use in biomass SESR. This section will cover the application of these particles, 

difficulties which occurred during operation and the impact of coke on these particles. 

6.2.1. Reaction conditions 

An operating operation procedure similar that described with in the SOP shown in Appendix I was 

utilised with some minor changes to improve the understanding of the complex set of reactions. These 

experiments were all conducted at 660 ± 5 °C, 1 atm, ~20 ± 2 mol.% steam and a total flow rate of ~80 

cm3/s (@ 293 K – u/umf ≈ 3.6 for sand 425 – 500 µm, total flow rate split as follows: main feed N2 = 59 

cm3/s, bio-knocker N2 = 5 cm3/s, steam = 16 cm3/s). The biomass utilised in each of these experiments 

was the same oak as identified in section 3.5. 

These experiments were all conducted with a 0.9 g/min biomass feeding rate which produced a molar 

steam to carbon (S:C) ratio of 1.2:1. It is understood that this was a relatively low S:C ratio however 

the value that could be achieved was limited by the high gas flow rate required to transport the biomass 

into the reactor which impacted on the stability of the steam concentration that could be generated by 

the bubbler system. An attempt was made to improve the S:C ratio by reducing the gas flow rate going 

through the bubbler system and increase the bubblers temperature after which combining the increased 

steam concentration flow with the remaining N2 flow before collecting the biomass and entering the 

reactor. The increased steam concentration that was generated by this alternate set up was negated by 

the addition of the remaining gas effectively diluting the steam concentration to similar levels as 

previously achieved; because of this the steam generation and gas mixing set up was maintained as 

described in section 3.6 and a lower S:C ratio was utilised. 

For the utilisation of biomass, a low S:C ratio is not as influential as it would be for SMR, this can 

explained using Equation 6.6 and Equation 6.7. These equations show that the stoichiometric ratio of 

C:H2O is 1:2 for SMR and 1:1.2 for SESR implying that a lower steam demand is required when 

utilising biomass as the biomass itself contains some oxygen. In Equation 6.7 the oak biomass is
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represented by the mole fractions of C, H and O (determined by CHN analysis, Analytical Services at 

the Sheffield University), these values were then substituted into the reactant side of the equation and 

finally the equation was balanced to achieve round numbers on the product side.

Equation 6.6:

��� + 2��� → ��� + 4��

Equation 6.7:

���.���.� + 1.2��� → ��� + 2��

During a commercial operation of both of these processes a greater S:C ratio would be applied to ensure 

complete conversion of the biomass and to minimise coking, as is the case with SMR where S:C ratios 

of 3 are typically applied, i.e. 50 % excess (Gupta, 2008). The utilisation of very high S:C ratios is 

uneconomical for commercial operation of both SMR and SESR due the large operating costs associated 

with evaporating water and raising its enthalpy. S:C ratios are therefore kept to a minimum such that 

the energy efficiency and operating cost of the system is not impacted too greatly (Xu et al., 2008) 

(Großmann et al., 2016). 

6.2.2. Bed material

Initially, the fluidised bed consisted of an amount of the combined particles such that the molar CaO to 

C ratio was ~ 44, which ensured a large excess of CaO (compared to the amount of CO2 that could be 

generated). This meant that it was possible to determine the effect of altering the Ni content independent 

to the concentration of CaO. Sand was also added to the bed to raise the bed mass to 40 g which acted 

as a thermal ballast within the bed. An excess CaO:C ratio on this extent at commercial scale would 

greatly impact on the energy and cost penalty of the system as more material would need calcining, a 

greater bed material would need to be circulated and the OPEX costs of supply and disposal of the 

material would need to be accounted for.

The combined particles initially contain NiO which is not the catalytically active form for the reforming

reactions, therefore before the SESR reaction could take place the NiO had to be reduced to Ni. The H2
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reduction was performed at 650 °C with 5 vol.% H2 for 30 minutes, whilst observing the steam and H2

concentration at the outlet of the reactor, which was utilised for visual confirmation that the H2 reduction 

was complete. In all cases the reduction was observed to reach completion after approximately 10 

minutes. 

6.2.3. Unsupported combined particles: Effect of particle size and Ni content

The unsupported combined particles described in section 6.1.3 were studied within the spout-fluidised 

bed reactor to investigate their ability to favourably produce H2 through SESR with biomass. A typical 

experimental reactor response (detailed by thermocouples and gas analysers) to an SESR with biomass 

reaction followed by calcination and finally coke burn-off, is shown in Figure 6.10. 

Figure 6.10 – A typical response to a long (~8 minutes) biomass feed during SESR, followed by

calcination and then coke burn-off.

CalcinationSESR
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Similarly to Figure 6.10, once the bed temperature and steam generation were both stable the biomass 

feeding system was activated and biomass was continuously fed for 3 minutes at a rate of ~0.9 g/min. 

A feeding time of 3 minutes was utilised as it was demonstrated from the results obtained from longer 

feeding runs that steady state H2 production is reached after ~30 seconds, and after ~8 minutes the 

impact of sorbent carbonation and particle/inlet tube coking (discussed further in section 6.3) begins to 

take effect which minimises the effectiveness of the SESR process.

After the SESR process was complete (Time point ≈15 minutes) the steam flow was turned off, leaving 

just N2 flow and the wall temperature set point was increased to 750 °C to induce the calcination of the 

sorbent. This temperature is known to be much lower than the temperature that a realistic calciner would 

operate at and that conducting these calcinations in N2 is also not representative. These conditions were 

chosen however due to the lack of ability to get heat into the reactor fast enough to reach >900 °C and 

to ensure an accurate mass balance could be achieved by minimising the number of gas changes.

 During the period of time spent heating up the bed material to the calcination temperature and during 

the calcination period itself, CO and CO2 were both detected by the analysers. This indicates that the 

CO2 released form the calcination was reacting with the surface carbon deposits of the particles via the 

Boudouard reaction (Equation 6.8); this reaction has been thermodynamically modelled using 

ThermoVader and is shown in Figure 6.11 (McBride et al., 2004). The grey shaded area indicates the 

heating up zone between the SESR temperature (left dashed line) and the calcination temperature (right 

dashed line). The grey shaded area demonstrates the Boudouard reaction likely had a significant effect 

on the CO2 concentration detected by the analysers during the calcination and thus the moles of CO had 

to be accounted for when calculating the mole balance and determining the extent of carbonation of the 

sorbent. When calculating the extent of carbonation, the moles of CO detected were divided by 2 as per 

the stoichiometry of the Boudouard reaction and added to the total moles of CO2 detected. 

Equation 6.8 – Reverse Boudouard:

� + ��� ⇌ 2�� ΔHr
0 = 172 kJ/mol



253

Figure 6.11 – Thermodynamic modelling of the Boudouard reaction using ThermoVader at 1 atm 

(McBride et al., 2004). The grey shaded area represents the heating up zone between SESR conditions 

and calcination conditions during which the Boudouard reaction proceeds. 

Post calcination (Time point ≈55 minutes), 10 cm3/s (@ 293 K) of air was added to the fluidising gas 

stream which began the coke burn-off combustion process within the reactor. Initially the combustion 

was incomplete leading to the production of both CO and CO2 after which there was a sharp transition 

to CO2 production. This sharp transition is likely caused by the oxygen being used up by the combustion 

of coke on the interior wall of the feeding tube and it was not until this carbon was removed that oxygen 

was able to fully mix within the bed and achieve complete combustion. The build-up of coke during 

biomass feeding will be discussed in section 6.3. 

For the analysis of this data a Matlab code was written which, along with many other items, calculates 

the mass balance across each elemental and compound species. The experimental results obtained from 

the application of two separate particle sizes (300 – 500 µm and 710 – 1000 µm) of the combined 

particles described in section 6.1.4 for biomass SESR are presented in Figure 6.12 and Figure 6.13.
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Figure 6.12 displays the volumetric gas percentages (dry and N2 free basis) of the product gas during 

the steady state period of the SESR phase and Figure 6.13 displays the total moles of each individual 

gas species produced per gram of biomass during the SESR phase.

Figure 6.12 shows that the as the Ni content within the particles increased, the H2 purity increased by 

increasing the volumetric percentage of H2 and decreasing the CO, CH4 and CO2. It can be observed 

that in most cases the H2 vol.% was greater for the smallest size fraction of particles, but this difference 

becomes less apparent when the particles were composed of a greater percentage of Ni. Due to the 

observed convergence of the gas purities at the highest Ni contents for both particle sizes it can be 

inferred that any increased diffusion limitation caused by utilising larger particles was offset by the 

shear amount of Ni lining the exterior of the pore walls. This indicates that the biomass SESR 

experiments conducted were likely limited by the distribution of Ni at the surface of the pore walls 

within the particles, which is why some smaller particles with lower Ni contents could outperform some 

larger particles with higher Ni contents. The effectiveness factor is a key parameter is determining the 

diffusion limitation observed by the particles and was calculated for these particles in section 6.4. 

The common trend of an increased H2 yield (mmol gas/g biomass) with a greater Ni content can be observed 

in Figure 6.13 for both particle sizes. It can also be observed that CO, CH4 and CO2 yields tended to 

increase to a maximum at around 26 wt.% NiO content and then decrease as the Ni content of the 

particles increased further; this was thought to be due to the greater amount of Ni at the exterior of the 

pore walls which enabled the overall reforming reactions to proceed further towards the equilibrium 

limit.
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Figure 6.12 – Volumetric gas percentages of the product gas from biomass SESR in a fluidised bed reactor with varying combined particles compositions of

CaO and NiO. 

300 - 500 µm

710 - 1000 µm
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Figure 6.13 – Moles of individual gas species per gram of biomass added during SESR in a fluidised bed reactor with varying combined particles composition

of CaO and NiO.  
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The error bars shown on both Figure 6.12 and Figure 6.13 were calculated by the standard deviation of 

multiple runs (at least two repeats for each particle size and NiO content). As was stated earlier the 

vol.% of each gas during SESR was calculated during the steady state period only meaning that the 

deviation was minimised. However, the yield was calculated across the entire reaction period meaning 

that if during a run there was a slight variation in the steam concentration or biomass flow rate this 

impacted greatly on the material balance, thus the error bars were larger for the yields displayed in 

Figure 6.13.

Also displayed on Figure 6.12 and Figure 6.13 are the results from thermodynamic modelling (dry and 

N2 free basis) of the systems within FactSage. Understandably because FactSage can only model the 

thermodynamics of the system it is unable to account for kinetic or diffusional limitations observed 

when conducting experimental research, which means FactSage could not predict the impact of Ni 

addition on the system as its affects were catalytic only. The H2 yield and vol.% did approach the 

thermodynamic equilibrium when utilising the combined particles with the highest Ni contents. In all 

experimental systems the CO, CH4 and CO2 differed significantly from the modelled predictions likely 

due to inefficient steam gasification and mixing between the product gases and the combined particles. 

The residence time of the gases within the reaction zone (defined as bed volume when expanded due to 

fluidisation) was calculated to be about 2 seconds meaning some gas likely bypassed the particles 

unreacted. Furthermore the modelled data overlooks the gradual production of coke on the surface of 

the particles and the steady rate of pore blocking by the CaCO3 product layer. 

A comparison between combined and un-combined (separated) particles was also made and is also 

displayed on Figure 6.12 and Figure 6.13. The bed material utilised when investigating the separated 

particle system was composed of masses of CaO only and NiO only particles which equalled the masses 

of NiO and CaO in the equivalent combined particle system. The separated particles were both of 710 

– 1000 µm size fraction and likely separated out during fluidisation because of their differing densities, 

which meant the biomass likely came into contact with NiO only particles first and then the CaO only 

particles as the gas progressed up the fluidised bed. It can be observed in Figure 6.12 that the volumetric 

gas percentages of all gases were quite comparable between the combined and separated 26 wt.% NiO



258

bed material; however the same cannot be said of the total gas production shown on Figure 6.13. The 

quantity of gas produced from the separated particle system was significantly lower than that of the 

combined particle system. This demonstrates that combined particle system can lead to significant 

improvements in the yield of gas production, but the product gas purity was not affected considerably.

Based on the data gathered in this set of work, the addition of up to 14 wt.% NiO to the combined 

particles made no observable difference to the purity or yield of H2 produced compared to the CaO only 

system. This is likely due to the CaO matrix shielding the majority of the Ni and therefore making it 

unavailable to react within this system. 

Elemental carbon, hydrogen and oxygen balances across the overall process (SESR, calcination and 

burn off) were conducted and the results of which are displayed in Table 6.5 alongside the percentage 

of CO2 captured during the SESR phase. The average C, H and O closure was 100.4 ± 15.4 %. The 

equations for deriving the mass balances are described in section 6.2.6. The observed deviation in the 

mass balances was thought to be caused by errors in the gas concentration measurement and the 

variability in the biomass feeding and steam production. Furthermore the reactor was controlled 

manually (gas rotameters) over the ~75 minute period and therefore there is a certain degree of 

systematic error (setting the rotameters to a value) within the operation of the reactor which inevitably 

affected the mass balances. The amount of CO2 captured during the SESR phase was measured by 

comparing the amount of CO2 measured during the SESR phase compared to the measured amount of 

CO2 released during the calcination phase. The values reported were quite consistent across each 

sample, irrelevant of the wt.% NiO present. There is however a noticeable difference between particles 

of different size fractions, larger combined particles seemed to absorb less CO2 compared with the 

smaller particles, this was probably because the smaller particles had a higher pore surface area (per g 

of particle) in the optimal pore range (10 – 100 nm) for carbonation as shown in Table 6.4. 
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Table 6.5 – Carbon, hydrogen and oxygen balance closures across the SESR phase and the percentage of CO2 captured by the sorbent during the SESR phase

(measured by the released of CO2 during the calcination phase). 

Sample

Closure of carbon balance for 

the SESR reaction (%)

Overall closure of hydrogen 

balance (%)

Overall closure of oxygen 

balance (%)

Amount of CO2 captured 

during SESR (%)

300 – 500 

µm

710 – 1000 

µm

300 – 500 

µm

710 – 1000 

µm

300 – 500  

µm

710 – 1000 

µm

300 – 500  

µm

710 – 1000 

µm

CaO only 91.4 81.0 90.1 119.2 78.8 120.8 36.7 18.7

14 wt.% NiO 83.7 85.4 111.8 90.6 106.1 84.6 21.4 16.1

26 wt.% NiO 123.6 112.8 94.7 86.7 121.4 117.6 38.7 21.6

36 wt.% NiO 131.8 81.5 70.4 107.4 110.2 107.9 33.7 16.2

47 wt.% NiO 103.1 99.5 108.1 100.8 101.3 89.9 33.6 18.2
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6.2.4. Supported combined particles for SESR: Effect of support addition 

The supported combined particles described within section 6.1.4 were also assessed for their ability to 

produce high produce high purity H2 and the impact on the overall H2 yield through biomass SESR in 

the spout-fluidised bed reactor. Based on the results obtained in section 6.2.3, a decision was made to 

utilise combined particles with a size fraction of 300 – 500 µm and composed of 26 wt.% NiO. The 

combined particles were named according to Table 6.3. 

Figure 6.14 displays the volumetric gas percentages of the product gas during the steady state SESR 

phase. It can be observed that the addition of the C2S support reduces the CH4 content of the gas stream 

considerably and therefore lead to an increase in the vol.% of H2 and CO detected. Comparing the moles 

of steam utilised during the SESR reactions with C2S supported particles, it was calculated that for 

every 1 mmol of additional CH4 reacted approximately 2 mmols of steam was also consumed. This 

indicates that the increased consumption of methane observed during SESR with C2S supported 

particles likely followed the reaction pathway identified by Equation 6.9. 

Equation 6.9:

��� + 2��� → ��� + 4��

It is interesting that this has been observed because chemically the addition of SiO2 into the reactor bed 

should be no different than adding sand (which is already present as a thermal balance). It may be that 

the SiO2/C2S acts as active sites allowing a lower bonding energy with the surface of the particles, thus 

providing an intermediary pathway for the reforming reactions. Currently no literature on this observed 

effect can be found in the available resources and as such this area requires further work to determine 

if this is a true phenomenon or not. 



261

It can also be observed from Figure 6.15 that the molar quantity of gas produced with the CaO – SiO2

– NiO sample was lower than each of the other samples which is probably caused by the unreacted SiO2

grains, blocking the Ni or CaO sites. Repeats were not conducted with the supported particles due to a 

lack of time, so the error bars which are displayed are those of the unsupported CaO-NiO particles and 

are present to simply to provide a visual representation of the approximate error associated with the 

data of similar type. 

Figure 6.14 – Volumetric gas percentages of the product gas from biomass SESR in a fluidised bed 

reactor with combined particles composed of CaO and NiO and a C2S support derived from TEOS or 

fumed Silica (- SiO2 -).
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Figure 6.15 – Moles of individual gas species per gram of biomass added during SESR in a fluidised 

bed reactor with combined particles composed of CaO and NiO and a C2S support derived from TEOS 

or fumed Silica (- SiO2 -).

Table 6.6 – Overall closure of the carbon balances across the entire experiment and the extent of sorbent

carbonation.

Sample

Overall closure of 

carbon balance 

(%)

Overall closure of 

hydrogen balance 

(%)

Overall closure of 

oxygen balance 

(%)

Amount of CO2

captured during 

SESR (%)

CaO - NiO 123.6 94.7 121.4 38.7

CaO - SiO2 - NiO 124.6 126.3 123.9 52.1

CaO - TEOS - NiO 112.4 100.7 113.2 59.3
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Elemental carbon, hydrogen and oxygen balances across the overall process (SESR, calcination and 

burn off) were conducted and the results of which are displayed in Table 6.6 alongside the percentage 

of CO2 captured during the SESR phase. The equations for deriving the mass balances are described in 

section 6.2.6. The observed deviation in the mass balances is thought to be caused by errors in the 

measurement of the different gases and variability in the biomass feeding and steam production. 

Furthermore the reactor was controlled manually (gas rotameters) over the ~75 minute period and 

therefore there is a certain degree of systematic error within the operation of the reactor which inevitably 

affected the mass balances. A further source of error which was not accounted for in the mass balances 

was the oxidation of Ni by steam and by the oxygen during the burn off stage.

6.2.5. Comparison with literature

The work here focussed on the novel use of solid biomass as its fuel source for SESR and therefore 

increases the difficulty of the work conducted. Comparisons with other literature data on similar 

processes will now be made. 

The combined particles produced within this work show a similar BET surface area and CO2 carrying 

capacity compared to some co-precipitated particles of CaO and NiO only (Wang et al., 2015). Li et al. 

(Li et al.) also detailed a set of experiments whereby analytically pure CaCO3 was wet impregnated 

with varying amounts of Ni(NO3)2 to form a NiO loading of 2.5, 5 and 10 wt.%. These samples were 

placed within a fixed bed reactor at 650 °C where the vapours from biomass gasification/pyrolysis were 

passed over them to undergo the SESR process. The outlet gas composition from these reactions was 

broadly similar to the values found within this work however the addition of the NiO enhanced the 

reactions so much that the CaO sorbent was not able to absorb the additional CO2 produced and as such 

the concentration at the exit was greater.

The use Ca and Ni based combined particles within a packed bed reactor undergoing multiple SE-SMR 

cycles was investigated by Broda et al. (Broda et al., 2012a) who showed that a CaO-NiO-hydrotalcite 

structure can reproducibly produce very high purity H2 (~99 vol.%) effectively from the CH4 feed. This
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combined material was produced via co-precipitation and resulted in a relatively higher BET surface 

area compared to the values found here. Furthermore, an improved H2 purity was produced by Broda et 

al. which is likely down to the much higher S:C ratio of 4 that was utilised (Broda et al., 2012a). An 

excellent H2 production of efficiency of 99.1%, dropping to only 96.1% in the 10th cycle of SE-SMR 

was also reported by Radfarnia et Iliuta. (Radfarnia and Iliuta, 2014) who utilised a fixed bed reactor. 

Their combined particles were produced by acidification (to open up the pore structure) of limestone 

followed by the wet impregnation of Ni(NO3)2. It is likely again that the reason for the much higher H2

purity produced in their work was because of the much high S:C ratios (3-5) and the higher CaO:C ratio 

which was controlled by the feeding rate of the methane. Similar work within another fixed bed reactor 

was carried out by Garcia-Lario et al. who demonstrated that with the use of their combined particles, 

produced via physical wet mixing, that a H2 concentration of over 90 vol.% could be produced over 

multiple cycles when using a methane feed gas (García-Lario et al., 2015b). 

A two stage down draft fixed bed reactor (biomass pyrolysis then gasification and reforming) with co-

precipitated combined particles of Ni-Mg-Al-CaO has been investigated with the use of biomass and 

the aim of producing H2 (Nahil et al., 2013). The researchers found significantly higher CH4 yields 

compared to work conducted here which is possibly due to the late introduction of steam into their 

system. Their work also found a maximum of 20.2 mmol H2/g biomass (53.9 vol.% purity H2) when 

their sample of Ni-Mg-Al-1CaO was utilised, which when compared to the sample most equivalent 

within this study (CaO – TEOS - NiO) a H2 production of 58.2 mmol H2/g biomass (69.3 vol.% purity 

H2) was achieved, indicating their system operated further from the equilibrium and may have lacked 

the mixing that was achieved within the fluidised bed utilised here.

A hydrogen yield of 117 g/kg of pine wood waste biomass (1-2 mm particle size) was produced by 

Arregi et al. within a two stage reactor set up (spouted bed reactor for pyrolysing biomass followed by 

a fluidised bed reactor for reforming the produced gases), which is very similar to the value of 121.4 g 

H2/ kg of biomass (60.7 mmol H2/kg biomass) produced within this work (Arregi et al., 2016). This 

indicates that the process intensification of undertaking the biomass gasification and reforming 

reactions within one reactor was successfully equivalent in terms of H2 production compared to a
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separated system. CH4 and CO gas compositions achieved in this work were comparable to the work of

	

Arregi et al. however significantly more CO2 was produced in their study due to the lack of CO2 sorbent.

As it can be seen the results obtained within the set of experiments and within the constructed reactor 

were directly relatable and comparable the work conducted by others. It was also demonstrated the use 

of simple production methods for the combined particles lead to similar purities and yields of gas being 

produced. Most other studies do utilise simpler fuels/sources of hydrogen such as methane or sometimes 

model compounds such as toluene or glycerol which makes direct comparison difficult, especially as 

biomasses propensity to coke is significantly greater than that of CH4 due to its far more complex 

structure. 

6.2.6. Mass balance calculations 

To calculate the purity (volumetric percentages) and yield (moles per gram of biomass) of each gas 

component during each phase of the experiment (H2 reduction, SESR, calcination, burn off) the 

following generalised equations were implemented.

The outlet gas concentration of gas component, i, was adjusted by removing the baseline/inlet

concentration of that gas component by applying a 1 dimensional sloped fit as follows.

Equation 6.10:

[�]�������� = [�]��� − [�]��

Equation 6.11 – The inlet molar flow rate, Fin, was calculated by:

��� =
� �̇

� �

During SESR, only N2 and H2O were used to fluidise the particles meaning the inlet N2 mole fraction 

can be calculated by: (during the calcination, steam was turned off thus xN2 in was 1, and during the 

combustion phase the mole fraction of H2O was replaced by a constant value equal to the mole fraction 

of O2 at steady state after combustion was complete). 
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Equation 6.12:
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Equation 6.13 – The outlet mole fraction of N2 can be calculated by subtracting each of the mole

	

fractions of all other gas components:

���

		

��� = 1 − ���

	

���

Equation 6.14 – The outlet molar flow rate, Fout, was calculated by:

���� =
��� ��� ��

��� ���

Equation 6.15 – The moles of gas component, i, was calculated by:

�� �������� = � ���� �� ���

�����

���

Equation 6.16 – The purity (volumetric gas percentages) of gas component i was calculated by:

������� ���. % =
��

������
∗ 100%

Equation 6.17 – The total closure of across the whole experiment and across each individual reaction

phase by:

� = �
�� ��

�������� �� �������
+

(�� + 2���������� �����)��

�������� �� �������
+

(�� + ���������� �����)��

�������� �� �������
� ∙ 100%

Where:

ξ Closure of the component sytems, C, H and O as a percentage, % 

[i] Concentration of gas component i, vol.% 

Fin  Molar flow rate into the reactor, mol/s 

Fout  Molar flow rate out of the reactor, mol/s
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Fbiomass Mass flow rate of biomas into the reactor (dry, ash free basis), g/s 

i Gas component i can represent N2, H2O, CO2, CO, CH4, O2 or H2 

iPurity Volumetric gas % of component i, vol.% 

ni released Moles of component i released during the reaction, moles 

nC,H,O Total moles of C, H and O measured during a phase of the experiment, moles 

nunreacted steam  Moles of unreacted steam, moles 

ntotal Total moles of gas components CO2, CO, CH4, O2 and H2 (depending on experiment phase) 

MC,H,O Relative molecular masses of C, H and O, g/moles 

P Pressure, assuming 1 atm = 101,325 Pa, Pa 

R Universal gas constant, 8.314 J/mol K 

t time, s 

T Temperature, 298 K 

V Volumetric flow rate, m3/s 

xi in Mole fraction of component i in 

xi out Mole fraction of component i out

6.3. Coke production and prevention

6.3.1. Coke formation on the combined particles 

During the biomass gasification and SESR reactions, some of the biomass was inevitably converted 

into coke, which is deposited on the particles (Figure 6.16), the reactor liner, the feeding tube and at the 

exit of the reactor. The particles of coke that were elutriated from the bed were predominately captured 

within the glass wool filtration system however some of the finer coke particles were capable of passing 

through this system entirely. The particles that were captured were weighed at the end of each 

experiment and were added to the mass of coke combusted during the burn off phase. 
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Figure 6.16 – Coked particles post biomass SESR, no calcination or burn off. 

The deposition of coke on the combined particles can be detrimental to the activity of the Ni and 

absorption capabilities of the CaO. Coke is known to take several forms, which have been outlined 

below (Bartholomew, 2001):

• Surface carbides – chemical adsorption as a monolayer (such as Ni-C, nickel carbide),

temperature of formation: 200 - 400 °C, slow to form, low steam to fuel ratios required

• Amorphous films or filaments – multilayer physical absorption, temperature of formation:

250 - 500 °C, progressive deactivation, low steam to fuel ratios required

• Graphitic film – induced crystallinity of amorphous film by increased temperature, 

temperature of formation: 500 - 550 °C, requires temperatures greater than formation 

temperature for decomposition to occur
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• Graphitic whiskers/filaments – induced crystallinity of amorphous film by increased 

temperature, temperature of formation: 300 - 1000 °C, can potentially lead to the particle break 

up due to the filaments causing stress within the particles pores, requires temperatures greater 

than formation temperature for decomposition to occur

It has also been noted recently that the incorporation of iron into the matrix of a Ni-based catalyst led 

to a significant decrease in the deposition rate of coke on the surface of the catalyst. This effect was 

linked to the iron oxides increasing the lattice oxygen content (confirmed by XPS) which meant that 

any carbon that formed on neighbouring Ni sites was readily oxidised. Furthermore a sustained 

reduction in conversion of amorphous coke into graphitic coke was observed and explained to be due 

to the ability of the Fe to cycle between oxidation states within the carbonator/reformer where steam 

and hydrogen were present simultaneously (Hu et al., 2016).

To investigate the deposition of carbon onto the combined particles a ~35 mg sample of CaO-NiO (26 

wt.% Ni) post SESR (no calcination or burn off) was analysed on a TGA-MS (Netzsch - TG 209 F1 

with QMS 403 D). To obtain this sample, once SESR was complete the steam system was bypassed 

and the bed material was purged for a few minutes under N2 to remove any moisture that remained, 

after which the bed material was dropped into the U-bend by turning off the gas fluidising gas and 

turning the reactor heating off. This was done in order to try and preserve the state of the combined 

particles. To assess the degree of coking, the sample placed within the TGA-MS and was first heated 

to 900 °C under N2 to calcine the sorbent, then cooled to 100 °C still under N2 and finally the sample 

was heated to 900 °C in air at a ramping rate of 10 °C/min to burn off the coke. The calcination step 

was required to minimise the interface between CO2 released from the sorbent and CO2 released from 

the combustion, however by doing this the coke deposits may have become shifted further into the 

graphitic carbon range. 

The TGA temperature vs weight percentage change profile is displayed in Figure 6.17 showing the loss 

of hydrates from the sorbent, loss of carbonates in the sorbent and then oxidation of the Ni and burn off 

of the coke. The weight percentage change is overlaid with the mass spectrometer response for CO2 (44



270

g/mol) and molecular oxygen (O, 16 g/mol) which are shown as Figure 6.18. MS data for other gases

was also collected (SO2, CO, O2, H and Cl) however they are not included here.

Figure 6.17 – TGA temperature vs weight change as a percentage of the initial mass for a sample of

coked combined particles composed of CaO and NiO (26 wt.%). 

It can be observed in Figure 6.18 that the oxidation of the coke didn’t fully occur until the oxidation of 

the Ni was almost fully complete, this could be because the Ni has a stronger oxygen affinity and 

therefore preferentially oxidised. Furthermore the CO2 MS trace appears to continue long after the 

pronounced weight change where the formed carbonates decomposed (heating from 450 °C to 900 °C 

in N2) indicating that some of the carbon was oxidising even without the presence of air. This effect 

could be explained by the coke stripping oxygen from residual NiO (formed by steam oxidation during 

SESR) and thus forming the observed CO2. The reduction of NiO by carbon has been studied previously 

and has shown that the formed Ni actually catalysed the process further (Fruehan, 1977). The amount 

of carbon oxidised by this process is small as can be observed by the change in weight measured, this
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is because the solid-solid reaction is slow and the temperature is reducing during this time period and

thus the reaction thermodynamics are not favoured.

Figure 6.18 – TGA weight change as a percentage of the initial mass and mass spectrometer response 

for CO2 and molecular oxygen for a sample of coked combined particles composed of CaO and NiO 

(26 wt.%).

The temperature programmed oxidation (TPO) of the combined particle sample shown in Figure 6.19 

was produced by combining the TGA data with the MS data in Matlab and shows that the majority of 

the coke was decomposed between 600 – 760 °C indicating that the sample’s coke was predominately 

graphitic in nature. However, as stated earlier the effect of preheating the sample to calcine the sorbent 

likely had a significant effect on the type of carbon which remained for the TPO. The addition of Fe 

onto the exterior of the combined particles with the aim of utilising the redox potential of the Fe for 

coke reduction would certainly be an interesting area to explore in the future (Di Felice et al., 2010).

10 vol.% O2 in N2

100 °C to 900 °C

Molecular oxygen

CO2

N2

450 °C to 900 °C
Cool to 100 °C

CO2

N2

25 °C to 450 °C

Molecular 
oxygen
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Figure 6.19 – Temperature programmed oxidation showing the CO2 MS trace against temperature of 

the TGA for a sample of coked combined particles composed of CaO and NiO (26 wt.%) post SESR 

(no calcination or burn off).

6.3.2. Coke formation within the reactor

The formation of coke within the reactor itself from the gasification of the biomass led to more 

operational difficulties than the deactivation of the combined particles through coking. Figure 6.10 has 

been reproduced and edited to form Figure 6.20 in which a red circle has been added to indicate the 

point in time during the run at which the at which biomass feeding was halted. Continuous biomass 

feeding was a very difficult objective to achieve; a problem that was not encountered until the reactor 

was hot and continuously operating was that as the biomass was fed into the reactor it began to 

pyrolyse/gasify within the feeding tube (connecting the outlet of the U-bend to the bottom of the quartz 

liner, which enters only about 1/3rd of the heated length ~ 8 cm). Despite a gas velocity of ~1.4 m/s @ 

150 °C (temperature and therefore flow rate increased as the gas and biomass travelled further up the 

feeding tube into the reactor) the biomass began devolatilising within the feeding tube. This volatile
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matter adhered to the side of the feeding tube which due to the lower rate of decomposition/gasification 

compared to the rate of volatile matter production, an accumulation occurred. The volatile matter 

subsequently began to carbonise and form coke and gradually, over time, the internal diameter of the 

feeding tube narrowed and eventually blocked. This blockage would then cause a pressure increase 

before the reactor and prevent all gas from flowing. The operation of the reactor could not continue for 

longer than ~8 minutes before this issue became apparent and feeding had to be stopped to prevent the 

blockage from stopping the gas flow. 

The blockage was confirmed to be within the feeding tube and not to be an agglomeration of the bed 

material as the reactor was taken apart post SESR (no calcination or burn off) and upon inspection it 

was evident that the blockage had not occurred within the bed but within the feeding tube itself, where 

the internal diameter of the tube had decreased as coke had formed.
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Figure 6.20 – A typical response to a long (~8 minutes) biomass feed during SESR, followed by 

calcination and then coke burn-off. The area within the red oval shows the position at which the biomass 

feeding system was interrupted by coking on the inlet feeding tube.

To try and alleviate the issue of coking within the feeding tube, the bio-knocker N2 gas flow was 

substituted for air, hoping that the oxygen would combust the coke that was forming within the feeding 

tube. A large batch of combined particles with 32 wt.% Ni were produced using the same method 

described earlier for this set of experiments, furthermore all other reaction conditions and operating set 

points were maintained. Figure 6.21 displays the effect of oxygen addition during SESR on the amount 

of coke measured during the combustion (and CO production from the Boudouard reaction during the 

calcination stage) stage. This figure seems to suggest a counter intuitive result, more oxygen in the feed 

gas equals more coke formation. This data is also convoluted in that it doesn’t provide any information 

as to where the coke was formed/destroyed.
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The effect on the product gas composition is also displayed as Figure 6.22, showing that as the O2 partial 

pressure was increased the production of CO2 and CO increased which lowered the overall gas 

concentration of H2. The additional CO2 that was produced was also seemingly not able to be absorbed 

by the sorbent despite the CaO being well in excess of the CO2 produced.

Figure 6.21 – Coke formation per gram of biomass added as a function of oxygen partial pressure in the

gas stream during SESR.  

It can be stated qualitatively that when adding oxygen the length of time that feeding was successful for 

increased by approximately 2-3 minutes for every ~1.3 vol.% O2 increase in the gas stream. Repeats for 

this data set were not conducted so no approximation of the error can be provided This data is also 

affected by the fact that for every 1.3 vol.% increase in the O2 concentration the bed temperature 

increased by approximately 10 °C, and without the knowledge of how temperature affects the rate and 

extent of the reaction the data shouldn’t be directly compared.
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Figure 6.22 – Impact of oxygen addition on the volumetric gas percentages of SESR products. 

It may well be demonstrated by future research that the addition of O2 is necessary for SESR to raise 

the operating temperature however for the purposes of coke decomposition it is suggested, based on 

this very short and partial set of data, that O2 addition is probably not the best method of coke 

decomposition if H2 is the end goal. Instead, it is thought that the decomposition of coke would be more 

effectively executed by destroying the tar before it turns into coke by raising and controlling the steam 

to carbon ratio and potentially lining the internal wall of the feeding tube with a Ni based coating to act 

as a catalyst for the decomposition reactions (Sikarwar et al., 2016) (Song et al., 2015) (Trimm, 1997).
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6.4. Kinetic Investigation within a High-Pressure Spout-Fluidised Bed Reactor

From observing the data presented in Figure 6.12 and Figure 6.13, it is clear that significant internal 

diffusional effects were present within the combined particles during the SESR experiments. A good 

understanding of the kinetics and reaction dependant parameters is important for the accurate design of 

reaction vessels and commercial operating facilities, which in turn affects the selection of suitable 

particle size fractions for operation (Fogler, 2006). In heterogeneous reactions such as SESR, the 

measured kinetics of a reaction are influenced by the reactant gas concentrations and by the following 

factors (Fogler, 2006):

• External bulk gas diffusion of the gas molecules to and from the exterior surface of the solid

particles (ignoring any gas film)

• Internal Knudsen diffusion of the gas molecules through the tortuous path within the pores, to

and from the active sites where the actual reaction takes place 

• Heat transfer to and from the bulk gas/reactor bed material to the particles surface 

• Heat transfer throughout the particles structure 

The structure and composition of the particles themselves can also greatly affect the degree to which 

these factors influence the rate of reaction.

If the observed rate of a reaction is defined as -rA and the true intrinsic rate of the same reaction is 

defined as -rAS (where no external diffusion or heat transfer limitations are present, i.e. the particle is 

said to react at the surface gas concentration), then it is possible to write the following equation.

Equation 6.18:

−�� = �(−���) = �(����
� )

Where η is the internal effectiveness factor of the reaction and defines the extent to which surface

reaction and diffusion resistances affect the kinetics. 
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In this section, the carbonation kinetics of the CaO – NiO (26 wt.% NiO) and CaO – TEOS – NiO (26 

wt.% NiO) combined particles that were produced and tested within section 6.2 will be investigated. 

These two sets of combined particles were utilised as they were both shown to be effective at producing 

high purity H2 during SESR and would enable a direct comparison between supported and unsupported 

combined particles.

6.4.1. Literature background

There are many examples of previous work that has investigated the kinetics of CO2 carbonation of 

CaO based sorbents. From this prior work the rate of carbonation of a CaO based sorbent is known to 

follow a dual staged process whereby there is an initial fast reaction kinetics controlled phase followed 

by a slower diffusion controlled phase (Barker, 1973b). The fast initial carbonation reaction occurs at 

the external surface of the particles but gradually, as the formation of CaCO3 progresses, the average 

pore width begins to narrow which increases the diffusion resistance of CO2 into the particles which 

means the reaction becomes dependent upon the movement of CO2 through the CaCO3 product layer 

(Yu et al., 2012). Steam is known to be an effective reagent at minimising the diffusional resistance 

through the product layer by maintaining a stable open pore structure and thus increase the rate of 

reaction and overall conversion of the sorbent (Donat et al., 2012). 

An kinetic rate study of limestone and dolomite carbonation was conducted in a TGA by Sun et al., 

(Sun et al., 2008a), they found a zeroth order dependence on CO2 partial pressure above 10 kPa and 

first order dependence below that partial pressure. They also noticed slight variations in their observed 

activation energies due to structural/compositional differences between the materials tested. Kinetic 

carbonation parameters for synthetically derived Ca-based sorbents were also derived by Zhou et al., 

who fitted their experimental data produced from the use of a TGA to the random pore model (RPM) 

and the overlapping grain model (OGM) with good success (Zhou et al., 2013). A thermodynamic 

model of CO2 capture within Aspen modelling software was created and kinetic parameters derived 

from this study were in good agreement of data collected within a TGA (Mostafavi et al., 2013). 

However, kinetic data gathered within a TGA is known to suffer from significant deficiencies caused 

by gas bypass and external mass transfer limitations (Borgwardt, 1985) (Liu et al., 2012). 
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Measuring the kinetics of SESR or SE-SMR is less frequent in the available literature, which is likely 

because of the complex set of reactions which take place within these processes. As such it can be 

difficult to isolate the influencing parameters and intrinsic rates of each near simultaneous reaction each 

governed by their own set of equilibrium thermodynamics even when efforts are made to separate and 

isolate the reaction in question (Abbas et al., 2017).

It has been reported previously that the SMR process is greatly limited by internal diffusion and because 

of this the SMR reactions occur very close to the surface only (Xu and Froment, 1989b) (Xu and 

Froment, 1989a). Based off the work by Xu and Froment, Obradovic et al. (Obradović et al., 2013), 

conducted a series of intrinsic kinetic SMR experiments within a small fixed bed reactor with minimal 

external mass transfer resistance from which they validated the original reaction kinetic parameters 

determined by Xu and Froment (Xu and Froment, 1989a). The true kinetics of a Ni/Al2O3 catalyst 

material for SMR were measured by Oliveira et al. in a small fixed bed reactor, who found the 

effectiveness factors of the materials to be ≈ 0.33 with a tortuosity factor of 1.56 (Oliveira et al., 2009).

A small packed bed micro-reactor has been utilised to investigate the kinetics of a sorption enhanced 

water gas reaction where the researchers were able to effectively minimise the external and internal 

mass transfer resistances by using a relatively high gas flow rate and small particle size. The produced 

gas was sampled and analysed utilising a GC every 3 minutes which may sound slow but actually 

compared to the overall reaction period was roughly acceptable to derive kinetic parameters. The data 

from which was then compared to a 1-D model of the reactor and was found to be in close agreement 

to the experimental data gathered (Živković et al., 2016). No attempt was made in this work to check 

that the kinetics gathered were actually the intrinsic rates and not just the observed rates.

The effectiveness factors for carbonation of un-combined sorbent and catalyst particles compared to 

combined particles has been modelled as part of an overall SE-SMR model and demonstrated a higher 

effectiveness factor of the combined particle system (0.9 for combined compared to 0.1 for the un-

combined) due to the diffusion distance minimisation (Rout and Jakobsen, 2013). The effectiveness 

factors of carbonation of synthetically produced CaO sorbents with and without a calcium aluminate 

support were derived from experimentation within a TGA and a fixed bed reactor, they found an
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effectiveness factor of ~0.05 during the fast kinetic controlled carbonation stage which gradually tailed

off towards 0 as the product layer diffusion controlled stage began to take dominance (Rout et al., 2014).

Currently there are few kinetic studies into SE-SMR or SESR within fluidised beds, although some 

modelling work has been conducted (Solsvik and Jakobsen, 2011) (Johnsen et al., 2006a). Some work 

has been conducted into the kinetics of combined multifunction particles and was highlighted here, 

although this is often based on modelled predictions. There is also a lack of analysis into the kinetic 

values derived from experimental work as to whether they are the intrinsic kinetics or simply the 

observed kinetics, it seems most work present the observed kinetics. Because of the lack of experimental 

kinetic data for combined CaO and NiO particles for SESR in the literature currently a set of 

experiments were derived to investigate the details of this process further. Because of the multitude of 

reactions and there interdependence upon each other it was decided that only the carbonation reaction 

would be studied and from these kinetic experiments the effectiveness factors and activation energies 

would be derived. A fluidised bed reactor was chosen to minimise the external mass transfer limitations 

whilst conducting this study. 

6.4.2. Experimental procedure

This set of work was conducted within a ‘high’ pressure spout-fluidised bed reactor similar to the one 

designed and constructed as described within Chapter 3. However this reactor has an internal diameter 

of 30 mm and a quartz liner reactor vessel height of 270 mm and is electrically resistance heated. Further 

details of this reactor can be found in the work by Zhang et al. (Zhang et al., 2016). The reasons for 

utilising this reactor as opposed to the one designed and constructed in this body of work were that it 

had a faster response time (~6 s – therefore the measured gas concentrations were closer to the true gas 

concentrations and the reactor can be assumed to operate as a CSTR) and this reactor had a much more 

accurate control over the bed temperature, gas flow rates and operating pressure due to the application 

of specialised instrumentation (Bronkhorst UK Mass flow controllers and a Bronkhorst UK pressure 

control valve). The CO2 concentration during the reactions was deconvoluted in Matlab by applying a 

CSTR model to the data, as described in previous chapters and utilising Equation 6.19. 
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Equation 6.19 – Deconvolution of the reaction rate assuming a CSTR (Fennell et al., 2009):

����� = ����� + ����
�����
��

Where τbed is (τm – τ0) the difference between the measured response time, τm, and the measured response 

time, τ0, when the gas bypasses the entire bed and enters the gas analyser directly. CCO2m refers to the 

concentration of CO2 as the reaction progresses and CCO2t refers to the concentration of CO2 after 

deconvolution. A step impulse of CO2 was injected into the reactor and the response to 90 % of the final 

value was used for the response time measurements. The value of τm was calculated by taking the inverse 

of the slope of ln(1 - C CO2m / CCO2i )against t (s) where CCO2i is the final concentration of the total step 

response. 

This research was conducted at 1.5 bar(a) as there was a 0.2 bar(g) pressure drop across the system 

therefore instead of trying to reach 1 atm it was considered more appropriate to control to a set value of 

0.5 bar(g). The flow rate utilised for these experiments was aimed to be a similar to that of the 

unpressurised work, which consisted of a total flow rate of 75 cm3/s (@ 293 K, 1.5 bar(a) – u/umf ≈ 3.5 

for sand 425 – 500 µm, this total flow rate was split for the experiments without steam as follows: main 

feed N2 = 64 cm3/s and CO2 = 11.4 cm3/s; and for the experiments with steam: main feed N2 = 20 cm3/s, 

steam carrier gas N2 = 29 cm3/s, CO2 = 11.4 cm3/s and steam = 14.7 cm3/s). When steam was present a 

value of 19 vol.% was aimed for and adjusted by altering the water flow rate entering the steam 

generation system. 

The samples utilised in this study were the unsupported CaO and NiO combined particles, denoted as 

CaO – NiO, with 26 wt.% NiO and a C2S supported sample derived from TEOS, denoted as CaO – 

TEOS – NiO, again with 26 wt.% NiO. Each of the samples were produced via the methods described 

in section 6.1. Before the kinetic experiments could be commenced the samples (the nickel within the 

particles) had to be reduced into their metallic state, as this is the active state for the reforming reactions 

and it is important to assess the kinetics under realistic particle conditions. Samples were taken in ~30 

g batches and placed within a quartz liner which had a disc of stainless steel mesh at the bottom to 

support the particles. This loaded quartz liner was then placed within the reactor described in Chapter
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3, the reactor was sealed and then heated to 650 °C under a small flow rate (30 cm3/s) of N2 to minimise 

any fluidisation and encourage fixed/packed bed flow regime. Once the temperature had stabilised 

within the bed, 15 cm3/s 10 vol.% H2 (balanced with N2) was substituted for the 15 cm3/s of the N2 flow. 

H2 reduction was conducted for 1 hour and was confirmed to be complete by observing the steam 

concentration in the exit gas flow rate and by observing the H2 concentration. Post reduction, the 

samples were cooled under N2 flow, then removed from the reactor, sieved into separated size fractions 

and stored in sealed vessels in a sealed container together with CO2 and moisture sorbents. 

These carbonation experiments were conducted by pressure feeding weighed small aliquots of 

combined particles into the reactors bed material (composed of sand of size fraction 425-500 µm), 

where the particles were fluidised by N2 and CO2 and when required, steam. The pressurised feeding 

system was unchanged from system described in by Zhang et al. (Zhang et al., 2016). The gas exiting 

the reactor was then passed over a relative humidity probe (HMT334, Vaisala) and then subsequently 

onto the steam condensation system and finally the gas concentrations were measured using an ADC 

multigas analyser (MGA 3000), although only CO2 was of interest in this piece of work. 

The data was analysed in a Matlab code where the average was taken of multiple runs (>3) which was 

then processed to remove the averaged analyser response to multiple empty feeds, i.e. blank runs. This 

data was then organised and outputted for collating in excel.

6.4.3. Initial kinetic carbonation experiments with CaO

To determine the optimal sample mass to use, such that the external mass transfer diffusion did not limit 

the rate of reaction within the bed, CaO only particles (300 – 500 µm) produced within section 6.1.3were 

utilised initially to determine the optimal sample mass. The results of these experiments are displayed 

in Figure 6.23.

Figure 6.23 demonstrates that the reactions conducted with a sample mass of 0.125 g presented a 

significantly higher reaction rate compared to the next sample mass up, 0.25 g. Ideally a sample mass 

less than 0.125 g should be tested to determine if 0.125 g is itself limited by external mass transfer
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diffusion, however to go any lower than this would not have been possible, as the change in CO2

concentration from the baseline would have been too similar to the blank runs. 

It was also noted from the experimental results that the carbonation reactions conducted with steam 

reached a higher observable conversion after 100 seconds (50 – 60 %) than the carbonation reactions 

without steam (25 – 33 %). This is in line with the work conducted by Manovic and Anthony (Manovic 

and Anthony, 2010a). This overall increase in carbonation rate and conversion due to the addition of 

steam has been explained previously to be due to the enhancement of the solid state diffusion in the 

product layer (Manovic and Anthony, 2010a) (Donat et al., 2012). 

It was decided based on these experiments that a sample mass of 0.125 g would be used for all future 

experiments as it provided the highest peak reaction rate and had minimal external mass transfer 

limitations. 

Figure 6.23 – Observed peak rates of carbonation, CaO only particles 300 – 500 µm. Reactions

conducted at 650 °C, 1.5 bar(a), 15 vol.% steam (if used) and 15 vol.% CO2. 
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6.4.4. Activation energy (observed) of combined particles 

	

To calculate the observed activation energy of carbonation for these combined particles multiple 

samples were added at 5 temperatures (550, 600, 625, 650 and 700 °C) and the drop in CO2

concentration was observed.  

The peak rates were determined during the Matlab code analysis, which were then converted into rate

constants assuming first order reaction kinetics following the relationship described by Equation 6.20.

Equation 6.20 – Rate of reaction, r in mol m-3 s-1:

� = ������ − �������
�

= � �
����
��

−
������

� �
�
�

Where: 

k Rate constant in s-1

CCO2 Molar concentration of CO2 in mol m-3

CCO2eq  Equilibrium molar concentration of CO2 in mol m-3

PCO2  Partial pressure of CO2 in Pa 

PCO2eq Equilibrium partial pressure of CO2 in Pa 

R Universal gas constant in J K-1 mol-1 

T Temperature in K 

n is a factor to account for the order of reaction, assumed to be 1 here

The Arrhenius plot for the samples can be observed in Figure 6.24. The reactions were conducted with 

and without steam and were denoted as such. The laws of error propagation were applied to generate 

the error bars from the standard deviation of the peak rates of multiple runs of the same sample.

A fairly linear increase in the rate of reaction with temperature was observed for all systems, implying 

that the reaction systems did not approach the thermodynamic equilibrium point at which calcination 

would be favoured over carbonation. The thermodynamic equilibrium position of these reactions is
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described by Equation 6.21 (Garcı́a-Labiano et al., 2002) which enables calculation of the driving force 

of the reaction, defined as the difference between the inlet CO2 partial pressure and the system 

equilibrium partial pressure of CO2, PCO2eq, shown as (PCO2 – PCO2eq). The inlet CO2 partial pressure was 

taken at the peak rate but in reality the concentration of CO2 that the particles were subjected to is 

somewhere between the bulk inlet CO2 concentration and the concentration at peak rate, but it was 

assumed that this reacted behaved as a well-mixed CSTR in which case it is possible to assume the inlet 

and peak rate concentration were equal. At the lowest temperature (550 °C) and the highest temperature 

(700 °C) of carbonation the driving forces were calculated to be 0.15 bar and 0.13 bar respectively.  

Equation 6.21 – Equilibrium partial pressure of CO2 , PCO2eq in bar and T in K:

��� = 4.137 × 10���� �
−20474

�
�

Figure 6.24 – Arrhenius plot of the carbonation observed reactions of combined CaO and Ni particles 

300 - 425 µm, with and without a support and with and without 18 vol.% steam present during the 

reaction. Conducted within a spout-fluidised bed reactor at 550-700 °C, 1.5 bar(a), 15 vol.% CO2 and 

0.125 g sample masses.
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Table 6.7 details the fitted apparent Arrhenius equations and their associated pre-exponential factors 

for the different combined particle samples with and without steam. The CaO – NiO w/ steam sample 

presented a higher activation energy than that of the same sample without steam; this is more likely due 

to variability in the experimental data of the CaO – NiO w/o steam sample, evidenced by the R2 value 

of the least squares regression fitted Arrhenius equation in Figure 6.24 being ~ 0.6. Previous work into 

the kinetics of carbonation with steam has demonstrated that the addition of steam benefits the rate of 

reaction and lowers the activation energy. Activation energies in the literature for CaO carbonation 

under similar conditions have reported values ranging from ~24 to ~180 kJ/mol (72.2 and 72.7 kJ/mol 

(Gupta and Fan, 2002), 179.2 kJ/mol (Bhatia and Perlmutter, 1983), 72.0 kJ/mol (Lee, 2004), 20.3 

kJ/mol for kinetic control and 163 kJ/mol for CO2 diffusion control (Grasa et al., 2009), 24 kJ/mol (Yu 

et al., 2012), 29 kJ/mol (Sun et al., 2008a)). The error ranges provided in Table 6.7 (Equation 6.22 to 

Equation 6.25) – were calculated by applying a least squares regression from which the uncertainty in 

the slope of the line was calculated and the laws of error propagation applied. The rates utilised for this 

analysis were the observed rates as measured by the gas analyser, however it is understood that the true 

intrinsic activation energies would be higher depending upon the impact of heat and mass transfer 

control on the reaction (Fogler, 2006). 

Table 6.7 – Arrhenius equations detailing the observed activation energies and pre-exponential factors 

for different combined CaO and Ni particles 300 - 425 µm, with and without a support and with and 

without 18 vol.% steam present during the reaction. Conducted within a spout-fluidised bed reactor at 

650 °C, 1.5 bar(a), 15 vol.% CO2 and 0.125 g sample masses. R is the ideal gas constant in J/mol.K.

CaO – NiO w/o steam CaO – TEOS – NiO w/o steam

Equation 6.22 �� = 2.14 × 10��
���.� ± ��.� ��

�� Equation 6.23 �� = 4.90 × 10��
���.� ± ��.� ��

��

CaO – NiO w/ steam CaO – TEOS – NiO w/ steam

Equation 6.24 �� = 6.95 × 10��
���.� ± ��.� ��

�� Equation 6.25 �� = 5.37 × 10��
���.� ± �.� ��

��
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6.4.5. Effectiveness factors of the combined particles

	 	 	

One of the main purposes of conducting these kinetic experiments was to determine the influence of 

internal mass transfer resistance on the combined particles to judge if the combined particle structures 

would negatively affect the rate of SESR. To simplify the multitude of SESR reactions that take place 

only the carbonation reaction was studied and the internal effectiveness factors were derived from this 

data. It was calculated that within the fluidised bed reactor the u/umf was sufficiently high enough (≈ 

	 	 	 	 	 	

	 	 	
	

3.5) that the external mass transfer resistance from the bulk gas to the surface of the particle would be 

minimal, as the values of kg were calculated to be ~0.1-0.4 m/s which is broadly in line with the velocity 

	

of gas passing through the reactor (~0.3 m/s). These effectiveness factors should still be valid for the 

reforming reactions assuming that the Ni grains and CaO grains are homogenously distributed 

throughout the combined particles and that the effectiveness factors are intrinsic properties of the 

particles themselves and not the carbonation reaction.

Equation 6.26 – The effectiveness factor of a particle is defined as:

������������� ������ = � =
������ ���� �� ��������

�������� ���� �� ������ ������� ����
���� ������� �� �ℎ� ������� ������������

To calculate the effectiveness factors of these combined particles the peak rates of reaction were 

measured and converted into rate constants (s-1). A plot of the rate constants against particle size can be 

observed in Figure 6.25. Unfortunately after multiple attempts, inconsistencies in sample feeding meant 

that not all data points were collected for the CaO – TEOS – NiO sample with steam present, it was 

therefore decided to exclude this incomplete data set.

It can be observed from Figure 6.25 that the CaO – TEOS – NiO samples’ peak rate of carbonation was 

not significantly limited by the particle size, within the range tested. This implies that the C2S, TEOS 

derived supported combined particles benefited from an improved particle structure which aided CO2

diffusion within the particle and can be evidenced by the greater surface area of pores in the optimal 

carbonation range – see Table 6.4. 
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Figure 6.25 also shows that the addition of steam greatly reduced the diffusion resistance within the 

particle and as such the rates of reaction were significantly improved. The general slope of the fitted 

line was also decreased by the addition of steam showing that the rate of reaction was enhanced most 

for the largest particle size fraction tested – where the largest internal mass transfer resistance is 

expected to be present. 

Figure 6.25 – Peak observed carbonation rate constants against the geometric mean radius of the 

combined particles. Dervied from the peak rates of carbonation of combined CaO and Ni particles, with 

and without a support and with and without 18 vol.% steam. Experiments were conducted within a 

spout-fluidised bed reactor at 650 °C, 1.5 bar(a), 15 vol.% CO2 and 0.125 g sample masses.

The rates plotted in Figure 6.25 are the observed rates measured by the gas analyser. The true intrinsic 

reaction rates are equivalent to the observed reaction rates multiplied by an effectiveness factor. The 

effectiveness factors and intrinsic rate constants were iteratively derived where the effectiveness factor 

represents the percentage decrease in rate due to particle diffusion effects. The iterative fitting process 

and the equations utilised shall be described next.
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Equation 6.27 – As stated earlier the effectiveness factor is defined as the rate observed divided by the

rate if no diffusion limitations were present and for a spherical particle it is represented by:

� =
	���� ���

���� �
=

4��������
4
3
���������

(� coth� − 1)

Equation 6.28 – Where the Thiele modulus is described by, where n is the order of reaction:

� = ��
������

���

��

Equation 6.29 – Simplifying to become:

� =
3

��
(� coth� − 1)

Equation 6.30 – The mean intrinsic reaction rate in the pores can now be described by: 

�� = ���

Equation 6.31 – Combining with the external mass transfer (coefficient in m/s) resistance, an equation 

relating the observed rate constant (in s-1) and the intrinsic rate constants (in s-1) can be formed:

1

����
=

1

���
+

�

3��

Equation 6.32 – Which upon rearranging forms:

�� =
�

�
1

����
−

�
3��

�

The iterative solver to calculate the effectiveness factor, Thiele modulus, particle tortuosity and intrinsic

rate constants worked by following flow chart shown below, Figure 6.26.
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Figure 6.26 – Iterative solver to determine the effectiveness factor, Thiele modulus and intrinsic rate

	 	

	

constants.

The equations for calculating the other parameters required for finding the effectiveness factor, Thiele

modulus and intrinsic rate constants are described below. 

	

Equation 6.33 – DBulk is the bulk diffusivity of the gas mixture present within the system, an example

		

of CO2 in N2 for the no-steam experiments is shown here (Bird et al., 2007):

���� �� �� = 1.858 × 10�� �
�
�

�
1

�����
+

1
����

� �(��� ��)
�  Ω��

Where T is the bulk gas temperature in K, MW CO2 and MW N2 are the relative molecular weights of CO2

and N2 respectively, P is pressure in atmospheres and σ(CO2 N2) is the combined Lennard-Jones parameter 

that describes the distance at which the intermolecular potential between two particles become zero. ε

is the well depth that describes how strongly the particles attract. Combining laws listed below describe
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how the σ(CO2 N2) parameter is formed. Ω(1, 1) is the collision integral for diffusion and can be observed 

		 	 	

		 		

	

in Table 6.8. 

Equation 6.34 and Equation 6.35 – Combining laws for Lennard-Jones parameters, ε and σ (Bird et al.,

�
�

2007) - Non-polar pair A and B:

��� = ��� + ��

��	������

��� =
1

2
(�� + ��)

To calculate the Lennard-Jones parameters for the experiments with steam present the multicomponent 

mixture of polar H2O and non-polar N2 and CO2 utilised the Stockmayer potential and formed 

dimensionless variables, where µ*H2O is the reduced dipole moment and provides the ratio between the 

polar and non-polar gas interactions. α*CO2 is the reduced polarisability of the nonpolar molecule. The 

values of αCO2 and αN2 utilised were 2.65 and 1.76 Å3 respectively (van Leeuwen, 1994) (Burcat et al., 

2012). 

Equation 6.36, Equation 6.37, Equation 6.38, Equation 6.39 and Equation 6.40 – 

���� & ��������� = ������������� ����

���� & ��������� =
1

2
(���������� + ����) ��
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Where:
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Equation 6.41 – For the experiments with steam present the multicomponent bulk diffusivity was 

calculated via the following method which involved first calculating the binary bulk diffusivities of the 

different gas species (i.e. CO2 and N2, N2 and H2O and CO2 and H2O) (Bird et al., 2007).

���� =

��(�� + ��)
�����

+
��(�� + ��)

�����
−

��
�

�����
��

������
+

��
������

+
��

������

Where wi is the mass fraction of the gas component i, ρi is the density of gas component i, yi is the mole 

fraction of gas component i and Mi is the molar mass of gas component i. The subscripts A, B and C 

represent to the different gaseous species in the system (N2, CO2 and H2O). 

The Lennard-Jones parameters and bulk diffusivities for the two systems (with and without steam are

given in Table 6.8.

Table 6.8 – Lennard-Jones parameters, collision integrals and diffusivity of the difference gases and 

gaseous mixtures present during the set of experiments. kb denotes the Boltzmann constant. Where 

applicable, the values of these parameters shown were determined at 650 °C, 1.5 bar(a) and at the 

concentrations utilised, namely 15 vol.% CO2, 18 vol.% H2O (Klein and Smith, 1968) (Burcat et al., 

2012). 

Gas component  

or mixture

Lennard-Jones 

parameters
Collision integrals, 

 at kbT/ε, Ω11

Diffusivity, 

D / cm2/s
ε/kb / K σ / Å

CO2 195.2 3.941 - -

N2 91.5 3.798 - -

H2O 260.0 2.800 - -

CO2 & N2 133.6 3.870 0.792 0.718

CO2 & H2O 225.3 3.371 0.885 0.985

H2O & N2 154.2 3.241 0.827 1.245

CO2, N2 & H2O - - - 0.925
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The viscosity and density of the gas described within the following equations was based on data from 

the NIST chemistry webbook (NIST, 2011) and were based on N2 at the operating temperature and 

	

pressure alone, the multicomponent Chapman-Enskog model was not applied. 

Equation 6.42 – Mass transfer coefficient, in m/s:

�� =

∙

	

�ℎ

����

�
�

��
2�

	

Equation 6.43 – Sherwood number:

�ℎ = 2 + 0.552��
�
� ��

�
�

Equation 6.44 – Effective diffusivity, in m2/s (Satterfield, 1970):
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Equation 6.45 – Knudsen diffusivity, in m2/s (Satterfield, 1970):

�� =
194 �

��

Equation 6.46 – Schmidt number:

�� =
����
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Equation 6.47 – Reynolds number:

�� =
���������
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The effectiveness factors, Thiele modulus and intrinsic rate constants for the unsupported CaO – NiO 

reduced combined particles without steam are displayed in Figure 6.27, Figure 6.28 and Figure 6.29. A 

fitted tortuosity factor of 10 was attained for this data set. Tortuosity is defined as the ratio between the 

actual distance a molecule travels between two points and the shortest distance between those two points 

(Fogler, 2006). A tortuosity factor of 10 is high but is not in unreported territory, a more typical value 

of tortuosity lies between 1 and 6 (Xu and Froment, 1989b) (Epstein, 1989) (Wang and Smith, 1983) 

(Satterfield, 1970). Tortuosity is a measure of pore structure alone, the effect of gas mixture should not 

influence the value recorded. This value of tortuosity implies that there were considerable diffusion 

limitations within the particle which is backed up by the moderately high Thiele modulus as shown in 

Figure 6.29. It is defined that “when the Thiele modulus is large (>20), internal diffusion usually limits 

the overall rate of reaction; when the Thiele modulus is small, the surface reaction is usually rate-

limiting” (Fogler, 2006). Because of this, it is thought that the combined particles had little internal 

permeability for the CO2 and that as the particle size was increased the diffusion limitation increased 

proportionally with it. The calculated Knudsen and bulk gas diffusivities for both the steam and no-

steam carbonations were both of similar values and orders of magnitude, which implies that the neither 

of the diffusional limitations were dominant and both played an approximately equal role.
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Figure 6.27 (top left) – Observed and intrinsic rate constants against particle size. 

Figure 6.28 (top right) – Effectiveness factors against particle size. 

Figure 6.29 (bottom centre) –Effectiveness factors against Thiele modulus.

All for the unsupported CaO – NiO combined particles without steam present during the carbonation 

reactions. A fitted tortuosity of 10 was applied here.
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Figure 6.30 (top left) – Intrinsic rate constants against particle size. 

Figure 6.31 (top right) – Effectiveness factors against particle size. 

Figure 6.32 (bottom centre) – Effectiveness factors against Thiele modulus. 

All for the unsupported CaO – NiO combined particles with steam present during the carbonation

reactions. A fitted tortuosity of 0.1 was applied here.
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The intrinsic kinetic data for the CaO – NiO combined particles with steam during the carbonation is 

presented in Figure 6.30, Figure 6.31and Figure 6.32. The effectiveness factors were very close to unity 

for this system and the Thiele moduli at each particle size was also relatively small indicating that the 

rate was limited by the surface chemical reaction rather than the diffusion of CO2 into the particle. The 

partial pressure of CO2 during these reactions was the same as the CO2 partial pressure without steam 

present, therefore the change in observed rate is purely due to the substitution of ~18 vol.% of the N2

for steam and the effects which this induced. A ~43 % increase was recorded in the observed peak rate 

of carbonation due to the addition of steam. Due to the effectiveness factors being close to one for all 

particle sizes it implies that the steam reduced the diffusion resistance of CO2 into the particle and past 

the product layer of CaCO3, thus generating an observed rate of reaction was similar to that of the 

intrinsic rate, as confirmed by Figure 6.30. Based on the calculated diffusivities shown in Table 6.8, the 

addition of steam to gas mixture increased the bulk gas diffusivity by ~29 %, this would have 

contributed an increased diffusion of CO2 to the particles surface. It is well known that the steam 

enhances the carbonation reaction by reducing the diffusional resistance of CO2 through the product 

layer (Donat et al., 2012). It is also thought that the steam aided the transfer of heat from the bulk gas 

to the particles surface and thus the combined particles in the presence of steam were able to react 

sooner after entering the reactor. 

The effectiveness factors that were determined were very high which meant that there was essentially 

no diffusion control element in these reactions and calculating an accurate tortuosity value for these 

particles was not realistically possible. The tortuosity of 0.1 was required in order to bring the 

effectiveness factors to a suitable value such that the intrinsic rate constants were approximately equal 

at all particle sizes. However the tortuosity chosen was below the minimum theoretical value of 1, 

meaning the physical representation of the fitting factor has been lost; this was likely caused by errors 

in determining the porosity, surface area and envelope density of the particle (Zhang et al., 2016), which 

influenced the ‘mean pore diameter – ε/SA’ in the Knudsen diffusivity calculation shown in Equation 

6.45and the porosity value in the effective diffusivity calculation shown in Equation 6.44. 
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Figure 6.33 (top left) – Intrinsic rate constants against particle size. 

Figure 6.34 (top right) – Effectiveness factors against particle size. 

Figure 6.35 (bottom centre) – Effectiveness factors against Thiele modulus. 

All for the supported CaO – TEOS – NiO combined particles without steam present during the

carbonation reactions. A fitted tortuosity of 0.1 was applied here. 
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The intrinsic rate constants, effectiveness factors and Thiele moduli for the experiments conducted with 

the supported CaO – TEOS – NiO combined particles are presented in Figure 6.33, Figure 6.34 and 

Figure 6.35 showing again very high effectiveness factors approaching the theoretical maximum of one. 

As was observed with the results from the experiments with the unsupported particles with steam the 

reactions appear to be surface reaction limited rather diffusion limited because of the high effectiveness 

factors and low Thiele moduli. A fitted tortuosity of 0.1 was again applied here so that the intrinsic rates 

at all particle sizes were approximately equal, which as before means there was minimal diffusional 

control over these particles and the tortuosity values are not physically representative.

The peak observed rate constant at the smallest particle size (from the fitted line) was 260 s-1 for the 

CaO – TEOS – NiO sample without steam and 320 s-1 for the CaO – NiO sample without steam 

indicating that both particles systems reacted similarly in scenarios close to the intrinsic rates (small 

particle size). However due to the slope of the line fitted to the observed rate constants, the particles of 

the largest size fractions carbonated without steam had vastly different rate constants, namely 95 s-1 and 

240 s-1 for the unsupported CaO – NiO and the supported CaO – TEOS – NiO samples respectively. 

For these samples to be reacting so differently under the same conditions (650 °C, 1.5 bar(a), 15 % CO2

without steam) something at the particle scale must be causing this difference. The calculated Knudsen 

diffusivity of the supported CaO – TEOS – NiO combined particles was ~ 4% greater compared to the 

unsupported CaO – NiO samples, showing that on a pore scale the larger measured surface area and 

porosity had little effect on the diffusion of CO2 through the particle; however this would likely change 

during the carbonation reaction as the pore size distribution would change and would also be influenced 

by the presence (or lack off) support structure. As the gas conditions were identical so were the bulk 

diffusivities and mass transfer coefficients. 

It was because of these reasons that the following conclusion was drawn: it was thought that the 

increased rate of reaction of the larger supported particles compared to the unsupported particles was 

due to the support material influencing the formation, shape and the overall pore structure, such that the 

tortuosity within the particle was minimised. This is because the gas composition, reactor bed material 

and particle densities were mostly equivalent, therefore it is not thought that the rate of heat transfer to
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the particles or within the particles would have been significantly different to cause the difference in 

observed rates. Furthermore the porosities of the supported and unsupported combined particles were 

approximately the same (although the fitted tortuosity’s present evidence that there is error in their 

determination) which implies that the overall number of pores was broadly similar but it is possible that 

the supported particles possessed a more interlinked pore structure which meant there were multiple 

pathways for the CO2 to access the unreacted CaO. The polymorphic ability of the C2S in the supported 

particles could have also influenced the gas pathways within the particles or the surface 

chemistry/charges. Ideally SEM would be conducted to confirm these changes, unfortunately this hasn’t 

been conducted yet.

Utilising the Weisz-Prater criterion (Fogler, 2006), described by Equation 6.48, a quick estimate of the 

diffusion limitations can be achieved. If the value of CWP is much less than 1 then it is said that the 

particles were not subject to internal diffusion limitations, however if CWP is much greater than 1 then 

the particles were subject to internal diffusion resistances and as such there is a concentration gradient 

present within the particles. Table 6.9 presents the values of CWP for each of the particle systems 

analysed against particle size.  

Equation 6.48:

��� = ��� =
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From the data presented in Table 6.9 it is clear that the CaO – NiO w/o steam sample did have internal 

diffusion resistances present due to its CWP being mostly an order of magnitude above 1. For both the 

CaO – NiO w/ steam and the CaO – TEOS – NiO w/o steam samples the CWP is much less than 1 

meaning that internal diffusion resistances did not play a significant role in the carbonation reaction, 

which is further evidence that the combined particles with the C2S support had a different internal pore 

structure that was beneficial for carbonation. The carbonation in the presence of steam for the CaO – 

NiO w/ steam sample likely presented a low CWP because the steam was able to enhance the diffusion 

of CO2 past the product layer that formed (Donat et al., 2012). 
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Table 6.9 – Weisz-Prater criterion to determine the influence of internal diffusion of the combined

particles. 

Combined particle 

data set

Geometric 

mean particle 

radius / µm

Effectiveness 

factor, η

Thiele 

modulus, φ

Weisz-Prater 

criterion, CWP

CaO – NiO      

w/o steam

179 0.75 2.42 4.37

231 0.70 2.74 5.30

274 0.60 3.62 7.88

326 0.57 3.69 8.90

421 0.50 4.74 11.23

CaO – NiO       

w/ steam

179 0.99 0.23 0.05

231 0.99 0.27 0.07

274 0.99 0.32 0.10

326 0.99 0.37 0.14

421 0.98 0.55 0.30

CaO – TEOS – NiO 

w/o steam

179 0.99 0.16 0.03

231 0.99 0.23 0.05

274 0.99 0.27 0.07

326 0.99 0.34 0.11

421 0.99 0.42 0.18
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6.5. Conclusions of work with combined particles

The production of combined multifunctional particles for Sorbent Enhanced Steam Reforming of 

biomass derived via a low engineered hydrolysis and wet mixing method has been studied by XRD, 

TGA CaL cycling, XRF, MIP and BET. These combined particles were composed of a NiO-based 

catalyst and a CaO-based CO2 sorbent. A range of NiO contents were tested (14, 26, 36 and 47 wt.% 

NiO) to note the effects caused by NiO addition to the combined particle matrix. It was noted that the 

addition of the NiO did lead to a reduction in BET surface area, pore volume and an increase in the 

density of the particles, but no effect was observed on the sorbents ability to absorb CO2 over multiple 

calcium looping cycles under realistic post-combustion conditions. 

A set of combined particles with a silica based support structure in the form dicalcium silicate, C2S, 

were also produced from two silica sources, TetraEthyl OrthoSilicate (TEOS) and fumed silica. The 

addition of a C2S support is known to be beneficial to the long term porosity and CO2 capture ability of 

CaO-based CO2 sorbents due to the polymorphic ability of the C2S during temperature cycling. XRD 

analysis demonstrated the difficulties in forming C2S effectively, especially as the grain size of the 

fumed silica was significantly larger thus impacting on the contact areas between the Ca and Si ions. 

Whereas the C2S, TEOS-derived sample, was able to form C2S more successfully due to the Ca and Si 

ions being closer within the matrix. 

These supported and unsupported combined particles were tested for their ability to produce H2 via 

SESR of oak wood biomass within a spout-fluidised-bed reactor. The SESR reaction conditions were 

based on the previous literature in this area, principally 650 °C and 1 atm. A relatively low steam to 

carbon ratio was utilised in this work due to the efforts of balancing a flow rate high enough to overcome 

the terminal velocity of the biomass particles in the feeding tube and a flow rate high enough to produce 

effective mixing within the fluidised bed itself. However, low steam to carbon ratios are favourable as 

they reduce the energy intensity of the process and therefore make it more economically favourable. 

Despite the low steam to carbon ratios (near stoichiometric values) used the H2 purity and yield did



303

approach thermodynamic equilibrium at the highest Ni contents, ~75 vol.% H2 which represented ~120

g H2/ kg of biomass (61 mmol H2/kg biomass).  

The addition of both silica supports, despite not fully forming C2S, were found to be instrumental in the 

decomposition of CH4, indicating that the silica may be interacting with the pathways of SESR 

reactions. This effect has not be observed or studied before and future work must be undertaken to 

investigate the cause and true potential of silica addition on CH4/volatiles destruction.  

This reactor aimed to overcome the need for a two stage SESR process whereby the gasification of 

biomass is carried out separately to the reforming reactions. This process intensification required careful 

design of the reactor however due to the low-temperatures at which biomass will pyrolyse/gasify some 

of the biomass began to react within the feeding tube. This led to the formation and deposition of tars 

on the internal surface of the feeding tube, which over time, carbonised and built up layer by layer until 

the inlet was blocked. The effect of oxygen addition on the product gas composition and length of 

biomass feeding time before the feeding tube blocked up due to coking was also explored. It was found 

that the addition of even small amounts of oxygen led to a dramatic decrease in H2 purity and yield as 

the oxygen was favourably utilised as the oxidising agent over the steam. The type of coke formation 

on the particles was studied by the use of a TGA-MS, the results of which seemed convoluted and 

difficult to draw definitive conclusion from. This was thought to be because some of the nickel was 

partially oxidised and the amorphous coke on the particles was preferentially reacting with this oxygen 

thus the only coking observed was high-temperature resistant graphitic carbon. Both of these coke 

formations could have been managed and reduced by the addition of more steam and thus a higher 

steam to carbon ratio. 

The SESR reactions within this fluidised bed were evidently limited by the rate of CO2 absorption as it 

was observed that some of the CO2 was bypassing the bed unreacted despite a high degree of mixing 

(U/Umf). Because of this, a set of kinetic experiments were conducted within another spout fluidised bed 

reactor to determine the kinetic parameters of the rate limiting step. The conditions investigated within 

these kinetic experiments were 550-700 °C, 300-1000 µm, 1.5 bar(a), 15 vol.% CO2, with and without 

18 vol.% steam, and a 0.125 g sample mass. The operation of this pressurised fluidised bed reactor
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aimed to match the conditions utilised within the SESR fluidised bed reactor as closely as possible, 

although due to the presure drop across the system a controlled pressure of 1.5 bar(a) was utilised. This 

system was also utilised as the resonse time across the system was faster. External mass transfer was 

minimised as much as possible by the use of a fast fluidisation vevlocity and moderate U/Umf ≈ 3.5. 

External heat tranfer was assumed to be the same across all kinetic experiments and therefore any 

limitiaion which existed affected the results equally.  

It was found that the addition of Ni into the CaO matrix produced observed carbonation activation 

energies comparable to that of literature values for limestone derived CaO carbonation. It was found 

that the addition of steam to the reaction gases enabled a faster rate of carbonation, likely because the 

steam was able to aid overcoming the product layer diffusion resistance, as has been noted by other 

authors. The rate of carbonation of the TEOS derived C2S supported sorbents was also studied and 

found that the change in particle pore structure observed through mercury intrusion porosimetry was 

about as beneficial as steam addition in enhancing the rate of carbonation and overall conversion of the 

material. 

The intrinsic kinetic parameters were also determined through the use of an iterative method which was 

described in detail in section 6.4. The intrinsic kinetic parameters rely on fitting the tortuosity of the 

particle such that the calculated effectiveness factors can account for the variations in internal diffusion 

caused by the change in the particle size. 

These kinetic experiments found very high effectiveness factors (~1) for carbonation of the sorbents 

with steam or a support present, demonstrating that the internal diffusion limitations of CO2 were 

diminished at all particle size fractions. Conversely, it was also noted that the average H2 yield produced 

when using the largest size fraction of particles (710 - 1000 µm) during the SESR experiments (where 

steam was also present) was ~61 % lower than when utilising the smallest size fractions of particles 

(300-500 µm). This implies that significant internal diffusional resistances were present within the 

larger particles during SESR. It likely means that the effectiveness factors measured for carbonation 

were not applicable for SESR as the thermodynamics and rate dependant factors of the system were 

different. It could be that the low steam to carbon ratios meant that the steam was being consumed by
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the SESR reactions which in turn altered the gas properties and wasn’t able to aid the CO2 overcome

the product layer diffusion resistance.

In general, it was thought that the use of combined particles for SESR is a good idea for future 

investigations but efforts must be made to increase the structural rigidity of the particles for effective 

fluidisation. It has been demonstrated that the use of a cheap and simple combined particle production 

methodology was effective at producing particles which underwent SESR with similar propensity as 

those of more complex methods. It should be noted however the incorporation of nickel into a combined 

matrix requires caution, as the replenishment rates may be higher for the CO2 sorbents compared to the 

catalysts, which means a separate process to recycle/reuse the Ni will be required. 
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7Chapter 7 – Summary of Conclusions

The impact of anthropogenic greenhouse gas emissions is well known to be the leading cause of the 

climatic changes that are currently being observed, and they are predicted to worsen in the coming 

decades. It is because of these effects that many researchers around the world are working together on 

different methods to reduce these greenhouse gas emissions, in particular CO2. Generally speaking, the 

heavy industries (cement, iron and steel, pulp and paper, chemical, oil and gas, mining and others) and 

power generation industries are the leading causes of CO2 emissions. Considering that the end goal is 

to replace these polluting industries with non-polluting alternatives or to prevent the pollution from 

being released to the environment, it is understood that this is not always simple or easy to do for all 

processes/industries. For the power generation industry, a considerable reduction in CO2 emissions can 

be achieved by switching from coal to gas, as has been seen in UK recently (Department for Business, 

2017). However, to make further reductions to the CO2 emissions beyond what has already been 

achieved, a new technology is required. It is possible to replace power generation facilities with 

renewable power generators, and this is certainly the end goal, though at the moment renewables 

intermittency is limiting their deployment (Heuberger et al., 2017b). An intermediary alternative is to 

utilise a technology called carbon capture and storage (CCS), which comes in many different forms. 

One form is utilising CaO to capture CO2, thereby converting it into CaCO3, this can then be converted 

back into CaO thus making the material reusable; this process is called calcium looping (CaL). Although 

there are limitations in ability for the sorbent to undergo this reversible reaction many times, CaL is 

thought to be one of the least impacting technologies in terms of the energy penalty and has the benefit 

of being able to link into the cement industry (Fennell, 2015a). 

Further to power generation, the production of H2 is also a CO2 intensive process as currently most H2

is produced from methane via steam methane reforming (SMR) or via the gasification of coal. The 

market for H2 is vast, encompassing: fertiliser, ammonia and other chemicals production, hydrocracking 

of heavy oils, hydrogenation of food stuffs, energy production via combustion or fuel cells, and other 

niche applications. Nevertheless this is another industry that needs to be decarbonised and one method
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of doing this is with the amalgamation of CaL and SMR into a process called Sorbent Enhanced Steam

Reforming (SESR). This outlines the broader topic of investigated for this research.  

One of the main aims of this research was to design and construct of a spout-fluidised bed reactor 

suitable for conducting gasification and SESR reactions and a description of how this aim was met was 

outlined in Chapter 3. Within this chapter a detailed explanation of the design basis and reactor 

specification was given, which itself was informed from the literature review presented in Chapter 2. 

Example calculations and the respective formulae for calculating the appropriate reactor dimensions, 

the minimum fluidisation velocity and the terminal feeding velocity were given. This chapter also 

described the efforts that were gone to, to ensure that a stable and continuous biomass feeding baseline 

could be achieved harmoniously with the production of a stable steam concentration.

A set of initial biomass and coal combustion experiments were conducted which showed that a suitable 

mass balance could be achieved within the reactor. Further to this a series of biomass steam gasification 

experiments were conducted where the bed material was varied in order to note the differences 

achieved. These experiments were conducted at 650 °C with ~12 vol.% steam and pulverised oak chip 

biomass and showed the significant benefit in terms of H2 production that can be achieved by the 

addition of both a sorbent and catalyst.

Understanding that the primary drop off in CO2 carrying capacity of CaO occurs during the calcination 

process it was decided to perform a series of experiments into the rate of calcination, as this would also 

aid the design of an SESR calciner; this work was presented in Chapter 4. The experiments conducted 

consisted of varying the bed temperature, CO2 partial pressure, particle size, sample mass and limestone 

type; each parameter was altered individually to determine their influence on the rate. Kinetics were 

measured by secondary means for the steam and CO2 experiments and via N2 dilution for the N2 and 

CO2 experiments as the CO2 concentrations were above the measureable range by most analytical 

techniques. 
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Upon analysing the data from this calcination work it was noted that the order of reaction with respect 

to the driving force for the reaction was not simple and lead to physically un-representative activation 

energies, therefore the orders of reaction were determined with respect to the partial pressure of CO2

alone. Because it was thought some other effect was influencing the rate that was not simply explained 

the partial pressure of CO2 alone, especially for the set of calcinations in the presence of N2 a Langmuir-

Hinshelwood derivation was undertaken for both the calcination in N2 and CO2, and steam and CO2. A 

suitable fit between the experimental data and the fitted parameters was achieved for the steam 

Langmuir-Hinshelwood equation but not for the N2 system. The difficulties in obtaining accurate 

particle properties such as density, porosity and surface area were also discussed within this chapter.

It was noted from the calcination experiments in Chapter 4 that the reactions in the presence of steam 

were approximately 3-4 times faster than when the steam was replaced with N2. To understand the 

differences in the observed rates in greater detail a Matlab model was created, based on the heat and 

mass balances through an assumed spherical particle of limestone undergoing calcination. The model 

was shown to represent the experimental data quite well in most scenarios tested. Improvements were 

made to the Arrhenius parameters by applying a least squares fitting of the model and the experimental 

data up to the peak rate of calcination. The model demonstrated that the calcination of limestone was 

controlled by a combination of external heat transfer to the particles and internal diffusion of CO2. The 

reaction modelling has concluded that increase in calcination rate when steam was present was caused 

predominately by catalytic means only and the physical differences between polar and non-polar gases 

makes little difference to the overall rate of reaction. 

 Following the commissioning experiments conducted (presented in Chapter 3), work was undertaken 

into the production of combined particles for SESR, which met another other the initial project aims, 

namely “the development and testing of a combined sorbent and catalyst particle effective for SESR”. 

This work looked at the methods utilised within the literature to produce combined particles and resulted 

in choosing a ‘low engineered’ method of hydrolysis and wet mixing which had the advantage of being 

simple and relatively inexpensive and could be scaled up if required.
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Combined particles of CaO (derived from calcined limestone) and NiO were produced and a range of 

NiO contents were tested (14, 26, 36 and 47 wt.% NiO) to note the effects caused by NiO addition to 

the combined particle matrix. It was noted that the addition of the NiO did lead to a reduction in BET 

surface area, pore volume and an increase in the density of the particles, but no effect was observed on 

the sorbents ability to absorb CO2 over multiple calcium looping cycles under realistic post-combustion 

conditions. 

In addition to these combined particles a set of supported combined particles were produced utilising a 

dicalcium silicate (C2S) support structure. This structure was developed based upon the work conducted 

within Chapter 5, where a C2S support with CaO was tested for its ability to resist sintering under harsh 

but realistic conditions (high-temperature CO2). Unfortunately this support was unsuccessful at 

maintaining the carrying capacity at these conditions.

These particles were investigated for their suitability for biomass SESR within the fluidised bed reactor 

designed and constructed previously, and presented in Chapter 3. These reactions were conducted at 

650 °C, 1 atm and ~20 vol.% steam. A relatively low steam to carbon ratio was utilised in this work 

due to the efforts of balancing a flow rate high enough to overcome the terminal velocity of the biomass 

particles in the feeding tube and a flow rate high enough to produce effective mixing within the fluidised 

bed itself. Despite the low steam to carbon ratios (near stoichiometric) used the H2 purity and yield did 

approach thermodynamic equilibrium at ~26 wt.% Ni, ~75 vol.% H2 which represented ~120 g H2/ kg 

of biomass (61 mmol H2/kg biomass). It was also observed that the addition of the silica support did 

lead a drop in CH4 concentration that was not observed in the unsupported particles, although more 

work is needed to determine the reason for this. 

An unfortunate consequence of utilising biomass within this reactor under these conditions was that the 

reactivity of biomass was so high that it began to gasify within the feeding tube, this eventually lead to 

formation of coke on the inner walls which in turn led to blockages thereby halting the feeding and 

hence the reactions. The addition of oxygen for coke removal was investigated however this lead to 

dramatic drop off in H2 purity and yield. 
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An investigation into the kinetics of carbonation of H2-reduced combined particles was undertaken in 

another fluidised bed reactor at a range of temperatures and with a selection of different particle sizes. 

It was found that the addition of Ni into the CaO matrix didn’t affect the observed carbonation activation 

energy of the material and produced comparable values to literature results for the activation energy of 

limestone derived CaO carbonation. The rate of carbonation of the C2S supported sorbents was also 

studied and found that the change in particle pore structure observed through mercury intrusion 

porosimetry was about as beneficial as steam addition in enhancing the rate of carbonation and overall 

conversion of the material. A fitted tortuosity was also determined, from which the intrinsic rates and 

effectiveness factors were determined.

A mismatch between the observed H2 production during SESR (which showed extensive internal 

diffusion issues) and the carbonation kinetics derived effectiveness factors (which showed minimal 

internal diffusion of larger particles). This indicated that the effectiveness factors determined for 

carbonation were not directly transferable to the SESR reactions. This was thought to be because of 

steam being utilised during the SESR reactions which impacted on the steams ability to catalyse the 

carbonation reaction.

Concluding on all the work conducted here it can be said that effective combined particles for SESR 

were produced via this simple method which were capable of withstanding fluidised bed operation and 

producing high H2 purities and yields, however the utilisation of biomass with such low steam to carbon 

ratios was unsuitable.
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8Chapter 8 – Future work

Based on the work conducted within this thesis there were several interesting areas that were found to 

require more work in order to understand the phenomena observed during the research. In particular the 

following areas were deemed a high priority for the optimisation of SESR and its future 

commercialisation. In addition, an account will be provided of the limitations and experiences of this 

investigation such that future researchers can plan the most appropriate experiments/models in order to 

gain the most from their work.  

1. It was noted that near equilibrium purities and yields of H2 were generated with a near 

stoichiometric steam to carbon ratio which is positive news for the process in general as less 

steam means a lower operating cost. However, future researchers should utilise a higher steam 

to carbon ratio in order to reduce the build of coke and to minimise the production of CH4 and 

CO.

A significant amount of effort was put into obtaining a stable steam and biomass feeding system 

during this work, it is now thought that the stability of the steam generation system is less 

important as any spikes can be averaged out over the course of the reaction and with a humidity 

probe before and after the reactor a good mass balance can be achieved. It was also noted that 

when conducting SESR the production of tars was negligible and therefore a humidity could be 

placed at the exit of the reactor, providing care is taken during operation and post-reaction 

cleaning/maintenance. 

The biomass feeding system designed here did work very effectively but due to limitations of 

the reactor (needing to preheat the gas and add the biomass into the reactors hot zone), coking 

issues prevented long term feeding. It was thought that for a larger system an alternative 

biomass feeding system would be utilised and therefore would avoid these issues. Raising the 

steam to carbon ratio would have certainly helped though. 
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2. An interesting observation that requires further work is the effect of decreased CH4 yields when 

dicalcium silicate (C2S) was added to the particle structure. Although the use of C2S for the 

stability of CaO carrying capacity was shown to be ineffective under realistic high-temperature 

CO2 calcination conditions, it was shown to aid the conversion of CH4 during SESR. Within 

this work it was not found if it was the addition of silica that caused this increased CH4

conversion or if it was the C2S itself or interactions between the Si, Ca and/or Ni molecules or 

by some other means, therefore it is recommended that a further short study looks into the use 

of silica based materials (as a support or otherwise) for SESR methane/tar reduction.  

3. Further to this it is recommended that the incorporation of iron oxides in the combined particles 

for the reduction of surface coke is investigated, as some studies are beginning to show this can 

be effective due to the reduction and oxidation ability of the iron oxide within the steam/H2

environment present within the SESR carbonator/reformer.

4. One of the key areas noted with the use of combined particles was their operational performance 

within the fluidised bed reactor. Whilst attrition rates were not excessive for these particles, it 

was certainly higher than the attrition rates observed when working with limestone in fluidised 

beds. It is now thought that an interesting concept to investigate for the SESR process is the use 

of an entrained flow reactor as this would simplify the process further and negate the 

requirement to make particles that can be fluidised. It would also remove the concern of attrition 

and particle/pore sintering. Effective close contact between the catalyst, sorbent and the 

produced gases could be an issue however with careful reactor design (accounting for the 

kinetics of each reaction and therefore the residence time of the gases) this could be controlled.

An entrained flow reactor would also minimise the risk of gas bypass, which was thought to be 

the predominant cause for the higher CO2, CO and CH4 yields noticed during the investigation 

here. 
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5. A further area that should be looked into is the reuse and recycling of CaO and Ni materials, 

whether they are combined in a single particle or separated powders. The recovery of the Ni 

material is the predominant motivation for this as its value is an order of magnitude over the 

CaO, so whether it is processed into a reusable form or sold on there is an economic incentive 

to do so. 

6. Finally, a longer term goal would be to observe the mechanism of steam enhancement on the 

carrying capacity and kinetics of CaO carbonation and calcination. A mechanism has been 

suggested by other authors and has been found to be in close agreement to the experimental and 

modelling work conducted here, but it would be quite nice to have some online measurements, 

at experimental conditions - although impossible via currently available techniques, of steam 

adsorption onto CaO/CaCO3 with subsequent carbonation/calcination. 
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IAppendix I – Standard Operating Procedure

A typical experiment consisted of the following standard operating procedure: 

• Turn on gas cylinders and set to the point of use regulators (supplied by FTI Ltd) to the desired 

pressure, assume 1 bar(g) N2

• Set the flow rate on the rotameters to the desired value 

• Turn the three way valve to bypass the steam generation system 

• Load the Agilent VEE program and start the program running by creating a save file 

• Turn the furnace on and set to the desired set point, assume 650 °C 

• After ~10 minutes of N2 flow zero the analysers 

• Turn the heating control boxes on, except the steam generator control box 

• Weigh out the required bed materials, assume 25 g sand + 10 g CaO + 5 g NiO particles. Sand 

is added for thermal stability of the bed 

• When the bed temperature has reached ~600 °C undo the bed temperature thermocouple fitting 

and remove the thermocouple 

• Insert the bed material feeding tube and slowly add the bed material to the reactor 

• Once fully added, replace the thermocouple and tighten fitting back up 

• Turn on the propane gas to the Bunsen burner flare stack and ignite with a safety lighter, ensure 

a blue flame is present then close the flare stack window to the marked position 

• Add plenty of ice and enough water to fully cover the pump to the pump bucket, then turn the 

pump on and wait 5 minutes for the tar and water trap to cool down 

• When the bed temperature has recovered and stabilised at 650 °C reduce the N2 flow rate and 

turn on the 10% H2 in N2 to produce a 5% H2 mixture 

• Start the timer and monitor the hydrogen concentration for 30 minutes 

• After 30 minutes, turn off the 10% H2 gas cylinder and wait for all the pressure and flow rate 

to fall. As the flow rate falls, increase the N2 flow rate back up to the desired value 

• Turn on the steam generation heating control box and set to the desired value to generate the

correct amount of steam
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• Turn the HPLC pump to the desired value and turn the three way valve to the steam generation 

system

• If the RH% is lower than expected then the water level in the bubbler may be low so temporarily 

increase the flow rate from the HPLC. Watch the RH% response on the control program as the 

RH% will increase as the water level rises. The calibrated predicted value is also displayed on 

the steam plot, decrease the flow rate from the HPLC pump when they first become equal

• Whilst waiting for steam concentration stability check the amount of biomass in the hopper and 

monitor the reactor 

• Periodically top up the cooling ice and empty water from the water trap 

• Once all parameters are stable and at their correct values, turn on MFC bio-knocker flow 

(assuming it’s connected to an air supply) and the biomass feeder and start the timer 

• Ensure the hopper is bashed and knocked from many different angles continuously whilst 

feeding 

• Once the allotted time has occurred stop the timer, turn off the motor, shut off the flow from 

the bio-knocker MFC and turn the three way valve to divert gas away from the steam generator  

• Ramp the temperature up to 750 °C to calcine the produce CaCO3 in the bed 

• Turn off steam generation heating control boxes

• Once it has become clear from the gas analyser readings that the calcination has completed, 

turn on an air supply of known quantity and wait for the combustion to complete. Again this is 

observable on the control program

• Once combustion is complete turn off air supply and leave N2 purging the system 

• Turn off the control program, all heating sources, the water cooling pump and flare stack 

• Wait for reactor to cool then take apart all elements after the reactor, clean, replace glass wool 

if necessary and then put the reactor back together 

• Empty the bed material from the bottom of the reactor by removing the U-bend. Blow out any 

remaining bed materials with a compressed air supply 

• Replace U-bend
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IIAppendix II – Derivation of the Langmuir Hinshelwood Rate 

Equations and the Influence of CO2 Partial Pressure on the Rate of 

Limestone Calcination

The influence of CO2 partial pressure on the rate of reaction was determined by the application of 

Equation II.1. Previous literature has consistently utilised the equilibrium driving force (P*
CO2 - PCO2 ) 

for determining the influence of CO2 on the rate of calcination, as shown in the literature review by 

Stanmore and Gilot (Stanmore and Gilot, 2005). Therefore initially following the approach of previous 

literature, the order of reactions with respect to the equilibrium driving force (P*
CO2 - PCO2) for the 

reversible calcination reactions were determined and the results of which are shown in Figure II.1 for 

both the steam and N2 systems.

Equation II.1:

�� = ������
∗ − �����

�

The orders shown in Figure II.1 indicate a near second order of reaction for the experiments conducted 

with steam, within the narrow range of concentrations (12 - 39 vol.% steam) assessed in this work. The 

order of reaction for the N2 system, also displayed in Figure II.1, displayed a much higher order of 

approximately 4, although it must be stated the R2 value was only 0.86 for this data set. The steam 

experimental data was collected over a narrower range due to the limitations of a bubbler steam 

generating system. 

The observed peak rates and general rate profiles in shown in Figure 4.11a (N2 system) drop off rapidly 

at higher CO2 concentrations and this can also be seen in Figure II.1. This suggests that at low 

concentrations of N2 and hence high concentrations of CO2 the reactions were limited by something 

other than the equilibrium position of the system, this resulted in the observed differences in rates and 

thus the orders of reaction. 
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Due to the significantly different orders of reaction obtained between the two systems, it is possible to 

state that for the observed calcination reactions, the presence of gases other than CO2 can significantly 

affect the rate of reaction. Furthermore the addition of steam to the calcination gas flow utilised a 

different reaction mechanism compared to the N2 system. Utilising these newly determined reaction 

orders the values of the pre-exponential factors and activation energies were recalculated are displayed 

in Table II.1.  

Figure II.1 – Influence of equilibrium driving force (P*
CO2 - PCO2 ) on the rate of calcination. n represents

the apparent order of reaction. Kinetic experiments conducted at 950 °C, 1 bar(a).

Table II.1 – Recalculated Arrhenius parameters for the observed kinetics of limestone calcination in 80 

vol.% CO2 and either 20 vol.% steam or N2 utilising the orders of reaction determined in Figure II.1 

with respect to the equilibrium driving force (P*
CO2 - PCO2 ). 

Steam system wrt. ( C*CO2 - CCO2 )
2 N2 system wrt. ( C*CO2 - CCO2 )

4

k0 obs (m3/mol.s) Ea (kJ/mol) k0 obs (mol-11/m9.s) Ea (kJ/mol)

Arrhenius parameters 

using observed orders
7.3 ×10-7 -162.24 1.0 ×10-22 -467.01
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The Arrhenius parameters determined when utilising this order of reaction were obviously nonsensical 

and not physically representative. A negative activation energy was determined for both the steam and 

N2 systems evidently showing the that although the kinetic data may have presented an order greater 

than 1 when altering the partial pressure of CO2, the physical reality of the systems cannot be 

represented by such a simple rate law fitting. The reason that these recalculated Arrhenius parameters 

were found to be strange was because the driving force (P*
CO2 - PCO2) changed by a larger degree than 

the rate of reaction did, therefore applying an order greater than 1 exacerbated this effect. 

By removing the influence of the equilibrium partial pressure of CO2 on the rate of reaction and instead 

determining the order of reaction with respect to the bulk/surface partial pressure of CO2 Figure II.2and 

the following respective orders were produced. It can be observed that the influence of PCO2 on the rate 

of calcination with steam present was approximately 1st order, whereas a split order was found again 

for the N2 system. This split order showed an approximately zeroth order at low partial pressures of 

CO2 but increased rapidly to an observed near 2.5 order relationship at the highest partial pressures of 

CO2. A straight line fit through the N2 data is also given and shows a near first order relationship but 

the fit had an R2 value of ~0.65.

When applying a first order relationship with respect to the bulk partial pressure of CO2 (PCO2 ) to both 

the steam and N2 data sets and recalculating the Arrhenius parameters, which are shown in Table II.2, 

the activation energies generated were much higher than that previously found in the literature but were 

at least physically possible.

These results highlight that the experimental kinetic data for the N2 system in particular was difficult to 

represent via simple rate law fitting; a difficulty which was only exaggerated over the broad range of 

CO2 partial pressures utilised. It has been concluded that there were other phenomena at play that were 

not accounted for within this rate equation. To further investigate the mechanism of the calcination 

reaction in the presence of the steam and N2 a rate equation derived by the Langmuir-Hinshelwood 

method was developed for both the steam and N2 systems applying the Arrhenius parameters derived 

utilising an assumed first order of reaction with respect to the bulk partial pressure of CO2 (PCO2 ).
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Table II.2 – Recalculated Arrhenius parameters for the observed kinetics of limestone calcination in 80 

vol.% CO2 and either 20 vol.% steam or N2 utilising a first order of reaction with respect to the bulk 

partial pressure of CO2 (PCO2 ).

Figure II.2 – Influence of CO2 partial pressure on the rate of calcination for the steam and N2 systems.

Kinetic calcination experiments conducted at 950 °C, 1 bar(a).

Steam system wrt. ( CCO2 )
1 N2 system wrt. ( CCO2 )

1

k0 obs (s-1) Ea (kJ/mol) k0 obs (s-1) Ea (kJ/mol)

Observed order

Arrhenius parameters
2.15 ×1016 326.29 2.8 ×1023 504.11
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The Langmuir-Hinshelwood approach is based on the work of Hinshelwood applying the principles

described by Langmuir. For the CO2 and N2 system the following set of equations were considered. 

Equation II.2:

����� ⇌ ��� + ���

Equation II.3:

����� + �� ⇌ ��� + ��� + ��

Assuming that all CaCO3 sites are “active sites” – i.e. there is no rate limiting step of their formation – 

where CaCO3 active sites are in the form of CaO·CO2 and that N2 does not adsorb onto the surface of 

CaO or CaCO3. Also making the assumption that each species adsorbed onto the surface of the CaO is 

a reactive intermediate and therefore the net rate of formation of species i adsorbed onto the surface 

will be zero, i.e. applying the pseudo-steady-state hypothesis defined by Equation II.4.

Equation II.4:

��∙�
∗ = 0

Define the rate limiting step to be: (For the purposes for typing limitations in MS word, ⇌ will be 

written as →← )

�����
���
��

���
�� ��� + ���

Where the equilibrium constant for the reaction is defined as Equation II.5 - �� =
���

���

Where f and r represent the forwards and reverse reactions respectively. 

Equation II.6 - The overall rate law for the calcination reaction was defined as:

−����� = ���������

Equation II.7 - The net rate of CaCO3 sites generated was defined as: 

������
∗ = 0 = ����������� − ���������
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Equation II.8 - Rearranging for the concentrations of sites occupied by CaCO3:

∙

������ = ����������

∙

Equation II.9 - From the site balance we obtain, where CaO sites are completely vacant: 

�� = ������ + ����

Equation II.10 - Substitute Equation II.8 into Equation II.9:

�� = ���������� + ����

�� = �����1 + �������

���� =
��

�1 + �������

Equation II.11 - Substitute Equation II.8 into Equation II.6: 

−����� = ������������� = �����������

Equation II.12 - Substitute Equation II.10 into Equation II.11:

−����� = ���������
1

�1 + �������

Equation II.13 - To finally form:

−����� = �� ∙
����

�1 + �������

−����� =
����
���

����
�1 + �������

Where kc is in units m/s, K1 is in units Pa-1, PCO2 is in units Pa, SA is in units m2/m3, Ri is in units J/mol·K,

T is in K and the rcalc is in units of mol/m3·s.

The value of kc was calculated using the values stated in Table II.2, assuming a first order relationship

between the rate and partial pressure of CO2, as shown in Figure II.2. A fitting of rcalc (in mol/m3.s)
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against ((kc SA)/(Ri T))(PCO2 /(1+K1 PCO2)) was produced utilising ‘fminsearch’ – Matlabs unconstrained 

multivariable function – to fit this model to the experimental data by minimising the sum of square 

errors, the result of which is shown as Figure II.3. To implement fitting the maximum number of 

function evaluations and iterations was set to 107 and the tolerances were set to 10-9 and an initial guess 

value of 1 was selected (although others were tried as well) for K1. Solving for the value of K1 a final 

estimate of 0.88 Pa-1 was arrived at. The fit of the line was less than satisfactory at all initial guess values 

implying that the selected mechanism for the Langmuir-Hinshelwood derivation was not appropriate. 

Another mechanist route was not investigated because it was not thought that N2 could adsorb onto the 

surface of the CaO or CaCO3 nor would multiple sites be involved for the calcination.

Figure II.3 – Fitting of Equation II.13 derived via the Langmuir-Hinshelwood approach for the

experimental calcination data gathered by varying the CO2 partial pressure in the presence of N2. 
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A similar Langmuir-Hinshelwood approach was taken for the steam system calcinations as well, it was

derived by the following methodology and considered these two main reactions: 

����� ⇌ ��� + ���

����� + ��� ⇌ ��� + ��� + ���

Assuming that all CaCO3 sites are “active sites” – i.e. there is no rate limiting step of their formation – 

where CaCO3 active sites are actually in the form of CaO·CO2 and that H2O does adsorb onto the surface 

of the CaO active sites, but not the CaCO3. Also making the assumption that each species adsorbed onto 

the surface of the CaO is a reactive intermediate and therefore the net rate of formation of species i

adsorbed onto the surface will be zero, i.e. applying the pseudo-steady-state hypothesis defined by:

Equation II.14:

��∙�
∗ = 0

Define the rate limiting step to be the calcination reaction without steam present, (For the purposes for 

typing limitations in MS word, ⇌ will be written as →← ) Surface calcination reaction:

�����
���
��

���
�� ��� + ���

Where the equilibrium constant for the reaction is defined as Equation II.15: �� =
���

���

Adsorption of H2O onto the active sites:

����� + ���
���
��

���
�� ����� ∙ ���

Where the equilibrium constant for the reaction is defined as Equation II.16: �� =
���

���

Desorption of CO2 and H2O from the active sites:

����� ∙ ���
���
��

���
�� ��� + ��� + ���
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Where the equilibrium constant for the reaction is defined as Equation II.17: �� =
���

�

���

Where f and r represent the forwards and reverse reactions respectively. 

Equation II.18 - The overall rate equation for the calcination was defined as:

−����� = −������ = ��������� − ����������� + ���������∙��� − ���������������

−����� = −������ = ���������� − �����������+ ����������∙��� − ���������������

Equation II.19 - The net rate of generation of CaCO3 sites was defined as:

������
∗ = 0 = ����������� − ��������� + ���������∙��� − �������������

 Equation II.20 - The net rate of generation of CaCO3 and CaCO3·H2O sites was defined as: 

������∙���
∗ = 0 = ������������� − ���������∙��� + ��������������� − ���������∙���

Equation II.21 - Rearranging for the concentrations of sites occupied by CaCO3:

������ =
����������� + ���������∙���

��� + �������

Equation II.22 - Rearranging for the concentrations of sites occupied by CaCO3·H2O:

������∙��� =
������������� + ���������������

��� + ���

Equation II.23 - From the site balance we obtain, where CaO sites are completely vacant:

�� = ������ + ���� + ������∙���

Equation II.24 - Substitute Equation II.20 into Equation II.19:

������ =

����������� + ��� �
������������� + ���������������

��� + ���
�

��� + �������

��������� + ������������� = ����������� + ��� �
������������� + ���������������

��� + ���

��������� + ������������� = ����������� +
���������������� + ������������������

��� + ���
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������������ + ���������������� + ������������ + ����������������
= �������������� + �������������� + ���������������� + ������������������

������������ + ���������������� + ������������ + ����������������
= �������������� + �������������� + ���������������� + ������������������

Equation II.25 - Which can be rearranged to form:

������ =
��������������� + ������ + �����������

������� + ������ + �����������

Equation II.26 – Substitute Equation II.21 into Equation II.18:

−����� = ��� �
��������������� + ������ + �����������

������� + ������ + �����������
− ����������� + ����������∙��� − ���������������

Equation II.27 – Substitute Equation II.21 into Equation II.20:

������∙��� =

���
��������������� + ������ + �����������

������� + ������ + �����������
���� + ���������������

��� + ���

������∙��� = �
���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
� ������������
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Equation II.28 - Substitute Equation II.24 into Equation II.23:

−����� = ��� �
��������������� + ������ + �����������

�

−

������� + ������ + �����������
− �����������

+ ��� ��
���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
������������� − ��������������

−����� = ����������� �
������� + ������ + �����������

������� + ������ + �����������
− ��� + ��������������� �

���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
− ���

−����� = �������� ���� �
������� + ������ + �����������

������� + ������ + �����������
− ���+ ������� �

���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
����

Equation II.29 - From the site balance, substitute Equation II.24 and Equation II.22 into Equation II.21:

�� =
��������������� + ������ + �����������

������� + ������ + �����������
+ ���� + �

���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
� ������������

�� = ���� �
����������� + ������ + �����������

������� + ������ + �����������
+ 1 + �

���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
� ���������

���� =
��

����������� + ������ + �����������

������� + ������ + �����������
+ 1 + �

���
���� + ����

∙
������� + ������ + �����������

������� + ������ + �����������
+

���
���� + ����

� ��������
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Equation II.30 - Substitute Equation II.29 into Equation II.28:

−�����

−

=

������ ���� �
�������

−

+ ������ + �����������

������� + ������ + �����������
− ���+ ������� �

���
���� + ����

∙
������� + ������ + �����������

������� + ������ + �����������
+

���
���� + ����

����

����������� + ������ + �����������

������� + ������ + �����������
1 ++ �

���
���� + ����

∙
������� + ������ + �����������

������� + ������ + �����������
+

���
���� + ����

���������

−����� =

������ ���� �
������� + ������ + �����������

������� + ������ + �����������
− ���+ ������� �

���
���� + ����

∙
������� + ������ + �����������

������� + ������ + �����������
+

���
���� + ����

����

1 +
����������� + ������ + �����������

������� + ������ + �����������
+ �

���
���� + ����

∙
������� + ������ + �����������

������� + ������ + �����������
+

���
���� + ����

���������

Equation II.31 - Simplifying:

−����� =
���������

�����������

����������� = 1 +
����������� + ������ + �����������

������� + ������ + �����������
+ �

���

���� + ����
∙
������� + ������ + �����������

������� + ������ + �����������
+

���

���� + ����
� ��������

����������� =
1

������� + ������ + ��������������� + ����

∙ �������� + ������ + ��������������� + ���� + ����������� + ������ + ��������������� + ����

+ ���������� + ������ + ������������������� + ������� + ������ + �����������������������
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����������� =
1

������� + ������ + ��������������� + ����

−

∙ �������
� + ��������� + ������������� + ��������� + ������

� + ������
� ���� + ������������� + ������

� ����
+ ���
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Substitute back into numerator and denominator and cancelling common terms:
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Equation II.32:
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Where kc is in units m/s, KA is unitless, the terms KB and KC are in units Pa-1, KD is in units of Pa-2, KE is in units Pa-3, PCO2 and PH2O are in units Pa, SA is in units

m2/m3, Ri is in units J/mol·K, T is in K and the rcalc is in units of mol/m3·s. 

Equation II.33 – It should be noted that when the partial pressure of H2O is zero, the Equation II.32 reduces to Equation II.13:
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Utilising Equation II.32 Figure II.4 was produced utilising ‘fminsearch’ to fit this modelled data to the 

experimental data by minimising the sum of square errors. The implementation of this function was the 

performed the same as the N2 system i.e. the maximum number of function evaluations and iterations 

was set to 107 and the tolerances were set to 10-9 and the initial guess values were all set to 0 apart from 

KA which was set to 1. Solving for the values of the five constants the final estimated parameters and 

sum of the square errors (SSE) can be observed in Table II.4. In reality the value of these constants 

would change with temperature, however the experiments have not been conducted to estimate how 

these values may change with temperature. A relatively good fit can be observed between the 

experimental data and the fitted line from the Langmuir-Hinshelwood derivation. The initial guess 

values were altered to determine their effect, the fit of the line was highly dependent upon the initial 

guess values of KB, KC, KD and KE however KA was more flexible towards its initial value. The estimated 

values of KB, KC, KD and KE worked to effectively minimise the value of the overall term when multiplied 

with their respective PH2O and PCO2 terms. This means that upon calculation of the overall fitting term, 

shown as Equation II.34, at the experimental conditions a pseudo scaling factor is produced. The values 

of this scaling factor term, for the experimental conditions utilised are presented in Table II.3. 

Equation II.34:

������� ������ =
1

�� + ������ + ������ + ���������� + ������
� ����

Table II.3 – Scaling factor term at experimental conditions.

Experimental conditions

Scaling factor term
PCO2, Pa PH2O, Pa

9.0 ×104 1.2 ×104 0.96

8.0 ×104 2.1 ×104 1.13

7.2 ×104 3.0 ×104 1.36

6.2 ×104 3.9 ×104 1.87
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Figure II.4 presents the fitted line after it had been extended beyond the fitting range to show the effect 

of utilising this equation outside of the fitted range. Namely, at very high partial pressures of CO2 the 

predicted rate will decrease and at low partial pressures of CO2 the predicted rate will increase 

exponentially – caution must therefore be used when applying this equation outside of this range. 

Because the fit of this Langmuir-Hinshelwood derived rate equation was relatively good it can be stated 

that the mechanism selected was appropriate and fitted the experimental data but further analytical 

experiments are required to confirm that the calcination with steam at high partial pressures of CO2 does 

follow this proposed reaction mechanism.  

Table II.4 – Estimated values of the constants for Equation II.32 for the steam system calcinations. 

Constants
Values where variable PCO2

in Equation II.32 was PCO2

KA -5.54

KB -1.37 ×10-7

KC 6.76 ×76 ×10-5

KD 3.86 ×.86 ×10-10

KE 9.86 ×.86 ×10-15

SSE 4.59 ×.59 ×10-17
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Figure II.4 – Fitting of the experimental data for the steam system calcinations via the Langmuir-

Hinshelwood approach for PCO2. 

A similar reaction mechanism was suggested by Guo et al., (Guo et al., 2015) through the use of XRD 

and SEM-EDS measurements of limestones subjected to high-temperature steam. They suggested a 

mechanism whereby CO2 required two bonding active sites compared to one for a molecule of steam. 

Wang and Thomson also examined the mechanism of steam on the release of CO2 from CaCO3. Their 

work followed a similar Langmuir-Hinshelwood derivation to that shown above and demonstrated that 

steam adsorbs to the active CaO sites stronger than the CO2 molecules do, thus increasing the rate of 

calcination (Wang and Thomson, 1995). 
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Appendix III – Costs of Chemical Reagents for Sorbent Synthesis 

Example calculation for the cost of Si based chemical reagents 

Fumed silica: O2Si – 60.08 g/mol - £137.60/kg – (Sigma Aldrich, 10/02/2017) 

III

Si – 28.085 g/mol, therefore Si represents ~46.7 wt.% of the material. 

Therefore cost per kg of Si ≈ £295 = $368 (on 10/02/2017).

Tetraethyl Orthosilicate (TEOS): C8H20O4Si – 208.33g/mol – 0.933 g/cm3 @ 20 °C – £42.20/L =

£45.23/kg – (Sigma Aldrich, 10/02/2017) 

Si – 28.085 g/mol, therefore Si represents ~13.5 wt.% of the material. 

Therefore cost per kg of Si ≈ £336 = $419 (on 10/02/2017).

Of course bulk purchasing of materials from alternative suppliers would inevitably be cheaper, this

analysis just provides a relativistic understanding of the pricing of the two silica sources utilised.
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IVAppendix IV – Calcination Particle Model – Matlab Code 

File name: Parameters_Testing.m

%% System of parameters to run for Heat and mass transfer model
tic1 = tic;

%% Import Data
[Data,~,~] = xlsread('Combined Data Sheet N2.xlsx', 1, 'A8:AS240'); 
% [Data_noheatup,~,~] = xlsread('Combined Data Sheet without heat up 
N2.xlsx', 1, 'A8:AS240');
[~,~,Header_Data] = xlsread('Combined Data Sheet N2.xlsx', 1, 
'A1:AS7'); 

% Header_Data_table - RowNames
% Limestone_type
% Mass
% Particle_size_small
% Particle_size_large
% Temperature
% Mole_Percent
% Gas

% Number of experiments
Num_of_experiments = size(Header_Data,2);

% Convert numbers to strings
for j = 1:Num_of_experiments 

for i = 2:6 
 Header_Data{i,j} = num2str(Header_Data{i,j}); 

end
end

%% Steam data has all been ×10^3 so need to undo this
% was a mistake from before
for j = 1:Num_of_experiments 

if strcmpi(char(Header_Data(7,j)),'H2O') 
 Data(:,j) = Data(:,j)/1000; 

end
end

%% Experimental run information - conversion and preparing data for 
comparisions in the testingSteam and testingN2 scripts
% Cumulative totals for each run
Cumulative_cols = cumsum(Data); 
Cumulative_cols_total = zeros(1,size(Cumulative_cols,2)); 
Cumulative_cols_total(1,1:Num_of_experiments) = 
max(Cumulative_cols(:,1:Num_of_experiments)); 
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% Conversions
ExperimentalConversions = zeros(size(Cumulative_cols)); 
for j = 1:Num_of_experiments 

ExperimentalConversions(:,j) = 
(Cumulative_cols(:,j)./(Cumulative_cols_total(1,j))*100); 
end

% Add line of NaN at the end of the data as it is needed for the 
next section
dimension = size(Data,1); 
for j = 1:Num_of_experiments 

Data(dimension+1,j) = NaN; 
ExperimentalConversions(dimension+1,j) = NaN;

end

% Time for plotting
experimental_Time = zeros(1,Num_of_experiments); 
Time = zeros(size(Data)); 
for j = 1:Num_of_experiments 

for i = 2:(find(isnan(Data(:,j)),1,'first')-1) 
 Time(i,j) = Time(i-1,j)+1;

end
experimental_Time(1,j) = max(Time(:,j));

end

%% Parameters
% Initial Temp
Initial_T_particle = 20; % °C

% Bulk Temp
Tb = zeros(1,Num_of_experiments); 
for j = 1:Num_of_experiments 

Tb(1,j) = str2double(cell2mat(Header_Data(5,j))); 
end
Bulk_Temps = unique(Tb); % °C

% Particle size testing
R = zeros(1,Num_of_experiments); 
for j = 1:Num_of_experiments 

R(1,j) = 
(((str2double(cell2mat(Header_Data(3,j))))*(str2double(cell2mat(Head
er_Data(4,j))))).^0.5)/(1000000*2); 
end
Particle_sizes = unique(R); % m

% mole fractions
mole_fraction_CO2 = zeros(1,Num_of_experiments); 
mole_fraction_H2O = zeros(1,Num_of_experiments); 
mole_fraction_N2 = zeros(1,Num_of_experiments); 
for j = 1:Num_of_experiments 

mole_fraction_CO2(1,j) = (100-
str2double(cell2mat(Header_Data(6,j))))/100; 

if strcmp(char(Header_Data(7,j)),'H2O') == 1 
mole_fraction_H2O(1,j) = 

str2double(cell2mat(Header_Data(6,j)))/100; 
elseif strcmp(char(Header_Data(7,j)),'N2') == 1
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 mole_fraction_N2(1,j) = 
str2double(cell2mat(Header_Data(6,j)))/100; 

end
end
CO2_mf = unique(mole_fraction_CO2); 
H2O_mf = unique(mole_fraction_H2O); 
N2_mf = unique(mole_fraction_N2); 

%% Model
Output_Time = cell(1,Num_of_experiments); 
Output_Temperature = cell(1,Num_of_experiments); 
Output_PCO2 = cell(1,Num_of_experiments); 
Output_PH2O = cell(1,Num_of_experiments); 
Output_PN2 = cell(1,Num_of_experiments); 
Output_X = cell(1,Num_of_experiments); 
Output_CO2_rate = cell(1,Num_of_experiments); 
Output_heat_rate = cell(1,Num_of_experiments); 
Output_Conversion = cell(1,Num_of_experiments); 
Output_reaction_occurring = cell(1,Num_of_experiments); 
Output_CO2_mol_per_gs = cell(1,Num_of_experiments); 
heatuptime = cell(1,Num_of_experiments); 
diffusiontime = cell(1,Num_of_experiments); 
Ratetime = cell(1,Num_of_experiments); 
N = zeros(1,Num_of_experiments); 
% out_MTC = cell(1,Num_of_experiments);
out_RateCalcOut = cell(1,Num_of_experiments); 

for j = 1:Num_of_experiments 
fprintf('\nExperiment Number = %i\n', j)

% Parameters from experimental data
Tb_Param = Tb(1,j); 
Radius = R(1,j); 
if j == 14 || j == 38 

 Limestone_type = 'Cadomin'; 
elseif j == 15 || j == 40 

 Limestone_type = 'Imeco'; 
elseif j == 39 

 Limestone_type = 'Havelock';
else

 Limestone_type = 'Longcliffe'; 
end
CO2 = mole_fraction_CO2(1,j); 
if strcmpi(cell2mat(Header_Data(7,j)),'N2') 

 N2 = mole_fraction_N2(1,j); 
 H2O = 0; 

elseif strcmpi(cell2mat(Header_Data(7,j)),'H2O') 
 H2O = mole_fraction_H2O(1,j); 
 N2 = 0; 

end
experiment_Time = experimental_Time(1,j); 
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% % ARBITARY VALUES
% Tb_Param = 950;
% Radius = 45/(1000000); 
% Limestone_type = 'Longcliffe';
% CO2 = 0.8;
% H2O = 0.2;
% N2 = 0;
% experiment_Time = 5;

% Iteration points - number of points along a radii
N_test = 100;

[Output_Time{1,j},Output_Temperature{1,j},Output_PCO2{1,j},Out
put_PH2O{1,j},Output_PN2{1,j},Output_CO2_rate{1,j},Output_heat
_rate{1,j},Output_Conversion{1,j},Output_reaction_occurring{1,
j},Output_CO2_mol_per_gs{1,j},heatuptime{1,j},diffusiontime{1,
j},N(1,j),Ratetime{1,j},out_RateCalcOut{1,j},Output_X{1,j}]...

=
H_and_M_model_reaction_fastcode(Tb_Param,Initial_T_particle,Ra
dius,H2O,N2,CO2,experiment_Time,Limestone_type,N_test); 

end

%%
toc1 = toc(); 
disp('Completed'); 
if toc1 >= 60 

toc1 = toc1/60; 
disp(['Total solving time: ' num2str(toc1) 'mins']); 

elseif toc1 >= 3600 
toc1 = toc1/3600; 
disp(['Total solving time: ' num2str(toc1) 'hours']);

else
disp(['Total solving time: ' num2str(toc1) 's']); 

end

%% END OF FILE

File name: H_and_M_model_reaction_fastcode.m

function
[Output_Time,Output_Temperature,Output_PCO2,Output_PH2O,Output_PN2,O
utput_CO2_rate,Output_heat_rate,Output_Conversion,Output_reaction_oc
curing,Output_CO2_mol_per_gs,heatuptime,diffusiontime,N,Ratetime,out
_RateCalcOut,Output_X]...

= 
H_and_M_model_reaction_fastcode(Bulk_T,Initial_T_particle,Radius,H2O
_mf,N2_mf,CO2_mf,experimental_Time,Limestone_type,N)

beep off
tic(); 
%% Global Variables
global timetaken 
global RateTerm_Diffusion_main 
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global RateTerm_Heat_main 
global iteration 
global Conversion_overall 
global iter 
global Calcination_reaction_occuring_out 
global CO2_mol_per_gs_out 
global RateCalcOut 

%% Put variables into correct format
% Convert to Kelvin
To = Initial_T_particle + 273.15; 
T_bulk = Bulk_T + 273.15; 

% convert bar to Pa
PCO2_bulk = CO2_mf*100000; % Pa

% H2O bulk
PH2O_bulk = H2O_mf*100000; % Pa

% N2 bulk
PN2_bulk = N2_mf*100000; % Pa

% Co-ordinates of all inside points - Each line is a line from 0 to 
the edge of particle
rho_inside = linspace(0,Radius,N); 
dr = rho_inside(N)-rho_inside(N-1); % delta R

%% ODE solver - Initial variables
InitialTemp = To*ones(1,N)'; 
InitialCCO2 = ((0.04/100)*101325)*ones(1,N)'; 
% InitialCO2 = PCO2_bulk*ones(1,N)';
InitialH2O = zeros(N,1); 
InitialN2 = ((0.79)*101325)*ones(1,N)'; 
InitialX = zeros(1,N)'; 

% Initialise variable names and allocate memory
RateTerm_Heat_main = zeros(500000,N); 
RateTerm_Diffusion_main = zeros(500000,N); 
timetaken = zeros(500000,1); 
Conversion_overall = zeros(500000,N); 
Calcination_reaction_occuring_out = zeros(500000,N); 
CO2_mol_per_gs_out = zeros(500000,1); 
iter = ones(1,N); 
RateCalcOut = zeros(500000,N); 
iteration = 1;

% ODE solver time, seconds.
time = 0:0.05:max(experimental_Time+20); % 40
time = time'; 
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%% The main solver

% Set tolerance for ODE solver
% 1e-6 is equivalent to 0.0001% accuracy
options = odeset('AbsTol',1e-10,'RelTol',1e-
9,'NonNegative',(1:5*N)); 
[Calculated_Time,DT_DPCO2_DPH2O_DPN2_DX_completed] = 
ode15s(@(t,T_PCO2_PH2O_PN2_X)...

dTdt_dPCO2dt_dPH2Odt_dPN2dt_dXdt(t,T_PCO2_PH2O_PN2_X,N,T_bulk,PCO2_b
ulk,PH2O_bulk,PN2_bulk,To,Radius,dr,Limestone_type,CO2_mf,H2O_mf,N2_
mf),time,[InitialTemp;InitialCCO2;InitialH2O;InitialN2;InitialX],opt
ions);

fprintf('\nIterations: %i \n', iteration);

time_zero_point = find(timetaken ~= 0, 1, 'first'); 
timetaken(all(timetaken(2:end)==0,2),:) = []; 
timetaken(end) = Calculated_Time(end); 

% Trim off starting and trailing zeros
CO2_mol_per_gs_out(1:time_zero_point-1,:) = []; 
CO2_mol_per_gs_out(size(timetaken,1)+1:end,:) = []; 
RateTerm_Heat_main(1:time_zero_point-1,:) = []; 
RateTerm_Heat_main(size(timetaken,1)+1:end,:) = []; 
RateTerm_Diffusion_main(1:time_zero_point-1,:) = []; 
RateTerm_Diffusion_main(size(timetaken,1)+1:end,:)=[]; 
Calcination_reaction_occuring_out(1:time_zero_point-1,:) = []; 
Calcination_reaction_occuring_out(size(timetaken,1)+1:end,:) = []; 
Conversion_overall(1:time_zero_point-1,:) = []; 
Conversion_overall(size(timetaken,1)+1:end,:) = []; 
RateCalcOut(1:time_zero_point-1,:) = []; 
RateCalcOut(size(timetaken,1)+1:end,:) = [];

% for the output function
Output_Time = Calculated_Time; 
Output_Temperature = DT_DPCO2_DPH2O_DPN2_DX_completed(:,1:N); 
Output_PCO2 = DT_DPCO2_DPH2O_DPN2_DX_completed(:,N+1:2*N); 
Output_PH2O = DT_DPCO2_DPH2O_DPN2_DX_completed(:,2*N+1:3*N); 
Output_PN2 = DT_DPCO2_DPH2O_DPN2_DX_completed(:,3*N+1:4*N); 
Output_X = DT_DPCO2_DPH2O_DPN2_DX_completed(:,4*N+1:5*N);

Output_CO2_rate = RateTerm_Diffusion_main; 
Output_heat_rate = RateTerm_Heat_main; 
Ratetime = timetaken; 
Output_Conversion = Conversion_overall; 
Output_reaction_occuring = Calcination_reaction_occuring_out; 
Output_CO2_mol_per_gs = CO2_mol_per_gs_out; 
% out_MTC = MTCout;
out_RateCalcOut = RateCalcOut; 

%%
% Time to full heat up
for i = 5:size(Output_Temperature,1)-5 
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stability = abs(mean(Output_Temperature(i-4:i,1))-
mean(Output_Temperature(i:i+4,end))); % less than 0.1°C (0.1%) 
difference in temp between inside and out.

if stability <= 0.1 
if abs(Output_Temperature(i) - T_bulk) <= 0.1 

break
end

end
end
heatuptime = Output_Time(i); 
fprintf('It took %.4f seconds to heat up\n',heatuptime);

% Time to full CO2 diffusion
for i = 5:size(Output_PCO2,1)-5 

stabilityCO2 = abs(mean(Output_PCO2(i-4:i,1))-
mean(Output_PCO2(i:i+4,end))); % less than 1000Pa (0.1%) difference 
in partial pressure between inside and out.

if stabilityCO2 <= 0.1 
if abs(Output_PCO2(i) - PCO2_bulk) <= 0.1 

break
end

end
end
diffusiontime = Output_Time(i); 
fprintf('It took %.7f seconds for full diffusion\n',diffusiontime);

toc1 = toc(); 
disp('Completed'); 
if toc1 >= 60 

toc1 = toc1/60; 
disp(['Solving time: ' num2str(toc1) 'mins']); 

elseif toc1 >= 3600 
toc1 = toc1/3600; 
disp(['Solving time: ' num2str(toc1) 'hours']);

else
disp(['Solving time: ' num2str(toc1) 's']);

end

return

%% END OF FILE

File name: dTdt_dPCO2dt_dPH2Odt_dPN2dt_dXdt.m

function [DT_DPCO2_DPH2O_DPN2_DX] = 
dTdt_dPCO2dt_dPH2Odt_dPN2dt_dXdt(t,T_CO2_H2O_N2_X,N,T_bulk,PCO2_bulk
,PH2O_bulk,PN2_bulk,To,Radius,dr,Limestone_type,CO2_mf,H2O_mf,N2_mf) 
%% Calculation of dT/dt etc
% Global and persistent variables
global timetaken 
global RateTerm_Diffusion_main 
global RateTerm_Heat_main 
global iteration
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global Conversion_overall 
global Calcination_reaction_occuring_out 
global CO2_mol_per_gs_out 
global RateCalcOut 
persistent k 
persistent molar_rho_CaCO3_initial 
persistent rho_inside 
persistent shell_vol 
persistent MCaCO3

if iteration == 1 
k = 2; 
rho_inside = linspace(0,Radius,N); 
shell_vol = zeros(N,1); 
for i = 2:N 

 shell_vol(i) = (4/3)*pi*(rho_inside(i)^3 - (rho_inside(i-
1))^3); 

end

MCaCO3 = 100.0869; % g/mol = kg/kmol

if strcmpi(Limestone_type,'Longcliffe') 
 Skeletal_p_LC = 2.82; %g/cm3 Longcliffe
 CaCO3_density = Skeletal_p_LC*1000; % *1,000 to convert

g/cm3 to kg/m3
elseif strcmpi(Limestone_type,'Havelock') 

 Skeletal_p_HL = 2.92; %g/cm3 Havelock
 CaCO3_density = Skeletal_p_HL*1000; % *1,000 to convert

g/cm3 to kg/m3
elseif strcmpi(Limestone_type,'Cadomin')

 Skeletal_p_CM = 2.94; %g/cm3 Cadomin
 CaCO3_density = Skeletal_p_CM*1000; % *1,000 to convert

g/cm3 to kg/m3
elseif strcmpi(Limestone_type,'Imeco')

 Skeletal_p_IM = 2.90; %g/cm3 Imeco
 CaCO3_density = Skeletal_p_IM*1000; % *1,000 to convert

g/cm3 to kg/m3
end
molar_rho_CaCO3_initial = (CaCO3_density*1000)/(MCaCO3); % 

mol/m3 = kg/m3 / kg/kmol * 1000mol/kmol

end

Tempi = T_CO2_H2O_N2_X(1:N); 
PCO2i = T_CO2_H2O_N2_X(N+1:2*N); 
PH2Oi = T_CO2_H2O_N2_X(2*N+1:3*N); 
PN2i = T_CO2_H2O_N2_X(3*N+1:4*N); 
Particle_conversion = T_CO2_H2O_N2_X(4*N+1:5*N); 

%% Calculate equilibrium CO2 conc and check if the reaction could 
occur
PCO2eq = PCO2eq_calc_fast(Tempi); 
Calcination_reaction_occurring = zeros(size(Tempi)); 
for i = 1:N 

if PCO2i(i) >= PCO2eq(i) 
 Calcination_reaction_occurring(i) = 0;
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elseif PCO2i(i) < PCO2eq(i) 
Calcination_reaction_occurring(i) = 1; 

else
 Calcination_reaction_occurring(i) = 0;

end
end
% Calcination_reaction_occuring = ones(size(Tempi));

%% Variable calculations
[rho_Cp,HTC,eff_thermal_conductivity,MTC,eff_Diff_CO2,eff_Diff_H2O,e
ff_Diff_N2,initial_SA,SA,~,~] = 
NEW_conversion_calc_fast(T_bulk,Tempi,To,Radius,Limestone_type,H2O_m
f,N2_mf,CO2_mf,Particle_conversion); 
alpha_TD = eff_thermal_conductivity./rho_Cp;

% UNITS
% MTC - Mass transfer coefficent, m/s
% HTC - Heat transfer coefficent, W/m2.K
% eff_thermal_conductivity - W/m.K
% rho_Cp - J/m3.K = J/kg.K * kg/m3
% alpha_TD - m2/s
% eff_diffusivity - m2/s
% Bulk_Diff - m2/s
% Knud_Diff - m2/s

%% Set up the matrices
% Heat
e = ones(N,1); 
A_heat = spdiags([e,-2*e,e],[-1,0,1],N,N); 
A_heat(1,1) = -1; 
B_heat = spdiags([-1*e,e],[0,1],N,N); 
boundary_heat = zeros(N,1); 
boundary_heat(N) = 1; 
Conv_heat = zeros(N,1); 

A_heat = bsxfun(@times,A_heat,alpha_TD)./(dr^2); 
B_heat = (bsxfun(@times,B_heat,alpha_TD)*2)./(dr*Radius); 
boundary_heat = 
(boundary_heat.*alpha_TD).*(Tempi(end)*((1/(dr^2))+(2/(dr*Radius))))
; 
Conv_heat(N) = ((T_bulk-
Tempi(end))*(HTC/rho_Cp(end)))*dr*((1/(dr^2))+(2/(dr*Radius))); 

% Mass - CO2
A_Diffusion_PCO2 = spdiags([e,-2*e,e],[-1,0,1],N,N); 
A_Diffusion_PCO2(1,1) = -1; 
B_Diffusion_PCO2 = spdiags([-1*e,e],[0,1],N,N); 
boundary_Diffusion_PCO2 = zeros(N,1); 
boundary_Diffusion_PCO2(N) = 1; 
Conv_diff_PCO2 = zeros(N,1); 

A_Diffusion_PCO2 = 
bsxfun(@times,A_Diffusion_PCO2,eff_Diff_CO2)./(dr^2); 
B_Diffusion_PCO2 = 
(bsxfun(@times,B_Diffusion_PCO2,eff_Diff_CO2)*2)./(dr*Radius);
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boundary_Diffusion_PCO2 = 
(boundary_Diffusion_PCO2.*eff_Diff_CO2).*(PCO2i(end)*((1/(dr^2))+(2/
(dr*Radius)))); 
Conv_diff_PCO2(N) = ((PCO2_bulk-
PCO2i(end))*MTC)*dr*((1/(dr^2))+(2/(dr*Radius)));

% Mass - H2O
A_Diffusion_PH2O = spdiags([e,-2*e,e],[-1,0,1],N,N); 
A_Diffusion_PH2O(1,1) = -1; 
B_Diffusion_PH2O = spdiags([-1*e,e],[0,1],N,N); 
boundary_Diffusion_PH2O = zeros(N,1); 
boundary_Diffusion_PH2O(N) = 1; 
Conv_diff_PH2O = zeros(N,1); 

A_Diffusion_PH2O = 
bsxfun(@times,A_Diffusion_PH2O,eff_Diff_H2O)./(dr^2); 
B_Diffusion_PH2O = 
(bsxfun(@times,B_Diffusion_PH2O,eff_Diff_H2O)*2)./(dr*Radius); 
boundary_Diffusion_PH2O = 
(boundary_Diffusion_PH2O.*eff_Diff_H2O).*(PH2Oi(end)*((1/(dr^2))+(2/
(dr*Radius)))); 
Conv_diff_PH2O(N) = ((PH2O bulk-
PH2Oi(end))*MTC)*dr*((1/(dr^2))+(2/(dr*Radius)));

% Mass - N2
A_Diffusion_PN2 = spdiags([e,-2*e,e],[-1,0,1],N,N); 
A_Diffusion_PN2(1,1) = -1; 
B_Diffusion_PN2 = spdiags([-1*e,e],[0,1],N,N); 
boundary_Diffusion_PN2 = zeros(N,1); 
boundary_Diffusion_PN2(N) = 1; 
Conv_diff_PN2 = zeros(N,1);

A_Diffusion_PN2 = 
bsxfun(@times,A_Diffusion_PN2,eff_Diff_N2)./(dr^2); 
B_Diffusion_PN2 = 
(bsxfun(@times,B_Diffusion_PN2,eff_Diff_N2)*2)./(dr*Radius); 
boundary_Diffusion_PN2 = 
(boundary_Diffusion_PN2.*eff_Diff_N2).*(PN2i(end)*((1/(dr^2))+(2/(dr
*Radius)))); 
Conv_diff_PN2(N) = ((PN2_bulk-
PN2i(end))*MTC)*dr*((1/(dr^2))+(2/(dr*Radius))); 

%% Rate section
RateTerm_heat = zeros(N,1); 
RateTerm_Diffusion_PCO2 = zeros(N,1); 
DX = zeros(N,1); 
k_mpers = zeros(N,1); 
rate_calcination = zeros(N,1); 
converted_shell_moles = zeros(N,1); 
initial_shell_moles = zeros(N,1); 
CO2rate_output = zeros(N,1); 
k_pers = zeros(N,1); 
CCO2i = zeros(N,1);

for i = 2:N 
if Calcination_reaction_occurring(i) == 1 
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if Particle_conversion(i) < 1 
% Rate constant calcs
% [k_mpers(i),~] = 

rateconst_fast(Tempi(i),N2_mf,H2O_mf,initial_SA);
% T in K
% from excel - See Rate const (with macro) spreadsheet
if N2_mf ~= 0 

% experimental - first order wrt PCO2
%  Ea_N2 = 505.0756; % kJ/mol
%  k_pers(i) = 2.75270295*10^23*exp((-
1*Ea_N2*1000)/(8.3144598*Tempi(i))); % s-1

% experimental - first order OLD
%  Ea_N2 = 418.1631605; % kJ/mol
%  k_pers(i) = 74262685948866400000*exp((-
1*Ea_N2*1000)/(8.3144598*Tempi(i))); % s-1

% modelled - Intrinsic
%  Ea_N2 = 739.3858; % kJ/mol 
%  k_pers(i) = (1.85749*10^32)*exp((-
1*Ea_N2*1000)/(8.3144598*Tempi(i))); % s-1

% modelled - Intrinsic, averaged temperatures
Ea_N2 = 1157.9; % kJ/mol 
k_pers(i) = (3.67166*10^51)*exp((-

1*Ea_N2*1000)/(8.3144598*Tempi(i))); % s-1

% Arbitary values
%  Ea_N2 = 250; % kJ/mol
%  k_pers(i) = (1*10^12)*exp((-
1*Ea_N2*1000)/(8.3144598*Tempi(i))); % s-1

k_mpers(i) = k_pers(i)/initial_SA; % convert units 
to m/s by dividing by inital specific surface area (m2/m3) 

CCO2i(i) = (PCO2i(i)/(8.3144598*Tempi(i))); % mol/m3
rate_calcination(i) = k_mpers(i)*CCO2i(i)*SA(i)*(1-

(PCO2i(i)/PCO2eq(i))); % mol/m3.s = m/s * mol/m3 * m2/m3 * Pa/Pa

elseif H2O_mf ~= 0 
if PCO2i(i) > 5.5*10^4 

%  % experimental - first order wrt PCO2
%  Ea_H2O = 326.2929; % kJ/mol
%  k_pers(i) = 1.9217157*10^16*exp((-
1*Ea_H2O*1000)/(8.3144598*Tempi(i))); % s-1
%  experimental - first order OLD
%  Ea_H2O = 243.4034835; % kJ/mol
%  k_pers(i) = 7352064045254*exp((-
1*Ea_H2O*1000)/(8.3144598*Tempi(i))); % s-1
%
%  % modelled - intrinsic 
% Ea_H2O = 803.58211; % kJ/mol 
% k_pers(i) = (6.21895882*10^36)*exp((-
1*Ea_H2O*1000)/(8.3144598*Tempi(i))); % s-1 50000597174.76

%  % Arbitary values
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%  Ea_H2O = 250; % kJ/mol
%  k_pers(i) = (1*10^12)*exp((-
1*Ea_H2O*1000)/(8.3144598*Tempi(i))); % s-1

% % modelled - intrinsic, averaged temperature
Ea_H2O = 241.51453; % kJ/mol
k_pers(i) = 9.8403856*10^12*exp((-

1*Ea_H2O*1000)/(8.3144598*Tempi(i))); % s-1

k_mpers(i) = k_pers(i)/initial_SA; % convert 
units to m/s by dividing by inital specific surface area (m2/m3)

% restrict zone of langmuir-hinshelwood use based
on PCO2 range 

% Langmuir-Hinshelwood
% -rc = (SA/RT)*kc * ( PCO2/( K_A + (K_B*PH2O) + 

(K_C*PCO2) + (K_D*PH2O*PCO2) + (K_E*PH2O^2*PCO2) ))
% b(1)=K_A; b(2)=K_B; b(3)=K_C; b(4)=K_D;

b(5)=K_E;
bs = [-5.542729;-1.372258e-07;6.7593158e-

05;3.8550888e-10;9.862937e-15]; 
rate_calcination(i) = 

(SA(i)/(8.3144598*Tempi(i)))*k_mpers(i)*(PCO2i(i)/( bs(1) + 
(bs(2)*PH2Oi(i)) + (bs(3)*PCO2i(i)) + (bs(4)*PH2Oi(i)*PCO2i(i)) + 
(bs(5)*(PH2Oi(i)^2)*PCO2i(i)) ))*(1-(PCO2i(i)/PCO2eq(i))); 

%  CCO2i(i) = (PCO2i(i)/(8.3144598*Tempi(i))); % 
mol/m3
% rate_calcination(i) = 
k_mpers(i)*CCO2i(i)*SA(i)*(1-(PCO2i(i)/PCO2eq(i))); % mol/m3.s = m/s 
* mol/m3 * m2/m3 * Pa/Pa

else
rate_calcination(i) = 0; 

end
end

% RateTerm_heatPLOT(i) = rate_calcination(i)*(-
178*1000)*(1-Particle_conversion(i))*shell_vol(i); % J/s

RateTerm_heat(i) = rate_calcination(i)*((-
178*1000)/rho_Cp(i))*(1-Particle_conversion(i)); % K/s  = (mol/m3.s 
* J/mol) / J/m3.K

RateTerm_Diffusion_PCO2(i) = 
rate_calcination(i)*8.3144598*Tempi(i)*(1-Particle_conversion(i)); % 
Pa/s  = (mol/m3.s * J/mol.K * K)

CO2rate_output(i) = rate_calcination(i)*shell_vol(i)*(1-
Particle_conversion(i)); % mol/s = mol/m3.s * m3

% shell volumes cancel out
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% converted_shell_moles(i) = rate_calcination(i)*(1-
Particle_conversion(i))*shell_vol(i);

% initial_shell_moles(i) = 
molar_rho_CaCO3_initial*shell_vol(i); 

converted_shell_moles(i) = rate_calcination(i)*(1-
Particle_conversion(i));

initial_shell_moles(i) = molar_rho_CaCO3_initial; 
DX(i) = converted_shell_moles(i) / 

initial_shell_moles(i); 
else

RateTerm_heat(i) = 0; 
RateTerm_Diffusion_PCO2(i) = 0; 
DX(i) = 0;

end
else

 RateTerm_heat(i) = 0; 
 RateTerm_Diffusion_PCO2(i) = 0;
 DX(i) = 0; 

end
end

RateTerm_heat(1) = RateTerm_heat(2); 
RateTerm_Diffusion_PCO2(1) = RateTerm_Diffusion_PCO2(2); 
Particle_conversion(1) = Particle_conversion(2); 
DX(1) = DX(2);

%% Finalise differential
DT = (A_heat*Tempi) + (B_heat*Tempi) + boundary_heat + RateTerm_heat 
+ Conv_heat; 
DPCO2 = (A_Diffusion_PCO2*PCO2i) + (B_Diffusion_PCO2*PCO2i) + 
boundary_Diffusion_PCO2 + RateTerm_Diffusion_PCO2 + Conv_diff_PCO2; 
DPH2O = (A_Diffusion_PH2O*PH2Oi) + (B_Diffusion_PH2O*PH2Oi) + 
boundary_Diffusion_PH2O + Conv_diff_PH2O; 
DPN2 = (A_Diffusion_PN2*PN2i) + (B_Diffusion_PN2*PN2i) + 
boundary_Diffusion_PN2 + Conv_diff_PN2;

DT_DPCO2_DPH2O_DPN2_DX = [DT; DPCO2; DPH2O; DPN2; DX];

%% Save results
if ~mod(iteration,100)

% disp(fCCO2(:));
% disp(t);

% 2437032 is the envelope density of longcliffe in g/m3
CO2_mol_per_gs_out(k,1) = 

sum(CO2rate_output)/(2437032*(4/3)*pi*(Radius^3)); % mol/g.s
% for i = 1:N
%  if Calcination_reaction_occurring(i) == 0
% RateCalcOut(k-1,i) = 0;
%  else
% RateCalcOut(k-1,i) = rate_calcination(i);
%  end
% end

RateCalcOut(k-1,:) = rate_calcination;
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% RateCalcOut(k-1,:) = CO2rate_output;

Calcination_reaction_occuring_out(k,:) = (CO2rate_output ~= 0)'; 
Conversion_overall(k-1,:) = Particle_conversion'; 
RateTerm_Heat_main(k-1,:) = (RateTerm_heat.*rho_Cp.*shell_vol)'; 

%J/s
% RateTerm_Diffusion_main(k-1,:) = RateTerm_Diffusion_PCO2';

RateTerm_Diffusion_main(k-1,:) = CO2rate_output'; %mol/s
timetaken(k,1) = t; 
k = k + 1;

end

iteration = iteration + 1;

if ~mod(iteration,5000) 
disp(t);

end

return 

%% END OF FILE

File name: NEW_conversion_calc_fast.m

function
[rho_Cp,h,eff_thermal_conductivity,masstransfercoefficent,eff_Diff_C
O2,eff_Diff_H2O,eff_Diff_N2,initial_SA,Surface_area,SA_CaCO3_specifi
c,Particle_porosity] = ...
NEW_conversion_calc_fast(T_bulk,T,To,Radius,Limestone_type,H2O_mf,N2
_mf,CO2_mf,Particle_conversion) 
%% Calculate temperature, partial pressure and conversion dependant 
parameters 
%% Variables
N2_RMM = 28.0134; % g/mol
CO2_RMM = 44.01; % g/mol
H2O_RMM = 18.02; % g/mol

E_kB_CO2 = 195.2; % K
E_kB_N2 = 71.4; % K
E_kB_H2O = 809.1; % K
sigma_CO2 = 3.941; % Angstroms
sigma_H2O = 2.641; % Angstroms
sigma_N2 = 3.798; % Angstroms

MCaO = 56.0774; % g/mol = kg/kmol
MCaCO3 = 100.0869; % g/mol = kg/kmol

% Specific surface areas
if strcmp(Limestone_type,'Longcliffe') 

SA_LC = 0.057; % m2/g
SA_CaCO3 = SA_LC*1000; % m2/kg

elseif strcmp(Limestone_type,'Havelock') 
SA_HL = 0.46; % m2/g
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SA_CaCO3 = SA_HL*1000; % m2/kg
elseif strcmp(Limestone_type,'Cadomin') 

SA_CM = 0.21; % m2/g
SA_CaCO3 = SA_CM*1000; % m2/kg

elseif strcmp(Limestone_type,'Imeco') 
SA_IM = 1.05; % m2/g
SA_CaCO3 = SA_IM*1000; % m2/kg

end
SA_CaO = 16.17*1000; % m2/kg

if strcmpi(Limestone_type,'Longcliffe') 
Porosity_CaCO3_LC = (-349.567*Radius + 0.2398)*100; % % from a 

fit in density data spread sheet
Skeletal_p_LC = 2.82; %g/cm3 Longcliffe
CaCO3_porosity = Porosity_CaCO3_LC/100; % 100 convert from 

percentage
CaCO3_density = Skeletal_p_LC*1000; % *1,000 to convert g/cm3 to 

kg/m3
elseif strcmpi(Limestone_type,'Havelock') 
% Porosity_CaCO3_HL = 3.42; % %

Porosity_CaCO3_HL = 13.89; 
Skeletal_p_HL = 2.92; %g/cm3 Havelock
CaCO3_porosity = Porosity_CaCO3_HL/100; % 100 convert from 

percentage
CaCO3_density = Skeletal_p_HL*1000; % *1,000 to convert g/cm3 to 

kg/m3
elseif strcmpi(Limestone_type,'Cadomin') 
% Porosity_CaCO3_CM = 3.10; % %

Porosity_CaCO3_CM = 15.13; 
Skeletal_p_CM = 2.94; %g/cm3 Cadomin
CaCO3_porosity = Porosity_CaCO3_CM/100; % 100 convert from 

percentage
CaCO3_density = Skeletal_p_CM*1000; % *1,000 to convert g/cm3 to 

kg/m3
elseif strcmpi(Limestone_type,'Imeco') 
% Porosity_CaCO3_IM = 3.31; % %

Porosity_CaCO3_IM = 15.36; 
Skeletal_p_IM = 2.90; %g/cm3 Imeco
CaCO3_porosity = Porosity_CaCO3_IM/100; % 100 convert from 

percentage
CaCO3_density = Skeletal_p_IM*1000; % *1,000 to convert g/cm3 to 

kg/m3
end

Skeletal_p_CaO = 3.45; % g/cm3
CaO_density = Skeletal_p_CaO*1000; % kg/m3
initial_SA = SA_CaCO3*CaCO3_density*(1-CaCO3_porosity); 

FlowRate_at_20 = 50; % cm3/s
FlowRate_at_T = FlowRate_at_20*T_bulk/(20+273); 
FlowRate_at_T = FlowRate_at_T/1000000; % m3/s
% Bed_diameter = 25.5; % mm
% WallThickness = 2; % mm
% Bed_area = (((Bed_diameter-(2*WallThickness))/2000)^2)*3.14; % m2
Bed_area = 0.00036286625; % m2
Superficial_gas_v = FlowRate_at_T/Bed_area; % m/s
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if N2_mf ~= 0 
E_kB_combined = (E_kB_CO2*E_kB_N2)^0.5; 
sigma_combined = 0.5*(sigma_CO2 + sigma_N2); 
RMM_gas2 = N2_RMM;  

elseif H2O_mf ~= 0 
mewp_star = 1.85/(sqrt(E_kB_H2O*(sigma_H2O)^3)); 
tp_star = (mewp_star^2)/sqrt(8); 
alphan = 2.65; % Angstroms cubed for CO2
alphan_star = alphan/((sigma_H2O)^3); 
zeta = 1 + alphan_star*tp_star*((E_kB_H2O/(2*E_kB_CO2))^0.5); 
E_kB_combined = ((E_kB_CO2*E_kB_H2O)^0.5)*(zeta^2); 
sigma_combined = (0.5*(sigma_CO2 + sigma_H2O))*(zeta^(-1/6)); 
RMM_gas2 = H2O_RMM; 

end

Pressure = 1; % atm,
% Don't panic! Yes, it says atmospheres. This is correct, doesn't 
need to be in Pa like the rest of the script is. Look at page 526 TP 
- bird, stuart and lightfoot

% Collision Integral
TkB_E_combined = T_bulk/E_kB_combined; 
% from fit of collision integral Omega11 and kBT/e
omega11_combined = 1.135*TkB_E_combined^(-0.525) + 0.3809; 

% Bulk Gas Diffusivity, m2/s
Bulk_Diff = (0.0018583*1e-
4)*(((T_bulk^3)*((1/CO2_RMM)+(1/RMM_gas2)))^0.5)/(Pressure*(sigma_co
mbined^2)*omega11_combined); 

%% Determine which variables used and what values they take
% Fitting
if H2O_mf ~= 0 

if T_bulk < 380 
 H2O_Dynamic_viscosity_at_T = 1.25E-05; % Dynamic Viscosity

(Pa.s)
 H2O_Cp_at_T = 2.0799*1000; % Specific heat capacity, Cp,

(J/kg.K)
 H2O_Density_at_T = 0.58601; % Density (kg/m3)
 H2O_Thermal_conductivity_at_T = 0.025561; % Thermal 

conductivity (W/m.K)
else

% Dynamic Viscosity (Pa.s)
 H2O_Dynamic_viscosity_at_T = -3.423e-12*T_bulk^2 + 4.548e-

08*T_bulk + -4.54e-06;

% Specific heat capacity, Cp, (J/kg.K)
 H2O_Cp_at_T = 2.875e+05*exp(-0.01978*T_bulk) + 

1688*exp(0.0003045*T_bulk);

% Density (kg/m3)
 H2O_Density_at_T = 177*T_bulk^-0.9711;

% Thermal conductivity (W/m.K)
 H2O_Thermal_conductivity_at_T = (5.06e-6)*T_bulk^1.427; 
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end
elseif N2_mf ~= 0 

% Dynamic Viscosity (Pa.s)
N2_Dynamic_viscosity_at_T = 3.346e-05*exp(0.000356*T_bulk) + -

3.138e-05*exp(-0.001625*T_bulk);

% Specific heat capacity, Cp, (J/kg.K)
N2_Cp_at_T = 1253*exp(-((T_bulk-1795)/2993)^2) + 131.7*exp(-

((T_bulk-12.03)/344.1)^2);

% Density (kg/m3)
N2_Density_at_T = 342.3*T_bulk^-1; 

% Thermal conductivity (W/m.K)
N2_Thermal_conductivity_at_T = 0.0002866*T_bulk^0.7873;

end
% Dynamic Viscosity (Pa.s)
CO2_Dynamic_viscosity_at_T = -1.35e-11*T_bulk^2 + 5.495e-08*T_bulk + 
-1.603e-07;

% Specific heat capacity, Cp, (J/kg.K)
CO2_Cp_at_T = 1307*exp(3.139e-05*T_bulk) + -852*exp(-
0.002004*T_bulk);

% Density (kg/m3)
CO2_Density_at_T = 553.3*T_bulk^(-1.005);

% Thermal conductivity (W/m.K)
CO2_Thermal_conductivity_at_T = 0.0004854*T_bulk^0.7568 -0.01986; 

%% Chapman Enskog coefficent, pg27 of Bird, Stuart and Lightfoot, 
eqn(1.4-16)
if H2O mf ~= 0_

Phi_CO2 = 
((1+((CO2_Dynamic_viscosity_at_T/CO2_Dynamic_viscosity_at_T)^0.5)*(C
O2_RMM/CO2_RMM)^0.25)^2)/(sqrt(8)*(1+CO2_RMM/CO2_RMM)^0.5); 

Phi_CO2_H2O = 
((1+((CO2_Dynamic_viscosity_at_T/H2O_Dynamic_viscosity_at_T)^0.5)*(C
O2_RMM/H2O_RMM)^0.25)^2)/(sqrt(8)*(1+CO2_RMM/H2O_RMM)^0.5); 

Phi_H2O_CO2 = 
((1+((H2O_Dynamic_viscosity_at_T/CO2_Dynamic_viscosity_at_T)^0.5)*(H
2O_RMM/CO2_RMM)^0.25)^2)/(sqrt(8)*(1+H2O_RMM/CO2_RMM)^0.5); 

Phi_H2O = 
((1+((H2O_Dynamic_viscosity_at_T/H2O_Dynamic_viscosity_at_T)^0.5)*(H
2O_RMM/H2O_RMM)^0.25)^2)/(sqrt(8)*(1+H2O_RMM/H2O_RMM)^0.5);

Sigma_x_Phi_CO2_H2O = CO2_mf*Phi_CO2 + H2O_mf*Phi_CO2_H2O; 
Sigma_x_Phi_H2O_CO2 = CO2_mf*Phi_H2O_CO2 + H2O_mf*Phi_H2O; 

elseif N2_mf ~= 0 
Phi_CO2 = 

((1+((CO2_Dynamic_viscosity_at_T/CO2_Dynamic_viscosity_at_T)^0.5)*(C
O2_RMM/CO2_RMM)^0.25)^2)/(sqrt(8)*(1+CO2_RMM/CO2_RMM)^0.5); 

Phi_CO2_N2 = 
((1+((CO2_Dynamic_viscosity_at_T/N2_Dynamic_viscosity_at_T)^0.5)*(CO
2_RMM/N2_RMM)^0.25)^2)/(sqrt(8)*(1+CO2_RMM/N2_RMM)^0.5);
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Phi_N2_CO2 = 
((1+((N2_Dynamic_viscosity_at_T/CO2_Dynamic_viscosity_at_T)^0.5)*(N2
_RMM/CO2_RMM)^0.25)^2)/(sqrt(8)*(1+N2_RMM/CO2_RMM)^0.5); 

Phi_N2 = 
((1+((N2_Dynamic_viscosity_at_T/N2_Dynamic_viscosity_at_T)^0.5)*(N2_
RMM/N2_RMM)^0.25)^2)/(sqrt(8)*(1+N2_RMM/N2_RMM)^0.5); 

Sigma_x_Phi_CO2_N2 = CO2_mf*Phi_CO2 + N2_mf*Phi_CO2_N2; 
Sigma_x_Phi_N2_CO2 = CO2_mf*Phi_N2_CO2 + N2_mf*Phi_N2; 

end

%% Calculate the mixed gas properties
if H2O_mf ~= 0 

Thermal_conductivity_gas = 
(CO2_mf*(CO2_Thermal_conductivity_at_T/Sigma_x_Phi_CO2_H2O)) + 
(H2O_mf*(H2O_Thermal_conductivity_at_T/Sigma_x_Phi_H2O_CO2)); 

Cp_gas = (CO2_mf*(CO2_Cp_at_T/Sigma_x_Phi_CO2_H2O)) + 
(H2O_mf*(H2O_Cp_at_T/Sigma_x_Phi_H2O_CO2)); 

Dynamic_viscosity_gas = 
(CO2_mf*(CO2_Dynamic_viscosity_at_T/Sigma_x_Phi_CO2_H2O)) + 
(H2O_mf*(H2O_Dynamic_viscosity_at_T/Sigma_x_Phi_H2O_CO2)); 

Density_gas = (CO2_mf*(CO2_Density_at_T/Sigma_x_Phi_CO2_H2O)) + 
(H2O_mf*(H2O_Density_at_T/Sigma_x_Phi_H2O_CO2)); 
elseif N2_mf ~= 0 

Thermal_conductivity_gas = 
(CO2_mf*(CO2_Thermal_conductivity_at_T/Sigma_x_Phi_CO2_N2)) + 
(N2_mf*(N2_Thermal_conductivity_at_T/Sigma_x_Phi_N2_CO2)); 

Cp_gas = (CO2_mf*(CO2_Cp_at_T/Sigma_x_Phi_CO2_N2)) + 
(N2_mf*(N2_Cp_at_T/Sigma_x_Phi_N2_CO2)); 

Dynamic_viscosity_gas = 
(CO2_mf*(CO2_Dynamic_viscosity_at_T/Sigma_x_Phi_CO2_N2)) + 
(N2_mf*(N2_Dynamic_viscosity_at_T/Sigma_x_Phi_N2_CO2)); 

Density_gas = (CO2_mf*(CO2_Density_at_T/Sigma_x_Phi_CO2_N2)) + 
(N2_mf*(N2_Density_at_T/Sigma_x_Phi_N2_CO2)); 
end

%% Particle Reynolds number calculation
Re_p = 
(Density_gas.*(Superficial_gas_v*(Radius*2)))/Dynamic_viscosity_gas; 

%% Prandtl number calculation
% compares heat conduction to convection, if <<1 then conduction 
dominant
Pr = (Cp_gas.*Dynamic_viscosity_gas)/Thermal_conductivity_gas;

%% Nusselt number calculation
Nu = 2 + 0.6*((Re_p.^0.5)*(Pr.^(1/3)));

%% Heat transfer coefficent
% The characteristic length here should be diameter, in Biot number 
it should be vol/area.
h = Nu*Thermal_conductivity_gas/(2*Radius); % W/m2.K

%% Mass transfer coefficent, m/s



372

Schmidt_num = Dynamic_viscosity_gas/(Density_gas*Bulk_Diff); 
% At Reynolds numbers ranging from 2 to 12000 and Schmidt number 
ranging from
% 0.6 to 2.7, Froessling (1939) and Evnochides and Thodos (1959) 
developed the
% mass transfer coefficient for a single sphere and represented as 
follows:
% Sh = 2 + 0.552Re^(1/7)Sc^(1/3)
Sherwood_num = 2 + (0.552*Re_p^(1/7))*(Schmidt_num^(1/3)); 

masstransfercoefficent = (Sherwood_num.*Bulk_Diff)./(2*Radius); 

%% Conversion
% expansion factor = Z
expansion_factor = (MCaO/MCaCO3)*(CaCO3_density/CaO_density);

% Porosity
Particle_porosity = CaCO3_porosity-((expansion_factor-1).*(1-
CaCO3_porosity).*Particle_conversion); 

% Cp
Cp_CaCO3_20C = (785+815)/2; % J/kg.K % A Review and Evaluation of 
Specific
% Heat Capacities of Rocks, Minerals, and Subsurface Fluids. Part 1:
% Minerals and Nonporous Rocks Douglas W. Waples and Jacob S. Waples
Cp_CaCO3_normalised_20 = (8.95e-10)*To^3 - (2.13e-6)*To^2 + 
0.00172*To + 0.716; 
Cp_CaCO3_normalised_Temp = (8.95e-10).*T.^3 - (2.13e-6).*T.^2 + 
0.00172.*T + 0.716; 
Cp_CaCO3 = 
Cp_CaCO3_20C.*(Cp_CaCO3_normalised_Temp./Cp_CaCO3_normalised_20); % 
J/kg.K

Cp_CaO_20C = 750; % J/kg.K % A Review and Evaluation of Specific
% Heat Capacities of Rocks, Minerals, and Subsurface Fluids. Part 1:
% Minerals and Nonporous Rocks Douglas W. Waples and Jacob S. Waples
Cp_CaO_normalised_20 = (8.95e-10)*To^3 - (2.13e-6)*To^2 + 0.00172*To 
+ 0.716; 
Cp_CaO_normalised_Temp = (8.95e-10).*T.^3 - (2.13e-6).*T.^2 + 
0.00172.*T + 0.716; 
Cp_CaO = Cp_CaO_20C.*(Cp_CaO_normalised_Temp./Cp_CaO_normalised_20); 
% J/kg.K

rho_Cp = Particle_porosity.*(CaO_density.*Cp_CaO)+(1-
Particle_porosity).*(CaCO3_density.*Cp_CaCO3); % J/m3.K

Thermal_conductivity_CaCO3 = 2.37; %W/m.K @25-100C  2.181041654; 
%W/m.K @30C
Thermal_conductivity_CaO = (741.6.*T.^-0.9441 + 6.409); 
Thermal_conductivity_solid = 
(1./((Particle_conversion./Thermal_conductivity_CaO) + (1-
Particle_conversion)./Thermal_conductivity_CaCO3)); % W/m.K

Surface_area = ((SA_CaO.*Particle_conversion) + (SA_CaCO3.*(1-
Particle_conversion))).*...
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(((Particle_conversion./CaO_density) + (1-
Particle_conversion)./CaCO3_density).^(-1)).*(1-Particle_porosity); 
% m2/m3

SA_CaCO3_specific = SA_CaCO3.*(1-
Particle_conversion).*CaCO3_density.*(1-Particle_porosity); % m2/g

%% Knudsen Diffusion, m2/s
Knud_Diff_CO2 = 
((194.*Particle_porosity)./Surface_area).*((T./CO2_RMM).^0.5); 
Knud_Diff_H2O = 
((194.*Particle_porosity)./Surface_area).*((T./H2O_RMM).^0.5); 
Knud_Diff_N2 = 
((194.*Particle_porosity)./Surface_area).*((T./N2_RMM).^0.5);

%% Effective Diffusivity, m2/s
eff_Diff_CO2 = 
(Particle_porosity.^2).*(((1./Bulk_Diff)+(1./Knud_Diff_CO2)).^-1); 
eff_Diff_H2O = 
(Particle_porosity.^2).*(((1./Bulk_Diff)+(1./Knud_Diff_H2O)).^-1); 
eff_Diff_N2 = 
(Particle_porosity.^2).*(((1./Bulk_Diff)+(1./Knud_Diff_N2)).^-1); 

%% Use extended maxwell model for effective heat transfer coefficent
% W/m.K
eff_thermal_conductivity = 
Thermal_conductivity_solid.*(((((2*Thermal_conductivity_solid)./Ther
mal_conductivity_gas)+1)-
(2*Particle_porosity.*((Thermal_conductivity_solid./Thermal_conducti
vity_gas)-1)))...
./((((2*Thermal_conductivity_solid)./Thermal_conductivity_gas)+1)+(P
article_porosity.*((Thermal_conductivity_solid./Thermal_conductivity
_gas)-1)))); % W/m.K

return

%% END OF FILE  
File name: PCO2eq_calc_fast.m

function [PCO2eq] = PCO2eq_calc_fast(T)  
%% Equilibrium partial pressure of CO2 
% from thermovader modelling of CaCO3 decomposition
% T must come in as a column vector

% This function works in °C not °K
T = T - 273.15; % Convert °K to °C.

eqm_conc = zeros(size(T)); 
for i = 1:size(T,1) 

if T(i) < 600 
 eqm_conc(i) = 0; % 0.003;

else
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 eqm_conc(i) = 8.1805653997E-13*(T(i)^5)... in bar
- 2.8344129739E-09*(T(i)^4)...
+ 3.9788844687E-06*(T(i)^3)...
- 2.8198493271E-03*(T(i)^2)...
+ 1.0062419480*(T(i))...
- 1.4431450541E+02;

end
end

eqm_conc((eqm_conc < 0)) = 0; 
PCO2eq = eqm_conc.*100000; % Convert Bar to Pa

return

%% END OF FILE
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VIAppendix VI – Materials Characterisation Methods

VI.1. BET (Brunauer–Emmett–Teller, analysed with BJH Barrett-Joyner-

Halenda)

This non-destructive technique utilised the adsorption of N2 molecules at 77K (boiling temperature of 

liquid N2) to determine the specific BET surface area. By measuring the relative amount of pressure 

required to achieve a certain adsorption point the material can be assessed for its specific pore volume 

and pore area. Theory of this technique is widely available in the literature and is only suitable for pores 

>2 nm.  

To conduct BET/BJH analysis, a clean BET penetrometer is first weighed to determine its empty 

weight. An amount of sample is then added to this penetrometer and its weight is recorded, typically 

0.3-0.5 g for the work conducted here. After this, the penetrometer is sealed, insulated with a jacket and 

connected to the apparatus and a vacuum is applied. The instrument will gradually and precisely add 

N2 into the penetrometer and determine the amount of N2 adsorbed. After multiple steps the an 

adsorption isotherm is produced, a desorption isotherm is produced by gradually lowering the 

pressuring inside the penetrometer. 

VI.2. MIP (Mercury Intrusion Porosimetry) 

This destructive technique examines the pore structure of the material by injecting pressurised mercury 

into the sample. A similar technique is utilised as in the BET tests, a clean BET penetrometer is first 

weighed to determine its empty weight. An amount of sample is then added to this penetrometer and its 

weight is recorded, typically 0.5 g for the work conducted here. After this, the penetrometer is sealed, 

and a low pressure (<15 psi) test is conducted where the penetrometer and sample is effectively fully 

saturated with mercury. The filled penetrometer is then removed from the instrument and weighed to 

determine its filled weight. This is used for determining the sample mass specific data. The penetrometer 

is then inserted into the high pressure side of the instrument where more mercury is injected into the
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penetrometer, measuring the pressure applied and amount of amount of additional mercury utilised.

This gives a detailed description of the meso- and micro-pore structure of the sample. 

VI.3. AccuPyc 

AccuPyc is a non-destructive gas-displacement pycnometry which determines the skeletal density of 

the material. A large quantity of the sample (>1 g) is added into a vessel and weighed. The sample 

vessel is then inserted into the instrument and the instrument is sealed. Helium is used to fill the void 

space of the material and by difference the amount skeletal volume is determined.

VI.4. GeoPyc

Geopyc is a non-destructive solids displacement technology for determining the envelope density. A 

known quantity of sample is added into a sample vessel and mixed with a fine powder which fills the 

spaces around the sample. The instrument gently compresses and agitates the mixture to determine the 

space around the sample by comparing it to a test completed without the sample (maintaining the 

quantity of fine powder though).

VI.5. TGA-MS (Thermogravimetric analyser with mass spectrometer)

A TGA is effectively a very finely tuned balance that can operate at high temperatures and measure 

how the sample mass changes with time. The tests consist of weighing a blank sample pan then adding 

~0.1-0.3 mg of sample onto the pan and then running a temperature and gas control program.

The mass spectrometer (if used) takes the exit gas stream and breaks the gas molecules down to the 

ionised molecules and then passes this ionised gas mixture through a strong magnetic field which 

splits/diverts the ions depending on how big and ionised they are. An output of ‘counts’ at each 

molecular weight is achieved which can be measured over time to determine how the gases evolved and 

changed as a reaction occurred within the TGA. 
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VI.6. XRF (X-ray Florescence)

This non-destructive technique involves packing a large quantity of sample (>5 g) into a sample 

container with a thin poly-propylene base. The sample container with sample is then inserted into an x-

ray chamber where it is irradiated with x-rays. Some of these x-rays interact with the atoms of the 

sample and the atoms affected fluoresce with a signature pattern (“a fingerprint”), which is detected and 

interpreted by the instrument. A semi-quantitative (mass/mole percentages) result is outputted noting 

the amount of each element in the sample.  

VI.7. XRD (X-ray Diffraction)

This non-destructive technique again utilises x-rays but by applying a range of incident angles the 

crystal structure of the material can be determined. The sample is typically ground to a fine powder and 

compacted into a shallow container where the machine rotates above it. The output from this technique 

are peaks of intensity at each ‘theta’ (angle of incidence or reflection) which via the Bragg equation is 

directly relatable to the crystal structure and crystallite size. The peaks are again a fingerprint of the 

material and can be correlated in tables to determine the materials present. Revelt refinement can be 

applied to produce a semi- quantitative analysis of the material. Only crystalline materials can be 

analysed by this technique.


