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Abstract: Molecular oxygen is without doubt the greenest oxidant for redox reactions, yet aerobic oxidation is one of the most challenging to perform with good chemoselectivity, particularly on an industrial scale. This collaborative review (between teams of chemists and chemical engineers) describes the current scientific and operational hurdles that prevent the utilisation of these reactions for the production of speciality chemicals and active pharmaceutical ingredients (APIs). The safety aspects of these reactions are discussed, followed by an overview of (continuous flow) reactors suitable for aerobic oxidation reactions that can be applied on scale. Some examples of how these reactions are currently performed in the industrial laboratory (in batch and in flow) are presented, with particular focus on the scale-up strategy. Last but not least, further challenges and future perspectives are presented in the concluding remarks.
Introduction
Molecular oxygen (O2) is unquestionably the most important constituent of our planet’s atmosphere. The photosynthesis of cyanobacteria began some 2.7 billion years ago, generating sufficient O2 in the atmosphere to support the evolution of more complex life forms. Today, many important biological functions are sustained by redox processes involving reactive oxygen species (ROS),1 including metabolism,2, 3 signalling4, 5 and enzymatic functions.5 
O2 can be considered as the ideal oxidant. It is readily abundant, has a low-molecular weight and, in most cases, generates only water as a benign by-product. Triplet, ground-state oxygen does not normally react with organic molecules under ambient conditions. However, the mixture may ignite under certain conditions to liberate CO2 and H2O, which is a highly exergonic process. Therefore, a catalyst is often required to control partial oxidation of a molecule selectively. In recent years, the demand for greener and more sustainable synthetic methods has generated much interest in the use of O2 as a reagent in synthesis.6 The subject of transition-metal catalysed oxidation of organic molecules has been comprehensively reviewed;7 8, 9 including, more recently, development of photocatalytic reactions (involving O2) driven by visible light,10 and the use of microreactors for liquid-phase oxidation chemistry.11 In general, there are two types of aerobic oxidation reactions, depending on the role played by O2 in the reaction (Scheme 1).

[bookmark: _Ref448340394]Scheme 1. Different types of aerobic oxidation reactions.
In Type I aerobic oxidation reactions, O2 is not incorporated into the product; its role is to regenerate the active catalyst and thus enable turnover to be achieved. By far, the dehydrogenation of alcohols to aldehydes and ketones constitutes the largest class of type I aerobic oxidation reactions. A wide variety of homogeneous and heterogeneous catalysts have been reported for this transformation, and the subject has been reviewed quite exhaustively Aerobic oxidation also allows alcohols to be used as a latent source of carbonyl compounds which can be transformed into other functional groups (‘tandem oxidation processes’, TOP). 
In Type II oxidation reactions, one or both of the oxygen atom(s) of O2 is/are incorporated into the product. The most common type II oxidation reactions are the oxygenation of C-H bonds, which proceed through free radical intermediates.12,13 The oxygenation of benzylic and allylic sp3 C-H bonds are particularly facile as they are highly susceptible to attack by free-radicals, which can be generated using cheap and abundant first-row transition metal salts (such as Fe, Co and Cu), N-hydroxylimides, light sensitive molecules, and even doped carbon materials.14 Enantioselective C-H oxygenation reactions can be achieved using enzymes,15 or their artificial mimics,16, 17 based on Fe.
Historically, organic chemists tend to eschew oxidation reactions in multistep organic synthesis as they are considered to be incompatible with the requirements of an ‘ideal synthesis’.18 Many oxidants, such as chromates and manganate, are often not chemoselective, and are difficult to implement on a large-scale. In an essay on redox economy in organic synthesis the authors advocated that the number of non-strategic redox steps should be avoided in multistep reactions.(Burns, Baran and Hoffmann)  This view is very much echoed in an analysis of industrial reactions used for the preparation of 128 drug candidates between Pfizer, AstraZeneca and GlaxoSmithKline, where the need for more efficient oxidation chemistry has been identified as a key bottleneck in their processes: “…there are relatively few atom efficient, chemoselective and environmentally acceptable oxidation methods…..oxidations are often designed out of syntheses. The discovery of new chemoselective oxidations, particularly if catalytic, would greatly increase flexibility in synthetic design”.19
Yet, paradoxically, oxidation reactions are the most commonly used processes for converting petrochemical feedstocks into useful chemical products. Similarly, there is also substantial interest in using aerobic oxidation reactions to convert biomass into platform chemicals.20 Currently, there are 109 industrial oxidation processes with a capacity of >1000 tonnes/annum that are listed in Ullmann’s Encyclopedia of Industrial Chemistry, including commodities, large intermediates and specialities (but excluding agrochemicals and pharmaceuticals).21 A survey of the processes listed (Figure 1) shows that O2 is used as an oxidant in the majority of these processes (61.4%). 

[bookmark: _Ref450035751]Figure 1. Analysis of industrial oxidation processes with capacities of >1000 tonnes/annum.21
In general, bulk chemicals are simple molecules with few functional groups and low molecular weights/boiling points. This allows some reactions to be performed in the gas-phase at elevated temperatures and pressures (e.g. oxidation of ethylene to ethylene oxide), which are not compatible with the synthesis of more complex organic molecules required by the fine chemicals and pharmaceutical industries. Notably, the liquid-phase processes mostly utilise homogeneous catalysts: a large number of these are conducted in aqueous solutions, thus avoiding flammability issues associated with the use of organic solvents. An example is the production of synthetic vanillin. Currently, 95% of the world supply of this important flavouring agent is produced by the oxidation of petrochemical-based stock, mostly using the Riedel process (Scheme 2). Electrophilic substitution of guaiacol (1) with glyoxylic acid produces mandelic acid (2), which is oxidised to a vanilglyoxylic acid intermediate that decarboxylates spontaneously to vanillin (3). The conversion of 2 to 3 is carried out using a copper(II) hydroxide-oxygen system in an aqueous alkaline medium at 80-130 ºC. 

[bookmark: _Ref448340417]Scheme 2. The Riedel process for the production of artificial vanillin from guaiacol.
Indeed, very few homogeneous reactions listed in Figure 1 are performed in organic solvents; a notable exception is the Amoco process for the production of terephthalic acid (which will be discussed in the following section). In fact, the lack of aerobic oxidation methodologies is more often due to safety concerns associated with aerated organic solvents. This may be demonstrated by menadione (4), a synthetic chemical compound widely used as an antihemorrhagic agent, as well as a nutritional supplement (Vitamin K3). This is currently prepared on an industrial scale by the oxidation of 2-methyl naphthalene (5) using chromate reagents in sulfuric acid (Scheme 3).22 However, the aerobic oxidation of 5 to 4 can also proceed uncatalyzed at 80 ºC in toluene.23 Presumably, despite its obvious disadvantages (poor atom economy, toxic reagent, metal waste) the anaerobic oxidation is preferred as the exotherm can be controlled (by the slow addition of the reagent, for example), compared to performing an uncontrollable autooxidation process in a flammable solvent.

[bookmark: _Ref448340441]Scheme 3. Commercial synthesis of menadione (BASF).22
2. Aerobic oxidations in the production of fine chemicals & pharmaceuticals
Very often, H2O is formed as the only by product of aerobic oxidation reactions. This is especially advantageous for the production of active pharmaceutical ingredients (APIs), where the impurities allowed in the products are tightly regulated. Thus the ability to deploy aerobic oxidations would alleviate substantial operational and environmental costs associated with the work-up of post-reaction mixtures, which can consume more material (particularly solvents24) and energy than the reactions themselves.25 However, in a review of large-scale oxidation processes in the pharmaceutical industry, it was concluded that: “Oxygen gas has the advantage of being the least expensive and most readily available oxidant, but the safety issues surrounding its use make it one of the least frequently used reagents”.26 
The key reason for the lack of aerobic oxidation reactions in the fine chemicals and pharmaceutical sectors can mainly be attributed to differences in scale and mode of operation. Economy of scale allows bulk chemical processes to be performed in dedicated facilities in a highly integrated manner, with attendant operational efficiencies and synergies. In comparison, pharmaceutical and fine chemicals are typically produced in multiple steps in limited quantities, using multipurpose batch reactors in the liquid phase. Process flexibility is therefore often achieved at the expense of efficiency. Aerobic oxidations fall into a unique category of reactions that simply cannot be performed in batch, due to the considerable headspace within the reactors.
To illustrate these differences, we shall consider the current industrial process used to produce terephthalic acid (TA), (6) (Scheme 4).27 Contrary to many other petrochemical oxidation reactions, TA is produced industrially using an organic solvent (acetic acid), and thus may serve as a useful process to gain transferrable insight for the small scale processing of pharmaceuticals. Driven by global demand, the production of purified terephthalic acid (PTA) is estimated to reach 66 MMt/annum by 2025.28 The commercial process was developed by Amoco, involving the catalytic oxidation of p-xylene, performed using O2 as a terminal oxidant in acetic acid. Catalyzed homogeneously by Co and Mn salts in the presence of a radical initiator (Br–),29 the reaction is highly exothermic, liberating 2 x 108 J per kg of p-xylene consumed.

[bookmark: _Ref448340468]Scheme 4.  Amoco process of catalytic aerobic oxidation of p-xylene to terephthalic acid (TA).
The Amoco process demonstrates that, in principle, from a (reaction) engineering point of view, there appear to be no insurmountable obstacles or operational restrictions to the performance of safe and effective partial oxidation reactions in organic solvents using oxygen. However, if one examines the process with the view to adopting this for the transformation of APIs, a number of issues emerge that need to be addressed, which are summarised below: 
1. Reaction conditions: Relatively harsh conditions are employed (175–225 ºC and 15–30 bar), beyond the flash point of acetic acid (see Table 1 below), and are incompatible with the synthesis of highly functionalised (thermally sensitive) molecules in batch systems, intimating the need for a flow system. 
2. Selectivity: Equally, high temperatures and radical reactions are also unlikely to offer the level of selectivity required for the oxidation of complex molecules. In the case of xylene, radical chemistry dictates the expected complete oxidation of the methyl groups. Under these conditions, the acetic acid solvent is also oxidised (‘solvent burning’), leading to the competitive formation of carbon oxides (CO, CO2, formaldehyde).29 This causes a significant solvent loss from the process (0.05 tonne of acetic acid consumed per tonne of TA produced).
3. Stoichiometry: High pressures are required to solubilise oxygen in the solvent. For kinetic reasons the temperature also needs to be increased, reducing in turn the solubility of oxygen in the solvent. This can lead to sub-stoichiometric availability of oxygen and thus undesirable degrees of oxidation.
4. Safety:  Mixtures of pure oxygen and organic solvents can potentially generate highly flammable mixtures.30 In the Amoco process, the dedicated reactor is designed such that the O2 content of the off-gas is kept near to 0%. The resultant O2 deficiency can lead to a significant compromise in selectivity. Dilution of oxygen with inert gases to counteract this leads, in turn, to sub-stoichiometry and large reactor sizes. 
5. Workup: TA precipitates from the reaction mixture, forming a three-phase mixture of solid product, liquid reactants/solvents and a vapour phase containing unreacted oxygen. Product separation and purification are highly optimised through a series of recrystallizations at different pressures/temperatures, which are not always possible using multipurpose reactors.
6. Capital investment: The highly corrosive bromine-acetic acid environment requires special materials to be used in the construction of reaction vessels, e.g. titanium or special alloys, which are not easily available as standard process equipment in the pharmaceutical industry.
The additional complexity and higher-purity requirements for pharmaceutical products pose two main challenges for the development of aerobic oxidation processes: (i) identification of catalysts that are able to catalyse different oxidative reactions chemoselectively under mild conditions; and (ii) design of reactors and process integration that are compatible with the use of organic solvents, and that can deliver O2 efficiently and safely without compromising catalyst activity and selectivity.31 
In this Review, we present the hazards and safety issues of aerobic oxidation reactions in the liquid phase using organic solvents, followed by a brief survey of the types of reactors that can be used. This is followed by examples of aerobic oxidation reactions that are currently achieved on a large scale in industrial laboratories, particularly for the production of speciality chemicals and APIs. In each case, safety aspects of the reactions are highlighted. Finally, the challenges and future directions and opportunities are identified.
Hazards and safety issues of aerobic oxidation reactions
Of paramount importance for performing any process at scale is to establish safe operational conditions. Invariably, aerobic oxidation reactions involve a combination of oxygen with flammable materials under high temperature and pressure. This warrants extensive risk assessment to identify safe reaction conditions and apparatus, as well as special measures in case of catastrophic failure. In this section, the specific hazards associated with the aerobic oxidation are highlighted. 
2.1 Reaction Exotherm
In general, aerobic oxidations are highly exothermic. For example, the oxidation of benzyl alcohol to benzaldehyde by molecular oxygen generates a net heat of reaction of –187 kJ/mol (calculated based on the standard enthalpy of formation of each species).32 As such, these reactions are associated with a considerable adiabatic temperature rise, which needs to be considered for safe operation. Effective management of the heat released from the reaction is vital for any scale-up process. Therefore, it is often advantageous to perform aerobic oxidations in continuous flow, as the internal volume of the reaction system is limited and thus allows better heat dissipation (through the reactor wall) for safer operation.
The inability to efficiently remove the reaction heat can lead to explosive chemical reactions, and their theoretical description is addressed in the seminal works of Semenov33 and Frank-Kamenetskii.34 The underlying basis of both theories is that the ignition of a reactive mixture is attributed to the fact that the production rate of heat (i.e. the net heat of reaction) is larger compared to the dissipation rate of heat (i.e. heat transfer to the ambient). This imbalance will lead to an unsteady thermal state, which will finally cause a reaction mixture to exceed its autoignition temperature and spontaneously combust (see section 2.2).
The theory of Semenov assumes a well-mixed reaction medium, with no spatial gradients in temperature or chemical composition in the reactor. Heat transfer to the ambient is then described via a (uniform) heat transfer coefficient applied as boundary condition on the vessel wall. However, this assumption of a well-mixed reaction medium does not hold for large reactors or heterogeneous reactions. As an extension of the original Semenov theory, Frank-Kamenetskii included the effect of developing temperature gradients and introduced thermal conduction in the reaction medium as main source of heat transfer (assuming a constant reactor wall temperature). Based on the steady-state energy conservation equation, balancing the heat produced from the reaction with the heat removed via conduction, the dimensionless parameter  can be derived: 
 			Eqn 1
with the following variables:
hP, hF		enthalpies of the product (P) and feed (F)
		thermal conductivity of the reaction mixture
		density of the reaction mixture
L		characteristic dimension of the reactor
A		pre-exponential factor
EA 		activation energy
TW 		wall temperature
From the energy conservation equation, a critical value crit can be derived, which is geometry-dependent, e.g. crit=2.0 for an infinite cylinder.34 It follows that no explosion occurs as long as <crit . Hence, the Frank-Kamenetskii theory can be used to calculate the maximum tolerable wall temperature for different vessel geometries and vessel sizes L when the reaction mixture properties are known. 
Both the Semenov and Frank-Kamenetskii theories can provide guidelines for the temperature management of a reactor vessel to ensure safe operation. However, their predictions always need to be evaluated against their underlying assumptions, particularly in terms of the dominating heat transfer mechanism and temperature independent reaction mixture properties. Most importantly, for continuous flow operation, e.g. in packed-bed reactors, heat transfer via convection will dominate, and one would need to extend the theories to account for this.
2.2 Flash point, autoignition and limiting oxygen concentration
When the concentration of an organic solvent is within the flammability limits, it can ignite in the presence of O2. This can be avoided by operating below the limiting oxygen concentration (LOC), defined as the concentration of O2 below which a fuel-oxidant explosion cannot occur.35 By limiting the O2 concentration below this value, combustion cannot occur irrespective of the concentration of the organic solvent. It is also important to note that these limiting concentrations are linked to the process temperature and pressure: for each 100 °C increase, the lower flammable limits and the LOCs at 1 atm decrease by about 8% of their values at near normal room temperature; the upper flammable limits increase by approximately 8% for the same conditions.35 The US National Fire Protection Association (NFPA) has provided some guidelines for recommended safety margins.36 For LOCs of ≥ 5%, the O2 concentration should not exceed 60% of the LOC, but with continuous monitoring the O2 may be kept 2% below the LOC.
Quantification of the LOC requires the detailed knowledge of the flammability region as a function of the fuel, oxidant, and (if present) inert gas concentrations.37 The flammability limits and the LOC can be graphically represented in a flammability diagram, which for the case of the presence of fuel/oxidant/inert will be triangular, but can also be represented in orthogonal shape omitting e.g. the inert concentration as it can be calculated from the mass balance (the sum of all molar fractions equals 1). Using such a diagram allows to determine if a flammability risks exists for the given process conditions. However, it has to be noted that each diagram needs to be constructed experimentally, and is only valid for a certain temperatures and pressure.
Furthermore, it is important to note that mixtures of a flammable material and O2 can spontaneously combust without an ignition source, as long as the external temperature is enough to attain the required activation energy (‘thermal ignition’ or ‘autoignition’). The autoignition temperature (AIT) must not be confused with the flash point of the solvent (the lowest temperature at which the vapour will form a combustible mixture with air). Some AITs and flash points of selected organic solvents commonly used in the academic laboratory and industrial processes are listed in Table 1.38 It is important to note that these values are recorded at ambient conditions, and will change substantially at elevated temperatures and pressures. For example, while no flash point is recorded for dichloromethane, it is able to form a flammable mixture with air when heated above 100 ºC. Similarly, AIT can be lowered substantially by pressure39 and the size of the reaction vessel;40 these issues must be considered in designing scale-up processes for aerobic oxidation reactions.
Table 1. Autoignition temperatures (AITs) and flashpoints of commonly-used organic solvents at atmospheric pressure.[a]
	Solvent
	AIT/ºC
	Flash point/ºC

	Acetic acid
	427
	40

	Dichloromethane
	556
	none[b]

	Diethyl ether
	160
	–45 

	Methyl tert-butyl ether
	443
	–28 

	N,N-Dimethylformamide
	445
	58

	N,N-Dimethylacetamide
	490
	63

	Ethyl acetate
	410
	–3.3

	Butyl acetate
	421
	22

	Tetrahydrofuran
	321
	–17.2

	2-Methyltetrahydrofuran
	270
	–23

	Ethanol
	365
	16.6

	Isopropanol
	399
	12

	Toluene
	530
	6

	p-Xylene
	530
	27

	n-Hexane
	225
	–26

	n-Heptane 
	215
	–4.0


[a] Obtained from MSDS. [b] dichloromethane has no flash point in a conventional (closed) tester, but forms flammable vapour-air mixtures at >100 ºC.
Many industrial processes are conducted at elevated pressure; for liquid-phase aerobic oxidation reactions, pressure is commonly applied to increase the availability of dissolved oxygen. Given that AIT is an inverse function of pressure, it is important to predict the AIT depression as a function of pressure. For several hydrocarbons, this relationship may be represented by the following equation:41 
			Eqn 2
Where:
Pc and T0 = initial pressure and temperature at the critical condition;
EA = activation energy of the reaction;
R = universal gas constant; and
C = a constant that includes different factors such as surface/volume ratio of the reaction vessel and heat transfer coefficient.
Critically, this relationship is only applicable over a limited pressure range, since the activation energy is also a function of pressure and temperature. This means that, in reality, the functional relationship between AIT and pressure/reaction temperature needs to be determined experimentally. This is particularly relevant in terms of risk assessment for aerobic oxidation reactions, as the application of O2 pressure is desirable, but reliance on standard measurements of autoignition temperatures is not advisable.    
When dealing with gaseous mixtures of organic compounds, AIT can be predicted assuming an ideal mixture contribution method:42
				Eqn 3
where AITi is the component autoignition temperature and Xi is the mole fraction of component i in mixture. 
This may be used to predict the AIT of the gaseous mixtures at the reactor exit (particularly in the context of flow chemistry). For the headspace in a batch reactor, the composition of the vapour phase above the reaction mixture the relative volatilities of the liquid phase must also be taken into account. 
Experimental data are very hard to find that show the AIT as a function of temperature or oxygen partial pressure for that matter. Modelling approaches exist for commonly encountered fuels, with the involved model parameters fitted to experimental data and thus also limited to certain process conditions.39 Some of the available data for a number of solvents40 are plotted in Figure 2 for aerobic oxidation reactions. In this figure the AIT of various compounds is plotted as a function of air pressure ranging from 1 to 10 bar. The data obey a Semenov analysis (see Eqn 2) but it is clear that different chemical structures will exhibit different gradients (or EA). Nevertheless, we can conclude that at useful operating pressures, i.e. 10 bar (in terms of oxygen solubility) most solvent will exhibit an AIT of around 200 ºC. This is concerning as high pressures will no doubt reduce this temperature even further, thus moving the AIT into the realm of desirable reaction temperatures leading to heightened risks, unless headspace and exit mixture composition can be adequately controlled.  
[image: ]
[bookmark: _Ref452048120]Figure 2. AIT for mixtures of flammable liquids with air at elevated pressures (air).
Currently, a priori prediction of LOCs is difficult, as it is limited by available experimental data. In a recent publication,30 the LOCs of 9 organic solvents commonly employed in the pharmaceutical industry (acetic acid, N-methylpyrrolidone, dimethyl sulfoxide, tert-amyl alcohol, ethyl acetate, 2-methyltetrahydrofuran, methanol, acetonitrile, and toluene) were experimentally determined. For this a flammability apparatus was constructed, consisting of a 5.3 L spherical vessel with an exploding fuse wire as ignition source positioned at the centre of the vessel. The temperatures inside the vessel were recorded using thermocouples, and a pressure transducer monitored the pressure increase associated with the ignition of a flammable mixture. Based on the experimentally determined flammability diagrams the LOCs of the 9 solvents were thus quantified at elevated pressures and temperatures. While this study is a very valuable contribution, the solvent selection and the investigated pressure and temperature conditions are limited by operational limits of the experimental design. This serves to highlight the challenges in performing measurements at the working temperature, pressure and concentration ranges that can be adopted for industrial processes.

2.3 Partial pressure (solubility) of O2
For heterogeneously catalysed oxidations, the Henry’s law constant can be used to quantify the oxygen solubility in the liquid, which is an essential quantity for reactor design and optimization. It can be either determined experimentally or predicted based on thermodynamic equations of state.43 However, it is important to note that Henry’s Law only applies when chemical equilibrium has been reached in a dilute solution (typically <1% solute concentration). Thus, care must be applied in extrapolating these values to solutions containing a synthetically-relevant amount of O2. While the solubility of O2 in aqueous solutions has been studied extensively, similar studies in organic solvents are more limited, particularly for hydrocarbons and alcohols containing more than 5 carbons.44

2.4 Process safety
Based on the discussion above, we will provide some concluding  remarks on how process saferty can be ensured. In general, moving from batch to continous flow improves safety as the internal reactor volume (i.e. the reactive volume) is decreased by up to 3 orders of magnitude, thus reducing the impact in case of failure.45 In addition, scaling-down also leads to increased heat and mass transfer processes, in turn reducing the risk of hot spot formation.11 Furthermore, the volumetric flow rates associated with this scale of operation allow using ancillary tubing with inner dimensions below the flame propagation threshold.46 Independent of the scale of operation, the reaction stream temperature needs to be cooled and kept below its flash point, and diluting the outlet with inert gas will avoid the formation of explosive mixtures downstream of the reactor.45 In terms of the product and exhaust streams leaving the reactor any unreacted oxygen needs to be vented, and the use of condensers will limit the amount of evaporated solvent in the exhaust gas stream. Finally, the process control strategy needs to ensure that the temperature in the entire reactor and associated process streams is below the flash point and AIT. Thus, efficient cooling or dilution measures need to be implemented in the process.
Flow reactors for aerobic oxidation reactions.
3.1 ‘Little and large’
Perhaps unsurprisingly, the reactor configuration is known to affect the selectivity of oxidation reactions, since it can affect mass transfer due to differences in gas–liquid–solid contacting.47 In terms of efficient heat management, the enhanced heat transfer characteristics of microreactors is particularly valuable, due to the large surface-to-volume ratio of between 10,000 and 50,000 m2/m3.48 Furthermore, the residence time can be precisely controlled by changing the flow speed or the length of the channels. This has enabled their application to several reactions with the potential for thermal run-away. Successful implementations of hazardous reactions in microreactors are highlighted in recent reviews, including continuous flow oxidation reactions in the liquid phase.11 However, the productivity of microreactors is generally not compatible with industrial production rates (and they are therefore excluded from this review). On the other hand, the type of reactors employed in the commodity industry for catalytic oxidation reactions are often dedicated to tonne-scale processes, designed to be operated continuously over the lifetime of the chemical plant. Thus, for speciality chemicals, there is a need for new reactor designs that can overcome the heat management issue, while maintaining high selectivity, ideally offering flexible productivity rates.
In this section, different reactor designs suitable for performing aerobic oxidation reactions at the appropriate scale for fine chemicals and pharmaceutical companies are described, along with their advantages and disadvantages. The different reactors are summarised in Table 2, differing in the way the catalyst (if used) is incorporated in the reactor, as well as the mode of O2 delivery. Homogeneous catalysts can be more selective compared to heterogeneous catalysts, and no internal diffusion resistances exist since they are molecularly dispersed within the reaction medium. However, it can be difficult and expensive to recover the catalyst, since a downstream separation section is required.
Table 2. Types of flow reactors employed for aerobic oxidation reactions
	Homogeneous/no catalysts
	Heterogeneous catalysts

	Segmented flow
	Packed bed

	Membrane
	Wall-coated

	
	Membrane



3.2 Segmented Flow Reactors 
[image: C:\Users\Dr Achilleas\Desktop\Picture12.png]
[bookmark: _Ref448487278][bookmark: _Ref460334178]Figure 3. A segmented-flow reactor (with recirculatory flow patterns).
The segmented flow reactor is easy to construct and also the most common system employed for reactions performed with a homogeneous catalyst or without catalyst at all. In this system, the gas (pure O2 or diluted in N2) is premixed with the liquid in a T-junction followed by a tubular reactor which results in segmented (i.e. Taylor or slug) flow, which is characterised by liquid recirculation inside the slugs (Figure 3). This ensures good mass transfer of the gas in the liquid. In fact, Taylor flow liquid side volumetric mass transfer coefficients (kLa) up to 10 s-1 have been obtained (for channels smaller than 1 mm), which is typically one order of magnitude higher than traditional contactors such as bubble columns, packed columns etc. Furthermore, such reactors offer efficient heat exchange with the reactor walls, a residence time distribution characteristic of plug flow, and allow easy operation at higher temperature and pressure compared to conventional round bottom flasks.49, 50 In many cases Taylor flow is adopted, and this can be ascertained visually due to the transparency of the plastic tubes usually employed.  When stainless steel tubes with larger diameters are used, however, the precise flow pattern is much more difficult to establish. Nevertheless, higher velocities of the liquid and gas can be achieved in larger reactors, which can contribute to even better gas-liquid mixing.
Supported by a pre-competitive consortium of pharmaceutical companies (Eli Lilly, Pfizer and Merck), a research group led by Stahl at University of Wisconsin-Madison (MadOx Consortium) has been developing effective strategies for aerobic oxidation reactions. In their earlier work, a segmented flow reactor was employed to oxidise various primary and secondary alcohols into aldehydes and ketones using a Pd(OAc)2/pyridine homogenous catalyst. 51 A 3.2 mm O.D. (5 mL) stainless steel tube was initially used at the lab scale, while larger tubes were used to produce acetophenone from 1-phenylethanol in near quantitative yield at 25 g and 1 kg scales, respectively. Operation of the 5 mL reactor with a single volume of solution and continuous flow of oxygen (representing batch reaction) provided identical yield as compared with continuous flow of liquid, showing that this reaction could be easily translated to continuous flow. However, batch reaction in a flask equipped with an O2-filled balloon, at lower temperature and pressure, required more than an order of magnitude longer time to reach the same yield. To operate safely, diluted oxygen (8% O2 in N2) was used, which required high total gas pressures (25-35 bar) in order to maintain a sufficiently high O2 concentration. More recently, similar reactors were utilised by the same group for the oxidation of benzylic, aliphatic and activated alcohols to the corresponding aldehydes, catalysed by a (bpy)CuI/TEMPO (2,2,6,6-tetramethyl-1-piperidinyloxyl) catalyst.52 

[bookmark: _Ref448340519]Scheme 5. Aerobic oxidation of 2-benzylpyridines to ketones.
Pieber and Kappe used a stainless steel coil (0.8 mm I.D.) for oxidation of 2-benzylpyridines (7) to the corresponding ketones (8) with synthetic air at 200 oC, using inexpensive iron(III) chloride as a catalyst and propylene carbonate (PC) as a non-toxic and thermally inert solvent (Scheme 5).53 The reaction was enhanced significantly using continuous flow under high temperature and pressure leading to much shorter reaction time than in batch systems. The reactor was replaced with a PFA (Perfluoroalkoxy) coil (to prevent corrosion) to perform a variation of the Amoco process, where ethylbenzene was oxidised in the presence of a Co/Mn bimetallic catalyst (Scheme 6). Using 12 bar of synthetic air, the reaction time necessary for complete oxidation of ethylbenzene was 6-7 min, at temperatures 110‒120 °C. The acetophenone was formed in 80-84% selectivity, and virtually pure acetophenone was isolated in 66% product yield. The higher pressure and temperature, which were possible in the continuous flow reactor, provided higher selectivity and much smaller reaction time, as compared to batch reaction in a stirred open vial (selectivity to acetophenone ∼74%, at a conversion of ethylbenzene ∼96%, 150 min reaction time, 80 °C). More forcing conditions led to benzoic acid as the major product.  It is worth noting that in both of these systems, the need to remove high-boiling PC solvent (Scheme 5), and the low selectivity (Scheme 6), make them unsuitable for industrial applications for the fine and pharmaceutical industries.

[bookmark: _Ref448340580]Scheme 6. Oxidation of ethyl benzene to the ketone or benzoic acid.
Two different types of segmented flow reactors have been utilised for manganese-catalysed aerobic oxidation of aliphatic aldehydes to acids. The first was reported by Baumeister et al,54 who used a 4.7 mL microstructure reactor (one-A Engineering, Austria) for the conversion of valeraldehyde (9a) to valeric acid (10a) with pure oxygen with catalytic manganese(II) acetate at 40 oC (Scheme 7, eqn 1). The addition of octanoic acid (as a co-feed) is essential to maintain higher productivity and selectivity. Generation of gas-liquid interface areas was facilitated by periodic narrowings along the 1 mm I.D. stainless steel reactor channel. Using a large molar excess of oxygen (2 equivalents with respect to the aldehyde), the dominant phase within the reactor is believed to operate in an annular flow pattern. Conversion of 95% at superficial liquid residence time of 82 s with high selectivity (80-85%) was obtained with a high productivity (10290 kg h-1 m-3). Attempt to scale-up the reactor to include 3 mm channels was unsuccessful.
In recent work, Vanoye et al. showed that neat 2-ethylhexanal (9b) can be oxidised safely to the corresponding carboxylic acid (10b) in a PFA tube reactor (1.65 mm I.D.), using pure oxygen at 7.5 bar at ambient temperature and a homogeneous Mn(II) catalyst (Scheme 7, eqn 2).55 The system was limited by the low heat transfer coefficient of the PFA which did not allow efficient management of the heat produced by the reaction. This was overcome by lowering the catalyst loading (to 10 ppm) and increasing the O2 pressure to 7.5 bar to maintain 94% selectivity. This was sufficient to maintain a productivity of 130 g/h of 2-ethylhexanoic acid, without further purification or solvent separation.

[bookmark: _Ref448340630]Scheme 7. Oxidation of an aldehyde to a carboxylic acid.
In principle, it is possible to deploy heterogeneous catalysts in segmented flow reactors by suspending catalyst (nano)particles in the reaction mixture, creating a triphasic (gas/liquid/solid) system, as long as the hydrodynamics of the reactor can maintain the catalyst suspension. Further challenges include feeding of liquid/solid slurries and avoiding particle trapping in the reactor or the associated piping. This has been partly demonstrated in a report by Alex et al.,56 who used a PTFE (Polytetrafluoroethylene) tube (1 mm I.D.) for the oxidation of benzyl alcohol to benzaldehyde using PVP (Polyvinylpyrrolidone)-stabilised Pd and Au/Pd nanoparticles with air. Selectivity of 97% at 91% conversion at a mean residence time of 15 min was obtained at 50 ºC and ca. atmospheric pressure under continuous flow (in batch, quantitative conversion with 96% selectivity was achieved under similar conditions at a longer reaction time of 40 min). In this system, the nanoparticles were dispersed in the reaction solution and were precipitated at the end of the reaction. The recovered catalyst could be redispersed for reuse, but showed evidence of deactivation. 

3.3  Packed Bed Reactors 
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[bookmark: _Ref448487254]Figure 4. Packed-bed reactor operating under triphasic (top) or biphasic (bottom) conditions.
In packed bed reactors the heterogeneous catalyst is packed and retained in a particulate form in a cartridge, tube, or microchannel. In this way catalyst separation from the reaction mixture is not required. A packed bed reactor offers easy catalyst replacement in the case of deactivation, or if another reaction needs to be performed. It also allows easier control of reaction (residence) time as compared to a batch reactor, and thus avoiding over-oxidation. In this arrangement, the size of the catalyst particles is typically in the order of 100 m to avoid excessive pressure drop. The liquid can either be pre-saturated in a plug flow, or fed separately in a trickle bed (Figure 4). Thus, depending on the conditions, the reactor operates at either triphasic (solid-liquid-gas) or biphasic (solid-liquid) conditions. 
For synthetic applications, milliscale packed bed reactors (<10 mm I.D.) are generally favoured. The most common design uses a segmented flow of oxygen/liquid feed through the catalyst bed. This has been used in the assessment of many catalysts (TEMPO,57 Au,47, 58 Pd and Pt59) on different supports, typically in the oxidation of benzyl alcohol to benzaldehyde. For example, the MadOx team recently attempted a scale-up of the aerobic oxidation of alcohols using a heterogeneous Ru(OH)x/Al2O3 catalyst in a stainless steel tube.46 The liquid and gas (8% O2 in N2) were mixed with a T-piece and fed into the reactor in an upflow direction, operating within the slug flow regime and using tubing with diameter below the flame propagation threshold. Under these trickle-bed conditions, catalyst deactivation was significant. Nevertheless, provided that the operating conditions were adjusted accordingly, high steady state yields in the aerobic oxidation of 2-thiophene methanol could be maintained over 72 h to achieve a large yield of aldehyde product.  Reaction rates of various alcohols, as well as deactivation characteristics, were found to be similar in batch conditions. A similar trickle-bed arrangement was also adopted by Kobayashi and co-workers to achieve aerobic oxidation of a number of primary and secondary alcohols with mixed solvents using polymer incarcerated gold-based nanocluster catalysts.60 The catalysts were packed with an optimised amount of Celite in a glass column (0.5 cm I.D.) to prevent obstruction by swelling of the catalysts. In this work, the reactions required the presence of inorganic bases, which were delivered in an aqueous phase in a down flow to the column with the packed catalyst bed, along with a solution of the reactant dissolved in an organic solvent, and O2. Good conversion and selectivity were obtained in a single pass with different catalysts (Au-Pt was found to be selective for aldehyde and ketones in trifluorobenzene, while Au-Pd favoured the formation of methyl esters in methanol), under optimised operating conditions. However, the productivity of the system is too low (space-time-yields up to 9.93 mol/mL/h) for commercial applications.  Comparison with batch systems showed higher selectivities in the flow reactor, because over-oxidation could be prevented by controlling the residence time. To tackle the problem of catalyst deactivation, Muzen et al. described a reactor (4 cm I.D.) operated with ON-OFF liquid flow modulation.61 Gas and liquid streams were fed onto a packed-bed (filled with glass beads) in order to achieve thermal and vapour pressure equilibrium before entering the trickle-bed containing 0.4 kg of Pt/-Al2O3. The catalytic oxidation of ethyl and benzyl alcohols can be achieved under mild operating conditions (70 ºC). Alcohol conversion can be improved by modulating the split and cycle period.
Mass and heat transfer efficiency of packed-bed reactors can be improved by modifying the catalyst supports. The use of ceramic fibre catalyst supports has received attention in recent years, as they can offer a large-surface-to-volume ratio without compromising on pressure drop. A Ru(OH)x catalyst deposited on a ‘paper-structured’ alumina/silica composite has been described.62 Ten of these disk-shaped porous catalyst disks were stacked in a stainless steel flow reactor, for the selective aerobic oxidation of aromatic and aliphatic alcohols to their corresponding aldehydes and ketones. Better performance was recorded compared to beaded catalysts, which was attributed to the formation of thinner liquid film layers. 
Better productivity can also be achieved by improved reactor design. Bavykin et al. employed a multichannel reactor containing static mixers and heat-transfer channels, thus integrating mixing, heat transfer and reaction functionalities.63 The reactor consisted of 5 parallel packed-bed channels of 2×2, 3×3 and 5×5 (mm × mm) cross section and 10 cm length, each preceded by a static mixer to mix the gas and liquid streams before their entry to the catalyst bed. The reactor allowed staged injection of oxygen which was shown to be beneficial due to the development of a more uniform hydrodynamic regime of two-phase flow along the packed reaction channel. The reactor was shown to operate isothermally despite the significant heat formation from the exothermic reaction.  In this work, Ru/Al2O3 was used as catalyst for oxidation of benzyl alcohol. Yields up to 55% and selectivity of 99% were achieved in a single pass conversion. 
Another way to improve the safety in catalytic packed bed reactors is to saturate the substrate solution with oxygen before reaching the catalyst packed bed. The solubility of oxygen may pose a limitation; for this reason, this approach is only suitable for dilute solutions and high pressures. This was first described by Zotova et al. using a commercially-available X-CubeTM  reactor,32 consisting of a stainless steel cartridge packed with Ru/-Al2O3. The mobile phase was saturated with O2 at different pressures (5-25 bar) before passing it through the catalyst bed. Using the device, a variety of primary and secondary alcohols could be converted to their corresponding carbonyl compounds in good yields and high selectivities. The system could be operated safely under continuous recirculation, and the turnover frequency was compatible with other flow reactors. More recently, such reactor was also utilised by Osako et al. for aerobic oxidation of alcohols in water catalysed by Pt nanoparticles dispersed in an amphiphilic polystyrene–poly(ethylene glycol) resin;64 primary and secondary alcohols including aliphatic, aromatic and heteroaromatic alcohols were efficiently oxidised at 40-70 bar. Similarly, an H-CubeTM  reactor fitted with an external gas module was used to oxidise benzyl alcohol using Fe/Al-SBA15, with TEMPO as a co-catalyst.65 Conversions of up to 42% in a single pass could be achieved with high selectivity, while continuous recirculation was used to obtain full conversion. 
In packed bed reactors, temperature control is usually implemented by external heating elements. An interesting packed bed reactor was described by Kirschning and co-workers,66 where heating was applied inductively directly to the catalyst particles (Au supported on Fe3O4-containing core with SiO2 shell particles) contained within a polyether ether ketone (PEEK) tubing. The liquid phase was pre-saturated with gas by the use of a tube-in-tube AF-2400 device (see Section 3.5 below) before entering the packed-bed. The system was used to oxidise allylic and benzylic alcohols where, in almost all cases, full conversion was achieved in a single pass. The system was scaled up to convert 2.5 g of 4-bromobenzyl alcohol to its corresponding aldehyde, with no over-oxidation to the acid. However, the productivity was quite low (operating at a flow rate of 0.2 mL min-1), and catalyst deactivation due to leaching was also observed at the beginning of the process. The same catalyst gave very low conversion of 4-bromobenzylalcohol, when tested under batch conditions in a sealed vial using an external oil bath, possibly due to inefficient oxygen mass transfer.
3.4 Catalytic Wall Reactor
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[bookmark: _Ref448487612]Figure 5. Catalytic wall reactor.
The greatest advantage of using packed bed reactors is that (deactivated) catalysts can be easily replaced. However, there are also certain disadvantages; notably, heat and mass-transfer limitations when reactions are particularly exothermic or fast (as is the case for most oxidation reactions). Another limitation is the need to employ catalyst particles of a certain size, so as not to cause an excessive pressure drop. Incorporating the catalyst into the reactor wall (Figure 5) allows better mass/heat transfer characteristics for fast reactions. 
This was demonstrated in a microreactor, where a gold catalyst was immobilised onto a polysiloxane-coated capillary through cross-linking with a copolymer.67 O2, substrate, solvent (dichloroethane) and aqueous K2CO3 were pre-mixed, and the multiphasic mixture was passed through the capillary tube at 60-70 ºC. The Au-based system was used for oxidation of benzylic, aliphatic, allylic, secondary benzylic alcohols to ketones, while a Au/Pd-immobilised capillary column reactor was required for the oxidation of primary benzyl alcohols. The system could be operated continuously for at least four days without loss of activity. The same concept can be applied at a larger scale using a monolith reactor, such as one described by Pollington et al. for the selective oxidation of glycerol.68 Employing a stainless steel reactor (2.5 cm I.D.) housing Au/C coated monoliths, it was designed for co-current downflow operation, liquid recirculation and continuous air feed; with gas and liquid mixed before the catalyst bed. Reaction rate was found to be an order of magnitude greater for the monolith as compared to an autoclave batch reactor.
3.5 Membrane Reactors
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[bookmark: _Ref448487887]Figure 6. Membrane reactors separating reactive gas from the other reaction components, using a heterogeneous catalyst (top) or homogeneous/no catalyst (bottom).
So far in our discussion, all the reactor systems deploy mixtures of O2 and substrate as mobile phases. This may pose safety concerns, particularly if the outlet of the reactor contains gas/vapour mixtures that are within the flammable regime (see Section 2.4). Another approach to improve safety is to keep the reactive O2 separate from the other reaction components by using a membrane (Figure 6), i.e. the membrane acts as a gas distributor.45 Oxygen diffuses across the membrane into the liquid phase, which may already contain the catalyst (homogeneous), or flows into a packed bed (heterogeneous catalyst). Provided that the membrane is chemically inert to organic solvents, this approach allows oxygen to permeate along the length of the reactor, hence avoiding axial concentration gradients. In order to deliver O2 sufficiently quickly without forming a headspace in the reactor, the pressure difference between the two sides needs to be carefully controlled. This will naturally place an upper working limit on the O2 pressure and its subsequent mass transfer into the liquid phase.69 
One such design used a ceramic membrane with a concentric configuration to minimize the radial packed bed mass transfer distance, as demonstrated by Constantinou et al.70 In this work, an inner tube created an annulus for the catalyst packed-bed through which the liquid phase flowed. The tubular membrane (7 mm I.D.), comprised of layers of alumina and a zirconia top layer with an average pore size of 50 nm and separated this solid-liquid mixture from O2, which was fed from the opposite side of the membrane in the outer shell of the reactor. Conversion of benzyl alcohol to benzaldehyde was achieved using a Pd-Au/TiO2 catalyst. In order to overcome the deficiency of oxygen in the catalyst bed area (which could lead to lower selectivity), O2 supply was increased by raising the gas pressure, diluting the substrate concentration and increasing residence time, achieving benzaldehyde selectivity 88% at 75% conversion.
If the reaction temperature is sufficiently low, polymeric membranes can be used. A tube-in-tube reactor based on a gas-permeable Teflon AF-2400 membrane was first developed by the Ley group at Cambridge University, initially for homogeneous and heterogeneous catalytic hydrogenation reactions.71 This was subsequently deployed for an anti-Markovnikov Wacker oxidation of functionalized styrenes (11) to linear arylacetaldehydes (12) using PdCl2/CuCl2 catalysts (Scheme 8). Exploratory experiments were performed in a batch reactor, but optimisation of the reaction conditions was carried out in a tube-in-tube reactor (the annulus between the inner and the outer tubes was pressurized with O2) followed by a heated stainless steel reactor coil.72 Although the oxygen permeability of Teflon AF-2400 is high,73 long residence times were required to achieve good yields (56-80%). As O2 has an upper solubility limit in the reaction solvent, O2 depletion is a significant issue at higher reactant concentrations. This may be circumvented by double dosing the reaction stream (by inserting another tube-in-tube device between two reaction coils). This can lead to some improvement, but increasing the O2 pressure can lead to over-oxidation, hence careful adjustment of concentrations is required. In another study by Wu et al,74 an AF-2400 membrane was used to deliver O2 along the entire length of the reactor packed with Pd-Au/TiO2 catalyst particles, for the aerobic oxidation of benzyl alcohol (known to be a very fast process). At 120 ºC and 6 bar of O2, 44% conversion of the neat alcohol could be achieved at 115 gcat·s/galcohol catalyst contact time. Under these conditions, formation of toluene was a competitive process.

[bookmark: _Ref448340710]Scheme 8. Anti-Markovnikov Wacker oxidation.
In search for more cost-effective membranes, cheaper polymeric materials were evaluated by the MadOx group, who found that PTFE exhibited an acceptable combination of low cost, chemical stability and gas diffusion properties. A tube-in-shell reactor was duly constructed with a Teflon coil (1.6 mm I.D.), contained within a stainless steel shell oven (tube-in-shell).75 The use of this reactor was demonstrated in the aerobic oxidation reactions of alcohols facilitated by both homogeneous (Cu/TEMPO and Cu/ABNO) or heterogeneous (Ru(OH)x/Al2O3) catalysts. Complete conversion of benzyl alcohol to benzaldehyde (0.5-1 M) can be obtained using the Ru catalyst, but required a residence time of nearly 1 h (9.2 bar and 80 oC). Conversely, homogeneous Cu/TEMPO and Cu/ABNO catalysts were mixed with substrates and flowed within the inner tube, while O2 was pressurised in the outer tube. Near quantitative product yields in a residence time of 1 min were achieved for various benzylic alcohols at 24 bar O2 pressure.
3.6 Catalytic Membrane Reactors 
A catalytic membrane reactor essentially combines the membrane reactor with a catalyst wall reactor. In this design, the catalyst is embedded within a nanoporous membrane, thus positioning it between the liquid-gas boundary, so as to maximise mass transfer whilst also keeping gaseous oxidant and liquid hydrocarbons separated and thus improve safety. Typically, ceramic membranes resembling common catalyst supports (e.g. alumina, silicates) are impregnated with the catalyst. To date, catalytic membrane reactors have been largely employed for gas-phase reactions, and none has yet been reported for aerobic oxidation reactions in the liquid phase. In related work, several membranes were evaluated for direct synthesis of hydrogen peroxide,76 with a Pd catalyst deposited into the finest porous layer on the inner side of the membranes. Oxygen was fed from the outer side of the membrane, while hydrogen was dissolved in methanol solvent at high pressure and fed through the inner side of the membrane. As might be expected, the diffusive transport of the reactants to the catalytically active zone, located on the inner walls of the membrane channel, was found to be crucial. Radial mixing was increased by filling the membrane with small glass beads and led to higher productivity. 
Current industrial processes for the production of fine chemicals and APIs by aerobic oxidation.
There has been quite a number of aerobic oxidation reactions reported in the organic process development literature in recent years. Case studies selected from the fine chemicals/pharmaceutical industry are presented below. These examples include uncatalyzed reactions, as well as those enabled by homogeneous and heterogeneous catalysts. In some cases, multi-kilograms of products can be obtained, although commercial production using these processes has yet to be realised. Most of these processes are performed initially in batch reactors, although continuous flow systems have also been described in some cases. 
It is often more practical to adopt heterogeneous catalysis in reaction scale up, as it is generally more amenable to process intensification (e.g. continuous flow), and the catalyst can be easily separated from the reaction mixture. However, in a recent review of heterogeneously-catalysed alcohol oxidation for the fine chemical industry,77 none of the cited work has translated into commercial processes. A rare example of a heterogeneously-catalysed aerobic oxidation reaction can be found in a process developed by GlaxoSmithKline (GSK) for the synthesis of an hepatitis C virus (HCV) replicase inhibitor.78 The synthetic route requires the double oxidation of a diol (13) into a dialdehyde (14), which condenses with a protected hydrazine to produce a 5H-imidazo[4,5-d]pyridazine (15) (Scheme 9).  In the early stages of the program, the double oxidation was carried out on a 600 g scale using an excess of MnO2 as the oxidant, requiring 5.7 kg of the oxidant to reach completion, giving a 69% yield of 15.  A screen for heterogeneous catalysts capable of effecting the aerobic oxidation of diol 13 was subsequently performed, including 106 combinations of catalysts (Ru, Pt, Pd, and Bi additives), loading, solvent and basic additives. This led to the identification of 5% Pt/Bi on C in acetonitrile with added potassium hydroxide as the best performer.  The reaction was carried out on 2 g scale by vigorously stirring the reaction mixture in open air at 45 °C; the dialdehyde (14) formed contained some impurities but was telescoped through a hydrazine condensation process, forming the desired product 15 in 70% overall yield.  Unfortunately, the cancellation of this project stopped further investigation into the oxidation; however, the catalytic process is unquestionably more atom-economical and has greater potential for scale-up.  

[bookmark: _Ref448340748]Scheme 9. GSK route to the aerobic oxidation of a diol (13) to a dialdehyde intermediate (14).
6-Hydroxybuspirone (16) is a metabolite of the anxiolytic drug buspirone (17) which shows good affinity for the same 5-HT1A receptor as the parent drug.79 Challenged with the production of 100 kg quantities of 16 to support toxicological and clinical studies, Bristol-Myers Squibb developed a route based on the Gardner modification80 of a Barton enolate oxidation81 whereby the enolate of buspirone is treated with O2 to generate a hydroperoxide (18), which is reduced in situ by a phosphite to 16 (Scheme 10).  Initial studies were performed on a batch process,82 where the enolate was generated using sodium hexamethyldisilazide (NaHMDS) at –70 °C, in the presence of an excess of triethylphosphite.  Although small-scale lab experiments had shown that the rate of the oxidation was enhanced by the use of pure O2, safety considerations dictated that the O2 concentration in the reactor headspace be kept below 6% on the larger scale process, achieved by use of an air sparge coupled with a nitrogen sweep (3:1 volumetric ratio of nitrogen to air), with an oxygen monitor to maintain the O2 level at ≤ 5.5%.  Careful control of the enolate formation is required to avoid residual starting material or side-reactions caused by excess base, which was monitored using in-process FT-IR.  The resulting process was implemented on a 10 kg batch scale successfully, delivering >7 kg of 16 (71% yield). However, further scale-up of the procedure was deemed not to be feasible on the basis of several considerations, including the extended times required for the aerobic oxidation caused by mass transfer issues, the expense and difficulty of operating in the cryogenic regime (–60 ºC), and increased risk associated with reliably purging the headspace at larger scale. 

[bookmark: _Ref448340774]Scheme 10. Synthesis of 6-hydroxybupirone.
The decision was therefore taken to investigate continuous processing methods.45 Initial small-scale studies were performed in segmented flow using a microreactor (CPC CYTOS®) with a pre-formed solution of the enolate and oxygen gas as the input streams.  A conversion of 85-92% was obtained with a residence time of 5-6 minutes; the short reaction time allowed the reaction temperature to be raised.  A higher output can be obtained using a trickle-bed reactor to achieve better gas-liquid mixing. A solution of the enolate was flowed through a 1-inch Pro-Pak-filled column with a counter-current flow of O2 at –37 °C. Operating in continuous mode also allowed for the enolization step to be adapted: an initial mixing of base and 17 at –17 °C and a longer residence time at –35 °C, allowed for complete enolate formation without requiring cryogenic conditions.  Further scale-out of the oxidation step was eventually accomplished with four parallel tubular reactors combined within a single cooling jacket, fed by a single oxygen inlet. Under steady-state conditions, the Quadreactor could produce over 100 kg of hydroxybuspirone 16.
In 2015, the Nobel Prize in Medicine was awarded to Youyou Tu for her isolation of the powerful anti-malaria drug artemisinin (19) (‘qinghao su’). Currently, artemisinin and its derivatives are recommended by WHO as the first-line treatment for P-falciparum malaria. Artemisinin is a naturally-occurring compound found in the leaves of the plant Artemisia annua, but the supply from this natural plant is neither sufficient nor reliable enough to meet global demands.  To address this issue, a semisynthetic route for producing artemisinin has been implemented on a process scale by Sanofi.83, 84 This work has gathered much attention in recent years, not only for its innovation in combining biotechnology with a photochemical reaction, but also serving as an inspiring example of how academia (UC Berkeley), industry (Sanofi, Amyris), non-profit organizations (NRC, Canada, OneWorld Health), as well as funding agencies (WHO, Bill & Melinda Gates Foundation), can form a powerful alliance to deliver innovative solutions to global challenges. The major breakthrough in this remarkable story began with the genetic engineering of Baker’s yeast to produce artemisinic acid, a precursor to the mixed anhydride 20.  This is followed by another key transformation, whereby 20 reacts with singlet oxygen (1O2) to produce the hydroperoxide intermediate 21, which undergoes rearrangement spontaneously to the artemisinin 19 (Scheme 11). Singlet oxygen is produced photochemically under UV irradiation using tetraphenylporphyrin as a sensitizer.  This presents a double challenge for process development: not only does the hazard of handling oxygen present itself, but photochemical reactions are notoriously difficult to scale due to issues with light transmission.  In the event, a bespoke semi-batch reactor was designed, wherein a solution of the precursor 20 in dichloromethane and trifluoroacetic acid is circulated with the photocatalyst (ca. 0.05 wt %) at around –10 °C through the photoreactor chamber with air bubbling.  The use of air dictates the choice of the chlorinated solvent.  The process delivers ca. 370 kg of artemesinin per 600 kg batch of artemesinic acid, and delivered 60 tonnes of 19 in 2014 (a third of the global demand).

[bookmark: _Ref448340832]Scheme 11. Aerobic oxidation of artemisinic acid to artemisinin 19.
An AstraZeneca team developed a scale-up process for the synthesis of a GSK3 inhibitor used for the treatment of CNS (central nervous system) disorders (Scheme 12). The synthesis route initiates with the lithiation of an imidazole precursor 22, and the addition of the resultant organometallic reactant to the pyrimidine 23. In the following step, the intermediate dihydropyrimidine 24 has to re-aromatise to the desired product 25; this is best achieved by an oxidative dehydrogenation, using air in the presence of a copper catalyst.85 To avoid the risk of organic peroxide formation, a solvent-swap from the THF to acetonitrile following the lithiation/addition sequence is necessary. The aerobic oxidation was subsequently carried out using 5% O2 in N2 to ensure safe operation under batch conditions, delivering ca. 120 g of 25 in a single batch. 

[bookmark: _Ref448341024]Scheme 12. AstraZeneca route to intermediate 25.
Scale-up of aerobic oxidation of alcohols to aldehydes, mediated by copper(I) salts and nitroxyl radicals, was investigated by the MadOx team.86 Economic (catalytic loadings, additive) and safety (avoiding solvent flashpoint) considerations were taken into account in this work, leading to an optimised batch process that has been carried out on 250 mmol scale on simple test substrates. An application to the synthesis of a pyrimidine intermediate 26 (used for the production of a statin, rosuvastatin) was demonstrated on a 10 mmol scale (Scheme 13).  A continuous flow method was subsequently developed using the tube-in-shell membrane reactor described previously (see Section 3.5 above).  The use of CuI as a catalyst precursor was found to corrode stainless steel components. This prompted the modification of the reactor, where the stainless steel catalyst injection loop was replaced by PTFE. The amount of additive was increased (from 5 to 15 mol%) to prevent precipitation of insoluble Cu species. Using the modified system, the conversion of 1-Boc-3-hydroxyazetidine (27) to the corresponding ketone (28) was demonstrated (Scheme 13): A steady-state yield of ≥98% can be achieved, however, the productivity was not high; only 9 mmol of product was obtained in 3 h.

[bookmark: _Ref448341056]Scheme 13. Cu-catalysed route to a pyrimidine intermediate used in API manufacture.
A similar copper(I)/nitroxyl system for continuous catalytic alcohol oxidation reactions has also been described recently by DSM, to convert the fructose-derived epoxol 29 into epoxone 30 (Scheme 14).87 In this process, the catalytic chemistry was implemented in a bespoke 3-D printed ‘zig-zag’ continuous reactor to ensure turbulent flow. Although the reaction rate is independent of O2 pressure, 33 bar of O2 was employed to achieve a homogeneous phase.  Under these conditions, full conversions of 29 (0.20 M) to 30 can be achieved within 17 min at 100 ºC. Economic comparisons between the Cu(OTf) and CuI procedures were highlighted in this work.

[bookmark: _Ref448341105]Scheme 14. DSM route for Cu-catalysed aerobic oxidation of an epoxol (29) to epoxolone (30).
Future directions?
Having surveyed the current landscape, the remaining challenges and some future opportunities for realising aerobic oxidation reactions for the production of speciality chemicals are discussed in this section. At smaller scale and higher margin, capital expenditure (Capex) is usually dwarfed by the operating expenditure (Opex) in the pharma and fine chemicals industry. Ideally, there needs to be certain flexibility in the design of the chemical plant, such that a variety of different chemical reactions can be implemented at the same site, i.e. highly modular units of operation, each with a small footprint, is preferred over dedicated facilities. Greater emphasis on the development and adaptation of continuous flow technology in the fine chemicals and pharmaceutical sectors bodes well for future applications of aerobic oxidation reactions, as it can overcome the explosive hazards currently hampering the wider implementation of this synthetic methodology. Conversely, it has been shown (as in the case of Amoco’s TA production) that it is possible to execute large-scale aerobic oxidation reactions in a homogeneous solution of flammable solvents, as long as the amount of O2 in the headspace can be managed by a good understanding of the underlying kinetics and mass transfer parameters.
As to future aspects, these may be broadly divided into Engineering and Chemistry challenges (listed in the following sections), although the issues tend to be highly interrelated. Thus, a coordinated and interdisciplinary approach is necessary to deliver truly innovative solutions.
5.1 Engineering Challenges
1. Flammability of solvents and explosive hazards remain at the top of the agenda, which can be addressed by better control of reaction and process parameters. This will require a detailed study of the reaction kinetics involved, combined with a clear understanding of the fluid mechanics in the reaction vessel, allowing for the design of the appropriate residence time and hold up volume of the gas phase. This in turn causes, by design, the oxygen concentration to be below the flammability limit upon release into the head space of the vessel. With no excess oxidant in the system, the reaction will need to be able to operate under an O2-lean regime. Selectivity of the reaction must not be compromised, and any catalyst designed for such processes must not deactivate under these conditions. 
2. Equally, heat release is effectively controlled by operating at the boiling point of the solvent. This could be tuned by adjustment of the reactor pressure, however, this will also directly affect oxygen solubility, autoignition temperatures and flammability limits (as discussed in Section 2.2).
3. O2 delivery is critical to maintain process efficiency and safety. Ideally, the O2 is delivered at a rate that is comparable to the oxidation process. The use of membrane reactors can eliminate accumulation of excess O2 in the headspace, but this is currently limited by the availability of suitable materials that can maintain both a high flux of O2 and pressure differential (between the gas and mobile phases) at the same time.
4. Synthetic routes in the fine chemicals and pharmaceutical industry tend to be multistep. Hence it is desirable to operate the individual steps in tandem to minimise the need to isolate intermediates. This is best achieved by a continuous process with attendant continuous separation stage, for example: organic solvent nanofiltration,88, continuous distillation89) or continuous crystallization.90-92 The implementation of reliable online/inline process analytics and effective feedback control is critical for quality assurance - this is still a considerable challenge. 
5. Handling and maintaining multiple phases in flow reactors is still somewhat difficult and should be avoided where possible. Particularly, if the reaction system results in the formation of solids, a batch reactor system may still be the better option (e.g. Amoco’s TA process), particularly if long residence times are involved.
6. Removal of homogeneous catalysts from the reaction mixture has always been a problem in process chemistry, which also hampers the development of tandem processes. Thus, development and adoption of heterogeneous catalysts for the synthesis of complex molecules needs to be further exemplified, particularly for more robust catalysts that can be incorporated into an appropriate flow reactor without losing efficiency. That said, catalyst leaching from heterogeneous catalysts (leading to contamination of the final product) is also an important issue seldom addressed in academic papers.
5.2 Chemistry challenges
1. There is a need to expand the scope of aerobic oxidation reactions with high selectivities. Currently, much of the research effort has been focussed on the oxidation of alcohols to aldehydes and ketones, typically benzyl alcohols to benzaldehydes. There needs to be more studies on the reaction scope of new catalysts, especially towards substrates with multiple functional groups. Conversely, other aerobic oxidation reactions (particularly type II) are also under-developed. An example is the epoxidation of alkenes, which is an important process for the fine chemicals/pharmaceutical sector. With the notable exception of silver-catalysed epoxidation of ethylene (achieved on an industrial scale in the gas phase at 220-280 ºC),93 direct oxidation of alkenes by O2 (in the liquid phase) is unknown on industrial scale.
2. Certain aerobic oxidation reactions proceed via free-radical intermediates (e.g. oxidation of benzylic and allylic C-H bonds). Currently, these require high temperatures, and are thus generally difficult to control and often lead to low selectivity. This can be addressed by broadening the chemistry of singlet O2 / photocatalysis94-100 (the artemisinin project showed that it is possible to scale-up such processes). Electrochemistry is another interesting possibility, e.g. O2 can be converted into effective oxidants using redox mediators.101-104 Photo- and electro-chemistry are generally performed at (sub-) ambient conditions therefore have great potential to deliver unique chemistry.
3. Ionic liquids (ILE’s)105, 106 and CO2,107-109 have been employed in aerobic oxidation reactions, in order to circumvent the need for flammable solvents. However, the use of such unconventional reaction media may require specialised equipment to contain sc-CO2 and to recycle ILE, which may be too energy-intensive. In the context of pharmaceutical intermediates, there may be certain applications where the use of such reaction media, particularly sc-CO2 and perfluorinated solvents, may be uniquely advantageous: pure oxygen can be used with these non-flammable materials, and post-reaction separation can be easily achieved by a simple pressure reduction (employed in a continuous process the higher pressure required would not be as critical as in a batch process). The disadvantage here would be the formation of a multiphase system, which is more difficult to control (see point 5 in Section 5.1). 
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