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ABSTRACT 

This thesis is concerned with heat transfer in forced convective 

flow boiling. The problem is extremely complex and there are many 

aspects of which are not well understood. The work reported in this 

thesis deals with two of these aspects: 

(1) Heat transfer in annular flow. 

(2) Heat transfer in slug flow. 

In the study of the first area, both experimental and theoretical 

work has been carried out. An experimental rig based on the Harwell 

facility used by Chan (1990) has been fabricated in the Department of 

Chemical Engineering and Chemical Technology in Imperial College 

to perform the experiments. The aim of the experimental work was 

to obtain objective data on evaporative and condensing heat transfer 

under an identical hydrodynamic equilibrium condition in vertical 

annular two-phase flow. Early results had indicated differences 

between evaporation and condensation, but the new data show that 

there are no such differences. This indicated a forced convective 

mechanism of the conventional type rather than the alternative thin 

film boiling mechanism (secondary nucleation) as suggested by 

Mesler (1977). The heat transfer coefficients were generally below 

those predicted from simple film flow theory, particularly at high 

quality. The same discrepancy was found in other convective flow 

boiling data. A new heat transfer model has been developed for 

predicting heat transfer coefficient in annular two-phase flow. The 

novel aspect of the new model was that an analysis of bubble 
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departure and burst diameter on the solid-liquid and vapour-liquid 

interface in nucleate boiling and an eddy damping factor adopted in 

forced convection had led to successful prediction of boiling heat 

transfer coefficient. 

In the study of the second area, a new model for horizontal slug 

flow has been developed; here, the heat transfer coefficient is much 

higher at the top of the tube than at the bottom. The analysis shows 

that heat transfer at top of the tube is dominated by nucleate boiling 

whereas that at the bottom is dominated by forced convection. 

Though the film at the top of the tube is very thin, it is also very 

slow moving compared with the liquid layer at the bottom. Thus, 

suppression of nucleate boiling appears to be much greater in the 

bottom layer. It was possible to use the model to predict data 

obtained for the evaporation of a refrigerant. 
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Chapter 1 

INTRODUCTION 

The subject of boiling and condensation in horizontal and/or vertical 

conduits under forced convection flow conditions is an extremely 

important one. The design of water-tube boilers, evaporators, and 

condensers and many other major items of chemical and power plants 

and water-cooled nuclear reactors is dependent upon a knowledge of the 

fluid dynamics and heat transfer process occurring during forced 

convective boiling and condensation. However, in spite of the very 

large amount of work which has been done in this field, the state of 

knowledge is such that reliable design methods are not available for 

two-phase flow due to its very complex nature. 

However, considerable progress can be made in modelling two-phase 

flow systems if account is taken of the flow configuration and the 

geometric form of the interface, so that flow regime-specific models can 

be developed. 

A variety of flow regimes or flow patterns exist in two-phase flow. 

The major ones are shown in Figure 1.1 for horizontal tubes 
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CHAPTER 1 INTRODUCTION 

and Figure 1.2 for vertical tubes. Under typical boiling or condensation 

conditions, all these flow patterns may exist in a tube. While much is 

known about the hydrodynamics of the flow patterns, comparatively 

little is known about the related heat transfer aspects. 

The present research programme focused mainly on two of these 

aspects, namely annular flow and slug flow. 

In surveying the literature for evaporation in annular flow we find 

that, beginning in 1950's, various models have been proposed 

suggesting that the effective heat transfer coefficient for saturated 

convective flow boiling (in annular flow regime) is some functional 

combination of the individual heat transfer coefficients for convection 

and for nucleate boiling. However, the conventional explanation has 

been increasingly challenged in recent years. Particular forms of dissent 

have included: 

(1) Mesler (1977) challenged the interpretations of data for heat 

transfer at high qualities in terms of pure forced convection: 

(a) He pointed out that the heat transfer coefficient for nucleate 

boiling from a surface covered by a thin static film of liquid 

was higher than that for a deep pool. Could the thinning of 

the liquid film be promoting more intense nucleate boiling 
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CHAPTER 1 INTRODUCTION 

from the surface rather than enhancing the forced convective 

evaporation? 

(b) At high qualities, in annular flow, the interface is traversed 

by disturbance waves and is impinged upon by droplets from 

the gas core. Mesler argued that these processes led to the 

entrainment of small bubbles into the liquid film which then 

grew due to the film superheat, contributing significantly to 

the heat transfer rate. Mesler described this process as 

secondary nucleation. 

(2) In recent years experiments have been conducted to examine 

whether the mechanisms suggested by Mesler are important in 

forced convective flow boiling. Experiments by Aounallah et al. 

(1982) showed that the heat flux varied linearly with wall superheat 

in the forced convective regime, as would be expected with the 

forced convective mechanism. However, it could be argued that 

secondary nucleation would also produce a linear response and 

further experiments were conducted by Chan (1990) in which 

evaporation and condensation were compared. These experiments 

gave a tentative indication of differences between evaporation and 

condensation (supporting the secondary nucleation hypothesis) but 

there were considerable experimental uncertainties in this work. 
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CHAPTER 1 INTRODUCTION 

(3) Many recent workers treat forced convective boiling as either 

nucleate boiling or forced convective evaporation, thus suggesting 

that either one process or the other is dominant and that the 

changeover is sharp rather than gradual. An example of this 

approach is the work of Steiner and Taborek (1992). 

The diversity of explanations for the mechanisms of heat transfer in 

forced convective boiling reflects a basic uncertainty regarding the 

fundamental phenomena. To quote Steiner and Taborek (1992): "/« 

flow boiling, the nucleate and convective components are superimposed 

hy a very complex mechanism which so far is not well understood". 

In addition to uncertainty regarding the right form for combining 

convective and boiling contributions, there is also uncertainty about the 

models for calculation of the individual convective coefficient and 

boiling coefficient. The developments of such models have hampered by 

the fact that experimental data for convective boiling provide values 

only for the total heat transfer coefficient, thereby necessitating a 

heuristic approach to the assignment of the relative contributions by 

each of the individual mechanisms. 

This raises a number of phenomenological issues in both experimental 

and modelling areas and the main ones are as followings: 
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CHAPTER 1 INTRODUCTION 

(1) Is it possible to prove by direct experiments whether the 

hypothetical mechanism of secondary nucleation is important in 

annular flow? 

(2) Is it possible to develop a rational phenomenological model 

comprising the individual convective coefficient and boiling 

coefficient to predict heat transfer coefficients in annular flow? 

To answer these questions the following work was conducted in the 

present study: 

(1) Experiments to provide a direct check of the hypothesis of 

secondary nucleation. Here, experiments would be carried out 

under the same condition (namely equilibrium annular flow) for 

both evaporation and condensation. If secondary nucleation is 

important in the forced convective regime, then this could result in 

a higher heat transfer coefficient for evaporation than for 

condensation. Tests previously carried out by Chan (1990) using a 

configuration similar to the one used here indicated strongly (and 

surprisingly) that evaporation and condensation coefficients in 

forced convection were different. However, the accuracy was 

limited and in the experiments developed in the present work, 

improved accuracy was sought by using a new design of sub-
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CHAPTER 1 INTRODUCTION 

atmosphere pressure boiling facility and employing water as both 

the heating and the cooling fluid in the test section. To carry out 

the experiments involved a major reconstruction of the Imperial 

College boiling facility. 

(2) To develop an improved heat transfer model for flow boiling 

covering both forced convective evaporation and nucleate boiling. 

The work was carried out in parallel with the experimental work. 

In the study of the second area (namely ,slug flow), the main purpose 

was to interpret the experimental results of Jung (1989), which show a 

considerable variation of the heat transfer coefficient around the 

periphery of the tube at low qualities, with the top of the tube having 

the highest coefficient. It is shown that this region is likely to be one in 

which slug flow occurs and this situation is analysed both from a 

hydrodynamic and from a heat transfer point of view. The analysis 

shows that heat transfer at top of the tube is dominated by nucleate 

boiling whereas that at the bottom is dominated by forced convection. 

Though the film at the top of the tube is very thin, it is also very slow 

moving compared with the liquid layer at the bottom. Thus, suppression 

of nucleate boiling appears to be much greater in the bottom layer. A 

new model for horizontal slug flow has been developed. It was possible 

to use the model to predict data obtained for the evaporation of a 

refrigerant. 
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CHAPTER 1 INTRODUCTION 

In what follows, Chapter 2 presents a literature survey which covers 

the subjects of hydrodynamics and heat transfer in forced convective 

flow boiling, condensations and slug flow. Chapter 3 gives a 

description of the experimental facility and the design considerations 

involved in it, followed by a discussion of the experimental results. 

Chapter 4 is devoted to a development of an improved heat transfer 

model for annular flow, and comparisons between the model predictions 

and experimental data are also discussed. Chapter 5 introduces a new 

heat transfer model for horizontal slug flow. Finally, a concluding 

discussion is given in Chapter 6, which also contains some suggestions 

for future work. 
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Chapter 2 

LITERATURE SURVEY 

In this Chapter the objective will be to survey the present state of 

knowledge regarding the heat transfer characteristics of saturated 

forced convective flow boiling in annular flow and condensation to 

provide a context for the presentation of the author's own analytical and 

experimental work. A vast amount of work has been done in the area 

and it is inappropriate to give details of all of it. Rather, salient 

features will be given which are helpful in the subsequent chapters. 

Finally, a brief review of hydrodynamic and heat transfer characteristics 

of horizontal slug flow is presented. 

2.1 Heat Transfer in Annular Flow 

In the following sections general empirical and theoretical approaches 

for forced convective boiling and convection heat transfer are described 

respectively. 

2.1.1 Empirical models of forced convective boiling in annular flow 
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CHAPTER 2 LITERATURE SURVEY 

It is widely accepted that both nucleate boiling and evaporation under 

forced convective heat transfer occur to some degree over the entire 

range of annular flow. Various methods have been developed for 

predicting the heat transfer coefficients. The following sections do not 

attempt to review all the available literature on the subject. The 

intention is rather to provide a brief account of the present state of 

knowledge which is useful in what follows. 

2.1.2 Nucleate boiling 

Nucleate boiling heat transfer in forced convection is governed by the 

mechanisms of nucleation and subsequent bubble growth and release. 

There are two types of correlation, namely those based on pool boiling 

and those based directly on forced nucleate boiling data. 

2.1.2.1 Pool boiling correlations 

Phvsical properties based correlations 

Stephan and Auracher (1981) developed a natural convection boiling 

correlation using a set of dimensionless numbers through a regression 

analysis method. The expression for water in pressure range between 

0.0001 < pjp^ <0.8865 is given as 

5.22 

(2 1) a„d = 0.246 X10^ f < 1 
1.58 0.673 f c T 

^pl^SAT"-

1.26 

(PL-PG\ 

K 
= 0.246 X10^ 

I V J \ J y PL J 
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where d is the bubble break-off diameter, which can be calculated by the 

following expression 

d^OmOAbO (2.2) 

Where 0 is the contact angle and b is the Laplace constant defined as 

h 
f ^05 

a (2.3) 
.g(PL-Pa)j 

Regression analysis represents a method for deriving a correlation 

between a dependent and several independent variables. It is based on 

two assumptions; 

(i) A sufficiently large number of experimental data must be available 

describing the influence of the essential variables over a wide 

range. The quality of the correlation depends decisively on the 

number and accuracy of the experimental data. 

(ii) A general form of equation must be known including all the 

essential variables. 

Though the Stephan and Auracher correlation represents a useful 

correlation, it is doubtful if it meets with these criteria completely. 

Another well-known correlation was established by Forster and Zuber 

(1955), which is used as a component in Chen's combined saturated 

forced convective nucleate boiling correlation (Chen, 1966) (described 

more fully below). 
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a„ = 0.00122 
;0.79 0.45 0.49 

^pL HL (2 4) 

where is the saturation pressure difference corresponding to 

AT 
i^J-SAT • 

Reduced pressure based correlation 

Cooper (1984) investigated various pool nucleate boiling correlations 

and groups of fluid physical properties used in them. He concluded that 

most of the physical property variations can be well represented by the 

reduced pressure and molecular weight of a fluid. This led Cooper to 

propose the following general correlation: 

= (2.5) 

Where is the reduce pressure, Rj, the roughness of the surface. If 

not known, is assumed to be unity. 

2.1.2.2 Forced convective nucleate boiling correlations 

Rather than correlate forced convective nucleate boiling in terms of 

pool boiling correlations, it may seem reasonable to use direct 

correlation of forced convective data for which nucleate boiling is 

considered dominant. This approach was followed by Rohsenow (1963) 

whose correlation is based on the assumption that the total heat flux 

density q is made up of two parts. The main part q„ is due to the 

mechanism of bubble formation and microconvection around the bubbles 
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as it is observed in natural convective boiling, while an additional part 

comes from the influence of forced convection 

q = (2-6) 

The first term in this equation is calculated from Rohsenow correlation 

for natural convection boiling heat transfer 

= (e .6) /A; == I'r-*? (2-?) 

where the heat transfer coefficient is defined through 

^n=^»/{^w~^sAT)' ^ is Laplace constant, 6 = (J and the 
.g{PL- PG\ 

Reynolds number Re„ and Prandtl number Pr are given by 

^^n={irP)l{yL^fgPi) &nd P r = i ^ / f ^ . The factor Cf in equation (2.7) 

considers the thermal properties of the heater and the interaction 

between the wall and boiling liquid. The convective term may be 

evaluated from the Dittus-Boelter equation 

Nu^ = a,DIX^ = 0.023Re"" Pr°" (2.8) 

with the Reynolds number Re = (/wD)/(vj./7^) and the Prandtl number 

Pr= . 

2.1.3 Forced convective evaporation 

Usually, it is thought that, in this region, heat is transferred by 

conduction and convection through the liquid film and vapour is 

generated continuously at the interface. The bulk vapour in the core 
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region is normally assumed to be at the saturation temperature 

appropriate to the local pressure. A small temperature drop between 

the interface and the bulk vapour is a necessary consequence of vapour 

flux away from the interface. This temperature drop is normally ignored 

(provided reduced pressure is larger than 0.001 bar). Thus, the total 

temperature drop in the system ( = 2^ - 2^^.) occurs across the 

liquid film. 

Following the suggestion of Martinelli, many investigators have 

correlated their experimental results of heat transfer rates in the two-

phase forced convective region in the form 

a . 

a 

a \ 

Lo V j 

" 1 " 
(2.9) 

where is the value of the two-phase heat transfer coefficient, and 

and are values of the single-phase liquid heat transfer 

coefficient based on the total and liquid component flow respectively, 

is the Lockhart and Martinelli (1949) parameter 

= 
{dppldz)^ 

{dp^jdz)^ 

-,1/ 

(2.10) 

which may be approximated as 

f l - x ' ) 
0.9 

Po 
0.5 f \ 

r N 
L % J 

(2 .11) 

where {dppldz)^^ and {dpp/dz)^ are the frictional gradients for the liquid and 

gas phases flowing along the channel. 
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For example, the Dengler and Adams (1956) correlation is as follows: 

(2.12) 
a tp 3.5 

/ J > 0.5 

a Lo 

Note that 4 is the wall heat flux and is the wall 

temperature. 

The heat transfer within the liquid film can be calculated from 

theoretical models. For turbulent annular flow the equation governing 

the transmission of heat through a liquid film can be written as 

4 ~ {^L ^H^plPL) cfy 
(2.13) 

where is the eddy thermal diffusivity. It is convenient to express eq. 

(2.13) in a dimensionless form as follows 

1 = 1 _^^hPL dV 

dy' 
(2.14) 

where Pr^ is the liquid Prandtl number and: 

r = {T^-T) 

u = 

Ml 

(2.15) 

(2 16) 

(2.17) 

Assuming that the eddy thermal diffusivity and the momentum 

diffusivity are equal ( f ^ = £•„) and using an appropriate relationship for 
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s^ , eq. (2.14) can be integrated from T*=0 at ^^=0 to obtain values of 

at y^ = yf corresponding to the interface position. The two-phase 

heat transfer coefficient can then be computed from the relationship 

(2 IS) 

2.1.4 Combined nucleate boiling and forced convective evaporation 

In this section, two empirical superposition correlations will first be 

introduced. Then a theoretical method for annular flow will be 

discussed. 

2.1.4.1 Superposition correlations 

Chen correlation 

An early general correlation for saturated boiling, still widely used, is 

that of Chen (1966) who divided the heat transfer into two parts: a 

microconvective (nucleate boiling) contribution and a macro convective 

(non-boiling forced convection) contribution. These were combined to 

give an overall heat transfer coefficient, ; 

a ^ = a ^ + a „ (2.19) 

where and are the forced convective and the nucleate boiling 

heat transfer coefficients respectively. 
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Chen assumed that the convective component, a^, could be 

represented by a Dittus-Boelter type equation. 

a , = 0 . 0 2 3 R e ^ P r ^ : ^ (2.20) 

A parameter F is defined, such that 

F = 
Re. TP 

Rer 
(2.21) 

where is the Reynolds number for the liquid flow along in the 

channel. Chen correlated graphically 7̂  as a function of X^. His 

correlation can be fitted by the following equations 

F = l (1/Z«<0.1) (2.22) 

F = 2.35(l/X„ +0.213)"'' (1/X„ >0.1) 

Equation (2.20) may now be rewritten as 

= 0.023 
0.8 0.4 

X L . D _ 
{F) = Fa^ (2.23) 

The analysis of Forster and Zuber was taken as a basis for the 

evaluation of the 'nucleate boiling component', Chen argued that 

since the temperature profile in the liquid film of annular flow is much 

steeper than that in nucleate pool boiling, the mean superheat of the 

liquid in which the bubble grows can no longer be represented by the 

wall superheat. Therefore, an effective superheat, AT^, and the 

associated effective saturation pressure difference, AP^, should replace 

the wall superheat and its related pressure difference term in the original 
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Forster and Zuber correlation. Writing the equation for using the 

Forster and Zuber analysis with effective values of the superheat and 

vapour pressure difference, 

a„ = 0.00122 
» 0.79 0.45^0.49 

'-pL PL (2.24) 

Chen then defines a suppression factor, S, the ratio of the mean 

superheat (A7^) to the wall superheat (AT^^) 

S = (AT./AT^,)'« (2,25) 

The exponent 0.99 allows S to appear in the first power in the final 

equation. Using the Clausius-Clapeyron equation, eq. (2.25) can be 

written 

5 = ( A T j A T ^ , t " ( A p J & p ^ , ) " ' (2.26) 

Substituting this equation into eq. (2.24) gives 

a„ =0.00122 
r 0.79^0.45^0.49 

p̂L PL 
,0.5.. 0.29 1.0.24 „ 0.24 

(2.27) 

Chen assumed # to be a function of the two-phase Reynolds number 

(i?eyp = and indeed succeeded in establishing such a function. 

It should be noted that stagnant liquid (i?ejp=0) corresponds to pool 

boiling with S equal to unity. 

Guneor and Winterton correlation 

Gungor and Winterton (1986) suggested that the heat transfer 

coefficient in flow boiling may be calculated as the sum of the heat 
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transfer coefficients of forced convection and pool boiling, which is 

similar with Chen's approach but with different correlating factors. The 

basic form of their correlation is 

a^=EcLL+Sap^i (2.28) 

Gungor and Winterton included boiling number. Bo, into their 

convection enhancement factor, E, because the high axial velocities 

disturb the boundary layer next to the heat transfer surface and improve 

the heat transfer. Additionally, the generation of vapour in the boiling 

process itself results in significant disturbance of the layer and 

improved heat transfer. Gungor and Winterton employed iteration 

method to find the E and S as follows 

E = l + 240005o"® + 1.37(l/Z„)°'® (2.29) 

^ l + 1.15xlO-®£'Re^'' 

where Bo = 

The heat transfer coefficient in saturated boiling may be calculated 

using these two expressions and the following equations. All properties 

are calculated at the saturation temperature. 

^ t p ^ E a ^ + S a p ^ i (2.31) 

= 0.023 Rel"" Prl'^ ^ (2.32) 

= 55C'(- log,o (2.33) 
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Eq. (2.33) is the pool boiling correlation proposed by Cooper (1984). 

If the tube is horizontal and the Froude number is less than 0.05 then E 

and S should be multiplied respectively by 

(2.34) 

6", = V ^ (2.35) 

where Fr is defined asi^r = ĵ /w(l - /[p^^gL^. 

Gungor and Winterton tested nine saturated flow boiling correlations, 

including their own development and the Chen (1966) and Shah (1976) 

correlations, against a data bank (3693 data points) for water, 

refrigerants and ethylene glycol in vertical and horizontal flow in tubes 

and annuli. The Gungor and Winterton and Shah correlations performed 

best, giving 21% mean deviation in for all liquids and 17% for water 

in tubes, compared to 58% and 30% for the original Chen correlation. 

2.1.5 Theoretical models for forced convection in annular flow 

In order to use the theoretical models such as eqs (2.15) to (2.18) to 

calculate heat transfer coefficient in turbulent annular flow, the 

hydrodynamic characteristics in the liquid film and gas core, such as the 

film fiowrate, film thickness, pressure gradient and interfacial shear 

stress, must be obtained. These parameters can be obtained from the 

hydrodynamic theory of annular flow (Hewitt, 1982). 

2.1.5.1 The liquid film and the gas core 
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Several regimes of film flow behaviour have been identified in 

upwards annular two-phase flow. At low film flowrates it has been 

found (e.g. Hall-Taylor et ah, 1963, Hewitt and Hall-Taylor, 1971) that 

the film is covered with small ripples and there is little or no 

entrainment of drops. At higher film flowrate large disturbance waves 

are present and, as has been observed, these are often the source of 

entrained drops. There is a critical value below which no entrainment 

occurs and this was correlated by Asali (1984) and by Owen and Hewitt 

(1987). The Owen and Hewitt correlation is given in terms of a film 

Reynolds number 

(2.36) 
VL 

where is the mass flux (referred to the whole cross section) of the 

liquid in the film and D is the tube diameter, with the critical value 

given by 

= exp 
/- j—" 
5.8504 + 0 .4249^ ^ (2.37) 

Vl V Pg / 

Note that this limiting value may be applied in two ways; firstly at low 

flowrates it represents the minimum liquid flowrate which will give 

entrainment and secondly, at high flowrates it gives the minimum 

achievable film flowrates irrespective of the gas velocity. 

Models for pressure drop generally assume a uniform film thickness 

and take account of the effect of the waves either by using an effective 
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film roughness (from which an interfacial friction factor, f . may be 

calculated using standard relationships for single-phase flow in a rough 

pipe) or by correlating directly in terms of film thickness or film 

flowrate. The most commonly used interfacial friction factor 

correlation is that of Wallis (1970) 

f , = f ^ ( M m S I D ) (2.38) 

where d is the film thickness, is a single-phase gas-core friction 

factor and the interfacial friction factor. 

A relationship connecting the effective film roughness, eg, and the 

film thickness 8, and f^ is given by (Owen and Hewitt (1987)): 

1 ^ rA 1.5 \ ( i s , 1.5 1 
log —̂  +A^———h—— —log (2.39) 

^ fi ^TP ^TP fgj 

where the parameter Kj.p is the two-phase von Karman constant. A 

graphical correlation for Kj.p derived by Owen (1986) will be used here 

as follows: 

(2 40) 
\Pc^cy 

where and are the homogeneous density and velocity of the 

drop-gas mixture in the core of the annular two-phase flow. 

In eq. (2.39) is the effective roughness defined as 

(2 41) 
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where e is film roughness and is the thickness of the laminar 

sublayer of the vapour phase flowing along and is calculated by the 

following equation: 

where is the friction factor for the vapour phase flowing alone and is 

calculated by the Blasius equation: 

/ o = &079Ik;;^% (2.43) 

Owen and Hewitt (1987) established some correlations for e in terms of 

the following non-dimensional parameters: 

D D a 

The corresponding correlations are: 

< = > 2 ( ^ 0 0.011 < y (2.45) 

xlQ-^ 0.008 xy* (2.46) 

, (o .o i l - ^ ) , (y-0.008) , 
e '-e:+^ '-el 0 . 0 0 8 < 0 . 0 1 1 (2.47) 

0.003 0.003 

where eq. (2.47) is an interpolation between eq. (2.45) and (2.46). 

is a function , given by Nikuradse (1934) in graphical form, of the 

"roughness Reynolds number", Re*, which was defined by Owen (1987) 

as; 
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Re* =^BPc_ 
Va 

(2.48) 

where 

= (2.49) 

Chan (1990) fitted a polynomial to the graphical roughness correlation 

of Nikuradse as follow: 

< = A(Re*) 0.2 < Re* < 2 (2.50) 

4* = 8.5 Re* > 2 

Chan (1990) gave the factors of the above polynomials jh.̂  to jh^ in 

Table 2.1. 

Table 2.1 Polynomial factors for calculating interfacial friction factor 

a. A > 2 A K 

0 0 . 1 3 8 9 1 3 9 1 8 . 7 0 3 9 7 7 9 xlO"^ 4 . 7 9 5 1 8 5 5 x l O ^ 4 . 0 7 0 0 0 0 1 4 2 

1 0 . 1 2 3 4 0 7 1 7 7 . 4 3 4 7 3 1 7 x l O " ' 2 . 2 0 0 1 3 2 7 x l O ^ 1 3 . 4 1 6 3 5 6 

2 8 . 4 6 7 2 0 5 xlO"^ 2 . 2 3 4 9 8 2 5 xlO^ - . 5 1 0 5 1 8 1 xlO"^ - 1 2 . 6 4 2 0 4 3 

3 3 . 4 0 7 7 9 7 xlO"^ - . 6 6 0 9 3 6 0 xlO^ 1 . 1 9 7 3 9 7 6 xlO"* 7 . 1 0 9 9 1 0 5 5 

4 2 . 1 5 8 3 7 3 5 x l O " - . 0 8 1 8 0 9 4 xlO"® - 2 . 9 1 3 8 6 8 

5 - . 8 5 1 6 0 4 8 x lO* - 2 . 9 1 3 8 6 8 

6 - . 9 8 2 7 5 0 5 xlO* 

The interfacial shear stress r, is related to / . through the equation 
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(2.51) 

where and U ,̂ are the homogeneous gas core density and velocity 

respectively. 

(2.52) 
^F/Pl+^G/PC 

(2.53) 
Pc 

where is the entrained liquid mass flux. 

Since / depends on 5 (which is unknown) in both of the above 

approaches, another relationship is required to give a closed solution. 

The most commonly used of these is the so-called "triangular 

relationship" between interfacial shear stress, film flow rate and film 

thickness. Through this relationship, if any two of the variables are 

known, the third may be calculated. 

2.1.5.2 Calculation of liquid film flowrate 

Annular flow would be a relatively straightforward regime were it not 

for the existence of a complex interface between the film and the vapour 

core. The dominant form of wave on this interface is the so-called 

disturbance wave which occurs above a critical liquid flowrate in the 

film and which increases the interfacial friction between the core and the 

film and gives rise to droplet entrainment from the wave tip. On the 

other hand, the droplets in the gas core are constantly being deposited 

42-



CHAPTER 2 LITERATURE SURVEY 

back onto the liquid film. The fraction of the liquid entrained depends 

on the dynamic process of entrainment and deposition. In equilibrium 

annular flow, the entrainment and deposition rates are equal and the 

fraction of liquid entrained remains unchanged. 

For the region where droplet entrainment is taking place, there has 

again been an evolutionary development of empirical correlations for 

deposition and entrainment. Here one of the most recent sets of 

correlations, namely those of Govan et al. (1988) is introduced. For 

droplet deposition, Govan et al. defined a droplet mass transfer 

coefficient in the usual way by the following rate equation: 

D , ^ k C (2.54) 

where is the deposition rate, k the mass transfer coefficient and C 

the droplet concentration in the gas core, calculated assuming a 

homogeneous gas/droplet mixture. 

Based on data from experiments where only deposition took place, 

Govan et al. (1988) derived correlations for the mass transfer 

coefficient as follows: 

t ^ = 0.18 % <0.3 (2.55) 
V a / "g 

jj. = 0.083 > 0.3 (2.56) 

At equilibrium. 

D . = E = kCE (2.57) 
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where Q is calculated using the equilibrium entrained flow fraction. 

Govan et al. were able to use data from equilibrium annular flow to 

calculate the entrainment rate {E) for which they then established a 

correlation as follows: 

— = 5.57x10"' 
rrtn. ^Po 

0.316 

for >m^^(2 .58) 

Where Wq is the gas mass flux and is calculated from eq. (2.37). 

For equilibrium annular flow, the equilibrium droplet concentration ( Q ) 

can be expressed explicitly by substituting eqs. (2.56), (2.57) and (2.59) 

to (2.61) into equation (2.58). After some algebraic manipulations, the 

following expression can be written: 

Cg. = 5.57 X10 -5 / • . \2 ̂ Pl 

'TPg 

0.316 

(2.59) 

Cg - 5.57 X 10-

I 1 Vo-ss 

(^LF ^LFc) 
DPl 

o-Pg 

0.316 

(2.60) 

By definition, 

— 0 

UcCgTO-; = rh^nr^ 

02 61) 

(2.62) 

44-



CHAPTER 2 LITERATURE SURVEY 

where is the average velocity of the core homogeneous flow and 

is the mass flux of the entrained liquid based on the tube cross sectional 

area. Therefore, 

(2.63) 

The film flow rate (M^) in equilibrium flow is then given by; 

Mlp = ^ L - (2.64) 

The value of can then used in the film analysis to calculate S and 

r which can in turn be used in the heat transfer analysis. 

2.1.5.3 The triangular relationship 

This relationship, so called because it relates the three principal 

dependant variables in annular flow (i.e. film flowrate, M^ , film 

thickness, S, and the pressure gradient, dpjdz), is described in detail by 

Hewitt and Hall-Taylor (1970) and Owen (1986) and so will only be 

summarised here. The derivation is carried out in the following steps. 

(1) Referring to Figure 2.1a (shown at the end of this Chapter), a 

momentum balance on an element of the gas core gives (assuming 

negligible acceleration): 

(2.65) 

where a; = - 5. 
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(2) A momentum balance on an element of film (Fig. 2.1b) then gives 

the shear stress variation within the film: 

(2.66) 
'\rJ 2\ck J\ r J 

(3) The velocity distribution in the film is obtained by integration of the 

expression 

= P l ( ^ l+6m)— for turbulent flow (2.67) 
dy 

for laminar flow (2.68) 

where 

y = r^-r (2.69) 

(4) The velocity profile obtained in (2.67) or (2.68) may be integrated 

to give the film fiowrate 

^LF = l y ^ i P i d y (2.70) 

If the actual curvature of the film and the variation of shear stress 

within the film is taken into account, and appropriate expressions for 

turbulent viscosity introduced, then solution of the above equations 

requires numerical integration. 

2.1.6 Theory of nucleation on flow boiling 

In order to obtain a mechanistic model for the microconvective 

component of heat transfer in flow boiling, detailed information on the 
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nucleation, growth, departure, and burst of vapour bubbles is required. 

This aspects are reviewed in the following sections. 

2 .1 .6 .1 Nucleation 

The initial stage of bubble formation is called nucleation. The bubble 

formed may be completely or partially surrounded by liquid. In the 

former case, thermal fluctuations occur in the metastable liquid and 

there is small but finite probability of a cluster of molecules with 

vapour-like energies coming together to form a vapour embryo of the 

size of the equilibrium nucleus. This process of vapour formation in a 

metastable liquid is referred to as homogeneous nucleation. In the 

latter, foreign bodies and container surfaces normally provide ample 

nuclei to act as centres of vapour formation. The vapour generation 

from pre-existing nuclei is termed heterogeneous nucleation. In a liquid 

at a given temperature, the molecules all have different kinetic energy 

and the distribution of which is given by statistical physics, in a liquid 

at or near saturation temperature a cluster of molecules can form with 

the molecules all having enough energy to stay in the vapour phase for a 

short time. Part of the surplus energy of the cluster is needed to 

enlarge the vapour-liquid interface. The cluster can only survive if the 

addition of extra molecule adds the energy needed to expand the 

surface. If this extra energy is calculated as a function of the cluster 
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radius, it is found that below a certain radius the cluster always 

collapses and above this radius the capture of molecules lead to growth. 

From a macroscopic point of view, for a bubble of radius to grow, 

the internal pressure must overcome the collapsing effect of surface 

tension, i.e. it must exceed the pressure in the liquid by 

^ = (2.71) 

The internal pressure, p^, is the vapour pressure, which depends on the 

temperature of the bubble interface (and its curvature). Therefore, from 

eq. (2.71) it can be seen that the interface temperature must exceed the 

saturation temperature corresponding to the liquid pressure, that is the 

liquid surrounding the bubble must be superheated. In an equilibrium 

condition, the pressure inside and outside the bubble must satisfy the 

Gibbs equation 

^ = Pb-PL='^<^l RE (2.72) 

where is the equilibrium bubble radius. If the pressure, 

corresponding to the saturation temperature in the bubble is constant, 

when the following condition is reached 

= (2.73) 

the bubble will collapse. 

By introducing Clausius-Clapeyron equation and assuming that the ideal 

gas law applies in it and is constant over the integration limits, 

to (/?„,2;), we obtain: 
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In 
^ 1 O 

\ P j R 
(2 74) 

^^SAT ^6/ 

where R and M are the universal gas constant and molecular weight for 

the liquid respectively. 

With the assumption of , the substitution of the Gibbs 

equation into eq. (2.74) results in the following expression 

la RTl ^ ^ 
1 + - (2.75) 

V RepJ 

It is clear from eq. (2.75) that the maximum superheat barrier to be 

overcome corresponds to the smallest radius of the bubble. 

2.1.6.2 Bubble growth 

For vapour bubble to grow the following conditions must be satisfied 

(i) The temperature of the bubble interface must be lower than that of 

the surrounding liquid so that the heat is supplied to cause evaporation. 

(ii) The pressure inside the bubble must exceed that in the bulk liquid, 

both to do work to increase the kinetic energy of the surrounding liquid 

and to overcome the interfacial pressure difference caused by surface 

tension. 

The symmetrical growth of a bubble in a uniformly superheated liquid 

is amenable to analysis and two limiting cases are distinguished; 

inertia-controlled growth, (Rayleigh, 1917), in which the pressure at 

- 4 9 -



CHAPTER 2 LITERATURE SURVEY 

the bubble boundary is significantly higher than in the bulk liquid but 

the temperature in the liquid is nearly uniform; heat transfer controlled 

growth, (Plesset and Zwick, 1954, Forster and Zuber, 1954, Bankoff 

al., 1958, Mikic it ah, 1970), in which the liquid pressure is practically 

uniform but there is a sharp temperature gradient across a thermal 

diffusion layer. Inertia effects are important in the early stages of 

bubble growth, particularly at large superheat, low pressure and in high-

conductivity fluids such as liquid metals. Thermal diffusion controls 

growth at low superheats and in the later 'asymptotic' stages of growth 

when the radius increases with the square root of time. 

Mikic it al. (1970) derived a relation for bubble growth rate, which is 

valid in both inertia controlled and heat diffusion controlled growth. In 

their derivation, instead of starting formally with the momentum 

equation, they made use of a total kinetic energy expression (Witze it 

al., 1968) for the liquid phase surrounding a spherical bubble that grows 

on a plane surface. This kinetic energy is equal to the work done by the 

pressure difference between the bubble interior and infinity and the 

resultant equation is: 

or after solving for dRjdt and expressing the result in a dimensionless 

form 
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dR' 

df 
(2.77) 

where 

and f = ^ ^ 
B' B' 

(2.78) 

where 

A = ^fgPG^T^& SAT 

Pjs 
and B 

12 ^2 

SAT / \7r 
Ja (2.79) 

where 6=2/3 for bubble growth in an infinite mass of liquid, and b = np 

for a spherical bubble growing attached to a surface and Ja is Jakob 

number ( J a = )- Mikic it al. integrated eq. (2.77) 

from R^ =0 and f =0 to give the following expression: 

( r + i ) 2 - ( r ) 2 - i (2.80) 

For « 1 eq. (2.80) simplifies into the Rayleigh solution 

R^ 

R = At = 
\ '^PL^sat / 

(2 81) 

(2.82) 

For t* » 1 one gets from eq. (2.80) the Plesset and Zwick relation 

R ^ = y f F (2.83) 

R = B^^t (2.84) 

Another noteworthy bubble growth model was developed by 

Fyodorov and Klimenko (1989), which considered the effect of local 
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heat transfer processes on the growth of a spherical bubble near a 

heated surface. 

Fyodorov et al. (1989) considered the temperature field in a solid 

wall under the growing vapour bubbles in boiling with small angles of 

wetting. The unsteady state equation of heat conduction in the wall is 

^ = (2,85) 

at 

For slow bubble growth and high values of wall thermal diffusivity, k^, 

it is possible to ignore the term dTjdt in eq. (2.85), which then 

becomes 

V ' r = 0 (2.86) 

This means that for each value of there will develop in the wall a 

steady state. In other word, the unsteady heat transfer is realised in 

such way that the system at hand passes successively through an infinite 

number of stationary states. In this sense the heat transfer in the wall 

can be called quasi-stationary. 

After the temperature field in the wall under the growing bubble was 

found, the total heat transfer between the wall and the bubble interface, 

can be calculated and the growth bubble radius also can be 

obtained. 

To find the bubble growth radius, R, the energy balance equation is 

used: 
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KPo^{^''R'\ = Qjc,Re, (2.87) 

where Q„=Q^R/{XlO,), Q„ is the heat flowrate transferred from the 

wall, 0, = T^-Ts^t-

When the heat transfer from the superheated layer is considered, 

integration (2.87) from O t o f yields: 

R = l-Ja 

3/2 

+ J Ja 

3/2 

V ;r [v 
2/3 

(2 .88) 

where Ja = is the Jakob number, .^;r/3 w 0.98. 

Since is a unique function of ^{ = X^) which is responsible for 

heat transfer from the wall in the quasi-stationary mechanism of heat 

transfer, it is shown that: 

\,27t 

eq. (2.88) can then be written as: 

6.9 

( l + 1 0 7 0 / ^ y 
= r (2.89) 

(2.90) R = [ja'^^+rja''')\l^ 

eq. (2.90) is applicable when 1 0 < 4 2 2 0 and 0.4< J a < 100. 

2.1.6.3 Forces on a bubble 

When liquid flows past a bubble at a wall, hydrodynamic forces may 

become important, causing bubble to depart from the wall. 
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^sx ^dux 

Figure 2-2 Hydro dynamic forces (generated from bulk liquid velocity) 

on a bubble attached to a vertical wall. 

The forces acting on the bubble include (see Figure 2-2) (1) surface 

tension force, F^, (2) buoyancy force, Fg, (3) drag force, F^, (4) shear 

lift force, F^ , (5) growth force, F^^. These forces will be discussed in 

detail below. 

Surface tension force 

At the bubble base the vapour-liquid interface ends in a three-phase 

contact line. The resultant force of adherent is approximately pointing 

in the direction given by the local contact angle. For a bubble at a 

vertical wall the contact angle is a function of the circumferential angle. 
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Al-Hayes and Winterton (1981) used the measured advancing contact 

angle, a and the receding contact angle, p, to get the circumferential 

angle by assuming a smooth variation of contact angles at intermediate 

points. The net surface tension force arising from the difference 

between the advancing and the receding bubble in a direction parallel to 

the wall is given by (Winterton, 1981): 

F ^ = ^ n R a sin 6^ (cos P + cos a)C, (2 91) 

where Q = [58/(0^+5)+ 0.14]; C, is an empirical constant given by 

Winterton to fit their experimental data. 0^ ,^ and a are the contact, 

receding and advancing angles in degrees respectively. 

To determine the components of surface tension force and 

Klausner it al. (1993) differentiate the advancing contact angle, a, 

from the receding contact angle, /?, on the plane parallel to the flow 

direction and normal to the heat surface . A third order polynomial is 

assumed for the local contact angle, Y{<f) 

y(<f) = p+(a-0) , 0 < ^ < ; r (2.92) 

where (/> is the polar angle around the bubble. It satisfies y(o) = p and 

y(7r) = a and the symmetry conditions y(0) = y(7!:) = 0. This is a good 

representation when the difference in a and p is not large. The 
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respective surface tension forces in the x- and y- directions are given 

by: 

F^=-jd^acosycos^d(/> (2.93) 

F^=-jd^asmyd(/> (2.94) 

where d^ is the surface of a wall and the bubble contact diameter. For 

the purpose of evaluating (2.93) and (2.94) and obtaining a closed form 

from approximation for and F^, eq. (2.92) is further simplified to 

/(^)«y0 + (a-y0)—, 0 < ^ < ; r (2.95) 
n 

Substitution of (2.95) into (2.93) and (2.94) yields 

(sina + sin)9) (2.96) 
n -[a-p) 

Fsy ~ ^ (cos^ - cos a ) (2.97) 
\a-l3) 

Results of numerical integration of (2.93) and (2.94) using (2.95) 

indicate that F^ given by (2.96) should be correlated by multiplying by 

a factor of 1.25 and F^ given by (2.97) does not require correlation. 

Buovancy force 

In most models the buoyancy force, is of dominant importance for 

the bubble detachment. Buoyancy force is caused by the 

inhomogeneous pressure along a submerged body with a mass density 

differing from the mass density of the fluid. 
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The buoyancy force, F^, is given by: 

P b = ^ ^ R \ P L - p G ) s (2.98) 

For a truncated bubble Al-Hayes and Winterton (1981) gave the 

following expression 

Pb =^^^VL(2 + 3cos0„-cos^^„)g (2.99) 

Drag force 

In many models, the resisting force on a bubble moving in a fluid is 

considered to be a drag force on a spherical or hemispherical bubble: 

(2.100) 

where Cr, is the drag coefficient which depends on the shape of the 

bubble and Reynolds number. A is the area of the bubble cross section 

and the undisturbed liquid velocity. 

If a bubble attaches to a wall and fluid is flowing along it, 

determination of the drag force is difficult because of the non-spherical 

shape and the non-uniformity of the flow field. Al-Hayes and Winterton 

(1981) derived a drag coefficient of gas bubble. Assuming that the 

bubble shape was a truncated sphere and using the measured advancing 

and receding contact angles of droplets on a tilted plate in a force 

balance equation including drag, surface tension and buoyancy forces, 

they obtained a correlation for Cd'. 
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Cg = 24/Rej 4 < Re^ < 20 

Q = 1.22 20<Re^ <400 

(2.101) 

(2.102) 

the bubble Reynolds number is given by =2i^F„/v. eq. (2.101) 

is identical to that for the drag coefficient of a solid sphere with the 

same volume. The velocity used to calculate the bubble Reynolds 

number is the liquid velocity at half the bubble height. The presence of 

the wall will lead to a large difference in the liquid velocities along the 

bubble. This, plus the turbulence in the boundary layer, would influence 

the drag on the bubble. 

Mei and Klausner (1992) numerically solved the unsteady Navier-

Stokes equations for the flow along a spherical bubble at finite Reynolds 

number. For the steady drag force they found a value lower than the 

Stokes drag on a rigid sphere for low Reynolds number. The steady 

drag coefficient they got was found to agree with other observations. 

They proposed the following interpolation for Reb up to 1000. 

24 

Reu 

2 
- + 

3 

^12^" 
+ 0796" 

(-v«)l 

M = 0.65 (2.103) 

Lift force 

A body will experience a force in a direction perpendicular to the 

flow if either the body is non-symmetrical or the flow is non-uniform. 

This force is the so-called lift force. It comprises hydrodynamic forces 

acting in the direction transverse to the flow. It is partly generated by 
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the suction on an adhering body of a uniform flow over the body 

('Bernoulli suction'), partly by the interaction of a gradient in the 

approaching liquid flow and the relative velocity. 

p, = c „ (2104) 

where is the capillary radius of a wall cavity, R the bubble radius, A 

the area of bubble cross section, the velocity in bubble mass centre, 

the volume of the bubble, the relative velocity between the 

bubble mass centre and the ambient fluid, ^ the unit vector in y-

direction. Q , accounts for the 'Bernoulli suction'. If the bubble 

Reynolds number is high Q j can be calculated from Bernoulli equation 

and potential theory. For a hemispherical initial growth bubble, Q , has 

the value of 11/8 with A-\TtP^^ and R = R^. If the bubble is growing in 

a truncated spherical form, the value of this force is assumed to 

decrease inversely proportional to the bubble radius, made explicit by 

the factor R^/R in eq. (2.104). 

Mei (1992) gave an approximate expression for the shear lift force on 

a spherical bubble, which was derived for the shear lift force on a 

spherical bubble in an unbounded flow field at low Reynolds number. 

The shear lift force is two-thirds of that for a solid sphere derived by 

Saffman (1965,1968). Combined with the result of Auton (1987) for 

the shear lift force on bubble in the inviscid flow limit with small shear 
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rate, an interpolation was developed for the purpose of estimating the 

shear lift force over a large range of Reynolds number and given as: 

Q = =3.877G°-^ Re-'^+(0.344G°4'' 
l/m 

, m = 4 (2.105) 

where 

is the dimensionless shear rate of the oncoming flow. 

dU 

AC/ 
(2.106) 

Growth force 

A growing bubble experiences a dynamic pressure difference over its 

surface. For an expanding vapour bubble completely surrounded by 

liquid this pressure difference can be found by applying mass and 

momentum conservation, giving the Rayleigh equation: 

(2 107) 

where R = dR/dt and R = d^R/dt^ . R is an added mass term. If the 

relative velocity of a body immersed in a liquid is changed or if its 

volume is changed, the total kinetic energy of the liquid changes. This 

results in a force acting on the bubble resisting the original motion. 

This force can be thought of as originating from an extra mass of the 

bubble, referred to as the virtual or added mass force. The value of this 

mass depends on the geometry and size of the surrounding liquid, the 

liquid density and the position of the bubble. If the radius is known as 

function of time, the resulting expansion force on the bubble can be 
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found by integrating eq. (2.107) over the bubble surface. 

Witze et al. (1968) gave an analytical solution for the potential flow 

caused by a growing bubble tangent to a surface. If a growth model is 

given, the resisting force on the bubble can be calculated. For instance, 

using the square-root bubble growth model of eq. (2.80), the pressure 

distribution along the sphere surface can be found. The force can cause 

a flattening of the growing bubble. 

Klausner et al. (1993) modelled the growth force by considering a 

bubble expanding in an inviscid liquid. Zeng et al. (1993) modified the 

expression with the introduction of an empirical constant, Q , to 

account for the presence of a wall. The growth force, expression 

given by Zeng et al. can be written as: 

D2( 3 62 j r , = (2.10;;) 

The constant Q have to be determined experimentally. The value found 

for Q ranges from 1 to 6.67. the value of 1 was found for forced 

convective boiling, while the higher value resulted from pool boiling 

experiments. 

When the bubble is inclined in the flow direction with an angle, 0,, 

the force due to unsteady growth in the respective x- and y- direction 

may be estimated from: 
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Fdux=FduSinQi (2.109) 

Fduy=Pdu(̂ osQi (2.110) 

2.1.6.4 Bubble growth and bursting after its departure from the 

heated wall 

In many forced convective evaporation situation, annular flow occurs 

and bubbles formed at the wall have to burst through the film-vapour 

core interface. 

Due to the very complex nature of bubble burst and also due to the 

difficulties in experimental measurements and analytical modelling, there 

has been no systematic study of vapour bubble bursting at vapour-liquid 

interface in forced convective boiling. In what follows, some possible 

mechanisms for bubble burst are reviewed. 

The possible mechanisms may be advanced for bubble bursting at the 

film-vapour core interface: 

(1) Bubble interactions with turbulent eddies cause bubble bursting. 

(2) Film drainage of the bubble surface causes the bubble bursting. 

(3) The onset of imbalance between the cohesive forces and the 

disruptive forces, etc. causes the bubble bursting. 
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Much of the published literature concerned the hypothesis (1) on 

bubble break-up is derived from Kolmogorff (1949) and Hinze (1955) 

and relates to bubble break-up in a continuous liquid phase. Bubble 

break-up occurs through bubble interactions with turbulent eddies. The 

eddies responsible for break-up are equal to or marginally smaller than 

the bubble size. Larger eddies simply transport the bubble without 

causing break-up, while very small eddies do not contain sufficient 

energy to effect breakage. The criterion for break-up relates the energy 

of the eddy to the surface tension force of the bubble. The balance of 

disruptive and cohesive forces is generally expressed with the 

dimensionless Weber number. 

= (2.111) 
(J 

where u is bubble velocity, Dj the bubble diameter, the liquid density, 

and a the surface tension. A critical Weber number will exist at the 

point where cohesive and disruptive force balance, resulting in a 

maximum stable bubble size. However, though turbulence may still have 

a role in bursting bubbles at the film-core interface, the presence of the 

interface is clearly a complicated feature. 

There exist numerous experimental investigations pertaining to 

bubble bursting due to its film drainage, particularly for foam films. For 

recent reviews see, for example, Hahn ei al. (1985) and Prince and 

Blanch (1990). Most of the models of aforementioned studies are based 

on the lubrication approximation theory, namely the quasi-static 
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assumption which neglects the inertia terms in the equations of motion. 

For non-foaming liquids, not many experimental data are available. 

Only Cain and Lee (1974) and Doubliez (1991), to the present author's 

knowledge, have reported thickness measurements on fast drainage of a 

film between two captive bubbles in KCI solutions or for a bubble 

approaching a free surface in distilled water. Most experimental studies 

involve the observation of a large population of bubbles and knowledge 

of the coalescence process is only indirect via interfacial area or hold-

up. For solutes like electrolytes or organic compounds like alcohol, the 

main feature is that there is sharp transition between the quick 

coalescence which occurs in pure water and a coalescence inhibition 

which takes place in a narrow concentration range (Keitel and Onken, 

1982). 

There also is substantial body of literature which claims that bubble 

or droplet burst at the moment of the onset of force imbalance. For a 

recent view see, for example, Boulton-stone and Blake (1993), 

Richardson (1989). Chan (1990) analysed some high speed cine films of 

nucleate boiling in an annular flow obtained by Hewitt et al. (1965) to 

investigate bubble burst size and frequency. The analytical results 

showed that the bubble burst size was an order of magnitude greater 

than the film thickness. It has also been observed (see for example 

Newitt et al. 1954 or Allan et al. 1961) that a bubble may rest for a 

short time at the free surface before bursting. 
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In the following, a brief analysis is given of the aforementioned 

hypotheses on bubble burst. 

2.1.6.5 Analysis of the hypothesises on bubble bursting 

Most of the researchers who studied bubble bursting based on the 

hypothesis (1) focus on the system of air-sparged bubble columns in 

turbulent gas-liquid dispersions and/or of bubble reactors. Since the 

situation we would consider here in the thin vapour-liquid interface of 

two-phase annular flow is quite different from the above system, we will 

not pursue any analytical approaches based on hypothesis (1). 

Most of the investigators who studied bubble bursting based on 

hypothesis (2) focus on the film drainage effect. Here, viscosity plays 

an important role in determining the drainage and stability properties of 

lamellae. There are three main reasons for film stability (see for 

example Bikerman 1973): surface viscosity, the Marangoni effect, and 

to a lesser extent electrostatic repulsion forces. In opposition to these 

electrostatic forces there are London-van der Waals forces that tend to 

pull the two sides of the films together, thus increasing the tendency to 

rupture. However the last two of these forces act over a very short 

range (of the order of 100 nm) and thus only have effect in the later 

stages of thinning. Early on, while the film is thicker, there are two 

mechanisms for drainage. Obviously, one is gravity. The second is due 
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to Plateau borders (see Bikerman 1973). There are regions of high 

surface curvature, particularly in foams, causing low pressures at the 

'corners' of a bubble. This mechanism is not so important when applied 

to a single bubble, where the curvature is almost constant before it 

bursts. 

Hahn et al. (1985) used a lubrication approximation theory including 

the effects of London-van der Waals forces to model the draining of a 

film above a bubble. In this way, they were able to obtain estimates for 

the rupture time, taken as the time for the rim thickness to become zero. 

However, they mentioned that the geometry used, which prevents any 

asymmetric instabilities, and the assumption that there is no tangential 

motion on the surfaces due to the presence of surfactants, means that 

the model gives only an upper bound for the rupture time. The effect of 

electrostatic repulsion was also neglected. Hahn et al. (1985) defined 

the bubble burst time (at the time of the film rim goes to zero) as 

follows: 

(2 1121 
3̂8̂ 0.46 ^ • / 

where jj.̂  is liquid dynamic viscosity, 7?̂  the bubble burst diameter, Ap 

the difference of densities between liquid and vapour, a the interfacial 

tension and B the London-van der Waals constant. Since the situation 

we consider here is for non-foaming liquids (i.e. when there is no 

double-layer repulsion or steric effects to stabilise the film), the 

lifetimes of the lamellae are short. 
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Chesters and Hofman (1982) examined numerically the case of film 

formation during the collision of two bubbles. They assumed uniform 

velocity across the film and fully mobility of the surface. They showed 

that if the viscosity was neglected, it is possible to obtain a universal 

solution which does not depend on the Weber number (provided this is 

small). Their governing equations were only a function of the following 

variables: 

'• = (2.113) 

where We is the Weber number, the equivalent radius (for a bubble 

approaching a free surface R^^=2B^), h the film thickness, u the radial 

velocity of the bubble, t the time of bubble burst, r the radius of bubble 

burst, the velocity of the bubble rise. 

Doubliez (1991) modified the foregoing model of bubble burst proposed 

by Chesters et al. (1982) and used it to predict their experimental data 

for distilled water and alcohol. A good agreement between their 

experimental data and the model prediction was reported. Doubliez's 

model (1991) can be written as follows: 

t* =-^[h*y '-OnS (2.114) 

For bubble burst on a vapour-liquid interface in a thin, flowing film, 

there is no published correlation, or even data except of the analysis of 

Chan (1990). It is obvious that the foregoing analytical methods of 
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bubble burst for foam film and/or for a free rising bubble are not 

suitable to be used directly in this situation. In Chapter 4, a new 

method o j predicting bubble growth and burst size in thin liquid film is 

presented. 

2.1.6.6 Nucleate boiling in thin liquid film 

Nucleate boiling in thin liquid films exhibits two interesting 

characteristics which would appear to offer crucial tests of any general 

understanding of nucleate boiling. In some early experiments, higher 

heat transfer coefficients and critical heat flux are observed when the 

boiling occurs under a thin liquid film than for boiling in a deep pool of 

liquid. 

Neither of these characteristics would be expected on the basis of the 

usual textbook description of nucleate boiling. It is necessary to 

examine the exceptional attributes of boiling in a thin liquid film by 

surveying the related literature. 

The peak heat flux 

The peak heat flux in nucleate boiling is well predicted for the simple 

situation of a saturated liquid boiling on a plate. The basis of the 

prediction is that, at the peak heat flux, vapour is generated at such a 

rate that in leaving the surface it restricts the flow of liquid to the 

surface (Kulateladze, 1950 and Zuber, 1959). It is implicitly assumed 
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that any liquid that is able to get through will effectively cool the 

surface. Several investigators have now shown that if liquid is supplied 

by special means to a liquid film on the surface, then higher peak heat 

fluxes can be achieved. For water at atmospheric pressure, Kopchikov 

et al. (1969) reported achieving over 5 MW/m^ with water supplied by a 

spray. Toda and Uchida (1973) and Copeland (1970) reported 2.5 and 

2.0 MW/m^, respectively, using a jet. Patten and Turmeau (1970) 

reported as high a peak flux with only a film of water as with normal 

pool boiling. The usual peak heat flux is 1.6 MW/m^ for nucleate 

boiling of saturated water at atmospheric pressure. 

Katto et al. (1970), and Toraka and Akiyama (1970) have shown that 

a new theory is required to estimate the peak heat flux in all cases. The 

new theory considers a liquid film that is able to cool the surface 

effectively even though it does not continuously cover the surface. The 

details of how a liquid film is able to cool so effectively are not 

specified. 

How is it that a liquid film can transfer this much heat? Mesler 

(1976) claimed that the heat must be flow from the bottom of the liquid 

film to a vapour-liquid interface where vapour can be generated. One 

vapour-liquid interface is the upper surface of the liquid film, 0.1-1 mm 

away. Another is the inside surface of any bubble growing in the liquid 

film. The bottom of such bubble is especially close and thus offers a 
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very short path. To reach the upper surface of the film, heat must be 

first convected into the liquid, because the conduction path across a film 

even as thin as 50 / /m offers too much resistance to account for the 

high heat transfer rate. When bubbles grow in a liquid film they can 

escape from the surface very rapidly, because they have such a short 

distance to travel and there is very little in their way. This contrasts 

sharply with the situation of the bubbles that have usually been studied 

in investigations of nucleate boiling. Bubbles have been photographed 

growing individually on a surface surrounded with liquid. Such bubbles, 

if they grow very rapidly, are pressed against the surface by the inertia 

of the liquid, which tends to impose uniform radial velocities on bubble 

growth. A measure of this is seen in comparing the initial shapes of 

rapidly and slowly growing bubbles (Johnson et al. 1966). Slowly 

growing bubbles exhibit a spherical shape, while rapidly growing 

bubbles are flattened and exhibit an oblate or even hemispherical shape. 

The bubbles spend a considerable time on the surface, whether their 

growth is fast or slow. On the other hand, a rapidly growing bubble in a 

film can be easily punch through the liquid-vapour interface and quickly 

discharge its vapour. The speed with which the liquid film is then re-

established is remarkably high. In boiling water at atmospheric pressure 

and moderate heat flux, bubbles spend many milliseconds on the surface 

when there is plenty of water , but in a thin liquid film they can escape 

in less that a few milliseconds (Mesler, 1976). 
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Bubbles that grow on a heater cause the rapid evaporation of the 

microlayer that is trapped between the bubble and the surface as the 

bubble grows. Microlayers have thickness of only a few micrometers. 

Because they are so thin, the offer little resistance to the flow of heat 

from the heater surface to the evaporating vapour-liquid interface. 

Being so thin, the microlayer can only cool the surface for a short time 

before it is entirely consumed by evaporation. Bubbles unable to escape 

quickly tend to dry out their microlayers and thus lose their powerful 

cooling capability (Hospeti and Mesler, 1969). Bubbles growing in a 

thin liquid film can escape before the microlayer dries. Not only that, 

but with a re-established liquid film a new bubble can start, and thus 

more microlayer evaporation can begin almost immediately. 

Bubbles offer a short and efficient path by which heat may reach 

vapour-liquid interface through microlayer evaporation. In addition, 

they should aid convective heat transfer into the thin liquid film itself. 

At 5.3 MW/m^, Kopchikov et al. (1969) reported a temperature 

difference of 120 K. This corresponds to steady-state conduction 

across a film only 15 / /m thick. Toda and Uchida (1973) reported 70 K 

at 2.5 MW/m^, which corresponds to 19 jum, and Patten and Turmeau 

(1970) reported 22 K at 1.5 jum. These thickness are about an order of 

magnitude greater than the microlayer thickness, but one or two orders 

of magnitude less that the thickness of liquid film on the surface in 

which the nucleate boiling is occurring. Microlayer evaporation 

*This observation is due to R. B. Mesler (see "Boiling Phenomena", Ed. S. Van 
Stralen and R. Cole, Hemisphere Publishing Corp., New York, Volume 2). 
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occurring over 10% of the surface could transfer the heat even at these 

high heat fluxes. 

Convective heat transfer to the liquid during nucleate boiling has 

been studied by measuring the temperature gradient near the surface. 

Bob St and Colver (1968) studied pool boiling of water at atmospheric 

pressure and reported that at heat fluxes above 0.25 MW/m^, less than 

half the heat is transferred by convection to the liquid. When Nishikawa 

et al. (1967) investigated the nature of nucleate boiling at different 

levels, they observed that a vigorous convection pattern evident at 

higher liquid levels diminished as the liquid level was lowered to 5 mm. 

Furthermore, nucleate boiling in a film allows bubbles to escape from 

the liquid with a minimum of disturbance to the liquid; this would not 

augment convection but rather reduce it. On the contrary, Kenning et 

al. (1995) observed that rising bubbles induced asymmetrical circulation 

of the liquid in their experimental tank. This causes convective cooling. 

The column of rising bubbles pulsates at low frequency and a 

corresponding fluctuation can be detected in the convectively cooled 

regions. The observations run counter to the above conventional 

assumption that the contribution of convection to the total heat flow in 

nucleate boiling decreases as the heat flux increases. 

72-



CHAPTER 2 LITERATURE SURVEY 

The ability of a thin liquid film to achieve such high peak heat fluxes 

in nucleate boiling appears to depend largely on its affording an 

opportunity for microiayer evaporation and/or the augmentation of 

convection by nucleate boiling. 

The lower surface temperatures 

The lower surface temperatures characteristic of boiling in a thin 

liquid film have been reported by several investigators. It appears that 

this is limited to low heat fluxes. Some researchers claimed that 

observation showed that there are more bubbles with less liquid on the 

heater (Nishikawa el ah, 1967). More bubbles would certainly be 

expected to improve the heat transfer, but the reason for the formation oj-

more bubbles is puzzling. 

In nucleate boiling, bubbles usually originate at nucleation sites on 

the surface. However, Mesler (1977) suggested that a further 

possibility is that there is process in nucleate boiling in a thin film that 

produces additional nucleation, the so-called secondary nucleation 

phenomenon. It is not easy to ignore this idea when one reviews the 

fluid dynamics of the breaking of a gas bubble arriving at a gas-liquid 

interface. 

Bubbles breaking at interfaces have been studied extensively, because 

in the process small liquid drops are ejected into the gas side of the 
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interface. Associated phenomena may give rise to the entrainment of 

small gas bubbles into the liquid. 

The braking of a bubble at an interface is a complicated phenomenon 

(Newitt et al., 1954). Prior to breaking, the bubble is partially 

submerged. Breaking starts with the rupture of the top of the bubble. 

The submerged bubble walls converge on the centre and cause a jet to 

be ejected up from the centre. The jet breaks up, and only the bottom 

portion snaps back. Drops arise from disruption of the top bubble wall 

and from the break-up of the jet. 

Liquid jets and drops are known to entrain gas when they impinge on 

a liquid surface. A common example is a stream from a tap falling into 

an overflowing vessel in a sink. The entry of a laminar jet with a certain 

minimum velocity carries film of gas surrounding it as it plunges 

beneath the surface (Lin and Donnelly, 1966). The film breaks up into 

bubbles after entry into the liquid. A turbulent jet has a rough surface 

before entry and entrains a greater quantity of gas, depending upon the 

roughness (Henderson et al., 1970). Blanchard and Woodcock (1957) 

reported that they observed the jet such that as occurs with a breaking 

bubble entrained tiny bubbles when the jet snapped back. 

The life of a tiny bubble in a liquid would ordinarily be quite limited. 

Surface tension causes quite high pressures in small bubbles, forcing 
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them to shrink unless the liquid is supersaturated. During nucleate 

boiling, the liquid is only slightly superheated, except in the steep 

temperature gradient on the heater surface. Unless a tiny bubble is able 

to get close the heater, it will soon disappear. 

During nucleate boiling in thin films, the process of bubble rupture 

occurs very close to the heater surface. Any tiny bubbles that might be 

produced during vapour disengagement would have a better chance of 

being carried toward the surface and of finding themselves in a region of 

higher liquid superheat. Were this to happen, there would be bubble 

nuclei produced at a possibly lower surface temperature than required 

by some of the surface sites initiating bubbles. A lower surface 

temperature would then result. 

Mesler (1976) conducted experiments to test the above premise using 

a steam-heated vertical copper tube with water film flowing down on 

the outside. Nucleate boiling thus occurred in the thin liquid film. 

Bubbles grew in the liquid film and were carried a distance with the 

flow before bursting. Any bubble nuclei produced during bubble 

disappearance were produced away from the original nucleation site. 

The number of bubbles could be increased by adding a small amount of 

detergent to the water or by increasing the steam pressure. The tube 

used by Mesler was 0.6 m long and 29 mm OD. High speed motion 
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pictures at 5000 pictures /s were taken half way down the tube. The 

water flow rate was 3.3 cm^/s, and the absolute steam pressure was 1.40 

bar. A slight amount of detergent was added to the water to increase 

the chances of getting interesting bubble activity in the field of view of 

camera. Many of the motion pictures taken showed that new bubbles do 

grow in the liquid film where bubbles have just previously burst. 

According to the experiments Mesler concluded that the appearance of 

new bubbles in the tracks of bursting bubbles travelling down a heated 

surface demonstrates a new source of bubble nuclei. These nuclei 

favour a lower surface temperature. There are other explanations. A 

Marangoni flow around bubbles has been cited as a possible contributor 

to heat transfer in boiling. It is not apparent why this should be more 

important in nucleate boiling in thin films than in pool boiling. Also, 

McGrew el al. (1966) point out the Marongoni flow would be important 

when bubbles remain on the heater surface for a relatively long time, but 

such is not the case in thin film nucleate boiling. 
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2.2 Heat Transfer in Condensation 

Since we will make some comparisons between evaporation and 

condensation data obtained from our experiments to identify whether 

the phenomenon of secondary nucleation exists, it is helpful to review 

some related topics in condensation. 

2.2.1 Shear-controlled filmwise condensation 

2.2.1.1 Laminar film 

In the case we consider here, due to a high vapour velocity in the 

vapour core, the interfaciai shear becomes dominant over the 

gravitational force on the liquid phase. Hence, the influence of gravity 

may be negligible. Consider the case illustrated in Fig. 2.3a. The film 

thickness is S, the interfaciai shear stress is t;, and the wall shear stress 

is T .̂ If the interfaciai shear dominants, then ~ z; and we can write 

7]^du/cfy=r^ = T, (2.115) 

where u is the liquid velocity within the film at a distance y from the 

wall. Integrating with the condition m = 0 at eq. (2.115) may be 

written as 

u=Ky/VL (2.116) 

and the mean velocity in the liquid film is given by 
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u = ^ \ d y = ^ (2.117) 
sJo ' 

The mass flow per unit periphery (F) and the liquid film thickness {5) 

are given by 

T^= PjU5=Pj^T^5 (2.118) 

6 = (2r,,l J p . v ) ' " (2.119) 

and the local liquid film heat transfer coefficient is given by 

^tp- ^ ~ (2.120) 

2.2.1.2 Turbulent film 

Eqs. (2.115) to (2.120) apply to laminar flow in the film. An often 

important case is that of turbulent film flow, and a common used 

approach is to replace eq. (2.115) with expression 

V = ("Hl+s„Pi)— (2.121) 

where is the so-called turbulent eddy diffusivity, and the product 

^mPi represents an additional viscosity due to turbulence, varies 

with_y and the velocity profile is no longer linear (cf eq. 2.116). 

Similarly, for heat transfer through the liquid film (Figure 2.3b), the 

relationship between T and y is no longer linear in turbulent flow as 

implied by eq. (2.120). 

- 78 -



CHAPTER 2 LITERATURE SURVEY 

For this case, we may write 

4 = -(^L+S/fC^LPt) 
dy 

(2.122) 

where is the eddy thermal diffusivity and the product is an 

eddy thermal conductivity whose value, again, varies with distance from 

the wall. It is often convenient to express eq. (2.122) in a 

dimensionless form as follows 

Flow 
direction 

(a) (b) 

Fig. 2.3 (a) Shear forces on a liquid film; (b) Heat transfer through 

the liquid film 

1 = 1 I gffP J dT (2.123) 

where is the liquid Prandtl number and 
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r = (T^-T) (2.124) 

where u* ("the friction velocity") is given by 

= (2.125) 

and where the parameter y'̂  (the "friction distance parameter") in eq. 

(2.123) is given by 

(2.126) 

A variety of expressions are available in the literature for the eddy 

diffusivity these derive principally from measurement of velocity 

profile in single-phase turbulent flows. For example, the following 

expressions were used by Dukler (1960) for downflow condensation and 

by Hewitt (1961) for upflow condensation: 

e „ = n^uy 1-exp 
/ 2 \ ^ pnuy^ 

V r[ J 
f o r / < 2 0 (2.127) 

for y >20 (2.128) 
[d'ul¥) 

Eq. (2.127) is due to Deissler, who proposed a value of 0.1 for the 

constant n. Eq. (2.128) is due to von Karman; the constant k has a 

value of 0.4. Dukler (1960) and Hewitt (1961) introduced the 

preceding expressions for into eq. (2.122) and (assuming s^ = 8„) 

into eq. (2.123) and carried out a numerical integration to obtain 

expressions for heat transfer coefficient and film thickness. In fact, the 
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use of these relatively complex expressions is probably not justified in 

most cases. A much simpler treatment is to use values of derived 

from the so-called universal velocity profile, which relates uju to 

(see Hewitt and Hall Taylor, 1970). The resultant values of is 

g = 0 for < 5 (2.129) 

- 1 for 5 < y <30 (2.130) 

2 / 
- 1 for y'̂  > 30 (2.131) 

Introducing these equations into eq. (2.121) leads to a relationship 

between Re^ and 5^, where S" is defined as 

8" = 
vl 

(2.132) 

The relationship between Re^ and is explicit, but the reverse 

relationship (between and Rcj^ is implicit and has to be solved by 

iteration. Kosky & Staub (1971), who are among a number of authors 

describing the use of this approach, derived explicit relationship 

between and Re^ by fitting the calculated curves: 

5" ^O.lQllRel 0.5 for Re^ < 50 

= 0 . 6 3 2 3 f o r 50 < < 1483 

= 0.0504i?e' 0.875 for Re^ > 1483 

(2.133) 

(2.134) 

(2.135) 
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Assuming that = foregoing expressions for (eqs. 2.129 to 

2.131) can also be introduced into eq. (2.123), which is then integrated 

from = 0 to to yield values of at the interface, as follows: 

r = S'Pr^ for ^ < 5 (2.136) 

= 5 

= 5 

Pr^+ln{l + Pr^(575-1)}] for 5 < ^ <30 (2.137) 

Pr^+ln(l + 5PrJ + 0.51n(6V30)] for (T >30 (2.138) 

The local liquid film heat transfer coefficient may be evaluated from 

by referring to eq. (2.124) and remembering that 7=7]^^ at y = S: 

= = ^ = (2.139) 
-^SAT ^ ^ 

where 7^ is the wall temperature. 

It is worth noting that from the above simple film theory analysis, we 

can clearly see that heat transfer coefficients for condensation and 

forced convection can be calculated from the same equation, (e.g. eq. 

(2.139)). It is obvious that, if there is no nucleate boiling, heat transfer 

coefficients for condensation and forced convection should be equal 

provided the same flow condition is satisfied. 

2.2.2 Heat transfer model of Shah (1979) 

Shah (1979) presented a correlation for predicting heat transfer 

coefficients during film condensation inside pipes. The correlation was 
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tested by comparison with a wide variety of experimental data. These 

include fluids: water, refrigerate and some organic fluid, condensing in 

horizontal or vertical tubes of diameters ranging from 7 mm to 40 mm. 

the range of parameters covered includes reduced pressures from 0.002 

to 0.44, vapour velocity from 3 to 300 m/s, vapour qualities from 0 to 

100%, mass flux 10 kglm^s to 210 kglm^s, heat flux from 158 to 

1893000 W I , all liquid Reynolds numbers from 100 to 63000, liquid 

Prandtl numbers from 1 to 13. The mean deviation for the data points 

analysed by Shah was found to be 15.4%. The correlation can be 

written as 

0.04 
(2.140) 

where is the reduced pressure, x the quality and is the heat 

transfer coefficient assuming all the mass flowing as liquid and is 

calculated by the Dittus-Boelter equation as; 

= 0.023Re°' (2.141) 

2.3 Hydrodynamics and Heat Transfer in Horizontal Slug Flow 

In this section hydrodynamics aspect of slug flow will first be 

reviewed. And then, a literature survey on heat transfer area of slug 

flow will be presented. 
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2.3.1 Hydrodynamic behaviour in iiorizontal slug flow 

Slug flow in horizontal tubes exists over a wide range of flow rates 

for moderate pipe sizes. Such a flow pattern is inherently unsteady with 

large time variation of the mass flow rate, pressure, and velocity at any 

cross section normal to the tube axial. This is so even when the gas and 

liquid flow to the system is steady. As a result, processes of mass and 

heat transfer are also unsteady with substantial fluctuations in 

temperature and concentration. 

One of the earliest attempts to study hydrodynamics of slug flow in 

detail was that by Kordyban (1961). He proposed a simple model 

where slugs move at the velocity of the gas and "skate" or slide over the 

top of a substrate film without interaction or mixing between the slug 

and the film. Experimental data were taken in a 1.8 m long tubes of 8 

and 11 mm i d. with pressure taps separated by 0.3 m. The beginnings 

of an attempt to understand the details of slug flow can probably be 

found in the work of Nicklin et al. (1962), who attempted to modify 

expressions for the slug velocity, which had been developed 

theoretically for a vertical system, to the horizontal case. Dukler and 

Hubbard (1975) presented a systematic model for the hydrodynamics of 

slug flow from which the time varying behaviour can be predicted. 

2.3.1.1 Hydrodynamic parameters of slug flow by Dukler et al. (1975) 
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Dukler and Hubbard define a slug unit which consists of the liquid 

slug (where the liquid phase is continuous over the whole cross section 

of the pipe) and the film region, namely the region between the slugs. 

The length of the liquid slug and film regions are defined as /, and /̂ . 

Dukler and Hubbard defined a total slug unit as given by 

/ =i 
u s f 

V. 
(2.142) 

where is the slug translational velocity, the slug frequency, U the 

total superficial velocity, and C a parameter which has a value of the 

order of 0.25, which is related to the shedding rate of liquid by the slug 

into the film region. 

Figure 2.4 The physical model for slug flow 

Note that the translational velocity of the slug is greater than that of the 

total superficial velocity as a result of the shedding phenomenon. The 

slug length is given by the equation: 
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/ . = ^ u. 
I f - ' ' - * 

(2.143) 

where is the liquid superficial velocity, and Sj-̂  are the liquid 

holdup (fraction of the cross section occupied by the liquid) in the slug 

region and the film region just before pickup respectively, and U is the 

total superficial velocity. 

In their study four variables must be specified to effect the solution. 

The liquid and gas mass flow rate and are input data. It is 

known that the slug frequency is controlled by conditions near the 

entrance and is not coupled to the behaviour of a slug. At the same 

time no independent relationship exists for liquid holdup in slug body, 

s^. Thus the independent variables which are required as input to the 

model are M^, s^. 

The equations used in the Dukler-Hubbard model are as follows: 

"•--A 
^ + (2.144) 

^ Pi P c / 

C = 0.0211nRe, + 0.022 (2.145) 

u^=(\ + C)U (2.146) 

where w, is the translational velocity at the slug nose 

^ = P i ^ e / e ( " f ( 2 . 1 4 7 ) 

where x is the rate at which mass is picked up by the slug. 
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To obtain liquid film holdup, e^-, and the length of the film region, 

Ij-, Dukler and Hubbard gave the following implicit equation by 

solving momentum equation: 

Js. f D (2.148) 

Fr 

W = -

K .6 . 2O 

——cos— 
\-cosO 2 2 

7t 

(2.149) 

where 9 is the angle which subtends the liquid film, the friction 

factor for the film, and gy are average velocity of fluid in the film 

and liquid film holdup just prior to pickup by the next slug, respectively. 

Note that Wis a function of Sf as given by eq. (2.149) and varies along 

the film. The integration of eq. (2.148) must be accomplished 

numerically and requires a value of ^ . The procedure starts by 

evaluating W at the upper limit and adding increments of As^ until a 

value of Sy is produced for which the integral equals to I f j D 

corresponding to the value of Gy = 6^ .̂ 

B = \-C (2.150) 

InBSf 
-Re. (2.151) 

87 



CHAPTER 2 LITERATURE SURVEY 

6-sin 9 

2k 

I = 
U, 

.(e. - 8/.) 
+ C ( 6 , - G ^ ) 

M, 

(2.152) 

(2.153) 

(2 154) 

2.3.2 Heat transfer modelling in horizontal slug flow 

Alternative methods for predicting heat transfer in horizontal slug 

flow are presented by Niu and Dukler (1976) and Deshpande et al. 

(1991). 

Niu and Dukler (1976) used the Dittus-Boelter equation to correlate 

their experimental data for air-water. 

,08/. 
= — = 0.023 

. ) 

0.33 

(2.155) 

where is the slug velocity, and the properties of the slug are 

calculated by averaging the gas and liquid phase using the fraction 

of the liquid in the slug body. 

"^s ~ '^L^Ls 

Ps=Pl^L>+PG{'^-^U) 

(2.156) 

(2.157) 

(2.158) 
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The Niu and Dukler correlation predicts that the heat transfer 

coefficient at the bottom of the pipe is always higher than that at the 

top and in many cases this difference may be as much as a factor of 2.0. 

This may result from the fact that each slug is effectively a thermally 

developing entry region caused by the presence of a hot upper wall just 

upstream of each slug. 

Deshpande et al. (1991) gave a set of empirical correlations to 

correlate their experimental data for pipe top, bottom and overall 

average heat transfer coefficients. In their studies they used the Dittus-

Boelter correlation modified with slug parameters. Their dimensionless 

correlations developed for pipe bottom, top and overall average Nusselt 

number respectively are given in the folio wings; 

Nu^ = 0.023(ReJ°"(PrJ° ' ' (c /^/C/ - 0.l)°^ (2.160) 

(2-161) 

TV*.; = (2.16]:) 

where and U are the superficial liquid and mixture velocities 

respectively and v the slug frequency. Re^ is the liquid Reynolds 

number based on the mixture velocity and is the liquid Prandtl 

number; 
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Pr, = - ^ (2.163) 

Re^ and Pr^ used in the correlation of pipe top and overall average 

Nusselt numbers are mixture Reynolds number and Prandtl number 

respectively and are defined as 

(2.164) 

where the parameters with subscript s were defined in the same way as 

in eqs. (2.156) to (2.159). 

It can be seen that the aforementioned prediction methods can only 

be used to correlate the air-water data where the heat transfer 

coefficients at top of the tube are lower than those at the bottom. As 

we shall see in Chapter 5, the reverse is true in flow with phase change 

and a new prediction method is required. 
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Chapter 3 

EXPERIMENTS IN ANNULAR FLOW 

This Chapter describes experiments on vertical upward annular flow. 

The experiments involve the measurements of heat transfer coefficient at 

near hydrodynamic equilibrium conditions for both condensation and 

evaporation. 

The aim of the present experiments was to elucidate the mechanism 

of heat transfer in annular flow by distinguishing between the 

conventional explanation of a purely convective mechanism at high 

quality region and the alternative hypothesis (suggested by Mesler 

1977) in which heat transfer in this region is enhanced by secondary 

nucleation. 

A very direct approach for evaluating the role of secondary 

nucleation is to compare evaporation and condensation under identical 

conditions. Secondary nucleation would only have a small influence on 

condensation (the nuclei being condensed) whereas it would have a 

larger influence on evaporation (bubble growth). If secondary 

nucleation is important, then the evaporation coefficients 
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would be significantly higher than the condensation one even if wall 

nucleation is completely suppressed. For a given experimental system, 

it is not sufficient to merely specify the mass flux and the local 

thermodynamic parameters (such as quality x, phase densities and 

surface tension a, and so on) to define the "identical condition" for 

evaporation and condensation. At a given quality, because of non-

equilibrium effects, the film flow rate, film thickness, and interfacial 

wave structures can vary widely depending on the upstream history of 

the flow. In the present experiments, identical conditions are ensured 

by first generating the required quality in an electrically heated section 

of the channel. This was followed by a long adiabatic section in which 

equilibrium annular flow is established. Finally, a short heat transfer 

section is introduced in which measurements for both evaporation and 

condensation can be made under identical hydrodynamic conditions. 

It is vital to have exactly the same tube in the test section for both 

evaporation and condensation to avoid any ambiguity and this dictates 

that fluid heating rather than electrical heating is used for the 

evaporation case. Considerable experimental difficulties are presented 

by this requirement and by the requirement that reasonably local values 

of heat transfer coefficient need to be measured. 

The experiments described here were a development of the ones 

conducted by Chan (1990), the aim being to improve the accuracy of 
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measurement. The experimental set-up being used here was somewhat 

different from that of Chan. In Chan's evaporation experiments, there 

was a large scatter in the heat transfer coefficient data. This is because 

glycerol was used in his single-phase circuit as a heating fluid. Glycerol 

was chosen as a non-toxic, non-inflammable fluid which boiled at much 

higher temperature than water and which could, therefore, be used in an 

unpressurized secondary heating circuit to transfer heat (through the 

test section wall) to the primary circuit steam-water flow. The 

secondary fluid flows in countcurrent flow to the primary circuit fluid in 

an annulus surrounding the primary flow tube. The heat flux is 

determined by detecting the heat loss (or gain) from the secondary fluid 

in the annulus by using a succession of thermocouples to determine the 

axial temperature gradient. In principle, provided the annulus heat 

transfer is fully developed, it does not matter whether the annulus flow 

is laminar or turbulent. In fully developed flow, the axial temperature 

gradient (<^/^) at any given radial position is constant. However, 

there is also radial temperature gradient and, though effort was made to 

position the successive annulus thermocouples accurately in Chan's 

experiments, slight errors in position can give errors in axial 

temperature differences and hence in heat flux calculation. It is, 

therefore, preferable to have turbulent flow in the annulus to minimise 

the radial temperature gradient at the (central) thermocouple location. 

However, if the flow velocity is too high, then the axial temperature 

94-



CHAPTER 3 EXPERIMENTS IN ANNULAR FLOW 

gradient falls and the accuracy of the heat flux measurement may not be 

adequate. The problem with glycerol is that it has a high viscosity; 

thus, to achieve a Reynolds number high enough to cause adequate 

turbulence, a high velocity is required in the annulus and this makes the 

axial temperature gradient very small and difficult to measure 

accurately. To overcome the difficulty which Chan had met, the present 

experiments were carried out at reduced pressure on the primary two-

phase side and used pressurised water in the secondary single-phase 

loop so that both evaporation and condensation could be achieved using 

water as heating or cooling fluid. In consequence, the accuracy was 

considerably improved. 

In the present experiments, results were at first obtained which 

appeared to agree reasonable well with those of Chan. However, an 

important development occurred. 

Temperature fluctuations recorded by the thermocouples in the 

annulus were eventually identified as being due to an initial flow 

maldistributions among the four inlet pipes spaced around the 

periphery of annulus. The flow in the four inlet pipes was 

equalised by placing orifice restrictions in each pipe and this 

virtually eliminated the fluctuations. 

The modifications made to the inlet arrangement of the test section 

and the final experimental results will be discussed in detail below. 
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The conditions of the experiments are as follows: 

i) Total mass flux: 120, 180 and 240 kgj{m^:^ 

ii) Pressure: 0.7 to 0.9 bar approximately at the inlet 

of the test section 

around 2.5 bar in the annulus of 

secondary loop 

iii) Quality: 0.1 to 0.55 approximately 

iv) Thermal conditions: evaporation and condensation 

In Section 3.1 the design principle of the experimental facility is 

introduced. The experimental facility, instrumentation and operation 

are described in detail in Section 3.2, 3.3 and 3.4, respectively. The 

analysis of experimental data, results and discussions and conclusions 

are described in Section 3.5, 3.6 and 3.7, respectively. 

3.1 Design Principle of The Experimental Facility 

There is a fundamental difficulty in designing objective experiments 

on forced convective boiling because of the effect of flow history. This 

point is illustrated in Figure 3.1 (the "entrainment diagram") which 

plots entrained droplet flow rate as a function of local quality with the 

heat flux increasing successively from curve B to curve C to curve D. 

Curves A is for hydrodynamic equilibrium which is attained in long 

channels with adiabatic flow. The difference between curve A and the 

total liquid flow line E represents the liquid film flow rate. For heated 
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tubes, the variation of entrained liquid flow rate with local quality along 

the tube is as illustrated schematically by curves B to D. At a given 

quality, the entrained liquid flow rate decreases as the heat flux 

increases and this implies, by difference, an increase in the liquid film 

flow. Thus, fixing the quality in forced convective boiling situation 

automatically gives a variation of film flow with heat flux. This implies 

gross changes in the hydrodynamic conditions (film thickness, interfacial 

wave configuration, interfacial shear stress and pressure gradient) and 

this provides a very serious challenge to objectivity in interpreting 

forced convective boiling processes. The approach adopted in the 

present experiments is illustrated schematically in Figure 3.2. The test 

assembly consists of three sections AB, BC and CD (see Figure 3.18) 

which are mounted above eachother and have a contiguous (9.5 mm) 

bore. Section AB is an electrically heated tube in which the subcooled 

inlet flow is evaporated up to a known quality. Section BC is an 

adiabatic section in which the flow equilibrates to the hydrodynamic 

equilibrium curve. Finally, section CD is the test section in which fluid 

heating or cooling is carried out. The change in quality in the test 

section is small so that conditions remain quite close to equilibrium. 

Figure 3.2 shows how these sections are represented on the entrainment 

diagram. 

In the present two-phase primary experimental section, the tube 

inside diameter of the heating section (AB), equilibration section (BC) 
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and test section (CD) is 9.5 mm. The length of the heating section (AB) 

is 1 m and, of course, this section could exhibit dryout if the heat flux 

was sufficient to cause the film flow to fall to zero at the end of the 

section (i.e. all the liquid would be entrained at this point). This 

limiting condition was calculated (as a function of flow rate) using the 

Harwell Annular Flow Modelling code HANA (Whalley et al., 1974). 

The heat flux in the evaporation section (AB) was kept well below these 

limiting values. 

The design of the adiabatic section (BC) for the present experiment 

had to be such as to ensure that hydrodynamic (entrained fraction, 

interfacial structure) equilibrium is attained. Absolute hydrodynamic 

equilibrium in annular flow can never be reached even under adiabatic 

condition because the pressure drop causes the vapour in the core to 

continue to accelerate. However, one can define an equilibrium 

condition as one in which, for a given outlet pressure, the local flow 

parameters no longer depend on the up-stream length. In general, the 

point at which equilibrium is reached is about 200 diameters down-

stream of the end of heating section. Therefore, the length of the 

calming section was chosen to be 2 m for the present experiment. 

The design of the test section (CD) was governed by the following 

requirements: 
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(1) The annular flow two-phase can be either evaporated and 

condensed in the same test section by adjusting the temperature 

of the surrounding fluid. 

(2) The test section should be sufficiently short to ensure that 

departure from the equilibrium condition occurring at the tube 

inlet is small. 

(3) The length of the test section should be sufficient to allow the 

single-phase flow in the annulus to become fully developed. 

(4) Measurement devices (i.e. thermocouples and pressure taps) 

should be such as to give minimal disturbance of the flow and 

temperature field. 

Requirement (1) dictates the use of a fluid as heat source or sink. 

There are fluids that can be used for the full temperature range required. 

But with their toxicity and flammability and with the costs for necessary 

safety measures taken into consideration, their use was precluded. 

Here, pressurised water was employed as both the heating and the 

cooling fluid in the secondary loop with the two-phase mixture in the 

primary loop was at sub-atmosphere pressure. 

The test section was designed as a "concentric double pipe" type of 

heat exchanger with a single-phase fluid as heat transfer medium in the 

annulus and the two-phase fluid in the centre tube. The flow direction 
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of the single-phase fluid was chosen to be counter-current to the two-

phase flow so that the fully developed single-phase heat transfer is 

achieved at the two-phase inlet end. Local heat flux can be deduced 

from the measurement of the temperature profile in the jacket. 

Requirement (4) demands that the annulus thermocouples should be 

small and separated far enough. The thermocouples on the outer wall of 

the centre tube must be flush. Otherwise, they would not only affect 

temperature in the single-phase fluid, but also cause error in deducing 

the inner wall temperature. 

Obviously, a long test section would have less end effects than a 

short one. It seems that requirement (2) and (3) are conflict. However, 

requirement (2) can be accommodated by optimising the operating 

conditions for the single-phase fluid to some extent. For a given single-

phase flow rate, the narrower the annulus is, the higher the Reynolds 

number and the better the mixing and the shorter the thermal entrance 

length. The minimum limit to the annulus size is determined by the size 

of annulus thermocouple in order to satisfy the measurement 

requirement. The annulus gap was chosen to be of 2.5 mm. 

3.2 Description of Experimental Facility 

The low pressure boiling facilities used in this experiment had its 

genesis in the facility built at the Harwell Laboratory, Oxfordshire, 
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England in 1950's and operated these for a wide range of tests, and 

culminating in the studying by Chan (1990). The Harwell facility was 

dismounted and transferred to the Department of Chemical Engineering 

and Chemical Technology at Imperial College in 1990 and was then 

almost completely rebuilt to operate as a sub-atmospheric boiling 

facility. Work on this reconstructed facility was carried out on both 

instability (Pickering, 1993) and steady state boiling in a 25.4 mm bore 

tube (Cheah, 1995). In the present experimental study, the 

reconstructed facility was used as a basis with the primary test circuit 

for the present experiments being set up as a separable loop within the 

facility. Fortunately, it was possible to obtain the test sections used in 

the Chan study and to use these as a starting point. Since the test 

sections are extremely complex, this saved a great deal of expenditure. 

However, it was necessary to revamp and modify the test sections in 

order to obtain the improvement in accuracy, as will be described 

below. 

3.2.1 Description of the rig 

Figure 3.3 shows a schematic diagram of the rig which consists of 

two flow circuits, namely the two-phase primary circuit and the single-

phase secondary circuit. The fluid used in the two-phase circuit is 

deionized water. The water is delivered by a screw pump (1) with 1-

phase 0.37 kW electric motor through a rotameter (2) with a flow rate 
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control valve (V4), an electrical preheater (3) with a maximum rating of 

2 kW and a throttle valve (V22) before entering the bottom of the test 

section assembly. The assembly comprises a i m long electrically 

heated steam generator section (SI), where water-steam mixture is 

generated up to the required quality by controlling the 50 Hz AC power 

input. The steam generation section is heated by passing the AC current 

(derived from a Variac-controlled transformer) directly through the 

(stainless steel) walls of the (tubular) section. The maximum current 

used was 1000 A giving a voltage drop of 20 V and a maximum power 

in the steam generator section of 20 kW. The two-phase mixture then 

passes through a 2 m long adiabatic section (S2) to reach hydrodynamic 

equilibrium. Then it enters a 0.327 m long test section (S3), which will 

be described in the following section. The above three sections have an 

inside diameter of 9.5 mm and are vertically aligned. After the test 

section, the two-phase mixture returns to a reflux-type condenser (8) 

where vapour is totally condensed. The reflux condenser was 

positioned vertically on the top of the primary tank with a capacity of 

about 400 litres. The top header of the reflux condenser was vented to 

a liquid rig vacuum pump (4) with a 2.2 kW 1-phase electric motor. 

Using this vacuum pump, the test section assembly could be evacuated 

to pressures less than atmospheric and the desired inlet pressure of the 

test section could be achieved. 
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The fluid used in the single-phase secondary circuit is also deionized 

water. The water temperature in the 300 litre capacity tank (S7) is 

maintained at desired temperature by an immersion heater. The water is 

circulated by a centrifugal pump (7) with a 1.5 kW 3-phase electric 

motor through a rotameter (S4), through a flow rate control valve 

(V25), through a 1-phase electrical preheater (S5) with a maximum 

rating of about 3.5 kW and then through the annular channel of the test 

section, where it flows downwards in counter-current flow to the two-

phase mixture in the centre tube. Due to their temperature difference, 

heat exchange takes place between the single-phase and the two-phase 

fluids in the test section. The single-phase fluid passes through a cooler 

(S6) and through a pressure control valve (V27) before returning to the 

tank (S7). 

Copper and stainless tubes were used to connect the major 

components of the rig. All parts of the rig were insulated by 20 mm 

thick mineral wool except that the secondary tank (S7) and the cooler 

(S6) which were insulated by 15 mm elastomeric. 

3.2.2 Description of test section 

The test section consists of a central nickel tube with an outside 

diameter of 14.5 mm and a wall thickness of 2.5 mm and a stainless 

steel housing with an inside diameter of 19.5 mm (see Figure 3.4a). 

Hence, an annular channel with an equivalent diameter 5 mm is formed. 
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The test section has an overall length of 0.327 m. The length exposed 

to the single-phase fluid is 0.225 m, and the centre tube is removable 

from the jacket. "O" rings are used to seal the two flows from each 

other. The inlet manifold has four feed lines lying in a plane 

perpendicular to the axis of the test section. The outlet manifold has an 

identical arrangement. 

Twelve stainless steel-sheathed, minerally insulated, K-type 

thermocouples (reduced to ten in later tests due to damaged 

thermocouples) with outside diameters of 0.5 mm are embedded with 

soft-solder in grooves on the outside wall of the nickel tube. They lie 

flush with the outer wall surface with their leads coming out through 

sealed holes at the top of the flange of the test section. The hot 

junctions of the thermocouples are evenly spaced around the 

circumference at 120° intervals (see Figure 3.4b) and at each of the four 

axial positions at distances of 77, 117, 157 and 197 mm from the base 

of the test section. The position nearest to the top of the test section 

will be called the 'first station'; here, we can define a measurement 

"station" as consisting of the zone between two annulus thermocouples 

(from which the heat flux is determined) at the centre of which is the 

wall thermocouple for determining the wall temperature. 

A total of 10 stainless steel sheathed, minerally insulated, chromel-

alumel thermocouples (reduced to eight in later tests due to damaged 
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thermocouples) with outside diameters of 0.5 are inserted radially into 

the annulus at 180° intervals and at each of the five axial positions at 

distances of 57, 97, 137,177 and 217 mm from the two-phase inlet of 

the test section. Their hot junctions are positioned at the mid-point of 

the annulus gap. 

3.2.3 Modification of the test section 

It is obvious that experiments using fluid heating and cooling are 

extremely difficult and a larger scatter in the results is to be expected 

than in experiments using electrical heating. In the first experiments, 

however, the experimental results showed more than 40% of deviation 

in experimental heat transfer coefficients from run to run. Having 

carefully and fully examined the experimental data and the rig as well as 

the data logging system, a problem arising from the arrangements of the 

inlet of the original test section (since the inlet and outlet arrangements 

are identical, only the inlet is analysed here.) in the secondary loop was 

identified. As will be seen in Figure 3.5 the pressure drops between the 

points of A, B and the point of total inlet are smaller than that between 

the points of C, D and the point of the total inlet. Hence, unequal inlet 

flow rates would be expected between the j n i t t s A and B and 

/NICTS C and D. Since a centrifugal pump is used in the secondary 

loop which is usually operating at close to its maximum water head, a 

small disturbance in the system (such as a random pump-noise-
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disturbance) would cause rearrangement of the flow rates among the 

inlet points of A, B, C and D. Therefore, fluctuations of flow rate 

might be unavoidable for the original arrangement. That such flow 

fluctuations occur is clearly reflected in the thermocouple readings in 

the annular jacket (see Figure 3.6 to 3.11). Also shown in these 

diagrams are the average annulus thermocouples at the inlet and outlet 

of the measurement section (in this case station 3 which was chosen for 

the experiments since the secondary side flow is nearest fully developed 

and the primary side flow nearest hydrodynamic equilibrium). As will 

be seen, fluctuations between successive l o s i n g s of the temperatures 

are of the same order or larger than the mean temperature changes along 

the annulus (see point PI in Figure 3.6) and indeed, at given time the 

difference can actually reverse (see p2 in Figure 3.6). It can also be seen 

in Figures 3.8 and 3.10 that the fluctuations are larger in condensation 

than that in evaporation. This may be attributed to the fact that heat 

fluxes used (or temperature differences between two-phase loop and 

single-phase loop) were usually larger in condensation than that in 

evaporation. These large fluctuations of thermocouple readings would 

obviously cause inaccurate results for the temperature differences 

between the inlet and outlet of the measurement stations, and hence for 

the heat transfer coefficient. Figures 3.9 and 3.11 show that the 

amplitude of fluctuations of the thermocouple readings on the outside 

wall of the central tube were somewhat smaller than that in the annular 
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jacket. This might be due to the fact that these thermocouples were 

flush mounted in the central tube wall and the thermal inertia of the wall 

causes a damping of fluctuations. Using average values of the strongly 

fluctuating annulus temperatures and the more weakly fluctuating wall 

temperature, heat transfer coefficients were calculated for condensation 

and evaporation. These appeared to indicate significant differences 

between the cases of condensation and evaporation similar to the finding 

in the initial experiments of Chan (1990). 

Although the results seemed to be similar to those of Chan (1990) it 

was thought that the large scatter of the data and the presence of the 

large temperature fluctuations was unacceptable. Work was carried out 

to modify the inlet arrangements. After careful calculation and repeated 

trials two orifice restrictions were chosen for installation near the inlet 

points A and B. The new arrangements seemed to work well since the 

average differences of the thermocouple readings are reduced to the 

order of magnitude of +0.2 K at the measured station from run to run 

(see Figures 3.12 to 3.17). In the following sections only data obtained 

using the new arrangement are presented. 

3.3 Instrumentation 

A number of measuring devices were attached to the rig. The 

positions of these devices are given in Figure 3.3. The measurements 

taken were of temperature, pressure, flow rate and electric power. 
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3.3.1 Temperature measurement 

The locations of the temperature measurements for the test section 

have already been shown on Figure 3.4a. A further seven stainless steel 

sheathed, minerally insulated, K-type thermocouples with outside 

diameters of 1.5 mm, were installed, four on the inlet and outlet of the 

test section assembly to measure the bulk temperature in the primary 

loop, two on inlet and outlet of secondary loop preheater and one in 

secondary loop tank. 

The thermocouples were calibrated individually to ±0.05 °C against a 

thermal bath over the range 40-100 °C 

3.3.2 Pressure measurement 

The pressures at the test section assembly were measured using three 

high-stability pressure transducers for measuring absolute pressures and 

two high-stability pressure differential cells for measuring pressure 

differences. These pressure transducers and pressure differential cells 

were supplied by Druck Limited. The three pressure transducers were 

type of PDCR 130/W, range 0-3 bar absolute. The two pressure 

differential cells were type of PDCR 130/WL, pressure range 0-700 

mbar differential. 
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The pressure transducers were calibrated by "dead weight" method. 

The pressure differential cells were calibrated by the manufacturer. The 

response of these pressure transducers and pressure differential cells 

was found to be very repeatable and very linear during the whole 

experimental period. The accuracy of the pressure measurements was 

estimated as being ±0.1% of absolute pressure. 

All the pressure transducers and pressure differential cells were of the 

strain gauge type. It was essential to ensure that the pressure tapping 

lines were full of single-phase water. This was achieved by using purge-

lines which were attached at the tee junctions where the pressure 

transducer and D.P. cell sensing lines joined. 

3.3.3 Flow rate measurement 

The rotameters in two-phase and single-phase circuits were calibrated 

to ±1% in situ at fluid temperatures of 40 "C, 70 TC and 90%7. The 

method used for calibration was of the "bucket and stop-watch" type. 

3.3.4 Power measurement 

The electrically heated section is fed with single-phase, low voltage 

alternating current via two split copper blocks about 0.8 m apart, which 

were clamped onto the stainless steel tube 
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The electrical power dissipated in the test section was measured 

using a H. W. Sullivan AC Watt-meter. This meter required a 

measurement of the current and the potential difference to be able to 

determine the total heating power to the test section. The potential 

difference was measured using copper wires connected to the power 

clamps at either end of the vapour generating section (SI). The current 

was measured using a 500 to 1 inductance coil. This device had been 

calibrated in Harwell. During the experiments the power measurements 

were read visually from the Wattmeter with an accuracy of ±0.1 kW. 

3.3.5 Data acquisition 

The voltage signals from the temperature and pressure measuring 

devices were collected using an automatic scanner (Model 1050 

supplied by Datron Ltd) which was connected to a PC, which converted 

the signals into temperature and pressure readings taking account of the 

relationships obtained from the calibrations. The data acquisition speed 

was around one channel per second. 

The readings of the rotameters, and Watt-meter were taken manually 

and typed into the computer. 

3.4 Operation 

Before the start each set of experiments, the water in the primary and 

secondary tanks was heated up to the desired temperature. For each 
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series of experiments, the mass flux and the power input to the steam 

generator are set constant, producing constant quality at the inlet of the 

test section. The quality is varied in steps over the required range by 

adjusting the power input into the electrically heated section. Each 

series of experiments is started by first priming the two main flow 

circuits including the pressure transducer and D.P. cell sensing lines. 

Then the vacuum pump was started, the steam generating section is 

energised and the power input is raised until the required quality is 

reached for the given total mass flux. The pressure in the test section 

inlet is controlled by adjusting the valve VI8. 

During each run, the computer continuously reads the temperature 

and the pressure measurements and always keeps the latest 9 scans, 

from which standard deviations are calculated for the measurements. 

Those measurements not readable by computer are taken manually at 

appropriate time intervals. When it is judged that steady state is 

reached, the mean values of the latest 9 scans and those manually read 

measurements are stored on disc. Then another run for a different 

quality is started by changing the power input to the heating section. 

3.5 Data Analysis 

3.5.1 Calculation of heat transfer coefficient 
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The quality at the test section inlet is calculated from a heat balance 

over the heating section. 

/zO' . 
Qj. = (3.1) 

where is the heat input rate to the heating section and is the 

total test section mass flux, and are the test section and heating 

section inlet liquid enthalpies respectively. Assuming a linear pressure 

gradient in the test section, the pressure transducer readings are used to 

calculate the saturation temperature profile in the test section. The 

temperature change is related to the pressure drop in the test section by 

the Clasius-Clapeyron equation in difference form; 

^ = 7 ^ (3.2) 
^sat 

The inlet temperature, 7^, and the outlet temperature, of the test 

section are related to the inlet and outlet pressure readings respectively 

by the saturation line. 

The local saturation temperature can then be calculated by: 

(3.3) 
^ts 

Because the ratio of the wall thickness of the centre tube to its length is 

small, it is reasonable to suppose that axial conduction along the outer 

wall of the centre tube can be ignored. Therefore, the local heat flux is 

assumed to be entirely radial and is calculated from the temperature 

change and mass flow rate of the single-phase fluid in the annulus. 
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q = 
iTtr.tsz 

(3 4) 

where is the flow rate in annular jacket, A7̂  the temperature 

difference measured in the distance of Az. Knowing the heat flux and 

the thermal conductivity of the centre tube, the temperature on the inner 

wall of the centre tube can be calculated by 

4 ^ I n (3 5) 

where is the thermal conductivity of the tube. 

The sign proceeding q is positive for condensation and negative for 

evaporation. 

The local heat transfer coefficient is defined as: 

T _ y 
^SAT ^wi 

In terms of the temperature readings, it can be expressed as; 

^ 

(3.6) 

(3.7) 

where the sign proceeding c is negative for condensation and positive 

for evaporation 

C„rM. 
h = •'pL a 

iTvr.tsz 

c = 
InX^ISz 

(3 8) 

(3 9) 
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3.5.2 Calculation of the frictional pressure drop 

Pressure drop calculation is based on the one-dimensional momentum 

equation, which can be written as 

= (3.10) 
dz dz dz dz 

where dp/dz is the total pressure gradient and the three terms on the 

right-hand side of the equation are respectively the frictional, 

accelerational and gravitational components of the pressure gradient as 

follows: 

dPa 
dz 

= G" d I ( i -%y I x ' 

P i ( l - a ) Pg" 

dz 
= [aPG +(l-(%)Pi]g 

(3.11) 

(3.12) 

where a and x are respectively void fractions and quality at z. 

In annular flow, the pressure gradient is normally dominated by the 

frictional term. Hence, in estimating this term from total pressure 

gradient, there is less of a premium on accuracy in evaluating the other 

two terms (gravitational and accelerational). Void fraction in annular 

flow is quite large and is insensitive to the correlation chosen for its 

calculation. Here, the Butterworth (1974) correlation is used. 

a - 1 + c. 
r i - x ^ \Po f \ 

V X J 

-1 

(3.13) 
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The Lockhart and Martinelli void fraction correlation can be fitted by 

putting c, = 0.28, = 0.64, c, = 0.36 and = 0.07. Eq. (3.13) with these 

given values for the constants is used to calculated the void fraction for 

the experimental data. The friction pressure drop in the equilibration 

section and the test section can then be calculated from the measured 

total pressure drop using eq. (3.10). Since only the inlet and outlet 

conditions are known, the difference instead of the differential form of 

eq. (3.10) is used. 

3.6 Results and Discussion 

3.6.1 Heat transfer results 

Heat transfer coefficients at the third measuring station (a3-c3-a4, 

see Figure 3.18) are presented here. At the fourth station, the 

secondary side flow may be slightly affected by the exit and for this 

reason, the third rather than the fourth station was used. Under this 

condition, the result might be expected to be appropriate to near 

equilibrium conditions. At the third station, the single-phase secondary 

side flow is well developed and the two-phase primary side flow is still 

close to equilibrium. 

There were two kinds of critical measurements in the experiments. 

The first is the measurement of local pressure. For water at around 100 

kPa, a variation in saturation temperature of 0.1 K corresponds to a 
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pressure variation of 0.3 kPa, i.e. a required accuracy of ±0.3%. The 

high-stability pressure transducers and pressure differential cells used 

were not only calibrated before their installation but also checked 

against the calibration data before starting the daily experiments. The 

daily checked results showed a very consistent agreement with the 

calibration results. The second critical measurement is that of fluid 

temperature in the annulus because of the relatively small temperature 

changes involved the calculation of the local heat flux, and hence the 

calculation of heat transfer coefficients. Two lines of thermocouples 

were used on opposite sides of the annulus. Some typical temperature 

profiles in the annulus are shown in Figures 3.19 and 3.20. It can be 

seen that the third (a3) and fourth (a4) pairs of annulus thermocouples 

show very consistent readings in terms of temperature differences. The 

temperature change between the third and fourth (a3 and a4 in Figure 

3.18) pairs of annulus thermocouples for the evaporation experiments 

was around 0.6 K for the evaporation experiments and around \.0 K for 

the condensation experiments in terms of nine run averages. 

It was deemed necessary to first verify the experimental methodology 

by tests with single-phase heat transfer. Twenty runs were carried out 

with subcooled water at two flow rates, namely 180 and 240 kg/(m^s), 

giving measurements of the local heat transfer coefficients in the test 

section. The results of local heat transfer coefficients corresponding to 

each run are plotted in Figure 3.21 and compared to the Dittus-Boelter 

correlation (indicated by the dashed line). It is seen that the measured 
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local coefficients had a scatter band of approximately ten per cent but 

were in reasonably good agreement with the Dittus-Boelter correlation, 

thus confirming the validity of the experimental methodology and 

measurement instrumentation. Single-phase heat balance tests were also 

carried out. The results showed that the heat losses were around 5% 

for cooling and 8% for heating. The slightly higher values in the test 

section for heating reflect the higher temperature used. Losses of about 

5% occur in the electrically heated steam generation section. The heat 

losses are not likely to affect significantly the results of the experiments 

on evaporating annular flow, bearing in mind that the measurement 

methodology adopted where localised temperature differences are used. 

Figures 3.22a and 3.22b show the measured outside wall and 

estimated inside wall and saturation temperatures for typical repeat 

series of runs for condensation and evaporation respectively. The 

temperature readings are scattered somewhat, though consistent. These 

temperatures, together with the heat fluxes calculated from the axial 

temperature difference in the annulus, are used in calculating the heat 

transfer coefficients as illustrated in Figures 3.23 to 3.25 for the three 

mass fluxes (120, 180 and 240 kg/m^s) used. As will be seen, despite 

the expected scatter in the data, there are no clear cut differences 

between the evaporation data and the condensation data. This result, 

the most important in the work described in this thesis, indicated a 

forced convective mechanism of the conventional type rather than 
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the alternative thin film boiling mechanism (secondary nucleation) 

as suggested by Mesler (1977). However, it needs to be examined 

carefully. The examination has been focused on the following aspects: 

(1 ̂  Measurement accuracy: There are two key measurements limiting 

the accuracy of the present experiments. These are that of local 

pressure measurements (from which the local saturation temperature 

is estimated) and measurements of the temperature difference 

between the annulus thermocouples at the measurement station. 

For the local saturation temperature, if the error in heat transfer 

coefficient is and the error in saturation temperature is A7^?. 

then the following equation derived from equation (3.6) relates the 

two: 

^tp '^SAT 
(3.14) 

A maximum error in the calibrated pressure transducers of ±0.1% of 

absolute pressure was estimated, which corresponds to +0.03 K in 

saturated temperature. This indicated an error of around ±1.5% 

corresponding to a minimum wall superheat 2 K for the 

instrumental error. The limiting factor then becomes the small 

variations in system pressure during the measurement of wall 

temperatures. The inlet and outlet pressures (average of nine 

readings taken over nine runs) are measured at the end during the 
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scan of wall temperatures in each run, and it is assumed that the 

pressure varies linearly with times between readings. With this set-

up it is estimated that the accuracy of the local saturation 

temperature calculated from a linear interpolation of the inlet and 

outlet pressures is better than 0.2 K. This indicates that the 

uncertainty in the measurement of wall superheat and local 

saturation temperature and hence heat transfer coefficient is less 

than 10% at a wall superheat of 2 K. Therefore, the results of heat 

transfer coefficients for evaporation and condensation are not 

affected significantly by these potential errors. The analysis of 

pressure data will be presented in detail in Section 3.6.2. 

For the temperature difference between the annulus 

thermocouples at the measured station, if the error in heat transfer 

coefficient is da^p and the error in annulus thermocouple 

temperature difference is d(AT^), then the following equation 

(derived from eq. 3.7) relates the two: 

T -T ^ 
^SAT ^wo (3.15) 

AT: 

A maximum error in the calibrated thermocouples of +0.05''C was 

estimated. Combining the two thermocouples would give a 

maximum (pessimistic) error in difference of tO.l^C. The 

differentials in the condensation and evaporation experiments were 

of the order of 1.0 and 0.6 K which means a maximum error of 
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around ±10% for condensation and +15% for evaporation. These 

differences in accuracy are certainly reflected in the scatter of heat 

transfer coefficients in Figures 3.23 to 3.25, but the results between 

evaporation and condensation still show no clear cut differences. 

^2)Pressure effects: Because of the operational difficulties, it was not 

possible to control the pressure at a given value for all the runs 

(though the pressure was constant and accurately measured in each 

individual run). The small difference in pressure would be certainly 

not to cause much change in heat transfer coefficients between 

condensation and evaporation. However, the pressure effect can be 

to some extent accounted for by plotting the results in the variables 

of the earlier forced convective correlations, namely F = 

against l / ^„ . This is done for the present data in Figures 3.26 and 

3.27. As will be seen, though there is some scatter, the mass flux 

and the pressure effects are reasonably closely correlated. However, 

the evaporation and condensation data still lie well together. 

(3) Fouling effects: Fouling resistance in boiling can be lower than in 

condensation due to the "wick boiling" effect (Macbeth et al., 1971). 

However, this applies to the nucleate boiling region and not to the 

forced convective region. This fact, coupled with the consistent 

results obtained in single-phase flow, leads one to conclude that 
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fouling could not affect significantly the results for evaporation and 

condensation. 

M)Incondensable gases: In condensation systems, one always has to be 

wary of the influence of incondensable gases. These can concentrate 

near the interface and reduce heat transfer coefficient. In the 

present evaporation and condensation experiments, degassing is 

carried out by thermal method by increasing the temperature of 

water in the primary-loop tank to a value corresponding to the 

saturation pressure (around 0.98 bar) and then by using the vacuum 

pump to vent gas from the condenser in the primary loop. The 

content of incondensable gas was estimated to be less than 5 ppm in 

the two-phase loop in the present experiments. Therefore, the effect 

of incondensable gases would be negligible. 

(51 Direction of mass transfer: Condensation enhances and evaporation 

reduces the interfacial shear stress (see, for example Collier, 1981) 

and this could change the heat transfer coefficient in the same 

directions. Since the experiments were conducted at relatively low 

heat fluxes, the mass transfer effects would be expected to be small. 

(6^Primary nucleation and nucleate boiling: It was confirmed using the 

method proposed by Davis and Anderson (1966) that the heat fluxes 

were lower than those required for primary (wall) nucleation. This 

was also confirmed by the results of Kenning and Cooper (1989) 
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who reported, for similar conditions, that no nucleate boiling was 

occurring at the heat fluxes reported here. 

(7^ Consistency of data: In the present experiments, in order to obtain 

direct comparison between evaporation and condensation, fluid 

heating and cooling were. The heat transfer coefficients at the third 

station were measured. Though every effort was made to keep the 

measured parameters comparable between evaporation and 

condensation, the film thickness, film flow rate and pressure gradient 

must vary somewhat between the test section inlet and the 

measurement point. Therefore, the effect of these variations on heat 

transfer coefficients for condensation and evaporation must be 

considered. This was done by using experimental data and film heat 

transfer theory (Section 2.1.3) to predict the variation of heat 

transfer coefficients with those parameters in annular flow. The 

maximum change in quality from the test section inlet to the 

measurement point is 12% in condensation and 8% in evaporation. 

With this small change in quality, near hydrodynamic equilibrium 

conditions could be ensured at the measured point. Applications of 

the film heat transfer theory, coupled with the annular flow model 

(HANA) indicated that nearly equal coefficients would be expected 

for evaporation and condensation (in the absence, of cause, of 

secondary nucleation). This theory predicts, in its unmodified form, 

values which are around 30% higher than the experimental values. 

*The range of wall superheats was actually rather small (2 °c -7 ° c ) and this is consistent with the 
absence of wall nucleation. 
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This is consistent with earlier findings in the literature and this 

prediction problem will be advanced further in Chapter 4. It can be 

concluded, therefore, that the effect of the small change in quality 

between the test section inlet and the (third) measurement station 

used could be small. 

(8) Comparisons with literature correlations: Having forced convective 

heat transfer data for nearly equilibrium conditions gives a useful 

benchmark against which to compare analytical correlations and 

models for annular flow heat transfer. Comparisons with analytical 

models, and the consequent development of new models, is discussed 

in Chapter 4. Here, the present data is compared with literature 

correlations for film condensation and evaporation. For this purpose, 

the Shah (1979) and Chen (1966) correlations respectively were 

chosen. In Figure 3.28 to 3.30 the measured condensation heat 

transfer coefficient data are compared with the predicted results 

calculated from the condensation correlation of Shah (1979). It can 

be seen from Figure 3.28 to 3.30 that, although the Shah correlation 

has a tendency slightly to underpredict the heat transfer coefficients, 

the agreement is reasonably good. In Figure 3.31 to 3.33 the 

measured evaporation heat transfer coefficient data are compared 

with the results predicted calculated from the widely used Chen 

(1966) correlation for the two-phase forced convective region. The 

present data are in reasonable agreement with the correlations but 
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tend to lie somewhat above it. In general, there are two factors 

which influence the comparisons of the present (hydrodynamic 

equilibrium) data and correlations of data taken under non-

equilibrium conditions: 

(i) The film flow rates will be in general much higher in 

condensation than in evaporation for the non-equilibrium case, 

though both are likely to be lower than the equilibrium value. 

(ii) The pressure gradient (and hence the interfacial shear stress) 

reduces with decreasing film flow rate at a given quality. 

The first factor will tend to produce higher film thickness and lower 

heat transfer and the second lower film thickness and higher heat 

transfer. Clearly, in condensation, the first factor is winning slightly 

and in evaporation, the second. As can be seen, therefore, the 

present data is consistent with literature correlations with the 

discrepancies in explicable directions. 

Following this analysis of the main factors which may affect the heat 

transfer coefficients in evaporation and condensation, we can conclude, 

therefore, that the equality for heat transfer coefficient between 

evaporation and condensation really does reflect a forced convective 

mechanism of the conventional type rather than the alternative thin film 

boiling mechanism (secondary nucleation) as suggested by Mesler 

(1977). 
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3.6.2 Pressure drop results 

The pressure drop data were processed according to the procedure 

set out in Section 3,5.2 in order to calculate the frictional component. 

In fact, the pressure drop was normally dominated by this component. 

The data for frictional pressure gradient is presented in Figures 3.34 to 

3.45. The pressure drop was measured between taps placed in flanges 

at the entrance and outlet of the 2 m long adiabatic section, and 

between the taps at each end of the test section itself (here the pressure 

tappings were spaced 0.327m apart). The data presented in two forms: 

(1) In the form of pressure gradient (i.e. pressure drop divided the 

distance between the taps) against the mean quality in the 

respective sections. 

(2) In the form of 

<!>£« = Id2)l(dpp ldz)^Y 

against 

Xtt = \{dpF /^)L / {^PF Y 

where {dpp/dz^^ and {dppjdz^^ are the frictional pressure gradients 

for the liquid and gas phase respectively flowing alone in the 

channel. This was the form proposed originally by Lockhart and 

Martinelli (1949) whose correlation curve is also plotted on each of 

the graphs. 
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Figures 3.34 to 3.39 show typical data for mass fluxes of 120, 180 

and 240 kglm^s with no heat transfer in the test section. The test 

section pressure gradients are somewhat higher in the high quality 

region than those in the calming section. This is because the pressure of 

vapour is lower there thus giving higher vapour velocities and higher 

pressure gradients. When plotted in the form, the data are 

consistent and in good agreement with the Lockhart and Martinelli 

correlation. 

In Figures 3.40 to 3.45, the data for pressure gradient in the test 

section with heat transfer are presented for mass fluxes of 120 kglm^s 

(Figures 3.40 to 3.41), 180 kg/m^s (Figures 3.42 to 3.43), 240 kglm^s 

(Figures 3.44 to 3.45). In examining the results shown in Figures 3.40 

to 3.45, the following features emerge: 

(1) Calculated test section frictional pressure gradients in condensation 

tend to lie somewhat lower than those for evaporation. The data 

agree better when plotted in terms of (|)̂ ^ and which takes 

account of any small differences in system pressure. 

(2) The pressure gradients in the test section agree well with the 

Lockhart-Martinelli correlation at the three mass fluxes. Indeed, the 

agreement with the correlation is quite good in view of the known 

scatter of published data compared to the correlation. 
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3.7 Conclusions 

There is no clear cut difference between experimental heat transfer 

coefficient data for condensation and evaporation under similar 

hydrodynamic conditions in the test section. Several main factors which 

may produce experimental errors were carefully analysed but no obvious 

cause for doubting this result could be identified. This seems to rule 

out the suggestions by Mesler (1977) that the enhancement of heat 

transfer coefficient at high quality region may be due to secondary 

nucleation. 
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Figure 3.4 Cross section of the test section 
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Figure 3.5 The inlet (or outlet) arrangement of the test section 
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Figure 3.6 Typical thermocouple readings at measured point in annular jacket 
with single-phase cooling in test section (mean temperature shown as dotted lines) 
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Figure 3.7 Typical thermocouple readings at measured point in the outside wall 
of the central tube with single-phase cooling in test section. 
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Figure 3.8 Typical thermocouple readings at measured point in annular jacket 
with condensation in test section. 
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Figure 3.9 Typical thermocouple readings at measured point in the outside wall 
of the central tube with condensation in test section. 

117 

Out et 

115.5 

114.5 -• 

Runs 

Figure 3.10 Typical thermocouple readings at measured point in annular jacket 
with evaporation in test section. 
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Figure 3.11 Typical thermocouple readings at measured point in the outside wall 
of the central tube with evaporation in test section. 
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Figure 3.12 Typical thermocouple readings (after modification) at measured point 
in annular jacket with single-phase cooling in test section. 
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Figure 3.13 Typical thermocouple readings (after modification) at measured point 
in the outside wall of the central tube with single-phase cooling in test section. 
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Figure 3.14 Typical thermocouple readings (after modification) at measured point 
in annular jacket with condensation in test section. 
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Figure 3.15 Typical thermocouple readings (after modification) at measured point 
in the outside wall of the central tube with condensation in test section. 
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Figure 3.16 Typical thermocouple readings (after modification) at measured point 
in annular jacket with evaporation in test section. 
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Figure 3.17 Typical thermocouple readings (after modification) at measured point 
in the outside wall of the central tube with evaporation in test section. 
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Figure 3.18 Test section assembly for equilibrium annular flow experiment 
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Figure 3.23 Typical experimental heat transfer coefficients in equilibrium annular 

flow of vapour-water. Mass flux 120 kgl{m^^ 
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Figure 3.28 Comparison between experimental data and the film condensation 
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Figure 3. 29 Comparison between experimental data and the film condensation 

correlation of Shah (1979). Mass flux 180 kgl{m^^ 
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Figure 3.30 Comparison between experimental data and film condensation correlation 

of Shah (1979). Mass flux 240 kgl{m^^ 
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Figure 3.36 Typical frictional pressure gradient data in adiabatic section and test 

section under adiabatic condition. Mass flux 180 
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Figure 3.38 Typical fiictional pressure gradient data in adiabatic section and test 

section under adiabatic condition. Mass flux 240 kgj 
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section under adiabatic condition compared with Lockhart and Martinelli 
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Figure 3.40 Frictional pressure gradient data in test section under evaporation and 

condensation condition. Mass flux 120 kgl{m^^ 
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Figure 3.41 Typical frictional pressure gradient data in test section under evaporation 

and condensation condition compared with Lockhart and Martinelli 
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Figure 3.42 Frictional pressure gradient data in test section under evaporation and 

condensation condition. Mass flux 180 
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Figure 3.43 Typical frictional pressure gradient data in test section under evaporation 

and condensation condition compared with Lockhart and Martinelli 

correlation. Mass flux 180 
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Figure 3.44 Frictional pressure gradient data in test section under evaporation and 

condensation condition. Mass flux 240 kgj 
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Figure 3.45 Typical frictional pressure gradient data in test section under evaporation 
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Chapter 4 

HEAT TRANSFER MODEL OF FORCED CONVECTIVE BOILING 

IN ANNULAR FLOW 

After a brief comment concerning the present state of knowledge of 

the heat transfer characteristics in forced convective flow boiling 

system, the remainder of this chapter is taken up with a new method 

for predicting nucleate boiling heat transfer. This is followed by a 

description of a complete forced convective boiling heat transfer model 

and then a flow chart for calculating heat transfer coefficient in forced 

convective boiling system will be presented. Finally, comparisons will 

be made between the modelling predictions and the published data and 

the results discussed. 

4.1 Analysis of Heat Transfer Characteristics in Forced 

Convective Flow Boiling System 

The conventional picture of evaporation and nucleate boiling is 

illustrated in Figure 1-2. Liquid is fed into the bottom of a vertical 

tube which is heated from an external heat source. After 
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a short region of single phase heat transfer, nucleate boiling starts at 

the wall and, when the quality (x) reaches typically a few percent, 

annular flow starts. From this point, two complementary 

mechanisms coexist for heat transfer, namely heat transfer resulting 

from nucleate boiling at the tube surface and heat transfer resulting 

from convection from the tube surface to the interface, where 

evaporation occurs. As the film thins along the tube, the latter 

("forced convection") mechanism becomes dominant since (with 

increasing heat transfer coefficient) the wall temperature falls and 

the intensity of nucleate boiling decreases, with eventually complete 

suppression of nucleation. Downstream of the point of suppression, 

the heat transfer is dominated by forced convective evaporation. 

Note that only part of the liquid phase is flowing in the film; the rest 

flows as entrained droplets in the vapour core. 

There are numerous investigations on forced convection boiling 

heat transfer; most of them are experimental. Because of the many 

parameters involved and the complexity of the phenomena, there 

exists no comprehensive model for forced convective boiling. In 

Chapter 2 one could find that in addition to uncertainty regarding 

the right form for combining convective and boiling contributions to 

the total heat transfer coefficient, there is also uncertainty about the 

models for calculation of the individual (convective and nucleate 

boiling) components. The development of such models have always 

been hampered by the fact that experimental data for convective 
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boiling provide values only for the total effective heat transfer 

coefficient, thereby necessitating a heuristic approach to the 

assignment of the relative contributions by each of the individual 

mechanisms. For this reason, it is necessary to re-examine the 

mechanisms of heat transfer in this region and to develop a new 

model for calculation of the individual contributions of convection 

and nucleation to the total heat transfer coefficient. 

The new model introduced here follows the widely recognised 

superposition form in which both convective and boiling mechanisms 

contribute to the total heat transfer process. The principal features 

of the new model for forced convective component are as follows: 

(1) Recent Harwell developments in the modelling of annular flows 

are included to determine the local conditions. Specially, the 

Owen and Hewitt (1987) model is used to predict the interfacial 

shear stress, and the entrainment and deposition correlations of 

Govan et al. (1988) are used to determine the local film flow 

rate. 

(2) A new correlation regarding damping of turbulence at the two-

phase interface was developed to modify the traditional 

theoretical film heat transfer model which tends to overpredict 

the heat transfer coefficient. 
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A large amount of effort was spent on the research on the 

contribution of nucleate boiling to the overall heat transfer 

coefficient arising from the nucleation, growth and burst of bubbles. 

The principle features of the model developed here are as follows: 

(1) In a given two-phase annular flow system a detailed analysis of 

the various forces on a bubble in the directions parallel and 

normal to the heating surface is developed and is used to 

describe both qualitatively and quantitatively the physical 

governing processes. The forces acting on the bubble include 

the surface tension force, the drag force , the growth force, the 

shear lift force, the buoyancy force. The parameters of average 

bubble departure diameter and frequency can be obtained by 

solving differential equations which describe the above forces. 

(2) A correlation to predict bubble burst diameter was developed. 

In the following sections the improved model for forced 

convective boiling heat transfer in annular upward flow is 

introduced. The emphasis of the new model is on developing a new 

method for calculation of nucleate boiling heat transfer coefficient 

in thin, flowing films. 

4.2 The Additive Model of Heat Transfer Coefficient 
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The proposed correlation covers both the "nucleate boiling 

region" and the "two-phase forced convection region". It is 

assumed that both mechanisms occur to some degree over the entire 

range of the correlation and that the contributions made by the two 

mechanisms are additive. 

a ^ = a , + a „ (4.1) 

where is the local heat transfer coefficient, is the contribution 

due to convection, a„ is the contribution due to nucleate boiling. 

The total heat flux in terms of the heat transfer coefficients can be 

expressed as: 

= (a, + a „ \ T ^ ( 4 2) 

or 

Therefore 

(4.3) 

4, = - Tkr) (4 41) 

9. (4 5) 

4.3 Nucleate Boiling Heat Transfer 

In this section a physical process, which forms part of the overall 

heat transfer model, from the nucleation of the bubble at the wall to 

its bursting at the film interface will be described. Then equations 

and correlations will be presented for calculating various parameters 

which are related the heat transfer process. 
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Consider a single bubble site in saturated flow boiling. Suppose a 

bubble has just departed. Liquid would rush into replace the space 

previously occupied by the bubble. The newly arrived liquid is 

relatively cold as compared to the original thermal layer. This layer 

of liquid is gradually heated by transient conduction until it is hot 

enough to sponsor the growth of a new bubble. The period prior to 

the appearance of the second bubble is called waiting period. After 

the new bubble appears the process enters the growth period. 

During the growth period the bubble is growing with evaporation 

taking place at the bubble interface and also from the microlayer of 

liquid at the bubble base. The rate of growth of the bubble is 

determined by the surface tension, the forces produced by ambient 

flowing liquid, the difference between the pressure within the bubble 

and the ambient or external pressure and the superheat of the 

ambient liquid. As the bubble grows larger, the forces imposed by 

the liquid flow on the bubble increase. The bubble will detach when 

these forces overcome the forces tending to retain the bubble at the 

wall. When temperature profile satisfies the required superheat for 

incipience of nucleation, a new bubble starts to grow. The detached 

bubble continues to grow as it travels up the liquid film, convected 

by the liquid flow and the moving bubble eventually bursts. It 

should be emphasis that the meaningful description can be limited 

only to the lower-heat flux range where bubbles are discrete. In the 
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high-heat flux range, bubble begin to merge and the activity is more 

chaotic and difficult to model. 

In the following section heat transfer within one nucieation cycle 

(the time between the nucieation of a potential bubble from a given 

site and the bursting of the bubble) over a single active nucieation 

site is modelled. The time average values of the variables involved 

are considered. For calculating the boiling heat transfer coefficient, 

the parameters of bubble frequency, the cumulative size distribution 

of potential nucieation sites and bubble burst size must be known. 

Assuming that the heat flux to be assigned to nucleate boiling 

{q„) is that directly associated with latent heat transport and release 

by the bubbles (i.e. not taking account of any enhanced local 

convection due to the bubbles), it follows that: 

qn=hfgPGV-BnJa (4.6) 

where 

(4.7) 

is the bubble volume and Rg is bubble burst radius, is the bubble 

frequency, is heat flux given by eq. (4.5). Combined eqs. (4.5) 

and (4.6) and assuming a hemispherical shape just before bubbles 

burst, nucleate boiling heat transfer coefficient can be written as 

follows: 
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- ^B^fgPo^afd 

(T.-Ts,,) 

The estimation of the parameters in (4.8) will be discussed next. 

4.3.1 Number of active nucleation sites 

On a given surface, we can postulate that there is a distribution 

of nucleation site sizes which could be potentially be activated in 

boiling. A form of relationship which was proposed by Brown 

(1967) and adopted later by Mikic and Rohsenow (1970) is as 

follows: 

1 (r 
I 'c,max /"c < .̂max (4.9) 

where is the number of potentially activable sites per unit surface 

area in the size range of r, to where is the maximum 

activable size and is the minimum size which can be initiated, Cj 

is dimensional constant (1/unit area). In general, s may be regarded 

asdproperty of the surface. The values of and may be 

functions of wall temperature and the temperature gradient in the 

fluid adjacent to the wall. Thus, represents the radius at which 

the temperature at the tip of the (assumed hemispherical) bubble just 

exceeds the equilibrium temperature. The calculation of is based 

on the analysis of Bergles and Rohsenow (1964). In their original 

analysis, a linear temperature profile was assumed away from the 
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wall. Accordin^that analysis, therefore, once bubble growth had 

been initiated, there was a range of cavity sizes (/;, to which 

could be activated, this range increasing as heat flux increased. In 

the present case for annular flow, the temperature profile (eq. 4.12) 

in the turbulent liquid film is non-linear. When this temperature 

profile is compared with the curve of the value of Tb (eq. 4.11) 

required for growth, then it is found that the temperature profile 

cuts the curve for Tb initially at a radius of greater than 

Since such cavities are not active, bubble growth does not occur. 

As the heat flux increases, then eventually cavities of radius, 

are activated. With the increases of heat flux, the minimum size (r^) 

activated decreases but the maximum size (A^^ax) remains constant 

at its (specified) value. Thus, the number of active nucleation 

centres is determined only to be in the range of to . 

In the present work, therefore, the above form of equation is used 

to calculate the number of active nucleation sites per unit area (»,). 

Thus: 

1 

" - 4 
(4.10) 

where s and are properties of the surface. The values of 

the minimum size for nucleation, decreases with increasing heat 

flux. 
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4.3.2 The incipient criterion of nucleate boiling on the wall 

An equilibrium bubble will grow when the superheat of the 

surrounding liquid exceeds the critical (metastable equilibrium) 

value. The critical superheated temperature for bubble growth can 

be calculated from the following equation 

la 
i+- (4.11) 

where a is the surface tension, the liquid pressure and the 

equilibrium bubble radius. 

If a hemispherical shape is assumed for the original equilibrium 

bubble, the bubble height above the surface (y^) is equal to the 

bubble radius and the mouth radius of the cavity, i.e. yb = ~^c-

Following the usual assumption, it is supposed that the incipient 

bubble will grow if the temperature around its surface is everywhere 

greater than the metastable equilibrium temperature 7 .̂ Since heat 

is being transferred into the fluid, there is a temperature gradient 

from the wall. Thus, bubble growth will occur if the temperature at 

(at the top of the bubble) exceeds 7 .̂ 

Assuming that there is no significant effect of the presence of the 

potential bubble on the temperature profile in the liquid film at the 

moment when the potential bubble will start to grow, the 

local superheat temperature at the top of the bubble can be 
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calculated from the convective model (which will be described in 

more detail in Section 4.4). The temperature profile in the liquid 

film can be expressed as: 

where is convection heat flux, the eddy momentum diffusivity. 

The non-dimensional variables are defined as follows: 

y (4.13) 
Vl 

r : = ^ (4.14) 

(4.15) 

" (4 16) 

(4.17) 

If q̂  is too low, then T is lower than 7% over the full range of site 

size; no bubble growth occurs. As q̂  is increased, a condition 

occurs at which T at reaches 7 .̂ Bubbles having this particular 

value of )>},{= RE) will then grow. 

4.3.3 Bubble frequency 

The frequency with which bubbles are released from a given site 

can be written as 
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f , = ~ - (4.18) 
wg 

where = C + K is the "waiting time" between bubble 

departure and the start of growth of the next bubble and is the 

"growth time", i.e. the time over which the bubble continues to 

grow whilst still attached to the nucleation site. 

An important feature of the bubble cycle is the waiting period, 

. This period is occupied by reforming the superheated boundary 

layer by transient conduction. It usually is assumed that the 

detachment of the bubble removes partly the thermal boundary layer 

and that at the start of the waiting period (^=0) the bulk liquid 

temperature extends up to the wall. The thermal boundary layer is 

slowly built up again by transient conduction until at a time t= 1^ the 

temperature at the top of the bubble becomes equal to that required 

for an equilibrium bubble of radius r^. If there is an active cavity of 

/; then bubble growth will occur after this time The waiting time 

can be calculated from the model of Mikic and Roshenow (1969): 

t^l 

K{L-Ts,r) 

9* 
(4.19) 

The growth time, t^, can be calculated from the following method 

of force balances on the growing bubble, as will now be discussed. 

4.3.4 Forces on a bubble 

164-



CHAPTER 4 HEAT TRANSFER MODEL OF FORCED CONVECTIVE BOILING IN ANNULAR FLOW 

To estimate bubble departure diameter, and the growth time, 

tg, various forces acting on a bubble should be analysed. 

In general, the forces acting on the bubble in the x- and y-

directions are: (1) the surface tension force, F^, (2) the drag force, 

F j , (3) the growth force, F^, (4) the shear lift force, F^, (5) the 

buoyancy force, F^. 

The X- and y- momentum equations for the bubble may be expressed 

as 

d{mu,) 

dt 
(4.20) 

_ d{mUy) 

dt 
(4 21) 
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where and Uy are the velocities of the bubble at its centre of 

mass in x- and y- directions and m the bubble mass. 

Each of the forces appearing in equations (4.20) and (4.21) will 

now be discussed in detail. 

4.3.4.1 Surface tension force 

At the bubble base the vapour-liquid interface ends in a three-

phase contact line. The resulting adhering force is the so-called 

surface tension force and it is approximately pointing the direction 

given by the local contact angle. Here, the Klausner et al. (1993) 

expressions for the surface tension forces in x- and y- directions are 

employed and were given by 

= -1.25 d^cx-p^-J^(sin a - sin 0) (4.22) 
K -{a-P) 

Fsy = _ {cosfi- cos a) (4.23) 

where P and a are the receding and advancing angles in degrees 

respectively and is diameter of the circle of contact between the 

bubble and the wall. 

4.3.4.2 Drag force 

The drag force on a bubble moving in a fluid is often written in 

the form; 
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F „ = C „ \ ^ A p ^ l (4.24) 

where Cu is the drag coefficient which depends on the shape of the 

bubble and Reynolds number. A is the area of the bubble cross 

section and the undisturbed liquid velocity. 

Mei et al. (1992) numerically solved the unsteady Navier-Stokes 

equations for the flow over a spherical bubble at finite Reynolds 

number. They found a value lower than the Stokes drag on a rigid 

sphere for low Reynolds number. The steady drag coefficient they 

got was found to agree with other observations. They proposed the 

following interpolation for Re up to 1000. 

2 
— + 

3 

(uX 
— +0.796" 

vRey 
n = 0.65 (4.25) 

where = 2i^AC/p^/ri^. Re is the bubble Reynolds number. A{/ is 

the relative velocity between the bubble centre of mass and the 

liquid. Although the forces on a growing bubble are governed by 

the instantaneous turbulent velocity field, when evaluating the mean 

departure diameter, the time average velocity can be used. The 

time-average velocity near the wall is assumed to follow the velocity 

profile given by (4.50) 

4.3.4.3 Lift force 

A bubble would experience a force in a direction perpendicular to 

the flow if either the bubble is non-symmetrical or the flow is non-
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uniform. This force is the so-called lift force. It is partly generated 

by the suction on an adhering body of a uniform flow over the body 

("Bernoulli suction"), partly by the interaction of a gradient in the 

approaching liquid flow and the relative velocity. 

+ C „ i p , A J / W (4.26) 

where is the capillary radius, R the bubble radius, is the 

surface of a wall and the bubble contact. accounts for the 

"Bernoulli suction". If the bubble Reynolds number is high Q , can 

be calculated from Bernoulli equation and potential theory. For a 

hemispherical bubble on a conical cavity of radius Rc, Q, has the 

value of 11/8 with R = R^. If the bubble is growing in 

a truncated spherical form, the value of this force is assumed to 

decrease inversely proportional to the bubble radius, made explicit by 

the factor RjR in equation (4.26). 

Mei (1992) gave an approximate expression for the shear lift force 

coefficient, a spherical bubble, which was derived for the 

shear lift force on a spherical bubble in an unbounded flow field at 

low Reynolds number. The shear lift force is two-thirds of that for a 

solid sphere derived by Saffman (1965, 1968). Combined with the 

result of Auton (1987) for the shear lift force on bubble in the 

inviscid flow limit with small shear rate, an interpolation was 
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developed for the purpose of estimating the shear lift force over a 

large range of Reynolds number and given as: 

i?e-'"/' + (0.344G;-')'"p, m = 4 (4.27) 

where 

Gs = 

is the dimensionless shear rate of the oncoming flow. 

dU R 

dy AU 
(4 28) 

4.3.4.4 Growth force 

The force is generated from a dynamic pressure difference over a 

growing bubble surface. 

Klausner et al. (1993) modelled the growth force by considering 

a bubble expending in an inviscid liquid. Zeng et al. (1993) 

modified the expression with the introduction of an empirical 

constant, Q, which was believed to account for the presence of a 

wall. The growth force, F^, expression given by Zeng et al. is used 

here, 

,2^3 _ £,2 == (4.:;9) 

where R = dR/dt and R = d^R/dt^. The term R is an added mass 

term. If the relative velocity of a body immersed in a liquid is 

changed or if its volume is changed, the total kinetic energy of the 

liquid changes. This results in a force acting on the bubble resisting 

- 1 6 9 -



CHAPTER 4 HEAT TRANSFER MODEL OF FORCED CONVECTIVE BOILING IN ANNULAR FLOW 

the original motion. This force can be thought of as originating 

from an extra mass of the bubble, referred to as the virtual or added 

mass force. The value of this mass depends on the geometry and 

size of the surrounding liquid, the liquid density and the position of 

the bubble. The values found for Q range from 1 to 20/3. The 

value of 1 for Q was found for forced convective boiling, while the 

higher value resulted from pool boiling experiments. 

When the bubble is inclined in the flow direction with an angle, 

0,, the force due to unsteady growth in the respective x- and y-

directions may be estimated from: 

F ^ = F ^ s M , (4.30) 

F^=F^cos9 , (4.31) 

If the bubble radius is known as function of time, the resulting 

expansion force on the bubble can be found by using eq. (4.29) 

over the bubble surface. In order to predict the time rate of change 

of the radius for a spherical growing vapour bubble, the expression, 

which considers the temperature field on a solid wall under the 

growing vapour bubble in boiling, developed by Fyodorov et al. 

(1989) is used here (for R12): 

R = ^ (4.32) 

where 

6.9 

(1 + 1070/1)' 0.23 
(4.33) 
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where = is the Jakob number. = 

is responsible for heat transfer from the wall in the quasi-stationary 

mechanism of heat transfer. Equation (4.32) is applicable when 

10 < ,^<4220 and 0.4 < Ja < 100. For bubble of steam-water, the 

bubble growth model of Mikic it al. (1970) was used (see eq. (2.80)). 

4.3.4.5 Buoyancy force 

Buoyancy force is caused by the inhomogeneous pressure along a 

submerged bubble with a mass density differing from the mass 

density of the fluid. The buoyancy force, F^, is given by: 

^6 - P o k (4.34) 

4.3.4.6 Acceleration force 

The right hand side of equations (4.20) and (4.21) represent the 

acceleration of the vapour bubble in the x- and ^/-directions, 

respectively. For this term the following estimation could be made 

d{mu) 

dt 
= Pc 

V dt d t j 

4 

PQ\4mR^R +—TiR^ , 
3 dt 

4 du 

(4 35) 

where is the bubble volume. The factor p^/p^ demonstrates that 

the acceleration term is about three order of magnitude less than F^. 

For most cases of practical interest the acceleration is negligibly 

small because the dominant forces on left hand sides of (4.20) and 
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(4.21) are associated with Px,(»Pg)- Therefore, the term may be 

neglected in the following analysis. 

4.3.5 Prediction for the bubble departure diameter 

Fundamental assumptions 

It is not surprising that the quantitative prediction of bubble 

departure diameter should be exceedingly difficult, if not impossible. 

In order to render the problem amenable to a theoretical attack, the 

following assumptions are made. 

(1) There exist statistically mean values of the bubble departure 

sizes. 

(2) Bubbles are considered as a nearly spherical shape at the 

moment of departure. 

(3) Temperature and pressure gradients are negligible within the 

bubble. 

The balance of forces on a bubble attached to its nucleation site 

Based on the above considerations, the departure point is reached 

when the conditions 2 ^ = 0 and = 0 are violated. The two 

equations at the point of departure can be solved together with eq. 

(4.32) simultaneously for the departure r a d i u s , a n d the time, 

2 ; F , = F „ + p ; + i v + - p ; = o (4.36) 

(4 37) 
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Force magnitude estimates 

In estimating the various forces, a typical bubble growing in 

water will be considered. The following parameters have been used: 

the mass flux, 7m=123 kgl{m^^ -, the mean wall heat flux, # = 250 

kWlrrP", the pressure, p = ?>9bar-, the mean superheat, 

AT^j. = 16.5 °C; the quality, x=0.27; the mean film thickness, 

5=02'imm-, the liquid film velocity, = 0.0973m/j and the 

predicted mean bubble departure diameter is J =0.136 mm and the 

bubble angle of inclination 9 = 71/18 proposed by Klausner is used 

here. The calculated forces on the typical bubble in the x-direction 

are ^ - - 7 . 4 1 x 1 0 ' # , ~ 239 xlQ-' N , ~-2.76 x lO'^iV, 

~ 1.12x10"'iV^ and those in the ^--direction are —8.59 x 10~^i\r, 

F^i ~ 1.67 x 10"' N, F^~ -1.584 x 10"'iV. 

4.3.6 Prediction for the bubble burst diameter 

The survey of the literature revealed that no attempts have so far 

been made to develop specific methods of analysis for the 

mechanism of bubble burst on a vapour-liquid interface in a thin, 

flowing film. This is perhaps not surprising since the problem is a 

very complicated one. In the present studies, a large amount of 

effort has been spent on evaluating the mechanism of bubble burst 

with the aim of developing a rational form of correlation to predict 

bubble burst diameter. Two possible methods emerged. The first 
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method follows the hypothesis of drainage and rupture of the thin 

non-foaming liquid film on a bubble surface. For a bubble rising to 

a plane surface, the functional form proposed by Chesters (1970), of 

the thickness, h, of the bubble surface changing with time, t, can be 

written as 

^ 8c, ^ 

P.KR*/ 
(4.38) h = h^ exp 

\ 

where for a bubble approaching a free surface = 2 ^ , is the 

equilibrium radius and V is the approach velocity of the bubble, 

is the thickness of the bubble shell at the initial stage of drainage 

and given by Doubliez (1991) 

A 
2 d2 / A-- "X 

1 + - (4.39) 
4a 

where and are the initial approaching velocity and the initial 

bubble radius which could be estimated from bubble departure 

parameters. 

Assuming the approaching velocity in eq. (4.38) to be the order 

of magnitude of the bubble growth rate and the thickness at the 

rupture point of bubble shell to be the order of magnitude of 

h^.^=\00nm, eqs. (4.38) and (4.32) could be solved simultaneously 

to obtain bubble burst diameter. 

The second method to predict bubble burst diameter is based on a 

phenomenological analyses of characteristics of bubble burst at 

vapour-liquid interfaces in flow boiling. There are two 
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dementionless parameters which are identified to be important to 

bubble burst. One is Jakob number, Ja, which represents heat 

transfer driving force governing the rate of bubble growth. Another 

is Weber number. We, which represents the ratio of disruptive force 

to cohesive force acting on a bubble. Through a regression analysis 

the present author obtained the following correlation* 

R^=c,(Jay^{Wey^ (4.40) 

where Rg is the bubble burst radius, We (=p^AF^i?g^/a) is Weber 

number. Here AV - V^. ,V^ are gas core and interfacial 

velocities, respectively, c, to are the constant regression factors 

which are given below 

Table 4.1 Empirical factors for bubble burst diameter 

Media C2 (̂3 

H2O 1.18x10"' -1.29 -0.04 

R12 2.71 xlO-3 -1.2 -0.21 

After several sets of data were tested it is found that correlation 

(4.40) gives better results than that using the first method. 

Therefore, it was decided that correlation (4.40) would be used to 

predict bubble burst diameter in the subsequent studies. 

*There are no actual data on bubble burst radius. The radius is calculated as that 
needed to close the present analysis for experiments with combined nucleate boiling 
and forced convection. Data obtained in this way were then correlated using the 
regression analysis given in eg. (4.40). However, the Chan (1990) showed (on the 
basis of analysis of the cine films of Hewitt et al., 1965), that burst diameters could be 
observed which greatly exceed the film thickness, as predicted by eq. (4.40). 
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4.4 Forced Convective Heat Transfer 

For equilibrium annular flow with evaporation taking place at the 

vapour-liquid interface, the heat transfer within the liquid film can 

be calculated from the models which represent the turbulent heat 

transfer in the liquid film. By analogy with the equation for 

turbulent momentum transfer, x = [\i + z j^du ldy , the relationship for 

turbulent heat transfer can be written as: 

(4.41a) 

where Zjj is the eddy diffusivity for heat. In general, it is assumed 

that s ^ = s „ . 

If the heat flux at the wall is q^, the heat flux at distance y from the 

wall in a circular channel is given as: 

- ^ = - ^ (4.42) 

where is given by eq. (4.4), is the tube internal radius and y is 

the distance from wall. 

After combining eqs. (4.41a) and (4.42) it is convenient to express 

eq. (4.41a) in a dimensionless form as follows: 

-
1 e j r f r 

v^J (fy 

where Pr̂  is the liquid Prandtl number and 

(4.41b) 

176-



C H A P T E R 4 H E A T T R A N S F E R M O D E L OF F O R C E D C O N V E C T I V E BOIL ING IN A N N U L A R F L O W 

r (4.43) 

where u* = . If the film thickness, 5, and average shear 

stress are known, then eq. (4.41b) can be integrated to give: 

(444) 
v/-; -y J 

The heat transfer coefficient can be computed from the relationship 

(4.45) 

In general, the heat transfer coefficient predicted from eq. (4.45) 

is higher than the observed one; this might be attributable to the 

existence of a reduction in eddy diffusivity in the region adjacent to 

the interface. A further explanation may be found in the transient 

nature of the flow. The existence of the large disturbance waves 

opens up the possibility that the average shear stress calculated 

from the mean pressure gradient is not the one which should be 

used in calculating u*. In the intervals between the disturbances the 

shear stress may be much lower. 

In the present work, we have adopted Levich's suggestion (1962) 

of introducing a damping factor as a multiplier to the eddy 

diffusivity. Its general form is expressed as where the 

exponent n is not a universal constant; its value has been varied in 

different analysis to fit experimental data (Mudawwar and El-Masri, 
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1986). A new correlation of the exponent for the damping factor 

derived from regression method in terms of convective experimental 

data is given by the present author as follows: 

N c3 
« = c,(Rej,-Rej^f [ - i j (4.46) 

where R e ^ is liquid film Reynolds number, Re^^ the critical liquid 

film Reynolds number, c, =9.97, =-0.04 and C3 =0.71. 

As a result, eq. (4.44) is modified to: 

In order to solve eq. (4.47), we need to know 5 and TO 

calculate 5 and we must invoke the equilibrium hydrodynamic 

model of annular flow and this will be described in section 4.4.1. 

4.4.1 Calculation of film thickness and shear stress distribution 

To calculate film thickness and shear stress distribution we 

employ the Owen and Hewitt model (1987). In this model, new 

relationships were proposed for both the liquid film and the gas-

droplet core. 

4.4.1.1 The triangular relationship in liquid film 

*It should be stressed that this correlation is based on inferred values obtained from the analysis 
of the present data for water only. It also correlated data from Kenning et al. (1989). The 
group (8xi/a) was also used by Whalley et al. (1974) for correlation of liquid entrainment. 

However, surface tension itself did not vary significantly in the range of (water only) data used 
m obtaining the correlation given by eq. (4.46) 
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This relationship, so called because it relates the three principle 

dependant variables in annular flow ( i.e. film thickness, film 

flowrate and the pressure gradient), is described in detail by Hewitt 

and Hall-Taylor (1970) and so will only be summarised here. 

If the acceleration of the liquid film neglected, a momentum balance 

results in the following expression: 

\(dp 
t = T, I — 

.rJ dz 
+ 9LS (4.48) 

where x, is the interfacial shear stress and r̂  the interfacial radius. 

Taking account of the eddy damping in the liquid film, the shear 

stress distribution in the liquid film can also be expressed as 

T = p. 1 - Z 
V 

du 

dy 
(4.49) 

It is convenient to write eq. (4.49) as non-dimensional form 

du^ 

dy' 
'my ,l + (Sm/Vi)(l-j/5)" 

(4.50) 

In eq. (4.50), is the single-phase eddy diffusivity, which can be 

derived, for instance, from von Karman's universal velocity profile: 

= 0 ^ 3 5 

e „ / v ^ = / / 5 - l 5 < / < 3 0 (4.51) 

S m / v £ = / / 2 . 5 - l 30 < / 

The film flowrate can be calculated from the velocity profile by the 

following expression: 
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Mjj, = j'l-Krp^udr (4 52) 

In non-dimensional form, eq. (4.51) can be written as: 

= (4 53) 
\ J 

where 

(4.54) 

(4.55) 

4 . 4 . 1 . 2 The core model 

In the core region, ignoring the change of momentum and 

assuming a homogeneous core, a force balance gives the following 

expression: 

(4.56) 

where is the homogeneous density in the core region and defined 

as: 

Pc= • (4.57) 
/Ms/Pi +^G/PG 

where and are the mass flux for gas core and droplet 

entrainment, respectively. 

The interfacial friction factor can be defined in the conventional 

form as: 
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fi -
2Pc(^C ~"i) 

(4 58) 

where is a homogeneous superficial velocity in the core region. 

Ignoring the small cross sectional area associated with the liquid 

film, we have; 

Ur I Wg 
PG PL 

(4 59) 

Because of the presence of interfacial waves, which act like a rough 

pipe wall on the gas core flow, / is greater than for a smooth tube. 

Owen modified Nikuradse's single-phase frictional factor equation 

in deriving the following expression for calculating the interfacial 

friction factor, which is consistent with eq. (4.58): 

2 _ 1 , 

K^p Kjp 

26, 
—log U . 

b 

r„J 
(4.60) 

where Kj.p is the two-phase von Karman constant and is the 

effective roughness given by eqs. (2.40) and (2.41), respectively. 

A* can be obtained from eq. (2.50). 

4.4.2 Calculation of liquid film flowrate 

Asali (1984) proposed a correlation that relates the critical liquid 

film flow rate for the onset of droplet entrainment to the physical 

properties of the liquid and vapour phase. Later, Owen (1986) 
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introduce a correlation similar in form to that of Asali but with 

different empirical constants. This correlation is as follows: 

= exp 5.8504 + 0 . 4 2 4 9 ^ (4 61) 
\PG. 

where is the critical film mass flux based on the full pipe area. 

For the region where droplet entrainment is taking place, there has 

again been an evolutionary development of empirical correlations for 

deposition and entrainment. Here we use one of the most recent sets 

of correlations, namely those of Govan et al. (1988). For droplet 

deposition, Govan et al. defined a droplet mass transfer coefficient in 

the usual way by the following rate equation: 

D . ^ k C (4.62) 

where is the deposition rate per unit peripheral area, k the mass 

transfer coefficient and C the droplet concentration in the gas core, 

calculated assuming a homogeneous gas/droplet mixture. 

Based on data from experiments where only deposition took place, 

Govan et al. derived correlations for the mass transfer coefficient as 

follows: 

k 1 ^ = 0.18 % <0.3 (4.63) 
cr /KG 

j^ PgR ^ 0.083 
v P g ' 

9 / ^ >0.3 (4.64) 

At equilibrium. 
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— E — kCjg (4 65) 

where Q is calculated using the equilibrium entrained flow fraction. 

Govan et al. were able to use data from equilibrium annular flow to 

calculate the entrainment rate (E) for which they then established a 

correlation as follows; 

= 5.57 X10-
nir 

( • \ 2 

iP̂ LF ^LFC) 2 

0,316 
thjjp >7hjjp^ (4.66) 

For equilibrium annular flow, the equilibrium droplet concentration 

(Cg) can be expressed explicitly by substituting equations (4.63), 

(4.64) and (4.66) into equation (4.65). After some algebraic 

manipulations, the following expression can be written: 

Cg = 5.57 X10" {ĵ LF ^LFC) 2 
^ P g 

0.316 
(4.67) 

0.18 

C , =-{5.57x10 -5 (^LF ^LFc) 
DPl 

GP& 

0.316 
(4.68) 

By definition. 

1/0.35 
K Pg-D 

0.083p^"V cy J 

Cg — 0 ihjjf < ih^Q 

UcCETCT^ 

(4.69) 

(4.70) 
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where is the average velocity of the core homogeneous flow and 

is the mass flux of the entrained liquid based on the tube cross 

sectional area. Therefore, 

V _ ^ g Q ( ^ Ao) /P( 

^ A . ) 

P G 

(4.71) 

Then the film flow rate ( M ^ ) in equilibrium flow is given by: 

(4.72) 

Although equations 4.67-4.71 can be used to obtain Ce and hence 

m^, it should be noted that they are implicit, since 

occurs within the equations. If a calculation of equilibrium annular 

flow is considered, the Owen's correlations, in an explicit form, for 

the fraction of entrainment in equilibrium annular flow can be used 

for simplicity. The Owen's correlations are as follows: 

If rhĵ  then 

(4.73) 

If then 

= exp[-6.U12 + 0.4720/«(/„)] for /„ < 1.35 x 10® (4.74a) 

^ = 0.690 + 8.03 X 1 0 - ' f o r 1.35x10® < / „ <2.15x10® (4.74b) 

= e>2?[-1.775 +0.112/«(/„)] for /„ > 2.15 x 10® (4.74c) 
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where 

F - 1 ^LPC 

).25 

ntr 

(4.75) 

(4.76) 

where 

a^Ap 

PG - 1 .ApJ 

% 

Ap = pi - P g 

D* =D^gAp/a 

RCr = 

% 

(4.77) 

(4.78) 

(4.79) 

(4.80) 

(4.81) 

From eq. (4.48), it can be seen that the film model requires 

values of pressure gradient {dpjdz) and interfacial shear stress (t,.), 

and from eqs. (4.56) and (4.58) the core model requires values of 

film thickness (^) and interfacial velocity (w,.). The two models 

together with film flow rate correlation (4.72) may be solved 

simultaneously and iteratively to obtain these parameters which can 

be used in the heat transfer analysis. 

4.5 Calculation Scheme of The Total Heat Transfer Coefficient 
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The procedure for the calculation of the total heat transfer 

coefficient in forced convective boiling in equilibrium annular flow is 

shown in Figure 4.1 and is as follows; 

(1) Input values of pressure, wall temperature, quality, mass flux, 

heat flux and s which is used in eq. (4.9). 

(2) Call subroutine to calculate saturation parameters. 

(3) Use known values of the two-phase flow rates, physical 

properties and channel geometry to calculate the amount of 

liquid entrainment, eq. (4.66). 

(4) Use the information on the amount of liquid entrainment to 

obtain the liquid film flow rate , eq. (4.72). 

(5) Use the guessed values of liquid film thickness and pressure 

gradient to obtain a new estimate of liquid film flow rate. 

(6) Return step (4) and iterate between steps (4) and (5) to obtain 

consistent value of film thickness. 

(7) Use the values of film thickness, liquid film flow rate and 

pressure drop to obtain interfacial shear stresses from eqs. 

(4.56) and (4.58). 

(8) Return step (4) iterate between steps (4) and (7) to obtain 

consistent value of the interfacial shear stress. 

(9) Use the calculated values to obtain the forced convective heat 

transfer coefficient, a^. 
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(10) Use eq. (4.11) to calculate the metastable equilibrium 

temperature 2^. 

(11)Use the known hydraulic parameters of annular flow to obtain 

temperature profile T=T{y) in the liquid film. If the 

inequality, <2^ is held go to step (15). 

(12)Use the methods given in Sections 4.3.3 and 4.3.4 to obtain 

bubble waiting time and departure time. 

(13)Use eq. (4.9) to calculate nucleation sites, n^, and use the 

methods in Section 4.3.6 to obtain the bubble burst diameter. 

(14)Use eq. (4.8) to obtain nucleate boiling heat transfer 

coefficient, a„. 

(15)Use eq. (4.1) to obtain the total heat transfer coefficient, 

(16) Output the calculated parameters interested. 

4.6 Comparisons Between Predicted and Experimental Data 

In this section comparisons are made between predictions from 

the methodology described above and the refrigerant-12 data of 

Jung (1989), the water data of Kenning et al. (1989) and the water 

data of the present author. 

4.6.1 Analysis of Jung's data 
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The date set of Jung (1989) is for evaporation flow of R12 in a 

horizontal tube. Though it would have been preferable to use data 

for a vertical tube, there is a surprising dearth of comprehensive 

data sets for this case. In view of the fact that the mass fluxes in 

the Jung data sets are high enough to minimise gravitational 

stratification, it is decided to use this (very comprehensive) data. 

The experimental rig in Jung's experiment is described as follows: 

a pump delivers the subcooled liquid to the test section. In the test 

section, the subcooled liquid is heated by passing a DC current 

(supplied by a low voltage, high current power supply) through the 

tube wall. The vapour generated in the test section is condensed in 

the condenser. The pump then draws the liquid from the bottom of 

the condenser to complete the cycle. The test section was made of 

two identical 4 m long, 9.1 mm i.d. type 304 stainless steel tubes 

with a wall thickness of 0.25 mm. The ranges of the Jung 

experimental date used here are: 

Mass flux: 254-748 [kg nr^s~ '̂\ 

Heat flux: 10-26 [kW 

Quality: 0.1-0.85 

Pressure: 3.0-4.0 [bar] 

The following values are established for the parameters in the 

models described above: 
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Cumulative size distributions of potential nucleate site: The values 

used in equation (4.9) were s=A and = 3xlO"®w. 

Damping factor: «=0 is taken in eq.(4.12). This is consistent with 

the finding that analytical predictions without damping have 

previously been found to be in better agreement with results for 

refrigerants than they were for water. 

The results calculated in the analysis of the Jung data are shown in 

Figure (4.2) to (4.7) and are as follows: 

(a) Average bubble departure and burst diameters: 

These are plotted against film thickness. As will be seen in 

Figure (4.2), the predicted average departure diameter is less 

than the film thickness, and the average burst diameter is larger 

than the film thickness over the whole range. This is consistent 

with the measurements made by Chan (1990) on some early cine 

films of boiling in annular flow where the burst diameter of the 

bubble was seen to be much greater than the mean film 

thickness. In the flow boiling regime, Figure (4.3) shows that 

average bubble burst radius decrease somewhat with increasing 

average gas core velocity. 

(b) Average bubble frequency: 

*If eq. (4.46) (derived from water data) is used to calculate the value of « for R12, the values are of 
the order 0.1 in contrast to values of 0.5-1.0 which are estimated for water. However, in the 
absence of equilibrium pure convective data in Jung's data, a value of n=0 has been used. 
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Figure (4.4) depicts the calculated average bubble departure 

diameter against bubble frequency. The diagram shows that the 

average bubble departure diameter decreases with increasing 

average bubble frequency. The frequencies are of the order of 

several hundred bubble per second. The order of magnitude of 

bubble frequency is consistent with the frequency measurements 

of Fujita and Ueda (1978). 

(c) Heat transfer coefficient: 

Figure (4.5) shows a typical comparison between the prediction 

and the data of Jung (1989). Figure (4.6) depicts the 

contribution to the overall average heat transfer coefficient 

from nucleate boiling and forced convection. It can be seen 

from this diagram that nucleate boiling is gradually suppressed 

as quality increases. 

(d) Accuracy 

Figure (4.7) gives a comparison between the calculation of the 

present method and Jung's experimental data. The results 

shows that most data were correlated within a deviation of 

±25%. 

4.6.2 Analysis data of Kenning et al. 

190 



C H A P T E R 4 H E A T T R A N S F E R M O D E L OF F O R C E D C O N V E C T I V E BOIL ING IN A N N U L A R F L O W 

The data set of Kenning et al. (1989) is for flow boiling of water 

in vertical tubes. The experimental rig used comprised a lower 

steam generator 2.0 m long, an adiabatic section 1.5 m long in 

which the liquid and vapour develop to a near hydrodynamic 

equilibrium flow and an upper test section with electrically heated 

length of 0.5 m. In the experiments of Kenning et al., two test 

section diameters were used , namely, 9.6 mm and 14.4 mm. The 

ranges of the experimental data used here are: 

Mass flux: 123-630 [kg 

Heat flux: 104-352 [kW m'^] 

Quality: 0.06-0.53 

Pressure: 1.6-5.9 [bar] 

The following values are established for the parameters in the 

models described above: 

Cumulative size distributions of potential nucleate site: The values 

used in equation (4.9) were 5=4 and = 3 x lO'^m. 

Damping factor: To reflect the known overprediction of water data 

by convective heat transfer models not taking account of interface 

damping, a multiplier, ( l - j / S ) " (where the exponent n is calculated 

from eq. 4.46), to the eddy diffusivity is used in eq. (4.47) to 

consider this effect. Results calculated in the analysis of the 
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Kenning data are shown in Figure (4.8) to (4.13) and are as 

follows; 

(a) Average bubble departure and burst diameters: 

These are plotted against film thickness in Figure (4.8). As 

will be seen, the average departure diameter is less than the 

film thickness, and the average burst diameter is larger than the 

film thickness over the whole range. 

In the flow boiling regime, Figure (4.9) shows that the average 

bubble burst radius decrease with increasing average gas core 

velocity and follows a reciprocal relationship with dg ~ 1/mq , 

where dg is the bubble burst diameter and the average gas 

core velocity. 

(b) Average bubble frequency: 

Figure (4.10) depicts the calculated average bubble departure 

diameter against bubble frequency. The diagram also shows 

that the average bubble departure diameter decreases with 

increasing average bubble frequency. 

(c) Heat transfer coefficient: 

Figure (4.11) shows a typical comparison between the 

prediction and the data of Kenning et al. (1989). Figure (4.12) 

depicts the contribution to the overall average heat transfer 

coefficient from nucleate boiling and forced convection. In this 
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diagram it can be seen that nucleate boiling is gradually 

suppressed as quality region increases. 

(d) Accuracy 

Figure (4.13) gives a comparison between the calculation of the 

present method and Kenning's experimental data. The results 

shows that most data were correlated within a deviation of 

+20%. 

4.6.3 Analysis of the present experimental data 

The present experiments, carried out at near hydrodynamic 

equilibrium condition and at wall superheats carefully controlled to 

ensure a pure forced convective heat transfer (no nucleate boiling), 

are described in detail in Chapter 3. The ranges of the experimental 

date used in the following comparison are; 

Mass flux: 120-240 [kg 

Heat flux: 40-200 [kW /w"'] 

Quality: 0.04-0.55 

Pressure; 0.7-0.9 [bar] 

For this water system, a multiplier, (l-_y/6)" (where the exponent 

n is calculated from eq. 4.46), to the eddy diffusivity is also used in 
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eq. (4.47) to consider interface damping effect. The main findings 

are: 

(a) Heat transfer coefficient: 

Figures (4.14), (4.17) and (4.20) show typical comparisons of 

the predictions using the present methodology, the simple film 

heat transfer theory (i.e. without interface damping) and the 

experimental data for three different mass fluxes, namely 120, 

180 and 240 [kg It can be seen that the predictions 

using the improved method with damping factor lie close to the 

experimental data, whereas the predictions using the simple 

heat transfer theory lie well above the experimental values of 

heat transfer coefficients, particularly at high quality and high 

flow rate. 

(b) Accuracy 

Figures (4.15), (4.18) and (4.21) give comparisons between the 

calculations using the present method and the experimental 

data. The results show that most data were predicted within a 

deviation of ±15%. Note that the data are special in terms of 

their being obtained under full hydrodynamic equilibrium 

conditions. However, they reasonably consistent with other 

published data which indicates that the value of damping 

exponent used here is reasonable. 
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It is also of interest to compare the heat transfer coefficients 

predicted from the present method with an empirical heat 

transfer correlation. Perhaps the most widely used correlation 

for this area is that of Chen (1966). As will be seen from 

Figures (4.16), (4.19) and (4.22), reasonably good agreement is 

obtained between the predictions and the Chen correlation. 

4.7 Conclusions 

The following conclusions are drawn from the above analysis: 

(1) A mechanistic model for heat transfer in evaporating single-

component annular flow has been developed. It takes detailed 

account of the nucleation and hydrodynamics processes that 

have a direct bearing on heat transfer. 

(2) A detailed analysis of various forces acting on a growing 

vapour bubble attached to a wall is presented. The analysis is 

used as an analytical tool to predict the mean departure 

diameter and frequency of the bubble. The form of correlations 

and analysis developed indicate a decrease in the departure and 

burst diameters with increasing vapour velocity. It was 

important to include this effect. 

(3) The above analysis demonstrates that the departure diameter 

results for pool boiling and the constant burst diameter 
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suggested by some researchers are not applicable to flow 

boiling. In fact, the departure mechanisms are quite different. 

This casts doubt on the validity of using pool boiling 

correlations to model the boiling component of heat transfer in 

flow boiling. 

(4) There is a lack of information on some key parameters in this 

model regarding the size distribution of potential nucleation 

sites, the advancing and receding angles and the extent of eddy 

damping in the liquid film. Despite this disadvantage, analysis 

made on some data sets from literature indicates that 

reasonable prediction could be made with some rational 

assumptions made for these parameters. 

(5) The damping factor correlation (for water system) given here 

presents, for the first time, an analytical approach for 

considering damping effect in forced convective heat transfer. 

The bubble burst correlation given here also presents, for the 

first time, a tentative analytical approach for predicting bubble 

burst diameter in flow boiling. 

The model shows that a reasonable phenomenological 

representation of the forced convective flow boiling process can be 

achieved taking account of the additive mechanisms. The model 

does, of course, require empirical fits (for instance for the damping 

- 196. 



C H A P T E R 4 H E A T T R A N S F E R M O D E L OF F O R C E D C O N V E C T I V E BOIL ING IN A N N U L A R F L O W 

factor and the bubble burst radius). Thus the model should in no 

way be regarded as a general predictive tool. However, the fact 

that it can be constructed and that it is consistent with the 

phenomena occurring may encourage future developments in this 

direction. 
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Input: p,T^,x,G,q,s 

Call subroutine to calculate: 

Pl'Pg'^l'^g'^p' "^sat 

I 
Use eq. 4.66 to Calculate E 

I 
Use £ to calculate G Lf 

1 
Suppose a start value of 8 

^Lf ^Lf 

Yes 

Calculate "̂̂ 1 f^ 

Use Interfacial shear stress 
correlation eqs. (4.56) and 
(4.58) to calculate r] and r, 

T ' 
Use the guessed values of 

dpjdz, 8 to calculate 

and G y 

Use numerical 
algorithm to 
update the 
value of 5 

Use numerical 
algorithm to 
update the 
value of 5 

No 1 

Use numerical 
algorithm to 
update the 
value of dp/dz 

I 
No 

Figure 4.1 Calculation scheme of total heat transfer coefficient in equilibrium 
annular flow. 
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© 

No 
T>T, 

Yes 

No 

Yes 

Are the eqs. 
(4.36) and (4.37) 
^ violated ? ^ 

Calculate waiting time 

Calculate T in eq. (4.12) 

Calculate in eq. (4.11) 

Use numerical 
algorithm to 
update the 
value of L 

Guess bubble departure 
time t 

Calculate forced convective 
heat transfer coefficient, a„ 

Calculate various of forces 
acting on a vapour bubble 

Output: G^j.' 6 , ? ; , 

dp/dz ,E,a^ 

Figure 4.1 Calculation scheme of total heat transfer coefficient in equilibrium 
annular flow, (continued) 
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End 

Calculate nucleation sites n. 

Calculate bubble 
frequency 

Calculate bubble burst radius 
Rg in eq. (4.40) 

Calculate nucleate boiling 
heat transfer coefficients. 

Calculate total heat transfer 
coefficient 

Output oCfp and other 
parameters interested 

Figure 4.1 Calculation scheme of total heat transfer coefficient in equilibrium 
annular flow, (continued) 
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Figure 4.2 Predicted bubble departure and burst diameters plotted against mean 
liquid film thickness. m=532 kg/(m^s) and/7=3.841 bar 
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Figure 4.3 Predicted bubble burst diameters plotted against mean velocity in the 
gas core. m=532 kg/(m^s) and/>=3.841 bar 

- 2 0 1 



C H A P T E R 4 H E A T T R A N S F E R M O D E L O F F O R C E D C O N V E C T I V E BOIL ING IN A N N U L A R F L O W 

0.12 

c 

£ 0.10 --

s 
<D 
E 0.08 --
(0 
T3 

2 
3 0.06 -
•c 
(0 
Q . 
(D 

T3 0 . 0 4 -

(U 
. a 
.Q 

0 . 0 2 -3 0 . 0 2 -
m 

0.00 
100 200 300 400 500 

Bubble frequency [1/s] 

600 700 

Figure 4.4 Predicted bubble departure diameter against bubble frequency. 
w=532 kg/(m^s) and/7=3.841 bar 
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Figure 4.5 A typical comparison between the prediction and 
the data of Jung (1989). m =253 kg/(nP's) and p=2 A bar 
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Figure 4.6 The contribution to the overall average heat transfer coefficient 
from nucleate boiling and forced convection. m=253 kg /(m^s) andp-3A bar 
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Figure 4.7 Comparison between the calculation of the present method 
and Jung's experimental data (1989) 
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Figure 4.8 Predicted bubble departure and burst diameters plotted 
against mean liquid film thickness, tw=123 kg/(rri^s), p=3.9 bar and 9.6 mm 

ai 0.8 

"O 0.6 

0 5 10 15 20 

Mean velocity in vapour core [m/s] 

Figure 4.9 Predicted bubble burst diameter plotted against mean velocity in the 
gas core. /w=123 kg/(m^s),p= 3.9 h&r and d= 9.6 mm 
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Figure 4.10 Predicted bubble departure diameter plotted 
against bubble frequency. w=123 kg /(m^s),p= 3.9 bar and d= 9.6 mm 
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Figure 4.11 A typical comparison between the prediction and 
the data of Kenning et al. (1989). m=123 kg/ (m^s),p= 1.9 bar and 9.6 mm 
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Figure 4.14 A typical comparison of the prediction, the simple film theory 

and the present experimental data, m = 120% / 
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Chapter 5 

HEAT TRANSFER IN SLUG FLOW 

This Chapter presents modelling studies on the problem of 

evaporation in a horizontal tube. The results of Jung (1989) show a 

considerable variation of the heat transfer coefficient around the 

periphery of the tube at low qualities, with the top of the tube having 

the highest coefficient. It is shown that this region is likely to be one 

in which slug flow occurs and this situation is analysed both from a 

hydrodynamic and from a heat transfer point of view. The transition 

into the low quality regime is shown to be closely associated with that 

into slug flow. An analysis of the heat transfer in the slug and inter-

slug ("film") regions leads to successful prediction of the heat transfer 

coefficients at the top and bottom of the tube. 

5.1 Introduction 

Jung (1989) studied the evaporation of refrigerant and other pure 

and mixed refrigerants in a 9 mm tube. He made measurements of the 

heat transfer coefficient at the top of the tube, at the bottom of the 
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tube and in a position half way around the periphery between the two 

(designated "middle" in what follows). The results are exemplified in 

Figure 5-1. 
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Figure 5-1 Jung's experimental data 

At high qualities, there is a small amount variation around the tube 

periphery with the heat transfer coefficient at the top being somewhat 

higher than the heat transfer coefficient in the middle and the bottom 

positions. The analysis of Jung's data in the region by the annular 

flow model described in Chapter 4. This is typical of annular flow 

where the heat transfer is likely to be mainly controlled by forced 

convective mechanisms (i.e. with nucleation largely suppressed). At 

low qualities however, there are gross differences between the top, 

middle and bottom of the tube as shown and it seems likely that this 

can be ascribed to a change in the flow regime. 
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Non-evaporative heat transfer in air-water flow in tubes has been 

studied by Shoham et al. (1982), Kago et al. (1986) and Deshpande et 

al. (1971). The results obtained in these studies are typified by those 

shown in Figure 5-2. In these air-water flow situations, the coefficient 

at the top of the tube is much lower than the coefficient at the bottom. 

Thus, the situation is quite different from that seen in evaporation as 

shown in Figure 5-1. 
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• • • 

T T • 
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Figure 5-2 Data of Shoham et al (1982) 

400000 

This difference between the two results can be ascribed to a number 

of factors as follows: 

(1) In the air-water experiments, the liquid film at the top of the 

channel could be drying out, with a consequent drastic reduction 

of the heat transfer coefficient in that region. 
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(2) There is an important difference between evaporative and non-

evaporative heat transfer. In evaporative heat transfer, the 

interface temperature is constant at the saturation temperature. In 

non-evaporative heat transfer, the interface temperature may 

change with distance and with peripheral position. Supposing we 

had a system with a constant wall temperature; if there is 

restricted mixing around the periphery of the tube in the film 

region of a slug flow or, alternatively, in an annular flow, then the 

thin liquid layer at the top would approach the wall temperature 

and this would reduce the amount of heat transfer. The thick 

layer of liquid at the bottom of the tube, on the other hand, would 

take much longer to approach the wall temperature and would 

therefore appear to have a very much higher heat transfer 

coefficient. 

(3) The experiments of Shoham et al. were conducted in a much 

larger (38 mm) tube and this would give a larger propensity for 

dryout than the small diameter tube used by Jung (1989). 

The objective of the present work was to provide a rational 

framework for the interpretation of the results of Jung (1989). The 

questions addressed were as follows: 
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(1) Is the observed transition between the low quality and high quality 

regimes (see Figure 5-1) consistent with the predictions from 

established flow pattern transition maps (here we have used the 

map of Taitel and Dukler)? 

(2) Within the slug flow regime itself, what are the predicted slug 

lengths, film thickness etc.? Here, a well-established model for 

slug flow (that of Dukler and Hubbard, 1975) has been used to 

predict slug length and film length respectively. The average 

value of the length of the liquid slug is determined from the 

analysis as is the average length of the region between the slugs 

(the film region). In order to advance the analysis, it has been 

necessary to examine how the liquid phase behaves in the film 

region and, here, the analysis of Coney (1974) has been adopted. 

(3) What are the mechanisms governing heat transfer in the respective 

regions of the slug flow? Here, the forced convective and 

nucleate boiling mechanisms have been evaluated and it is 

concluded that the situation is largely dominated by nucleate 

boiling, even in the thin film at the top of the film region. 

(4) Can quantitative predictions of the heat transfer coefficients be 

made? It has been found impossible to reconcile the results 

without hypothesising that the nucleate boiling in the thin film at 

the top of the film region is enhanced. It has been shown that, in 
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the slow moving film at the top of the channel, between the slug, 

suppression of nucleate boiling is likely to be much less than for 

the faster moving fluid at the bottom of the tube. 

These successive studies are described in the following sections. 

5.2 Flow Pattern Transition 

One of the most widely used flow pattern transition maps is that due 

to Taitel and Dukler (1976) and this map has been selected for 

comparison with the Jung (1989) data. The map is semi-theoretical in 

nature and plots the transitions in terms of the number of 

dimensionless groups. Here, we are concerned primarily with the slug 

flow to annular flow transition. In this map, it is suggested that when 

the equilibrium liquid level in the pipe is above the pipe centre line, 

intermittent flow will develop, and if hJT> < 0.5 (where, is the 

liquid level), annular or annular dispersed liquid flow will result. 

Since transition takes place at a constant value of hJY> = 0.5, The 

Taitel-Dukler analysis indicates that a single value of the Martinelli 

parameter characterises the change in regime. The Martinelli 

parameter is defined as 

{dpj,ldz\ 

{dppldz\ 
(5.1) 
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where {dpp / and {dpp. / are the pressure gradients for the flow 

of liquid and gas phases flowing alone in the channel respectively. 

For a horizontal tube, the transition value is X„=1.6, and this is 

plotted in Figure 5-3 as boundary B. A further boundary in the Taitel-

Dukler flow pattern map is the limit of the stratified regime A-A which 

is plotted in terms of the parameter F (the Froude number modified by 

the density ratio) and the Martinelli parameter respectively as shown 

in Figure 5-3. F is defined as follows: 

V(Pl-PG) 

Where and pt are the densities of the gas and liquid phase 

respectively, is the superficial gas velocity, D the tube diameter, g 

the acceleration due to gravity. As will be seen in Figure 5-3, for 

X^<1.6, the transition of stratified flow is into annular flow whereas 

for Jf„>1.6, the transition is into slug flow. 

The transition between the lower quality (large radial variation) 

region and the high quality (smaller radial variation) region as shown 

in Figure 5-1 can be plotted in terms of the above parameters. Of 

course, one can only specify a range of qualities over which the 

transition occurred. For the experiments of Jung (1989) the following 

approximate quality ranges for the transition were estimated: 
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Figure 5 -3 Flow pattern transition m a p of Taitel and Dukler (1976 ) 

0.18-0.25 for a mass flux of 364 kg/m^s 

0.13-0.14 for a mass flux of 526 kg/m^s 

0.07-0.08 for a mass flux of 751 kg/m^s 

These ranges are plotted on Figure 5-3 and it will be seen that, 

indeed, the transition ranges are quite close to the predicted slug flow 

boundary and lie in the range 0.65<Z„<1.6 (the lower boundary of this 

range is shown as the dotted line in Figure 5-3). This corresponds to a 

range of hJD of 0.35-0.5. In fact, the accuracy of the Taitel-Dukler 

slug-annular transition prediction is not very high, with considerable 

variations observed in the literature (see for instance Reimann et al. 

1981). 
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We conclude that it can be reasonably adduced that the observed 

transition in Figure 5-1, is, indeed, a transition from slug flow to 

annular. 

5.3 Slug and Film Region Length 

To calculate the characteristics of the slug flow, we use the well-

established model of Dukler and Hubbard (1975). Dukler and Hubbard 

define a slug unit which consists of the liquid slug (where the liquid 

phase is continuous and occupies the whole cross section of the pipe) 

and a film region, namely the region between the slugs. The length of 

the liquid slug and film regions are defined as and Ij- and Dukler and 

Hubbard defined a total slug unit as given by 

V , V . 
(5 3) 

Figure 5.4 The physical model for slug flow 

- 2 2 0 



CHAPTER 5 HEAT TRANSFER IN SLUG FLOW 

where u, is the slug translational velocity, the slug frequency, U the 

total superficial velocity, and C a parameter which has a value of the 

order of 0.25, which is related to the shedding rate of liquid by the 

slug into the film region. 

Note that the translational velocity of the slug is greater than that of 

the total superficial velocity as a result of the shedding phenomenon. 

The slug length is given by the equation: 

U 
I =• -^-^f + C ( e . - S / ) (5 4) 

where is the liquid superficial velocity, and Sj. are the liquid 

holdup (fraction of the cross section occupied by the liquid) in the slug 

region and the film region just before pickup respectively, and U is the 

total superficial velocity. Here, we have used the correlation of 

Heywood and Richardson (1979) for the slug frequency, i/ and for the 

holdup in the slug {s^) we have used the correlation of Gregory and 

Scott (1969). 

- 0.0364 
U, 

u 
2.02 ^ 

. D ^ gD, 

1.08 

(5 5) 

s, = 1 + 
^Ur \ 1.39 

V8.66y 

- 1 

(5.6) 

where D is tube diameter. 

For Sf, we used the original model of Dukler and Hubbard (1975). 

Combining these models, it is possible to predict /^,/yand /„. A 
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summary of equations, variables and procedure for solution is listed in 

Table 5.1. 

In this case four variables must be specified to effect the solution. 

The liquid and gas mass velocity and M^) are input data. It is 

known that the slug frequency is controlled by conditions near the 

entrance and is not coupled to the behaviour of a slug. At the same time 

no independent relationship exists for e^. Thus the independent 

variables which are required as input to the model are Mq, (/, e^. 

Table 5.1 Summary of equations and variables. 

1 

""-A 
(5.7) 

^ PL PG/ 

C = 0.0211nRe^+0m2 (5.8) 

u,=(l + C)U (5.9) 

where is the translational velocity at the slug nose 

x = p^Aef (u , -Uf J (5.10) 

where x is the rate at which mass is picked up by the slug. 

To obtain liquid film holdup, Sj-, and the length of the film region, 

If, Dukler and Hubbard gave the following implicit equation by 

solving momentum equation; 

r'WdSf = ^-^ (5.11) 
K ^ D 

- 2 2 2 -



CHAPTER 5 HEAT TRANSFER IN SLUG FLOW 

y J 

1 

Fr 

W = -

TV . 0 . 2 <9 
-sfsm~ + sin - J Q 
— — — cos— 

\-cos6 2 2 

ffB' 
e 

n 

(5.12) 

where 0 is the angle which subtends the liquid film, the friction 

factor for the film, Uj.̂  and are average velocity of fluid in the film 

and liquid film holdup just prior to pickup by the next slug, respectively. 

Note that W is a. function of e^- as given by eq. (5.12) and varies along 

the film. The integration of eq. (5.11) must be accomplished 

numerically and requires a value of /^. The procedure starts by 

evaluating W at the upper limit and adding increments of Ae^ until a 

value of Sy is produced for which the integral equals to ///-D 

corresponding to the value of . 

B = l-C 

IjtBSf _ 
RCf = —Re, 

Ef--

0 

0 - sin $ 

In 

U. 
^ - 8 ^ , + C ( s , - 8 ^ , ) 

(5.13) 

(5.14) 

(5.15) 

(5.16) 

(5.17) 
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Figure 5.5 Computational sequence for slug parameters 

Input: 
D, Pl' PL< 

Calculate i",, 
using eqs. (5.5) and (5.6) 

Calculate 

Pa J 
and Re„ C, u. 

Numerically integrate 
eq. (5.11) from f / to 
s, which makes integral 
= l/D 

Calculate 

Revise K 

Calculate x and 

Set / 

'/> /j, 'u» ̂  
Output: 

u, ,u„ w. Calculate / 

These parameters are plotted as a function of quality for the two mass 

fluxes studied by Jung (namely 364 and 526 kg/m^s) in Figure 5-6. As 

will be seen, the length of the slug unit increases progressively with 

increasing quality as does the length of the liquid slug. The liquid film 

region increases, however, much more rapidly, as shown. These data 

will be used in the ensuing analysis. 
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m= 364 kg/m'̂ 2s 

m=526 kg/m^2s 

0.04 0.06 0.08 0.1 0.12 0.14 0.16 
Quality 

Figure 5.6 Lengths of the slug, film and slug unit 

5.4 Liquid Behaviour in The Film Region 

Once the slug has passed, a layer of liquid is left around the 

periphery of the tube, and the upper part of this layer begins to drain 

downwards, thinning the film at the top of the tube. This situation has 

been investigated in some detail by Coney (1974) and his picture of 

what is happening is shown in Figure 5-7. 

The situation being considered here is somewhat different since it is 

likely that the slugs with which we are dealing in the present thesis 

would be more truly in the slug form rather than in the "frothy surge" 

form designated by Coney. However, the analysis is still applicable 

since we are concerned mainly with prediction of what happens at the 
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Figure 5.7 Pictorial representation of replenishment and draining 

processes, (a) The situation as it is in practice with some typical 

dimensions and velocity, (b) the idealised picture by Coney (1974). 
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top of the tube and the picture will be similar. Thus, in the slug body, 

a boundary layer is built up terminating at the end of the slug. This 

boundary layer represents the starting point for the subsequent 

development of the film region. The variation of the thickness of the 

film at the top of the tube after this point is determined by the change 

in the velocity profile, by viscous draining and by evaporation of the 

liquid from the film. 

The Coney analysis proceeds as follows: 

(1) The boundary layer thickness at the end of the slug region is 

predicted. This depends on the fluid physical properties and the 

velocity and length of the slug. 

(2) At the end of the slug, the outer edge of the boundary layer is 

moving at the slug velocity and this boundary condition is applied 

and the development of the liquid film determined, taking into 

account the draining and changes of the velocity profile. 

Evaporation is also considered. 

(3) Coney was specifically interested in the point at which the film on 

the upper surface of the tube dried out. This could be determined 

by taking into account evaporation of the film since the drainage 

effect per se, although leading to vanishing thin films, would not 

actually cause the film to dry out. 

227 



CHAPTER 5 HEAT TRANSFER IN SLUG FLOW 

We have repeated in detail the Coney analysis for the present case. 

The variation of the thickness of the film as a function of the distance 

upstream from the edge of the slug has been calculated for the top of 

the channel. In no case in the analysis of the present data (where the 

heat flux effect was taken into account) was the upper film predicted 

to dry out. In analysing the heat transfer data, we are primarily 

concerned with averaging and the average film thickness 5 at the top 

of the tube was determined for each condition and was found to be 

virtually constant at 0.1 mm for the range of flow conditions 

investigated. The average values of film thickness calculated in this 

exercise were used in the heat transfer calculations and correlations as 

described below. A summary of equations, variables and procedure for 

solution is listed below. 

It is convenient for the purposes of the analysis to consider the slug 

to be stationary and the tube wall to be moving with a velocity U^. 

Thus, the idealised profiles of the slug and the associated liquid film 

do not change with time. This situation is illustrated in Figure 5.7b. 

The growth of the boundary layer of thickness B on the upper surface 

of the horizontal tube is essentially a three dimension problem. The 

boundary layer equations (Schlichting, 1968) are 

(5.18a) 
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(5 , ,9a) 
gjT 67 6Z p 6 Z ay* 

where X is the distance measured in the axial direction, U, V and W are 

the velocities in the X, Y and Z directions and p is the pressure. Since 

we are only concerned with the position 0 = 0, by symmetry must 

be vanish. Also, the pressure gradient is assumed to be negligible. 

Introducing the non-dimensional distances 

% = XjH,,y = YlH,.z = ZjH,, h = HjH, (5. 20a) 

and the non-dimensional velocities 

u = UH^I v^ ,v^VH„l Vî ,w ^ W H „ I (5.20b) 

where is the film thickness at the maximum velocity that the liquid 

could attain by free fall under gravity from the top of the tube, 

given by Coney (1974), the boundary layer 

conservation and momentum equations reduce to 

+ (5.18b) 
dx dy dz 

du du ^ u 

dx dy dy^ 
+ = ^ (5.19b) 

Where by means of a simple balance between gravitational and viscous 

forces (see Figure 5.8), the velocity w can be obtained 

dw 
— = 2y(2hp-y), for )/< 1 (5.21) 

/9w 
^ = 2, for ) /> l (5.22) 
A 
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where has the property that hp=h h< \ and hp=\ if h>\, where h 

is the dimensionless film thickness. 

Integrating (5.18b) and (5.19b) using (5.21) and (5.22) we obtain for 

the cases where < 1, > 1 respectively 

fy du , ^ 7, 2 
V 

dx 

Having obtained expressions for v, the momentum equation (5.19b) 

can be integrated over the dimensionless boundary layer thickness b. 

Thus 

since {dujdy^^^ zXy=h. 

Before substituting v into (5.25) we note that by integrating by parts 

where u - u ^ zAy^h. 

From (5.18b) to (5.24) we find that the expression 

du , (du 

is equal to 

i ( 2 y \ - \ y > ) ^ d y , foriil (5.27) 
JO 3 
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or 

+ for 6> 1 (5.28) 
3 dy 3 dy 

A velocity profile for boundary layer was assumed by Coney (1974) as 

« = - ( " < , - " J (5.29) 

where is dimensionless total superficial velocity. 

It may be shown that substitution of (5.29) into (5.27) and (5.28) 

yields 

( 74 293 
— + u 

2 dx {u^-u) 2dx\\26 630V 

Where, 

(5.31) 

(5.32) 

An equation expressing the conservation of the liquid in film region is 

given by 

A. 
dx 

(5.33) 

In the above dimensionless equations the reference variables adopted 

are for length and H^l v for velocity, g is a dimensionless 

parameter expressing the rate of evaporation 
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? = - ^ (5.34) 
1L>>„ 

and where Q is heat flux. 

From (5.34), (5.21), (5.22) and (5.29) it is seen that 

f,(b) = h ' , i f S S l (5.36) 

/,(S) = 2 S - | , if b a l , (5.37) 

The film thickness can be found by the simultaneous solution of the 

momentum equation (5.30) and the conservation equation (5.35). In 

doing this, it is convenience to express the equations in terms of the 

film thickness {h=b) at a dimensionless time t,{t = T/T^), where T is 

actual time and is a characteristic time given by 

(5 38) 

Thus, d/dt = Uf^{d/dx) and (5.30) and (5 35) become 

dt h ' f l 293 V ® 6 r 74 3^ 
(^—l)fij €0 ——o)\ co (5.39) db 2 VIO 630 db 2 V630 10. 

® = (5.41) 

Initial values of o) and b are chosen such that <y = l -Mj/« and b=h^ 

when t =0, where ul is given by Coney as function b^ can be 

obtained from 

-232 -



CHAPTER 5 HEAT TRANSFER IN SLUG FLOW 

f _ b d ^ = 24 .5 42) 

U26 ° 630 V 

where is the dimensionless velocity at ^=0, the velocity at the 

edge of the boundary layer. Equations (5.39) and (5.40) may now be 

solved numerically to find the mean film thickness. 

At the beginning of the present study, it was thought that the 

thinning of the liquid film at the top of the tube would actually give 

rise to a very high convective coefficient and that this would be the 

explanation of the gross variation of heat transfer coefficient with 

circumferential position in the slug flow regime. However, the results 

of the calculations using the Coney (1974) analysis demonstrated that 

this initial explanation of the phenomenon was not correct. In fact, the 

calculations described show that the film at the top of the tube is 

moving less rapidly than that at the bottom and the suppression of 

nucleate boiling is less. Thus, surprisingly, nucleate boiling dominates 

the heat transfer at the top of the tube and forced convective at the 

bottom. 

5.5 Correlation of Heat Transfer Coefficients 

In the analysis reported here, the nucleate boiling coefficient is 

calculated from the correlation of Cooper (1986) for both slug and 

film regions. 
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Output b 

Estimate % from 
eq. (5.42) with/. 

Numerically solve 
eqs. (5.39) to (5.41) to 
get b and 

Figure 5.9 Computational sequence for average film thickness 

For the forced convection coefficient in the film region we adapt the 

analysis of Kosky and Staub (1971) as reported by Hewitt et al. 

(1993). This correlation was developed for annular flow. Here, we 

use the same format as that was reported by Hewitt but we also 

employ the calculated mean film thickness and the average velocity at 

the top of the tube (estimated from the Coney, 1974 analysis) and the 

calculated average thickness of the liquid layer and velocity at the 

bottom of the tube (estimated from the Dukler and Hubbard, 1975 

analysis), both for the film region. For the forced convection 
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coefficient in the slug region we adapt the correlation of Dittus-

Boelter. 

The Cooper (1986) correlation for nucleate boiling is as follows: 

(5.43) 

where Pr is the reduced pressure, M the molecular weight, q the heat 

flux. The suppression factor S accounting for the reduction of the 

nucleate boiling coefficient is calculated from the relationship of 

Gungor and Winterton (1986): 

1 + 1.15 xlO-^E'Re^ 
(5 44) 

where 

E = \ + 240005o"' + 1 . 3 7 ( l / X „ ) ° ( 5 . 4 5 ) 

where Bo is the boiling number {qjhj-gih), where /i^ is latent heat of 

evaporation and m the mass flux. For the forced convective 

coefficient in the film region, we used the Kosky and Staub (1971) 

analysis. Thus: 

T 

0.5 
(5 46) 

where d is the film thickness, is wall shear stress: 

'^o=Pl 
\ Spj^ ) 

r = ^pi}. for < r < 5 

(5.47) 
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= 5{Pr^+ln[l + Pr^(<r/5-l)]} for 5 < ^ < 3 0 (5.48) 

= 5|pr^+ln[l + 5Pr^] + i l n | ^ | for (T >30 

^ = 0.7071Rey for Re^<50 

= 0.6323Re;;""'" for 50<Re^<1483 (5.49) 

= 0.0504Re^"' for Re^ > 1483 

4 5 ^ (5,50) 
Vl 

Where is the liquid velocity in the film region. 

For the forced convective coefficient at slug region, we used the 

Dittus-Boelter equation: 

= (5.51) 

Where: 

(5.52) 
111 

P r L ^ — (5.53) 

Where 77̂ , and are the viscosity, thermal conductivity and the 

specific heat capacity of the liquid respectively. 

The nominal heat transfer coefficient for the slug region is then 

calculated from the expression 
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(5 54) 

where and are the forced convective and nucleate boiling 

coefficients calculated by the above methodology for the slug region. 

3200 
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Figure 5.10 The comparison between the prediction and the data of 

Jung (1989). 

Similarly for the film region we have: 

(5.55) 

Where is calculated for both the top and the bottom. 
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Figure 5.11 Comparison between the predicted results and 

experimental data at the bottom of the tube. 
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Figure 5.12 Comparison between the predicted results and 

experimental data at the top of the tube. 
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Figure 5.13 The contribution to the overall average heat transfer 

coefficient from nucleate boiling and forced convection at the 

slug and film regions. 

The average heat transfer coefficient for slug flow is given in 

equation (5.55); 

/ If 
a =a,^ + a f j - (5.56) 

Figure 5-10 shows a comparison between Jung's experimental data 

and calculated heat transfer coefficients. From Figures 5-11 and 5-12 

it can be seen that most of the data are correlated within a deviation of 

±25%. Bearing in mind the complexity of the analysis, this agreement 

is very satisfactory. 

5.6 Discussion of The Calculated Results 
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(1) As shown in Figure 5-13 the nucleate boiling plays a dominant 

role in total heat transfer at the top of pipe in the film region and 

on the contrary, it is less important at the bottom of pipe in the 

same region. 

(2) The heat transfer coefficients in film region are the main 

contributors to the total heat transfer coefficients. 

(3) The effect of nucleate boiling decreases with increasing quality at 

the top of the pipe. The overall decrease can be attributed to 

nucleate boiling suppression at top of the pipe with the film 

thickness decreasing due to the increase in gas velocity. 

(4) It can also be seen that the overall two-phase heat transfer 

coefficient at the pipe bottom is always less than that at the pipe 

top. 

5.7 Conclusion 

The following main conclusions were drawn from this work: 

(1) The change of behaviour observed by Jung (1989) in the 

evaporation of refrigerant-12 in the pipe appears to be well 

connected to the transition between slug flow and annular flow. 
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(2) There are strong differences between the cases of non-evaporative 

and evaporative heat transfer in tubes. In the former case, the 

heat transfer coefficient at the top of the tube is lower than at the 

bottom, with the reverse being true in the case of evaporation. 

(3) Application of the Coney (1974) method to the prediction of the 

Jung (1989) data indicated that the liquid film at the top of the 

tube was unlikely to dry out during the film drainage period 

following the passage of a liquid slug. 

(4) An analysis of the liquid behaviour in the film region has led the 

prediction of the mean heat transfer in the slug region with an 

accuracy of around ±25%. 

(5) The analysis shows that heat transfer at the top of the tube is 

dominated by nucleate boiling whereas that at the bottom is 

dominated by forced convection. Though the film at the top of 

the tube is very thin, it is also very slow moving compared with 

the liquid layer at the bottom. Thus, suppression of nucleate 

boiling appears (from the present analysis) to be much greater in 

the bottom layer. 
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Chapter 6 

CONCLUSIONS AND SUGGESTIONS FOR FUTURE WORK 

Experimental and modelling studies on forced convective flow boiling 

were carried out and have been fully described in this thesis. Detailed 

conclusions and indications for further development were given 

throughout this thesis. Here, we shall present the most important 

results and suggestions. These conclusions and suggestions can be 

divided into several groups for convenience and are discussed in the 

following sections of this chapter. 

6.1 Experiments 

The main achievement and findings from the experimental aspects of 

the work are: 

(1) An experimental rig based on the Harwell facility used by Chan 

(1990) has been fabricated to perform the experiments and 

enabled the measurement of heat transfer coefficients for both 

evaporation and condensation in nearly hydrodynamic 

equilibrium conditions. 
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(2) Modifications were made to the arrangements used by Chan 

(1990) for the inlet and outlet of the test section. The 

experimental results showed that smaller fluctuations in 

thermocouple readings and hence more accurate heat transfer 

coefficients were obtained with the modifications. 

(3) The novel aspect of the experiments (compared to those of 

Chan, 1990) was that water was used as both cooling and 

heating medium in the secondary loop of the test section. It is 

obvious that, if only evaporation experiments are required 

electric heating techniques are superior in obtaining accurate 

experimental data. However, this method cannot be used to 

conduct both condensing and evaporative experiments. 

(4) The experimental results indicated that a forced convective 

mechanism of the conventional type occurred, rather than the 

alternative thin film boiling mechanism (secondary nucleation) as 

suggested by Mesler (1977). A number of factors which might 

have influenced the measurements have been carefully examined 

and it concluded that the results were believable. The results 

for evaporation are identical with the experimental results 

obtained by Aounallah et al. (1982), and Kenning and Cooper 

(1989). The results of the condensation could be correlated by 
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Shah's condensation correlation (1979) within an accuracy of 

around -10% to +20%. 

(5) The accuracy of experimental results for heat transfer coefficient 

is calculated to be around ±15%. The main reasons for the 

deviation are that water was used as heating and cooling 

medium, and that a relative small wall superheat was used to 

ensure that nucleate boiling was suppressed in forced convective 

evaporation so that these data could be compared directly with 

the condensation experiments. 

6.2 Modelling of Forced Convective Annular Flow 

The main conclusions drawn from the work of modelling of forced 

convective annular flow are: 

(1) A new model for predicting heat transfer coefficient in forced 

convective boiling in annular flow was developed. The principal 

features of the new model for forced convective component are 

as follows: 

(a) Recent developments in the modelling of annular 

flows are included to determine the local conditions. 

Specially, the Owen and Hewitt (1987) model is used 

to predict the interfacial shear stress, and the 

entrainment and deposition correlations of Govan et 
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al. (1988) are used to determine the local film flow 

rate. 

(b) A new correlation regarding damping of turbulence at 

two-phase interface was developed to modify the 

traditional theoretical film heat transfer model which 

tends to over predict the heat transfer coefficient. 

The results showed that the full developed convective 

heat transfer coefficient can be correlated within 15% 

by the modification of the damping factor. 

(c) An improved nucleate boiling model was used to 

predicate heat transfer coefficient. The novel aspects 

of the model are that a detailed analysis of the various 

forces on a bubble in the direction parallel and normal 

to the heating surface led to a successful prediction of 

bubble departure frequency, and a new correlation to 

predict bubble burst diameter was developed to close 

the new boiling model. 

(2) The new annular flow heat transfer model was used to predict 

three date sets. The predicted results showed that the 

reasonably good agreements with experimental data were 

obtained. 

6.3 Modelling of Slug Flow 
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The main conclusions drawn from the work on modelling of 

horizontal slug flow are: 

(1) A new model for predicting heat transfer coefficient for R12 in 

horizontal slug flow was developed. The novel aspect of the 

model was that a detailed analysis of hydrodynamics and heat 

transfer in the film region had led to the conclusion that heat 

transfer at the top of the tube is dominated by nucleate boiling 

whereas that at the bottom is dominated by forced convection. 

Though the film at the top of the tube is very thin, it is also very 

slow moving compared with the liquid layer at the bottom. 

Thus, suppression of nucleate boiling appears (from the present 

analysis) to be much greater in the bottom layer. 

(2) The model was used to predict Jung's data (1989) and the 

results showed the prediction of the mean heat transfer in the 

slug region with an accuracy of around ±25%. 

6.4 Future Work 

Although progress has been made in understanding and modelling 

annular flow and slug flow heat transfer, there is still a lack of 

information about some key parameters in the models. Since annular 

flow and slug flow are widely occurring and important flow regimes it is 

important to develop such models. 
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Several aspects for future research have been identified by the current 

work which could help towards the development of more reliable 

annular flow and slug flow models. 

In the remainder of the chapter, the identified research areas are 

discussed and an attempt is made to suggest how the future work may 

be effected. 

6.4.1 Experiments 

(1) Efforts might be made towards visualisation of condensation and 

evaporation in annular flow. A possible way forward would be 

the use of matched refractive index techniques coupled with the 

use of electrically conducting, transparent layers which can be 

deposited on the surface of a transparent tube and used to heat 

them as that the detailed boiling processes could be observed. 

(2) The pump used in the single-phase secondary loop might be 

replaced with a new higher water-head pump (say, 6 bar 

absolute) to obtain higher pressure (corresponding to higher 

saturation temperature). In parallel with the above 

modification, the preheater used in the secondary loop could be 

replaced by a more powerful one (say, 6 kW). Therefore, a 

large temperature difference between primary and secondary 
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loops could be achieved and hence higher superheat in the 

central tube wall could be obtained, and the experiment could be 

extended to include the full range up to a nucleate boiling 

dominated region. 

6.4.2 Annular flow heat transfer model 

(1) The model developed here should be compared with a wider 

range of experimental data. 

(2) Further improvement in the correlation of damping factor for the 

convective component might be sought to find a universal model 

for a wider range of fluids. 

(3) Efforts should be made to obtain a more physically based model 

of bubble burst diameter, preferably based on further visual 

observations of the bubble growth and burst in annular flow 

boiling. 

6.4.3 Slug flow heat transfer model 

(1) The model developed here should be tested with a wider range 

of experimental data. 

(2) Further work is still necessary on improve the model to enable it 

to predict a wider range of fluids. 

248 



REFERENCES 

Al-Hayes R. H. M. and Winterton R. H. S. (1981) Bubble diameter on 

detachment in flowing liquids, Int. J. Heat Mass Transfer. Vol. 24, 

No. 2, pp. 223-230 

Allan R. S., Charles G. E. and Mason S. G. (1961) The approach of 

gas bubbles to a gas/liquid interface. J. Colloid Sci. Vol. 16, pp. 

150-165. 

Aounallah Y., Kenning D. B. R., Whalley P. B. and Hewitt G. F. (1982) 

Proc. 7th Int. Heat Transfer Conference. Vol. 4, pp. 193-199 

Asali J. C. (1984) Entrainment in vertical gas-liquid annular flows. 

PhD thesis. University of Illinois, Urbana, Illinois, U.S.A. 

Auton T. R. (1983) The dynamics of bubbles, drops and particles in 

motion in liquids. PhD thesis. Univ. of Cambridge. 

Auton T. R. (1987) The lift force on a spherical body in a rotation 

flow, J. Fluid Mech. Vol. 183, pp. 199-218 

Bankoff S. G. and Mikesell R. D. (1958) Growth of bubbles in a liquid 

of initially non-uniform temperature, ASME Annual Meeting. Paper 

No. 58-A-105, New York 

Beer H., Burow P. and Best R. (1977) Bubble growth, bubble 

dynamics, and heat transfer in nucleate boiling, viewed with laser 

interferometer. Heat transfer in boiling. Academic press, pp. 22-52 

Bergman T and Mesler R. (1981) Bubble nucleation studies part I: 

Formation of bubble nuclei in superheated water by bursting bubbles, 

AIChE J.. Vol. 27, pp. 851-853 

-249-



Bikerman J. J. (1973) Foams. Springer. 

Blanchard D. C. And Woodcock A. H. (1957) Bubble formation and 

modification in the sea and its meteorological significance, Tellus. 

Vol. 9, p. 145. 

Bobst R. W. And Colver C. P. (1968) Temperature profiles up to 

burnout adjacent to a horizontal heating surface in nucleate pool 

boiling water, Chem. Eng. Prog. Svmp. Ser.. Vol. 64, No. 82, 

p.26. 

Boulton-stone J. M. and Blake J. R. (1993) Gas bubble bursting at a 

free surface. J. Fluid Mech.. Vol. 254, pp. 437-466. 

Brown W. T. (1967) Study of flow surface boiling, PhD. Thesis. 

Mechanical Engineering Department, M. I. T. 

Butterworth D. (1974) A comparison of some void-fraction 

relationship, AERE-M 2619 

Cain F. W. and Lee J. C. (1974) A technique for studying the drainage 

and rupture of insatiable liquid films formed between two captive 

bubbles: measurements on KCI solutions. J. Colloid Interface Sci. 

Vol. 106, pp. 70-85. 

Care V. P. (1992) Liquid -vapour phase-change phenomena. Series in 

Chemical and Mechanical Engineering. Hemisphere Publishing 

Corporation. 

Carroll K. (1980) An experimental study of secondary bubble 

nucleation and bubble entrainment by drop-formed vortex rings, M. 

S. Thesis. Univ. of Kansas, Lawrence. 

-250-



Chan W.H.G.T. (1990) Evaporation and condensation in annular 

vertical upward flow of water and steam. PhD thesis. Imperial 

College, London University. 

Cheah L. W. (1995) Forced convective evaporation at sub-atmospheric 

pressure. PhD. Thesis. Imperial College. 

Chen J. C. (1966) Correlation for boiling heat transfer to saturated 

fluids in convective flow, Ind. Eng. Chem. Proc.. Des. Dev. Vol. 5, 

pp. 322-329 

Chen J., Cai Z. and Lin J. (1987) Boiling heat transfer on surfaces with 

artificial nucleation sites (i) effect of cavity size, cavity density on 

bubble departure diameter and frequency. J. Chem. Ind. And Eng.. 

Vol. 2, No. 2. 

Chesters A. K. (1977) An analytical solution for the profile and 

volume of a small drop or bubble symmetrical about a vertical axis. 

J. Fluid Mechanics. Vol. 81, No. 4, pp. 609-624. 

Chesters A. K. (1978) Modes of bubble growth in the slow-formation 

regime of nucleate pool boiling. Int. J. Multiphase Flow. Vol. 4, pp. 

279-302. 

Chesters A. K. and Hofman G. (1982) Bubble coalescence in pure 

liquids. Apple. Scient. Res.. Vol. 38, pp. 353-361. 

Collier J. G. (1994) Convective boiling and condensation. Clarendon 

Press. 

Coney M. W. E. (1974) The analysis of a mechanism of liquid 

replenishment and draining in horizontal two-phase flow. Int. J. 

Multiphase Flow. Vol. 1, pp. 647-669 

-251 -



Cooper M. G. (1984) Saturation nucleate pool boiling. A simple 

correlation. Proc. 1st UK National Conference on Heat Transfer. 

Vol. 2, pp. 785-793 

Cooper M. G. and Chadratilleke T. T. (1984) Growth of diffusion-

controlled vapour bubbles at a wall in a known temperature gradient. 

Int. J. Heat mass Transfer. Vol. 24, No. 9, pp. 1475-1492. 

Cooper M. G Mori K. and Stone C. R. (1983) Behaviour of vapour 

bubbles growing at a wall with forced convection. Int. J. Heat mass 

Transfer. Vol. 26, No. 10, pp. 1489-1507. 

Copeland R. J. (1970) Boiling heat transfer to a water jet impinging 

on a flat surface, Ph.D. dissertation. Southern Methodist 

University, Dallas, Texas. 

Dengler C. E. and Addoms J. N. (1956) Heat transfer mechanism for 

vaporisation of water in a vertical tube. Chemical Engineering 

Progress Svmp. Vol. 52, No. 18 

Deshpande. S. D., Bishop A. A., and Karandikar B. M. (1991) Heat 

transfer to air-water plug-slug flow in horizontal pipes. Ind. Eng. 

Chem. Res.. Vol. 30, pp. 2172-2180 

Dittus F. W. and Boelter L. M. K. (1930) Heat transfer in automobile 

radiators of the tubular type. Publications in Engineering. University 

of California, Berkeley, Vol. 2, p. 443 

Doubliez L. (1991) The drainage and rupture of a non-foaming liquid 

film formed upon bubble impact with a free surface. Int. J. 

Multiphase flow. Vol. 17(6) pp. 783-803. 

Dukler A. E. (1960) Fluid mechanics and heat transfer in falling film 

systems. Chem. Eng. Prog. Symp. Ser. Vol. 56(30) 1. 

252 



Dukler A. E. and Hubbard M. G. (1975) A model for gas-liquid slug 

flow in horizontal and near horizontal tubes. Ind. Eng. Chem. 

Fundam.. Vol. 14, pp. 337-347 

Forster H. K. and Zuber N. (1954) Growth of a vapour bubble in a 

superheated liquid, J. Appl. Phvs. Vol. 25, No. 7, p474 

Foster H. K. and Zuber N. (1955) Dynamics of vapour bubbles and 

boiling heat transfer , AIChE. J.. Vol. 1, pp. 531-535 

Fujita T. and Ueda T. (1978) Heat transfer in falling liquid films and 

film break down-H, Saturated liquid films with nucleate boiling. Int. 

J. Heat Transfer. Vol. 21, pp. 109-118 

Fyodorov M. V. and Klimenko V. V. (1989) Vapour bubble growth in 

boiling under quasi-stationary heat transfer conditions in a heating 

wall, Int. J. Heat Mass Transfer. Vol. 32, No. 2, pp. 227-242 

Gaddis E. S. (1972) The effect of liquid motion induced by phase 

change and thermocapilliary on the thermal equilibrium of a vapour 

bubble. 

Govan A. H., Hewitt G. F., Oven D. G. and Bott T. R. (1988) An 

improved CHF modelling code, 2nd National UK Heat Transfer 

Conference. Glasgow. Paper No. C175. 

Gregory G. A. and Scott D. S. (1969) Correlation of liquid slug 

velocity and frequency in horizontal cocurrent gas-liquid slug flow. 

AIChE. Vol. 15, pp. 933-935 

Grigor 'ev V. A. And Dudkevick A. S. (1970) Boiling cryogenic 

liquid in a thin film. Therm. Eng. USSR, Vol. 17, p. 74. 

-253 -



Grolmes M. A. and Fauske H. K. (1974) Axial propagation of free 

surface boiling into superheated liquids in vertical pipes, Proc. 4th 

International Heat Transfer Conference. Vol. IV, B1.7, pp. 30-34 

Gungor K. E. and Winterton R. H. S. (1986) A general correlation for 

flow boiling in tubes and annuli. Int. J. Heat Mass Transfer.. Vol. 

29, No. 3, pp. 351-358 

Hahn P. S., Chen J. D. and Slattery J. C. (1985) Effects of London-

van der Waals forces on the thinning and rupture of a dimpled liquid 

film as a small drop or bubble approaches a fluid-fluid interface. 

AIChE J. Vol. 31(12), pp. 2026-2036. 

Hall-Taylor N. S., Hewitt G. F. and Lacey P. M. C. (1963) The motion 

and frequency of large disturbance waves in annular two-phase flow 

of air-water mixtures, Chem. Eng. Sci. Vol. 18, pp. 537-552 

Henderson J. B. McCarthy M. J. And Molloy N. A. (1970) 

Entrainment by plunging jets, Chemica. Vol. 86, Butterworths, 

Australia. 

Hewitt G. F. (1961) Analysis of annular two-phase flow. Report 

AERE-3680. Atomic Energy Research Establishment, Harwell. 

Hewitt G. F. and Hall-Taylor N. S. (1970) Annular two-phase flow, 

Pergamon Press. Oxford. 

Hewitt G. F., Shires G. L. and Bott T. R. (1993) Process heat 

transfer, CRC Press. Boca Raton 

Hewitt G. F., Kearsey H. A., Lacey P. M. C. and Pulling D. J. (1965) 

Burnout and nucleation in climbing film flow. Int. J. Heat mass 

Transfer. Vol. 8, p. 793. 

254-



Heywood N. I. and Richardson J. F. (1979) Slug flow of air-water 

mixtures in a horizontal pipe: Determination of liquid holdup by / -

ray absorption. Chem. Eng. Sci. Vol. 34, pp. 17-30. 

Hinze J. O. (1955) Fundamentals of the hydrodynamic mechanism of 

splitting in dispersion processes. AIChE J. Vol. 1, p. 289. 

Hospeti N. B. A. and Mesler R. (1969) Vaporisation at the base of 

bubbles of different shapes during nucleate boiling of water, 

AIChE J. Vol. 15 p. 214. 

Hsu Y. Y., Graham R. W. (1976) Transport processes in boiling and 

two-phase systems, Hemisphere Publishing Corporation, McGraw-

Hill. 

Johnson M. A. And Mesler R. (1966) Bubble shapes in nucleate 

boiling, AIChE J. Vol. 12 p. 344. 

Jung D. S. (1989) Horizontal-flow boiling heat transfer using 

refrigerant mixtures, EPRI Rep. ER-6364. 

Kago T., Saruwatar T., Kashima M, Morooka S. and Kato Y. (1986) 

Heat transfer in horizontal plug and slug flow for gas-liquid and gas-

slurry systems. J. of Chemical Engineering of Japan. Vol. 19, No. 2, 

pp. 125-131 

Kao Y. S. and Kenning D B. R (1972) Thermocapillary flow near a 

hemispherical bubble. J. fluid Mechanics. Vol. 53(4), pp. 715-735. 

Katto Y., Yokoya S. And Yasunaka M. (1970) Mechanism of 

boiling crisis and transition boiling in pool boiling. Heat Transfer. 

Vol. V B3.2, Elsevier, New York, 1970. 

-255 -



Keitel G and Onken U. (1982) The effect of solutes on bubble size in 

air-water dispersions. Chem. Eneng Commun. Vol. 17, pp. 85-98. 

Kenning D. B. R. and Cooper M. G. (1989) Saturated flow boiling of 

water in vertical tubes. Int. J. Heat Mass Transfer. Vol. 32, No. 3, 

pp. 445-458 

Klausner J. F., Mei R., Bernhard D. M. and Zeng L. Z , (1993) Vapour 

bubble departure in forced convection boiling, Int. Heat Mass 

Transfer. Vol. 36, pp. 651-662 

Klausner J. F., Mei R., Bernhard D. M. and Zeng L. Z. (1993) Vapour 

bubble departure in forced convection boiling. Int. Heat Mass 

Transfer. Vol. 36, No. 9, pp. 2271-2279 

Kolmogoroff A. N. (1949) The break-up of droplets in a turbulent 

stream. Dokl. Akad. Nauk SSSR. Vol. 66, pp. 825-828 

Kopchikov I. A. Voronin T.A., Kolach T, A. Labuntsov D. A. And 

Lebedev P. D. (1969) Liquid boiling in a thin film. Int. J. Heat 

Mass Transfer. Vol. 12, p. 791. 

Kosky P. G. and Staub, F. W. (1971) Local conductivity heat transfer 

coefficient in the annular flow region, AIChE. Vol. 17, pp. 1037-

1043 

Koumoutsos N. Moissis R. And Spiridonos A. (1968) A study of 

bubble departure in forced-convection boiling. J. Heat Transfer. 

Trans. ASME. pp. 223-230, May 1968. 

Kulateladze S. S. (1950) Hydromechanical Model of the critical 

state in the heat transmission in a boiling liquid for the case of 

free convection, Zh. Tech. Fiz.. Vol. 20, p. 1389. 

-256 -



Lee Y. T. and Chen J. C. (1990) Numerical investigation of 

thermocapilliary flow around a deformable bubble on the wall. L 

CSME. Vol. 11, No. 3, pp. 233-243. 

Levich V. G. (1962) Physicochemical hydrodynamics, Chap. XII. 

Prentice-Hall Inc.. Englewood Cliffs, New Jersey 

Lin T. J. And Donnelly H. G. (1966) Gas bubble entrainment by 

plunging laminar liquid jets, AIChE J. Vol. 12 p. 563. 

Lockhart R. W. and Martinelli R. C. (1949) Proposed correlation of 

data for isothermal two-phase two-component flow in pipes. Chem. 

Eng. Prog. Vol. 45, p. 39 

Macbeth R. V., Trenberth R. and Wood R. W. (1971) An investigation 

into the effects of crud deposits on surface temperature, dryout and 

pressure drop with forced convection boiling of water at 69 bar in an 

annular test section. AEEW-R705 

McGrew J. L., Bamford F. And Rehm T. R. (1966) Marangoni flow: 

An additional mechanism in boiling heat transfer. Science ,Vol. 

153, p. 1106. 

Mei R. (1992) An approximation expression for the shear lift force on 

a spherical particle at finite Reynolds number, Int. J. Multiphase 

Flow. Vol. 18, No. 1, pp. 145-147 

Mesler R. B. (1977) An Alternative to the Dengler and Addoms 

convection concept of forced convection boiling heat transfer . 

AIChE. Vol. 23, No. 4, pp. 448-453. 

Mesler R. B. and Mailen G. (1977) Nucleate boiling in thin liquid 

films, AIChE Journal. Vol. 23, pp. 954-957 

257-



Mesler R. (1976) A mechanism supported by extensive experimental 

evidence to explain high heat fluxes observed during nucleate 

boiling. AIChE J. Vol. 22 p. 246. 

Mikic B. B. and Rohsenow W. M. (1969) A new correlation of pool-

boiling data including the effect of heating surface characteristics. 

Journal of Heat Transfer. Transaction of the ASME. May 1969, pp. 

245-250. 

Mikic B. B., Rohsenow W. M. and Griffith P. (1970) On bubble 

growth rates. Int. J. Heat Mass Transfer. Vol. 13, pp. 657-666 

Mudawwar A. and El-Masri M. A. (1986) Momentum and heat transfer 

across freely-falling turbulent liquid films. Int. J. Multiphase Flow. 

Vol. 12, No. 5, pp. 771-790 

Newitt D. M., Dombrowski N. and Knelman F. H. (1954) Liquid 

entrainment I: The mechanism of drop formation from gas or vapour 

bubbles. Trans. Instn. Chem. Eng.. Vol. 32, pp. 244-262 

Nicklin D. J., Wilkes J. O , Davidson, J. F. (1962) Trans. Inst. Chem. 

Eng., Vol. 40, p. 61 

Nishikawa K., Kusada H., Yamasaki K. And Tanaka K. (1967) 

Nucleate boiling at lower liquid levels, Bull. JSME. Vol. 10, p. 

328. 

Nusselt W. (1916) Surface condensation of water vapour. Parts I and 

II. V. D. I. 60(27), 541, 60(28), 569. 

Owen D. G. and Hewitt G. F. (1987) An improved annular two-phase 

flow model. Proc. 3rd Int. Conf. on Multiphase Flow. The Hague, 

Netherlands, Paper CI. 

258 



Owen D. G. (1986) An experimental and theoretical analysis of 

equilibrium annular flows, PhD, thesis. University of Birmingham 

Owen D. G., Hewitt G. F. and Bott T. R. (1985) Equilibrium annular 

flows at high mass fluxes; data and interpretation. Int. J. Phvsico 

Chem. Hvdr.. Vol. 6, No. 1/2, pp. 115-131. 

Patten T. D. And Turmeau W. A. (1970) Some characteristics of 

nucleate boiling in thin liquid layers. Heat Transfer. Vol. V 

B2.10, Elsevier, New York, 1970. 

Pickering P. F. (1994) Instabilities in low pressure boiling system. 

PhD. Thesis. Imperial College 

Plesset M. S. and Zwick S. A. (1954) The growth of vapour bubbles in 

superheated liquids, J. Appl. phvs. Vol. 25, No. 4, p493 

Prince M. J. and Blanch H. W. (1990) Bubble coalescence and break-

up in air-sparged bubble columns. AIChE J. Vol. 36(10) pp. 1485-

1499. 

Rayleigh L (1917) Pressure due to collapse of bubbles, Phil. Mag. Vol. 

94 

Reimann J. (1981) Experiments on the transition from slug to annular 

flow in horizontal air-water and steam-water flow. The Netherlands. 

2-5 June, paper A8, p. 30. 

Richardson S. M. (1989) Fluid mechanics. Hemisphere publishing 

corporation. 

Rohsenow W. M. (1963) Modern Develops in Heat Transfer, Academic 

Press. New York, p85, 

259-



Saffman P. G. (1965) The lift on a small sphere in a slow shear flow, 

J. Fluid Mech.. Vol. 22 pp. 385-400 

Saffman P. G. (1968) Corrigendum to 'The lift on a small sphere in a 

slow shear flow', J. Fluid Mech.. Vol .31 p. 624 

Scheludko A. (1962) Certain particulars of foam layers. II. Kinetic 

stability, critical thickness and equilibrium thickness. Proc. K. Ned. 

Wetensch. B65, 87-96. 

Shoham O., Dukler A. E. and Taltel Y. (1982) Heat transfer during 

intermittent/slug flow in horizontal tubes. Ind. Eng. Fundam. Vol. 2, 

pp. 312-319 

Steiner D. and Taborek J., (1992) Flow boiling heat transfer in vertical 

tubes correlated by an asymptotic model. Heat Transfer Engineering. 

Vol. 13, No. 2. pp. 43 

Stephen K. and Auracher H. (1981) Correlations for nucleate boiling 

heat transfer in forced convection. Int. J. Heat Mass Transfer. Vol. 

24, pp. 99-107 

Stralen V. S. And Cole R. (1979) Boiling phenomena. Hemisphere 

Publishing Corporation. Vol. 2. 

Taitel Y. and Dukler A. E. (1976) A model for predicting flow regime 

transitions in horizontal and near horizontal gas-liquid flow, AIChE. 

Vol. 22, pp. 47-55 

Toda S and Uchida H. (1973) Study of liquid film cooling with 

evaporation and boiling. Heat Transfer Jpn. Res., Vol. 2, p. 44. 

Torikai K. And Akiyama M. (1970) Analysis of the second burnout. 

Bull. JSME. Vol. 13, p.951. 

- 2 6 0 -



Whalley P. B., Hutchison P. and Hewitt G. F. (1974) The calculation 

of critical heat flux in forced convection boiling. Proc. Int. Heat 

Transfer Conference.. Vol. 4, pp. 290-294 

Walls G. B. (1970) Annular two-phase flow, Part I; A simple theory 

and Part II: Additional effects. J. Basic. Engng.. Vol. 92, No. 1, 

pp. 59-82 

Witze C. P., Schrock V. E. and Chambre P. L. (1968) Flow about a 

growing sphere in contact with a plane surface. Int. J. Heat mass 

Transfer. Vol. 11, pl63 

Zeng L. Z , Klausner J. F., Bernhard D. M. and Mei R. (1993) A 

unified model for the prediction of bubble detachment diameters in 

boiling systems-II. Flow boiling. Int. Heat Mass Transfer. Vol. 36, 

No. 3, pp. 651-662 

Zuber N. (1959) hydrodynamic aspects of boiling heat transfer, 

AECU-4439, Oak Ridge, Tenn. 

261 


